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Abstract—The effect the f low swirl parameter on heat transfer in a gas-droplet f low is numerically modeled
by the Euler approach. The gaseous phase is described by a system of 3D RANS equations with consideration
of the back effect of particles on transfer processes in the carrier phase. The gaseous phase turbulence is cal-
culated according to the Reynolds stress transport model with consideration of the dispersed phase effect on
the turbulent characteristics. A rapid dispersion of droplets over the pipe cross section is observed in a non-
swirling gas-droplet f low downstream of an abrupt pipe expansion. A swirling f low is characterized by a grow-
ing concentration of fine particles at the pipe axis due to the accumulation of particles in the zone of f low
recirculation and to the turbophoresis force. In a swirling f low, the separated-flow region becomes signifi-
cantly shorter (by almost a factor of two as compared to that in a nonswirling f low). It is shown that addition
of droplets results in a significant growth of heat transfer intensity (by more than a factor of 2.5) in comparison
with single-phase swirling f low.
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INTRODUCTION
As is known [1–3], swirling single-phase f lows are

characterized by high local gradients of averaged and
pulsation velocities and are accompanied by intricate
hydrodynamic phenomena due to the effects of cen-
trifugal and Coriolis forces. Swirling two-phase f lows
moving in a pipe or channel with an abrupt expansion
are widely used to stabilize burning in industrial com-
bustor chambers and find application in separators.
Recirculation f low resulting from an abrupt expansion
has a noticeable influence on the intensity of heat
transfer processes and on the propagation of dispersed
phase; it also has a significant effect on the separating
two-phase f low structure [4–6]. The interaction
between fine particles and gaseous phase turbulent
vortices is an intricate process, which has not yet been
fully studied [7–9]. Therefore, while swirling two-
phase f lows with the evaporating particles are widely
used for various practical applications, the turbulent
transfer processes in such flows remain studied to an
insufficient extent.

In [10–13], the results from experimental and
numerical investigations of swirling gas-droplet f lows
downstream of a channel’s abrupt expansion are
reported. The authors of [10, 11] carried out numerical
simulation of swirling gas-droplet f lows under differ-
ent conditions, including atomized burning fuel parti-
cles. The authors of [10] developed an Euler model
and compared the obtained numerical results with
their own data obtained from experiments on studying

the evaporation of fuel particles in swirling gas f low.
The gaseous phase turbulence is described with a k–ε
model that takes into account the influence of parti-
cles and the carrier f low swirling effects. The numeri-
cal results were found to be in good agreement with the
data of measurements. In [11], swirling gas–droplet
flow in a pipe with burning liquid fuel particles was
simulated by the 3D RANS approach, and the effect
the gas turbulence has on the droplet evaporation rate
was shown. With the swirl parameters S < 1, this effect
cannot be ignored at a distance away from the inlet
section, and with this effect have to also be taken into
account near the inlet section S > 1. The last decade
has witnessed the Large Eddy Simulation (LES)
method being increasingly more frequently used the
simulation of such flows [10, 12]. This method enables
to numerically analyze the intricate processes occur-
ring in two-phase f lows under conditions close to
those existing in real combustion chambers. However,
application of the LES approach, especially with con-
sideration of the effect the dispersed phase has on sub-
grid stresses, involves the need to use high-perfor-
mance supercomputers, a circumstance that limits the
application of this approach in the performance of
engineering calculations of swirling two-phase f lows
containing separated-flow regions and evaporating
droplets.

The Second Moment Closure (SMC) models [15, 16]
are a method in which the intricate mixing processes
and the anisotropy of gas velocity pulsations in single-
410
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Fig. 1. Schematic diagram of the calculation region:
(1) nonswirling gas-droplet f low; (2) swirling single-phase
air f low.
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phase separated swirling f lows can partially be taken
into account. In [6–18], successful application of the
SMC models for two-phase f lows was shown.

The goal of this study is to simulate numerically the
effect of f low swirling on the dispersed phase distribu-
tion pattern and on heat transfer in gas-droplet f low
downstream of an abrupt pipe expansion.

PROBLEM STATEMENT 
AND THE NUMERICAL MODEL

We consider the dynamics of a swirling two-phase
turbulent gas-droplet f low involving heat transfer with
the channel walls. The problem is solved with the sys-
tem of 3D Reynolds Averaged Navier-Stokes (RANS)
equations with consideration of the back effect of par-
ticles on the transfer processes in gas. The analyzed
flow is schematically shown in Fig. 1. The dispersed
phase has a low volume concentration (Φ1 = ML1ρ/ρL <
2 × 10–4). The particles are quite small in size (d1 <
100 μm), due to which the effects caused by their col-
lisions with one another can be disregarded. In this
formula, ML1 is the initial mass concentration of drop-
lets, and ρ and ρL are the densities of gas and droplets,
respectively.

System of Averaged Gaseous Phase Equations

In this study, we use the system of 3D RANS equa-
tions written in the cylindrical system of coordinates,
which take into account the back effect of particles on
the averaged and turbulent transfer processes in gas:
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(1)

In (1), Ui (UZ ≡ U, Ur ≡ V, Uϕ ≡ W) and ui (uZ ≡ u,
ur ≡ v, uϕ ≡ w) are the components of average velocity
and of its pulsations; xi are projections on the coordi-
nate axes; v is the kinematic viscosity coefficient;

 is the gaseous phase turbu-

lence;  is the particle relaxation time
with an accounting for deviation from Stoke’s law

;  is the dispersed
phase Reynolds number; J is the mass f low of steam
from the evaporating particle surface; P is pressure; Si

is the flow swirling influence factor (SU = 0, SV = W2/r –
vV/r2 + w2/r, SW = –VW/r – vW/r2 + vw/r) [15]; Т is
temperature; DT is the turbulent diffusion coefficient;
CP is the specific heat of gas; α is the evaporating drop-
let heat transfer coefficient; L is the specific heat of
vaporization; KV is the mass concentration of steam in
a binary steam–gas mixture;  is the specific gas con-
stant; Pr = v/a and Sc = ν/D are the Prandtl and
Schmidt numbers, respectively; a is thermal diffusiv-
ity, and D is the diffusion coefficient. The subscripts A,
L, T, and V denote air, dispersed phase, turbulent
parameter, and steam, respectively.

All equations of system (1) are written with consid-
eration of the effect the presence and evaporation of a
dispersed phase have on the momentum, heat, and
mass transfer processes in a gas f low. The turbulent
heat and diffusion fluxes in the gaseous phase are
determined according to the Boussinesq hypothesis:

For the turbulent Prandtl and Schmidt numbers, it
is assumed that PrT = ScT = 0.85.
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Reynolds Stress Transnport Model

The gaseous phase turbulence was calculated with
the elliptical Reynolds stress transfer model [16]:

(2)

In [2], Pij is the energy transfer intensity from aver-
aged to pulsation motion; P2 = 0.5Pkk,

 is the turbulent time macro-
scale; φij is the redistribution term describing the
exchange of energy between individual components

 due to the pressure–deformation rate correla-
tion; ε is the energy dissipation or energy transfer rate
from large-scale vortices to small-scale ones; β is the
mixing coefficient determined from the elliptical
equation and used to calculate the redistribution term
[16] (the value of which varies from zero at the wall to
unity at a distance away from it);  is the “homoge-
neous” part of the redistribution term (at a distance
away from the wall), and  is the “nonhomoge-
neous” part of the redistribution term (in the near-
wall region). The redistribution term is written with
consideration of the effect resulting from the f low
being two-phase in nature [17]. The last terms Ad and
εd on the right-hand sides of equations in system (2)
take into account the back effect of particles on the
carrier phase [6]:

where fu and fε are the coefficients characterizing the
involvement of particles in the turbulent motion of gas.
The turbulence model constants and functions are
given in [16]: Cε1 = 1.4, Cε2 = 1.85, Cε3 = 0.55, Cμ =
0.22, σk = 1, σε = 1.22, and CT = 6.

System of Dispersed Phase Averaged Equations

The system of averaged equations describing the
transfer processes in the dispersed phase is given by
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In (3), DLij and  are the tensors of turbulent dif-
fusion and turbulent heat transfer of particles [18, 19],

 is the droplet thermal relax-

ation time, , CPL and ρL are the
specific heat and density of droplet material.

The equations for calculating the second moments
of dispersed phase velocity pulsations  are
given in [18, 19]. The system of equations (1)–(3) is
supplemented with the equation for heat transfer at the
phase interface boundary (subject to the condition of
the droplet temperature remaining constant over the
droplet radius) and with the equation of steam mass
conservation on the droplet’s evaporating surface [6].

NUMERICAL SOLUTION
The procedure for numerically implementing the

Euler approach is described in detail in [6, 16]. The
Reynolds stress components were determined accord-
ing to [20] (Fig. 1). All calculations were carried out on
a mesh 256 × 80 × 80 comprising around 1640000
control volumes. Attempts to further increase their
number do not have any essential influence on the
numerical calculation results.

At the pipe axis, the conditions of a smooth inter-
face for both phases are specified, and the imperme-
ability and no-slip conditions for the gaseous phase at
the pipe wall are specified. For the dispersed phase at
the channel wall, the “absorbing wall” boundary con-
ditions are used [19], according to which a droplet
coming in contact with the wall does return to the
flow. According to the conditions specified in the
outlet cross section, the derivatives of all sought
parameters in the axial direction are taken to be equal
to zero. The initial distributions of gas f low parame-
ters were specified based on a preliminary calculation
of single-phase f low in a pipe with the length equal to
150R, where R is the pipe radius. Thus, the gas f low
moving in the inlet section has fully stabilized hydro-
dynamic parameters. A dispersed phase is added to
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the air f low in the inlet section. For the dispersed
phase, uniform distributions of the parameters over
the pipe cross section were used. The initial values of
the averaged radial phase velocities were determined
with the use of the correlations for the solid body
rotation law [21]:

where S and SL are the swirl parameters of air f low and
dispersed phase, respectively.

At the first stage, the results obtained for a swirling
single-phase air f low in a pipe with abrupt expansion
[22] were compared. At the second stage, the results
obtained for swirling f low of a mixture of air with solid
particles without heat transfer between the phases
were compared with the data of measurements given in
[23, 24]. The comparison results are presented in [25].
Fairly good agreement was obtained between the cal-
culated and measured data on the averaged and pulsa-
tion characteristics for both single-phase and two-
phase turbulent f lows (the difference did not exceed
15%), a circumstance that served as a basis for carrying
out gas-droplet f low calculations using the Reynolds
stress transfer model.

NUMERICAL CALCULATION RESULTS 
AND THEIR ANALYSIS

Swirling gas-droplet two-phase f low was investi-
gated in the down-flow mode in a abrupt pipe expan-
sion (Fig. 1). Main jet 1 of a mixture of air and water
droplets is supplied to the central pipe (2R1). Swirling
single-phase gas f low 2 enters through an annular
channel (R3–R2). The calculation region geometrical
parameters are as follows: 2R1 = 20 mm, 2R2 = 26 mm,
2R3 = 40 mm, 2R4 = 100 mm, and the step height H =
30 mm. The calculation region length X = 1 m. The
main air jet mass-average axial velocity Um1 = 15 m/s,
and its mass flow rate G1 = 5.65 g/s. The mass-average
axial velocity and mass flow rate of air in the secondary
annular jet Um2 = 20.7 m/s and G2 = 18 g/s. The flow swirl
parameter S = 0–0.75. The gaseous phase Reynolds num-
ber Re = Um12R1/ν = 2 × 104. The initial averaged axial
velocity of droplets UL1 = 12 m/s. The initial diameter of
water droplets d1 = 10–100 μm, and their mass concentra-
tion ML1 = 0–0.1. The particle relaxation time, which is
written with consideration of the deviation from Stokes’
power law  = 0.3–30 mm, where

. The wall temperature was constant
over the entire calculation region length and equal to
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TW = const = 373 K. The temperature of air and drop-
lets at the inlet T1 = TL1 = 293 K. The Stokes number
in the averaged motion Stk = τ/τf, where τf is the tur-
bulent time microscale, serves as the criterion charac-
terizing the extent to which the particles are involved
in the gaseous phase motion. It was shown earlier in
[25] that low-inertia particles are involved in the gas-
eous phase separated motion with Stk ! 1 and that the
dispersed phase does not participate in the recircula-
tion motion with Stk @ 1. The dispersed phase passes
through the shear f low region and does not enter the
separated flow region almost at all. As a result, no
change of turbulence is observed in the separation
region, because there are almost no particles in it. In
[4, 26], the following correlation for the dispersed phase
relaxation time is given for nonswirling separated two-
phase flows: τf = 5H/Um1 = 0.01 s. Then, for the condi-
tions of our calculations, we have Stk = 0.03–2.6. The
dispersed phase break up and coalescence effects are not
considered due to the small quantity of particles. Drop-
lets at the inlet are characterized by a monodisperse dis-
tribution. As the droplets move on along the pipe, droplet
size is a variable quantity along all coordinates due to
their heating and evaporation.

Distributions of Dispersed Phase Concentration
Variations in the dispersed phase volume concen-

tration along the pipe axis versus the droplet initial
diameter, mass concentration of droplets, and swirl
parameter S are given in Fig. 2, where Φ0 and Φ1 are the
volume concentrations of particles at the pipe axis and
in its inlet section, respectively. It should be pointed out
that a uniform distribution of particle concentration
along the pipe radius is specified at the calculation
region inlet. In the case of nonswirled separated flow,
the calculations were carried out with the total mass
flowrate identical with that for the swirling f low.

Changes in the size of dispersed particles cause sig-
nificant changes in the distribution of particle concen-
tration in swirling separated flow (Fig. 2a). The vol-
ume concentration of the smallest particles (curve 1,
d1 = 10 μm) rapidly decreases as a result of their being
involved in the gaseous phase motion and are distrib-
uted over the channel’s entire cross section, due to
which they do not concentrate in the pipe near-axis
region. For particles having larger inertia (curve 2,
d1 = 30 μm), a very fast growth of dispersed phase
concentration is observed in the initial cross sections
due to its accumulation in the recirculation region
under the effect of f low recirculation in the separation
region. A nonuniform profile of the turbulent kinetic
energy of gaseous and dispersed phases along the tube
radius gives rise to turbulent migration of particles (a
turbophoresis force) toward the pipe axis. This is why
a maximum of droplet concentration appears at the
channel axis when there are small particles. A feature
characteristic of the most inertial particles (curve 3,
d1 = 100 μm) investigated in this study is that the dis-
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Fig. 2. Distributions of droplet volume concentration at
the pipe axis in swirling f low for different sizes of particles
(a), their mass concentration (b), and flow swirl parameter
(c): (a) ML1 = 0.05 and S = 0.5; (1, 2, and 3) d1 = 10, 30,
and 100 μm. (b) d1 = 30 μm and S = 0.5; (1, 2, and 3) ML1=
0.02, 0.05, and 0.1. (c) d1 = 30 μm and Stk = 0.26; (1, 2,
and 3) S = 0, 0.25, and 0.5.
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persed phase dissipates rapidly over the pipe cross sec-
tion owing to the effect of centrifugal forces and due to
turbulent diffusion and migration. These conclusions
are consistent with the data obtained from measure-
ments [23] and from numerical calculations carried
out for swirling isothermal gas–dispersed f lows down-
stream of an abrupt pipe expansion [24–26]. A change
in the dispersed phase mass concentration has an
effect on the distribution of the volume fraction of
particles at the pipe axis in swirling f low (see Fig. 2b).
Generally, the volume concentration profiles of parti-
cles in varying their initial fraction are qualitatively
similar to each other.

The effect of f low swirling on the dispersed phase
propagation over the pipe cross section is shown in
Fig. 2c. For a nonswirling separated two-phase f low
(dashed curve 1 at S = 0), rapid dispersion of droplets
over the pipe cross section is observed, as a result of
which their concentration decreases dramatically in
the pipe near-axis region. A feature characteristic of
swirling f low is that an increased quantity of small par-
ticles is observed at the pipe axis due to the effect of
centrifugal and turbophoresis forces. This effect
becomes more pronounced with increasing the swirl
parameter (Fig. 2c), which is consistent with the data
of calculations [25] for a confined swirling two-phase
flow with solid particles. As the f low moves on along
the tube length, the volume concentration of droplets
in the near-axis region shows a very rapid decrease,
which is attributed to the droplets being entrained
from the near-axis region due to the effect of centrifu-
gal forces. At a large distance (x/H = 30) from the pipe
abrupt expansion section, the dispersed phase volume
concentration at the pipe axis is almost zero.

The results from calculations aimed at analyzing
the effect of f low swirling on the f low separation
region length are shown in Fig. 3. Swirling has a signifi-
cant effect on separated flow, and the recirculation zone
length decreases (by almost a factor of two at S = 0.5) as
compared with the case of nonswirling two-phase
flow. It should be pointed out that changes in the mass
concentration of droplets in the range ML1 = 0.01–0.1
causes the recirculation zone length to increase insig-
nificantly by around 1%. This conclusion is consistent
with the data obtained from the previous calculations
of nonswirling gas–droplet f low downstream of an
abrupt pipe expansion [6].

Heat Transfer
Figure 4 shows distributions of the Nusselt number

along the longitudinal coordinate in the swirling gas–
droplet f low downstream of an abrupt pipe expansion
for different values of initial droplet sizes and swirl
parameter. The dashed curve shows the results of cal-
culations carried out for the nonswirling separated sin-
gle-phase f low at S = 0, and the solid curves show the
results of calculations carried out for swirling single-
and two-phase f lows.
In the case of a single-phase flow, its swirling (S = 0.5)
results in higher heat transfer in the recirculation zone as
compared with a nonswirling separated flow (Fig. 4a).
The Nusselt number values in the swirling f low relax-
ation region approximately correspond to its values for
nonswirling separating f low. The addition of evaporat-
HIGH TEMPERATURE  Vol. 56  No. 3  2018
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Fig. 3. Effect of the f low swirl parameter on the recircula-
tion region length at d1 = 30 μm and Stk = 0.26: (1) single-
phase f low; (2, 3, and 4) ML1= 0.02, 0.05, and 0.1.
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ing droplets causes the heat transfer to increase by
almost a factor of two as compared with that in a swirl-
ing single-phase air f low (curve 1). A change of the
droplet initial diameter has an intricate effect on heat
transfer in swirling f low. Initially, an increase in drop-
let size causes the heat transfer intensity to increase
HIGH TEMPERATURE  Vol. 56  No. 3  2018
significantly due to evaporation of the dispersed phase
in swirling f low (d1 = 10 μm, curve 2). This effect is
noticeable at a short distance from the f low separation
section (x/H ≤ 5). The heat transfer intensity shows a
rapid decrease and tends to the corresponding value in
a swirling single-phase f low. In the case of larger drop-
lets (d1 = 30 μm, curve 3), the heat transfer intensity
grows to a lesser extent, but this effect manifests itself
over a longer pipe length. Droplets of the largest size
investigated in this study (d1 = 100 μm, curve 4) are
almost not involved in the gaseous phase motion at all
and pass primarily through the flow core remaining
almost beyond the recirculation near-wall region; these
droplets intensify heat transfer primarily in flow relax-
ation region.

An increase in the f low swirl parameter entails an
increase of heat transfer in the gas–droplet f low
downstream of the abrupt pipe expansion (Fig. 4b). In
a swirling f low, the point corresponding to the maxi-
mal heat transfer, which approximately coincides with
the f low reattachment point, shifts upstream along the
flow. This effect is intensified with increasing the swirl
parameter, and, for S = 0.5, the separation region
length in swirling f low is almost half that in nonswirl-
ing f low. In the range of small swirl parameter values
S = 0.25 (curve 2), heat transfer is intensified in the
separation near-wall region, and its intensity in the
flow restoration region is approximately equal to the
value for the nonswirling separated single-phase f low.

The effect of the addition of droplets on the maxi-
mal heat transfer intensity in swirling f low is shown in
Fig. 5, where Nu0max = 51.3 is the maximal Nusselt
number value in nonswirling separated f low (S = 0).
The evaporation of droplets leads to a significantly
higher heat transfer intensity in swirling two-phase
flow (by more than a factor of 2.5 as compared with
that in single-phase f low with the other parameters
being the same). This effect becomes more pro-
nounced with increasing the mass concentration of
droplets. The diameter of dispersed phase particles has
a more intricate effect on heat transfer. A drastic
increase of heat transfer intensity is initially observed
with an increase in the initial particle size. The region
of the optimal initial droplet sizes lies in the interval of
small droplet diameters (d1 ≤ 20–30 μm) in the entire
studied range of dispersed phase concentrations. After
that, a significant decrease of heat transfer intensity is
observed due to a significantly smaller phase interface
area, and the maximal heat transfer tends to the corre-
sponding value for the swirling single-phase f low.

COMPARISON WITH THE MEASURED DATA
To carry out comparisons for the case of swirling

gas–droplet f low downstream of an abrupt pipe
expansion, we used the results obtained from LES
simulations [13] and from experiments [27]. A swirling
two-phase f low of a mixture of air and kerosene drop-
lets was investigated in a horizontal f low downstream
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Fig. 6. The distributions of the averaged axial (a), transverse (b), and tangential (c) droplet velocities in swirling two-phase f low
downstream of an abrupt expansion in a flat channel at the distance x = 26 mm (on the left) and 56 mm (on the right) at d1 = 55 μm,
Stk = 0.6, ML = 0.034, and S = 0.7: (1) measured data of [27]; (2) data of LES Euler simulations from [13]; (3) data from the
calculations carried out in this study.
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of an abrupt channel expansion. The square-shaped
channel had a height of 130 mm; its length was equal
to 245 mm, and the step height H was equal to 50 mm.
Kerosene was supplied through a nozzle with the
diameter 2R1 = 5 mm; air was supplied through a
peripheral hole with the diameter 2R3 = 30 mm. The
mass flowrate of gas GA = 15 g/s, and that of the dispersed
phase GL = 1 g/s. The flow swirl parameter S = 0.7. The
average initial air f low velocity Um1 = 35 m/s; the
Reynolds number Re = Um2R3/ν = 7 × 104; the aver-
age droplet diameter in [13] d was around 55 μm, and
we used approximately the same size of droplets in this
study. The inlet temperatures of air and kerosene
droplets were T1 = 463 K and TL1 = 300 K, respec-
tively. The measurements reported in [27] were carried
out with a phase Doppler anemometer. The data of
experiments described in [27] at the distance x = 6 mm
(x/H = 0.12) from the two-phase f low supply section
were taken as the inlet distributions of the averaged
and pulsation characteristics of both phases. The
Stokes number in the averaged motion Stk = 0.6 and
τf = 5 ms. It points to the fact that the particles are
readily involved in the turbulent gas motion [7, 25].
The profiles of three components of the kerosene
droplet averaged velocity are shown in Fig. 6. The
comparison results are shown in two sections at the
distance from the f low separation point x = 26 mm
(x/H = 0.52) and 56 mm (x/H = 1.12). The availability
of a clearly pronounced maximum is characteristic of
the droplet velocity longitudinal component (Fig. 6a).
The dispersed phase velocity has a negative value in
the pipe near-axis part, which means that droplets are
entrained in the f low separation region. This result was
obtained for both our calculations and for the mea-
surements reported in [27] and for the LES calcula-
tions in [13]. The particle velocity transverse compo-
nent is quite high, which is attributed to the presence
of a back current region (Fig. 6b). The maximum in
the distribution of the droplet circumferential velocity
in the first section is due to the f low swirling effect
(Fig. 6c). There is satisfactory agreement between the
RANS-calculations carried out in this study and the
data of the LES-simulations presented in [13] and the
experiments of [27].

CONCLUSIONS

Heat transfer in a swirling turbulent gas-droplet
flow downstream of an abrupt pipe expansion has
been simulated numerically using the Euler approach.

A rapid dispersion of droplets over the pipe cross
section is observed in a nonswirling gas-droplet f low
downstream of an abrupt pipe expansion. For a swirling
flow, an increased concentration of fine particles at the
pipe axis is typically observed, which is attributed to the
effect of centrifugal and turbophoresis forces. It has been
shown that large particles locate in the channel near-wall
region due to the effect of centrifugal forces. Droplets that
enter the near-axis separated flow region cannot escape
from it, because the turbulence level in the shear layer is
higher than it in the dispersed phase. The shear layer
behaves as a barrier for the finely dispersed phase. In a
swirling flow, the separated region becomes significantly
shorter (almost half that in a nonswirling flow). This
effect is amplified with increases in the flow swirl param-
eter; in parallel with this, the maximum of heat transfer
intensity shifts toward upstream the flow. It has been
shown that addition of droplets leads to a significant (by
more than a factor of 2.5) enhancement of heat transfer in
comparison with that in swirling single-phase air flow.

The obtained numerical calculation results have
been compared with the experimental data in terms of
the averaged characteristics of swirling turbulent gas–
dispersed and gas-droplet flows downstream of an
abrupt pipe expansion, including the droplet evaporation
conditions. The calculated data are in fairly good agree-
ment with the measured data for a confined swirling two-
phase flow (the measured and calculated parameters dif-
fer from each other by no more than 15%).
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