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AbstractThe present study investigated the thermodynamic and economic feasibility of methanol synthesis reac-
tions from CO2 and H2. Three reactions, namely CO2 hydrogenation to methanol, reverse-water-gas-shift (RWGS) and
methanol decomposition reaction, were considered. The effect of temperature, pressure and H2/CO2 mole ratio on CO2
conversion and methanol selectivity was examined explicitly. The simulation results were compared with experimental
data. A conceptual process design for methanol synthesis from CO2 was developed using an Aspen Plus process simu-
lator. At 250 oC and 50 bar, the analysis shows about 73% CO2 conversion and 99.7% CH3OH selectivity for a recycling
ratio of 0.9. A techno-economic feasibility study was performed to understand the influence of feed and product cost,
recycling ratio and plant throughput, on plant profit margins. The study revealed that the proposed process might be
economically viable if the H2 price is lower than 1,500 $/ton and/or with a methanol production capacity of more than
250 tons/day.
Keywords: CO2 Hydrogenation, Methanol Synthesis, Aspen Simulation, Equilibrium Analysis, Economic Analysis

INTRODUCTION

An increasing trend in global warming, a declining trend of fos-
sil fuel reserves and the need for an alternative to fossil fuels are the
challenges of the twenty-first century. The CO2 concentration in the
atmosphere has increased to about 420 ppm from the pre-industri-
alization level of about 280 ppm [1,2]. In this context, the scientific
community has concentrated on two key technologies, namely car-
bon capture and storage (CCS) and carbon capture and utilization
(CCU) [3-5]. To reduce CO2 concentration in the atmosphere, CCU
technology has emerged as a more appealing alternative than CCS
[6]. CO2 hydrogenation pathways have become essential for pro-
ducing useful chemicals, such as syngas, methane, methanol, etha-
nol, dimethyl ether and formic acid [7,8]. Methanol synthesis from
CO2 hydrogenation receives more emphasis due to environmental
friendliness, lack of toxic emissions and other uses of methanol [9].
Methanol is used as a solvent and a raw material for the produc-
tion of a wide range of chemicals, including formaldehyde, acetic
acid, methyl methacrylate, dimethyl terephthalate, methylamines,
dimethyl ether, and methyl-tert-butyl ether [10,11].

Synthesis of methanol from CO2 hydrogenation using Cu, Ag, Au
and Pd-based catalysts has been investigated by numerous scientists

[12-15]. Witoon et al. studied the CO2 hydrogenation to methanol
using Cu/ZnO catalyst at 180 oC and 20 bar pressure. The study
revealed about 98% methanol selectivity for a CO2 conversion of
5% [12]. The increase of oxygen vacancies in CeO2 by Pd and Zn
resulted 100% methanol selectivity and 7.7% CO2 conversion at
220 oC and 30 bar [13]. Rui et al. investigated the CO2 hydrogena-
tion reaction over Au/In2O3 catalyst and achieved 100% methanol
selectivity at 225 oC and 50 bar pressure; however, CO2 conversion
was limited to 1.3% [14]. In the majority of the experimental inves-
tigations on hydrogenation of CO2 for methanol synthesis using
different catalysts, the experiments were performed under pressures
ranging between 1 bar to 150 bar [16]. Though, in most of the stud-
ies, the obtained selectivity of methanol was more than 98%, the
CO2 conversion was limited to below 10% only [17]. A thermody-
namic analysis of any reactive system can anticipate the feasibility
of maximum yield of desired products and also the optimum con-
ditions required to obtain the desired yield. Hence, understanding
the thermodynamic aspects of methanol synthesis reactions is es-
sential for strategic development of a catalytic CO2 hydrogenation
process.

A few simulation studies have been performed to find optimum
values of operating parameters for large-scale methanol productions
[18-28]. Leonzio has simulated the influences of reaction pressure,
temperature, feed (H2/CO2) molar ratio and recycle ratio on meth-
anol synthesis rate [18]. The cost of methanol production from gasi-
fication of vacuum residue is about 14% lower compared to a steam
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reforming route [21]. A response surface optimization method
showed that the methanol production cost can be about 565 $/ton
if a reactor operates at 183 oC and 58 bar pressure [22]. Atsonios et
al. studied the impact of H2 cost on the economic viability of meth-
anol production from CO2 [23]. Bellotti et al. used ECoMP soft-
ware to simulate the performance of a methanol plant of capacity
137tons/day. The study revealed that the plant profitability was greatly
influenced by the H2 cost and methanol selling price [24]. Nyari et
al. studied the energy and mass balance analysis of a methanol pro-
duction plant of capacity 5,000 tons/day using an Aspen Plus soft-
ware. The study concluded that the price of H2 has a significant
impact on the production cost of methanol [25]. Son et al. studied
the heat transfer effect of a pilot-scale methanol synthesis reactor
[26]. Jeong et al. proposed a methanol synthesis process by utiliz-
ing the exhaust CO2 from an engine plant [28]. Rafati et al. per-
formed a techno-economic analysis of a methanol synthesis process
using an Aspen Plus software [29]. Gao et al. conducted the techno-
economic analysis of methanol synthesis process using the by-prod-
uct gases from steel industries. The six-tenth factor approach was
used to estimate the costs of the major equipment [30]. In most of
the investigations, it is reported that the prices of H2 and the mar-
ket value of methanol play a crucial role for a sustainable methanol
plant. Converting CO2 into methanol requires cost-effective produc-
tion of H2. H2 can be synthesized via a variety of processes, includ-
ing water electrolysis, steam methane reforming, coal gasification,
and methane pyrolysis [31]. Noh et al. studied the production of
CO2-free H2 from CH4 by using a multistage bubble column reac-
tor and molten alloy catalyst at around 980 oC [32]. Pirrone et al.
reported the suitability of sun-driven water-splitting devices like pho-
tocatalytic, photoelectrochemical and photovoltaic-electrolyzer for
H2 production [33]. Brigljevic et al. investigated the efficacy of H2

production from various organic hydrogen carriers like biphenyl/
di-phenylmethane, 2-(N-Methylbenzyl)pyridine, N-phenylcarbazole,
and the estimated price of H2 production was in the order of 3,500
$/ton [34].

In the present work, the thermodynamic feasibility of the CO2

hydrogenation into methanol synthesis reaction is investigated, con-
sidering two more critical reactions, namely reverse-water-gas-shift
(RWGS) and methanol decomposition reactions. The focus of the
present work is the utilization of CO2 for the production of metha-
nol. The effects of various parameters, such as reactor temperature,
pressure, and feed composition, on CO2 conversion and methanol
selectivity was examined explicitly. The simulated data are presented
in bar charts to understand the optimum operating conditions for
a particular value of CO2 conversion and methanol selectivity. An
Aspen Plus process simulator was used to develop a conceptual pro-
cess design for methanol synthesis from CO2. The formation of CO
through the RWGS reaction and its avoidance is not exclusively
reported in literature. In this manuscript, we studied the influence
of water-gas-shift reaction to minimize toxic CO concentration in
the effluent of a methanol plant. The simulation results were com-
pared with the literature-reported experimental results. Further, the
influence of recycle stream on maximization of methanol yields
and minimization of CO formation was investigated considering
an optimized flow diagram. Also, the impact of feed (CO2 and H2)
and methanol (CH3OH) cost, recycling ratio and plant capacity on

profit margins of a methanol plant was analyzed in detail.

METHODOLOGY

1. Equilibrium Studies Investigation
The Gibbs free energy minimization approach was adopted to

define the equilibrium composition of a reaction system. The Gibbs
free energy (G) of a system is minimum at equilibrium and its dif-
ferential is equal to zero. The equilibrium reactor model (REquil) in
the Aspen Plus simulator was used in the work. The Peng-Robin-
son equation of state (PENG-ROB EOS) model was considered to
introduce non-ideal behavior in the Gibbs energy values [35]. To
obtain a better understanding of the methanol synthesis via CO2

hydrogenation route, the three reactions, namely methanol synthesis
from CO2 hydrogenation (Eq. (1)), RWGS (Eq. (2)) and CH3OH
decomposition (Eq. (3)) reactions, were considered in the entire
analysis.

CO2+3H2FCH3OH+H2O H298 K=49.5 kJ/mol (1)

CO2+H2FCO+H2O H298 K=+41.1 kJ/mol (2)

CH3OHFCO+2H2 H298 K=+90.6 kJ/mol (3)

The following expressions are used to define CO2 conversion (Eq.
(4)), methanol selectivity (Eq. (5)), methanol yield (Eq. (6)), CO
selectivity (Eq. (7)). The simulations were carried out under iso-
thermal conditions. The results are shown in section 3 in terms of
CO2 conversion, CH3OH yield and selectivity of both CH3OH and
CO for specific reaction conditions.

(4)

(5)

(6)

(7)

where Fi, in and Fi, out (i=CO2, CO, CH3OH) are the reactor inlet and
outlet molar flowrates of species ‘i’, respectively.
2. CO2 to CH3OH Process Plant Development

A methanol synthesis process typically includes feed section,
methanol reactor, product purification units. The CH3OH synthesis
and purification process flowsheet is proposed to maximize CO2

conversion and CH3OH selectivity and minimize CO levels. The
Aspen Process Economic Analyzer (ASPEN PEA) and six-tenth
factor method were used to estimate the capital investments of major
units such as multi-stage compressor, CH3OH reactor, heat exchanger,
gas-liquid separator, distillation column, and WGSR.

RESULTS AND DISCUSSION

We performed a simulation study on methanol production from
CO2 and H2. The study was performed for a wide range of tem-
perature (50 oC to 450 oC), pressure (1bar to 50bar), H2-to-CO2 mole

Conversion of CO2 %   1 
FCO2, out

FCO2, in
----------------- 100

Selectivity of CH3OH %   
FCH3OH, out

FCH3OH, out  FCO, out
-------------------------------------------- 100

Yield of CH3OH %   
FCO3OH, out

FCO2, in
----------------------- 100

Selectivity of CO %   
FCO, out

FCH3OH, out  FCO, out
-------------------------------------------- 100
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ratio (3 to 15), recycling ratio (0.0 to 0.9), to examine the influence
of major operating parameters on CO2 conversion and methanol
selectivity. The study also includes a process design of a methanol
synthesis plant using an Aspen Plus process simulator and its techno-
economic feasibility analysis. About 15% of the simulations were
repeated to check the difference in CO2 conversion and methanol
selectivity. Between the repeated simulations, the observed devia-
tion was less than 2%. The variation is mainly due to the truncated
value of the physico-chemical property of the components or the
property relationship used in the simulation. It was also found that
for an identical operating condition (temperature, pressure, and H2/
CO2 ratio), the Peng-Robinson equation of state and Soave-Redlich-
Kwong equation of state showed nearly a similar value of CO2 con-
version and methanol selectivity with less than 2% deviation. In
techno-economic analysis, the reported data are truncated up to
decimal values in some cases. The calculated value of economic
parameters, profit margin, payback period, etc., may vary within
±3% for second or third decimal truncated values.
1. Equilibrium Analysis
1-1. Effect of Temperature on Enthalpy, Entropy and Gibbs Free
Energy Change

A shift in Gibbs free energy governs the spontaneity of a chemical
reaction. Fig. 1(a)-(c) shows the effect of temperature on enthalpy
(H), entropy (S) and Gibbs free energy (G) change of the CO2

hydrogenation, RWGS and CH3OH decomposition reactions
under 1 bar pressure. As observed in Fig. 1(a) and Fig. 1(b), the
H and S values for CO2 hydrogenation reaction are less than
zero as the temperature increases from 25 oC to 450 oC. This signi-
fies that the CO2 hydrogenation to methanol is an exothermic reac-

tion. In contrast, the H and S values for both the RWGS and
CH3OH decomposition reactions are greater than zero for the stud-
ied temperature range. This implies that the RWGS and CH3OH
decomposition reactions are endothermic with increasing molecu-
lar disorder. As shown in Fig. 1(c), the G for methanol synthesis
reaction is greater than zero and increases with temperature, which
means this reaction is favorable at low temperatures. The positive
value of G for the RWGS reaction and the decreasing trend with
temperature implies that the reaction is favorable at high tempera-
tures.
1-2. Influence of Temperature and Pressure on CO2 Conversion
and CH3OH Selectivity

According to Le Chatelier’s principle and thermodynamic anal-
ysis, high pressures and low temperatures are the favorable condi-
tions for higher methanol selectivity (Eq. (1)). RWGS and methanol
decomposition reactions are also limited under these conditions
due to endothermicity. Hence, high pressures and low temperatures
can be the optimum operating conditions to improve methanol
selectivity and, at the same time, to reduce CO selectivity. The impact
of temperature and pressure on CO2 conversion, CH3OH selectiv-
ity and CO selectivity was examined and the outcomes are shown
in Fig. 2(a)-(c). The plots show that the equilibrium conversion of
CO2 is regulated by both temperature and pressure. With the in-
crease of temperature, the methanol formation reaction becomes
less favored, the RWGS and methanol decomposition reactions
become more favored, resulting in U-shaped curves in the CO2 con-
version patterns. Increased pressure enhances CO2 conversion in
the low-temperature zone (e.g., 100 oC to 350 oC). However, for high
temperatures (between 350 oC and 450 oC), the influence of pres-

Fig. 1. Effect of temperature on (a) H, (b) S, (c) G for CO2 hydrogenation, RWGS and CH3OH decomposition reactions under 1 bar
pressure.
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sure on CO2 conversion is almost insignificant and the CO2 conver-
sion curves eventually converge at higher temperatures. Methanol
selectivity is improved by increasing pressure, whereas the RWGS
and methanol decomposition reactions are mostly unchanged. This
illustrates that, as pressure increases, both the CH3OH and CO selec-
tivity curves shift to extremely high temperatures. A similar kind
of phenomenon was also noted by Ahmad et al. [36] and Stange-
land et al. [37] with Soave-Redlich-Kwong equation of state.

The effect of pressure on optimum value of operating tempera-
ture and CO2 conversion to achieve 99% CH3OH selectivity is pre-
sented in Fig. 3. As the pressure increased from 1 bar to 50 bar, the

CO2 conversion increased from 13% to 48%. Hence, to obtain 99%
methanol selectivity and 48% CO2 conversion, the optimum value
of reaction temperature and pressure is 172 oC and 50 bar, respec-
tively, for the H2/CO2 mole ratio of 3.
1-3. Influence of Feed Gas Composition on CO2 Conversion and
CH3OH Selectivity

To investigate the influence of feed composition on CO2 conver-
sion and CH3OH selectivity, the H2/CO2 mole ratio was varied be-
tween 3 to 15 for a fixed value of reactor pressure at 50bar. The sim-
ulation was performed for a temperature range between 150 oC to
400 oC and the results are shown in Fig. 4(a)-(c). The plots show
that the increase of H2 partial pressure promotes both the CO2

conversion and CH3OH selectivity. The methanol formation from
CO2 decreased as the temperature increased and, consequently, the
consumption of CO2 decreased. Hence, the increase in CO2 con-
version at higher temperatures (>280 oC) indicates that extra H2

promotes the RWGS reaction. A significant change in CO2 conver-
sion was observed as the H2/CO2 mole ratio was increased from 3
to 9. Further increase of H2/CO2 ratio from 9 to 15, the improve-
ment in CO2 conversions slowly decreased.

Fig. 5 depicts the influence of feed gas composition on CO2 con-
version and optimum temperature to obtain 99% CH3OH selec-
tivity under 50 bar reactor pressure. The simulation shows that the
CO2 conversion improved from 48% to 83% when the H2/CO2 mole
ratio increased from 3 to 15. About 83% CO2 conversion and 99%
methanol selectivity can be achievable at 186 oC under 50 bar pres-
sure, and with an H2/CO2 mole ratio of 15. Though the boosting
of H2 partial pressure promotes the conversion of CO2, it has a detri-
mental impact on process economics.

Fig. 2. Effect of pressure and temperature on (a) CO2 conversion, (b) CH3OH selectivity, (c) CO selectivity for H2/CO2 mole ratio of 3.

Fig. 3. Effect of pressure on CO2 conversion and reactor tempera-
ture for 99% CH3OH selectivity for H2/CO2 mole ratio of 3.
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1-4. Comparison of CO2 Conversion and CH3OH Selectivity
For a similar range of reactor temperature, pressure and feed gas

composition, the simulation predicted CO2 conversion was com-
pared with the experimental results, as shown in Fig. 6(a). The exper-
imentally obtained conversion and selectivity are reported for Au/
In2O3 [14] and Cu/ZnO/Al2O3 [16] catalysts. The figure shows that
the simulation results obtained from the present investigation are
comparable with the data reported by Stangeland et al. [37]. How-
ever, a substantial difference between the theoretical and experi-
mental values of CO2 conversion is noted. The difference is greater
at low temperatures and it reduces gradually with the increase of

reactor temperature. The lower value of CO2 conversion in the pres-
ence of catalysts can be related to the weak activity of the catalysts.
Fig. 6(b) shows a comparison between the equilibrium and experi-
mental selectivity of CH3OH. Though the Cu/ZnO/Al2O3 catalyst
shows a significant deviation in CH3OH selectivity, the difference
is relatively less for the Au/In2O3 catalyst. Also, the methanol selec-
tivity over Au/In2O3 catalyst is more than the equilibrium selectiv-
ity of CH3OH, which may be due to the presence of Au+-In2O3x

interfacial sites in the Au/In2O3 catalyst. Therefore, to enhance the
CO2 conversion and CH3OH selectivity, it is essential to develop
an efficient, highly-stable and low-cost catalyst.

A summary on CO2 conversion and CH3OH selectivity is shown
in Table 1. At higher temperatures (>230 oC), though the conver-
sion of CO2 is relatively greater, the selectivity of methanol is less
than 90% in most cases. It indicates that a significant amount of CO2

was converted into undesired products like CO and CH4. However,
due to the chemically inert state of CO2, experimental investigation
often requires a temperature greater than 220 oC to promote CO2

activation [38,39].
2. Development of Process Flowsheet for CO2 to CH3OH Syn-
thesis Process

In this work, a process flowsheet on CH3OH synthesis is pro-
posed to maximize CO2 conversion and CH3OH selectivity. Aspen
Plus simulator was used to develop the process flowsheet for the
CO2 hydrogenation reaction, as shown in Fig. 7. The feed gas and
recycle gas streams are mixed in the mixer and then compressed
by a multi-stage compressor with intermediate cooling to achieve
the operating condition (250 oC and 50 bar) of the methanol reac-
tor. The outflow stream from the reactor is passed through a shell
and tube-type heat exchanger to reduce the temperature of the

Fig. 4. Effect of H2/CO2 mole ratio on (a) CO2 conversion, (b) CH3OH selectivity, (c) CO selectivity at 50 bar pressure

Fig. 5. Effect of H2/CO2 mole ratio on CO2 conversion and desired
temperature to achieve 99% CH3OH selectivity under 50 bar
pressure.
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Table 1. A comparison between simulation and experimental findings on CO2 conversion and CH3OH selectivity for methanol synthesis via
CO2 hydrogenation

Catalyst H2 : CO2 mole ratio TR (oC) PR (bar) XCO2 (%) SMeOH (%) Reference
Cu/ZnO 3 180 20 5 098 [12]
PdZn/CeO2 3 220 30 7.7 100 [13]
Au/In2O3 3 225 50 1.3 100 [14]
Cu/ZnO/Al2O3 3 240 46 20 040 [16]
Pd-Zn/CNTs 3 250 30 6.3 099 [40]
Cu/ZnO/Al2O3 3 170 50 25 073 [41]
Cu-ZrO2 3 250 30 12 040 [42]
Cu-ZnO- ZrO2 3 250 40 17 030 [43]
Au/In2O3-ZrO2 3 250 50 6.1 090 [44]

- 3 200 50 39 098 [37]
- 3 250 50 28 068 [37]
- 3 172 50 48 099 [present work]
- 3 250 50 28 072 [present work]
- 10 184 50 77 099 [present work]
- 10 250 50 51 080 [present work]

where, TR=reaction temperature; PR=reaction pressure; XCO2=CO2 conversion, SMeOH=methanol selectivity.

Fig. 6. Simulation and experimental results of (a) CO2 conversion, (b) CH3OH selectivity.

Fig. 7. A process flowsheet of methanol synthesis via CO2 hydrogenation route.
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stream to about 50 oC before sending it into the separator. The
crude methanol (mixture of CH3OH and H2O) is separated in the
separator and fed to the distillation unit to enhance the methanol
purity. Part of the unreacted CO2, H2 and in-situ formed CO gas
mixture obtained from the separator is recycled into the mixing unit

Table 2. Various parameters and their ranges used for Aspen simulation
Process Flowsheet code Operating conditions
Mixer MIXER - T=25 oC, P=1 bar

Compressor MCOMPR
- Outflow conditions:
- T=250 oC, P=50 bar,
- Number of stages=2

Reactor
(Methanol) R1 (REquil)

- T=250 oC, P=50 bar,
- Recycle ratio range: 0.0-0.9,
- Reactions: CO2+3H2⇌CH3OH+H2O

CO2+H2⇌CO+H2O
CH3OH⇌CO+2H2

- Base method: PENG-ROB EOS.

Pressure changer PCV - Inflow: T=250 oC, P=50 bar,
- Outflow: T=247 oC, P=1 bar,

Heat exchanger HE - Inflow: T=247 oC, P=1 bar,
- Outflow: T=50 oC, P=1 bar.

Separator SEP - T=50 oC, P=1 bar.

 Distillation
column

DCOLUMN
(RadFrac)

- No. of stages: 45,
- Condenser type: total condenser,
- Reboiler type: kettle,
- Feed tray: 36th,
- Reflux ratio (R): 2.75,
- Bottoms to feed ratio (B/F): 0.6.

Splitter SPLITTER - Recycle stream split fraction range: 0.0-0.9.

Heater-1 HEATER - Inflow: T=50 oC, P=1 bar,
- Outflow: T=230 oC, P=1 bar

Heater-2 HEATER - Outflow: T=230 oC, P=1 bar.

 Reactor
(WGSR) R2 (REquil)

- T=230 oC, P=1 bar
- Reaction: CO+H2O⇌CO2+H2

- Base method: PENG-ROB EOS.

Table 3. Effect of recycle on the performance of the proposed methanol synthesis plant
Recycle

ratio
Feed rate
(tons/day)

H2/CO2 mole ratio
at mixer exit

XCO2

(%)
CH3OH yield

(tons/day)
CO concentration

(ppm)
0.0 820 3.00 25.2 100 18,231
0.1 820 3.02 26.6 110 16,760
0.2 820 3.03 28.2 122 15,154
0.3 820 3.05 30.3 136 13,411
0.4 820 3.07 32.9 154 11,535
0.5 820 3.08 36.4 176 09,541
0.6 820 3.10 41.2 205 07,456
0.7 820 3.12 47.9 244 05,325
0.8 820 3.14 57.8 299 03,215
0.9 820 3.16 73.2 383 01,253

to improve the CO2 conversion and methanol yield. To minimize
the accumulation of undesired products in the reaction loop, the
leftover fraction of gases (CO2, H2, and CO) are purged and sent to
the water-gas-shift-reactor (WGSR), where the CO reacts with water
to produce CO2 and H2. The distillation column was designed to
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obtain more than 99.9% methanol purity for any value of gas recy-
cle ratio. The details of the operating parameters and their ranges
used in the present simulation are given in Table 2.
2-1. Effect of Recycle Ratio on CO2 Conversion, CH3OH, and CO
Outflow Concentration

To study the influence of recycling ratio on CO2 conversion and
CH3OH yield from the proposed methanol synthesis plant, simu-
lations were performed for different values of recycle ratio for a
capacity of 100 tons/day of methanol production. The estimated
value of feed gas requirement for the 100 tons/day methanol pro-
duction process is 820 tons/day (CO2 is 721 tons/day and H2 is 99
tons/day). The simulation results (Table 3) show that the metha-
nol production rate improved from 100 to 383 tons/day when the
recycle ratio varied from 0.0 to 0.9 for a constant value of feed flow
rate.

Fig. 8(a)-(d) shows the impact of gas recycling ratio on CO2 con-
version, methanol selectivity, CO selectivity and H2/CO2 mole ratio
at 250 oC and 50 bar pressure. Fig. 8(a) shows that the conversion
of CO2 from the overall plant increased gradually with recycling
ratio. For a recycle ratio of greater than 0.1, the overall conversion
of CO2 is greater than the conversion obtained from the CH3OH
reactor. Due to the higher (>3) value of H2/CO2 mole ratio of the
recycle stream, the CO2 hydrogenation reaction in the CH3OH reac-
tor continues to improve with the increase of recycle ratio, which
is ascertained from Fig. 8(b). As a result, the plant CO2 conver-
sion improved from 25% to 73%, while the recycle ratio increased
from 0.0 to 0.9. Because of the water-gas-shift reactor (where CO
reacts with H2O to form CO2 and H2), the overall plant selectivity
of methanol improved from 75% to 99.7% (Fig. 8(c)) and the CO
selectivity decreased from 24.3% to 0.3% (Fig. 8(d)). At 90% recy-
cling ratio, the analysis shows about 73% CO2 conversion, 99.7%

CH3OH selectivity and 0.3% CO selectivity.
The above base case simulation shows that the exit concentra-

tion of CO (ref. Table 3) from the overall plant is significantly high
(>18,200 ppm without recycle). To reduce the concentration of CO
below 1,000ppm, simulations were performed with different amounts
of water injection for the WGSR, and the results are shown in Fig.
9. For the base case, the internal water (water formed in methanol
reactor and separated from the distillation column bottom) injec-
tion to the WGSR is about 56 tons/day. The analysis shows a de-
creasing trend in the CO concentration with the increase of exter-
nal water injection. The reduction percentage is relatively low for
the higher values of recycling ratio. At 0.9 recycling ratio, the CO
concentration reduced to 918 ppm with the external water flow rate
of 48 tons/day. From the analysis, it can be inferred that the increase
of water injection to the WGSR alone cannot decrease the CO level

Fig. 8. Effect of recycling ratio on (a) CO2 conversion, (b) H2/CO2 mole ratio, (c) CH3OH selectivity, (d) CO selectivity at 250 oC and 50 bar
pressure.

Fig. 9. Influence of water injection to WGSR on CO concentration.
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to below 100 ppm. An effective catalyst system is needed to reduce
the CO concentration to an acceptable limit.
2-2. Techno-economic Analysis of the CO2 to CH3OH Process

To analyze the techno-economic feasibility of the methanol syn-
thesis process, the Aspen Process Economic Analyzer (ASPEN PEA)
and six-tenth factor (Eq. (8)) method [30,45] were used in the simu-
lation. To calculate the cost of new equipment using six-tenth fac-
tor rule, the initial value of the equipment cost was taken from
reported literature [25,30]. The cost of new equipment was recal-
culated using the chemical engineering plant cost index (CEPCI),
as described in Eq. (8), to incorporate the capacity and price en-
hancement factors. The estimated value of capital investment cost
of the major units, such as multi-stage compressor, methanol reactor,
heat exchanger, gas-liquid separator, distillation column and WGSR

involved in the process flowsheet (Fig. 7) is presented in Table 4.

(8)

where Pnew=purchased cost of new equipment, Pref=purchased cost
of reference equipment, Cnew=capacity of new equipment, Cref=
capacity of reference equipment, CEPCInew=chemical engineering
plant cost index (CEPCI) of new equipment in procurement year,
CEPCIref=CEPCI of reference equipment in the year of procure-
ment.

The equipment delivered cost is considered as 10% of the equip-
ment cost. The total capital investment (TCI) cost of the proposed
plant is the sum of the fixed capital investment (FCI) and work-
ing capital investment (WCI) costs. The FCI of the plant is esti-

Pnew

Pref
---------

 
    

Cnew

Cref
----------

 
 

0.6  CEPCInew

CEPCIref
-----------------------

 
 

Table 4. Estimated costs of major equipment for the proposed CH3OH synthesis plant for different values of recycle ratio

Equipment name
Equipment cost (M$)

R=0.0 R=0.1 R=0.2 R=0.3 R=0.4 R=0.5 R=0.6 R=0.7 R=0.8 R=0.9
MCOMPR 2.17 2.28 2.40 2.54 2.71 02.92 03.16 03.48 03.89 04.47
R1 (CH3OH Reactor) 1.98 2.08 2.20 2.33 2.48 02.67 02.90 03.18 03.56 04.09
HE 0.62 0.65 0.68 0.72 0.77 00.83 00.90 00.99 01.11 01.27
SEP 0.05 0.05 0.06 0.06 0.06 00.07 00.07 00.08 00.09 00.10
DCOLUMN 0.57 0.59 0.63 0.66 0.71 00.76 00.83 00.91 01.02 01.18
HEATER-1 0.17 0.17 0.17 0.16 0.16 00.15 00.14 00.14 00.12 00.09
HEATER-2 0.05 0.05 0.05 0.05 0.05 00.06 00.06 00.07 00.08 00.09
R2 (WGSR) 1.82 1.80 1.79 1.77 1.72 01.70 01.56 01.60 01.50 01.36
Total equipment cost 7.42 7.67 7.97 8.31 8.67 09.16 09.62 10.45 11.37 12.65
Total equipment delivered cost 8.16 8.44 8.77 9.14 9.54 10.08 10.59 11.50 12.51 13.91

M$=Million USD; R=recycle ratio

Table 5. Estimated values of total capital investment cost

Category Ratio
factor

Cost (M$)
R=0.0 R=0.1 R=0.2 R=0.3 R=0.4 R=0.5 R=0.6 R=0.7 R=0.8 R=0.9

Total equipment delivered 1.00 08.16 08.44 08.77 09.14 09.54 10.08 10.59 11.50 12.51 13.91
Equipment installation 0.47 03.84 03.97 04.12 04.29 04.48 04.74 04.98 05.40 05.88 06.54
Instrumentation 0.36 02.94 03.04 03.16 03.29 03.43 03.63 03.81 04.14 04.50 05.01
Piping 0.40 03.27 03.38 03.51 03.66 03.82 04.03 04.23 04.60 05.00 05.56
Electrical systems 0.11 00.90 00.93 00.96 01.01 01.05 01.11 01.16 01.26 01.38 01.53
Buildings 0.18 01.47 01.52 01.58 01.64 01.72 01.81 01.91 02.07 02.25 02.50
Yard improvements 0.10 00.82 00.84 00.88 00.91 00.95 01.01 01.06 01.15 01.25 01.39
Service facilities 0.50 04.08 04.22 04.38 04.57 04.77 05.04 05.29 05.75 06.26 06.95
Total direct cost (DC) 25.47 26.33 27.35 28.51 29.77 31.44 33.03 35.88 39.03 43.40
Engineering and supervision 0.33 02.69 02.78 02.89 03.02 03.15 03.33 03.49 03.79 04.13 04.59
Construction and expenses 0.41 03.35 03.46 03.59 03.75 03.91 04.13 04.34 04.71 05.13 05.70
Legal expenses 0.04 00.33 00.34 00.35 00.37 00.38 00.40 00.42 00.46 00.50 00.56
Contractors fee 0.22 01.80 01.86 01.93 02.01 02.10 02.22 02.33 02.53 02.75 03.06
Contingency 0.40 03.27 03.38 03.51 03.66 03.82 04.03 04.23 04.60 05.00 05.56
Total indirect cost (IC) 11.43 11.81 12.27 12.79 13.36 14.11 14.82 16.10 17.51 19.47
FCI 36.90 38.14 39.62 41.30 43.13 45.55 47.85 51.98 56.55 62.87
WCI 0.89 07.27 07.51 07.80 08.13 08.49 08.97 09.42 10.23 11.13 12.38
TCI 44.17 45.65 47.43 49.44 51.62 54.51 57.28 62.21 67.68 75.25
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mated by adding the direct cost (DC) and indirect cost (IC). In
the study, the DC, IC and WCI are determined by using the Peter
and Timmerhaus suggested ratio factors (RF) [46]. The following
expressions (Eq. (9)-(11)) are used to estimate the TCI and the out-
comes are listed in Table 5.

TCI=FCI+WCI=(DC+IC)+WCI (9)

DC and IC=(RF×per functional cost under each category) (10)

WCI=RF×Total equipment delivered cost (11)

Eq. (12) is used to compute the total product cost (TPC) based
on the economic assumptions mentioned in Table 6. The depreci-
ation cost is evaluated considering a linear depreciation approach
for a 20-year recovery period and a salvage value of 5%.

TPC=C1+C2+C3+C4+C5+C6+C7+C8 (12)

where C1, C2, C3, C4, C5, C6, C7 and C8 are the cost of raw materi-
als, utility, operating and maintenance, patent and royalty, depreci-
ation, tax and insurance, plant overhead and general expenses, re-

spectively.
The influence of raw materials (CO2 and H2) and product

(CH3OH) prices on total plant profit (TPP) and ‘payback period
(PBP)’ of the proposed plant was analyzed. TPP is computed by sub-
tracting the total product cost (TPC) from total product sales accord-
ing to Eq. (13). The estimated values of TPC and TPP are sum-
marized in Table 7. The ratio of the TCI to TPP is used to calcu-
late the payback period of the project.

TPP=[(methanol sales)+(byproduct sales)(TPC)] (13)

The estimated value of total capital investment (TCI) of the meth-
anol plant is about 75.3 M$ with a recycling ratio of 0.9, which is
about 70% higher in comparison to the without recycling case. The
analysis (Table 7) shows that the proposed plant will not give any
profit margin up to the recycling ratio of 0.8 for the 100 tons/day
methanol production capacity. However, for 0.9 recycling ratio, the
plant shows about 0.4 M$ of annual profit and the estimated pay-
back period is remarkably high (around 200 years), which is not
acceptable in reality. Hence, to enhance the profit margin and reduce

Table 6. Summary of economic assumptions considered in estimating TPC [30]
Category Economic assumption

C1 Raw materials H2=2,000 $/ton, CO2=10 $/ton
C2 Utilities Cooling water=0.0148 $/ton, Electricity=0.06 $/kWh
C3 Operation and maintenance C3.1+C3.2+C3.3+C3.4+C3.5

C3.1 Operating labour 30 labour/shift, 3 shift/day, 8,000 $/labour/year
C3.2 Supervisory labour 20% of C3.1

C3.3 Maintenance and repairs 6% of FCI
C3.4 Operating supplies 15% of C3.3

C3.5 laboratory charges 15% of C3.1

C4 Patent and royalty 1% of TPC
C5 Depreciation Recovery period 20 years, Salvage value 5%, Linear
C6 Tax and insurance 2% of FCI
C7 Plant overhead 60% of (C3.1+C3.2+C3.3)
C8 General expenses C8.1+C8.2+C8.3

C8.1 Administration 20% of (C3.1+C3.2+C3.3)
C8.2 Distribution and selling 5% of TPC
C8.3 Research & development 4% TPC

Table 7. Economic analysis of proposed methanol plant
Recycle

ratio
TCI
(M$)

Methanol sales
(M$/yr)

By-products sales
(M$/yr)

Total sales
(M$/yr)

TPC
(M$/yr)

TPP
(M$/yr)

0.0 44.2 18.3 59.0 77.3 90.5 13.3
0.1 45.7 20.1 57.9 78.0 90.8 12.7
0.2 47.4 22.3 56.6 78.9 91.0 12.1
0.3 49.4 24.9 55.0 79.9 91.3 11.4
0.4 51.6 28.1 53.0 81.2 91.7 10.5
0.5 54.5 32.2 50.5 82.7 92.1 09.4
0.6 57.3 37.5 47.1 84.6 92.6 08.0
0.7 62.2 44.6 42.5 87.1 93.3 06.2
0.8 67.7 54.7 35.9 90.6 94.2 03.6
0.9 75.3 70.0 25.8 95.8 95.4 00.4
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the payback period below ten years, it is necessary to explore vari-
ous alternative sources of H2 production at a lower price.

In the above analysis, the TPP and the payback period was esti-
mated without considering any discount rate. Discount rate depends
on several factors, such as geographical location, distance between
the source and supply of feed and product, purity of feed and prod-
uct, supplier and buyer status (government vs. private sector), dura-
tion of contract (shorter vs. longer duration) between the buyer and
supplier, quantity of material (small quantity vs. large quantity). Typi-
cally, a discount rate may vary between 3% to 15%. A standard
discounted cash flow analysis (DCFA) has been performed to esti-
mate the net present value (NPV) and discounted payback period
(DPBP) of the proposed plant. Eq. (14) and Eq. (15) were used to
estimate the net present value (NPV) and discounted payback period
(DPBP), respectively.

(14)

where, NPV=net present value, t=year of the cash flow, n=total num-
ber of years, CF=cash flow, and d=discount rate in percentage.

(15)

where, Ny=number of years when last negative value of cumula-
tive discounted cash flow takes place after initial investment, CFn=
last negative cumulative discounted cash flow, CFp=discounted cash
flow when first positive value of cumulative discounted cash flow.

The estimated values of NPV and DPBP for three different (100,
250 and 500 tons/day) capacity of methanol plant are presented in
Table 8, along with other relevant details. Two representative val-
ues of discount rate (5% and 10%) and for a 20 year plant life are
considered in the calculation. The internal rate of return (IRR) was
determined by setting NPV=0 in Eq. (14). The negative value of
NPV signifies that the plant operation is not economically viable
for the said duration with specified throughput. The IRR value indi-
cates the maximum percentage of discount rate permissible and at
the end of 20 years the net present value will be zero with that dis-
count rate.

2-3. Influence of Feed Cost, Products Cost and Plant Throughput
Capacity on Plant Profit

The prices of raw materials and products have a significant im-
pact on plant economics and profit margins. To find the sensitiv-
ity of the feed and product costs on plat profit, an economic analy-
sis was performed for different values of feed (CO2 and H2) and
product (CH3OH) prices. Fig. 10(a) shows the impact of CO2 pric-
ing on the plant profits for a fixed value of H2 (2,000 $/ton) and
methanol (500 $/ton) prices. The figure shows that the plant profit
increased with the increase of CO2 price for a recycling ratio greater
than 0.5. The analysis also indicates that the proposed plant would
be economically viable with a CO2 price of 30$/ton when the recy-
cling ratio is greater than 0.8. Fig. 10(b) shows the influence of H2

cost on plant profit for a fixed value of CO2 (10 $/ton) and metha-
nol (500 $/ton) prices. For all the recycle ratios, the plant profit in-
creased with the decrease of H2 cost. The analysis shows that the
overall process becomes unprofitable if the H2 price exceeds 1,500
$/ton for the above-mentioned price of CO2 and methanol. How-
ever, the proposed plant would be economically viable if the cost
of H2 is less than 1,000 $/ton for the methanol throughput capac-
ity of 100 tons/day.

Fig. 10(c) shows the influence of methanol cost on the plant profit
for the fixed price of CO2 (10 $/ton) and H2 (2,000 $/ton). The result
shows that the proposed plant is economically viable if the metha-
nol price is more than 500 $/ton for certain values of recycle ratio.
The data shows that when the methanol price is 600 $/ton, the plant
is financially sustainable above recycling ratio of 0.6. The analysis
also indicates that the breakeven point (no loss and no profit point)
shifted towards the lower value of recycling ratio with the increase
of methanol price.

Plant capacity/throughput is another influencing parameter on
plant economics. Fig. 10(d) shows the impact of plant capacity on
the plant profit for a fixed value of feed and product costs. The plots
show that with the increase of methanol production capacity from
100 tons/day to 250 tons/day, the plant became economically via-
ble above a recycling value of 0.8. The plot also shows that the profit
margin increases with increasing throughputs and the breakeven
point shifted towards lower recycling ratio. The estimated values of

NPV t, n     
CFt

1  d t
---------------

t0

n


DPBP  Ny  
CFn

CFp
-----------

Table 8. Estimated values of DPBP and IRR for 5% and 10% discount rates
Description Case 1 Case 2 Case 3 Case 4 Case 5 Case 6

Plant capacity, TPD 100 250 500 100 250 500
Recycling ratio 0.9 0.9 0.9 0.9 0.9 0.9
TCI, M$ 75.3 130.5 197.6 75.3 130.5 197.6
Total sales, M$/yr 95.8 239.8 478.7 95.8 239.8 478.7
TPC, M$/yr 95.4 227.7 446.1 95.4 227.7 446.1
Net profit, M$/yr 0.4 12.1 32.6 0.4 12.1 32.6
Depreciation, M$/yr 0.6 1.1 1.7 0.6 1.1 1.7
Net cash flow, M$/yr 1.0 13.3 34.3 1.0 13.3 34.3
PBP without discount, yr 75.3 9.8 5.8 75.3 9.8 5.8
Discount rate, % 5 5 5 10 10 10
NPV after 20 years, M$ 62.8 34.6 230.1 66.7 17.7 94.6
DPBP, yr - 13.9 7.0 - - 9.0
IRR, % - 8.0 16.6 - - 16.6
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profit margin and payback period of the proposed plant for differ-
ent combinations of feed and product price and plant capacity are
shown in Table 9. In the estimation of discounted payback period,
5% discount rate was considered.

Therefore, from the aforementioned analysis, the cost of raw
materials and products, plant capacity and recycling of unreacted
feed play a vital role in enhancing the plant profit margins and eco-
nomic sustainability. The techno-economic feasibility analysis revealed
that the proposed plant would not be economically viable if the
cost of CO2 and H2 is more than 10 $/ton and 1,500 $/ton, respec-
tively, and methanol price is lower than 500 $/ton for a 100 tons/
day plant capacity. However, the proposed process might be profit-
able if the plant capacity increased even for the same feed and
product costs. Gao et al. [30] and Zhang et al. [19] also reported a
similar observation. If the cost of H2 is reduced due to its easy avail-
ability and technology-enabled resources like methane steam reform-
ing and electrolysis of water [47,48], the plant may be economically
viable even for a 100 tons/day capacity.

CONCLUSIONS

A comprehensive study on thermodynamic aspects of CO2 to
methanol conversion, development of process flowsheet and techno-
economic analysis is presented in this work. Based on the thermo-
dynamic feasibility analysis, the methanol decomposition reaction
showed a higher endothermicity than the RWGS reaction, while
methanol formation from CO2 is an exothermic reaction. The effects
of critical parameters, such as pressure, temperature, feed gas com-
position on CO2 conversion and methanol selectivity were investi-
gated. The study showed that a relatively lower temperature, higher
pressure and a higher value of H2 : CO2 mole ratio are favorable for
methanol production from CO2 via the hydrogenation route. The
CO2 conversion improved from 13% to 48% as the pressure increased
from 1 bar to 50 bar at an H2/CO2 mole ratio of 3. At 50 bar pres-
sure, the CO2 conversion improved from 48% to 77% with the in-
crease of H2/CO2 mole ratio from 3 to 10. However, methanol syn-
thesis at a higher (>5) mole ratio of H2/CO2 may not be economi-

Fig. 10. Influence of (a) CO2 cost, (b) H2 cost, (c) methanol cost, (d) plat throughput capacity on plant profit.

Table 9. Values of profit margins and payback period for some selected conditions
R=0.9 R=0.9 R=0.9 R=0.9 R=0.9 R=0.8 R=0.8

H2 price, $/ton 2,000 1,000 1,000 2,000 1,500 1,500 1,500
CO2 price, $/ton 10 10 10 10 10 10 10
Methanol price, $/ton 500 500 400 500 400 400 500
Plant capacity, tons/day 100 100 100 500 500 500 100
Profit margin M$/yr 0.4 30.4 16.4 32.6 37.8 16.5 8.6
Payback period without discount, yr 203 2.5 4.6 6.1 5.2 10.8 7.9
Payback period with 5% discount rate, yr - 3.4 5.1 7.0 5.9 13.9 9.5
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cally viable. It was observed that, at 250 oC and 50 bar pressure, the
overall process yields around 73% CO2 conversion, 99.9% CH3OH
selectivity and a negligible (about 1,000 ppm) amount of CO in the
outflow with 90% recycling. Furthermore, a techno-economic fea-
sibility study of the methanol synthesis process was performed using
an Aspen Plus simulator. The analysis showed that the recycling
ratio, feed and product price and plant capacity can play a crucial
role in overall plant economics and its sustainability. The study con-
cluded that the proposed process can be economically viable if the
H2 cost is lower than 1,500 $/ton and/or for a higher (>250 tons/
day) throughput capacity.
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NOMENCLATURE

ASPEN PEA : Aspen process economic analyzer
DPBP : discounted payback period
d : discount rate
CEPCI : chemical engineering plant cost index
CF : cash flow
Cnew : capacity of new equipment
Cref : capacity of reference equipment
DC : direct cost
DCFA : discounted cash flow analysis
FCI : fixed capital investment
IC : indirect cost
IRR : internal rate of return
NPV : net present value
PBP : payback period
PR : reaction pressure
Pnew : purchased cost of new equipment
Pref : purchased cost of reference equipment
R : recycling ratio
REquil : equilibrium reactor model

RF : ratio factor
RWGS : reverse-water-gas-shift
SMeOH : methanol selectivity
TCI : total capital investment
TPC : total product cost
TPP : total plant profit
TR : reaction temperature
WCI : working capital investment
WGS : water-gas-shift
XCO2 : CO2 conversion
G : Gibbs free energy change
H : enthalpy change
S : entropy change
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