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Abstract

For an undisturbed operation of two-stage high-pressure fermentation up to 100 bar, a particle-free hydrolysate appears to
be necessary. This is even more important if the second stage, i.e., the methane reactor, is designed as fixed bed. Here, we
present the potential of microfiltration membranes as separation unit after the first stage, which is the hydrolysis. The study
included the selection of membrane material, membrane performance investigations, and long-term-behavior during the filtra-
tion period. In a series of experiments, the optimum type of membrane material and the mode of operation [either crossflow
(CF) or submerged (S)] were determined. Ceramic membranes proved to be the better option to treat the process stream due
to their chemical and temperature resistance. The crossflow filtration achieved a sustainable flux of up to 33 L/(m? h), while
long-term experiments with the submerged membranes confirmed a critical flux of 7 L/(m? h). Comparative analyses of
hydrolysate and permeate showed that the rejected chemical oxygen demand (COD) as well as total organic carbon (TOC)

fraction and thereby the loss of organic carbon in the permeate does not reduce the methane yield.

Keywords Microfiltration - Ceramic membranes - Thermophilic treatment - Anaerobic filtration - Hydrolysis reactor -
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Introduction

Anaerobic two-stage systems with separated hydrolysis and
methane reactors have been analyzed intensively in recent
years [1, 2]. In addition, the use of two-stage systems with
pressurized methane reactors has been described [3-5].
However, the application of membrane filtration systems for
solid—liquid separation between the two stages has not been
described in the literature until now. In fact, all publications
concern membrane application for biogas production, gen-
erally single-stage anaerobic membrane bioreactors (AnM-
BRs), utilizing the membrane filtration unit to retain the
solid fraction inside the reactor and, therefore, to decouple
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the solid from the hydraulic retention time. Furthermore,
those studies are typically focusing on wastewater treatment
at psychro- (<20 °C) and mesophilic (20—45 °C) conditions,
whereas publications on thermophilic (>45 °C) treatment of
high particulate feed solutions using micro- or ultrafiltration
membrane systems are very limited [6, 7]. Some discuss the
benefits of mesophilic temperature conditions, e.g., lower
energy demand for heating [8], while others emphasize the
potentials of thermophilic treatment with faster reaction
rates [9, 10]. Only Lee et al. [11] implemented a membrane
unit as an intermediate step between two spatially separated
reactors to optimize the hydrolysis rate by retaining the par-
ticulate fraction.

Jeison and van Lier [12, 13] discussed the long-term
operation of two submerged thermophilic anaerobic mem-
brane bioreactors (AnMBRs) using acidified synthetic
wastewater and wastewater, respectively. They concluded
that the applicable flux in submerged thermophilic AnMBRs
is mainly limited by reversible cake formation on the mem-
brane surface. Further research with thermophilic sidestream
AnMBRs operated in crossflow mode exposed a shear rate
dilemma [14]. The authors observed that the higher sur-
face shear due to higher superficial velocities resulting in a
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change of sludge properties and, therefore, not in a sustain-
able increased back transport of particles. Qiao et al. [15, 16]
reported stable operation of a thermophilic AnMBR treating
coffee grounds with a total solid (TS) content in the reactor
of up to 75 g/L. They identified soluble organic components
as the main cause for membrane fouling.

The research conducted on thermophilic as well as
anaerobic membrane applications in two-stage systems with
separated hydrolysis reactors (HR) and fixed bed methane
reactors (MR) is even less pronounced. One of the first
manuscripts on coupling membranes and two-stage anaero-
bic reactors was published by Lee et al. [11]. A pilot scale
anaerobic system with a submerged microfiltration (MF)
membrane was used for piggery wastewater. The operational
flux was stable for 50 days before it declined to 19%. Since
inorganic and biological fouling was observed, the flux could
be recovered to 89% by cleaning the membrane with sodium
hydroxide (NaOH) and hydrochloric acid (HCI) solutions
in sequence. Wijekoon et al. [17] operated a thermophilic
two-stage system with separated HR and MR. The efflu-
ent of the MR was treated with a sidestream microfiltration
membrane and the concentrate was pumped back into the
methane reactor. However, the authors focused on the reac-
tor and not on the membrane performance. Another research
with separated HR and MR was conducted by Mota et al.
[18]. The membrane was submerged directly in the MR and
the authors defined protein-like substances as most relevant
factor for reversible membrane resistance. Chaikasem et al.
[19] also treated the effluent of a thermophilic MR with a
ceramic microfiltration membrane. Extracellular polymeric
substances (EPS) were identified as main cause of mem-
brane fouling, accounting for almost 73% of the reversible
fouling.

This study aims to contribute to the development of a
membrane separation step, which is able to prevent blocking
or clogging of a fixed bed methane reactor. The latter needs a
particle-free influent for optimum biogas production. Cross-
flow and submerged ceramic membranes were operated in
a sidestream configuration at thermophilic conditions. Both
the unfiltered HR effluent, the so-called hydrolysate, and the
permeate from the membrane treatment were analyzed to
distinguish the methanogenic potential. Solid—liquid separa-
tion with ceramic membranes proved to be a reliable process
for removing particulate material from the hydrolysate.

Materials and methods
Experimental setup
Membrane tests to evaluate the optimal pore size for the

long-term experiments were carried out using polyether-
sulfone (PES) membranes (pore size=0.1-0.8 um). The
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experimental setup consisted of a Biichner funnel, a suction
flask, and a vacuum pump. The different moistened poly-
meric membranes were placed on the perforated plate of
the open filter chamber. The latter was subsequently filled
with raw hydrolysate before the permeate was generated by
vacuum suction.

Hydrolysis reactor and feed solution

A schematic drawing of the experimental setup designed
for this study is shown in Fig. 1. The continuously stirred
hydrolysis reactor made of stainless steel had a working
volume of 100 L. The hydrolysis reactor (HR) was oper-
ated with corn silage and kept at thermophilic conditions
of 55 °C in a pH range of 5.6-6.0 as described by Lindner
et al. [20]. The effluent was prefiltered with a 100 um gauze
and then fed to the membrane systems. Since the gauze of
the HR (cf. Fig. 1) was not able to remove the entire par-
ticulate material, the effluent of the hydrolysis reactor con-
tained high quantities of particles and fibrous substances
(TS=19.1+7.5 g/L).

For the initial start-up, the HR was fed with 80 L tap
water, 20 L manure, 190 g acetic acid (60%), 140 g lactic
acid (90%), 2 kg corn silage as well as 1 kg of fermentation
residue from another HR as inoculum. The acidity within the
HR was controlled by feeding the reactor with corn silage
when the pH exceeded 6.0. The average organic loading
rate OLR  varied between 4 and 6 kg/(m® day). Total COD
concentrations reached levels of 35 g/L directly after start-
up, but varied between 17 and 25 g/L during submerged
operation and from 5 to 20 g/L during the various crossflow
filtration experiments. More detailed information is provided
in the third section as well as in Table 1.

Membrane Systems

The crossflow system was operated with tubular ceramic
microfiltration membranes (Inopor, Germany) with nominal
pore sizes of 0.8 and 0.2 pm. Each membrane had a length
of 1000 mm and a diameter of 25 mm. The single mem-
branes were installed in a stainless steel membrane module.
The specific membrane area A, is given in Table 2 and var-
ied between 0.13 and 0.31 m? for the different membrane
types. Crossflow shear was induced by a centrifugal pump
(Lowara, Germany). Two digital manometers (PKP, Ger-
many) measured the pressure drop between inlet and outlet
of the module. The analog pressure gauge (PKP, Germany)
in the permeate stream allowed for a manual transmembrane
pressure (TMP) calculation. TMP of the crossflow system
was regulated with a bypass valve (cf. Fig. 1). With an open
bypass, TMP was as low as 200 mbar, while a completely
closed bypass would generate TMP values up to 1800 mbar.
Permeability measurements were done by gravimetric
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Fig. 1 Simplified experimental setup of hydrolysis reactor, submerged and crossflow membrane systems. The methane reactor was not part of
the conducted experiments. FI flow meter, L/ lever sensor, Pl pressure sensor, 7/ temperature indicator

Table 1 Main characteristics of the hydrolysis reactor effluent (hydro-
lysate) during 3 years of operation

Parameter Hydrolysate
pH 57+0.2
Electrical conductivity (mS/cm) 72+1.8
COD (g/L) 24.7+8.5
TOC (g/L) 6.2+3.1
Acetic acid (g/L) 25+1.1
Propionic acid (g/L) 0.8+0.2
Butyric acid (g/L) 1.5+1.3

sampling of permeate for 30-60 s, carried out in triplicates.
The crossflow system operation as well as data acquisition
was done by the zenon software (COPA-DATA, Germany).
Experiments 2 and 3 included backwashing cycles of 15 s
every 15 min. Therefore, the permeate stream was reversed
with a centrifugal pump (Lowara, Germany). Experiments 1,
4, and 5 were conducted without backwashing (cf. Table 2).
The first experiment was done under mesophilic conditions
(35 °C); for all the following ones, the membranes were
operated under thermophilic conditions (50 °C) with mean
crossflow velocities v > 1.5 m/s. Since feed temperature is
one of the key factors influencing membrane permeability
values, results were corrected to a reference temperature (7
=40 °C) based on the viscosity of water.

For the submerged setup, flat sheet ceramic microfiltra-
tion membranes with nominal pore sizes of 0.5 um and spe-
cific membrane areas of 0.11 m?* (Ceraflo, Singapore) were
used. The sidestream membrane container had a working

volume of 4.5 L. Gas sparging with nitrogen was used to
induce shear stress and to minimize particle deposition on
the membrane surface. The coarse diffuser was installed
directly underneath the membrane to maximize detach-
ment. The hydraulic retention time of the container was set
to 12 min to minimize biogas formation in this step, since
the solid-free permeate should enhance biogas production in
a fixed bed high-pressure MR. Throughout all experiments,
the membrane was operated in cycles consisting of three
steps: (1) filtration; (2) relaxation; and (3) backwashing.
A diaphragm pump (KNF, Germany) was used for filtra-
tion and backwashing. The filtration and backwash phases
were set to 10 min and 30 s, respectively. A 10 s pause was
embedded between the two steps to relax the membrane.
Permeate and backwash pressures were measured by pres-
sure transmitters (Huba Control, Switzerland). The respec-
tive flows were measured and controlled with mass flow
meters (Bronkhorst, The Netherlands). Data acquisition and
system operation was done with the LabVIEW software (NI,
USA). Critical flux and long-term experiments were done
under thermophilic conditions (45 °C). Temperatures of
crossflow and submerged system were both controlled with
thermostats (Julabo, Germany).

Critical flux determination

The critical flux concept is based on the balance between
convection towards and back transport away from the mem-
brane surface [21]. According to Field et al. [22], the critical
flux can be defined in its strong or weak form as a flux below
which a decline with time does not occur. In this study, the

@ Springer



1564 Bioprocess and Biosystems Engineering (2018) 41:1561-1571

critical flux was determined in the weak form using the flux-
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Table 3 Critical flux experiments

Experiment Type of method Flow rate (L/h) Step size (L/h) dTMP/dt TMP,yerage Mean critical
= critical flux;, = critical fluxg,  flux (L/(m” h))
(L/(m* h)) (L/(m* h))

I Flux step® 0.6-3.0 0.2 8.47 8.74 8.61

1I Flux step? 0.5-1.8 0.1 7.04 7.15 7.10

1 Flux step? 0.5-1.2 0.1 7.51 6.69 7.10

v Flux step? 0.5-1.1 0.05 7.32 6.81 7.07

#According to [23]

stopping the respective experiment as the one occurring
under the most severe conditions at the end of each long-
term operation. R,, R, and R;,, were determined by record-
ing different stable flux rate steps for 10 min with pure water
at 40 °C. Intrinsic membrane resistance R, was measured
for each unused membrane before starting a new experiment.
R, and R, were measured in two steps after an experi-
ment was terminated. During the first step, the membrane
was backwashed for 15 min with pure water and the revers-
ible membrane resistance R, (+ R, + R;,) was obtained
subsequently by recording the pure water line. Afterwards,
the membrane was chemically cleaned as described in the
previous section. Following this procedure, the pure water
line was recorded again to obtain the irreversible fouling
resistance R,.. (+ R,,) of the specific membrane.

1T

Analytical methods

The chemical oxygen demand (COD) and the soluble COD
(sCOD) were measured using test kits (Hach Lange, Ger-
many). Total organic carbon (TOC) and dissolved organic
carbon (DOC) concentrations were measured with a TOC
Analyzer (Shimadzu TOC-V CPN, Japan). For the sCOD
and DOC measurements, the samples were prefiltered with
a 0.45 pm membrane filter. An ion chromatography (IC) sys-
tem (Metrohm, Switzerland) was used to determine organic
acid concentrations. Electric conductivity and pH were
measured with a portable multimeter (WTW Multi 3501,
Xylem, USA). The concentration of total solids (TS) and
volatile solids was measured by drying (105 °C, 24 h) and
volatilization (550 °C, 8 h) [28].

Methane potential tests

Methane potential of hydrolysate and permeate was analyzed
with the automatic methane potential test system (AMPTS,
Bioprocess Control, Sweden). The system automatically
analyzes the accumulated methane volume over time for
small continuously stirred batch reactors (37 °C) with a total
volume of 500 mL, consisting of 400 mL liquid and 100 mL
head space. Digested sludge from the wastewater treatment

plant Heidelsheim was used as inoculum. All measurements
were carried out as triplicates. The baseline measurement
was conducted by adding 400 mL of digested sludge into
the batch reactors. For the measurements of hydrolysate and
permeate, 300 mL of inoculum were mixed with 100 mL of
hydrolysate and permeate, respectively.

Results and discussion

The main hydrolysate characteristics are given in Table 1.
Average COD and TOC concentrations of 21 and 6 g/L were
found, respectively. The dissolved fraction, measured as
sCOD, accounted with approximately 10 g/L for about 50%
of the total COD. The DOC concentration was measured
with concentrations as high as 4 g/L.. When analyzed with
the IC, five organic acids contributed mainly to the DOC.
Those were, namely, acetic, propionic, isobyturic, butyric,
and valeric acids. Acetic and butyric acid concentrations of
2.5 and 1.5 g/L were regularly found, respectively. Propi-
onic acid concentrations averaged 0.8 g/L, valeric as well
as isobutyric acid were always below 0.4 g/L. The latter
values are not shown in Table 1. COD could be measured
without any time delay and pretreatment (no prefiltration and
no dilution) of the hydrolysate and was, therefore, chosen as
sum parameter for the evaluation of hydrolysate and perme-
ate in this study.

Screening test of membranes

The membrane tests were carried out with raw hydrolysate
from the hydrolysis reactor to pre-assess the impact of
the filtration step, especially to determine the optimal
pore size. The main idea of the membrane filtration was
to eliminate the solid fraction and collect the dissolved
organic matter, primarily organic acids as permeate. The
results based on different polymeric MF membranes are
shown in Fig. 2. While Fig. 2a depicts the sum parameters
COD, total carbon (TC), TOC, and DOC, Fig. 2b displays
the main organic acids of the raw hydrolysate and the dif-
ferent permeates. TOC could only be measured for the
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Fig.2 Vacuum filtration of hydrolysate using polymeric MF mem-
branes. Elimination of organic sum parameters (a) and organic acids
(b) in dependency of different pore sizes

raw hydrolysate and the 0.8 pm permeate; when filtrated
with 0.45 pm, it is defined as DOC. The 0.8 pm membrane
eliminates approximately 40% of the COD, the membranes
with smaller pore sizes (0.1-0.45 pm) detain about 10%
more. TC and TOC, respectively, and DOC concentrations
for permeate < 0.45 um are rejected by approximately 50%.
Acetic, propionic, butyric, isobutyric, and valeric acids are
all reduced by approximately 15%, without any remark-
able margin between the different permeates. Since the
analyzed acid molecules are too small to be eliminated
by the used pore sizes, it is assumed that the removed
percentage of organic acids is adsorbed on the surface
of the particulate matter of the hydrolysate and thereby
partly removed with the membrane. The filtration with
pore sizes <0.1 um resulted in an acid elimination of more
than 30%. Therefore, in this case, the minimum reasonable
membrane cutoff for long-term experiments should not be
lower than 0.2 pm.
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Fig.3 Crossflow filtration experiments using ceramic membranes
with a 0.8 um (experiment 1) and b 0.2 pm (experiment 5)

Crossflow filtration experiments

As the experiments with the different MF membranes do
not show significant differences, the crossflow experiments
were carried out with ceramic membranes in the range of
0.2—0.8 um. The first two crossflow long-term experiments
were carried out with 0.8 um ceramic membranes (Inopor,
Germany). A comparison of the long-term experiments
is given in Table 2. Since the crossflow step is planned
to be located between the thermophilic hydrolysis reactor
(55-60 °C) and the mesophilic fixed bed methane reactor
(37 °C) the influence of the temperature on the filtration
performance was tested. Therefore, the first experiment was
done under mesophilic conditions at 35 °C, all the following
crossflow experiments under thermophilic ones at 50 °C.
Figure 3a shows experiment 1, which was carried out under
mesophilic conditions with a 0.8 pm membrane in crossflow
mode. Experiments 1, 4, and 5 were carried out without
a backwash procedure. Directly after start-up, the perme-
ability declined steadily in the first 5 days until it stabilized
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at a mean value of approximately 45 L/(m? h bar) after 15
days of operation. The COD concentration of the hydrolysate
(feed) alternated during the whole experiment between 8 and
12 g/L.. The COD fraction in the permeate varied together
with the feed, resulting in an overall COD rejection of
approximately 46%. The experiment was stopped after 40
days.

The second and third experiment were conducted under
thermophilic conditions with a physical backwash proce-
dure for 15 s every 15 min of filtration. During experiment
2, carried out with a 0.8 um membrane under thermophilic
conditions, a heavy decline of permeability was observed
after 5 days of filtration. Backwashing was done with perme-
ate, which was stored in a separate tank. Due to the substrate
conditions, a biomass accumulation in the permeate tank
was detected 3 days after start-up. The microorganisms faced
optimum growth conditions and formed a dense fouling layer
on the permeate side of the membrane. The formation led to
a constant decline of the permeability throughout the experi-
ment. The average flux was found to be 7.2 L/(m? h) com-
pared to 23.4 L/(m? h) in experiment 1 without backwashing
(cf. Table 2).

To avoid the accumulation of suspended biomass in the
permeate tank, experiment 3 was carried out with a 0.2 um
membrane to minimize the contamination of the permeate
with microorganisms. However, the biomass accumulation
in experiment 3 was nearly comparable to experiment 2. The
average flux in 15 days was again as low as 8.1 L/(m? h). The
fouled membrane from experiment 3 was chemically cleaned
and used in experiment 4. Chemical cleaning was done by
submerging the membrane externally into a NaOH solution
(pH 13) for 12 h. Due to the severe fouling, the permeability
could only be recovered by 75%.

As a result of these findings, experiments 4 and 5 were
carried out without backwashing. Compared to experiment
1, the pore size was reduced to 0.2 um and the temperature
during filtration was set to thermophilic conditions.

In Fig. 3b, the results of experiment 5 are shown. The
feed COD started with a mean value of 14.5 g/L. About 3
weeks after filtration start-up, the stirrer of the hydrolysis
reactor had to be exchanged and the reactor operation had
to be stopped. During this period, a part of the hydrolysate
was stored in external tanks and the whole permeate was
cycled back to the feed tank for 10 days. This led to a sig-
nificant decline in the COD feed concentration, ending up at
8 g/L. After the reactor was restarted with the stored hydro-
lysate, the initial COD concentrations could not be recovered
quickly. The rest of experiment 5 was carried out with feed
concentrations between 7 and 9 g/L.. During the first 10 days,
the permeability dropped more than 50% from over 300 L/
(m” h bar) to less than 150 L/(m” h bar). The next 10 days,
the trend was stable and the permeability decreased 35%
more until it reached a solid level of approximately 100 L/

(m? h bar), before dropping to less than 75 L/(m? h bar).
To recover the permeability without a backwash cycle, the
bypass valve was closed for 1 min (see bypass in Fig. 1). By
doing so, the blocked membrane channels were flushed and
the membrane regained lost filtration area. The effect of this
flushing can be seen after 60 days of filtration (Fig. 3b). The
permeability could be restored to a stable value of 100 L/
(m? h bar). During all crossflow experiments, the COD elim-
ination was quite steady and averaged 45%. The use of the
chemically cleaned membrane in experiment 4 resulted in a
little bit lower COD removal of approximately 40%.

Critical flux and long-term filtration experiments
with submerged membranes

For the long-term filtration experiments with the submerged
system (exp. 6-10), ceramic flat sheet membranes (Ceraflo,
Singapore) with nominal pore sizes of 0.5 um were used. In
advance, critical flux experiments were carried out using
the flux-step method as described by Le-Clech et al. [23]
to determine the optimal filtration parameters. Critical flux
experiments were all done with superficial gas sparging
velocities of u, = 65 m/h (~2.3 Nm?/(m? h)) at tempera-
tures of 45 °C. The permeate flow rate and the flux-step size
of each run are given in Table 3. At each flux step, filtra-
tion was performed for 10 min ahead of a 30 s backwash
cycle, subsequently moving to the next higher flux. During
the individual steps, the TMP development over time was
recorded and the (1) fouling rate dTMP/dt as well as the (2)
average TMP for each flux step were calculated to determine
the mean critical flux. A comparison of both approaches is
given in Fig. 4a, b. In Fig. 4a, the step size was set to 0.2 L/h
resulting in a mean critical flux of 8.61 L/(m” h). By decreas-
ing the step size to 0.1 L/h, the calculated mean critical flux
diminished to 7.1 L/(m? h), as can be seen in Fig. 4b. This
result shows the importance of choosing the right filtration
mode with optimal step sizes, respectively, and heights to
ensure no under- or overestimation of the actual critical flux
value [24].

Experiment 6, the first long-term experiment with the
submerged system (cf. Table 2), was carried out under sub-
critical flux conditions of 4.7 L/(m? h). As in the critical
flux measurements, filtration was carried out at 45 °C with
a superficial gas sparging velocity of 65 m/h. Due to the
experiences with permeate fouling while operating the cross-
flow system, the retention time of the permeate generated by
the submerged setup was minimized to 16 min. To achieve
that, the permeate for the backwash was stored directly in
the permeate tubes. The excess permeate was directly cir-
culated back into the hydrolysis reactor. Despite this pre-
cautions, a severe accumulation of biomass in the system
periphery, especially in the permeate tubes, was observed
from day 6 onward. Due to the submerged system cycle of
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Fig.4 Critical flux determination for two identical membranes with a
step size of 0.2 L/h, a during experiment I and a step size of 0.1 L/h,
b during experiment II, respectively

10 min filtration, 30 s backwash, and 10 s relaxation, the
biomass was continuously transported back to the permeate
side of the membrane. After 11 days, the experiment had to
be stopped because of intense biomass accumulation on the
permeate side of the system and consequently the blocking
of the permeate suction pump.

To decrease the retention time of the backwash permeate
stored in the tubes even further and to test the critical flux
performance of the membranes, the flux was accordingly
increased to 7 L/(m? h) in experiment 7. Figure 5 shows the
results.

As mentioned above, filtration was carried out at 45 °C
with a superficial gas sparging velocity of 65 m/h. TMP
increased slightly in the first 3 weeks from 10 to 25 mbar.
After the third week, a more intensified biomass accumula-
tion on the permeate side was observed, resulting in a fur-
ther TMP increase of up to 50 mbar. To flush the biomass
out of the permeate tubes, the flux was increased to 9.34 L/
(m? h) for approximately 70 h. After 35 days, TMP values
reached levels of 100 mbar and the flux was reduced again
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Fig.5 TMP, feed and permeate COD trend during long-term sub-
merged filtration experiment 7, conducted at critical flux conditions
of 7 (L/m? h)

to relieve the system. Since the fouling on the permeate side
was already severe, a further reduction of the flux to the sub-
critical value of experiment 6 did not help. The experiment
was stopped on day 44.

Due to the strong accumulation of biomass on the per-
meate side, the whole membrane system periphery (pump,
tubes etc.) was chemically cleaned for 3 consecutive days. In
addition, a new membrane was used for the rest of the exper-
iment. As a result of the unsteady feed conditions in the first
half of the experiment (cf. next paragraph), this was neces-
sary to evaluate the overall membrane performance. Besides
the higher COD feed concentration at start-up, the second
half of the experiment, especially the TMP development,
was almost a replica of the first one. The TMP increase of
the first 30 days was as smooth as before resulting in mean
values of less than 50 mbar. As previously, the biomass
accumulation on the permeate side became more severe
after 3 weeks of operation. Despite keeping the flux constant
this time, the TMP increased to more than 400 mbar after 6
weeks. The experiment was stopped when TMP values of
500 mbar were recorded.

Table4 Comparison of feed and permeate during all long-term
experiments with the submerged membrane system

Parameter Hydrolysate (g/LL) Permeate (g/L) Elimina-
tion rate
(%)

COD 204+1 82+1 60

TOC resp. DOC 8.3+2 49+0.6 33

Acetic acid 32+05 1.9+0.5 30

Propionic acid 09+04 0.55+0.2 29

Butyric acid 2.84+0.5 2.1+0.5 27
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Table 5 Membrane resistapce Resistance x 102 [m~1® Percentage [%]®  x 102 [m 1P  Percent-
at a mean COD concentration age
of 23 g/L for submerged  and [%]CP
crossflow ) system
Total membrane resistance (Ry) 39.31 100 16.45 100
Intrinsic membrane resistance (R,,) 1.24 3.15 0.71 431
Reversible fouling resistance (R,.,)  37.55 95.53 14.37 87.36
Irreversible fouling resistance (R;,,) 0.52 1.32 1.37 8.34

In the first part of experiment 7, heavy foaming in
hydrolysis reactor and membrane tank occurred, result-
ing in a loss of biomass in the feed from day 5 to day 20.
To increase the puffer capacity of the hydrolysate, 20 L
liquid manure was added to the hydrolysis reactor. This
led to the sudden increase in feed COD from 13 to 20 g/L
and permeate from 5 to 8 g/L on day 21. For the first 5
days, COD elimination was at 40%, increasing steadily to
more than 60%. For the second membrane, the feed con-
centrations were more stable at average values of 20 g/L
leading to a mean elimination rate of 57%. These findings
were confirmed by experiments 8 and 9. The main char-
acteristics of feed and permeate are compared in Table 4
as mean values during all long-term experiments with the
submerged membrane system.

Membrane resistance

The results of the filtration resistance analysis are outlined
in Table 5. Total membrane resistance R was as high as
Rps=39.31x 10'? (m™") for the submerged and as high as
Ry p=16.45 X 10" (m™") for the crossflow system, respec-
tively. The reversible fouling resistance R,., accounted for
almost R, , = 96% and R = 87% of the total fouling

rev,s rev,cf =
resistance. Irreversible fouling R;.. was as low as R;

irr 1IT,s

1.3% and Ry, .; = 8.3% when chemical cleaning procedures
were applied as described in the material and methods
section. These results indicate that the filtration resistance
is mainly attributed to reversible fouling formation due to
sludge, colloids, particle deposition, and biofilm formation
on the membrane surface. Consequently, it was found that
organic and inorganic fouling was essentially reversible.
EPS has been reported as a potential organic fouling agent
in thermophilic AnMBR systems by Lin et al. [29], Vis-
vanathan et al. [30] and Chaikasem et al. [19]. The former
analyzed the thermophilic sludge cake layer in detail and
detected a higher content of extracellular polymeric sub-
stances (EPS) as well as a more compact sludge cake layer
when compared to a mesophilic operated membrane setup.
Based on the findings presented in this section, reversible
fouling is the main component of total filtration resistance.

Methane potential analysis

Two results of methane potential measurements carried out
with hydrolysate and permeate during experiment 4 and
experiment 7 can be seen in Fig. 6a, b, respectively. The
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Fig.6 Accumulated methane volume in mL of digested sludge (inoc-
ulum), hydrolysate (1:3) and permeate (1:3). Comparison of permeate
obtained by the crossflow system (a) during experiment 4 and by the
submerged system (b) while running experiment 7, respectively
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Table 6 Comparison of CH,

CH,/COD;, [mL/g] CH,/sCOD;, [mL/g]

. . Parameter Produced CH, [mL]
production of inoculum,
hydrolysate and permeate Inoculum 92.7+18.7
?Erézghbatch experiments after Hydrolysate 24214675
Permeate 276.2+27.5

10.8+4.2 48.1+13.2
23.9+10.2 121.5+39.3
30.6+£11.6 140.9+£254

depicted curves are qualitatively representative for all con-
ducted AMPTS experiments with hydrolysate and permeate.
Most of the methane is produced in the first 24 h. Despite the
elimination of up to 50% of COD and approximately 25% of
organic acids by membrane filtration, the permeate produced
always as much or even more CH, than the hydrolysate (see
Table 6). Calculated on basis of the input COD during the
batch reactor experiments, the permeate/inoculum solution
produced 0.31 L CH,/COD,,, compared to 0.24 L. CH,/COD,,
of the hydrolysate/inoculum broth after =24 h experiment
time. The implemented MF membranes with pore sizes in
the vicinity of 0.45 pm led mainly to the fractioning of dis-
solved constituents from fibrous substances and particles.
MF membranes are not able to eliminate organic acids due
to their molecular size. The organic acid elimination rate
(approx. 15%) indicates that this part might be adsorbed to
particulate matter and, therefore, retained by the microfil-
tration unit together with the solid fraction. Those adhered
acids seem to be hardly accessible for the microorganisms.
Since dissolved fatty acids are easily available for metha-
notrophic bacteria, the microfiltration separation results in
a faster and more efficient conversion rate of the organic
carbon sources in the permeate. That balances the fact that
the carbon sources in the permeate are present in lower con-
centrations than in the hydrolysate. First results of the cou-
pled crossflow system with a high-pressure methane reactor
showed methane contents of more than 94%, which opens up
new possibilities for the utilization of biogas [31].

Conclusions

Both crossflow and submerged ceramic membranes have
been used to treat hydrolysate from an anaerobic hydrolysis
reactor. The crossflow system could be operated with fluxes
of higher than 30 L/(m? h) under stable conditions when
no backwash cycles were applied. The backwash cycles
were found to limit the operation time to under a week due
to fouling on the permeate side. A more efficient way to
recover lost filtration area is to flush the membrane channels
by increasing the crossflow velocity for less than a minute.

The critical flux measurements with the submerged mem-
brane system predicted a sustainable flux of approximately
7 L/(m? h). Long-term operations confirmed these findings.
Similar to the crossflow system, the filtration performance
was mainly restricted by the high fouling potential of the

@ Springer

permeate leading to biomass accumulation on the permeate
side of the membrane. The lower sustainable flux in the sub-
merged system can be compensated when gas sparging with
hydrolysis gas is applied, since this gas cannot be utilized in
any step of a two-stage biogas process.

COD removal was as high as 46% and as high as 60%
when operated with the crossflow or submerged system,
respectively. Despite the high elimination rate of COD,
methane potential tests showed that the loss of organic car-
bon in the permeate does not reduce the methane yield.

Solid-liquid separation of first-stage hydrolysate with
ceramic microfiltration membranes can be a reliable tool to
avoid clogging and/blocking in a fixed bed methane reactor.
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