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Abstract L-Lysine is an essential amino acid that can be
produced by chemical processes from fossil raw materials,
as well as by microbial fermentation, the latter being a
more efficient and environmentally friendly procedure. In
this work, the production process of L-lysine-HCl is studied
using a systematic approach based on modeling and sim-
ulation, which supports decision making in the early stage
of process design. The study considers two analysis stages:
first, the dynamic analysis of the fermentation reactor,
where the conversion of sugars from sugarcane molasses to
L-lysine with a strain of Corynebacterium glutamicum is
carried out. In this stage, the operation mode (either batch
or fed batch) and operating conditions of the fermentation
reactor are defined to reach the maximum technical criteria.
Afterwards, the second analysis stage relates to the indus-
trial production process of L-lysine-HCI, where the fer-
mentation reactor, upstream processing, and downstream
processing are included. In this stage, the influence of key
parameters on the overall process performance is scruti-
nized through the evaluation of several technical, eco-
nomic, and environmental criteria, to determine a
profitable and sustainable design of the L-lysine production
process. The main results show how the operating condi-
tions, process design, and selection of evaluation criteria
can influence in the conceptual design. The best plant
design shows maximum product yield (0.31 g L-lysine/g
glucose) and productivity (1.99 g/L/h), achieving 26.5%
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return on investment (ROI) with a payback period (PBP) of
3.8 years, decreasing water and energy consumption, and
with a low potential environmental impact (PEI) index.
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Introduction

In the last decade, the number of biotechnology products
obtained wusing biological agents has continuously
increased. Commonly, biological processes helps to reduce
energy consumption and waste generation often produces
biodegradable products and even enables the synthesis of
products that are not possible chemically [1]. Among the
biotechnological products obtained by fermentation of
microorganisms are amino acids, fuels, biopolymers,
enzymes, organics acids, vitamins, antibiotics, and others.
With a global market for fermentation-derived chemicals
of US$16 billion in 2009, an increase to US$ 22 billion was
estimated by 2013 [2]. Amino acids are major industrial
products derived by fermentation, covering a world market
of more than 5 million tons per year, and among amino
acids are the L-lysine that is one of the leading biotech-
nological products with a current production of 2.2 tons per
year [3].

In particular, L-lysine is an essential amino acid that can
be produced by chemical processes from fossil raw mate-
rials, as well as by microbial fermentation, but the latter
enables a more economical procedure. The most important
applications of L-lysine are as additive to animal feed,
supplement for humans, pharmaceutical applications, and
precursor for industrial chemicals. The main carbon
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sources for the industrial fermentation process that gener-
ates L-lysine (using wild type or mutants of Corynebac-
terium glutamicum) are sucrose from molasses and glucose
from starch hydrolysates, even though other carbon sources
have been reported recently such as lignocellulosic bio-
mass that is an especially cheap carbon. L-lysine com-
mercial forms can be either as a crystalline preparation
containing 98.5% L-lysine-HCI (L-lysine monohydrochlo-
ride), as an alkaline solution containing 50.7% L-lysine, or
as an L-lysine sulfate preparation containing 54.6% L-lysine
[3]. Of course, each L-lysine commercial form requires
different downstream processing to achieve the degree of
purity (implying significantly differences in investment
costs, losses during down streaming, amount of waste
volume, and user friendliness), so that L-lysine-HCI
involves higher operating costs due to the larger number of
equipment and energy consumption.

The production of L-lysine from glucose has been
reported in several case studies [4—7]; however, all of them
are pure glucose as main raw material to produce an
alkaline solution with about 57% L-lysine. Buechs [4]
studied the effect of several factors (such as initial con-
centrations of substrates and cell mass, oxygen transfer
rate, and dilution rate) on the fermentation Xkinetics,
developing a bioreaction model. Knoll and Buechs [5]
presented a basic strategy of coupling a dynamic model
describing the bioreaction to a process model of the com-
plete production plant, analyzing the unit production cost
and an environmental impact index. Recent works [6, 7]
propose simulation tools and optimization methods,
respectively, seeking to optimize the operating conditions
and variables in the production process, but a rigorous
analysis of the dynamic reactor operation is not considered.
The results of Taras and Woinaroschy [6] were based only
on techno-economic evaluations; however, the minimum
unit production cost obtained was about 4 USD/kg, which
is a very high value for an L-lysine solution, while the
investigation of Brunet et al. [7] was based on technical
analysis of the installed capacity of the process and an
environmental analysis, focusing mainly on the design of
process. Even the optimized design reached a low unit
production cost of 1.42 USD/kg, the production is not
profitable, since the selling price for a solution with 50% L-
lysine is around 1 USD/kg (considering the L-lysine selling
price of 1.4-2.4 USD/kg, reported in [3]), based in the
conceptual design on an ideal plant, where pure glucose is
processed.

The aim of this work is to study the production process
of L-lysine-HCI using a systematic approach of modeling
and simulation, which supports decision making in the
early stage of process design. The study considers two
analysis steps: first, the dynamic analysis of the fermen-
tation reactor, where the conversion of sugars from
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molasses to L-lysine with strain of Corynebacterium glu-
tamicum is carried out. The effect of several operating
conditions on the product yield and productivity are study,
such as reactor operation mode (either batch or fed batch),
initial concentrations, reactor feed strategy, and oxygen
transfer rate and second, the analysis of the industrial
production process of L-lysine-HCI, where the fermentation
reactor, upstream processing, and downstream processing
are included. Since the influence of key parameters (such
as reactor operating conditions and plant capacity) on the
overall process performance is not a trivial task, these
parameters are analyzed through the evaluation of several
technical, economic, and environmental criteria, to deter-
mine in order a sustainable design of the production pro-
cess. Several scenarios are considered, determining the
operation regions to achieve a profitable conceptual design
with low environmental impact.

Materials and methods
General approach

Previously, the commercialization of new or improved
products was usually based on economic analysis, as a tool
during process development and for making decisions
about process design. Now, there is a worldwide call for
the implementation or sustainable and environmentally
attractive technologies. Therefore, here, a methodological
approach based on technical, economic, and environmental
criteria is presented, which will support decision making in
the design and operation of the production process. The
main steps of the proposed approach (Fig. 1) and the def-
inition of evaluation criteria are described in the next
subsections.

It is noteworthy that although the methodology will be
applied for the comprehensive assessment of the L-lysine-
HCI production process, it can be extended to any other
bio-based product obtained through cell culture or fer-
mentation process.

Reactor dynamic analysis

A bioprocess consists mainly of three stages: upstream
processing, reaction, and downstream processing. How-
ever, the conversion of raw material to product occurs at
the reaction stage. Therefore, constant efforts are being
made to enhance fermentation processes to achieve the
highest efficiency and producing the highest product yield,
including: (a) seeking new or genetically modified strains,
to increase their intrinsic productivity characteristics;
(b) improving the process operation by modifying agita-
tion, oxygen supply, temperature, pH, etc.; (c) optimizing
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Fig. 1 Methodological
approach for the comprehensive
assessment of a production
process

Operating data
Substrate concentration
Biomass concentration
Nutrients concentration
Operating reactor mode

Feed concentration & flowrate

Reaction data
Fermentation mechanism
Kinetic parameters
Mass balances

v

Reactor dynamic

\ 4

Conceptual design data
Process flowsheet

analysis

Technical criteria
Productivity
Product yield

Output data:
Reaction time
v Stoichiometric reaction

A 4

Production process
>

Equipment: type. size & number

A

Economic data
Raw materials cost
Products revenue
Economic database

analysis

T
! Output data:
! ~ Process design
1 Mass balances

y Plant capacity
Profitability

Economic criteria

Environmental data
Environmental database
Waste reduction algorithm

analysis Return on investment

Payback time

1
1
1
1
:
: |  Unit production cost
T
1
1
1
1
1

y Environmental criteria
Environmental Water consumption

culture media, by determining initial sugar concentrations
and influence of main nutrients and additives; and (d) de-
termining downstream processing configurations, to
increase recovery and purity of the finished product [8].
The first one is a task for biotechnology, which is not the
subject of this work, while the later tasks are related to
process engineering and are addressed in our proposed
approach.

The fermentation reaction is carried out in a stirred tank
reactor (STR). First, two scenarios are defined based on
operation mode: Case I for a batch mode, where all sub-
strates, nutrients, and microorganisms are loaded onto the
fermenter, decontaminated before the process starts, and
then, all materials are removed at the end and Case II for a
fed-batch mode, where cells are grown under a batch
regime for some time, usually until close to the end of the
exponential growth phase. At this point, the fermenter is
fed with a solution of substrates, without the removal of
culture medium. This feed should be balanced enough to
keep the growth of the microorganisms at a desired specific
growth rate and reducing simultaneously the production of
by-products (that can be growth or product inhibitory
effects). The continuous mode is not considered, because
industrial-scale continuous fermentations do have weak-
nesses, such as microbiological instability or contamina-
tion, and technical difficulties, such as lower concentration
of the final products, more complicated downstream pro-
cessing, limitations of mixing and oxygen transfer during
long periods, and long-term process sterility maintenance
involving an increase in consumption [8—10].

In both (batch and fed batch) operation modes, material
concentrations are continuously changing with time, and
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the fermenter is an unsteady-state system; although in a
well-mixed reactor, conditions are supposed to be uniform
throughout the reactor at any instant time. Moreover, many
factors are involved in the monitoring and regulation of
batch or fed-batch reactors, which can be investigated
experimentally or by simulation using a dynamic model of
the fermentation reactor based on energy and mass
balances.

In this stage, the dynamic model can be solved using
equation-oriented simulators (such as Matlab, Mathemat-
ica, Maplesoft, etc) taking advantage of the computational
tools, such as reducing costs of materials and equipment,
fast and efficient response, and reuse of both models and
results. In particular, in this step, our interest is to study the
effect of the operation mode (batch or fed batch), as well as
initial conditions (such as initial concentrations of sub-
strates and nutrients) and operating conditions (such as
reactor volume, feed strategy, and kia influence) to
increase product yield and productivity. However, often,
the increase in yield causes a decrease in productivity.
Therefore, the operating conditions should be defined to
maintain a trade-off between these two technical criteria.

Production process analysis

The conceptual design, which refers to the pre-finished
industrial design, is the approach of technological and
design alternatives that may exist in the market or can be
created. At this stage, it is necessary to define the process
flow diagram, limiting conditions as to the possible mate-
rials to use, design, and dimensions of the equipment,
processing cycle, or restrictions. At this stage, preliminary
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cost and environmental impact assessments to determine
the feasibility of the process are also established, and if
possible the process optimization.

In general, the conceptual design of a bioprocess can be
divided into three sections: (a) preparation of the culture
medium, where substrates and nutrients are added, diluted,
and sterilized, satisfying the requirements of microbial
growth and production; (b) fermentation, where the con-
version of raw materials to product is carried out, as
aforementioned; and (c) downstream processing, where
several unit operations are required for biomass separation,
de-watering, and product purification and polishing (the
purer the finished product, the more complex and costly the
process design).

A detail flowsheet for an industrial plant can be devel-
oped and implemented in modular process simulators
(Aspen Tech, Pro/ll, Chemcad, SuperPro Designer, etc),
whose characteristics can be found elsewhere [11, 12].
Here, it suffices to mention that process simulators offer a
reliable and rigorous modeling environment that relies on
extensive property database of pure components, library of
unit operations, databanks for thermodynamic and kinetic
models, several algorithms for the solution of nonlinear
systems, and, in some cases, economic and environmental
databanks and methods. Therefore, the process simulators
provide the opportunities to solve larger scale and more
realistic plant models. In particular, for our study case,
SuperPro Designer is used as a computational tool to
evaluate steady-state mass and energy balances, to:
(i) verify that the conceptual design achieved the same
product yield and productivity from the bioreactor analysis
and (ii) examine design factors, such as type, number and
size of equipment, installed capacity in terms of produc-
tion, etc.

Profitability analysis

The profitability measures play a crucial role throughout the
design process in helping to select the best design alterna-
tives. Here, the profitability measures are selected as: unit
cost of production (UPC), rate on return of investment (ROI),
and payback period (PBP). These non-discount profitability
criteria provide an instant overview of the process economy,
and they are utilized often for preliminary estimates when
comparing alternative flowsheets during the process syn-
thesis stage of process design. Nevertheless, more rigorous
discount profitability criteria, where the cash flow is con-
sidered (such as net present value, NPV, and internal rate of
return, IRR), could be employed to enable management to
make a final decision regarding the financial feasibility of a
potential process [11].

First, some concepts involved in reporting profitability
are defined. Total capital investment refers to fixed costs
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that are associated with the process. It is calculated as the
sum of direct fixed capital (includes equipment, installa-
tion, piping, instrumentation, and other issues related to the
buildings and construction), working capital (includes tied-
up funds required to operate the business, such as costs for
labor, raw materials, and utilities), and start-up costs.
Annual operating cost includes costs that are related to the
demand for all resources, such as raw materials, supplies,
labor, heat transfer agents and power utilities, waste dis-
posal, etc. This concept takes into account the equipment
depreciation. Total revenue consists of all revenues asso-
ciated with the operation of a plant, including revenues
from sale of primary and secondary products (in our case
study, L-lysine-HCl and biomass are main product and
byproduct, respectively). In addition, net profit is calcu-
lated as the annual gross profit minus the annual income
taxes plus the annual depreciation.

Using these concepts, the profitability measures can be
defined. Unit production cost (UPC) is calculated by
dividing the annual operating cost by the revenue rate of
the main product. The lower the UPC, the greater the
process profitability. Return on investment (ROI) is a
measure used to evaluate the viability of an investment or
to compare the profitability of a number of different
investments. It is calculated by dividing the annual net
profit by the total capital investment. Typically, the ROI
desired by companies is 15-20% [11]. In addition, payback
period (PBP) is the time required after start-up for total
capital investment to be recovered by the accumulated net
earnings. It is calculated by dividing the total capital
investment by the annual net profit. Usually, companies
prefer PBP less than 4 years; otherwise, they will not
consider the investment [11].

The evaluation of profitability analysis can be performed
on spreadsheets from the mass and energy balances of the
conceptual design, or can be carried out systematically in
process simulators such as Aspen or SuperPro Designer.
The latter is used in this work to evaluate the economic
criteria described above.

Environmental impact analysis

There is a need to identify and evaluate environmental
concerns of manufacturing processes. Here, the environ-
mental criteria consider five environmental indexes: pro-
cess water, CO, emissions, standard power consumption,
requirements of heat transfer agents (such as steam, cool-
ing, and chilled water), and a global impact index obtained
from WAste Reduction (WAR) Algorithm [13].

Process water consumption has its impact in water
scarcity and degradation of ecosystems, while CO, emis-
sions, energy consumption, and heat transfer agents are
factors that contribute the global warming. Process plants
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require energy in several forms (mechanical energy, elec-
tricity, steam, hot water, etc) with a high economic and
environmental impact. Power is purchased from an off-site
energy provider (commonly related to fuel combustion),
while heating is produced on-site through fossil fuel
combustion. So that greater the steam and power con-
sumption, greater the release of carbon dioxide.

In a biorefinery, the process water is mainly used for
dilution of the raw material and nutrients to get the con-
centration required for the culture medium, while the heat
transfer agents are used for heating and cooling of equip-
ment, as well as for washing. In particular, steam is used
for sterilization, evaporation, drying, and activities of
cleaning. The cooling water is necessary to sterilize and
maintain the temperature of the fermenter, while the chilled
water is primarily used in the purification step. When a
greater amount of water required, there are major problems
in the separation and purification of the product. Hence, it
would be necessary to employ more equipment, and
operating cost, investment, and energy would increase.

On the other hand, a global impact index from WAR
algorithm [13] is evaluated. This algorithm, designed by
the United States Environmental Protection Agency
(USEPA), is based on the determination of the Potential
Environmental Impact (PEI). PEI is a conceptual quantity
representing the average unrealized effect or impact that
mass and energy emissions would have on the environment
if it were simply emitted into the environment. WAR
algorithm can be used to reduce environmental and related
human health impacts at the process design stage. This
algorithm considers eight environmental impact categories,
which can be divided into two main areas: toxicological
(human toxicity potential by ingestion. HTPI; human tox-
icity potential by exposure, HTPE; terrestrial toxicity
potential, TTP; AND aquatic toxicity potential, ATP) and
atmospheric (global warming potential, GWP; ozone
depletion potential, ODP; photochemical oxidation poten-
tial, PCOP; and acidification potential, AP). An impact
index is evaluated for each category (1 < i < 8): Iy in
units of PEl/kg of product. So that the global PEI index is
the weighted sum of all individual impact indexes, which
allows comparing different process alternatives based on
the potential environmental impact emitted by the process
per unit mass of products or per unit of time. The smaller
the global impact index of the process, the more favorable
it is for the environment.

The freely available software WAR GUI (Waste
Reduction Algorithm Graphical User Interface) supports
the evaluation of the impact indexes, which allows the
entry of chemical process data and then the estimation of
the potential environmental impact. The necessary data for
the WAR algorithm are: (a) the flow rate and composition
of each stream entering and leaving the process, which are

based on the mass balances obtained from the process
simulator and (b) the individual potential environmental
impacts of the components, which are included in the
WAR GUI database.

Process modeling: L-lysine

In the following subsections, the modeling of the fermen-
tation reactor for L-lysine and of the production process for
L-lysine-HCI is presented in detail. Afterwards in “Con-
clusions”, these models will be used for the techno-eco-
nomic-environmental assessments.

Modeling of the fermentation process

L-lysine is mainly produced by fermentation of glucose
using strains of Corynebacterium glutamicum, which has
several industrially important characteristics such as its
high growth yield even under conditions of high sugar
concentration. Several fermentation processes employing
various strains isolated for auxotrophic or resistance
properties are known in the state of the art for the pro-
duction of L-lysine. Concentration and type of substrates
play a substantial role for the cellular growth and product
production. On the one hand with respect to the main
substrate (i.e., carbon source), its concentration signifi-
cantly affects the L-lysine fermentation, since high con-
centrations could lead to inhibition of substrate. Buechs [4]
assumed that there is no inhibition of substrate for an initial
glucose concentration of 100 g/L, while Razak and Vis-
wanath [14] found that higher concentrations of 120 g/L
glucose inhibited bacterial growth along with low yield. On
the other hand, there are also reports about the effect of the
supplemental substrate (i.e., threonine). Rajvanshi et al.
[15] highlighted the overproduction of L-lysine in C. glu-
tamicum resulting in the release of feedback inhibition by
threonine exerted on aspartate kinase. Therefore, the effect
of threonine concentration on the inhibition and synthesis
of L-lysine was analyzed, as well as to the growth rate.
Threonine is an essential amino acid for the proteins, so
can be added to the culture medium in quantities needed.
High concentrations of threonine in the medium favor the
growth and inhibit production of L-lysine. However, its
limiting leads to the inhibition concentrations of microbial
growth and accumulation of L-lysine. Therefore, threonine
has to be supplemented to the culture media in case of
auxotrophic strains, and its concentration in the culture
medium can be used as a control parameter of the biore-
actor to improve the yield [5].

An experimental study and a model of the kinetics for
the L-lysine fermentation were reported by Buechs [4]. The
growth kinetic rate (u) is formulated as a product of Monod
kinetics for glucose, oxygen, and threonine, as follows:
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B Cs Cr Co W
K= Hmax CS+KS CT+KT CO+KO )

while the product formation rate (7,) is assumed dependent
on the concentrations of glucose and oxygen, and takes into
account a mixed growth-related (parameter o) and growth-
independent (parameter f3,) kinetics:

m= 05 ) (s ) )

Fermentation is carried out in a stirred tank reactor,
either batch or fed-batch culture. For the development of
the mathematical model, the following assumptions are
considered: the operation is isothermal (35 °C) at atmo-
spheric pressure and neutral pH, the reactor is well mixed,
so that physicochemical properties are constant, and the
volumetric oxygen transfer (kpa) is constant. The corre-
sponding mass balances for the reactor are given by (where
definitions and values of model parameters can be found in
Table 1):

dCs 1 1 F

— = ———uCx — —r,Cx —myCx +— (Cs g — Cs),

dt YX/SM X Yp/s PR T M X+V( SF S)
Cs(0) = Csy, (3)

dCr 1

—=———uCx —=Cr, C1(0) =C 4

dr YX/T'u X v T, T( ) 7,05 ( )

dCx F

—=uCx —=0C Cx(0) =C 5

o = M= x(0) X,05 (5)

dC 1 1

—2 = ———uCx— rpCx —moCx

dr YX/O YP/O (6)
+/€La(SoY0P—C0),

Co(0) = Coyp,

dCp

—P — rpex = —=Cp,  Cp(0) = C 7

ar rpCcx RS p(0) P05 (7)

dv

—=F V(0) =V, 8

T=F V0=V, 8)

where Cs, Cr, Cx, Co, and Cp are the concentrations of
main substrate (glucose), supplemental substrate (thre-
onine), biomass (C. glutamicum), oxygen, and product (L-
lysine), respectively. The volume (V) of the culture med-
ium depends on the fermenter feed flow (F), and Cs g is the
substrate concentration in the feed. As it was mentioned in
previous subsection, the concentrations of substrates (Cs o,
Csr. and Crp) are the main factors affecting the product
yield and productivity. When the reactor is operated in
batch mode (Case I), there is no feed flow (F = 0) and
reactor volume remains constant. However, when the
reactor is operated in batch fed (Case II), the flow of feed
will play an important role for the reduction of operating
times and, therefore, the increase of productivity. Another
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important operating parameter is kpa, since the dissolved
oxygen concentration constitutes a critical fermentation
parameter for the biomass under aerobic conditions influ-
enced by the air saturation in the bioreactor [to metabolize
glucose through the Embden—Meyerhof-Parnas (EMP)
pathway]. Finally, the technical criteria (overall product
yield, Yop, and productivity, Pr) used to compare results are
calculated as (where Cs o1 1S the total substrate concen-
tration used during the complete fermentation):

Cso Vo + Csp(V — Vo)
V b

©)

Yop = , where  Cs joral =

S, total
Cp
ot

Pr

Modeling of the production process

For the industrial production of Lysine-HCI, sugarcane
molasses is employed as carbon source, which is a byproduct
from sugar mills. This is approximately composed of 35%
sucrose, 15% glucose, 29% non-fermentable sugars, 20%
water, and 1% impurities. For the fermentation, both glucose
and sucrose are considered to produce L-lysine (where
sucrose is first converted into glucose by hydrolysis). The
process flow diagram is shown in Fig. 2 and each section of
the process is described in the following.

In the first section, preparation of molasses, the molasses
is diluted with water through a mixer (V-101), so that the
mixture has a manageable density and the mixing tank is
maintained with maximum volume of 400 m>. Impurities
are treated and separated from the main solution through
the filter (PFF-101) and a column of ion-exchange chro-
matography (C-101). Then, the solution is sterilized (ST-
101) to be mixed (MX-101) with the culture medium
(stream S-122) to be added in the fermenter. The resulting
mixture has the desired concentration of sugars (as it was
defined from dynamic simulations).

Preparation of the culture medium is carried out at the
same time as the preparation of molasses. Common fer-
mentation media for L-lysine production contain carbon
and nitrogen sources, inorganic ions and trace elements
(Fe>*, Mn*"), amino acids, vitamins, and numerous com-
plex organic compounds. Furthermore, a suitable pH of
culture medium between 5 and 8 has been disclosed using
NH4OH [8]. For simulation purposes, the main nutrient
supplemented to the medium is NH,OH, since the amount
of other compounds is irrelevant for the mass balances.
Threonine, used as biocatalysts for the excretion of L-
lysine, and nutrients are mixed and diluted with water in a
vessel (V-104). Then, the solution is sterilized using
alternately the same sterilizer (ST-101) of the section of the
preparation of molasses.
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Table 1 Model parameters and

operating data for L-lysine Model parameter  Value Units Nomenclature
fermentatipn using glucose and Hmax 0.28 1/h Maximum specific growth rate
C. glutamicum K .
Yxss 0.52 glg Biomass yield per amount of substrate
Ypss 0.6 glg Product yield per amount of substrate
Yxr 0.33 glg Biomass yield per amount of threonine
Ypio 4.11 glg Product yield per amount of oxygen
Yxi0 1.29 glg Biomass yield per amount of oxygen
Ko 6.4 x 107¢ g/l Substrate oxygen affinity constant
K 0.1 g/l Substrate carbon source affinity constant
Kt 0.1 g/L Threonine affinity constant
Ky 0.072 g/L Product affinity constant
my 0.036 g/L Specific oxygen consumption for maintenance
my 0.034 g/L Specific substrate consumption for maintenance
o 0.2 glg Growth-associated coefficient for product synthesis
0.043 g/g/h Non-growth-associated coefficient for product synthesis
So 0.03776 mol/L/bar ~ Oxygen solubility
Yo 0.2095 mol/mol Mole fraction of oxygen in the gas phase
Operating condition Value Units Nomenclature
Csk 7002, 0°, 1700° g/L Glucose concentration in the feed
F F* 0% F¢ L/h Glucose feed flowrate (0-2500 L/h)
kra 1000 1/h Specific mass transfer coefficient
Vieactor 300, 400°¢ m> Reactor filling volume
P 1.013 bar Reactor pressure
Initial condition Value Units Nomenclature
Cspo 357, 120°, 120° g/L Initial glucose concentration
Cro 1.6%, 0.4°, 4° g/L Initial threonine concentration
Cxo 0.1 g/L Initial biomass concentration
Cop 0.008 g/l Initial oxygen concentration
Cpo 0 g/L Initial product concentration
Vo 225%¢, 400° m® Initial volume
# Reference Case
® Case I
¢ Case II

Then, in the fermentation section, physical parameters and
operating conditions for fermentation, such as agitation and
aeration rate, temperature, and medium composition, must
satisfy in a suitable manner the requirements of microbial
growth according to the dynamic results of the fermenter.
Afterwards, a stoichiometric reaction is derived using the
concentrations of substrates, nutrients, biomass, and product at
the final reaction time, ., Therefore, the (molar) reaction
stoichiometric for every set of operating conditions is given by

Ci2H2,01; + HyO — 2CH 1, 0¢, (10)
CZC6H1206 + bNH4OH + CC4H9NO3 + d02

— eCH625005No.125 + fCeH14N202 + g HO
+ h CO,.

(11)

Initially, the reactor conditions are set to perform the
hydrolysis of sucrose, Eq. (10), by invertase at 45 °C.
Then, fermentation of glucose, Eq. (11), is carried out
under aerobic conditions at constant temperature of 30 °C
[8]. Filtered air (stream S-110) is fed to the reactor and the
generated gases (carbon dioxide, nitrogen, and oxygen) are
emitted by the stream S-111, which are filtered before
being released into the environment. Thereafter, the fer-
mentation broth is transferred to a storage (V-105) to
continue the purification process. Today, the size of the
reactors varies from 50 to 500 m® in amino acid produc-
tion. L-Lysine is made in production plants where typically
a series of bioreactors of about 500 m? in size are operated
[3]. Hence, fermenters of 500 m> were used, to increase the
plant capacity and reach a maximum production.
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Fig. 2 Process flowsheet for the industrial production of L-lysine

When starting the purification section, the biomass is
removed through a rotary filter (RVF-101). Subsequently,
the biomass is dried using a rotary dryer for the purpose of
consider it as an income complement. On the other hand,
an evaporator (EV-101) is used to remove the ammonium
hydroxide and water from the main stream (S-123). Then,
the stream is cooled, and afterwards is neutralized and
purified in a crystallizer (R-101). The stoichiometric
reactions of the neutralization and crystallization are

HCI + NH,0H — NH,CI + H,0, (12)

HCl + C6H14N202 (solution)
— CgH4N,0, HCI (crystal). (13)

Once a solution with crystals is obtained, it is brought to
a rotary filter (RVF-102) that removes impurities and
suspended solids through rinse with water. Finally, crystals
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are dried in a spray dryer (RDR-101), obtaining a product
with 98.5% L-lysine-HCI.

Results and discussion
Analysis of the fermentation reactor
Model validation

Before analyzing the fermentation process, the fermenta-
tion model [Eq. (1)—~(9)] was validated using: (a) experi-
mental data for a batch fermentation reported by Buechs
[4] and (b) a fed-batch case study reported in [5], which
will be referred as Reference Case. For the model valida-
tion with experimental data, the model parameters are
given in Table 1, the operating conditions were
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Fig. 3 Model validation for the L-lysine fermentation

kpa = 180 h-1 and P = 1.5 bar, and the initial conditions
were Cso=100g/L, Cro=04g/L, Cxo=1g/L,
Cop = 0.008 g/L, and Cpy = 0. Figure 3 shows the cor-
responding model validation, where it can be seen that the
model has a satisfactory performance.

Reference Case considers a fed-batch reactor, with oper-
ating conditions and initial conditions for the fermentation
reported in Table 1, except for the feed flow. For the feed
strategy, the reactor is initially filled at 225 m® that corre-
sponds to 75% of the reactor filling volume. Then, the feed
flow was varied and adjusted manually to keep the glucose
concentration low enough to prevent oxygen limitation, up to
100% filling of the reactor. The resulting dynamic response
for concentrations and the corresponding reactor filling vol-
ume are shown in Fig. 4a, while the feed strategy is shown in
Fig. 4b. As it can be seen in Fig. 4a, there is a first stage
where almost all glucose is consumed but with little product
formation (before approximately 19 h). Then, there is a sec-
ond stage where product formation rate is maximized (from
19 h to the end of reaction). In this second stage, the substrate
feed flow starts when the glucose (Cs) is exhausted in the
medium. At this time, the exponential phase of the biomass
starts, where threonine acts as catalyst. The biomass reaches
the pseudo-stationary phase at 31 h when all threonine is
almost consumed. Therefore, the feed flowrate decreases,
helping the biomass to continue with the production of
L-lysine. The fermentation process stops when the maximum
product concentration is achieved, at 64 h, where maximum
productivity (Pr = 0.65 g/L/h) is reached with a product
yield of Yop = 0.20 g L-lysine/g glucose, as shown in
Fig. 4b. This case aims to validate the fermentation model
and the analysis of the feed strategy.

Effect of the mode operation on the dynamic response

In particular, for the L-lysine fermentation where an aux-
otrophic strain (i.e., C. glutamicum) is employed, the

product yield can be increased by growing the strain in a
limited amount of glucose. This means that the product
yield of a batch reactor can be increased through a glucose
feed flow controlled. A fed-batch strategy will allow
keeping low enough the glucose concentration to prevent
oxygen limitation and increase the biomass growth.
Therefore, in this section, two case studies will be com-
pared to examine the effect of the feed strategy: Case I will
be referred to a batch fermentation reactor, while Case 11
will correspond to the fed-batch mode.

For Case I, a batch mode operation, maximum permis-
sible glucose concentration is used to avoid inhibition of
substrate; this is a value of 120 g/L glucose, as discussed in
“Model validation”. Operating and initial conditions for
fermentation are reported in Table 1. Dynamic responses
are shown in Fig. 4c and d. In a first stage, biomass
growths constantly due to the slow consumption of glucose
and the fast consumption of threonine. In this stage, there is
almost no product formation. In a second stage, when
threonine is depleted (at 25 h), the growth of biomass stops
(reaching the pseudo-stationary phase) and the consume
rate of glucose increases to produce L-lysine. The reaction
is terminated when the substrates are completely depleted
(at treace = 82.8 h), so that the product concentration Cp
reaches a maximum (corresponding to maximum vales of
Yop = 0.33 g L-lysine/g glucose and Pr = 0.47 g/L/h).

Case II considers the fermentation reactor in a fed-batch
mode, which runs with similar operating conditions and
initial concentrations to Case I, as reported in Table 1. In
particular, as the feed flow contains only glucose, and then,
the initial concentration of threonine was adjusted, while
the initial volume was set similar to the Reference Case at
225 m3, but the filling volume was set at 400 m’ to
increase the L-lysine production. As aforementioned, feed
strategy is very important in the fermentation. Therefore, in
this case, a PI (integral controller) control for the addition
of glucose was included, to maintain a minimum glucose
concentration over time, and thus helping to maximize the
product yield and productivity (i.e., the technical criteria).
The corresponding dynamic responses are shown in Fig. 4e
and f. Notice that the fermentation reactor starts in batch
mode, so that there is a slow formation of biomass and
product. Then, at 19 h, the cellular growth starts with the
addition of glucose in the medium. This accelerates the rate
of growth [y, Ec. (1)], increasing the concentrations Cx and
Cp. The consumption of threonine increases rapidly the
biomass growth, so that biomass reaches the pseudo-sta-
tionary phase when threonine is depleted (at 50 h). At this
point, the controller increases the feed flow, so that the
overproduction of L-lysine begins. The fermentation time
spans 123.8 h, where despite being more protracted than in
other cases of studio, productivity (Pr = 1.99 g/L/h) is
approximately 2-3 times greater than the Reference Case
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Fig. 4 Dynamic response of the fermentation reactor for: a, b Reference Case; ¢, d Case I; and e, f Case 11

and Case I. This is due to the large increase of the product
concentration, Cp. The product yield, Ypop, has not signifi-
cant difference with Case I, although it is higher than the
Reference Case.

Effect of operating conditions on product yield
and productivity

The operating conditions to be studied are k a, Cs, and
Cr,0, due to their importance on the technical criteria (Pr
and Yop). The ranges

evaluated were:
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200 h™' < ka <1000 h™", 60 g/L < Cs < 120 g/L,
and 0.2 g/L < Crp <2 g/L. First, the effect of both
kra and Ctg for Case I was investigated, obtaining that
ki a does not significantly affect Yop (see Fig. 5a), but high
values of ki a increases slightly Pr (see Fig. 5b). Therefore,
values of kia around 1000 h™' are recommended.
Regarding to the effect of Cr, it can be seen that Yop is
directly proportional to Cr, thus high product yields are
achieved at low concentrations of threonine, although high
values of Pr (above 0.6 g/L/h) are obtained between 0.4
and 0.7 g/L of Cro (see Fig. 5b). Similar results were
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obtained for Case II; however, they are not included due to
lack of space.

As aforementioned, the initial concentration of the
substrates in the fermentation is key to achieve high values
of Yop and Pr. The effect of Csy and Cr is shown in
Fig. 5c and d for Case I, while Fig. Se, f corresponds to
Case II. Satisfactory results were found at Cs o = 120 g/L
for both Cases I and II. Notice in Fig. 5d and f that Pr is
strong dependent to Cro. However, when productivity
increases, product yield decreases. On one side for Case I,
an intermediate value of Cry = 0.4 was chosen to reach
high values of productivity and yield (maximum values
correspond to Pr = 0.47 g/L/h and Yop = 0.33 g/g). The
productivity value is lower than one of the Reference Case,

but Yop was increased. On the other hand for Case II, Ct
has no significant effect on Yop (see Fig. Se); therefore, the
values to be considered for further studies are determined
by Pr. Thus, satisfactory results were found with 120 g/L
glucose and about 4 g/L. of threonine, where maximum
values were achieved at Pr=199¢g/L/h and

Summary
A summary of the main results obtained from the dynamic
analysis of the fermentation reactor is shown in Table 2.

Case I showed a product yield approximately 65% higher
than the Reference Case; however, its productivity was
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Table 2 Comparison of the operation mode of the fermentation reactor at the end of reaction

Case treact Cs rotal Cp Cx Yop Pr a b c d e f g h

(h) (g/L) (g/L) @L) (gl (gL
Reference 64.0  201.1 421 397 0.20 0.65 1 07 0012 26 15 026 4750 2980
I 82.8 1200 39.3 13.3 0.33 0.47 1 091 0005 23 09 04 4770  2.740
Il 1238 796.4 2463  75.1 0.31 1.99 1 08 0008 26 07 038 4890  3.010

27.7% lower. For Case II, the yield did not have a signif-
icant difference with Case I; however, it was 55% higher
than Case Reference. While the productivity of Case II was
approximately 2-3 times higher than the Reference Case
and Case I. These results satisfy the technical criteria
established in the methodological approach described in
“Materials and methods”. It is important to mention that
there are no dynamic studies reported for comparison of the
operation mode of an L-lysine fermentation reactor.
Therefore, the results obtained here will be relevant for the
design, profitability, and sustainability of the process.

Analysis of the production process
Profitability analysis

Faced with a cost benefit analysis of the production pro-
cess, the following economic parameters were considered:
annual operating time of 50 weeks, depreciation period of
15 years, and income taxes of 30%. With respect to
material entering the process, molasses, threonine,
hydrochloric acid (37% w/w), ammonium hydroxide, and
sodium hydroxide (1 M) were considered, whose prices
were fixed at 0.15, 2.7, 0.2, 0.25, and 0.02 US$/kg,
respectively. According to the proposed approach pre-
sented in “Materials and methods”, the economic criteria
to determine the profitability of the process are: a UPC less
than the selling price of L-lysine-HCI1 (2 US$/kg), an ROI
above 20%, and a PBP of around 4 years.

Table 3 shows the results for the best scenarios of Case I
and Case II (i.e., for case studies reported in Table 2 and
best process design) together with a summary of the eco-
nomic analysis. For Case I, according to the evaluation
criteria, the value for UPC (2.91 US$/kg) is greater than the
selling price, and the values of PBP and ROI cannot be
calculated due to a negative annual net profit. For Case II,
the results show that economic criteria lie within the
evaluation criteria mentioned above. In this manner, Case
IT shows high economic returns, while Case I does not
show profitability. In particular, Case I is not profitable,
because the culture medium is more diluted in Case II,
involving greater investment since the processing of raw
material requires greater number of equipment in all pro-
cess sections (tanks, fermenters, and separation equip-
ment). Besides, the annual operation cost is greater (due to
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higher energy consumption and greater requirements of
heat transfer agents). Thus, the annual net profit for Case I
is always negative, the UPC is greater than the selling
price, and therefore, the process is not cost-effective.

The technical-economic analysis could also help to
determine the process design in terms of the number of
reactors that can be used in the process. The cycle time of
the process (the time between the start of two consecutive
batches) can be reduced and the plant throughput increased
by installing a battery of reactors that operates in staggered
mode (out of phase) and feeds the same purification train
[5]. The expected product concentration, the duration of the
reaction, and the expected downstream yield are used to
estimate the necessary number of reactors. The optimiza-
tion strategy is to increase the number of reactors, calculate
the corresponding cycle time and the number of batches per
year, and re-evaluate the technical and economic parame-
ters. For Case I, even the number of reactors was modified
(from 1 to 8), there was no scenario with a positive net
profit. Nevertheless, for Case II, several scenarios were
found that met the economic evaluation criteria with 5 and
6 reactors, with a maximum profitability point when 6
reactors are employed (which corresponds to the one
reported in Table 3). The corresponding results, when the
number of reactors is increased for Case II, are shown in
Table 4.

Another essential factor to be determined in a concep-
tual design of a production process is the plant capacity,
according to the amount of raw material and/or amount of
desired product. Thus, Table 4 also shows different
amounts of molasses and economic evaluation criteria to
find the profitability of the process for Case II, where it can
be seen that there are several scenarios that fulfill the
profitability criteria. As the plant capacity (or number of
reactors) increases, the profitability also increases, but
there is a maximum. Since after the maximum point, the
profitability decreases. So that the best scenario was found
when 6 reactors are employed to process 430 MT/batch of
molasses.

Environmental impact analysis
As mentioned in “Environmental impact analysis”, the

evaluation criteria for environmental impact were selected
as the amount of process water, heat transfer agents, power
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environmental impuctrepors TP Value Uit
for Cases I and I Best Case I Best Case 11
Technical report
Fermentation time 82.8 123.8 h
Molasses rate 127,710%* 131,580%* MT/year
L-Lysine-HCI rate 25,153 25,411 MT/year
Dry biomass rate 43,243 37,581 MT/year
Process cycle time 27.8 26.9 h
Global yield 0.196 0.193 Kg/Kg
Profitability report
Capital investment
Direct Fixed Capital 198,931,000 54,068,000 US$
Working Capital 3,534,000 2,728,000 US$
Start-up Cost 9,947,000 2,703,000 US$
Total capital investment 212,412,000 59,500,000 US$
Revenues
L-Lysine-HCI revenue price 2.0 2.0 US$/kg
Dry biomass revenue price 0.2 0.2 US$/kg
L-Lysine-HCI revenue 50,305,132 50,821,779 US$/year
Dry biomass revenue 8,648,610 7,516,163 US$/year
Total Revenues 58,953,742 58,337,942 US$/year
Annual Operating cost 73,059,000 40,737,000 US$/year
Unit production cost (UPC) 291 1.60 US$/kg L-lysine-HCI
Return on investment (ROI) - 26.5 %
Payback period (PBP) - 3.8 year
Environmental impact report
Process water 234 4.2 kg/kg Lysine-HCI
Steam 47.9 7.1 kg/kg Lysine-HCI
Chilled water 9.8 5.8 kg/kg Lysine-HCl
Cooling water 3098.2 382.7 kg/kg Lysine-HCI
Standard power 11.5 2.6 MlJ/kg Lysine-HCI
CO,; emissions 1.76 1.96 kg/kg Lysine-HCI
PEI index 0.0145 0.0124 PEI/kg Lysine-HCl

* Best Case I: Batch size = 430 MT molasses/batch. Total number of reactors = 20. Number of batches

per year = 297

** Best Case II: Batch size = 430 MT molasses/batch. Total number of reactors: 6. Number of batches per

year = 306

consumption, CO, emissions, and PEI index. The results
for both best Cases I and II are presented in Table 3, where
the production capacities in both cases are similar (25 153
MT/year L-lysine-HCI for Case I and 25 411 MT/year L-
lysine-HCI for Case II, according Table 3). In general, it
can be seen that Case I: (i) requires greater amount of
process water than Case II, due to the culture medium is
more diluted to carry out the fermentation; (ii) requires
larger amounts of heat transfer agents (steam, chilled, and
cooling water) for the purification stage, because the
evaporator and some other devices need to eliminate more
water used in the process steps for drying the product; and

(iii), therefore, requires also a greater amount of power
(about sixfold more than Case II).

The amount of CO, emitted to the environment during
the process is mainly generated by the fermentation stage.
The results for CO, emissions per kg are reported in
Table 3, but CO, is also depicted as one of the main
greenhouse gases represented in the GWP impact factor of
Fig. 6. For this particular criterion, contrary to the other
environmental criteria, the amount of CO, emission for
Case Il is slightly higher than the emissions for Case I. This
is because Case II has a higher product yield, which
implies a greater generation of CO,.
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Table 4 Profitability analysis
varying raw material amount
per batch for Case II

Sugarcane molasses (MT/batch)

Number of reactors

UPC (US$/kg)/ROI (%)/PBP (year)

4 5 6 7

400
410
420
430
440
450
460
470

1.66/22.2/4.5
1.65/22.5/4.4
1.65/22.8/4.4
1.65/23.0/4.3
1.68/20.9/4.7
1.67/21.2/4.7
1.66/21.4/4.7
1.66/21.5/4.7

1.63/24.8/4.0
1.62/25.2/4.0
1.62/25.5/3.9
1.61/25.8/3.9
1.64/23.2/4.3
1.64/23.4/4.3
1.63/23.7/4.2
1.63/23.8/4.2

1.62/25.6/3.9
1.61/26.0/3.9
1.61/26.2/3.8
1.60/26.5/3.8
1.62/24.6/4.1
1.62/24.8/4.0
1.61/25.1/4.0
1.61/25.2/4.0

1.64/23.8/4.2
1.64/24.1/4.2
1.63/24.4/4.1
1.63/24.6/4.1
1.65/22.5/4.4
1.65/22.8/4.4
1.64/23.0/4.4
1.64/23.1/4.3

The last criterion shown in Table 3 is the PEI index
that has eight impact factors (I,,), as described in the
methodology (Sect. 2.4). Figure 6 shows the potential
impact factors that have great influence on Cases I and II,
where PCOP and ODP are not included, since no pollu-
tants emitted into the environment during the process
react with ozone to form molecular oxygen (i.e., PCOP
and ODP values are zero). The highest potentials are
HTPI and TTP mainly due to ammonium chloride, which
is generated in the fermentation. Hydrochloric acid is used
in the neutralization step and is considered one of the
compounds that have the greatest influence on the PEI
index, especially in the AP factor. This compound is
required in larger quantities for Case I, which contributes
to that have a greater impact. On the other hand, the
component that has less environmental impact index is
CO,, which, as mentioned above, is produced in the fer-
mentation. When all factors are added to obtain the
overall PEI index, it follows that Case II has a lower
environmental impact than Case I (despite the opposite
results in CO, emissions).

Integrated assessment

A collection of the most significant criteria within the
economic and environmental technical analysis for Case I
and Case II is shown in Fig. 7. For Case I, the product yield
decreases with increasing concentration of threonine and
productivity does not vary significantly. In contrast, the
PEI index increases with the concentration of threonine.
The behaviors are not correlated, so it is difficult to select a
suitable concentration of threonine. However, UPC
behavior shows a minimum at 0.4 g/L threonine. There-
fore, this point corresponds to the best scenario for Case 1.

While for Case II, the product yield and PEI index not
vary significantly with the increase of threonine concen-
tration. Again, a point with a minimum UPC and maximum
productivity is observed at g/L threonine. This point
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corresponds to the best scenario for Case I, and to the
optimum point to operate the fermentation reactor.

Summary

The technical-environmental criteria proposed in this work
have been very useful in determining the conceptual design
of the L-lysine-HCI production process. It is important to
mention that to our knowledge, there are studies for the
production of L-lysine in suspension, but there are no works
reported for the production of L-lysine-HCIl (which is the
most important commercial form of L-lysine).

The final design considers a fermentation stage with six
fed-batch reactors (Case II), where 460 MT molasses/batch
are processed. The installed capacity of the plant is 131580
MT molasses/year to produce 25 411 MT L-lysine-HCl/
year. The optimum UPC reached is 1.6 US $/kg (which is
sufficiently low in comparison with the selling price of 2
US$/kg), generating a profitable plant with an ROI of
26.46% and a PBP of 3.78 years. Moreover, the conceptual
plant design has the lowest environmental impact in terms
of toxicity, pollutant emissions, water requirements, and
energy consumption.

Conclusions

A methodological approach for the comprehensive
assessment of an industrial production process has been
presented, in terms of technical, economic, and environ-
mental criteria. Although the framework was focused on
reactor dynamic analysis, other process stages (such as
purification) could be similarly analyzed. Moreover, it can
be extended to any other bio-based product obtained
through cell culture or fermentation. The proposed evalu-
ation criteria have been useful in the early design stage to
determine the trade-offs between economic performance
and environmental impact. In particular, outstanding
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