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Scale-down studies on the hydrodynamics of two-liquid phase

biocatalytic reactors
S.G. Cull, J.W. Lovick, G.J. Lye, P. Angeli

Abstract The maintenance of constant interfacial area
per unit volume is a key parameter for the successful
scale-up of two-liquid phase bioconversion processes. To
date, however, there is little published information on
the hydrodynamics of such systems and a suitable basis
for scale-up has yet to be defined and verified. Here
we report power input and hydrodynamic data for a
whole-cell bioconversion process using resting cells of
Rhodococcus R312 to catalyse the hydration of a poorly
water-soluble substrate 1,3-dicyanobenzene (1,3-DCB).
Experiments were performed in geometrically similar 3-L
and 75-L reactors, each fitted with a three-stage Rushton
turbine impeller system. The two-phase system used
comprised of 20% v/v toluene dispersed in 0.1 M
aqueous phosphate buffer containing up to 10 gy, xL™"
of resuspended biocatalyst and 20 gxL-! 1,3-DCB. The
power input to the 3-L reactor was first determined
using an air-bearing technique for both single-phase and
two-phase mixing. In both cases, the power number
attained a constant value of 11 at Re>10,000, while the
measured power inputs were in the range 0.15-

3.25 kWxm™. Drop size distributions and Sauter mean
drop diameters (ds,) were subsequently measured on-
line in both reactors, using an in-situ light-backscatter-
ing technique, for scale-up on the basis of either
constant power input per unit volume or constant tip
speed. At both scales ds, decreased with increasing
agitation rate, while the drop size distributions obtained
were log-normal. All the measured ds, values were in
the range of 30-50 um, with the lowest values being
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obtained in systems with biocatalyst present. In all
cases, constant power input per unit volume was found
to be the most suitable basis for scale-up. This gave
virtually identical d;, values and drop size distributions
at both scales. A number of correlations were also
identified that would allow reasonable prediction of ds,
values for various agitation rates at each scale. While the
results obtained are for a particular phase system, the
scale-down methodology presented here would allow the
rapid evaluation of other bioconversion processes in the
3-L reactor with a 25-fold reduction in scale. In this
way, potential problems that might be encountered at
the larger scale, such as the carryover of antifoam from
the fermentation stage, could be quickly and efficiently
identified.

Keywords Multiphase biocatalysis, Scale-down,
Nitrile hydratase

Nomenclature

1,3-DCB 1,3-dicyanobenzene

C Concentration (ng’l)

a Constant in Eq. 2 (dimensionless)

[ Constant in Eq. 2 (dimensionless)

D; Impeller diameter (m)

dimax Maximum drop diameter (pum)

ds; Sauter mean drop diameter (pum)

N Rotational speed of the impeller (s™")

P Power (W)

Po Power number: Po=P/pN°D;’ (dimensionless)

pP/V Power input per unit volume (kWxm™)

Re Reynolds number: Re=pND;/u (dimensionless)

T Tank diameter (m)

\% Liquid volume (m®)

Vi Viscosity group: Vi=(uzNDi/a) (p/pa)®’
(dimensionless)

Wer Weber number: We;=pN’D;*/c (dimensionless)

Greek symbols

¢ Volume fraction of dispersed phase: ¢ =V 4/ Vil
(dimensionless)

p Density (kgxm™)

o Interfacial tension (kgxs™>)

u Dynamic viscosity (Paxs)

Subscripts

c Continuous phase

d Dispersed phase
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Introduction

Biocatalysts are finding increasing use in the synthesis of
chiral drugs and synthons, because they possess a number
of significant advantages over chemical catalysts. These
include high stereo- and regio-specificity, high atom effi-
ciency (due to the avoidance of protection and deprotec-
tion steps) and the ability to operate under mild
conditions. In many cases, the substrates and/or products
of interest have relatively low water solubilities, being
typically less than 0.5 gxL™". This has led to the develop-
ment of aqueous-organic, two-liquid phase reaction media
to effect bioconversions at higher overall concentrations
and to overcome issues of substrate and product inhibition
[1]. A number of such processes have now been operated
commercially [2].

Currently, there is little information available on the
hydrodynamics and phase behaviour of two-phase bio-
conversion processes carried out in stirred-tank reactors.
Knowledge of the droplet size distribution, in particular, is
critical for estimation of the interfacial area and hence the
rate of solute transfer between the phases. To date, how-
ever, little is known on how the droplet size distribution
varies as a function of reactor design and operation, while
none of the suggested scale-up criteria are generally ac-
cepted [3]. From a hydrodynamic standpoint, two-phase
bioconversion processes can be classified according to the
metabolic state of the biocatalyst:

1. Processes employing growing cells: bioconversions re-
quiring actively growing cells necessitate the use of
complex growth media and frequently result in the
production of extracellular, surface-active metabolites
as a consequence of solvent exposure throughout the
fermentation [4]. Recent results have shown that
droplet coalescence is hindered in such systems and
that the equilibrium drop size distribution is primarily
determined by the surface activity of the broth com-
ponents rather than the agitation conditions [5]. These
processes are also likely to require the supply of a
gaseous substrate such as oxygen.

2. Processes employing resting cells: bioconversions using
resting cells (or immobilised enzymes) are generally
carried out in simpler systems in which the cells are
first recovered from the fermentation broth and then

resuspended in a simple aqueous buffer. The substrate-

containing solvent phase is then added to begin the

bioconversion. In these processes, unless the substrate
or product molecules are surface active, the equilibrium
drop size distribution should primarily be determined
by the agitation conditions. Unless a redox enzyme is
involved, the supply of gaseous oxygen is not neces-
sarily required.

In bioconversions employing resting cells the drop size
distribution will thus be primarily determined by the
competing phenomena of drop break-up and coalescence.
From the different suggested mechanisms, break-up in the
inertial subrange of turbulence will be the prevailing one
in dilute dispersions [6]. The maximum drop size that can
resist break-up, dp.x, will depend on the balance between
the stresses generated by external turbulent fluctuations,
which tend to break the drops, and surface tension, which
tends to stabilise them [7]. In a stirred vessel d,,., will be
given by

dmax /Di x Wep®S (1)

where Wer is the stirred-tank Weber number [3]. The
maximum droplet size is thus determined by the contin-
uous-phase density, p,, the impeller rotational speed, N,
the impeller diameter, D;, and the interfacial tension, o.
The dispersed-phase viscosity can help stabilise the drops
and its effect is often accounted for by introducing a vis-
cosity number. This can, however, be ignored for systems
with small viscosity differences between the phases.

Coalescence of drops will occur at high dispersed-phase
volume fractions and will result in increased drop sizes.
The mechanisms relevant to drop-drop coalescence have
been detailed by Chesters [8]. However, even when co-
alescence is prevented, increasing the volume fraction of
the dispersed phase will decrease the turbulence intensity
and, therefore, increase the dispersed-phase droplet size.
To account for the effect of volume fraction on d,,,y, in-
vestigators have used a linear concentration correction
function with the general form:

dmax/Di = Cl(l + C2¢’>We;0'6 (2)

where D; is the impeller diameter, ¢, and ¢, are constants
and ¢ is the volume fraction of the dispersed phase. In-

stead of day, @ more useful parameter, particularly for

mass transfer operations, is the Sauter mean diameter, ds,,
which is often assumed to be proportional to d,,.x (though
this has recently been questioned [9]). A number of cor-
relations taking the form of Eq. 2 have been proposed in

Table 1. Literature correlations for the prediction of Sauter mean drop diameter in agitated liquid-liquid systems (compiled from [3]); RT

Rushton turbine

Author Correlation equation D; (cm) T (cm) ¢ Impeller characteristics

Chen and Middleman 1967 [25]  d;,/D; = 0.053(Wer)™>° 51-152 10-45.7 0.001-0.005 Single 6-bladed RT

Brown and Pitt 1972 [30] ds,/D;=0.051(1+3.14¢)(Wep) ¢ 10 30 0.05-0.3 Single 6-bladed RT

Van Heuven and Beek 1971 [28]  ds,/D;=0.047(142.5¢)(Wer) ™ 3.75-40  12.5-120 0.04-0.35 Single 6-bladed RT

Wang and Calabrese 1986 [31] d3,/D; = 0.053(Wer) "% 7.1-19.6 14.2-39.1 <0.005 Mainly single 6-bladed RT
(140.97Vi®7%)06

Godfrey and Grilc 1977 [26] ds,/D;=0.058(1+3.6¢)(Wer) >° 5.1 15.2 0.05-0.5 Single 6-bladed RT
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the literature and some of those most relevant to this work
are given in Table 1. The constant c, is considered equal to
3 when it accounts for turbulence damping at low dis-
persed-phase concentrations [10], or higher than 3 for
coalescing systems [9]. Equation 2 predicts an increase in
the drop size with increasing dispersed-phase volume
fraction. At high dispersed-phase volume fractions (usu-
ally above 40%), however, a further increase in the dis-
persed concentration results in decreasing drop size [6,
11]. This behaviour has been attributed to alternative
mechanisms of drop break-up for Reynolds numbers be-
low 1,000 [6] but is not relevant to the work performed
here.

The existing scale-up literature for two-liquid phase re-
actors mainly relates to simple chemical systems. Scale-up
has tended to focus on the maintenance of a constant
interfacial area per unit volume. The two most popular
criteria for scale-up in geometrically similar liquid-liquid
agitated systems are constant power input per unit volume
(P/V) and constant impeller tip speed, respectively [12].
Podgorska and Baldyga [13] recently proposed that the fluid
circulation time in the vessel is also relevant and considered
instead the following four criteria for scale-up: (i) equal
power input per unit mass and geometric similarity,

(ii) equal average circulation time and geometric similarity,
(iii) equal power input per unit mass, equal average circu-
lation time and no geometric similarity, (iv) equal impeller
tip speed and geometric similarity. The study demonstrated
that in fast coalescing systems both criteria (i) and (iii)
resulted in small changes in the drop size distribution
during scale-up, while in slow coalescing systems none of
the criteria seemed to perform satisfactorily.

Literature on the scale-up of complex two-liquid phase
bioconversion processes is extremely limited. Previous
investigators have simply indicated that during scale-up
consistency should be maintained in all reactor conditions
and have postulated that scale-up on the basis of constant
P/V was appropriate [14]. In the current paper, detailed
results on the scale-up and hydrodynamics of a two-phase
bioconversion process using a resting whole-cell biocata-
lyst are reported for the first time. Experiments were
performed in two geometrically similar 3-L and 75-L
reactors, while the dynamic variation of droplet size
distribution, as a function of power input and reactor size,
was measured on-line using a light-backscattering
technique. For scale-up, the two commonly used criteria of
constant P/V and constant impeller tip speed were inves-
tigated. The whole-cell bioconversion studied used resting
cells of Rhodococcus R312 to catalyse the hydration of
1,3-dicyanobenzene (1,3-DCB) to 3-cyanobenzamide. The
selection of organic phases for the solubilisation of
1,3-DCB and the optimisation of transformation
conditions have been previously reported [15].

2
Materials and methods

2.1

Materials

The substrate 1,3-DCB, the organic solvent toluene and all
other chemicals were purchased from Sigma-Aldrich

Chemical Co. (Dorset, UK) and were of the highest purity
available.

2.2

Microorganism, growth medium and cultivation

The microorganism used, Rhodococcus R312, was a kind
gift from Professor N. J. Turner (University of Edinburgh,
UK) and was stored on nitrile-metabolising agar at 4°C
[16]. Cells for small-scale (3 L) experiments were pro-
duced by multiple shake-flask fermentations (200 mL)
using a growth medium containing 30 gxL™" tryptic soy
broth (TSB) in deionized water. The fermentations were
carried out in 2-L baffled conical flasks in a shaking in-
cubator operated at 200 rpm and 30°C. Cells were subse-
quently harvested by batch centrifugation at the end of the
exponential growth phase (this was typically 40 h after
inoculation at an ODgo of 12) and were resuspended in
0.1 M phosphate buffer, pH 7, before use.

Cells for large-scale (75 L) experiments were produced
in a 450-L Chemap AG (Volketswil, Switzerland) stirred-
tank fermenter fitted with a three-stage Rushton turbine
impeller system [17]. The inoculum chain involved pro-
duction of 15 L of inoculum in an Inceltech 20-L fermenter
using 30 gxL™' TSB in deionized water (4 mL of PPG an-
tifoam was added initially to prevent foaming). This fer-
menter was operated at 30°C and 500 rpm with an aeration
rate of 0.5 vvm and was harvested after 31 h at an ODg of
16. The Inceltech fermenter was itself initially inoculated
with 250 mL of Rhodococcus R312 broth prepared by
shake-flask fermentations as described above. To begin the
fermentation in the 450-L vessel, the 15-L inoculum was
aseptically pumped into the fermenter, which was pre-fil-
led with 285 L of sterile TSB medium containing 60 mL
PPG. The fermentation in the 450-L vessel was then per-
formed at 30°C and 180 rpm with an aeration rate of
0.5 vvm and was harvested after 16 h at an ODgqq of 16. In
all fermentations, pH was kept constant at pH 7 by the
controlled addition of 4 M NaOH and/or 4 M phosphoric
acid. Exit gas data was obtained using a VG Prima mass
spectrometer (VG Gas Analysis Ltd., Cheshire, UK).

The 300 L of fermentation broth from the Chemap
fermenter was processed through a Carr Powerfuge
(Franklin, Mass., USA) to recover the biomass from the
liquid fermentation medium. The Powerfuge was operated
at 15,200 rpm with a feed flow rate of 1 Lxmin~! and 50-L
batches of broth were processed at a time. In total, 3.6 kg
of biomass in dry solid form was recovered and stored in
polythene bags at 4°C for subsequent use in 75-L-scale
bioconversion experiments (see reference [17] for full
details of fermentation conditions).

2.3

Bioreactor geometry and operation

The two-phase bioconversion experiments were carried
out in two geometrically similar stirred-tank reactors, each
fitted with a stainless steel, three-stage, six-bladed Rushton
turbine impeller system (Fig. 1). The Inceltech LH SGI
(Wokingham, UK) 75-L stainless steel solvent reactor was
operated in a dedicated pilot plant facility designed ac-
cording to both solvent and biological containment regu-
lations. The 3-L scale-down reactor was of glass
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3 L Reactor

construction and was operated in a fume hood. Although
different rates of coalescence at the equipment surface
(reactor walls) may be expected due to the different ma-
terials of construction, any such effects are assumed to be
minimal. To minimise the risk of explosion, the impeller in
the 3-L reactor was rotated using an air-driven, spark-
proof motor. In the 75-L reactor a constant positive
pressure of nitrogen was maintained in the headspace to
exclude any oxygen. Both vessels were thoroughly cleaned
and rinsed with deionised water between runs. The tem-
perature in both reactors was maintained constant at
30£0.2°C in all experiments.

2.3.1

Power consumption and phase continuity

Power consumption was measured during the agitation of
single-phase and two-phase liquid systems in the 3-L re-
actor. For the two-phase experiments, the phase continuity
was also monitored using a micro-conductivity probe,
made in-house, connected to an Alpha 800 conductivity
meter (Courtcloud Ltd, UK). This minimised the distur-
bance of the flow field during measurements. For power
consumption measurements, the entire vessel was placed
on a turntable supported on an air layer (air bearing
technique). During agitation the force required to stop the
rotation of the vessel on the frictionless air bearing was
recorded with a load cell and the power input into the
vessel was calculated. Full details can be found in reference
[17]. All experiments were performed in triplicate with the
maximum coefficient of variance for the calculated power
input being 2.7%.

For two-phase system experiments, the vessel was first
carefully filled with the aqueous phase followed by the
organic phase, at the appropriate volume fraction, and
agitation was then started. Initial experiments had showed
that 600 rpm was the minimum rotational speed necessary

75 L Reactor

and 75-L pilot-scale reactor
used in this work

to ensure complete dispersion of the organic phase at all
the volume fractions tested, i.e. no organic layer remained
at the surface of the dispersion. Power measurements were
recorded after 30 min of operation, to ensure that the
system had reached steady state, for agitation rates varying
from 650 to 1,100 rpm. Drop size measurements, as de-
scribed in Sect. 2.3.2, confirmed that a steady-state droplet
size had been reached after this time. In these experiments,
both pristane (2,6,10,14-tetramethylpentadecane) and tol-
uene were used as the organic phase, with their volume
fractions varying between 10-90% and 10-30%, respec-
tively.

2.3.2

On-line measurement of drop size distributions

Drop size distributions were recorded using an Optical
Reflectance Measurement (ORM) particle size analyser
(MTS, Diisseldorf, Germany) that can provide in-situ and
on-line measurements. The technique uses a laser beam
which, through a lens, is focused a short distance in front
of the probe tip to a high-intensity focal point and is ro-
tated at a known velocity within the sample. When the
rotating beam intercepts a drop, light is scattered back,
through the optical system of the instrument, to a detector
and the chord length of the drop is determined. Mea-
surements over a period of time will produce a distribu-
tion of drop chord lengths. This is then transformed to a
drop diameter distribution using a calibration curve and
assuming that the drops are spherical. Since the laser beam
is focused only at a short distance away from the instru-
ment and does not pass through the dispersion, the mea-
surements are not limited by the dispersed-phase
concentration [18], a common problem with other light-
based drop size analysers. As the technique can also be
used in-situ, it does not require any manipulation of the
dispersion before the measurement. The ORM instrument
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has previously been used in various aqueous-organic
systems, where it has been found to respond swiftly to any
changes in process conditions that affect drop size [19, 20,
21]. In this work, the calibration of the ORM instrument
was set using a drop size distribution calibration curve
obtained with a Malvern Mastersizer 3600 (E-Type, Mal-
vern Instruments Ltd., Worcester, UK). A series of stan-
dard size microspheres (Polymer Laboratories, UK) was
then used to check the satisfactory calibration of the ORM
instrument before use.

For drop size distribution experiments, the ORM probe
tip was mounted vertically at approximately the same
position in both the 3-L and 75-L reactors as indicated in
Fig. 1. Droplet size distributions were measured in the 3-L
reactor for a 20% v/v toluene-aqueous system agitated
between 600 and 900 rpm. The effect of the addition of
20 gxL™" 1,3-DCB (in toluene) with and without 10 g, <L
of the biocatalyst (in the aqueous phase) was also exam-
ined. All experiments were performed in triplicate, with
the maximum coefficient of variance for the measured
steady-state mean drop size being 3%. Droplet size dis-
tributions were further analysed in the 75-L reactor (60 L
total liquid volume) for a 20% v/v toluene-aqueous system
with and without biomass present. The agitation rates used
corresponded to scale-up on the basis of constant power
input per unit volume or constant tip speed as shown in
Table 2. A viewing window, running the full height of the
75-L vessel, enabled visual confirmation that no organic
layer remained on the surface of the dispersion even at the
lowest impeller speeds used. In both reactors using ‘clean’
phase systems (biomass-free), the two phases were mixed
at the designated speed for 15 min before measurements
commenced. Drop size distributions were then recorded
every 60 s for a further 20 min. For experiments with the
biocatalyst present, drop size distributions were recorded
as soon as mixing of the phases commenced and contin-
ued over a period of 100 min. These times were chosen

Table 2. Reactor agitation rates at 3-L and 75-L scales for scale-up
using constant power input per unit volume and constant tip
speed criteria

Agitation rate at
3-L scale (rpm)

Agitation rate at 75-L scale (rpm)

P/V constant

Tip speed constant
(N®D/*=constant)

(ND;=constant)

600 305 218
700 357 255
800 408 291
900 459 328

since previous work had shown that the bioconversion
would have reached completion by this time.

24

Analytical techniques

The densities of the liquid phases used were determined
gravimetrically. Liquid viscosity was measured using a
Contraves Rheomat 115 (Contraves AG, Zurich, Switzer-
land). Surface tension and interfacial tension were mea-
sured using a Kruss K12 process tensiometer. The final
values recorded were the average of three replicate mea-
surements in each case. Further details on all techniques
can be found in reference [17].

3
Results and discussion

3.1

Phase physical properties

The main organic solvent used in the present study,
toluene, had been selected in earlier solvent-screening
studies [15]. These showed that toluene solubilised
relatively high concentrations of the 1,3-DCB substrate
(~25 gxL™") and was reasonably biocompatible with
the Rhodococcus R312 catalyst. The aqueous phase
used consisted of 0.1 M potassium phosphate buffer
which, at pH 7, provided the optimal conditions for
nitrile hydratase activity. Table 3 summarises the phys-
ical properties of the individual phases used in the
current work.

For a ‘clean’ biphasic system (i.e. in the absence of
substrate or biomass) of toluene-aqueous buffer, an in-
terfacial tension of 0.035 kgxs™ was determined. This is
similar to values reported by previous investigators for a
variety of model systems that had interfacial tension
values between 0.002 and 0.050 kgxs™ [3]. The addition
of substrate, 1,3-DCB, to the toluene phase had no ap-
parent effect on the physical properties of the solvent or
the measured interfacial tension at concentrations up to
20 gxL™". In contrast, the addition of 10 gy,xL™' of
biomass to the aqueous phase was found to significantly
reduce the interfacial tension to a value of around
0.0013 kgxs™>. This low value is most likely due to the
adsorption of biomass at the interface, but may also be
the result of small amounts of media components, es-
pecially antifoam, still present in the system after har-
vesting and resuspension of the biomass. It should be
noted that adsorption of the biomass at the interface
made accurate measurements of the interfacial tension
difficult. The implications of the reduced interfacial

Table 3. Experimentally deter-
mined phase physical properties.
Measurements performed as
described in Sect. 2.4

Physical property

Phase composition

Aqueous phosphate Aqueous phosphate buffer Toluene
buffer plus 10 g, x L™ biocatalyst
Formula KH2PO4/K2HPO4 KH2P04/K2HPO4 C6H5CH3
Molecular weight 328 328 92
Density (kgxm™) 1,011%5 1,034+6 857+3
Dynamic viscosity (mPaxs)  1.274%+0.03 1.321+0.006 0.51+0.02
Surface tension (kgXx s72) 71.940.05 34.9+0.5 28.1+0.3
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tension on drop size distributions will be illustrated
later.

3.2

Power curves for agitated liquid-liquid systems (3-L scale)
The power input for a homogenous liquid agitated in a
tank fitted with a single Rushton turbine impeller can
easily be found in the literature. For the particular tank
and turbine geometry used in this work, however, it was
necessary to determine the power number, Po, experi-
mentally. In general, when more than one impeller is used,
Po will depend on the number of impellers, the spacing
between them and the clearance of the lower impeller from
the bottom of the vessel [22]. For agitation of each of the
‘clean’ homogeneous phases used here, it was found that
the power number acquired a constant value of 11 for
Reynolds numbers above 10,000 (data not shown). The
measured power inputs for agitation rates of 400-

1,200 rpm were between 0.5 and 3.25 kWxm™.

The power consumption was also measured during
two-phase mixing, using both toluene and pristane as the
solvent phase. Pristane (p=790 kgxm™, =5 mPaxs) is a
solvent with a high log-P value, widely used in two-phase
biotransformation processes, and was initially investigated
as an alternative to toluene. The power consumption results
are shown in Fig. 2 as Po against Re for both systems over a
range of solvent volume fractions. For the determination of
Re in the biphasic systems, volume-averaged density values
were used, while viscosity values were calculated using:

Jr— . /ic(ﬁ (1 + 1~5¢,ud)

Me + Hg
where, ¢ is the volume fraction of the dispersed phase and
K and pq are the viscosities of the continuous and the
dispersed phase, respectively [23]. In this case, the mea-
sured power inputs were slightly lower than for the single-

(3)

100

10 |- *}ﬁm;&r"*u-- s 8

Power number, Po

1 1 1 1 1
0 5000 10000 15000 20000

Reynolds number, Re

25000

Fig. 2. Power curves for a variety of agitated two-liquid phase
systems. Power measurements were made in the 3-L scale-down
reactor for 10-30% v/v toluene-aqueous and 10-90% v/v pristane-
aqueous systems mixed at agitation rates of 650-1,100 rpm as
described in Sect. 2.3.1

phase systems being in the range 0.15-2.31 kWxm™ for
agitation rates of 650-1,100 rpm.

Po is again seen to be constant and equal to 11 for
agitation at Reynolds numbers above 10,000, similar to the
case of single-phase systems. Reynolds numbers larger
than 10,000 were achieved for water-continuous mixtures
with dispersed-phase volume fractions up to 30%. For the
more concentrated water-continuous dispersions, and for
oil-continuous dispersions, Re values fell below 10,000 and
Po was less than 11. Our previous experiments have in-
vestigated conditions to optimise the biocatalytic hydra-
tion of 1,3-DCB using toluene as the solvent phase at
volume fractions between 5 and 30% [15]. A phase system
comprising 20% v/v toluene and 80% v/v aqueous buffer
containing 10 g,xL™' of biocatalyst was found to be most
suitable as this maximised the synthesis of the 3-cyanob-
enzamide product and minimised the damaging effect of
the toluene on the biocatalyst. Scale-up and droplet size
distribution studies were thus performed solely with this
system.

3.3

Effect of agitation rate and phase composition

on drop size distributions (3-L scale)

Drop size distributions were initially measured in the 3-L
scale-down reactor to examine the influence of agitation
rate and phase composition on drop size distribution and
Sauter mean drop diameter. Figure 3a shows that in-
creasing the agitation rate in a ‘clean’ 20% v/v toluene-
aqueous system resulted in narrower drop size distribu-
tions, shifted to smaller droplet sizes. The distributions
shown were recorded 15 min after mixing began, although
the distributions did not change significantly from 10 min
onwards. The addition of 20 g><L"1 1,3-DCB to the toluene
phase produced no significant change in the measured size
distributions or the Sauter mean diameters (data not
shown). As stated previously, addition of the substrate did
not alter the physical properties of the toluene phase or the
interfacial tension of the biphasic system.

Figure 3b, however, shows that the addition of 10
g.wXL ™' of biocatalyst to the aqueous phase shifted the
measured distribution to smaller drop sizes. The individ-
ual Rhodococcus R312 cells are approximately 1 um in
diameter; this is below the detection limit of the ORM
instrument and hence they are not registered in the size
distribution. The reduction in droplet size with biomass
present is attributed to the significantly reduced interfacial
tension as described in Sect. 3.1. The difference between
the droplet size distributions in the presence and absence
of biomass decreased with increasing agitation rate (data
not shown). In all cases, the measured drop sizes could be
adequately described by a log-normal distribution, as in-
dicated in Fig. 3b for an agitation rate of 600 rpm. These
distributions show a ‘tail’ at the large end of the drop size
spectrum. Mixing of the two phases with biomass present
also led to the formation of a stable inter-phase after phase
separation. Visually, the system comprised of clear upper
(toluene) and lower (aqueous buffer) phases with an inter-
phase of cells present between them.

Figure 4 shows the Sauter mean drop diameters, de-
termined from the drop size distribution data, at agitation
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rates between 600 and 900 rpm for both ‘clean’ and bio-
mass-containing phase systems. As expected from the
distribution data, the Sauter mean drop size is seen to
decrease slightly with increasing agitation rate from 42 to
36 pm in the ‘clean’ system and from 31 to 27 pm in the
system with biomass. It is difficult, however, to compare
the magnitude of the drop sizes recorded with literature
values due to the limited amount of published data and the
rather different phase compositions and reactor geome-
tries studied. Galindo et al. [24] investigated droplet sizes
in systems with up to four phases present for a highly
viscous castor oil (=560 mPaxs) dispersed in an aqueous
salt solution. Experiments were performed at an agitation
rate of 250 rpm in a tank fitted with a single Rushton
turbine impeller. The drop sizes recorded using an in-situ
video technique were between 750 and 1,250 pm for oil
volume fractions between 2 and 16%. These very large
drop sizes are in contrast to those reported by Schmid et al.

(b)

Fig. 3. a Droplet size frequency distribution by
volume as a function of agitation rate for a 20% v/v
toluene-aqueous system in the 3-L reactor in the
absence of substrate and biomass: (__) 600 rpm; (_ _)
700 rpm; (....) 800 rpm; (=) 900 rpm. b Droplet size
frequency distribution by volume for a 20% v/v
toluene- aqueous system agitated at 600 rpm in the 3-
L reactor: (M) no substrate or biomass present; (@)
3gsg 10 g.wXL™' biomass present. Lines show fitted log-
normal distributions. Droplet size measured as de-
scribed in Sect. 2.3.2

[4], who measured drop sizes of 10-13 pm using an off-
line laser refraction spectrometer in a 1.4-L 20% v/v de-
cane-water system containing 1 gxL™' biosurfactant. These
experiments were performed in a 3-L reactor fitted with
two Rushton turbine impellers operated at agitation rates
of 1,500-2,500 rpm. Clearly, the Sauter mean drop sizes
reported here lie somewhere between these two extremes
and can be explained by the different agitation conditions,
fluid properties and methods of drop size analysis used.

3.3.1

Prediction of Sauter mean drop diameter

For process design purposes, it is useful to be able to
predict Sauter mean drop sizes and how these vary with
reactor operation. Figure 4 also shows the comparison
between experimental ds, values and those predicted using
the literature correlations detailed in Table 1. These par-
ticular correlations were chosen from the many available
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as they were derived in systems with phase physical
properties most similar to the ones used in this work. The
majority take the general form previously shown in Eq. 2.
However, virtually all were developed in vessels fitted with
a single Rushton turbine impeller (Po=6). In the current
work, a three-stage Rushton turbine impeller was used
which results in a higher power input for the same agita-
tion rate or higher Po values (see Fig. 2). In order to ac-
count for this difference in power input and for the
different tank geometry compared to the standard con-
figuration used in most studies, the (Wep)™®° term in the
equations in Table 1 was substituted by

P . 0.4 0.4
() ()
2.9 lit

where f is the ratio of V/D;’, Poy; is equal to 6 for a single
Rushton turbine and Po., is equal to 11, as experimentally
determined in Sect. 3.2 [17].

The predicted ds, values shown in Fig. 4 are for the
correlations with the closest predictions to the experi-
mental values. For the ‘clean’ system, the Chen and Mid-
dleman [25] correlation was found to be the most
appropriate. This overpredicted the experimental values
by 25-78%. This is probably due to the larger number of
impellers used in this work. Generally, in stirred tanks,
drops break up in the impeller region and coalesce in re-
gions further away. In the correlations for ds, or d,,,y, the
average energy dissipation rate is used, which includes
both these regions. In our reactor, however, the use of
three impellers decreases significantly the size of the co-
alescence region, which would be expected to lead to
smaller drop sizes than those predicted. Further work on
the variation of drop size at different locations in the re-
actor would provide useful insight. For the system with
biomass present, the Godfrey and Grilc correlation [26]
was most appropriate, although this underpredicted the
experimental values by 39-59%. This underprediction
could be a consequence of the very low interfacial tension

900 man [25] predictions for the biomass-free system;
(dashed line) Godfrey and Grilc [26] predictions for
the biomass-containing system

measured (Sect. 3.1) or the stabilisation of the drops by
surface-active agents, which could be present. It is also
possible that the actual interfacial tension in the reactor is
somewhat larger than measured at equilibrium in the
static system due to the kinetics of biomass adsorption on
the droplets during the course of the experiment. These
results indicate that, although reasonable drop size pre-
dictions can be made, further work is required to develop
more accurate correlations for this typical reactor geom-
etry widely used with biological two-phase systems.

Interestingly, it was also found that when ds, was
plotted against We, the exponent on We was larger than
the commonly used value of (-0.6). Similar findings, re-
ported by other investigators recently [27, 10], could imply
that the mechanism of break-up in a turbulent dispersion
is different than that originally suggested by Hinze [7].
Drop break-up mainly occurs in the impeller region, where
the isotropic turbulence assumption of the Hinze theory
least applies. The limited range of impeller speeds and
dispersed-phase volume fractions used in this work,
however, does not allow any conclusions to be drawn in
this respect.

34

Criteria for reactor scale-up to 75-L scale

As mentioned earlier, the maintenance of constant power
input per unit volume (or N°D/*=constant) and constant
tip speed (or ND;=constant) were the two criteria used
here for scale-up from the 3-L to the 75-L reactor. The
respective agitation rates for scale-up using these two
criteria are given in Table 2. Although the inclusion of the
circulation time (as suggested in reference [13]) is an in-
teresting concept when considering scale-up, its applica-
tion is limited due to the difficulty in defining this
parameter [3]. Droplet size distributions were again mea-
sured in the 75-L reactor for both a ‘clean’ 20% v/v tolu-
ene-aqueous buffer system and one in which 10 g, <L of
biomass was present.
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Fig. 5. a Sauter mean diameter (d;,) for a 20% v/v toluene-aqueous
system in the 3-L scale-down reactor (black bars) and the 75-L pilot-
scale reactor for scale-up under constant P/V (grey bars) and constant
tip speed (white bars) criteria. b Droplet size frequency distribution
by volume for a 20% v/v toluene-aqueous system in the absence of

substrate or biomass: (__) 3-L reactor at 600 rpm; (....) 75-L reactor
for scale-up using constant P/V at 305 rpm; (_ _) 75-L reactor with

scale-up using constant tip speed criterion at 218 rpm

Figure 5a compares the Sauter mean drop diameters
measured in the small and large reactors using both scale-
up criteria with the ‘clean’ system. Note that on the hori-
zontal axis the agitation rates in the 3-L reactor are shown.
It is apparent that scale-up on the basis of constant power
input per unit volume is the best criterion for maintenance
of interfacial area at the 75-L scale when considering mean
drop size. In this case, ds, values are found to be almost
identical to those determined in the 3-L scale-down reactor
for power inputs between 0.38 and 1.28 kWxm™. Scale-up
on the basis of constant tip speed produced larger mean
drop sizes than in the 3-L reactor in all cases (the corre-
sponding power input values were between 0.14 and
0.45 kWxm™). This could be due to an increase in cir-
culation time and/or the decrease in average energy dis-
sipation rate in the larger reactor. The finding that
constant power input per unit volume provides the best

scale-up criterion is in agreement with the early work by
van Heuven and Beek [28] and more recent work by
Baldyga and co-workers [13, 27]. The latter showed that
for non-coalescing systems, scale-up on the basis of con-
stant power input per unit volume is better than constant
tip speed and will result in a similar or smaller mean drop
size. Other early studies, however, have suggested that
constant tip speed is the most appropriate scale-up crite-
rion [12, 29]. Clearly, more detailed studies are required,
with a wider range of phase physical properties and dis-
persed-phase volume fractions and other factors like the
average circulation time [13] may need to be included.

Figure 5b shows how the drop size distribution mea-
sured in the 3-L reactor, at an agitation rate of 600 rpm,
compares to the equivalent distributions in the 75-L re-
actor for each of the scale-up criteria investigated. The
distribution obtained in the larger reactor for scale-up on
the basis of constant P/V is virtually identical to that found
in the 3-L vessel. In contrast, the constant tip speed results
show a distribution that is much wider and has a tail of
larger drop sizes compared to that in the smaller reactor or
for scale-up on the basis of constant P/V. Similar distri-
butions were also obtained at the higher agitation rates
investigated (data not shown), although the differences
observed with the tip speed results were found to be less
with increasing impeller speeds. When biomass was pre-
sent in the system, scale-up based on constant P/V again
gave average drop sizes and size distributions closer to the
3-L reactor than when constant tip speed was used. All of
the drop size distributions obtained in the 75-L reactor
were again adequately described by a log-normal distri-
bution.

Finally, Fig. 6 shows the Sauter mean drop diameters
determined from the drop size distribution data obtained
in the 75-L reactor for both the ‘clean’ and biomass-con-
taining phase systems. The trends are similar to those
found at the 3-L scale (Fig. 4) with d;, values decreasing
with increasing impeller speed and the mean drop sizes
obtained in the system with 10 g, <L of biomass present
being around 25% smaller than those in the ‘clean’ phase
system. Figure 6 also shows the predicted ds, values ob-
tained using the various correlations described in Table 1
again adjusted to take account of the difference in power
input as described in Sect. 3.3.1. As also found at the 3-L
scale (Fig. 4), the Chen and Middleman correlation [25]
was the most appropriate for the ‘clean’ phase system,
overpredicting d;, values by 25-118%. The Godfrey and
Grilc correlation [26] was again the most appropriate for
the system with biomass present, underpredicting ds,
values by 38-65%. Predictions from both correlations
again show the closest agreement with the experimental
values at the highest agitation rates used.

4

Conclusions

Maintenance of interfacial area is one of the key require-
ments for successful and reproducible scale-up of two-
liquid phase biotransformation processes. This work
demonstrates that constant power input per unit volume
appears to be the best basis for predictive scale-up using
both ‘clean’ phase systems and ones containing resting
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whole-cell biocatalysts. For both types of phase system,
Sauter mean drop diameters and drop size distributions
were very similar for scale-up on this basis from 3-L to 75-
L scale in geometrically similar reactors. In all cases the
drop size distributions obtained were log-normal and the
Sauter mean droplet diameters could be adequately pre-
dicted by available literature correlations.

The results presented in this work were obviously ob-
tained in a particular bioreactor geometry for a specific
phase system comprising 20% v/v toluene dispersed in an
aqueous buffer containing up to 10 g, <XL™' of a Rhodo-
coccus R312 biocatalyst. While we would expect the general
trends observed to apply to a range of bioconversion
processes, the actual magnitude of the Sauter mean drop
diameters obtained, and hence the interfacial area avail-
able for solute mass transfer, will obviously be system
specific. In this respect, the scale-down methodology
demonstrated here would allow the rapid experimental
evaluation of specific systems using the minimum quantity
of substrate and biocatalyst with a 25-fold reduction in
scale. In this way, problems that might be encountered at
the large scale, due to carry over of antifoam from the
fermentation stage or the release of surface-active cellular
components due to cell lysis, could be rapidly and effi-
ciently identified. Our current work is examining the ki-
netics of this Rhodococcus R312 two-phase
biotransformation process at the 3-L and 75-L scales.
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