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Abstract Bubbling fluidized bed boilers are the most extensive fluidized bed appli-
cation in chemical industries—the CFD simulation of non-reactive two-dimensional
fluidized bed drier has been carried out using the Eulerian—Eulerian two-fluid method
with Geldart B group of particles, using Fluent 2020R2 software. A comparative
study at three different sizes of particles (0.180, 0.280 and 0.380 mm) using Syamlal
O’brien drag models for a wide range of velocity (0.1-1 m/s) has been performed.
k — ¢ turbulence model has been used to model the turbulence and mixing inside
the system. CFD. The model is validated with the existing experimental data and
shows good agreement. Numerical results show that fluidized bed pressure drops
increased as particle diameter increased, and further, the value of bed pressure drop
increases as the superficial gas velocity increases up to the minimum fluidization
velocity (0.184 m/s), beyond which there is no additional rise in bed pressure drop
as the superficial gas velocity increases. It has also been noticed that disperse phase
particles form clusters near the riser’s wall due to its shear effects.
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Abbreviations

o Fluid Phase Volume Fraction
01 Density of Fluid

vy Velocity of Fluid

o Dispersed Phase Volume Fraction
Os Density of Dispersed Phase
Vs Velocity of Dispersed Phase
0, Granular Temperature

Es Restitution Coefficient

& Bulk Viscosity

T, Particle Relaxation Time

Re; Reynolds Number

vs,  Collisional Dissipation

Psus  Suspension Density

2o Radial Particle Distribution Function

P, Solid Pressure

0 Internal Frictional Angle

Lp  Second Invariant of Devitorial Stress Tensor
0, Granular Temperature

Ess Restitution Coefficient

T Stress Tensor for Fluid Phase

Ty Stress Tensor for Dispersed Phase

K,;  Fluid-Solid Exchange Coefficient
C;  Drag Coefficient

ko Diffusion Coefficient

Ah  Difference in Water Column

1 Introduction

Fluidized bed driers are most widely used in the pharmaceutical and agriculture
industries. Fluidization is used for the process to obtain quality grains from the
paddy with minimum damage to pests [1, 2]. A comprehensive simulation study on
different internment heat pump drying for moisture diffusion, energy consumption
and drying time on Chinese cabbage seeds was carried out by Ebert et al. [3]. The
results indicate that in intermediate drying percentage of energy-saving was 48.1%
over continuous drying. The hydrodynamics and heat transfer characteristics at four
different % (2.5%, 7.5%, 12.5% and 20%) mixing of biomass and sand in a pres-
surized circulating fluidized bed have been investigated by Kalita et al. [4, 5] at a
superficial gas velocity of 6, 7, 8 m/s and system pressure of 1, 3 and 5 bar. They
reported that higher pressure and higher superficial gas velocity are found favourable
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for achieving a higher heat transfer coefficient. Biomass blending of 12.5% and a pres-
sure of 5 bar are optimum to achieve a maximum wall to bed heat transfer coefficient
and uniform circulation rate. Another industrial application of fluidization is fluidized
bed boiler which comes into the picture in 1960s. In only two decades, it becomes the
workhorse of 40-50% of power production industries due to its numerous advantages
over conventional furnaces [6, 7]. In chemical industries, most of the problems are
multiphase and multiphysics. More than one physical phenomenon is intermingling
together, so the mathematical modelling of such problems is not straightforward
[8, 9]. Two distinct approaches (Eulerian—Eulerian and Eulerian-Lagrangian) have
been used to solve the multiphase flow problems. In the Eulerian—Eulerian approach,
both the phases (fluid phase and dispersed particle phase) are considered as an inter-
penetrating continuum. In this approach, both fluid and dispersed particulate phases
are being solved using a separate set of conservation equations. From the exper-
imentation, it has been concluded that the Eulerian—Eulerian approach is suitable
for high dispersed phase volume fraction (>20%) [10—12]. The second approach is
Eulerian—Lagrangian approach. The fluid phase is solved using conservation equa-
tions, and the dispersed particulate phase is solved using Newtonian mechanics [13,
14]. Experiments suggest that this approach is more accurate as compared to the
Eulerian—Eulerian approach and suitable for low dispersed phase volume fraction
(<20%) [15]. Fluidized bed boilers have a high (<40%) solid volume fraction, so the
current research problem also has been solved using the Eulerian—Eulerian approach.
Kinetic theory of granular flow also has been incorporated to solve the dispersed phase
collisions. Bubble formation, variation in the flow patterns, bed voidage and other
hydrodynamics parameters are investigated for three different particle diameters at
different gas velocity. In this current research hydrodynamic study of a 2D fluidized
bed, riser has been carried out. The effect of superficial gas velocity on bed pressure
drop, void fraction and solid volume fraction has been analysed for three different
particle diameters (0.180, 0.280, 0.380 mm).

2 Computational Modelling and Boundary Conditions

CFD Simulations were performed to understand hydrodynamics in a CFB drier. The
Eulerian—Eulerian multiphase model was applied to solve the multiphase flow physics
of gas and granular phase. The Eulerian—Eulerian theory states that gas and dispersed
phases are mathematically interpenetrating continua with each other. The kinetic
theory of granular flow, which conserves the energy associated with random particle
fluctuation, has been used to close solid stress terms in multiphase flow equations.
The standard k — € turbulence model is used to simulate the mixing and turbulence
generated inside the system. Unsteady-state simulation with a time step size of 0.001 s
and 50 iterations per time step is done on a two-dimensional computational domain
discretized into square cells. The governing equations are solved using the SIMPLE
algorithm with a second-order discretization scheme (Table 1; Fig. 1).
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Table 1 Mathematical
modelling parameters

3 Conservation of Mass Equations for Fluid and Dispersed

Phase

V. Singh et al.
S. No. | Modelling parameters | Value
1 Riser height 1000 mm
2 Riser width 280 mm
3 Mean particle diameter | 180 wm, 280 pm, 380 pm
4 Particle density 4200 kg/m?
5 Gas density 1.225 kg/m?
6 Gas viscosity 1.8 x 107 kg/m-s
7 Static bed height 300 mm
8 Minimum fluidization | 0.1179 m/s
velocity
9 Superficial gas velocity |0.1-1 m/s
1 Restitution coefficient | 0.9
2 Solid volume fraction 0.55
3 X mesh spacing 5 mm
4 Y mesh spacing 5 mm
5 Number of elements 8960
6 Number of nodes 9177
7 Multiphase model Eulerian—Eulerian
8 Drag model Syamlal O’brien
9 Time step size 0.001 s
10 Number of time step 8000
11 Maximum iteration per |50
time step
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The following is the Navier—Stokes equation for the gas phase and the particulate

phase:
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In the Eulerian—Eulerian model, solid pressure is given below,
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Fig. 1 a Dimension of setup. b Quadrilateral mesh used for simulation
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Solid viscosity is defined as the sum of viscosity due to collision with other
particles, viscosity due to the fluctuation in kinetic energy and viscosity due to
friction.

MSolid = MCollisional + Mkin + Mfriction @)
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4 Collisional Viscosity

4 0, 12
Mol = gaspsdsgo(l + ess)(?) (3

5 Viscosity Due to Fluctuation in Kinetic Energy

osds psA/OsTT 2
Mkin = ﬁ[l + g(l + e55)(Bes — 1)a5g0:| &)

6 Frictional Viscosity

_ Pysinf)

= 2J/hhp

In Navier—Stokes equation, 7; and 7, represent the stress tensor for the gas phase
and the solid phase, respectively.

(10)

2 =
7 =y (VU + Vi) — Salﬂl(VJ)l)Il (11)

I 2\ -
Ty = o5y (VU + VU) — o | &5 — JHs ) Us (12)

In Eq. (10), & is the bulk viscosity and it uses to calculate the expansion and
depression resistance of the particles given by Lun et al.

4 0,\'""*
&g = ga‘vdxpsgo(l + 6)(;) (13)

Syamlal O’brien drag model has been used to simulate the drag force over the
particles, Fluid—solid exchange coefficient (K;;) can be written in the following
general form.

(14)

Fluid-solid exchange coefficients define by various researchers differently for
different types of flow conditions. Drag factor, according to the Syamlal O’brien
drag model, is defined as:
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CdRCSOll
= — 15
=D (15)
where Cj is the drag coefficient,
Ci= (o 63+ 2 )2 (16)
¢ . v Res/vrs

By putting the value of drag factor and the particle relaxation time, K; has the
following form,

3asallol Res
Ky = C s — 17
sl W d, d( o >(v vy) a7

Vs stands for relative settling velocity, which is defined as the ratio of the particle’s
terminal settling velocity to the sphere’s terminal settling velocity.
Where V,, is the terminal velocity,

Vs = 0.5 <A — 0.06Re; + \/ (0.06Re;)? + 0.12R,; 2B — A) + A2) (18)

A= ozf‘“
B = 0.805,1'28 for oy < 0.85
B = 0412'65 for o; > 0.85.

7 Result and Discussions

To validate the mathematical model, results of bed pressure drop and bed density
have been capered with the existing results of Zhao et al. [16]. Simulation results are
in good agreement with the results of Zhao et al. [16] as depicted in Figs. 2, 3 and 4.
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Fig. 3 Variation of bed 0.180mm Particle diameter, 300mm bed height
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Fig. 4 Variation of bed 0.180mm Particle diameter, 300mm bed height
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Bed pressure drop has been measured at three different locations (100 mm,
350 mm and 600 mm) along with the height of the riser above the distributor plate.
These points have been marked as P1, P2 and P3, respectively. By measuring the
pressure drop at three different locations, this method helps in comparison with the
lower and upper regions of bed pressure drop. Figure 5 shows the variation of bed
pressure drop (P1-P3) with simulation time on the X-axis for three different sizes
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Fig. 6 Variation of pressure Particle diameter = 0.280mm
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of particles (0.180, 0.280 and 0.380 mm). It can be concluded from Fig. 5 that more
fluctuation in bed pressure drop has been observed up to 4 s of simulation time.
This is because of the mixing of intermixing of the dispersed and continuous phase,
formulation of bubbles, and movement of the bubbles in an upward direction. After
the 4 s, when the flow stabilizes and starts repeating a definite particulate pattern,
then the curve of bed pressure drop becomes flatter. It also has been noticed for higher
particle diameter.

Variation of bed pressure drop (P1-P3 and P1-P2) for a range of superficial gas
velocity (0—1 m/s) at a particular size of particles (0.280 mm) has been depicted in
Fig. 6. It can be noticed from Fig. 6 that the value of bed pressure drop increases
up to superficial gas velocity (0.184 m/s) and, after that, attain a constant value.
This is because solid particles are in contact with each other at the initial stage of
fluidization and have more cohesive force between the particles, so more pressure
drag is required to break this interparticle cohesive force. Once the interparticle
force breaks, there is no further increment in the bed pressure drop with an increase
in the superficial gas velocity. It also has been concluded that with the increase in
the superficial gas velocity, the pressure drop in the upper half of the bed increases
more rapidly compared to the lower half of the bed. This is because there will be
a more solid volume fraction at a higher velocity at the upper half of the bed than
the lower half, so there will be more pressure drop. Variation of void fraction along
the height of the riser for three different diameters of the particles (0.180, 0.280 and
0.380 mm) at a constant superficial gas velocity (3U,,r) has been depicted in Fig. 7.
It can be observed from the graph that the void fraction curve shows an up and down
trend up to a particular height inside the riser. This is due to the bubble formation
and intermixing of the phases at the lower section of the riser. After that void fraction
rises and attains a constant value of 1, which indicates that there are no solid particles
above that height inside the riser section, by comparing the void fraction graph for
different diameters of particles (0.180, 0.280 and 0.380 mm) conclusion can be made
that for smaller diameter of particles there is more void fraction has been observed in
the lower section of the riser. Figure 8 shows the variation of void fraction along with
the height of the riser for different superficial gas velocities (3U ¢, 4U s and SU, )
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Fig.7 Variation of void Superficial Gas Velocity = 3U
fraction along the height of 11
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Fig. 8 Variation of void Particle diameter = 0.280mm
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a @ constant (0.280 mm) diameter of particles. From the graph, it can be noticed
that void fraction curves show the up and down jump in the bottom section of the
riser. This is due to the fact of intermixing and high turbulence inside the system. It
can also be concluded that at higher superficial gas velocity, the void fraction curve
reaches a value at a higher height. This is because dispersed phase particles get lifted
to a higher height at a high superficial gas velocity. Figure 9 shows the variation of
void fraction for three different diameters of particles (0.180, 0.280 and 0.380 mm)
at 3U,, superficial gas velocity along the width of the riser.

Fig.9 Variation of void Superficial gas velocity = 3U,
fraction along the width of 11
riser for different particles
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8 Solid Volume Fraction Contours

Contours of volume fraction for dispersed phase at different time intervals are shown
in figure below. At time t = 0 s, all solid particles are at rest at the base of the riser; as
air enters with the proceeding of time inside the riser section through the distributor
plate, it applies the drag force over the particles. As a result of drag force, the bunch of
particles start lifting inside the riser, lift to 0.4 s and then fall towards the base plate.
Upon this, air bubble formation starts inside the riser and creates high turbulence
by mixing the phases. These bubbles form at various locations in the riser, and
as time proceeds, at the top surface of the fluidized bed, these bubbles blend and
expand in size and rapture. The same phenomenon of lifting a bunch of particles,
bubble formation and intermixing of the particles has also been observed in sawdust

simulation.

t=0s t=0.1's t=0.2 s t=03 s t=04 s
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9 Conclusions

To better design of fluidized bed boiler, a detailed hydrodynamics study is required.
This hydrodynamic study will guide us for better gasification and combustion inside
the fluidized bed boiler. The outcome from the detailed study is presented below:

Using the Eulerian—Eulerian two-fluid process, hydrodynamics analysis of three
distinct Geldart B groups of particles (0.180, 0.280 and 0.380 mm) was conducted
within a 2D riser.

Fluidized bed pressure drops increased as particle diameter increased; a maximum
value of 7 kPa was observed with particle diameter 0.380 mm, and a minimum
value of 5.5 kPa was observed with a particle diameter of 0.180 mm. With a
particle diameter of 0.280 mm, a pressure drop of 6 kPa was observed.

Based on the simulation results, the value of bed pressure drop increases as
the superficial gas velocity increases up to the minimum fluidization velocity
(0.184 m/s), beyond which there is no additional rise in bed pressure drop as the
superficial gas velocity increases.

By examining the void fraction curve along with the riser’s height, it can be
inferred that bubble forming and high phase intermixing occurred in the lower
portion of the riser, which is beneficial for heat and mass transfer within the
fluidized bed riser. The fluidized bed’s height rises as particle diameter decreases.
With 0.180 mm particle diameter, the fluidized bed height increased to 60 cm,
while with 0.380 mm particle diameter, the fluidized bed height decreased to
45 cm.

Furthermore, it has been observed that as the superficial gas velocity increases,
the fluidized bed height increases. At 0.280 mm particle diameter, the highest
fluidized bed height (65 cm) was observed at five times minimum fluidization
velocity (SU ). In contrast, the lowest fluidized bed height (50 cm) was observed
at three times minimum fluidization velocity (3U ).
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