


Principles and Practice



Regine Eibl • Dieter Eibl • Ralf Pörtner
Gerardo Catapano • Peter Czermak

Cell and Tissue Reaction 
Engineering

With a Contribution by Martin Fussenegger 
and Wilfried Weber



ISBN: 978-3-540-68175-5 e-ISBN: 978-3-540-68182-3
DOI: 10.1007/978-3-540-68182-3

Library of Congress Control Number: 2008926595

This work is subject to copyright. All rights are reserved, whether the whole or part of the material is 
concerned, specifically the rights of translation, reprinting, reuse of illustrations, recitation, broadcasting, 
reproduction on microfilm or in any other way, and storage in data banks. Duplication of this publication 
or parts thereof is permitted only under the provisions of the German Copyright Law of September 9, 
1965, in its current version, and permission for use must always be obtained from Springer. Violations 
are liable for prosecution under the German Copyright Law.

The use of registered names, trademarks, etc. in this publication does not imply, even in the absence of 
a specific statement, that such names are exempt from the relevant protective laws and regulations and 
therefore free for general use.

Cover design: WMX Design GmbH, Heidelberg, Germany

Cover illustration: Alginate-encapsulated human mesenchymal stem cell line (hMSC-TERT) © Institute 
of Biopharmaceutical Technology, University of Applied Sciences Giessen-Friedberg, Giessen, Germany

Printed on acid-free paper

9 8 7 6 5 4 3 2 1

springer.com

Prof. Dr.-Ing. Regine Eibl
Prof. Dr.-Ing. Dieter Eibl
Institute for Biotechnology
Zurich University of Applied Sciences
Department for Life Sciences and Facility
Management
P.O. Box
8820 Wädenswil, Switzerland
e-mail: regine.eibl@zhaw.ch
e-mail: dieter.eibl@zhaw.ch

PD Dr.-Ing. Ralf Pörtner
Hamburg University of Technology 
(TUHH)
Institute for Bioprocess and Biosystems
Engineering
Denickestr. 15
21073 Hamburg, Germany
e-mail: poertner@tuhh.de

Prof. Dr. Eng. Gerardo Catapano
Department of Chemical Engineering 
and Materials
University of Calabria
87030 Rende (CS), Italy
e-mail: catapano@unical.it

Prof. Dr.-Ing. Peter Czermak
Institute of Biopharmaceutical Technology
University of Applied Sciences
Giessen-Friedberg
Wiesenstrasse 14
35390 Giessen, Germany
and
Department of Chemical Engineering
Kansas State University, Manhattan, USA
e-mail: peter.czermak@tg.fh-giessen.de

© 2009 Springer-Verlag Berlin Heidelberg



Preface

The completion of the Human Genome Project and the rapid progress in cell biol-
ogy and biochemical engineering, are major forces driving the steady increase of 
approved biotech products, especially biopharmaceuticals, in the market. Today 
mammalian cell products (“products from cells”), primarily monoclonals, 
cytokines, recombinant glycoproteins, and, increasingly, vaccines, dominate the 
biopharmaceutical industry. Moreover, a small number of products consisting of 
in vitro cultivated cells (“cells as product”) for regenerative medicine have also 
been introduced in the market.

Their efficient production requires comprehensive knowledge of biological as 
well as biochemical mammalian cell culture fundamentals (e.g., cell characteristics 
and metabolism, cell line establishment, culture medium optimization) and related 
engineering principles (e.g., bioreactor design, process scale-up and optimization). 
In addition, new developments focusing on cell line development, animal-free cul-
ture media, disposables and the implications of changing processes (multi-purpose-
facilities) have to be taken into account. While a number of excellent books treating 
the basic methods and applications of mammalian cell culture technology have been 
published, only little attention has been afforded to their engineering aspects.

The aim of this book is to make a contribution to closing this gap; it particularly 
focuses on the interactions between biological and biochemical and engineering 
principles in processes derived from cell cultures. It is not intended to give a com-
prehensive overview of the literature. This has been done extensively elsewhere. 
Rather, it is intended to explain the basic characteristics of mammalian cells related 
to cultivation systems and consequences on design and operation of bioreactor sys-
tems, so that the importance of cell culture technology, as well as differences com-
pared to microbial fermentation technology, is understood.

The book is divided into a part related to mammalian cells in general (part I) and 
a second part discussing special applications (part II). Part I starts with an overview 
of mammalian cell culture technology in Chapter 1, where we present definitions, 
the historical perspective and application fields including products; we summarize 
the most commonly used mammalian cell types as well as their characteristics and 
discuss resulting process requirements in Chapter 2. This chapter also outlines the 
current understanding of the cell metabolism including mammalian cell culture 
kinetics and modelling. Chapters 3 to 5 cover engineering aspects of mammalian 
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cell culture technology: Chapter 3 includes a categorization of suitable mamma-
lian cell culture bioreactor types with their descriptions, and highlights the trends 
for R&D and biomanufacturing, as well as special features of bioreactors for cell 
therapy and tissue engineering. Chapters 4 and 5 discuss key process limitation 
issues and show how they should be handled with respect to optimized mammalian 
cell bioreactor and process design. In this context we distinguish between suspen-
sion cells (non-anchorage dependent growing cells) and adherent cells (anchorage 
dependent growing cells) and focus on shear stress by aeration as well as mixing, 
oxygen transport, nutrient transfer, process strategy and monitoring, scale-up fac-
tors and strategies.

In part II, special cell culture applications which are predicted to have a high 
potential for further development are treated (see Chapter 6 to Chapter 8). These 
chapters treat insect cell-based recombinant protein production, bioartificial organs 
and plant cell-based bioprocessing.

The questions and problems included should enable the reader, especially stu-
dents, to develop a clear understanding of the fundamentals and interactions pre-
sented in each chapter of the book. We hope that this book will be of interest to 
students of biotechnology who specialize in cell cultivation techniques and bio-
chemical engineering as well as to more experienced scientists and industrial users 
who work with cell cultures as production organisms.

Finally, we acknowledge our contributing authors, Dr. Wilfried Weber and Prof. 
Dr. Martin Fussenegger and thank them for their dedication and diligence. We 
would also like to thank our families for their support during the writing and editing 
of this book. In addition, we are very grateful to Springer for their keen interest in 
bringing out this book of quality work.

May 2008 G. Catapano
P. Czermak

R. Eibl
D. Eibl

R. Pörtner
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Chapter 1
Mammalian Cell Culture Technology: 
An Emerging Field

D. Eibl, R. Eibl, and R. Pörtner

Abstract Mammalian cell culture technology has become a major fi eld in modern 
biotechnology, especially in the area of human health and fascinating developments 
achieved in the past decades are impressive examples of an interdisciplinary interplay 
between medicine, biology and engineering. Among the classical products from cells 
we fi nd viral vaccines, monoclonal antibodies, and interferons, as well as recombinant 
therapeutic proteins. Tissue engineering or gene therapy opens up challenging new 
areas. Bioreactors from small- (ml range up to 10 L) to large-scale (up to 20 m3) have 
been developed over the past 50 years for mammalian cell culture-based applications. 
In this chapter we give a defi nition of mammalian cells and a brief outline of the his-
torical development of mammalian cell culture technology. Fields of application and 
products from mammalian cells, as well as future prospects, are discussed.

1.1 Definition and History

Mammalian cell culture technology has become a major field in modern biotech-
nology, especially in the area of human health, and fascinating developments 
achieved in the past few decades are impressive examples of an interdisciplinary 
interplay between medicine, biology and engineering (Kelly et al. 1993; Howaldt 
et al. 2005). Among the classical products from cells we find viral vaccines, mono-
clonal antibodies and interferons, as well as recombinant therapeutic proteins 
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4 D. Eibl et al.

(Fig. 1.1). Tissue engineering or gene therapy has opened up challenging new areas 
(Otzturk 2006). “Mammalian cell culture” refers to the cells of a mammalian, 
isolated from specific tissues (i.e. skin, liver, glands, etc.) and further cultivated and 
reproduced in an artificial medium (Fig. 1.2) (Butler 2004; Shuler and Kargi 2002). 
During the cultivation of mammalian cells in vitro, outside a living organism, some 
specific difficulties arise in the extraction of the cells from a “safe” tissue. Slow 
growth rates with doubling times between 12 and 28 h, low productivity, sensitivity 
against shear stress due to the lack of a cell wall (Cherry 1993), and complex require-
ment of growth medium are the challenges in developing techniques for mamma-
lian cell culture. Moreover, many cell lines grow adherent, and a suitable surface 
for attachment has to be provided for these cells to proliferate. As mammalian cells 
have originated from multi-cellular organisms, they still hold the genetic program 

Fig. 1.1 Application fields of mammalian cells

Fig. 1.2 Morphology of (a) suspendable and (b) adherent mammalian cells (bar approx. 30 µm)
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of inducing their own cell death; a process called “apoptosis” or “programmed cell 
death” (Cotter and Al-Rubeai 1995; Singh et al. 1994; Al-Rubeai and Singh 1998). 
This can limit culture productivity in biotechnological processes. Another major 
problem is the finite life-span of primary cells, which die after several doublings 
in vitro. This problem was solved by transforming primary cells into immortal, 
“established” or “continuous” cell lines.

Considerable effort has been directed towards the development of mammalian 
cell culture technology, and appreciable progress has been achieved in the past few 
decades (Glaser 2001; Kretzmer 2002). Media that used to contain up to 10% 
serum have been continuously improved, and the cultivation in defined serum-free 
and even chemically defined, protein-free media is now common for most relevant 
industrial cell lines. Bioreactors have been developed, which provide the required 
low shear-stress environment by introducing gentle agitation and aeration with slow 
moving stirrers in tanks, or designing special aerators for air-lift reactors, or sepa-
rating the cells from stressful conditions like hollow-fibre, fluidized-bed, and fixed-
bed reactors. By using specific fermentation techniques for cell culture improvement 
(Fig. 1.3) mammalian cells can now be cultured in very large volumes (up to 
20,000 L) to provide the needed quantity and quality of the desired product. On the 
industrial scale the adherent cell lines can be cultivated on micro-carriers (e.g. for 
vaccine production) or adapted to grow in suspension, e.g. cell lines derived 
from baby hamster kidney cells (BHK) or chinese hamster ovary cells (CHO). 
International developments have focused on application of disposables (single-use 

Fig. 1.3 Techniques for cell culture improvement
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equipments) in mammalian cell-based processes to reduce the development and process 
costs, shorten time to market and enable quick process modifications. (Besides dis-
posable bags for storage and sampling, liquid-handling container systems, disposa-
ble sensors, filters and couplings, disposable bioreactors have also become 
increasingly accepted.

Genetic engineering has contributed significantly to the recent progress in this 
area (Korke et al. 2002; Wurm 2004; Butler 2005). With this technology, functional 
proteins can be produced by introducing recombinant DNA into cell lines, e.g. chi-
meric (humanized) antibodies are produced for in vivo applications in transfectoma 
or recombinant CHO cells. New promoters have been developed to enhance pro-
ductivity, and product titres up to five gram per litre  have been reported for some 
industrial cell lines. By genetically induced proliferation, novel cell lines can now 
be constructed from primary cells, without losing functionality (Kim et al. 1998; 
Bebbington et al. 1992).

The following sections provide a basic understanding of the specific require-
ments of mammalian cells, describe state of the art process technology for cultiva-
tion of these cells and give a future perspective. A comprehensive overview on 
mammalian cell culture technology is given by Ozturk and Hu (2006).

1.2  Fields of Application and Products 
from Mammalian Cells

A detailed overview of the products from mammalian cells is given in (Bebbington 
et al. 1992; Griffiths 2000). Among “Products from cells” viral vaccines (Cryz 
et al. 2005) against polio, hepatitis B, measles, and mumps for human use and 
rubella, rabies, and foot-and-mouth-disease (FMD) for veterinary use are important 
products. Viral vaccines are produced efficiently by cell-based vaccine technology. 
For this purpose, primary cells, diploid cells or permanent cell lines (e.g. VERO) 
and recently, even recombinant cell lines are used. A breakthrough for the large-
scale production of viral vaccines with anchorage-dependent cells was the develop-
ment of microcarriers in the late 1960s which permitted cultivation in stirred tanks 
on thousand-litre scale. New targets for cell-based vaccines are the human immuno-
deficiency virus (HIV), herpes simplex virus, and influenza. Recent developments 
include genetically engineered or DNA-vaccines.

Monoclonal antibodies (Galfre et al. 2005) have become a valuable tool for 
diagnostic purposes, as well as therapy. Antibodies synthesized by B-lymphocytes 
play an important role in the immune system of mammalians. Traditionally poly-
clonal antibodies were isolated from blood samples. In the 1970s Milstein and 
Kohler developed a technique to generate hybridoma cells producing monoclonal 
antibodies (Köhler and Milstein 1975). Due to specific binding, monoclonal anti-
bodies are widely used for diagnosis, as tens of thousands of different monoclonal 
antibodies are available. The importance of monoclonal antibodies as therapeutic 
agents has evolved only recently, as immunogenic mouse antibodies were replaced 
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by chimeric, humanized or human antibodies. Areas of application are organ trans-
plantation (OKT3), cancer diagnosis and treatment, rheumatoid arthritis, leukaemia,
asthma, and multiple sclerosis. Presently several antibodies are being produced in 
kilogram quantities (Ozturk 2006). Modern recombinant techniques focus on new 
antibody formats such as fragmented antibodies (FAb’s) or bivalent antibodies, 
with a broad range of applications.

Glycoproteins are another important group of products produced from mamma-
lian cells. Starting with the production of α-Interferon as an anti-infectious drug by 
(non-recombinant) Namalwa cells in the late 1970s, a growing number of glycopro-
teins for treatment of a wide variety of diseases are produced by means of mostly 
recombinant mammalian cells. Prominent examples are cytokines (e.g. Interferons 
and Interleukins), hematopoetic growth factors (e.g. Erythropoeitin for treatment of 
anemia), growth hormones, thrombolytic agents (e.g. tissue plasminogen activator 
[tPA]), coagulation factors (factor VII, factor VIII, factor IX, etc.), and recombinant 
enzymes (DNAse) (Ozturk 2006).

Recombinant proteins may be produced by bacterial, yeast, or mammalian 
cells. From a technological point of view, hosts such as bacteria or yeast have an 
advantage as regards the growth rate, final cell density and product concentration. 
Nevertheless, mammalian cells are preferred for those proteins requiring a spe-
cific, human-like glycosylation pattern (Andersen and Goochee 1994; Harcum 
2006), which is difficult to obtain in other host systems. Another problem for 
microorganisms is the maximum size of the protein produced which must be 
below a molecular weight of approximately 30,000 Da. Further, in contrast to extra 
cellular release of most proteins produced in mammalian cells, products from 
microorganisms are often accumulated intra-cellularly in ‘inclusion bodies’. This 
requires a more complex down-streaming. Besides this, for mammalian cells, 
important parameters such as product yield, medium requirements and growth 
characteristics (suspendable, shear resistant) have been significantly improved.

Proteins produced in the milk of transgenic animals have begun to compete with 
“classical” mammalian cell culture (Werner 1998; Young et al. 1997; Garner 1998; 
Wilmut et al. 1997). The proteins are usually expressed in large titres, over one 
order of magnitude higher than those obtained from cell cultures. The price for the 
production in transgenic animals will probably continue to decrease significantly 
due to the development of more efficient reproduction technologies. These new 
approaches will significantly decrease the time for the development of a product. 
The disadvantages of transgenic animals are (i) more sophisticated down-streaming 
(high protein loads), (ii) long development time, (iii) inability to produce proteins 
that might impair the health of the animal (e.g. insulin), (iv) higher risk of viral 
contamination and (v) the possibility of prion contamination (scrapies, BSE).

The field of “Cells as products” includes (i) the development of artificial organs 
(tissue engineering of liver, kidney) and tissues (skin, cartilage, bone), (ii) the 
expansion of hematopoietic cells for bone marrow transplantation and (iii) gene 
therapy. The loss and damage of tissues cause serious health problems (Langer 
2000; Griffith and Naughton 2002; Petersen et al. 2003). For example, in the United 
States, annually almost one-half of the costs of medical treatments are spent on 
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implant devices. Worldwide, 350 billion USD are spent on substitution of organs. 
The substitution of tissues (such as bone or cartilage) or joints with allograft materi-
als includes the risk of infections by viruses (such as HIV, hepatitis C) or a graft 
rejection. Artificial implants such as those used in knee or hip replacement, have 
limitations due to their limited lifespan, insufficient bonding to the bone, and aller-
gic reactions caused by material abrasion. These call for new concepts in practical 
medical applications. Tissue-engineered substitutes generated in vitro could pro-
vide new strategies for the restoration of damaged tissues. The aim of tissue engi-
neering can be defined as the development of cell-based substitutes to restore, 
maintain or improve tissue functions. These substitutes should have organ-specific 
properties with respect to biochemical activity, microstructure, mechanical integrity 
and bio-stability. Cell-based concepts include the following:

● Direct transplantation of isolated cells
● Implantation of a bioactive scaffold for the stimulation of cell growth within the 

original tissue
● Implantation of a three dimensional (3D) bio-hybrid structure of scaffold and 

cultured cells or tissue. Non- implantable tissue structures can be applied as 
external support devices (e.g. an extra-corporal liver support when a compatible 
donor organ is not readily available) or engineered tissues can be used as in vitro
physiological models for studying disease pathogenesis and developing new 
molecular therapeutics, e.g. drug screening (Pörtner et al. 2005).

Somatic gene therapy implies transfection of a specific gene to cells isolated previ-
ously from a patient suffering from a genetic disease (Mulligan 1993; Le Doux and 
Yarmush 1996; Schlitz et al. 2001). The transfected cells are then re-introduced into 
the patient. Gene therapy involves transfer of genetic material and encoding thera-
peutic genes and the sequence necessary for expression to target cells to alter their 
genetic code for a desired therapeutic effect. Many diseases originate from gene 
defects. Expression of the transferred genes can result in the synthesis of therapeu-
tic proteins or correction of a gene defect. Gene transfer could also lead to desired 
apoptosis or inhibition of cell proliferation. Theoretically gene therapy can be 
applied for repairing single entailed gene defects, acquired gene defects such as 
chronic infectious diseases, multifactor genetic diseases such as cardiovascular dis-
ease and finally cancer. Since the first application of gene therapy in 1990, the 
number of clinical trials has increased significantly. Gene therapy is now widely 
used in ongoing clinical trials for the treatment of cancer, infectious diseases such 
as human immunodeficiency virus (HIV) infection and tissue engineering.

1.3 Future Prospects

Mammalian cell culture products are currently used mainly as medicines or in 
diagnostics. As medicines some products have a demand of 500 kg/year and gener-
ate $1–2 billion in revenue. Among these are tissue plasminogen activator (tPA), 
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erythropeithin (EPO)-products and Remicade® (Centocor) or MAbThera® (Otzturk 
2006). The pipeline for new biopharmaceutical therapeutics targets a large number 
of diseases (e.g. 425 for USA in 2002) (PhRMA 2002), most of them for cancer 
therapy, infectious diseases, autoimmune diseases, or AIDS/HIV. It can be expected, 
that at least some of these will find their way to the market. As for some established 
compounds, the patents have already expired or will expire in the near future. 
Consequently, there will be a market for biosimilar or generic products. On the 
other hand, the costs for target identification, clinical trials and process develop-
ment will increase (approx. $0.5–1 billion at the current market rates) and only 
mass produced items will make it finally to the market. New products or medical 
protocols can be expected for tissue engineering and cell therapy.

1.4 Exercises

● Name industrially relevant products from mammalian cells.
● Investigate the techniques used for the production of viral vaccines.
● Discuss the pros and cons of glycoprotein expression in hosts of bacterial, fungi 

or mammalian origin.
● Name industrially relevant drugs (glycoproteins) produced by recombinant 

mammalian cells.
● Give examples of “cells as products”.
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Chapter 2
Characteristics of Mammalian Cells 
and Requirements for Cultivation

R. Pörtner

Abstract This chapter aims at presenting a general overview on the specific 
characteristics of mammalian cells to those not familiar with cell biology. At first, 
differences between mammalian cells, plant cells and microbes are discussed. Then 
consequences for design of bioreactors and processes are also discussed. Different 
types of mammalian cells (primary cells, permanent (established) cell lines, hybrid-
om cells) are introduced. Techniques required, to get from primary cells to permanent 
(established) cell lines and the hybridom technique for production of monoclonal an-
tibodies are also briefly outlined. Culture collections and cell banking are discussed 
with respect to its purpose and the build-up. Appropriate culture media is an essential 
requirement for successful mammalian cell culture and is therefore introduced in 
depth. The chapter also focuses on characteristics of cell growth and metabolism. 
A short introduction to cell metabolism is followed by a detailed discussion on aspects 
related to modelling of cell growth and metabolism of mammalian cells.

2.1  Differences Between Mammalian Cells, Plant Cells 
and Microbes: Consequences of These Differences

Due to their internal complexity living cells are divided into two types – prokaryotic
and eukaryotic cells. Prokaryotic cells are simple in structure, with no recogniza-
ble organelles. They have an outer cell wall to provide a shape. Just under the rigid 
cell wall is the more fluid cell membrane. The cytoplasm enclosed within the cell 
membrane does not exhibit much structure when viewed through electron micro-
scopy. Eukaryotic cells of protozoa, higher plants and mammalians are highly 
structured. These cells tend to be larger than the cells of bacteria. They have developed
specialized packaging and transport mechanisms that may be necessary to support 
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their larger size. For a deeper understanding of cell physiology special books are 
available (Butler 2004; Freshney 1994). Here, mainly the consequences of the 
specific characteristics with respect to cultivation and product formation is 
discussed.. As can be seen from Table 2.1, the culture characteristics of microbial, 
plant cell and mammalian cell culture differ significantly.

Some more aspects are relevant for cultivation of mammalian cells. They vary 
in size (10–30 µm) and shape (spherical, elipsoidal) and have a high tendency to 
adhere or form aggregates even in suspension cells. This results in homogenisation 
problems and mass transfer limitations. Moreover, mammalian cells do not have a 
cell wall, but are surrounded by a thin and fragile plasma membrane that is com-
posed of protein, lipid, and carbohydrate. This structure results in significant shear 
sensitivity (compare Sect. 3.1). Slow growth rates result in low oxygen uptake rate 
of the culture. Therefore comparatively low aeration rates are needed.

2.2 Types of Mammalian Cells

In general, mammalian cells relevant for industrial processes can be divided into 
following groups:

● Primary cells have been isolated from a tissue and then taken into culture (pri-
mary culture).

● Permanent or established cell lines originate from a primary culture, but due to 
some transformation are able (at least theoretically speaking) to divide and pro-
liferate indefinitely. Those cell lines are kept in a cell bank and are very often 
used as host cells for the expression of recombinant proteins.

● Hybridom cells are the cells, which are obtained through the fusion of lym-
phocytes and tumour cells and are able to express monoclonal antibodies.

Table 2.1 Culture characteristics (suspension) of microbial, plant cell and mammalian cell 
culture (t

d
: doubling time, vvm: volume of gas per volume of liquid and minute)

   Mammalian cell
Characteristic Microbial culture Plant cell culture culture

Size 2–10 µm 10–100 µm 10–30 µm
Individual cells Often Often aggregates Sometimes adherent
Inoculation density Low High (10%) High (5–10%)
Growth rates Rapid (t

d
 = 1–2 h) Slow (t

d
 = 2–7 d) Slow (t

d
 = 20–50 h)

Shear sensitivity Low Moderate High
Stability Stable Unstable Unstable
Product accumulation Intra-/extracellular Mostly intracellular Mostly extracellular
Culture medium Often simple Often complex Complex
Temperature 26–36 °C 25–27 °C 29–37 °C
Aeration Often high (1–2 vvm) Low (0.1–0.3 vvm) Low (~ 0.1 vvm)
Foaming Often high sometimes foaming Sometimes foaming
pH-value 3–8 5–6 7.0–7.4
Cell density (Very) high Low Low–middle
Scale-up Easy Difficult Difficult
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The characteristics of these cell types is discussed briefly in the following pages. For 
more detail refer to Butler (2004) and Freshney (1994) along with other books.

2.2.1 From Primary Cells to Permanent (Established) Cell Lines

In mammalian tissue usually the following cell types can be distinguished (Butler 
2004):

● Epithelial cells: are those which cover organs (i.e. the skin) or vessels (i.e. 
veins). Epithelial cells can be taken in culture relatively easily.

● Fibroblasts: original from the connective tissue, this consists of fibrous matrix. 
For example, collagen in cartilage. Fibroblasts in culture exhibit excellent 
growth characteristics and therefore belong to the most utilised cell groups.

● Muscle cells: Muscles are composed by an association of small channels that are 
built out of myoblasts. The process of building those channels can be repeated 
by the myoblasts in culture.

● Nerve cells: nervous tissue is made of characteristically shaped neurones, which 
are responsible for the transmission of electric impulses. Neurones are highly 
differentiated cells and cannot be grown in culture. But some of its characteris-
tics have been observed in cultures of the so-called neuroblasts, i.e. tumour cells 
originate from nervous tissue.

● Lymphocytes: Blood and tissue fluids contain a series of suspended cells, from which 
some are able to grow in culture. For example, lymphocytes i.e. white blood cells.

The normal procedure for the isolation of a mammalian cell from a tissue involves the 
following steps: (i) a small piece of tissue is decomposed into single cells or cell clots 
mechanically, enzymatically [e.g. typsin (Kasche et al. 1980), collagenase] or through 
a combined procedure. (ii) The cells are then separated from the enzymes by centrifu-
gation and re-suspended in culture medium. (iii) After that, the cells are inoculated 
into a special glass or plastic vessel with flat bottom. The anchorage dependent cells 
(compare Fig. 2.1) adhere to the bottom surface and after a lag phase, divide by mito-
sis. This a cell culture, in which the cells come from a differentiated tissue, is called 
a primary cell culture. The most critical point in the isolation of primary cells is to 
avoid external contamination by practising aseptic techniques.

When the primary cells cover the bottom of the culture vessel almost completely, 
they are enzymatically cleaved (i.e. trypsin) from their support and used to inoculate 
new cultures. This subculture is the origin of the so called secondary cultures. Some 
of the cells are stored deeply frozen in liquid nitrogen. They remain as a safety stock, 
from where,at any needed time, it is possible to get enough “fresh” cells to start a 
new series of subcultures for mass production. With the primary cells it is possible 
to repeat subcultures several times. However, the primary cultures have a finite life 
span and therefore, after a certain number of doublings (from 50 to 100 times), the 
cells cease to grow and die. A finite growth capacity is a characteristic of all cells 
derived from normal mammalian tissue. A cell can be considered as normal, when 
it shows a certain set of characteristics (Hayflick and Moorhead 1961):
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● A diploid number of chromosomes (i.e. 46 chromosomes for human cells) with 
which it is shown that no gross chromosome damage has occurred.

● Adherence: the cells require a surface to grow and attach to (anchorage depend-
ent). The growth phase extends until the cells reach a stage of confluence (con-
tact inhibition).

● A finite life span in culture.
● Non-malignant: the cells are not cancerous, i.e. they do not cause tumour in mice.

In the 1960’s normal cells were required for the production of human vaccines. This 
was to ensure the safety of these products (Butler 2004).

Not all cell types produce exclusively primary cell cultures, and die after a lim-
ited number of “passages”. Some cells acquire an infinite life span and such a 
population is usually called a “permanent” or “established cell line”. These cells 
have undergone a “transformation”, i.e. they have lost their sensitivity to the 
growth control mechanisms (Fig. 2.2). Transformed cells can also lose the characteristic
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to grow when adhered to a surface and thus are able to grow in suspension. These 
transformations are also sometimes reflected in the chromosomes, changing 
the genotype of the cells. Transformed cells can be easily grown in relatively 
simple media without addition of expensive growth factors. Initially, transformed 
cells were identified by chance. But, today there are techniques to cause cell trans-
formation and “immortalisation”. For example, the treatment with mutagenic 
substances, with virus or with oncogenic substances (Butler 2004). Transformation 
of cells in vitro shows some similarities with carcinogenese in vivo, but is not 
identical to it. For instance, not all the transformed cells are malignant. On the 
other hand, all cells that are isolated from tumours (i.e. HeLa or Namalwa Cells) 
can be kept in a permanent culture.

The characteristics of normal and transformed cells with respect to cultivation 
are summarized in Table 2.2. An overview on permanent cell lines important for 
research and production is given in Table 2.3.

An alternative expression system for recombinant proteins offer insect cells, 
especially the insect cell-baculovirous expression system (IC-BEVS) (Ikonomou 
et al. 2003) (compare Part II, Chap. 8). Commonly applied are Sf9- or Sf21-cells
isolated from Spodoptera frugiperda. Production of heterologous proteins by the 
IC-BEVS consists of two stages. Insect cells are first grown to a desired concentra-
tion and then infected with a recombinant baculovirus containing the gene coding 
for the desired protein. In the mean time, several recombinant proteins produced by 
this technique have already reached the market (e.g. Cervarix, FluBiok, Provenge).

2.2.2 Hybridom Cells for Production of Monoclonal Antibodies

Hybridom cells are “artificial” cells produced by the fusion of human or mamma-
lian lymphocytes, which can secret specific antibodies, with a myelom cell. Usually 
lymphocytes do not survive outside the original organism, i.e. cannot be kept alive 
in an artificial medium. Köhler and Milstein (1975) were able to solve this problem 

Table 2.2 Comparison of “normal” and “transformed” cells

Normal Transformed

Diploid (46 chromosomes for human cells) Abnormal number of chromosomes
Non-malignant Malignant (form tumour in mice)
Finite life-span (50+-10 subcultures max.) Infinite life-span
Anchorage-dependent (except blood cells) Non-anchorage-dependent

(i.e. suspension culture possible)
Mortal; finite number of divisions Immortal or continuous cell lines
Contact inhibition; monolayer culture No contact inhibition; multilayer cultures
Dependent on external growth  May not need an external source

factor signals for proliferation of growth factors
Longer retention of differentiated  Typically loss of differentiated

cellular function cellular function
Display typical cell surface receptors Cell surface receptor display

may be altered
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by fusing a mouse myelom cell similar to a tumour cell with a lymphocyte from a 
mouse spleen, which produced antibodies. The cells generated in this way are 
hybrid cells (also called “hybridom cells”) and have the lymphocyte characteristic 
to produce antibodies against a certain antigen. They also have the ability from the 
myelom cells to survive in culture.

Table 2.3 Examples of permanent cell lines important for research and production 
(data from Butler 2004, modified)

Cell Line Origin Application

Baby Hamster  Syrian hamster, 1963 Adherent cells, but can be
Kidney (BHK)  adapted to suspension,

foot & mouth disease
vaccine, rabies vaccine, 
recombinant proteins
(Factor VIII)

Chinese Hamster  Ovary of Chinese  Adherent cells, but can be
Ovary (CHO) hamster, 1957 adapted to suspension,

recombinant proteins
(HBstg, tPA, Factor VIII)

COS Monkey kidney Transient protein expression
(Edwards and Aruffo 1993)

NAMALWA Human lymphatic tissue Alpha-Interferon
HeLa tumour in a cervical Fast growing tumour cell

vertebra line that was isolated in the
beginning of the 50ies.

HEK Human embryonic  Transient protein expression
kidney, 1977

MDCK rabbit kidney Adherent cell line with
good growth characteristics,
animal vaccines

MRC-5 Human embryonic lung cells “Normal” cells with a finite
life span, vaccine 
production

NS0 and SP2/0 Mouse myelom from  Antibody production
B-lymphocytes

3T3 Mouse connective tissue Suspendable, used in the
development of the cell
culture technology

WI-38 Human embryonic lung cells “Normal” cells with a finite
life span

   Vaccine production
Vero African green monkey  Established cell line, 

kidney, 1962 but with some
characteristics of the normal
diploid cells.

PERC.6 Human embryonic  Immortalized cell line,  
retina cells, 1998 well characterized, produce

high levels of recombinant
proteins and viruses
(Butler 2005; Maranga
and Goochee 2006)
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Antibodies are glycoproteins that mammalians produce to protect the organism 
against unknown substances (antigens, e.g. virus, bacteria, foreign tissue) (Milstein 
1988). The immune system of the organism reacts by the proliferation of B-
Lymphocytes. They belong to the group of white blood corpuscles that produce 
antibodies against certain groups of the antigen molecules. The B-lymphocytes 
release the antibodies into the blood and they can then specifically bind to the anti-
gen to induce final removal of the antigen. The antibodies are found in the globuline 
fraction of blood proteins and are therefore known as immunoglobulins.

The peculiarity of antibodies is binding sites allowing them to bind to specific 
determined groups on the surface of the antigen (key – keyhole). A very important 
aspect of the reaction between antibodies and antigens is its specificity. This means 
the capacity of an antibody to bind specifically to “its” antigen, even under a large 
number of diverse molecules, i.e. to bind only to the molecule which belongs to the 
group corresponding for which the antibody was tailored.

There are five major classes of antibodies (IgG, IgA, IgM, IgD and IgE). They 
are basically differentiated by the structure of the heavy chains. In blood serum 
mostly IgG antibodies are found. They are composed of two light and two heavy 
chains, which are bound through disulphide bridges (Fig. 2.3). In addition,we have 
to distinguish between constant or variable regions. The former shows the same 
composition and amino acid sequence inside a sub-group and is the characteristic 
of a certain mammalian, belonging to a major class. A human IgG is only to differ-
entiate from the IgG from a mouse through the constant region. This difference is 
very important for the application of antibodies (see below). In the variable section, 
this specifically binds to an antigen. The order of the amino acids changes from 
antibody to antibody (specific region).

Fig. 2.3 Schematic structure of an antibody (IgG)
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The basic technology for production of monoclonal antibodies by hybridoma 
cells developed by Köhler and Milstein is described briefly in the following 
(Milstein 1988). At first, the spleen cells from an immunised (i.e. cells that are 
building antibodies) mouse are fused with the help of polyethylenglycol with mye-
lom cells from a mouse or a rat. The created hybrid cells are separated from the 
other cells with the help of a selective medium (HAT medium: a mixture of hypox-
anthine, aminopterine, thymidine), where only the hybrid cells can survive. Then 
one should evaluate which kind of antibodies the hybrid cells produce by the isola-
tion of each cell and its cloning. During the first cultivations, the hybrid cells lose 
part of their chromosomes and finally secret homogenous immunoglobulin. The 
clones that produce the desired antibody can be frozen for storage. Whenever the 
antibodies are needed, the hybrid cells are defrozen and proliferated in a suitable 
medium. The antibodies can be later isolated from the medium. In addition, it is 
also possible to inject the cells directly in animals, in which large antibodies pro-
ducing tumours are built and they secrete the antibodies into the blood.

The characteristic of antibodies to selectively bind antigens is widely used by the 
biological and medical research. For example, the diagnosis and protein purifica-
tion. Before the introduction of the hybridom technology, the antibodies were iso-
lated from blood serum. As this contains a large variety of different antibodies, 
these are named “polyclonal” antibodies. The application of polyclonal antibodies 
is largely affected by the purity of the antibodies and also by the availability and 
breeding of animals.

A broad therapeutic application of monoclonal mostly murine-derived antibod-
ies was hampered due to a number of side-effects. They are associated with unde-
sirable immune response in humans. This problem could be overcome, to a certain 
extent, by new techniques to produce humanized or fully human antibodies (Fig. 2.4).
Today, monoclonal antibodies or antibody fragments for a number of therapies 
including transplantation, cancer, infectious disease, cardiovascular disease and 
inflammation are already approved by the FDA for therapeutic use or they are in 
the process of getting approval. Examples were given by Dorn-Beinke et al. (2007). 
To some extent, these antibodies are produced in recombinant host cells (CHO, 
NS0, etc.) rather than in typical hybridom cells. Larger quantities of therapeutic 
antibodies are required as for diagnosis or as laboratory use. So, large-scale produc-
tion capacity will increase during the next few years.

2.2.3 Culture Collections and Cell Banking

A large number of well-characterized cell lines are offered by cell culture collec-
tions for many applications. The largest and most well known international mam-
malian cell culture collections are the American Type Culture Collection (ATCC), 
the European Collection of Animal Cell Culture (ECACC) as well as the German 
Resource Centre for Biological Material (DSMZ) (links in references). The application
of permanent cell lines for the production of vaccines faced strong opposition, 
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mainly in the 1960s. This was because of the suspicion that these cell lines, which 
behave similarly to tumour cells, could infect patients with unknown cancerous 
substances. Fortunately, no such case has been found till today. In the meantime, 
more and more permanent cell lines have been applied for the production of thera-
peutic and diagnosis substances. However, the application of permanent cell lines 
and, recombinant cell lines, is strictly controlled by supervisory boards (as the FDA 
in the US, and the EMEA within the EU, links in references). During the entire 
production cycle of a pharmaceutical, not only the product has to be identical from 
charge to charge, but also the phenotypical characteristics of the cell line have to be 
maintained. To assure that, before the beginning of the production, a “master cell 
bank” has to be created, from which a “master working cell bank” is derived, pro-
viding the inoculation material for the production cultures.

2.3 Culture Media

Basically, a growth medium for mammalian cells has to supply all the necessary 
nutrients required for growth and product formation (Eagle 1959; Butler and 
Jenkins 1989). Moreover, it should have a certain buffer capacity to stabilize the pH 
(pH optimum 7.0–7.3) and should provide an appropriate osmolality (approx. 

Fig. 2.4 Antibody engineering. Overview of different antibody formats and functional antibody 
fragments. Modified from Dorn-Beinke et al. (2007), with permission



22 R. Pörtner

350 mOsm L−1) to avoid a damage of the sensitive cell membrane (Zhanghi et al. 
1999; Oh et al. 1995; Ryu and Lee 1997; Zhu et al. 2005; Zengotita et al. 2002). 
A fundamental component of all media is a salt solution, which provides the ions 
necessary for life and keeps the osmotic pressure within the desired range. This, 
contains one or more buffer systems (Na Phosphate buffer, HEPES and/or bicarbo-
nate) for pH-regulation, and, in some cases, a pH indicator (phenol red). The 
biocarbonate–carbon dioxide buffer system acts similar to the main buffer system 
in blood in vivo:

CO H O HCO H2 2 3+ +− +�

As the pK
a
-value of this buffering system is 6.3, a concentration of bicarbonate 

in the medium (approx. 24 mM) maintains an equilibrium with 5% CO
2
 in the gas 

phase (corresponding to a partial pressure of 40 mmHg) (Butler 2004).
In most formulations, glucose is used as the main carbohydrate to provide the 

energy source as well as a precursor for biosynthesis. Alternative carbohydrates 
such as fructose can also be added. Amino acids are included as a precursor for 
protein synthesis. Whereas for most amino acids the concentration is approx. 0.1–
0.2 mmol L−1, glutamine is usually included at higher concentrations (2–4 mmol 
L−1) in order to act as a precursor for the TCA cycle intermediates (Butler 2004). 
Moreover, the medium contains vitamins, mineral salts and trace elements.

A number of medium formulations have been developed, e.g. Eagle’s minimal 
essential medium (MEM), Dulbecco’s enriched (modified) Eagle’s medium (DMEM), 
Ham’s F12, and RPMI 1640 among others. Examples of medium compositions can 
be found in Table 2.4 and in the reference literature (Butler 2004; Freshney 1994; 
Fletscher 2005). Traditionally, these basic media were supplied with approx. 5–10% 
serum (e.g. foetal calf serum [FCS] or horse serum [HS]) in order to supply specific 
growth factors and to protect the cells against shear stress. The disadvantages of 
media,containing serum are (i) the indefinite composition of such media, (ii) the high 
serum costs, (iii) the difficulty of product purification, (iv) variations between the 
charges and (v) the risk of virus contamination (Griffiths 1987).

Serum can be partially substituted by the addition of transferin, insulin, ethanol 
amine, albumin or eventually fibronectin as adherence factor in a serum-free but still 
protein containing medium (Barnes and Sato 1980; Gambhir et al. 1999; Kallel et al. 
2002). The next step to chemically defined, protein-free media was made possible 
by replacing these animal derived proteins by iron salts or iron complexes, IGF-1, 
chemically defined lipid concentrates, precursors or other simulating agents such as 
fatty acids, biotin, cholin, glycerin, ethanolamin, thiole, hormones and vitamins 
(Franék and Dolníková 1991a,b; Fassnacht et al. 1997). For chemically defined 
media, chemical structure of all compounds is known (Table 2.5). Next, addition of 
peptone or yeast extract can be helpful (Pham et al. 2003; Kim et al. 2004). However, 
the growth rate and productivity in a serum free medium can decrease (Fassnacht 
et al. 1998). In addition, the sensitivity to shear stress increases and additives with 
protecting characteristics, such as Pluronic F68 have to be added (Zhang et al. 1995; 
Al-Rubeai et al. 1992) (compare Sect. 4.1.3). Immobilization can improve the culture 
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stability of non-anchorage-dependent mammalian cells grown in serum-free media 
(Lee and Palsson 1990; Lüdemann et al. 1996). Antibiotics (penicillin, streptomy-
cin) are often added on laboratory scale to prevent contamination. On production 
scale, antibiotics are avoided and are used only as selection marker. Furthermore, on 
production scale phenolred is avoided to simplify downstream processing.

Different cell lines require different compositions. Adaptation of a cell line to 
grow without serum is quite time consuming. Not all cell lines are adapted to 
serum-free or protein-free media (Sinacore et al. 2000; Link et al. 2004). For culti-
vation of primary cells, for basic cell culture research or for vaccine production, 
which are complex processes serum-containing media are common. In industrial 
production with established optimized cell lines, serum-free, bovine-free and 
chemically defined media are state of the art technology. Well adapted medium 

Table 2.4 Basic formulation of a typical cell culture medium, 1:1 mixture of IMDM* and Ham’s 
F12 (*Iscove’s Modification of Dulbecco’s Medium)

Salts  Vitamins  Amino acids  Other compounds
(mg L−1) (mg L−1) (mg L−1) (mg L−1)

CaCl
2
 (116.60) biotine (0.0035) l-alanine (4.45) d-glucose (3151.00)

CuSO
4
·5H

2
O  D-Ca pantothenate  l-asparagine·H

2
O  Hypoxantine

(0.0013) (2.24) (7.50) (sodium salt) 
   (2.39)

Fe(NO
3
)·9H

2
O  Choline chloride  l-arginine·HCl  Linolic acid

(0.05) (8.98) (147.50) (0.042)
FeSO

4
·7H

2
O  Folic acid  l-aspartic acid  Lipolic acid

(0.417) (2.65) (6.65) (0.105)
KCl (311.80) i-inositol (12.60) l-cysteine  Phenol red

HCl·H
2
O (17.56) (8.10)

MgSO
4
 7H

2
O  nicotineamide  l-cysteine 2HCl  Putrescine 2HCl

(100.00) (2.02) (31.29) (0.081)
MgCl

2
·6H

2
O  Pyridoxal HCl  l-glutamic acid  Thymidine

(61.00) (2.031) (7.35) (0.365)
NaCl (6996.00) riboflavin  L-glutamine  Na-pyruvate

(0.219) (365.00) (55.00)
NaHCO

3
  Thiamine HCl  Glycine (18.75) 

(1200.00) (2.17)
NaH

2
PO4·H

2
O  Vitamine B12  l-histidine HCl·H

2
O

(62.50) (0.68) (31.48)
NaH

2
PO

4
·7H

2
O l-isoleucine (54.47) 

(134.00)
ZnSO

4
·7H

2
O l-lysine HCl (91.25) 

(0.432)
   l-methionine (17.24) 
   l-phenylalanine (35.48) 
   l-proline (15.25) 
   l-serine (26.25) 
   l-threonine (53.45) 
   l-tryptophane (9.02) 
   L-tyrosine (di-sodium salt)  

(55.79)
l-valine (25.85) 
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formulations allow cell densities of approx. 5×106 to > 107 cells mL−1 and product 
titer of 3–5 g L−1 (Morrow 2007; Voedisch et al. 2005; Wurm 2004).

Sterilisation of medium used during cell culture assures you that media and 
reagents are not a source of contaminants. Heat sterilization (autoclaving at 
121 °C) is not the option for many media, as autoclaving may destroy certain com-
ponents and biomolecules needed for cell growth. Filtration, therefore, is the pre-
ferred method for sterilizing cell culture media and additives. This is done usually 
by using 0.2 µm filters. Serum can be sterilised by heat inactivation, but is usually 
supplied sterilized. HTST (high temperature short time) processing is also suitable 
(Grob et al. 1998).

2.4 Characteristics of Cell Growth and Metabolism

2.4.1 Short Introduction to Cell Metabolism

For optimisation of cell culture processes a basic understanding of the metabolic 
pathways in the cells is required. This information can be subsequently used to 
improve the process itself and/or the medium and to improve the cells in appropri-
ate ways. The metabolic pathway of mammalian cells is very complex and flexible. 
Moreover, the metabolic pattern of mammalian cells alters substantially and 
becomes highly deregulated in vitro (Gódia and Cairó 2006). This is characterized 
by a high and inefficient consumption of glucose and glutamine as the main sources 
for carbon, nitrogen, and energy, leading to generation of metabolic waste products 

Table 2.5 Comparison of medium with and without serum

Medium with serum CD Medium (without serum)

Not chemically defined Chemically defined
Varying composition of every medium  Identic composition of every batch

batch
Potential source of contaminations Lower contamination risks
(viruses, mycoplasms, prions) Less complicated downstream
More complicated downstreaming Often higher biological activity

of the product
Lower biological activity of the desired  Easier validation and product

product registration
More complicated validation and product 

registration
Albumins protect cells against shear stress Viscosity of the medium is

increased by use of Pluronic F68
(cell protection agent)

 Pluronic can hinder gas input
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such as lactate, ammonia and some amino acids (alanine, glutamic acid, etc.). The 
main metabolic pathways comprise of:

● Glycolysis
● Pentose phosphate pathway
● Tricarboxylic (TCA) cyle
● Oxidative phosphorylation
● Glutaminolysis
● Metabolism of other amino acids (Gódia and Cairó 2006)

Here the discussion should give an idea of the complexity of cell metabolism only 
as far as it is necessary to understand the cell culture processes and to formulate 
kinetic models. For a more detailed description refer to the reference literature 
(Otzturk 2006; Wagner 1997; Häggström 2000; Rensing and Cornelius 1988). 
A simplified overview of the cell metabolism is shown in Fig. 2.5.

The complexity of mammalian cell metabolism, and especially the highly 
deregulated pattern leads to cell specific substrate uptake rates much higher than 
strictly necessary. It limits the performance of mammalian cells in culture. 
Different strategies are suggested in references (reviewed by Gódia and Cairó 
2006) to reduce the metabolic deregulation of the cells in culture and to obtain 
more physiologically and metabolically balanced patterns: metabolic engineer-
ing, medium redefinition and balance, and optimized bioprocess engineering 
design based on metabolic requirements. The final aim is to generate more efficient
cell culture processes.

Fig. 2.5 Metabolic pathways in hybridom cells, from Miller et al. (1988), modified
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2.4.2  Glucose, Glutamine and Amino Acids as Carbon 
and Energy Source

As mentioned before, the main substrates for mammalian cells are glucose and 
glutamine (Duval et al. 1991). Ammonia and lactate, the two main metabolites, can 
act as an inhibitor for high density cultures, and have to be minimized in the 
medium with appropriate methods. The metabolic conversion of these compounds 
follows a combination of different mechanisms and is summarized by Gódia and 
Cairó (2006): “transport into the cell, gycolysis and glutaminolysis pathways, the 
TCA cycle, phosphorylative oxidation, generation of cellular energy, regeneration 
of reducing power, among others”.

Glucose is contained in concentrations of 10–25 mmol L−1 in the culture medium. 
As the cytoplasmic membrane is impermeable to polar molecules like glucose, the 
uptake of glucose is achieved by means of transport molecules located in the plasmatic 
membrane and is mainly driven by the concentration gradient across the cell mem-
brane (Gódia and Cairó 2006). Glucose mainly provides the energy metabolism for the 
cells and can be metabolised via glycolysis to pyruvate. This results in a number of 
intermediates for biosynthesis, 2 mol ATP (adenosine triphosphate) per mol of glucose, 
and two NADH molecules. Lactate is produced as an inhibitory metabolite in a ratio 
of about 1.1–1.7 mol lactate/mol glucose. In an oxygen limiting environment (anaero-
bic metabolism) 2 moles of lactate are produced per mol of glucose. The pyruvate 
resulting from the glucolysis is oxidatively decarbonised to acetyl-CoA and trans-
formed through the TCA-cycle and through the respiratory chain into water and CO

2
.

This pathway results in 36 mol ATP per mol glucose. Another important pathway is 
represented by the pentose-phosphate pathway for building nucleotides (Batt and 
Kompala 1989; Butler 1987; Reitzer et al. 1979; Zielke et al. 1978). The percentage of 
consumed glucose that enters the pentose-phosphate pathway can be quite low, 4–8%, 
but is within the range of 15–27% (compare Gódia and Cairó 2006).

Glutamine (approx. 1–5 mmol L−1 in the culture medium) is an important precur-
sor for synthesis of purines, pyrimidines, amino sugars and asparagines (Butler 
2004). It is incorporated into the cell by means of different amino acid transport 
systems (Gódia and Cairó 2006), and it can be converted to glutamate or aspartate 
or it is metabolised in many ways in the TCA cycle (Reitzer et al. 1979; Zielke 
et al. 1978). The complete oxidation of glutamine to CO

2
 generates 21 moles ATP 

per mol glutamine; the incomplete oxidation to aspartate generates 12 mol ATP per 
mol glutamine; the incomplete oxidation to lactate generates 6 mol ATP per mol 
glutamine. The main metabolite from the transformation of glutamine is ammonia 
(about 0.7 mol ammonia per mol glutamine).

Amino acids are present in the medium in concentrations ranging from 0.1 to 
0.2 mmol L−1 and are mainly used for the protein synthesis. They can be grouped under 
those, that are consumed (arginine, aspartate, cysteine, histidine, isoleucine, leucine, 
lysine, methionine, phenyl alanine, proline, serine, threonine, tryptophane, tyrosine, 
valine) and those that are partially produced (alanine, glycine, glutamic acid).

The actual values for the cell specific substrate uptake rates can vary signifi-
cantly in the culture medium depending on the type of cell, the state of the culture 
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and the substrate concentration. Similar to most microorganisms, cell specific 
uptake rates for substrates and production rates for metabolites decrease under sub-
strate limitation. The kinetics of these effects is discussed more in detail in Sect. 
2.5.2. In addition, a number of phenomena specific for mammalian cells have been 
observed and are,summarized in the following paragraphs.

For hybridom cells, several authors were able to show a decrease of cell specific 
substrate uptake and metabolite production rates during batch-culture, even at con-
stant growth rate (Seamans and Hu 1990; Shirai et al. 1992; Pörtner et al. 1994). 
An example is given in Fig. 2.6, where in repeated-batch experiments the cell spe-
cific glucose uptake rate decreased with each cycle, but the growth rate remained 
constant (Pörtner et al. 1994). Autocrine compounds were assumed to be responsi-
ble for this effect (Shirai et al. 1992; Lee et al. 1992). Another reason might be that 
in cell culture technology uptake and production rates are usually related to the 
number of cells. This implies a constant cell volume. But, as can be seen from Fig. 
2.7,the cell volume decreases during batch culture,almost similar to the cell specific 
glucose uptake rate (Pörtner 1998; Frame and Hu 1990). The ratio between cell 
specific uptake rate and cell volume remained constant at 2.7×10−13 mmol µm−3 h−1.
The dry weight of a hybridom cell is approx. 1.95×10−10 mg µm−3 (Frame and Hu 
1990). Therefore,the mass specific glucose uptake rate during exponential growth 
phase can be estimated to be approx. 1.4 mmol g−1 cells−1 h−1 during exponential 
growth (constant growth rate), at least, for the example shown in Figs. 2.6 and 2.7 
Similar to glucose, glutamine is also consumed by most mammalian cells at high 
rates, especially at high glutamine concentrations in the medium (Pörtner et al. 
1994; Miller et al. 1988; Glacken et al. 1986; Miller et al. 1989b; Butler and Spier 
1984; Jeong and Wang 1995; Linz et al. 1997; Vriezen et al. 1997). Moreover, the 
cells can react quite sensitively to sudden changes in the culture environment, 

Fig. 2.6 “Repeated-Batch”-culture of hybridom cell line IV F 19.23 Kultur in a 1 L suspension 
reactor (working volume 600 mL, blade impeller). Concentration of viable cells, cell specific glucose 
uptake rate q

Glc
 and cell specific growth rate m vs. culture time (data from Pörtner et al. 1994)
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e.g. to step changes of substrate concentration provided in continuous chemostat 
culture (Miller et al. 1989a,b). Data for hybridom cells is given in Sect. 2.5.2.

Similar effects have been observed for Chinese hamster ovary (CHO) and baby 
hamster kidney (BHK) cells. For CHO cells specific uptake rates up to 3×10−10 mmol 
cells−1 h−1 were observed in batch experiments and at high glucose concentrations, 
whereas under glucose limiting conditions in chemostat culture specific uptake rates 
were in the range of 1.18–1.23×10−10 mmol cells−1 h−1 (Hayter et al. 1991). BHK 
cells showed high specific uptake rates up to 1.08×10−10 mmol cells−1 h−1 in case of 
high glucose, whereas low values of 0.13×10−10 mmol cells−1 h−1 were found under 
glucose limitation (Cruz et al. 1999). The cell specific glutamine uptake rate 
decreased in continuous chemostat culture from 0.33 to 0.16×10−10 mmol cells−1 h−1

when the feed concentration was reduced from 0.52 to 0.14 mmol L−1.
The amount of energy available to cells, produced from glucose or glutamine, 

varies significantly between cell types and between different growth conditions. The 
contribution of glutamine is in the range of 40–70% (Reitzer et al. 1979; Zielke 
et al. 1978). The uptake rate of glucose and glutamine as well as the yield coefficient 
of lactate and ammonium is also determined by concentration of both compounds in 
the medium. An increase in the glucose concentration leads to an increased lactate 
production, a decreased conversion via pentose-phosphate pathway and to lower 
glutamine and oxygen uptake rates. High glutamine concentrations induce a high 
glutamine uptake rate, which in turn causes a higher glutamine oxidation rate and a 
higher production rate of the intermediate metabolites from the TCA-cycle. At the 
same time, it seems that a higher glutamine concentration facilitates the metabolism 
of glucose through the pentose-phosphate pathway but makes more difficult the oxi-
dation of glucose in the TCA-cycle (Siano and Muthrasan 1991). When glucose lev-
els are limiting and glutamine is present at non-limiting concentrations, the cell 
metabolism adapts itself by increasing the glutamine consumption rate, leading to an 
increased ammonia production and oxygen consumption (Gódia and Cairó 2006). 

Fig. 2.7 Batch-culture (T-flask) of hybridom cell line IV F 19.23. Concentration of viable cells, cell 
specific glucose uptake rate q

Glc
 and mean cell volume vs. culture time (data from Pörtner 1998)
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When glutamine is the limiting substrate, glutamine and glucose consumption seems 
to follow a parallel profile. Both increase simultaneously at higher glutamine con-
centrations and decrease at lower glutamine concentrations (Miller et al. 1989b; 
Vriezen et al. 1997; Linz et al. 1997; Pörtner 1998).

Gódia and Cairó (2006) concluded from the various studies conducted on the 
complementarily consumption of glucose and glutamine and its dynamic nature, 
that cell metabolism will adapt to changing conditions,. This will occur also as a 
function of existing culture conditions at the time when a given perturbation or 
change takes place. In this context, the observation of multiplicity of steady states 
made by several authors in continuous culture is very interesting (Altamirano et al. 
2001; Europa et al. 2000; Follstad et al. 1999).

2.4.3 The Effects of Lactate and Ammonia

The influence of lactate concentration on mammalian cell growth has hardly been 
examined, as inhibition occurs at concentrations which are not usually reached dur-
ing growth. In systems with pH control, lactate concentration has an inhibitory 
effect at concentrations of 40 mmol L−1 or higher. For hybridom cells Glacken et al. 
(1989) found for 70 mmol L−1 slight inhibition of cell growth, for 40 mmol L−1 none 
at all. Omasa et al. (1992) observed a decrease in specific growth rate, or increase 
in specific death rate at lactate concentrations of 56 mmol L−1. At 78 mmol L−1 the 
specific growth rate still reached 50% of the original value. The observed effects 
are primarily due to the increased medium osmolality, as the direct metabolic 
effects are observed later (Omasa et al. 1992; Ozturk et al. 1992). In conclusion, 
lactate might inhibit cell growth in systems like fed-batch, where due to extension 
of the culture period, the cumulative amount of consumed glucose and subse-
quently the amount of produced lactate increases. It is interesting to note, that some 
cells (e.g. CHO-cells) are capable of consuming lactate due to metabolic shift in the 
later stage of a culture.

The accumulation of ammonia in the course of the cultivation leads to growth 
inhibition even when a process is kept under otherwise well controlled physiologi-
cal conditions (Ryll et al. 1994). At high ammonia concentrations, the quality of 
product can significantly decrease (Ryll et al. 1994; Thorens and Vassalli 1986). 
Ammonia stems not only from the glutamine metabolism (Miller et al. 1988; 
Glacken et al. 1986), but also from the chemical decomposition of glutamine to 
pyrrolidon-carboxylic acid and ammonia (Glacken et al. 1986; Ozturk and Palsson 
1990; Tritsch and Moore 1962). A summary of possible mechanism for the inhibi-
tory effect of ammonia can be found by Gódia and Cairó (2006).

The effect of ammonia on the growth of hybridom cells has been examined in 
both, batch and continuous cultures. Static batch cultures were carried out with 
varying initial ammonia-concentrations in the medium. When results of different 
authors are compared (Glacken et al. 1986; Lüdemann et al. 1994; Hassel et al. 
1991; Reuveny et al. 1986; Doyle and Butler 1990), we can find a corresponding 
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reduction of the specific growth rate to almost 50% of the maximum specific 
growth rate at overall initial ammonia concentrations of 5–6 mmol L−1. The cultures 
were usually started at high pH-values (7.4–7.5) to remain in the physiological 
range (7.0) at the end of the batch.

In continuous chemostat and perfusion cultures performed by Lüdemann et al. 
(1994) and Matsumura et al. (1990) the total ammonia concentration could be 
increased up to approx. 18 mmol L−1 until it causes a 50%-reduction of growth. In 
both cultures the pH was controlled at 7.1–7.2. Nayve et al. (1991) found for their 
hybridom cell-line at a pH of 7.2 a critical ammonia concentration as low as 5 mmol L−1.
The authors described this cell line as extremely sensitive to ammonia but it can 
also be concluded that the decrease in the specific growth rate observed was due to 
glutamine limitation rather than ammonia inhibition.

McQueen and Bailey (1990) postulated an inhibition mechanism based on the 
assumption that ammonia generates an acidification of the cytoplasm and thus a 
decrease in intracellular pH. It seemed that the pH has a significant influence on the 
effect of ammonia. Therefore Lüdemann et al. (1994) ascribed inhibition by ammonia 

Fig. 2.8 Effect of total ammonia concentration and concentration of NH
3
 on cell specific growth 

rate (A) and cell specific death rate (Lüdemann et al. 1994)
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to the undissociated NH
3
 where concentration changes considerably with varying pH 

(Fig. 2.8). According to their equations, the specific growth rate was reduced by 50% 
at a NH

3
-concentration of 0.095 mM L−1, corresponding to a total ammonia concen-

tration of 5.6 mM L−1 at pH 7.5. This value coincided very well with those reported 
by other authors from batch cultures (see above).

Even if usually lactate and ammonia are regarded as the compounds which have 
an inhibitory effect, there is experimental evidence that other inhibitory substances 
may also accumulate as a result of cellular metabolic activity (Gódia and Cairó 
2006; Gawlitzek et al. 1998).

2.4.4 Oxygen Uptake and Carbon Dioxide Production

The aspects mentioned before were mainly derived under sufficient oxygen supply. 
As oxygen is an important nutrient, the effect of oxygen level on cell metabolism 
has been studied quite thoroughly, from very low concentrations to hyperoxic con-
ditions [reviewed by Gódia and Cairó (2006)]. Oxygen is the final electron acceptor 
in the mitochondrial respiration chain and is directly linked to the generation of 
energy. With respect to process control, especially the very low solubility of oxygen 
in the culture medium compared to other nutrients has to be considered. In equilib-
rium with air the oxygen concentration is just about 0.2 mmol L−1 and therefore 
oxygen supply to the cells is often the limiting factor, especially at high cell densi-
ties. The specific effects of oxygen concentration on various cell lines have been 
discussed extensively by Godia and Cairó (2006). Here some data important for 
process design are summarized. Table 2.6 gives an overview on cell specific oxygen 
uptake rates under non-limiting conditions.

According to Henzler and Kauling (1993) optimum conditions for growth, cell 
concentration, and viability as well as product formation are achieved with 5–80% 
of air saturation. Below 5% of air saturation significant changes in the metabolic 
activity of the cells have to be considered (Miller et al. 1987). For hybridom cells 
a decrease of cell specific glucose and glutamine uptake rates between 10 and 5% 

Table 2.6 Range of cell specific oxygen uptake rates q
O2

 of different cell 
lines under non-limiting conditions (adapted from (Henzler and Kauling 
1993; Zeng and Bi 2006))

Cell line q
O2

 [10−10 mmol cell−1 h−1]

FS-4 0.5
HeLa 5
Skin fibroblasts 0.6
BHK 21 1–2
MRC-5 1.5
Human hybridom 0.2
Mouse hybridom 1–5
Melanoma 0.7–1
CHO 2–8
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of air saturation were observed. Below 0.5% the glucose uptake rate increased and 
the yield of lactate from glucose approached a value of 2 mol lactate per mol glu-
cose at 0.1% of air saturation.

For bioreactor systems such as stirred tanks or bubble columns operated under 
controlled oxygen level (usually between 20 and 50% of air saturation), the impact of 
varying oxygen concentration can be obviously ignored (Henzler and Kauling 1993). 
In contrast, for bioreactor systems with immobilised cells (fixed bed, fluidized bed, 
hollow fibre reactor), where mass transfer limitations are expected, metabolic shifts 
due to oxygen limitations have to be taken into account (compare Sect. 4.3).

Carbon dioxide plays an important role in cell culture, as it is one of the end 
products of mammalian cell metabolism, and is widely used in pH regulation (com-
pare Sect. 2.3). Attention is focused on the impact of dissolved CO

2
 concentration 

on cell specific production rate, product quality, growth rate, intracellular pH and 
apoptosis (Zanghi et al. 1999; Kimura and Miller 1997). Detrimental effects of ele-
vated CO

2
-levels are especially relevant in large scale reactors, operating at high 

cell densities (Mostafa and Gu 2003; Matanguihan et al. 2001). Due to this high cell 
density, metabolically produced CO

2
 will be built up and the CO

2
 partial pressure 

will increase beyond optimal levels. Whereas pCO
2
 levels of approx. 40–50 mmHg 

are considered as optimal (DeZengotita et al. 1998), pCO
2
-levels up to 170 mmHg 

are observed in stirred tanks at high cell densities (Mostafa and Gu 2003). The ele-
vated concentrations are partly due to low mass transfer coefficients in stirred cell 
culture reactors (compare Sect. 4.2) (Frahm et al. 2002).

2.5 Kinetic Modelling of Cell Growth and Metabolism

2.5.1 Introduction to Kinetic Modelling for Mammalian Cells

Kinetic models are intended to describe quantitative cell growth and metabolic 
activity for better understanding of cell physiology and for optimization and control 
of animal cell cultures (Zeng and Bi 2006; Doyle and Griffiths 1998; Adams et al. 
2007). Simple models consisting basically of a set of mathematical relationships 
among different cellular rates (e.g. death and growth rate, nutrient uptake and 
metabolite production rates) and medium compounds, can be used to compute the 
time course of culture variables (cell density, concentration of nutrients, metabo-
lites and products, pH, pCO

2
, pO

2
, etc.) in batch, fed-batch or continuous culture or 

to identify kinetic effects like depletion of nutrients (glucose, glutamine and other 
amino acids, oxygen) or accumulation of metabolites (e.g. ammonia and lactate) on 
cellular growth, death and productivity. More elaborate models describing intracel-
lular metabolic pathways may help to identify limiting metabolic steps during 
growth and product synthesis or indicate changes in intracellular metabolic path-
ways depending on the culture conditions.

As regards the optimization and control of cell culture processes, kinetic models 
are required for the design and layout of cell culture reactors, calculation of optimal 
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process parameters, design of control strategies for optimal and safe operation or 
observation of the state of the reactor system based on mathematical models (soft-
ware sensors).

Compared to chemical and mechanical systems, intricate biological systems like 
mammalian cells have a high complexity. They are capable of compensating for 
minor changes in environment, for instance, by adaptation of metabolism. This may 
be an advantage because biological processes do not require a very costly process 
control, but this is surely a disadvantage, when a growth and production model is 
to be set up. In general, one can choose between purely descriptive empirical mod-
els (unstructured models) which disregard intracellular processes, and the more 
detailed structured models which are based on a thorough comprehension of cell 
metabolism (Tsuchiya et al. 1966). The latter is, by its nature, applicable to a large 
range of different growth conditions, while the former can only be employed for the 
very process conditions and data range it was derived from (McMeekin et al. 1993). 
A large number of unstructured and structured kinetic models for the cell growth 
and cell metabolism have been suggested in the reference literature, especially for 
hybridom cells and are reviewed extensively (Zeng and Bi 2006; Tziampazis and 
Sambanis 1994; Pörtner and Schäfer 1996).

In the following paragraphs, aspects relevant for kinetic analysis and setting up 
an unstructured model based on data provided by Pörtner and coworkers (Pörtner 
1998; Pörtner and Schäfer 1996) and suggestions made by Doyle and Griffiths 
(1998) as well as Adams et al. (2007) for set-up of a kinetic model is discussed. 
After this, concepts for structured models are introduced. The idea is to give a basic 
understanding of the different types of modelling rather than to review the available 
literature.

2.5.2 Set-Up of an Unstructured Model

Steps involved in setting up a kinetic model for mammalian cell culture were identi-
fied by Doyle and Griffiths (1998):

● “A kinetic analysis of the experimental results with the formation of hypotheses 
on the nature of the rate-limiting steps;

● The choice of rate expressions describing the influence of these phenomena on 
the cellular process;

● Evaluation of parameter values;
● And validation of the model with different experimental results.”

Following the simplified flow scheme of growth and metabolism of mammalian cell 
cultures shown in Fig. 2.9, the intended model for a mammalian cell line producing 
a recombinant protein or a monoclonal antibody should provide equations for:

● Growth rate m and death rate k
d
 (substrate limitation, metabolite inhibition)

● Substrate uptake rates q
s
 (glucose, glutamine, amino acids, oxygen)
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● Metabolite production rate q
p
 (ammonia, lactate among others)

● Production rate for recombinant protein or monoclonal antibodies q
MAb

Even if cell metabolism and the medium composition are very complex, the number 
of variables considered for modelling is often reduced due to the following variables: 
cell density (viable, dead), glucose and glutamine as nutrients, ammonia and lactate 
as limiting metabolites, as well as the desired product (e.g. monoclonal antibodies). 
At first, these variables can be determined quantitatively using well established ana-
lytical methods. Then the main effects on cell growth and cell death can be attributed 
in most cases to these variables. Nevertheless, this simplified approach might lead to 
misinterpretation of physiological effects and is discussed at later stage.

Kinetic data can be obtained from experiments performed in different cultivation 
modes and bioreactor systems. Batch experiments are quite common, as they are 
easy to perform. Cultures in T- or shake-flask can provide a first intention of the 
kinetics of a cell line. But often certain culture conditions such as pH or pO

2
 are not 

controlled, these data might lead to wrong conclusions. Batch-cultures performed 
in bioreactors equipped with appropriate pH- and pO

2
-control will result in getting 

more reliable data. Nevertheless, batch cultures have some limitations with respect 
to kinetic analysis. As all medium concentrations (nutrients and metabolites) 
change simultaneously, the precise influence of a single medium component on cell 
kinetics is difficult to determine. Moreover, the critical phase of the culture, mainly 
during the decline phase at the end of exponential growth, is usually very short and 
sampling is required at very short intervals. Chemostat cultures provide more reliable 
data, even if they require more sophisticated equipment (pumps for feed and har-
vest, control units) and long-term operation for several weeks or sometimes even 
for months. But as during “steady state” nutrients and metabolite concentrations 
can be maintained constant for several days, averaged data allow for a more precise 
analysis of the influence of medium composition on cellular activity. Examples for 
different culture modes (batch, fed-batch, chemostat, perfusion, dialysis) as well as 
the differential equations required to calculate the metabolic parameters are dis-
cussed in detail in Sect. 4.4. Finally, when investigating cell kinetics, it is very 
important not only to control the physicochemical parameters (temperature, pH, 
pO

2
, pCO

2
, osmolality among others), but also to define precisely the state of the 

inoculum, as the “history” of the cells may have a significant impact on the cell 
metabolism.

Fig. 2.9 Simplified diagram of material flows of growth and metabolism of mammalian cell 
cultures
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Prior to the construction of the kinetic model, one has to perform a detailed 
analysis of the experimental data in order to identify the main rate-limiting 
effects. The following discussion is mainly based on data provided and summa-
rized by Pörtner (1998) as well as Pörtner and Schäfer (1996). No attention is be 
paid to the individual reactor system and culture mode used, as it is the author’s 
opinion that irrespective of the cultivation mode, the growth of a cell line follows 
the same kinetics (see below), and data gained from batch experiments can there-
fore be compared with those from continuous culture. The medium composition 
is considered but the models are not distinguished accordingly, since they ought 
to hold a certain general applicability. Care was taken to ensure that all data was 
obtained within the same ranges of pH (7.0–7.2) and at non-limiting dissolved 
oxygen concentrations, because an unfavourable pH or a very low dissolved oxy-
gen concentration (below 0.5% of air saturation) is known to lead to changes in 
cell metabolism (see above).

2.5.2.1 Cell Specific Growth and Death Rate

Formal equations for cell specific growth rate, defined as the number of new cells 
produced per unit of living cells present in the culture medium per unit time, can 
be derived from a Monod-type equation

m
m

= maxc

k c
s

s s+
, (2.1)

where m
max

 is the maximum specific growth rate, c
S
 is the concentration of the con-

trolling substrate such as glucose, and k
S
 is the concentration of the controlling 

substrate where the specific rate is half of the maximum rate (Adams et al. 2007) . 
If c

S
 > > k

S
 then m → m

max
. In this case, the compound S is regarded as the controlling 

substrate concentration. Thus, the other substrates are abundantly supplied and their 
concentrations do not affect the cell growth rate. The specific growth rate can also 
be described with multiple substrate limitation and multiple inhibitors, also as con-
trolling factors:
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With the maximal growth rate m
max

, usually the growth rate during exponential 
growth, substrate concentrations c

Si
 of certain nutrients (e.g. glucose or glutamine) 

and metabolite concentrations c
P,j

 (e.g. lactate or ammonia) and the corresponding 
kinetic constants k

s,i
 for substrate limitation and k

p,j
 for metabolite inhibition.

The cell specific death rate, k
d
, is defined as the number of dying cells per unit 

of living cells present in the culture medium per unit time (Doyle and Griffiths 
1998). Modelling of the cell death rate is usually a problem. Mechanisms leading 
to cell death are quite complex and two possible ways are apoptosis or necrosis 
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(Cotter 1994; Franék 1995; Al-Rubeai and Singh 1998). The latter is characterized 
by sudden swelling of the cells and subsequent disintegration caused mainly by 
external influences such as shear stress, disruption by bubbles or osmotic pressure. 
Apoptosis or the so-called “programmed cell death” is caused actively by the cell 
itself which means that the cell death is under genetic control. Mercille and Massie 
(1994) found that substrate limitation leads mainly to apoptosis whilst metabolite 
inhibition mainly causes necrosis. Therefore, a number of different equations were 
suggested in the literature (Pörtner and Schäfer 1996). While setting up a kinetic 
model, the following equations will provide a useful starting point for kinetic analy-
sis of cell death:

k k k
k

k c

C

k cd d d
d s i

d s i s i

P j

d p j P j

= +
+
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,

, , ,

Π Π ⎜⎜
⎞

⎠
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k d ed
d= 0

1 / ,m (2.4)

with a minimal death rate k
d,min

, a maximal death rate k
d,max

 and the kinetic constants 
k

d,s,i
 for substrate limitation and k

d,p,j
 for metabolite inhibition. The parameters d

0

and d
1
 are fit-parameters. If these equations do not turn out to be appropriate for a 

specific cell line then refer to the reference literature (Zeng and Bi 2006; Doyle and 
Griffiths 1998; Pörtner and Schäfer 1996).

To give a better understanding of cell growth kinetic, data for a hybridom cell 
line on cell specific growth rate and cell specific death rate are provided in Fig. 
2.10. In this case, glutamine was regarded as the limiting substrate, as under all 
culture conditions, glucose and all amino acids were still available in non-limiting 
concentrations. Moreover, ammonia and lactate did not reach inhibiting concentra-
tions, as discussed above. Even if data from batch or fed-batch cultures scatter con-
siderably compared to those from continuous chemostat cultures, the data obtained 
for different culture modes can be described by a single kinetic expression. In this 
case, for the cell specific growth rate a typical monod-equation can be applied,. For 
the cell specific death rate the equation similar to (2.3) can be applied.

Even if most kinetic growth models are based on glucose or glutamine as the 
main carbon source, they need not be growth limiting. Pörtner and Schäfer (1996) 
analysed data and kinetic models from various authors with respect to maximum 
growth rates m

max
, K

s
-values found for glucose and/or glutamine, and the medium 

used (Table 2.7). While comparing the data one has to take into account that some 
authors (Glacken et al. 1989; Pörtner et al. 1996; Dalili et al. 1990; Frame and Hu 
1991b) formulated the specific growth rate as a function of only one substrate. But 
others set up a complex model comprising not only of substrate limitation by glu-
cose and/or glutamine but also inhibition by the metabolites lactate and ammonia. 
The respective constants were then gained by parameter identification in the overall 
model (Miller et al. 1988; Bree et al. 1988; de Tremblay et al. 1992; de Tremblay 
et al. 1993).
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As can be seen from Table 2.7, the k
s
-values for glutamine or glucose are low 

when the feed concentration of glucose, glutamine or concentration of both was 
comparatively low. For models which show a pure glutamine dependence the con-
clusion drawn was that the respective k

s
-values are within the range of 0.06–

0.15 mmol L−1. Differences seen for the maximum specific growth rates can be 
mainly related to the different medium compositions and fractions of serum. The 
maximum specific growth rates of all authors listed in Table 2.7 are also within the 
same range for media with serum concentrations between 10 and 20%, while disre-
garding the value determined by Bree et al. (1988). Pörtner et al. (1996) gained 
kinetic parameters from a different medium formulation (IMDM/Ham’s F12) with 
a comparably small fraction of serum (3%), and Kurokawa et al. (1993) used 
serum-free medium resulting in relatively low maximum specific growth rates. 
Bree et al. (1988) fitted their parameters on the basis of only a single batch run. The 
values obtained must be viewed sceptically as with means of parameter identifica-
tion they found for the maximum specific growth rate a value of 0.125 h−1. However, 
according to the data published, the specific growth rate reached only 0.03 h−1 dur-
ing the exponential growth phase.

Models from different authors describing the cell specific death rate were analysed 
by Pörtner and Schäfer (1996) by transforming these models into a relationship k

d
 = 

f (m), as shown in Fig. 2.11. There is obviously the general trend that the specific death 
rate varies between 0.001 and 0.006 h−1 at high specific growth rates and increases 

Fig. 2.10 Cell specific growth µ and death rate k
d
 vs. glutamine concentration c

Gln
 for the hybri-

dom cell line IV F 19.23 (Prof. Kasche, TUHH) (■ flask batch, ● chemostat, ▲ dialysis cont., 
▼dialysis batch, ♦ fed-batch)
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drastically with decreasing specific growth rate. It should be noted that cell-lines 
which exhibit rather similar growth behaviour (data not shown) seem to differ as for 
their death kinetics. Here, factors so far not taken into account during cultivation or 
pre-cultivation might have a considerable influence on the cell metabolism.

The inhibitory effect of ammonia and lactate is already discussed in Sect. 2.4.3. 
Especially for ammonia the kinetics of cell growth inhibition is studied in depth. As 
discussed earlier the inhibitory effect of ammonia can be linked to the concentra-
tion of undissociated NH

3
, rather than linking it to the concentration of total ammo-

nia. An example was shown in Fig. 2.8. In this case the following kinetic expressions 
describe the relationship between the cell specific growth rate µ as well as the death 
rate m

d
 and the concentration of NH

3
 above a threshold of c

cr,NH3
 = 0.04 mmol L−1

(Lüdemann et al. 1994):

Table 2.7 Maximum specific growth rate m
max

, Monod-constants k
Glc

 and k
Gln

 for glucose and 
glutamine, respectively, growth medium composition and initial concentrations of glucose (Glc) 
and glutamine (Gln) for various authors and culture mode; DMEM: -L: low glucose (adapted from 
Pörtner and Schäfer 1996)

Reference
m

max

[h−1]

k
Glc

[mmol
L−1]

k
Gln

[mmol
L−1] Medium

Glc
[mmol
L−1]

Gln
[mmol
L−1] Mode

De Tremblay et 
al. (1992)

0.045 1 0.3 DMEM, 10% 
FCS

25 4

Frame and Hu 
(1991a)

0.063 0.034 – DMEM-L, 10% 
FCS

5.56 4 Chemostat

Bree et al. 
(1988)

0.125 – 0.8 DMEM, 5% FCS 25 4 Batch (1)

Kurokawa et al. 
(1993)

0.033 0.28 – RDF, serum-free Var. Var.

Miller et al. 
(1988)

0.063 0.15 0.15 DMEM, 10% 
FCS

22 4.8 Chemostat

Dalili et al. 
(1990)

0.056 – 0.06 RPMI, 20% FCS 13.8 1.5

Linardos et al. 
(1991)

∼0.04 – – DMEM, 1.5% 
FBS

25 4.8

Gaertner and 
Dhurjati
(1993)

0.043 – – DMEM, 10% 
FCS

Var. Var. Batch

Glacken et al. 
(1989)

0.055 – 0.15 DMEM, 0.75–1% 
FCS

25 4 Batch, fed-
batch

Pörtner et al. 
(1996)

0.036 – 0.06 IMDM/Ham’s 
F12,
3%HS/FCS

17.5 4 Batch, fed-
batch,
chemo-
stat,
dialysis
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m m=
− +max

k

c c k
p,NH

NH3 cr,NH p.NH

3

3 3

(2.5)

k k
c c k

Kd d

NH cr,NH d,p.NH

d,p,NH

3 3

3

=
− +

,min
3 (2.6)

with m
max

 = 0.036 h−1; k
p,NH3

 = 0.055 mmol L−1, k
d,min

 = 0.002 h−1; k
d,p,NH3

 = 0.02 mmol L−1.
Below the threshold value, cell growth does not seem to be affected by ammonia.

For lactate inhibition critical values are discussed in Sect. 2.4.3. Only little infor-
mation is available in the literature about inhibitory constants (k

p,i
, k

d,p,j
). Most of 

this data was obtained from multi-substrate and – metabolite kinetics rather than 
from studies on lactate inhibition. The reason may be, that under most culture con-
ditions ammonia accumulation is more critical than lactate accumulation.

2.5.2.2 Cell Specific Substrate Uptake Rates (Glucose and Glutamine)

In the literature, specific uptake rates for glucose and glutamine are described 
as a function of either the specific growth rate (Miller et al. 1988; Dalili et al. 
1990; Frame and Hu 1991b; Linardos et al. 1991; Bree et al. 1988; Harigae 
et al. 1994; Hiller et al. 1991), the substrate concentration (Glacken et al. 1989; 
Kurokawa et al. 1993; Pörtner et al. 1996) or as combination of both (de Tremblay 
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Fig. 2.11 Cell specific death rate vs. cell specific growth rate at substrate limitation – literature 
survey: 1 Frame and Hu (1991), 2 Glacken et al. (1989), 3 Dalili et al. (1990), 4 Pörtner et al. 
(1996), 5 Linardos et al. (1991), 6 Bree et al. (1988)
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et al. 1992). The main inhibiting metabolites lactate and ammonia are generally 
ignored throughout these correlations and seem to be negligible due to our own 
observations (data not published). A survey of correlations for both the specific 
glucose and glutamine uptake rate is given in the literature (Zeng and Bi 2006; 
Pörtner and Schäfer 1996).

The relationship between the cell specific substrate uptake rate and the specific 
growth rate can often be found following the maintenance-energy model (Pirt 1985).

q
Y

ms
x,s

= +
1

m (2.7)

where Y
X,S

 denotes the yield coefficient of cells on substrate and m stands for the 
maintenance term. Miller et al. (1988) modelled by means of (2.7) the specific glu-
cose and glutamine uptake rate with the maintenance term equal to zero for the lat-
ter. This linear correlation fitted well in the range of higher specific growth rates. 
However, for lower specific growth rates the uptake rate for both glucose and 
glutamine was lower than expected. Linardos et al. (1991) observed the same pat-
tern and thus extended (2.7) by a term including the specific death rate. The neces-
sity of the additional term might be questioned on the ground that the data cover a 
rather small range of specific growth rates and may scatter within the analytical 
error. Harigae et al. (1994) also modelled their results obtained from perfusion cul-
ture strictly due to (2.7). In contrast to Miller et al. (1988), the uptake rates for glu-
cose and glutamine could be fitted well within the range of low specific growth 
rates, whereas at high specific growth rates, i.e. in the vicinity of the maximum 
specific growth rate, the values increased considerably and ceased being linear. 
Data obtained by other authors (Ray et al. 1989; Robinson and Memmert 1991; 
Hiller et al. 1991) follow this same trend depending on the respective maximum 
specific growth rates (Pörtner and Schäfer 1996). Frame and Hu (1991b) explained 
this deviation from linearity by introducing a critical specific growth rate beyond 
which the yield of cells on substrate is increased. Moreover, they added glucose-
consumption term for the synthesis of antibodies.

Apart from the maintenance-energy-model, the saturation-type model offers 
alternatively the modelling of the specific substrate uptake rate as a function of the 
limiting substrate.

q q
c

c ks =
+s,max

s

s s

. (2.8)

where q
s
 is the cell specific substrate uptake rate, c

s
 the substrate concentration, k

s

the limitation-constant, and q
s,max

 maximal cell specific substrate uptake rate. An 
example is given in Fig. 2.12. This model approach seems to be more accurate 
about the error of the independent variables.

Pörtner and Schäfer (1996) calculated for kinetic expressions reported for some 
hybridom cell lines from the literature the specific glucose and glutamine uptake 
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rates as a function of the specific growth rate (Fig. 2.13). Those correlations not 
giving q = f(m) were transformed accordingly. The uptake rates for glucose of the 
hybridom cell lines investigated, were found to be within a relatively narrow range. 
For glutamine, they differed considerably between the cell lines. The maintenance 
term for glucose and glutamine (uptake rate at zero growth rates) turned out to be 
very low, if not negligible. It should be pointed out that Fig. 2.13 clearly demon-
strates how a small range of data allows a variety of different kinetic interpretations, 
all of which might be valid within this range. However, relating this kinetics to 

Fig. 2.12 Cell specific glutamine uptake rate q
Gln

 vs. glutamine concentration c
Gln

 for the hybridom 
cell line IV F 19.23 (■ flask batch, ● chemostat, ▲dialysis cont., ♦ fed-batch)
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other data found beyond this range and the analytical margin of error may prove 
apparent phenomena to be mere scatter.

The models for substrate uptake rates discussed so far are valid only for growth 
rates below the maximal growth rate. Several authors found a decline of cell spe-
cific substrate uptake and metabolite production rates during exponential growth, 
e.g. maximal growth rate (compare Sect. 2.4.2). Equations describing this effect 
can be found in the reference literature (Pörtner et al. 1994; Zeng and Bi 2006; 
Pörtner and Schäfer 1996).

2.5.2.3 Yield Coefficients for Lactate and Ammonia

Lactate stems mainly from the glucose-metabolism and to a small extent from utili-
sation of glutamine. Typical values for hybridom cells are in the range of 1.1–1.7 mol 
lactate/mol glucose. The yield can be found constant (Frame and Hu 1991a; de 
Tremblay et al. 1992), increasing (Pörtner 1998; Miller et al. 1988), and declining 
(Harigae et al. 1994), with decreasing specific growth rate. Several publications 
describe a dependency of the yield coefficient for lactate on the glucose and or 
glutamine concentration. Pörtner et al. (1995) observed an increasing yield of lactate 
from glucose with increasing glutamine and glucose concentration. During fed-
batch culture Kurokawa et al. (1994) found an increasing yield of lactate with 
increasing glucose concentration independent of the glutamine concentration. 
Moreover, increasing yields of lactate from glucose were observed concurring with 
decreasing yields of ammonia from glutamine. Reitzer et al. (1979) observed in 
studies with HeLa cells a higher lactate production at higher glucose concentrations. 
Zielke et al. (1978) found in studies with human fibroblasts that the lactate produc-
tion increased at high glutamine concentrations. Until now it is not clear whether it 
is glucose or the glutamine which affects the lactate yield from glucose.

Ammonia stems mainly from the glutamine metabolism. The apparent yield of 
ammonia from glutamine can be found varying between 0.46 and 0.85 (Pörtner 
1998; Harigae et al. 1994; Hiller et al. 1993; Miller et al. 1988; Bree et al. 1988; 
Pörtner et al. 1996; de Tremblay et al. 1992; Linardos et al. 1991). Its dependence 
on the specific growth rate seems to be of less significance compared to the yield 
of lactate from glucose. Only Hiller et al. (1993) observed a slight increase of the 
ammonia yield with increasing growth rate.

The yield coefficients for lactate and ammonia have not been studied in depth. 
Still many questions regarding the mechanisms influencing these coefficients have 
to be investigated.

2.5.2.4 Cell Specific Production Rate of Monoclonal Antibodies

The production of a majority of recombinant protein products or monoclonal anti-
bodies by mammalian cells falls into the following categories (Adams et al. 2007):

● “Product formation results in cell destruction
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● Product formation is initiated by induction or infection, and, after a relatively 
short production stage, cell destruction occurs

● Product formation is initiated by infection, but it does not result in immediate 
cell destruction

● Product formation is primarily during the growth stage
● Production formation is “constitutive” and an extended production period can be 

achieved.

Instead of using more detailed models discussed earlier in this section” the product 
formation equation can be set up differently depending on the categories described 
above correlating to growth.

Here production of monoclonal antibodies by means of hybridom cells is dis-
cussed in more detail, extensive literature data is available in this case. The cell 
specific antibody productivity differs significantly between different cell lines with 
respect to the level of productivity as well as the influence of culture conditions. In 
most cases the cell specific antibody production rate was related to the specific 
growth rate and it was found to increase or decrease with increasing growth rate or 
was independent from it [reviewed by Zeng and Bi (2006), Pörtner and Schäfer 
(1996)]. Increased antibody production during the death phase of batch cultures 
was reported. Increased release of intracellular antibodies (Musielski et al. 1994) 
and a higher antibody production rate due to stress conditions (Linardos et al. 
1991), respectively, was concluded. Serum seems to have a regulatory as well as a 
stimulating effect on the antibody productivity. Dalili et al. (1990) and Gaertner and 
Dhurjati (1993) observed an increase in antibody productivity with increasing 
serum concentration. On the other hand, it was shown that in optimized serum- or 
protein-free media the antibody productivity can reach the same value as in serum 
containing medium (Lüdemann et al. 1996). The influence of substrate concentra-
tions (glucose, glutamine) has been found to vary between cell lines. In some cases, 
a constant (Pörtner et al. 1996; Hiller et al. 1991) or decreasing antibody productiv-
ity was observed at decreasing substrate concentrations (Linardos et al. 1991; Dalili 
et al. 1990; Frame and Hu 1991b). Kurokawa et al. (1993) reported about a signifi-
cant increase of the antibody productivity with decreasing glucose- and glutamine 
concentrations. Toxic metabolites such as ammonia and lactate seem to have a 
minor influence on the antibody productivity (Omase et al. 1992; Lüdemann et al. 
1994). Whether the concentration of oxygen has any impact is not yet clear (com-
pare Tziampazis and Sambanis 1994).

A number of unstructured models for the cell specific antibody production rate 
were summarized by Pörtner and Schäfer (1996). In Fig. 2.14, the relationship 
between the cell specific antibody production rate and the specific growth rate is 
shown for data from various authors and models that could be transformed corre-
spondingly. The broad variety of different approaches reflects the different behav-
iour of the cell lines investigated. Alternatively, cell cycle models for antibody 
productivity were developed (reviewed by Zeng and Bi 2006). Hybridom cells pro-
duce monoclonal antibodies mainly in the late G1-phase of the cell cycle. It is 
assumed that with decreasing growth rate the cells remain in G1-phase for a longer 
time and therefore an increase of the antibody productivity with increasing death 
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rate was postulated. Moreover, a number of structured models are proposed. These 
are discussed in the following.

2.5.3 Structured Models

Besides unstructured models a number of structured models are developed based 
on knowledge of intracellular structure, bioreactions and their regulation mecha-
nisms. The large number of structured models have been reviewed by Zeng and Bi 
(2006). Among these are (i) “chemically or metabolically” structured models, 
(ii) cell cycle models especially for antibody production as well as (iii) a cybernetic 
approach. In the following paragraphs an example is introduced briefly to give a 
basic idea of the methodology.

A typical chemically or metabolically structured model was suggested by Batt 
and Kompala (1989) for hybridom cells. Basically the biomass is divided into sev-
eral chemical components (pools) such as cell membrane (lipids), protein, and 
nuclei acids. The stoichiometric relationships (balance equations) and rate equa-
tions for the compounds form the basis for modelling the entire cell (Zeng and Bi 
2006). The main problem in establishing a model with this approach is the formula-
tion of reliable kinetic rate expressions. Batt and Kompala (1989) defined “meta-
bolic pools” for amino acids, proteins, nuceotides and lipids. As metabolites 
ammonia, lactate and monoclonal antibodies were considered. The antibodies were 

Fig. 2.14 Cell specific antibody production rate q
MAb

 vs. growth rate m – literature survey: 
1 Leno et al. (1992), 2 Ray et al. (1989), 3 Miller et al. (1988), 4 Pörtner et al. (1996), 5 Hiller 
et al. (1991), 6 de Tremblay et al. (1988)
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regarded as part of the protein pool. The interactions between different pools as 
well as the extracellular environment were described by saturation type kinetic 
expressions. The model consists of 18 dynamic equations with 49 coefficients 
describing the earlier mentioned metabolic pools, extracellular products (ammonia, 
lactate, MAb), substrate concentrations (glucose, glutamine, amino acids) as well 
as cell growth (growth and death rate). The model parameters were adjusted by 
using the data of Miller et al. (1988).

Normally, structured models are considered superior to unstructured models, 
especially for extrapolation to conditions outside the experimental range. Care has 
to be taken, as the high complexity of mammalian cell metabolism can hardly be 
described mathematically. The underlying mechanisms used for model formation 
are mostly a working hypothesis and do not explain the metabolic reactions of the 
cells (Zeng and Bi 2006). Usually structured models are quite complex incorporat-
ing a huge number of variables and kinetic parameters, that are difficult to deter-
mine and are accessible only by parameter adaptation.

2.5.4 Conclusions for Set-Up of a Kinetic Model

The variety of models set up in recent years for growth and metabolism of mamma-
lian cells, especially hybridom cell has become prominent. A careful comparison of 
the available data and models showed that cell culture has considerable error, either 
analytical or caused by metabolic changes, but also has certain unpredictability due 
to lack of understanding of the real metabolism. For simplicity and easy handling it 
is common to choose one or two growth limiting substrates which are easy to meas-
ure, if possible, on-line. The majority of the models cited in literature deal with the 
cell specific growth rate as a function of the glucose and/or glutamine concentration, 
since these are the main substrates. Nevertheless, they need not be growth limiting 
as expressed by models incorporating a “threshold term” (zero growth at residual 
glucose and/or glutamine concentrations). Thus, a careful medium composition 
must be chosen to obtain distinct data to get accurate kinetic correlations.

A number of models were formulated as multi-component-kinetics for which 
limitation and inhibition constants of glucose, glutamine, lactate or ammonia, 
respectively, whereas in some cases it was determined by a small data. Especially 
inhibition constants for lactate and ammonia determined in this way differ signifi-
cantly from those reported in publications that investigated inhibition kinetics sepa-
rately. Until now research is not conducted to investigate superimposition of 
substrate limitation and metabolite inhibition.

The comparison of the model equations shows very clearly that for model set up 
a data range too small can lead to wrong conclusions and model equations should 
not be therefore used outside the data range. For proper model design care has to 
be taken to cover the entire range of process conditions. Static batch cultures can 
be used to determine the maximal specific growth rate but they give only little 
information on the relationship between growth rate and death rate and the 
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substrate or metabolite concentration. Continuous cultures (chemostat) yield relia-
ble data due to steady state conditions. However, at low dilution rates, which are 
necessary to obtain very low substrate concentrations, they are not stable. Data at 
very low substrate concentrations can be drawn from fed-batch cultures.

The diversity of the unstructured models cited above mostly reveal their descrip-
tive character compared to the structured models. Due to this limitation, empirical 
models can still serve as a valuable tool for process design. For understanding the 
cell metabolism they might have been over-rated in the past. For most parameters 
a considerable range of scatter was observed besides the analytical error. This 
reflects deviations of the cell metabolism between different cultures or changes 
after long culture periods. Since high performance processes (high antibody con-
centration and yield, efficient medium use) are usually run at low substrate and high 
metabolite concentrations, these deviations in cell metabolism might lead to a 
wrong prediction of process parameters. Experiences with applications of “a priori” 
predictions of process parameters e. g. for fed-batch cultures show the importance 
of this problem (Pörtner et al. 1996; de Tremblay et al. 1992). For further improve-
ments it is essential to adapt model parameters during the process by parameter 
identification or to apply knowledge based control strategies (fuzzy control, neural 
networks). Examples are discussed in Sect. 4.4.

The models discussed so far were mostly formulated to simulate the kinetic 
behaviour in “balanced” batch growth or under steady states of continuous cultures. 
The dynamic behaviour of cells can hardly be described. Here new kinetic models 
are required, incorporating further information from metabolic flux analysis or 
genomic and proteomic data (Zeng and Bi 2006).

2.6 Questions and Problems

● Explain the differences between mammalian cells, plant cells and microbes with 
respect to cultivation and product formation.

● Name characteristic properties of mammalian cells.
● Explain briefly different types of mammalian cells.
● Describe the principal scheme for isolation of primary cells from a tissue.
● Name features of normal cells and three features of transformed cells.
● Explain the principal steps involved in generating a hybridom cell line for pro-

duction of monoclonal antibodies introduced by Milstein and Köhler.
● Sketch and mark the schematic structure of an IgG-antibody
● Explain the set-up and purpose of cell banking.
● Cell culture medium: What are the main compounds in cell culture medium? 

What are the main metabolites from mammalian cells?
● Discuss pros and cons of serum- and protein-free medium.
● Explain briefly the fundamentals of cell metabolism (main substrates, pathways 

and metabolites).
● Explain the mechanism of ammonium toxicity.
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● What is the reasonable range for cell specific oxygen uptake rate of mammalian 
cells?

● Name variables used for modelling the kinetic of mammalian cells.
● Give a general equation describing the relationship between cell specific growth 

rate, substrate limitation and product inhibition.
● Describe the relationship between cell specific substrate uptake rate and specific 

growth rate.
● Give a typical example for the yield of lactate from glucose as well as for the 

yield of ammonia from glutamine.
● Explain “structured” kinetic models.
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Chapter 3
Bioreactors for Mammalian Cells: 
General Overview

D. Eibl and R. Eibl

Abstract For the development and manufacturing of biotechnological medicines, 
the in vitro cultivation of animal cells has now become an accepted technology. In 
fact, about 50% of all commercial biotechnological products used for in vivo diag-
nostic and therapeutic purposes today are made using procedures based on animal 
cells. In addition to products from cells that are glycoproteins (drug products, e.g., 
cytokines, growth hormones, hematopoietic growth factors and antibodies, and 
viral vaccines, see Chaps. 1 and 2), cells as products for regenerative medicine, 
namely cellular therapies and tissue engineering, have been successfully investi-
gated in clinical trials and introduced on the market.

Bioreactors from small (milliliter range up to 10 L) to large scale (above 500 L) 
have been developed over the past 50 years for animal-cell-culture-based applica-
tions. Suitable cell and tissue culture types displaying similar characteristics and 
specific differences (Chap. 2) have resulted in a variety of bioreactor types and their 
modifications, manufactured from plastics, glass, or steel. Although no universal 
bioreactor suitable for all cell and tissue culture types exists, it is obvious that con-
ventional stirred bioreactors from stainless steel are the gold standard and dominate 
both in R&D and manufacturing.

This chapter aims to present a general overview of suitable bioreactor types for 
animal cells. On the basis of differentiation between static and dynamic bioreactors 
as well as methods of power input and primary pressure, we attempt to categorize 
the most frequently used cell culture bioreactor types, explain their typical working 
principles, and deduce possible fields of application. Furthermore, cell culture bio-
reactor trends for R&D and manufacturing, and special features of bioreactors for 
3D tissue formation and stem cell cultivation are summarized.
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3.1  Technical Terminology: Bioreactor/Fermentor, 
Bioreactor Facility

A bioreactor is defined as a closed system (vessel/bag or apparatus) in which a bio-
chemical reaction involving a biocatalyst (in this case animal cells) takes place 
(Chmiel 2006). In the process, the biocatalyst is converted into the desired product, 
which is biomass (seed inoculum, cells for transplantation) or an expressed protein 
in general. It should be pointed out that the term “fermentor” exclusively character-
izes a bioreactor operating with fast growing microorganisms (e.g., bacteria and 
fungi) in American English. Consequently, the term “bioreactor” is used here for 
cultivation of mammalian cells. However, in Europe it is customary to use the terms 
“bioreactor” and “fermentor” for cultivation systems involving living cells (Krahe 
2000; Stadler 1998).

The primary role of a bioreactor is to provide containment with sustainable con-
ditions for cell growth and/or product formation. Its type and configuration consid-
erably influence cultivation results (which frequently aim for medium to high 
biomass concentrations/cell densities and/or product titers in grams per liter range) 
and as a consequence process efficiency (Wurm 2004, 2005). In general, a cell cul-
ture bioreactor has to meet the following demands:

● Guaranteed cell-to-cell contact and a surface for cell detachment in case of 
anchorage-dependent growing cells

● Homogeneous and low-shear mixing and aeration
● Sufficient turbulence for effectual heat transfer
● Adequate dispersion of air and gas
● Avoidance of substrate segregation
● Measurability of process variables and key parameters
● Scale-up capability
● Long-term stability and sterility
● Ease of handling
● Reasonable maintenance.

Traditional small-scale bioreactors (e.g., petri dishes, T-flasks, culture bags, shake 
flasks, spinner and roller bottles) are characterized by simple design and a low level 
of instrumentation and control. For this reason, in contrast to more sophisticated 
bioreactors (self-contained bioreactor facilities), they usually require external 
equipment such as incubators or shakers to ensure an appropriate physical and 
chemical environment for the cells. Typically, a bioreactor facility consists of a 
bioreactor vessel, a measurement and control unit, a drive, a heating and cooling 
circuit, an air inlet and outlet duct, sampling and harvest systems, sterile couplers, 
fittings, piping and safety installations (e.g., safety valves), a burst disc, etc. 
Moreover, systems for cleaning-in-place (CIP) and sterilization-in-place (SIP), ves-
sels for precursors as well as feed and dosage, and systems for cell retention are 
also available.
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3.2 Suitable Bioreactor Types for Mammalian Cell Cultures

3.2.1  Categorization, Functional Principle, 
Possible Fields of Application

Bioreactor development, which is reflected in a multitude of bioreactor types and 
modifications, was driven by increased knowledge of cell biology, cultivation tech-
niques, biochemical engineering, and bioreactor design in combination with height-
ened interest in cell-culture-based products. Devising a categorization of all the 
bioreactor types that are available on the market today is becoming increasingly 
difficult. Thus, different approaches for general bioreactor categorization are found 
in reported studies. In the main, categorization is made according to distribution of 
the biocatalyst, form and fixation of the biocatalyst, its metabolic and growth type, 
bioreactor mode, bioreactor configuration, continuous phase, reaction kinetics, 
power input, and primary pressure (Kim et al. 2002; Kunz et al. 2005; Menkel 
1992; Moser 1981; Pàca, 1987; Schügerl 1980; Voss 1991).

We recommend categorizing the most widely used animal-cell-culture bioreac-
tors (including basic small-scale culture systems) in a way that takes mass and 
energy transfer as well as characterization of power input into account. As depicted 
in Fig. 3.1, we generally distinguish cell culture bioreactors in dynamic systems, 
which are characterized by mechanical, hydraulic, or pneumatic power input, from 
those in static systems. Existing hybrid systems (Auton et al. 2007) that can be 
operated as combined pneumatically driven airlift bioreactors/stirred bioreactors 
are not considered here. In dynamic systems, the generated power input of mechan-
ically, hydraulically, or pneumatically driven bioreactors is responsible for heat 
transfer, mixing, homogenization, dispersion, and suspension, and therefore cell 
growth and product formation. However, in bioreactors with unenforced power 
input (static systems), cell growth and product formation are exclusively effected 
by conduction and reaction processes within the reaction system and by interaction 
with the environment.

3.2.1.1 Static Bioreactors with Unenforced Power Input

Static systems characterized by unenforced power input are petri dishes (Fig. 3.2a), 
multiwell plates (plates having a number of wells at the bottom, Fig. 3.2f), T-flasks 
(plastic screw-capped tissue culture flasks ranging up to 300 cm2, Fig. 3.2b), and 
gas-permeable bags from polypropylene or Teflon (Fig. 3.2d), including their 
modifications.

They are ideally suited for the in vitro expansion of anchorage-dependent grow-
ing and suspension cells. Multitray cell culture systems, also called multisurface
plate units (multilayer stack with up to 40 trays and a maximum size of 24,000 cm2,
Fig. 3.2c, e.g., NUNC Cell Factory), and simple membrane flask bioreactors 
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(two-compartment systems, Fig. 3.2e, e.g., CELLine) clearly provide larger surface 
areas (although they originate from the T-flask) and represent typical cell produc-
tion systems for suspended and anchorage-dependent growth of animal cells. Here, 
we would like to add that even today animal as well as human vaccine manufactur-
ers use multitray cell culture systems (DePalma 2002; Falkowitz et al. 2006; 
Schwander and Rasmusen 2005).

In membrane flask bioreactors, cells are kept in a cell compartment, designed as 
a membrane bag, which has been placed in a large flask containing the culture 
medium. Cells are fed by nutrients from the outer medium compartment, which 
pass over the dialysis membrane, while secreted proteins are accumulated in the 
cell compartment. Efficient gas transfer is ensured by the silicone membrane on the 
outside of the bioreactor. Despite its small culture volume, this type of bioreactor 
enables high cell densities above 107 cells/mL to be achieved and therefore high 
levels of protein (Baumann 2004; McArdle 2004). In this regard, membrane flask 
bioreactors are systems of choice for screening experiments and clinical sample 
production (Bruce et al. 2002; Eibl et al. 2003; Eibl and Eibl 2006a; Scott et al. 
2001; Trebak et al. 1999).

3.2.1.2 Dynamic Bioreactors

Among dynamic cell culture bioreactors, there are bioreactors mechanically driven 
by external elements, bioreactors mechanically driven by internal elements having 
rotating or non-rotating shafts with stirrers or disks, hydraulically driven systems, 
and pneumatically driven systems.

Fig. 3.2 Basic scheme of static cell culture bioreactors: (a) Petri dish, (b) T-flask, (c) Multitray cell 
culture system, (d) Culture bag, (e) Static membrane flask bioreactor (CELLine), (f) Multiwell plate
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Bioreactors Mechanically Driven by External Devices

With only a few exceptions, mechanically driven bioreactors with an external 
device for bioreactor movement (shaker platform, roller unit, spinner unit) are used 
exclusively for cell propagation. The most famous exception is commercial vaccine 
production in roller bottles (Aunins 2000; Guardia and Hu 1999). Roller bottles 
(Fig. 3.3b) are cylindrical vessels (2.5 L total volume or 1,750 cm2 maximum area) 
that revolve slowly to bathe the cells attached to the inner surface in the medium. 
While the growing of anchorage-dependent animal cells is preferably performed in 
roller bottles and their modifications (e.g., MiniPerm, Fig. 3.3c), shake flasks (Fig. 
3.3a) and spinner bottles (bottles with a central magnetic stirrer shaft and side arms 
for the addition and removal of cells, Fig. 3.3d) have been principally employed in 
the cultivation of suspension cells (Cowger et al. 1999; Falkenberg 1998; 
Heidemann et al. 1994; Lindl 2002; Müller 2001; Schneider 2004).

If it is necessary to increase oxygen transfer and reduce shear stress for animal 
suspension cells, bag bioreactors (Fig. 3.3e) with wave induced motion (WIM) are 
preferred to shake flasks, spinner or roller bottles, and stirred cell culture bioreac-
tors with surface or membrane aeration (Eibl and Eibl 2006a,b; Eibl and Eibl 
2007). In rocking or shaking bag bioreactors with WIM (e.g., BioWave, Wave 
Bioreactor, BIOSTAT CultiBag, AppliFlex, CELL-tainer, Tsunami-Bioreactor, 
Optima and OrbiCell), mass and energy transfer is manually adjusted via the rock-
ing angle, rocking rate, and filling level (Chap. 5). These reactors have a plastic 
cultivation chamber, which has been designed as a bag. The gas-permeable and 
surface-aerated bag is fixed by a clamp arrangement and moved on the rocker unit. 
Among bag bioreactors with WIM, the BioWave and Wave Reactor have a leading 
position owing to maximum scale, the availability of scale-up criteria, the hydro-
dynamic expertise, and the convincing results of oxygen transport efficiency inves-
tigations. Moreover, different studies have revealed their potential for seed 
inoculum production, process development, and small- and middle-volume pro-
duction of bioactive agents. For example, the application of both reactor systems 
for monoclonal antibody production, resistin secretion with HEK 293 cells, insect-
cell-based protein expression by using the baculovirus system, secreted alkaline 
phosphatase (SEAP) production with Chinese hamster ovary (CHO) cells, and 
production of recombinant adeno-associated virus and lentivirus has been 
described (Eibl and Eibl 2003, 2004, 2005, 2006b; Flanagan 2007; Hami et al. 
2003; Negrete and Kotin 2007; Pierce and Shabram 2004; Singh 1999; Tang et al. 
2007; Weber et al. 2001). In addition, IDT (Impfstoffwerk Dessau-Tornau) is 
already using the BioWave for the commercial manufacture of a vaccine for minks 
(Hundt et al. 2007).

Bioreactors Mechanically Driven by Internal Elements

Independent of scale, production organism type, and product, stirred cell culture 
bioreactors (Fig. 3.3g), in which power input for mass and heat transfer is control-
led mechanically, dominate. They are basically equipped with aeration devices, an 
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impeller, and baffles (Nienow 2006), and are applied in seed inoculum production, 
screening experiments, optimization purposes, and manufacturing processes. Prominent
commercial product examples are factor VIII, tPA, interferon, herceptin, and avastin 
(Griffiths 2000; Kretzmer 2002; Ozturk 2006; Walsh 2003, 2005; Wurm 2005). The 

Fig. 3.3 Basic scheme of dynamic cell culture bioreactors: (a) Shake flask, (b) Roller bottle, 
(c) Rotating membrane flask bioreactor (MiniPerm), (d) Spinner flask, (e) Rocking bag bioreactor 
with wave induced motion, (f) Hollow fiber bioreactor, (g) Stirred bioreactor, (h) Bioreactor with 
eccentric motion stirrer, (i) Bioreactor with Vibromixer, (j) Bubble column, (k) Airlift bioreactor, 
(l) Fixed bed bioreactor, (m) Fluidized bed bioreactor
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typical setup of stirred bioreactors for applications with animal cell cultures grow-
ing in suspension is schematically drawn in Fig. 3.4.

General design criteria were derived from stirred bioreactors for microbial cul-
ture and modified to meet the requirements of the sensitive mammalian cells, as 
outlined in Table 3.1.

It can be seen that stirred bioreactors for bacteria or yeasts growing in suspen-
sion primarily differ from those for plant and mammalian suspension cells in vessel 
size, vessel geometry, power input, oxygen transfer coefficient, impeller type, tip 
speed, and sparger design. For more detailed information and explanations, the 
reader is referred to Chaps. 4 and 5.

Fig. 3.4 Typical setup of stirred cell culture bioreactor (reproduced with kind permission of 
ZETA AG)
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Whereas stirred cell culture bioreactors are typically equipped with dynamic 
seals (e.g., magnetic coupling, single or double mechanical seals), the tumbling or 
vibrating shafts of bioreactors with eccentric motion (Fig. 3.3h) and bioreactors 
with Vibromixer (Fig. 3.3i) are sealed with static components, for example, mem-
branes, bellows, or metal compensators. As a consequence, these bioreactor types 
are considered to be safer (containment) compared to stirred systems equipped 

Table 3.1 Comparison of commercial stirred reactors for microbial cells, mammalian cells, and 
plant suspension cells (Curtis 1999; Eibl and Eibl 2004; Kieran et al. 2000; Nienow 2006; Varley 
and Birch 1999; Zhong 2001)

Feature Microorganisms Mammalian cells Plant cells

Size (total volume) > 100 m3 ≤ 25 m3 ≤ 100 m3

Vessel geometry (over-
all L:D)

3:1 ratio 2:1 ratio 2:1 ratio

k
L
a > 20 h−1 ≤ 15 h−1 ≤ 15 h−1

P/V 4–10 kW m−3 30–50 W m−3 20 W m−3–2 kW m−3

Impellers Radial flow 
impellers
(turbine
impellers)

Axial flow impellers 
(marine-type impel-
lers)

Axial flow impel-
lers (marine-type 
impellers)

Impellers with 
distributed 
power input 
(e.g., InterMig 
impeller)

Combinations
of axial and 
radial flow 
impellers

Combinations of axial 
and radial flow 
impellers

Impellers with 
distributed 
power input 
(e.g., InterMig 
impeller)

Impellers with distrib-
uted power input 
(e.g., InterMig 
impeller)

Tip speed < 20 ms−1 0.3–2 ms−1 ≤ 2.5 ms−1

Sparger design Bubble aeration: 
ring, pipe, 
plate, frit

Bubble aeration: ring, 
pipe, plate, frit

Bubble aeration: ring, 
pipe, plate, frit

Bubble-free aeration: 
tubes of silicone, 
external aeration 
(bypass, spinfilter, 
Vibromixer)

Bubble-free aeration: 
tubes of silicone, 
external aeration 
(bypass, spinfilter, 
Vibromixer)

Standard
instrumentation

Temperature, 
agitation speed, 
pressure, pH, 
dissolved oxygen, 
dissolved carbon 
dioxide, liquid 
level, weight, air 
flow rate

Product example E. coli-based Humulin CHO cell-based 
Herceptin

T. chinensis-based
Paclitaxel (Part II, 
Chap. 3)
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with single or double mechanical seals. In addition, lower shear stress and foaming 
are reported with tumbling motion, together with upward as well as downward 
movement of the conically perforated disk attached to a translative-oscillating 
shaft (Blasey et al. 2000; Griffiths 1999; Krahe 2000; Lehmann et al. 1998). In 
spite of these advantages, bioreactors with Vibromixer and, in particular, bioreac-
tors with eccentric motion have played a subordinate role in mammalian cell 
cultivation to date.

Hydraulically Driven Systems

Like membrane flask bioreactors, hollow fiber reactors (Fig. 3.3f) support high cell 
density growth with a tissue-like architecture in animal cell cultivation. However, 
hollow fiber reactors operating in perfusion mode (Chap. 5) belong to the group of 
popular hydraulically driven systems, where energy input is produced by special 
double-phase pumps. In most of their applications, the cells are grown in the ex-
tracapillary space outside the thousands of fibers that have been potted into a cylin-
drical cultivation module. By the fibers’ molecular weight cut-off, the passage of 
macromolecules through the fiber wall is affected as oxygen enriched medium 
flows continuously through the fibers, the intracapillary space (Goffe et al. 1995). 
Typically, cell-secreted proteins are retained in the extracapillary space (Labecki 
et al. 1996; Marx 1998). Oxygen enrichment is accomplished by a separate module 
from silicone tubes or membranes, that is, the “oxygenator”. Hollow fiber bioreac-
tors can be universally used for both cells growing in suspension and adherent ani-
mal cells. However, besides probable mass transfer limitations, there is an absence 
of process monitoring in the immediate cell environment. Furthermore, there is a 
risk of product contamination by cell fragments and cell lysis products as well as 
of destruction of sensitive proteins by the high residence time of cells and products 
in the same bioreactor module. But the main disadvantage of hollow fiber bioreac-
tors is their small culture volume, which ranges only from 2.5 to 1000 mL (Brecht 
2004). Taking all these disadvantages into account, it becomes obvious that the 
most important application of hollow fiber bioreactors is for fast, flexible, small-
scale production of antibodies for diagnostic and research purposes (Chu and 
Robinson 2001; Dowd et al. 1999; Jackson et al. 1999).

Finally, bed bioreactors (Fig. 3.3l–m) are further representatives of hydraulically 
driven cell culture bioreactors. Bed bioreactors are directly linked to the use of ani-
mal cells for cultivations in an immobilized form. Owing to the characteristics of a 
bed containing cells that have been immobilized on microcarriers (small porous 
particles, usually spheres from 100 to 300 µm in size, see Sect. 4.3.), we distinguish 
between packed bed or fixed bed bioreactors and fluidized bed bioreactors (Groot 
1995; Looby et al. 1990; Nilsson et al. 1986).

As suggested by its name, the fixed bed bioreactor has highly densely packed 
carrier material, which forms the fixed bed. A typical fixed bed bioreactor (Fig. 
3.3l) is composed of a cylindrical bioreactor chamber filled with carriers of porous 
glass or macroporous materials, a gas exchanger, a medium storage tank and a 
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pump that circulates the culture medium between the bioreactor, and the medium 
storage tank. Medium channeling in the bed, blockage of pores due to high cell 
densities, poor gas transfer and detachment, and cell washout (elutriation) limit its 
applications. The main advantages of this reactor are the low surface shear rate, the 
absence of particle–particle abrasion, and the increased space–time yield. Hence, 
fixed bed bioreactors (up to 100 L medium volume) are capable of providing high 
cell densities in cultivations with animal suspension cells secreting proteins, and 
with animal anchorage-dependent growing cells used for virus production (Kang 
et al. 2000; Kompier et al. 1991; Meuwly et al. 2005; Wang et al. 1992; Whiteside 
and Spier 2004).

When packed bed bioreactors are operated in upflow mode, the bed expands at 
high liquid flow rates and follows the motion of the microcarriers to which the cells 
have been attached. This is the working principle of the ordinary fluidized bed bio-
reactor (Fig. 3.3m). Fluidization of the microcarriers is achieved when the flow of 
fluid through the bed is high enough to compensate for their weight. With respect 
to optimum mass and heat transfer, fluidized bed bioreactor operation aims to pro-
vide a fluidized bed to ensure movement of all particles (microcarriers and cells) 
and avoid their sedimentation or flotation. In order to meet these conditions, an 
optimized incident flow is required along with a narrow range of size, form, and 
density of the microcarriers. In the cultivation of animal suspension and adherent 
cells, fluidized bed bioreactors in laboratory and production scale (maximum 100 L 
total volume) have been proven to be efficient if high cell density, antibody, recom-
binant protein, or virus titer is the focus (Born et al. 1995; Dean et al. 1987; 
Lundgren and Blüml 1998; Wang et al. 2002).

Pneumatically Driven Systems

Fluidized bed bioreactors usually differ from pneumatically driven systems owing 
to the fact that the latter do not specifically require the use of immobilized cells as 
they were developed for free suspension cells. In bubble columns (Fig. 3.3j) and 
airlift bioreactors (Fig. 3.3k), mass and heat transfer is mostly achieved by direct 
sparging of a tall column with air or gas that is injected by static gas distributors 
(diffuser stones, nozzles, perforated plates, diffuser rings) or dynamic gas distribu-
tors (slot nozzles, Venturi tubes, injectors, or ejectors). While the ascending gas 
bubbles cause random mixing in bubble columns, fluid circulation in airlift bioreac-
tors is obtained by a closed liquid circulation loop, which permits highly efficient 
mass transfer and improved flow and mixing. In airlift bioreactors, this circulation 
loop results from the mechanical separation of a channel for gas/liquid upflow 
(riser) and a channel for downflow (downcomer), and their connection at the top 
and bottom of the column. Hence, fluid flow in airlift bioreactors is driven by den-
sity difference between sparged fluid in the riser and nonsparged fluid in the down-
comer. Both airlift bioreactors with an external loop (fluid circulation through the 
external loop) and with an internal loop (columns with cylindrical draught tube or 
simple baffles generate an internal loop) are available.
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Mainly because of their relatively simple mechanical configuration, bubble col-
umns and airlift bioreactors are characterized by low cost. In comparison to stirred 
bioreactors, the lower energy requirement, minimized problems of long-term steril-
ity (no moving parts, shaft and mechanical seals), and ease of scale-up can be 
highlighted as additional benefits of bubble columns and airlift bioreactors. 
However, if there are strong variations in biomass concentration, viscosity, surface 
tension, ionic concentration, inadequate mixing, foaming, flotation, and bubble coa-
lescence are potential disadvantages. Moreover, bursting gas bubbles in bubble 
columns and airlift bioreactors can increase shear or hydrodynamic stress acting on 
cells (Sect. 4.1). Nevertheless, an out-dated opinion that these systems are low-
shear devices owing to the lack of mechanical agitation can still be found. 
Furthermore, use of suitable sparger types or enriched air or pure oxygen and the 
availability of protective additives in the culture medium preclude excessive cell 
damage under conventional cultivation conditions (Christi 2000; Guardia and Hu 
1999; Meier et al. 1999). In fact, it seems that the homogeneity of shear forces 
demonstrated in airlift bioreactors is probably responsible for the success of shear-
sensitive cultures in this bioreactor type (Merchuk and Gluz 1999).

Most reports on the use of pneumatically driven cell culture bioreactors are 
based on airlift bioreactors with a concentric draft tube (Fig. 3.3k) and typical 
aspect ratios in the range of 6:1 to 14:1 (Christi 2000; Fenge and Lüllau 2006). 
They are considered to be suitable for animal cells (e.g., CHO, baby hamster kidney 
(BHK), hybridomas, mouse myeloma cell line NS0) up to a maximum batch size 
of 2000 L (Kretzmer 2002; Petrossian and Cortessis 1990; Varley and Birch 1999; 
Wang et al. 2005).

Finally, we would like to mention that all the dynamic cell culture bioreactor 
systems presented for the cultivation of animal suspension cells can also be used to 
grow adherent animal cells provided that they are operated with membranes or 
microcarriers. The maximum reported size of a bioreactor vessel for cultivating 
animal cells on microcarriers is 6000 L (http://www5.amershambiosciences.com. 
Cited 26 August 2006). It is used by Baxter Biosciences for influenza production 
based on Vero cells growing on Cytodex microcarriers in stirred bioreactors. The 
fundamentals and applications of microcarrier cultivations are discussed compre-
hensively in Sect. 4.3.

3.2.2  Bioreactor Trends and the Increasing Acceptance 
of Disposables

In order to describe the existing trends for cell culture bioreactors, which are sum-
marized in Fig. 3.5, the three phases of development for a biotechnological product 
are considered. It is generally demanded that development time is short, costs are 
low, and flexibility of the facility as well as process safety are high. Phase 1 
includes know-how transfer from basic research and technological development, 
whereas phase 2 represents the development of good manufacturing practice 
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(GMP) sample production consisting of preclinical studies and clinical studies. 
Phase 3 is the actual GMP manufacturing. Because different factors have an impact 
on bioreactor design and its periphery in every phase of product development, it 
makes sense to distinguish between bioreactor trends in R&D and bioreactor trends 
in manufacturing. The dividing line between R&D and manufacturing may be 
drawn between phases 1 and 2. In phase 1, it is not necessary to work under GMP-
compliant conditions; however, phases 2 and 3 require consideration of GMP 
standards.

As a consequence of cost and time, a change of bioreactor type should be 
avoided at this point. The change of the bioreactor type is theoretically possible 
here but implicates high costs. In research there is a tendency to apply single pur-
pose and single use facilities where possible. The focus lies on the following:

● Scale down bioreactors, representing small-scale laboratory bioreactors for cell 
line screening, medium optimization, and basic studies, which operate with 
microwell plates, tubes, spinner flasks, or shake flasks and allow online meas-
urement and regulation of relevant process parameters (DeJesus et al. 2004; 
Kumar et al. 2004; Muller et al. 2006; Puskeiler et al. 2005; Wurm 2004);

● Multifermenter systems equipped with laboratory stirred bioreactors or bubble 
columns, generating a large amount of process data within a short time and pos-
sibly contributing to savings in intermediate steps during process scale-up (Frison 
and Memmert 2002; Meis et al. 2005; Puskeiler and Weuster-Botz 2004);

● Bench top bioreactors with industrial control mode, characterized by easy han-
dling and an analogous control unit comparable to those of bioreactors for 
manufacturing (Eibl and Eibl 2004; Glaser 2004);

Fig. 3.5 Cell culture bioreactor trends in R&D and manufacturing
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● Low cost bioreactors in laboratory scale with minimal equipment and therefore 
low investment costs (Eibl and Eibl 2004; Glaser 2004);

● Disposable bioreactors (membrane bioreactors, bag bioreactors with WIM, bag 
bioreactor with stirrer or Vibromixer, pneumatically driven bag bioreactors, 
hybrid bag bioreactors, orbitally shaken bioreactors) with containers or bags 
manufactured from different types of polymeric material and meeting USP Class 
VI as well as ISO 10993 specifications (Auton et al. 2007; Aldridge 2004, 2005, 
2007; Brecht 2007; Castillo and Vanhamel 2007; DePalma 2004; Eibl and Eibl 
2005, 2007; Fries et al. 2005; Glaser 2004; Houtzager et al. 2005; Langhammer 
et al. 2007; Odum 2005; Ozturk 2007; Kunas 2005; Morrow 2007; Pierce 
and Shabram 2004; Pörtner 2006; Sinclair and Monge 2004; Thermo Fisher 
Scientific 2007, Wurm 2007).

Table 3.2 Disposable bioreactor vs. stainless steel bioreactor

Disposable Stainless steel

Pros Short set-up times, 
presterile → Ready 
to use

Cons Extensive installation

No sterilization and 
cleaning time →
Reduction of con-
tamination risk and 
validation efforts

Hygienic design of 
bioreactor and 
extensive CIP/SIP 
cycles to reduce 
contamination risks 
→ Increased capital 
investment

High flexibility and 
simplicity →
Reduction of staff

Inflexibility by defined 
facility design →
Specially trained 
staff

Shorter production 
turnaround times

Higher production 
turnaround times

Cons New technology →
Intensified logisti-
cal effort and per-
sonnel training

Pros Proven technology and 
long-term experi-
ence

Secretion of leacha-
bles and extracta-
bles → Potential 
inhibition of cell 
growth in CD 
minimal medium

Correct material usage 
→ Harmless opera-
tion, no leachables 
and extractables

Culture volume limita-
tions

Unlimited scalability

Limited number of 
disposable sensors 
for process moni-
toring

Proven sensors for bio-
reactors from stain-
less steel
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As soon as GMP conditions are regulated, bioreactors will have to be simple and 
safe (KISS principle: Keep It Safe and Simple) as in the case of traditional, high-
quality finished stirred bioreactors made of stainless steel, which operate prima-
rily in fed-batch mode and are equipped with standard instrumentation. 
Multipurpose production facilities making high demands on process validation 
and cleaning are currently popular in this context (Eibl and Eibl 2004; Howaldt 
et al. 2006; Kranjac 2004; Stadler 1998). On the other hand, the use and accept-
ance of disposable cultivation technology, namely disposable bioreactors and 
disposable elements (couplers, filters, storage bags, mixers, sampling systems, 
sensors, etc.), to set up hybrid manufacturing facilities are increasing (Boehm 
2007; DePalma 2006; Glaser 2005, 2006; Haughney and Aranha 2003; Huang 
2005; Morrow 2006). Whereas considerable advantages result from the use of 
disposables and disposable bioreactors in particular (compare Table 3.2), there 
are some initial limitations concerning the potential secretion of leachables and 
extractables from plastic layers as well as scalability (Altaras et al. 2007). 
However, intensive research is being carried out to overcome these limitations 
and finally to reduce stainless steel in biomanufacturing facilities. Fully control-
led stirred bag bioreactors up to 2000 L culture are available, and in the next few 
years volumes up to 5000 L are expected (DePalma 2005; Langhammer et al. 
2007; Ozturk 2007). Along with the increasing protein titers (> 4 g L−1) that are 
mainly a result of the improvements in animal cell-line engineering and culture 
medium optimization over the last 20 years, it is assumed that the way for com-
pletely disposable bioproduction trains is paved. Nevertheless, because of the 
principal advantages of proven performance and virtually unlimited scalability, 
conventional stirred cell culture bioreactors are not expected to be completely 
replaced by disposable bioreactors in the future.

3.3  Special Case: Bioreactors for Patient-Specific Therapies 
Based on Functional Tissue and Stem Cells

Whereas in vitro cultivation of animal cells to produce proteins and viruses is 
a field in which biotechnologists have long experience, in vitro cultivation of 
allogenic and autologous cells for patient-specific therapies represent a newly 
emerging discipline. It is aimed at large-scale cell production for cellular or 
gene therapies, generation of functional 3D tissue and constructs, and develop-
ment of organ modules (Gomes and Reis 2004; Liszewsky 2006). Such 
extracorporeal  organoids (also called bioartificial organs) functioning as bridge-to-
transplant devices or assisting in bridge-to-native organ regeneration will be 
introduced in Part II/Chap. 2 of this book. They are not considered here. 
Subsequently, we will focus on bioreactors for growing functional 3D con-
structs (e.g., skin, bone, blood vessel, cartilage) prior to implantation, and bio-
reactors for large-scale expansion and differentiation of stem cells (embryonic 
stem cells, adult stem cells).
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3.3.1 Bioreactors for Growing 3D Tissues

The infancy of tissue engineering is evidenced by the small number of registered 
commercial products (Table 3.3) that allow successful treatment of skin diseases 
and cartilage and bone injuries (Bock et al. 2003, 2005; CorCell 2003; Senker and 
Mahdi 2003; Transplant News 9/30/2005).

In growing 3D tissues, the ultimate cultivation goal is high cell and tissue den-
sity while guaranteeing tissue-specific differentiation and maintaining the function-
ality of in vitro-generated tissue. For this reason the consecutive realization of three 
cultivation steps, namely cell proliferation, cell adhesion on a scaffold, and cell dif-
ferentiation (tissue formation), either in different bioreactors or within a single bio-
reactor, is the general rule. Consequently, the specifications of bioreactors for 3D 
constructs (Fig. 3.6) are different from those of bioreactors for the animal-cell-
based production of seed inoculum and therapeutic agents discussed in the previous 

Table 3.3 Selected tissue-engineered commercial products

Trade name Product for Manufacturing company Country

Apligraf Treatment of 
chronic
wounds and 
skin diseases

Organogensis Inc. USA

Dermagraft Advanced Tissue Sciences USA
CellActiveSkin IsoTis NL
BioSeedS, BioSeedM, 

MelanoSeed
BioTissue Technologies D

Epicel Genzyme Biosurgery USA
Carticel Knee injuries 

(ACT)
Genzyme Biosurgery USA

ACI, MACI, 
MACI-A

Verigen D

Chondrotransplant Co.don D
BioSeedC BioTissue Technologies D
HYALOGRAFT C Fidia Advanced 

Biomaterials
Italy

Chondrotransplant disc Herniated disc (ADCT) Co.don D
BioSeed-Oral Bone Application in 

jawbone 
surgery

BioTissue Technologies D

Osteotransplant Several 
applications in bone 
surgery

Co.don D

Skeletex Bone repair CellFactors UK
OsteoCel Bone repair and replace-

ment
Osiris Therapeutics USA
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sections of this chapter. Primarily, in vivo-like biochemical and biomechanical 
environment supporting cell and tissue density has to be provided by the bioreactor 
for proliferation and maturation. In many cases, a culture volume in milliliter range 
is sufficient for in vitro culture of tissue constructs. Because the functionality of the 
tissue generated in vitro has to be maintained over weeks and even months, long-
term sterility and stability as well as high bioreactor instrumentation become strin-
gent. Above all, disposable design is a necessity for commercial tissue-engineered 
products.

Cell proliferation, first step in 3D tissue engineering, is usually accomplished in 
typical static cell expansion devices including petri dishes, multiwell plates, 
T-flasks, or gas-permeable blood bags (Minuth et al. 2003; Purdue et al. 1997; 
Safinia et al. 2005). Higher total cell numbers have been achieved in mechanically 
driven roller bottles and spinner flasks operating with microcarriers (Pörtner and 
Giesse 2007). The generation of 3D tissue structures is promoted by equipping the 
roller bottles, spinner flasks, or perfusion chambers with scaffolds, which provide 
the template for tissue development, and degrade or are resorbed at defined rates 
(Martin et al. 2004; Ratcliffe and Niklason 2002). More complex bioreactors pro-
viding a controlled environment (e.g., temperature, humidity, pH) to direct cellular 

Fig. 3.6 Specifications of bioreactors for tissue-engineered products
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responses toward specific tissue structures have shown to be more favored to sim-
pler static and dynamic cultivation systems. Therefore, milliliter-scale operating 
membrane bioreactors as well as fixed bed and fluidized bed bioreactors, where 
cells are immobilized on carriers or scaffolds, have been investigated for the 3D 
culture of hepatocytes (Jasmund and Bader 2002; Kullig and Vacanti 2004; 
Legallais et al. 2000; Gerlach 1996), skin cells (Prenosil and Villeneuve 1998), 
cardiovascular cells (Barron et al. 2003), and cartilage cells (Darling and Athanasiou 
2003). Above all, tissue-specific bioreactors, which simulate in vivo environments 
better, have been suggested. These systems use mechanical strain (constant, cyclic 
or dynamic) in vitro, either in the form of shear stress generated by fluid flow, 
hydrodynamic pressure, or as direct mechanical stress applied to the scaffold 
(Altman et al. 2002; Bilodeau and Mantovani 2006; Gokorsch et al. 2004; Hoerstrup 
et al. 2000; Lyons and Pandit 2004). In rotary bioreactors characterized by low 
shear, high mass transfer rate, and simulated microgravity, a wide range of tissues 
(e.g., bones and cartilage, cardiac tissue, liver tissue) have been successfully grown 
(Guo et al. 2006; Marolt et al. 2006; Ohyabu et al. 2006; Okamura et al 2007; Song 
et al. 2006; Suck et al. 2006). Additional tissue engineering bioreactors have been 
developed with respect to specific tissue formation over the last years. Detailed 
reviews are summarized by Chaudhuri and Al-Rubeai (2005).

Further bioreactor developments in growing 3D tissues incorporate fully automated 
systems in order to reduce laborious manual work, risk of contaminations, and costs. 
Such autologous clinical tissue engineering systems based on a holistic approach from 
biopsy to implantation would enable qualified hospitals to perform all procedures for 
manufacturing the functional tissue within a single closed apparatus (Larcher et al. 
2006; Martin et al. 2004). To that end, these new innovative bioreactor systems would 
eliminate the need for large and expensive GMP tissue manufacturing facilities.

3.3.2  Bioreactors for Large-Scale Expansion
and Differentiation of Stem Cells

In case of stem cell cultivation for a cellular or gene therapy, there is normally the 
requirement for larger amounts of cells than in the manufacturing of 3D tissue. 
Taking specific end application into account, cultivation of stem cells in clinically 
relevant numbers results in bioreactors with capacities between 1 and 1000 L 
(Tzanakakis and Verfaillie 2006). The stem cells have to be expanded while sus-
taining their pluripotent (embryonic stem cells, multipotent adult progenitor cells) 
or multipotent (adult stem cells: hematopoietic stem cells, mesenchymal stem cells, 
gastrointestinal stem cells, epidermal stem cells, hepatitic stem cells) potential. The 
directed in vitro differentiation results in a mixed population of different cell line-
ages. Usually, the desired cell type represents only a small proportion of the pro-
duced stem cell population. The selection of the appropriate bioreactor is strongly 
affected by the stem cell type and its characteristics, and the purpose of cultivation 
(expansion and/or differentiation).
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As in cell culture expansion, the bioreactor type for stem cell expansion is largely 
dependent on whether the cells are growing as single cells in suspension, in monolay-
ers, or in cell aggregates. Large cell densities combined with large cell amounts can be 
achieved in membrane reactors, stirred reactors, rotary reactors, fixed bed reactors, and 
fluidized bed reactors partially operating with microcarriers (Cabrita et al. 2003; Chen 
et al. 2006; Nielsen 1999). However, it was reported that too high a cell density could 
result in loss of cell properties for some stem cell types (Ulloa-Montoya et al. 2005). 
In this case, the expansion procedure is aimed at low cell densities and rather frequent 
passaging. 

According to Ulloa-Montoya, Verfaille, and Hu (2005), and Tzanakis and 
Verfaille (2006), the key in stem cell differentiation is the cell microenvironment 
mainly affected by the bioreactor, the differentiation medium with growth factors, 
and the culture mode. The ideal differentiation system should be scalable and 
fully controlled. It is recommended to differentiate pluripotent stem cells by cul-
turing them as adherent monolayers at high cell densities or by growing them as 
embryoid bodies in suitable bioreactors (e.g., stirred bioreactors, rotating 
bioreactors).

3.4 Conclusions

Among the existing static and dynamic bioreactor types that have been described 
and characterized in this chapter, traditional stirred bioreactors with maximum 
volumes of 25 m3 for animal cells have become the systems of choice in com-
mercial biomanufacturing processes. They are characterized by their reusability as 
well as by costly hygienic design, and require specially trained staff for their trou-
ble-free operation, which includes labor-intensive cleaning, sterilization, and vali-
dation procedures in GMP-compliant or otherwise regulated processes. This 
increases process time, process costs, development time, and, therefore, time-to-
market for new products. For R&D and manufacturing of niche products in low- 
and middle-volume scale, disposable bioreactors and certain bag bioreactors, 
particularly those with culture volumes above 100 L, are alternative solutions. In 
spite of the growing acceptance of disposable bioreactors, their engineering aspects 
are insufficiently characterized. Furthermore, to date scale-up criteria have only 
been published for disposable wave-mixed systems (Chap. 5). On the other hand, 
knowledge of their advantageous features (easy handling, flexibility, high biosafety, 
improved process efficiency, and manufacturing costs) has enhanced the develop-
ment of disposable bioreactors during recent years. Mechanically driven bag 
 bioreactors of 5,000 L capacity are expected in the future. Further developments 
in biomanufacturing focus on scale down bioreactors, well-instrumented multi-
fermenter systems, benchtop bioreactors with industrial mode, and low cost 
bioreactors.

On the other hand, there is an urgent need for the development of complex dispos-
able bioreactors for functional tissue-engineered products. To this day, commercially 
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available tissue-engineered products that meet GMP standards are manually 
manufactured in simply designed cultivation systems using expensive isolator tech-
nology. Encouraging results have been shown by prototypes of suitable bioreactors 
performing the different processing phases to generate 3D tissue via cell disintegra-
tion to cell propagation as well as differentiation within a single closed and auto-
mated system, and bioreactors applying controlled mechanical forces.

The rapid progress in stem cell research has driven in vitro generation, mainte-
nance, and differentiation investigations of stem cells. Well-characterized disposa-
ble bioreactors with capacities between 1 and 1000 L will pave the way for 
personalized medicine.

3.5 Questions and Problems

1. Explain the terms bioreactor, fermentor, bioreactor facility, conventional biore-
actor, and dispoable bioreactor.

2. Discuss the advantages and disadvantages of disposable bioreactors.
3. Explain the working principles of disposable wave-mixed bioreactors, disposa-

ble hollow fiber reactors, stirred bioreactors, bubble columns, and airlift 
bioreactors.

4. Summarize the existing trends for cell culture bioreactors used in R&D and 
commercial manufacturing.

5. What is implied by “KISS” and how is it realized in biomanufacturing based on 
mammalian cells?

6. Why do higher demands on bioreactor and manufacturing processes result from 
the cultivation of CHO cells growing in suspension than from Escherichia coli, 
Pichia pastoris, Sf-9 cells, or tobacco suspension cells? Give reasons for your 
answer.

7. Compare cultivation aims in tissue engineering and mammalian-cell-based pro-
tein expression. Deduce general demands and design criteria for a bioreactor 
which is (a) suitable for mammalian-cell-based protein secretion and (b) suitable 
for the production of tissue-engineered products.

8. Draw up a scheme for a bioreactor that allows virus production with adherent 
growing HEK 293 cells.

9. Which bioreactors are suitable to expand stem cells? Give examples and reasons.

List of Abbreviations and Symbols

ACI autologous chondrocyte implantation
ACT autologous chondrocyte transplantation
ADCT autologous disc chondrocyte transplantation
BHK baby hamster kidney
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CD chemically defi ned
CHO chinese hamster ovary
CIP cleaning-in-place
D vessel inside diameter
E. coli Escherichia coli
EPO erythropoietin
GMP good manufacturing practice
HEK human embryogenic kidney
k

L
a oxygen transfer coeffi cient

L vessel inside height
MACI matrix coupled autologous chondrocyte implantation
NS0 mouse myeloma cell line
P/V specifi c power input
R&D research and development
rpm revolution per minute
SIP sterilization-in-place
Sf-9 Spodoptera frugiperda (subclone 9)
T. chinensis Taxus chinensis
tPA tissue plasminogen activator
V volume of the medium
3D three-dimensional
°C degree centigrade
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Chapter 4
Special Engineering Aspects

P. Czermak, R. Pörtner, and A. Brix

Abstract The specific characteristics of mammalian cells discussed in Chap. 2 
require adapted solutions for bioreactor design and operation. Especially, cell 
damage by shear stress and aeration has to be considered. Therefore this chapter starts
with a detailed discussion of shear stress effects on mammalian cells (anchorage-
dependent and suspendable cells) in model systems and bioreactors, respectively, 
and consequences for reactor design. Appropriate oxygen supply is another critical 
issue, as adapted oxygen supply systems are required. Techniques for immobilization
of cells, either grown on microcarriers in suspension culture or within macroporous 
carriers in fixed bed or fluidized bed reactors, are discussed as well. With respect 
to the operation of bioreactors, the characteristics of different culture modes (batch, 
fed-batch, chemostat, perfusion) are introduced and practical examples are given. 
Finally, concepts for monitoring of bioreactors, including offline and online methods
as well as control loops (e.g. O

2
, pH), are considered.

4.1 Cell Damage by Shear and Aeration

4.1.1 General Aspects

Unlike other microorganisms (e.g. bacteria), mammalian cells are not surrounded by 
a cell wall adapted to support survival as an individual within the natural environ-
ment, but only by plasmatic membrane, which can only withstand weak mechanical 

R. Eibl et al., Cell and Tissue Reaction Engineering: Principles and Practice, 83

P. Czermak
Institute of Biopharmaceutical Technology, University of Applied Sciences
Giessen-Friedberg, Giessen, Germany and Department of Chemical Engineering, 
Kansas State University, Durland Hall 105, KS 66506-5102, Manhattan, USA

A. Brix
Department of Chemical Engineering, Kansas State University, Durland Hall 105, 
KS 66506-5102, Manhattan, USA

R. Pörtner
Hamburg University of Technology (TUHH), Institute of Bioprocess and Biosystems 
Engineering, Denickestr. 15, D-21073 Hamburg, Germany
poertner@tuhh.de

© Springer-Verlag Berlin Heidelberg 2009



84 P. Czermak et al.

forces. The cell membrane is basically composed of phospholipids that build a double 
layer. In conventional bioreactor systems, aerated stirred tanks and bubble columns, 
adherent cells grown on microcarriers or suspended cells are exposed to variously 
intense hydrodynamic forces. A sufficiently intense force will destroy the cell wall. 
Forces of lesser magnitude may induce various physical responses, including reduced 
growth, cell death (apoptosis) or other metabolic reactions. A number of reviews have 
summarized the main fluid-mechanical and biological aspects of cell damage (Cherry 
1993; Papoutsakis 1991; Chisti 2000, 2001). According to Papoutsakis (1991) fluid 
mechanical questions include the following:

● What forces affect cells in a flow environment, and how?
● Are the flow effects due to the intensity and/or the frequency of the forces?
● What types of interactions are most damaging to the cells in various reactors 

and/or processing devices?

Biological questions include the following:

● Does fluid-mechanical stress cause cell death, or simply reduce cell growth?
● Do fluid mechanical forces affect the physiology (e.g. the cell cycle), product 

expression, molecular processes, receptor-mediated processes and the cytoskel-
eton of the cells? How?

● Do cells react to and adapt in response to fluid-mechanical forces?

In addition it is relevant to ask:

● Do fluid-mechanical forces affect adherent and suspendable cells differently?
● Is it possible to protect the cells against this kind of damage?
● Does the sensitivity of cells to fluid-mechanical stress depend on the scale?

Finally, the objective should be to formulate the extent and the mechanism of the 
damages as well as allow calculation and lay-out of bioreactors with respect to 
parameters such as reactor size, stirrer rotation speed or aeration rate for bubble 
aeration (Tramper et al. 1993).

Generally, the effects caused by mechanical forces in a mixed culture and dam-
aging effects caused by gas bubbles are discussed separately. The many kinds of 
mechanical forces (e.g. the motion of microcarriers or free suspended cells relative 
to the surrounding fluid, to each other and to moving or stationary solid surfaces) 
are collectively referred to as “shear forces”, as the underlying damaging phenom-
ena cannot be ascribed to gas bubbles (Chisti 2001).

By definition, shear in a fluid system has two components, shear stress τ and 
shear rate γ. A shear stress is a force per unit area acting on and parallel to a surface. 
Shear rate is a measure of a velocity gradient (velocity/length). The two quantities 
are related; thus, in laminar Newtonian fluid

t = h gf ,l  (4.1)

where η
fl
 is the viscosity of the fluid. In model systems such as laminar flow 

between two parallel plates, in a cone-and-plate viscometer or a coaxial cylinder 
Searle viscometer the shear rate and the corresponding shear stress can be calculated
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by simple mathematical equations (see below) and the damaging effects can be 
related to exact values. In a complex, mostly turbulent environment within a biore-
actor, the local shear rate varies within the vessel and it is more difficult to associate 
cell damage with the magnitude of the prevailing shear rate or the associated shear 
stress. Even more complex are the mechanisms of cell damage caused by gas bub-
bles in sparged bioreactors.

In general, cell damage typically follows first-order kinetics. Thus, the rate of 
cell loss (dX

v
/dt) depends on the concentration of viable cells X

v
 and can be 

described by

dX

dt
k Xv

v= − d ,  (4.2)

where k
d
 is the cell specific death rate. The k

d
 value is influenced by the rate of shear 

stress and the operating conditions within the cultivation system (stirring, bubble aer-
ation, and medium composition) as well as the properties of the cells. In the following 
sections, available data for the different culture conditions will be discussed.

In the next sections, discussions about model systems will be presented in order 
to describe the main effects. Later, the effect of shear stress and bubble aeration in 
real bioreactors will be shown. Finally some recommendations will be given for the 
design and operation of bioreactors. Note that a distinction between adherent and 
suspendable cells will be made.

4.1.2 Model Analysis

The intention of these most studies was mainly to understand the basic mechanism 
of cell death due to flow shear forces or bubbles. In most cases the cells were 
exposed to defined levels of shear stress in defined flow geometries in order to cor-
relate the effects with known values for the level of shear stress. From these find-
ings, conclusions for design and operation of bioreactors were drawn. Furthermore 
it was to ask whether critical shear stress levels found in model systems can be 
used for the estimation of design criteria for large scale bioreactors (e.g. power 
input, stirrer speed or aeration rate).

4.1.2.1 Shear Stress on Anchorage-Dependent Cells

The damaging effect of shear on anchorage-dependent cells adhered to a solid surface 
is frequently studied in a flow chamber (Fig. 4.1) (Diamond et al. 1990; Frangos 
et al. 1985; 1988; Ludwig et al. 1992; Shiragami and Unno 1994; Spraque et al. 1987; 
Stathopoulos and Hellums 1985). In this apparatus, a laminar flow causes a defined 
shear stress at the wall τ

w
 on the bottom plate where the cells are adherently growing. 

The flow velocity U(y) can be calculated for given values of the flow rate F, the 
viscosity η

fl
, the height h and the width b of the flow chamber (Fig. 4.2):
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Fig. 4.1 Flow chamber for investigation of shear effects on adherent cells (reproduced from 
Shiragami and Unno 1994, modified, with kind permission of Springer)
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flow
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Fig. 4.2 Determination of wall shear rate in a flow chamber for investigation of shear effects on 
adherent cells
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The wall shear stress τ
w
 acting on the cells is given by:
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In experiments performed with the aim to determine a critical shear stress, the 
cells are allowed to grow on the bottom plate of a flow chamber until they have 
reached confluence (Fig. 4.3). Afterwards, the medium flows with a defined veloc-
ity through the chamber for a certain time and the cell morphology, the number of 
viable cells and the concentration of substances that are released by the damaged 
cells [i.e. lactate dehydrogenase (LDH)] are evaluated (Chisti 2001). The following 
conclusions can be drawn from the available data:

● Cell attachment to a surface is affected by shear stress levels between 0.25 and 
0.6 Nm−2 (Olivier and Truskey 1993)

● Under stress the cells orientate themselves within the liquid flow lines (as shown 
in Fig. 4.3)

● Laminar shear stress in the order of 0.5–10 Nm−2 may remove adherent cells from 
the surface (Aunins and Henzler 1993). Kretzmer (1994) as well as Shiragami and 
Uno (1994) gave some numbers for CHO and BHK cells for the influence of shear 
stress on the living cells ratio (50% viability): 3 h > τ

w
 = 6 Nm−2; 24 h > 

τ
w
 = 0,75–1 Nm−2

● Laminar shear stress in the order of 0.1–1.0 Nm−2 may affect cellular morphol-
ogy, permeability, and gene expression (Aunins and Henzler 1993).

● The combined effect of shear stress and the stress duration can be expressed by 
the energy ε dissipated during a certain time (Shiragami and Unno 1994)

e h
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Fig. 4.3 Effect of shear stress on adherent growing primary epithelial cells in a flow chamber 
after (a) 1 week of culture without shear stress (controls), (b) 4 h with a shear stress of 1.3 Nm−2

(c) 24 h with a shear stress of 1.3 Nm−2, (d) 24 h with a shear stress of 5.4 Nm−2 (adapted from 
Stathopoulos and Hellums 1985, with kind permission of John Wiley & Sons)



88 P. Czermak et al.

4.1.2.2 Shear Stress on Suspended Cells

The reaction of freely suspended cells on shear forces in a bubble-free environment 
can be regarded as similar to the behaviour of drops or suspended particles in a 
shear field. They experience extensional or elongational forces depending on the 
flow pattern, e.g. whenever the cross-sectional area of a flow channel reduces, as at 
the entrance of capillaries or within bioreactors in the direction of flow. The cells 
subjected to extension or extensional flow can rupture similar to drops. From this 
point of view the mechanical strength of the cell, expressed by the bursting mem-
brane tension, could be an appropriate parameter to describe the allowed level of 
stress. But as the cells can rotate or tumble in an extensional flow field to relax the 
imposed stress, in addition to hydrodynamic stress, the possibility of rotation-
associated stress relaxation also needs to be considered. The effect of shear forces 
on suspendable cells was investigated as follows:

● Determination of the surface tension of the cell membrane
● Correlation of the cell damage with the shear stress in a surrounding fluid.

The basic theory for the behaviour of emulsified, viscous liquid drops was devel-
oped by Taylor (1934). According to this model, the resistance and stability of a 
cell exposed to shear forces are basically influenced by the surface tension and the 
size of the cell. Cell deformation is the result of the action of external hydrody-
namic forces and the cell would burst if the following condition is fulfilled:

t scrit Z Z Zr r2 2=  (4.6)

with the the critical shear stress t
crit

, the cell radius r
Z
 and the membrane tension at 

cell burst s
Z
. In order to determine the membrane tension at cell burst, Zhang et al. 

(1992b) applied an experimental set-up as shown in Fig. 4.4. Initially, the single cells 
were fixed between two glass fibres (diameter approx. 50 µm) that can slide against 
each other. After the immobilization, the cells were compressed in the gap between 
the fibres until they burst. The burst strength and cell diameter were recorded to cal-
culate the membrane tension. By this, values of σ

Z
 = 1.7–2.5×10−3 Nm−1 for the 

membrane tension were determined leading to critical shear rates of 500–700 Nm−2.

Fig. 4.4 Experiment for determination of the force required to burst the cell. Cell entrapped 
between two optical fibers (adapted from Zhang et al. 1992b)
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Based on the hypothesis that a cell should burst whenever its bursting membrane ten-
sion is exceeded in a laminar flow, Born et al. (1992) developed a model predicting 
cell damage in laminar flow. For a critical discussion see Chisti (2001). Even if the 
model seems to be supported by experimental data from cells sheared in a cone-and-
plate viscometer, the practical utility of this approach is regarded as limited.

Cell damage due to shear stress was investigated in certain devices, where the 
cells could be exposed to defined high-shear levels in laminar or turbulent flow (e.g. 
cone-and-plate-viscometer, coaxial cylinder Searle viscometer, capillary flow 
(Abu-Reesh and Kargi 1989; Born et al. 1992; Kramer 1988; Smith et al. 1987; 
Tramper et al. 1986) (reviewed extensively by Chisti 2001). In most cases the cells 
were cultivated under unharmful conditions e.g. in a small spinner reactor and then 
transferred to one of the devices mentioned above. Here the cells were exposed to 
a certain shear level for a certain time.

For a coaxial cylinder Searle viscometer (couette viscometer), within a narrow 
gap between the two cylinders, the shear rate and shear stress are constant within 
the gap and proportional to the rotation speed. From the measured torque M

d
, height 

h and inner radius r
i,cou

 the shear stress τ can be calculated.

t =
∏

M

hr
i cou

d

2 2
,

.  (4.7)

The laminar-turbulent flow transition is defined by the Taylor number Ta
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with gap width w, diameter of inner cylinder d
i,cou

 rotating at peripheral speed U
T

and fluid density r
fl
. The flow is laminar when Ta < 41.3. Laminar flow with Taylor 

vortices occurs for 41.3 < Ta < 400. When Taylor number exceeds 400, the turbu-
lent flow is fully developed. An example is shown in Fig. 4.5.

As can be seen from Table 4.1, critical values between 1 and 2 × 103 Nm−2 have 
been reported. Reasons for this large range of values can be seen in (i) different 
criteria for the threshold shear stress (e.g. total cell disruption, certain level of cell 
death, appearance of cell lyses, and induction of cell inactivation among others), 
(ii) different cell lines, (iii) different devices, and (iv) different culture conditions 
(medium with or without serum, etc.). Nevertheless some general conclusions can 
be drawn from these data:

● Turbulent flow is more damaging than laminar
● Duration of shear stress is relevant
● The mechanism of cell damage is very complex and depends on the device used 

for the studies
● The shear rate seems not to be the appropriate parameter to describe the effect.
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Fig. 4.5 Influence of shear stress on the cell disruption rate of hybriodm cells in a couette 
viscosimeter (adapted from Kramer 1988)

Table 4.1 Impact of shear stress on suspendable cells

Reference Cell type System
Type of 
flow

Threshold
shear stress 
[N m−2]

Exposure
time

Kramer (1988) Hybridom Coaxial  cylinder n.d. 4

Tramper et al. (1986) Insect cells Coaxial cylinder n.d. 1–4 1–3 h

Born et al. (1992) Hybridom Cone-and-plate Laminar 208 20 min

350 180 s

Abu-Reesh and Kargi 
(1989)

Hybridom Couette Turbulent 5

McQueen et al. (1987) Myeloma Capillary Turbulent 180
Cited by McQueen 

et al. (1987)
Hybridom Capillary n.d. 0.87

Cited by McQueen 
et al. (1987)

Insect Capillary n.d. 1.5

Augenstein et al. 
(1971)

HeLa/L293 Stainless steal 
capillaries

n.d. 0.1–2×103

According to data from Abu-Reesh and Kargi (1989), cell damage followed 
first-order kinetics both under laminar and turbulent conditions. For turbulent shear 
stress levels of 5–30 Nm2, the death rate constant k

d
 varied between 0.1 and 1 h−1 and 

increased exponentially with increasing stress level.
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4.1.2.3 Cell Damage Caused by Bubbles

The specific events responsible for the bubble-associated cell damage include

● Bubble formation at the sparger
● Bubble detachment
● Rise through the fluid
● Break-up of bubbles at the surface and foam formation (Chisti 2000).

Among others, Jordan (1993) studied the damaging effect of bubbles to under-
stand the main mechanisms. The interaction between cells and bubbles was strongly 
influenced by the concentration of protecting agents (e.g. Pluronic F68, see below) 
and the retention time of the bubbles in the medium. Based on his phenomenological 
observations he suggested subdividing the way of a bubble from the sparger to the 
surface into four zones (Fig. 4.6). Cells getting in contact with a bubble directly 
after bubble formation are damaged instantly, mainly due to a difference in surface 
tension (zone 1). After longer retention of the bubble in the medium, several 
medium compounds, especially high molecular weight compounds or proteins, are 
adsorbed at the surface of the bubble, and the surface tension is reduced. Thus the 
cells are not damaged any more, but are still attached at the surface and therefore float
with the rising bubble (zone 2). In zone 3, attachments of cells at the surface is 
further reduced. In zone 4 the gas bubbles burst at the surface of the fluid and form 
a foam layer. Cells can be damaged either during bubble collapse or when trapped 
in the foam (Fig. 4.7). When a bubble collapses at the surface, cells adsorbed to the 
bubble surface or trapped in the wake of the bubble are exposed to relatively high 

foam

zone 1 

zone 2 

zone 3 

zone 4 

sparger       gas bubble 

viable cells 
dead cells 

fluid

Fig. 4.6 Mechanisms of cell damage in a bubble column (adapted from Jordan 1993)
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shear forces. These forces are strong enough to rupture the cell’s membrane. 
The shear forces can originate from the velocity gradient arising from the upward 
movement of the bubbles and the downward jet resulting from the bursting bubbles. 
Cells entrapped in the foam layer are exposed to shear by the movement of the 
bubbles surrounding a cell in different directions and nutritional effects (e.g. oxygen
limitation). Meanwhile it is generally accepted that these effects are mainly respon-
sible for cell damage in aerated systems.

Some general statements can be made regarding bubble-associated damage 
(Chisti 2000):

● Cell lines differ tremendously in their sensitivity to aeration (e.g. in sparged 
bioreactors, mouse hybridom are generally more robust than insect cells)

● Small bubbles (e.g. <2 mm diameter) are more damaging than large bubbles (e.g. 
∼10 mm diameter). Large bubbles have mobile interfaces (wobbling) and, because 
they rise faster, they carry fewer attached cells to the surface. Furthermore, larger 
bubbles (unlike smaller ones) do not remain on the surface as stable foam.

● Furthermore cell damage is directly affected by the aeration rate.
● Sparging-associated damage may be enhanced by impeller agitation.
● Cells can be protected by certain media additives.

Implications on design and operation of sparged bioreactors will be discussed in 
Sect.. 4.1.3.3.

4.1.3 Cell Damage in Bioreactors

The above sections described the main mechanisms responsible for cell damage 
due to defined shear forces or bubbles. In a complex, mostly turbulent environment 
within a bioreactor, the local shear rate varies within the vessel and it is more difficult 

bubble 

bubble 
bubble 
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bubble liquid
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Fig. 4.7 Cell damage in a foam layer (adapted from Papoutsakis 1991, with kind permission of 
Elsevier). (a) cells near the bubble interface, large shear stress due to bubble break up, (b) cells 
are sheared in the thinning films either between bubbles or around bubbles
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to associate cell damage with the magnitude of the prevailing shear rate or the 
associated shear stress. Even more complex are the mechanisms of cell damage 
caused by gas bubbles in sparged bioreactors, bubble columns or air-lift-bioreactors.
In the following sections, some basic studies and approaches to describe cell 
damage mathematically are discussed, focussing mainly on those strategies and 
equations suitable for bioreactor design and scale-up. Comprehensive reviews can 
be found in the literature (Chisti 2000, 2001).

4.1.3.1 Anchorage Dependent Cells Grown on Suspended Microcarriers

The impact of shear forces on anchorage-dependent cells in stirred bioreactors was 
largely studied for microcarrier cultures as anchorage-dependent cells can be grown 
on the surface of suspendable particles (Fig. 4.8) (Sect. 4.3.1.2). Microcarrier cul-
ture is still applied widely for large-scale production of viral vaccines among oth-
ers. Cells grown on microcarriers experience more severe hydrodynamic forces 
than do freely suspended cells (for review see Chisti 2001). This is because in the 
mostly turbulent environment within highly agitated or aerated systems, the length 
scale of fluid eddies can easily approach the dimensions of microcarriers, resulting 
in high local relative velocities between the solid and the liquid phases. Additionally, 
collision among microcarriers and between the impeller and microcarriers may 
damage attached cells.

Fig. 4.8 Microcarrier for suspension culture of adherent cells, pig chondrocytes grown on 
Cytodex 3 (GE Healthcare, bar approx. 150 µm)
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In a turbulent flow caused by a stirrer, relatively large eddies are created at first. 
These eddies break up into smaller ones stepwise, until the energy is completely 
dissipated. Cherry and Papoutsakis (1986, 1988) distinguished between three dif-
ferent microcarrier-eddy-situations depending on the ratio between eddy size and 
microcarrier diameter (Fig. 4.9).

Several concepts to describe the complex shear effects on cells in a turbulent 
flow were suggested and judged by available data on the impact of shear forces on 
microcarrier cultures in small scale bioreactor systems (compare Fig. 4.10) Among 
others the concept of an “Integrated Shear Factor” ISF – a measure of the strength 
of the shear field between the impeller and the spinner vessel walls – was developed 
to describe shear damage to mammalian cells (Croughan et al. 1987; Sinskey et al. 
1981). The ISF is defined as

ISF R R

R R

=
−

2Πn d

D d
(4.9)

with rotation speed n
R
, vessel diameter D

R
 and stirrer diameter d

R
. Data from Hu 

et al. (1985) can be described well. For a range of stirrer vessels (volume 0.25–
2.0 L, d

R
 3.2–8.5 cm) the viable cell density dropped sharply when the ISF value 

exceeded 18–20 s−1. Furthermore Croughan et al. (1988) and Croughan and Wang 
(1989)  discussed other concepts such as the correlation between cell damage and 
impeller tip speed or a time averaged shear rate. Even if in all cases a satisfying 
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Fig. 4.9 Shear forces on microcarriers in a turbulent flow. Microcarrier-eddy interactions: 
(a) eddies much larger than beads, (b) multiple eddies same size as bead, (c) eddy size same as 
interbead spacing (adapted from Cherry and Papoutsakis 1986, modified, with kind permission of 
Springer)
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Fig. 4.10 Growth of human FS 4-cells on microcarriers Cytodex 3 in a 250 mL spinner reactor 
(adapted from Croughan et al. 1987, with kind permission of John Wiley & Sons)

success in correlating cell damage could be obtained, these concepts are regarded 
as not a relationship for scale-up. For example, if standard stirred tank reactors 
(D

R
 = 3d

R
) are scaled up to a geometrically similar larger vessel, the ISF depends 

solely on the rotational speed of the impeller (ISF = πn
R
). Therefore the rotational 

speed would be  independent of scale and the impeller tip speed d
R
n

R
 would there-

fore increase with scale. In general it is doubtful whether concepts based on the 
stirrer speed are appropriate for scale-up of cell damage. Instead, between cell dam-
age and volume specific power input was proposed. This will be discussed in detail 
in the following sections.

According to Cherry and Papoutsakis (1986, 1988) cells grown on microcarriers 
within turbulent eddies of the same size as the microcarriers are exposed to the largest 
shear stress. The energy of the eddies is transferred to the surface of the microcarriers, 
resulting in high local velocities between the microcarriers and the fluid, and the 
highest shear rates on the cells. The microcarriers are caused to rotate within these 
eddies. From Kolmogorov´s theory the length scale l

Kol
 of those smallest eddies are in 

the order of

lKol =
⎛
⎝⎜

⎞
⎠⎟

u
e

3
1

4

 (4.10)

with the kinematic viscosity ν and ε the energy dissipation rate per unit mass. The 
Kolmogorov eddy length scale corresponds to the diameter of the smallest eddy 
generated in the reactor. In a turbulent environment, eddies break down to form 
smaller eddies. As eddies break down, the energy of the larger eddy is passed down. 
At the smallest eddy diameters the flow actually becomes laminar, rotation forces 
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and friction forces are in equilibrium, rotation of eddies stops and fluid flow is 
characterized by the formation of flow lines. When the Kolmogorov eddy length 
scale becomes equivalent to the cell diameter, the movement of the flow lines can 
shear the cells. The Kolmogorov eddy length scale is affected by stirrer speed, liquid 
properties and impeller design. Croughan et al. (1987) plotted data from Hu et al. 
(1985) by using the mean energy dissipation rate per unit mass

e
r

=
P

Vfl

(4.11)

with power input P and volume V. As can be seen from Fig. 4.11, for human fibrob-
lasts the number of viable cells decreased rapidly when the length scale declined to 
approximately below 125 µm. The mean diameter of microcarriers was about 
185µm, or roughly similar to the length scale of the microeddies. Even if this cor-
relation seems to support the underlying theory, the Kolmogorov eddy length scale 
allows only for a rough estimation of the expected cell damage and is regarded as 
not suitable for scale-up. For example, if the mean energy dissipation rate per unit 
mass is increased ten times, the Kolmogorov length scale decreases only by a factor 
of 0.56. Furthermore this approach cannot be transferred to  suspendable cells.

Croughan et al. (1987) further showed that the specific death rate k
d
 can be 

linked to the mean energy dissipation rate per unit mass

kd ≈ e
3

4 .  (4.12)

Hülscher (1990) confirmed this relationship for microcarrier cultures as well as 
for suspendable cells (see below).
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Fig. 4.11 Growth of human FS 4-cells on microcarriers Cytodex 3 in a 250 mL spinner reactor 
– correlation of growth with Kolmogorov length of eddies (adapted from Croughan et al. 1987, 
with kind permission of John Wiley & Sons)
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4.1.3.2 Non-Anchorage Dependent Cells Grown in Suspension

Similar to shear effects on cells grown on microcarriers, several studies have 
addressed damage to suspendable cells (mostly hybridom or myeloma, insect cells, 
or anchorage dependent cells adapted to growth in suspension, e.g. CHO, BHK) in 
stirred tanks. Again, factors such as cell type, medium, amount of serum, type of 
stirrer, and type of vessel, among others, have to be considered. A comprehensive 
overview is given by Chisti (2001). As an example, data from Kramer (1988) are 
summarized in Table 4.2. In this case, cell damage on suspended hybridom cells 
grown in a small stirred vessel was first observed at a stirrer speed of 300 rpm; at 
580 rpm cell growth stopped completely. Similar results were reported by Shiragami 
(1997), who observed a maximum specific antibody production rate at ∼ 180 rpm 
in a 250 mL reactor.

The Reynolds number Re is expressed by

Re =
n dR R fl

fl

2 r
h

 (4.13)

In view of the available studies, damaging effects caused by intense mechanical 
forces and those associated with aeration or bubble entrainment have to be 
 distinguished (compare Chisti 2001):

● Cell damage in stirred tanks operated at high stirrer speeds can be reduced by 
applying baffles to prevent vortexing and gas entrainment.

● Cell damage increases significantly in serum- or protein-free medium.
● Intense mechanical forces may cause physical damage to cells, leading to necro-

sis or lysis, or may induce apoptosis (a genetically controlled cell death) at sub-
lethal stress levels.

Stevens (1994) compared data from different sources on damage to suspended 
hybridom cells. The mean shear stress and the mean energy dissipation rate per unit 
mass were calculated for those conditions, where growth rate and death rate were 
equal. Critical values for the mean shear stress in stirred vessels were between 0.39 
and 1.5 Nm−2, significantly lower than those reported for coaxial cylinder Searle 
viscometer (compare Table 4.1). A good correlation of these data can be obtained 

Table 4.2 Cell damage of suspended hybridom cells (data from Kramer 
1988) Culture conditions: stirred tank reaktor (volume 750 ml, vessel diam-
eter 15 cm, rushton turbine (four blades), stirrer diameter 5 cm, medium 
RPMI 1640 + 10% Serum

Stirrer speed [rpm] 200 300 400 500

Re [–] 12,000 18,000 24,000 30,000
ε [W m3] 26 88 210 410
m [h−1] 0.047 0.059 0.049 0.034
kd [h−1] 0 0 0.01 0.034
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by plotting the critical mean energy dissipation rate per unit mass vs. the serum 
content in the medium (Fig. 4.12). The data for different hybridom cell lines agree 
quite well with those cases with surface aeration and without bubble entrainment. 
In the case of bubble aeration resulting in foam formation, significantly lower criti-
cal  values were observed. For bubble aeration, but without free surface (no foam), 
the critical values were much higher. This proves that effects caused by bubble and 
foam formation have to be considered separately (see below).

Even if some data from the literature could be used to describe the approach 
used in Fig. 4.12, this does not provide a concept to be used for the design and 
scale-up of bioreactors with respect to shear stress. But it attempts to describe the 
impact of culture conditions on the damage of suspended cells by the mean power 
input. A similar approach was suggested by Märkl et al. (1987) for microbial 
 cultures in stirred vessels. Strategies for design and scale-up of large-scale reactors 
will be discussed in Sect. 4.1.3.4.

4.1.3.3 Sparged Bioreactors

Gas sparging or bubbling air or another gas in the culture broth through a sparger 
located relatively deep within the bioreactor may cause damage to suspended mam-
malian cells or cells grown on microcarriers. As sparged bioreactors are still the 
 preferred means of cell culture aeration, much effort has been expended on under-
standing the underlying mechanisms involved in bubble-associated cell damage and 
the methods available to control such damage (reviewed by Chisti 2000). The basic 
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mechanisms have been outlined in Sect. 4.2.1.3. Here aspects relevant for the 
design and operation of sparged bioreactors (bubble aerated stirred vessels, air-lift 
bioreactors, bubble column bioreactors) are discussed.

The main mechanisms for cell damage in sparged bioreactors are discussed with 
reference to a mechanistic analysis suggested by Tramper et al. (1987) and Tramper 
and Vlak (1988). Assuming a first-order kinetic for cell damage (4.2), the first-
order rate constant k

d
 for cell death was related to all causes of cell death in a 

sparged bioreactor by

k
QV

d d hB T L
d

k=
24
2 3 2p

(4.14)

with the volumetric aeration rate Q, the height of fluid h
L
, the vessel diameter d

T
,

the bubble diameter d
B
 and a hypothetical killing volume V

k
. This approach is based 

on the idea that cells trapped in the circulation wake of a bubble are carried with 
the bubble to the surface, where most of the damage takes place. The volume of the 
bubble wakes is addressed as “killing volume” surrounding the bubbles. From 
(4.14) some general conclusions can be drawn:

● The specific cell-death rate constant (first-order rate constant) should be propor-
tional to the frequency of bubble generation (6Q/πd

B
3), the frequency of bubble 

rupture and the killing volume associated with the bubbles.
● Bubble break-up and foam formation at the culture surface are the principal 

cause of damage to suspended cells in sparged bioreactors.
● The specific cell-death rate constant should decline with the increasing height of 

the fluid.
● Events at the sparger and rise stages can be regarded as of minor importance, in 

particular, bubble coalescence and break-up within the bulk culture.
● Cell damage will increase in direct proportion to the superficial gas velocity in 

the column or the specific power input.
● Large bubbles should be less damaging than small bubbles.
● Serum or other proteins should have a protective effect.

Most of these statements could be confirmed experimentally (Chisti 2000). 
Nevertheless the concept of the killing volume itself has some week points. The 
killing volume V

K
 seems to be independent of the aeration rate and the height of the 

fluid, provided that the bubble diameter is not affected. But V
K
 should increase with 

bubble diameter indicating increasing cell damage with increasing bubble diameter. 
This seems to be incorrect, as there are numerous contrary experimental observa-
tions in the literature showing reduced cell damage with increasing bubble diameter. 
[For further discussion of this as well as other concepts of cell damage in sparged 
bioreactors, see Chisti (2000)].

Cell damage caused by bubbles can be significantly reduced by adding shear-
protective substances to the culture medium, including serum and serum proteins 
(e.g. serum albumin), pluronics or polyethylene glycols among others (Chisti 2000). 
The protective effect can be physical and/or physiological (biochemical) depending 
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on the specific agent. The protective effect of serum increases with increasing serum 
concentration up to 10% v/v serum and seems to be physical and physiological. The 
physical protective effect can be attributed to reduced plasma-membrane fluidity, 
increased medium viscosity or a turbulence-dampening effect. The precise nature is 
not yet clear. Physiological effects seem to take longer to become effective, meaning 
that a prolonged exposure of cells to serum will reduce their shear sensitivity. In 
addition to whole serum, serum compounds such as serum albumin also protect cells 
(e.g. bovine serum albumin (BSA) at >0.4 g L−1 (Hülscher et al. 1990) ). But despite 
these shear protecting effects, serum or serum components are mostly avoided in 
industrial production processes, as discussed earlier (Sect. 2.3).

Alternatively, chemical agents can be used as shear protective agents. The most 
prominent one is the non-ionic surfactant polyol Pluronic®–F68, a block polymer 
of poly-oxyethylene and poly-oxypropylene (molar mass 8,358 Da). Typically 
Pluronic®–F68 is added at 0.5–3 g L−1 to the cell culture medium. The protective 
effect increases with concentration, whereas 0.5 g L−1 seems to be a minimum level, 
and is associated with several, mostly physical mechanisms:

● The attachment of cells to bubbles is reduced; therefore fewer cells are carried 
to the surface.

● The plasma-membrane fluidity of the cells is reduced.
● The gas–liquid interface is stabilized and therefore the film drainage during bubble

rupture is slower.
● The nutritional transport is improved due to a reduced cell-fluid interfacial tension.
● The membrane of the cells is stabilized by incorporating Pluronic®–F68 into the 

membrane, thus strengthening the cells.

Furthermore, physiological factors, e.g. an effect on the permeability of some 
cells, have been observed.

Poly-ethyleneglycol (PEG) has been shown to protect some cells but not others. 
A protecting effect has been found for molecular weights exceeding 1,000 Da and 
concentrations above 0.25 g L−1. The protective mechanism of PEG seems to be due 
to an effect on the surface tension and/or the presence of PEG at the gas–liquid 
interface (Chisti 2000).

Despite the many different protective mechanisms discussed above, the main 
effect can be attributed to a reduced number of cells adhering to the bubble surface 
just before its rupture. Additives that rapidly lower the gas-liquid interfacial tension 
will obviously prevent cell adhesion to bubbles and so reduce cell damage. For a cer-
tain culture process, a feasible additive (combination of additives) and an appropriate 
concentration, as well as the best time for addition, has to be found empirically.

4.1.3.4 Consequences for Reactor Design

For design and operation of sparged and agitated bioreactors some general conclu-
sions can be drawn (Chisti 2000; Fenge and Lüllau 2006; Ma et al. 2006, 
modified)
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● The aeration rate should be kept as low as possible (below 0.1 vvm).
● The sparger should be located such that the rising bubbles do not interact with 

any impellers.
● The sole purpose of the impeller should be to suspend cells and to mix the fluid 

gently. Therefore the impeller should be of a type that does not produce exces-
sively high local rates of energy dissipation.

● For air-lift and bubble column bioreactors the aspect ratio (ratio between height 
and diameter) should be ∼14 for small scale and 6–7 for large scale.

● In stirred tanks the mean energy dissipation rate should be below ~ 1,000 W m−3.
● Impeller tip speed should be between 1 and 2 ms−1.
● A suitable additive such as Pluronic®–F68 should be used whenever feasible.

Despite a number of concepts having been suggested in the literature to describe 
shear effects caused by fluid-mechanical forces or bubbles, none of these concepts 
allow for a precise layout of large-scale bioreactors (design, operating parameters 
such as aeration rate, power input or stirrer speed) without additional experiments. 
Furthermore, experimental findings on a small scale have to be validated on a pilot 
scale before being transferred to the final industrial scale. A simple strategy for 
design and scale-up of large scale-reactors based on the concept of a constant 
power-to-volume-ratio could be as follows:

● Determine the critical mean energy dissipation rate (power input per volume) in 
a laboratory scale bioreactor geometrically similar to the large scale reactor.

● Calculate the stirrer speed in the large scale bioreactor by considering the mean 
energy dissipation rate to be constant (e.g. by applying a correlation between the 
power-number or Newton-number and the Reynolds-number).

In applying this strategy, some restriction should be considered. First an increase 
in the scale of more than 10:1 might lead to unreasonable values for the stirrer 
speed. Therefore several scale-up steps from the laboratory to the industrial scale 
are required and the design criteria have to be evaluated at each step. Furthermore 
it is not taken into account, that due to an uneven distribution of energy dissipation 
within a stirred vessel suspended cells or cells grown on microcarriers are exposed 
to varying levels of shear stress on their way through the vessel. The maximal 
energy dissipation can differ significantly from the mean energy dissipation, 
depending on the geometry of the vessel and the stirrer. Additional frequency of 
exposure to the maximal energy dissipation has to be considered. Henzler and 
Kauling (1993) have shown some important scale-up relationships (Fig. 4.13). The 
mechanical stress produced by the liquid increases with the size of the reactor, even 
if the mean energy dissipation (power input per volume) remains constant. In 
contrast, the shear produced by the bubbles decreases simultaneously. If the size of 
the reactor is increased by a factor of 1,000 (from 1 to 1,000 L) the main shear due 
to aeration decreases by a factor of 10. As cell damage seems to be caused mainly 
by sparging, this is a very important indication. It suggests that cell damage due to 
shear stress observed on the laboratory scale is of minor importance in larger reactors.
This seems to be one reason why sparging of bioreactors is often regarded as 
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problematic on a laboratory scale, whereas on a large scale it continues to be the 
preferred and robust method for supplying oxygen to the cell culture.

Varley and Birch (1999) draw some conclusions from research concerned with 
shear stress on mammalian cells:

● Many suspension cells, especially hybridoma, are not as shear sensitive as 
thought at first.

● Most cell death is caused by bursting bubbles, even if other reasons for cell death 
have to be considered and cell death increases when the Kolmogoroff eddy 
length approaches the size of the cells.

● The range of tolerable aeration rates and stirrer speed for altering mixing is 
limited.

Implications on design and operation of bioreactors from mammalian cells, 
 especially stirred tanks and air-lift reactors, will be discussed in Sect. 5.1

4.2 Oxygen Supply

4.2.1 Introduction

Mass transfer, including oxygen supply and carbon dioxide removal, is one of the 
most important factors in operating cell culture bioreactors. Because oxygen 
is only slightly soluble in medium (approximately 7 mg L−1) and the oxygen 
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Fig. 4.13 Variation of mechanical stress with increasing reactor volume for P/V = constant 
(adapted from Henzler and Kauling 1993, with kind permission of Springer)
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consumption rate (or oxygen uptake rate OUR) is between 3 × 10–10 and 2 × 10–8 mg 
cell−1 h−1 (Aunins and Henzler 1993), a typical culture of 2 × 106 cells mL−1 would 
deplete the oxygen dissolved in the medium in under one hour and run out of oxy-
gen rapidly. Therefore it is clearly necessary to supply oxygen during the culture 
period. Some methods used for this purpose on a small scale are surface aeration, 
membrane aeration, gas sparging and increase of the partial pressure of oxygen in 
the headspace or the supplied air (Aunins and Henzler 1993). The scale-up of animal
cell cultures is greatly dependent upon the ability to supply sufficient oxygen 
without causing cell damage. Because of high mass transfer rates and operational 
simplicity, gas sparging is the preferred method in large scale cell culture. However, 
cultured animal cells may be damaged by gas sparging (Handa et al. 1987; Kunas 
and Papoutsakis 1990; Michaels et al. 1996; Zhang et al. 1992a). Cell bubble 
interactions are generally regarded as the likely cause of this cell damage but the 
mechanism is not fully understood (Sect. 4.1.3.3) (Chisti 2000; Meier et al. 1999; 
Wu 1995). It is  hypothesized that shear associated with bubble rupture on the bub-
ble surface is the main cause.

The supply of oxygen in the cultivation of animal cells in bioreactors still 
poses a problem. Even though oxygen consumption rates of animal cell cultures 
are low compared to cultures of other microorganisms, they must be supplied 
with a sufficient amount of oxygen. But animal cells are more sensitive to shear 
stress caused by vigorous mixing and gas sparging. This necessitates a maximum 
possible oxygen transfer into the liquid phase to keep the mechanical force low 
(Kunas and Papoutsakis 1990; Fenge et al. 1993; Papoutsakis 1991). In bubble 
aerated reactor systems, damage to animal cells often occurs due to a wide range 
of bubble size distribution (Kunas and Papoutsakis 1990; Fenge et al. 1993). It 
occurs when ascending bubbles force the cells in the medium to the surface 
(Grima et al. 1997). The stress to the cells is caused by the displosion of bubbles 
breaking through the surface, resulting in permanent damage (Kunas and 
Papoutsakis 1990; Papoutsakis 1991).

The size of the bubble appears to be an influential parameter for the tendency of 
the cells to rise to the surface. Another disadvantage of bubble aeration is that foam 
could be generated on the surface of the medium, which then could lead to a push-
out of the medium out of the bioreactor. But there are several methods available to 
fight foam production within the vessel (Tan et al. 1994; Zhang et al. 1993). Widely 
used are silicone based antifoaming agents. The most significant advantage of bub-
ble aeration is its high oxygen mass transfer into water. This high rate is due to a 
high volume-specific phase surface area and a lower transport resistance compared 
to membrane procedures.

Because of the relatively high transport resistance, bubble-free aeration systems 
such as membranes require high membrane surface areas to gain a sufficient oxy-
gen supply into the medium. Also greater effort in installation and maintenance is 
required in comparison to bubble aeration. Also, the need for sterile operation 
makes the use of membrane procedures more problematic. In consequence, 
 membrane aeration systems are mostly used in the laboratory and pilot scales 
(Marks 2003; Henzler and Kauling 1993). Other indirect aeration systems used are 
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spin filters and vibro mixers. In addition to this, systems with external or perfluoro-
carbon mediated aeration can be used Gotoh et al. (2001).

But these procedures involve high apparatus costs, which make them unsuitable 
for large scale production. Also a scale up can be prone to errors. With increase of 
the inner volume, oxygen transfer progressively becomes more difficult, because 
the mass transfer efficiency of stirred tank reactors generally decreases as the scale 
is increased (Marks 2003; Henzler and Kauling 1993). Even though all other aera-
tion methods are technically more complex and lead to less reliability due to the 
greater number of connection tubes, direct sparging is still the method of choice for 
the pilot and production scale (Henzler and Kauling 1993; Krahe 2003). Three 
 different shear hypotheses were considered by Henzler and Kauling (1993), who 
also showed a relation for scale up (Sect. 4.1.3.4). The shear ratio related to increas-
ing volume of the reactor from 1 L to 1 m3 was calculated and a tenfold decrease of 
the main shear was found. This finding indicated that shear problems due to bubble 
aeration observed in the laboratory scale are of minor importance in larger bioreac-
tors (Wu et al. 1995). In recent studies it has been shown that the bubble size has a 
significant influence on cell damage (Meier et al. 1999). The bigger the cell size the 
higher the relative speed between the gas bubble and the cell. Three possible causes 
of cell death are associated with bursting bubbles: bursting bubbles may destroy 
nearby cells within the suspension due to a shear associated with the burst; cells 
which are trapped inside a bubble may be damaged by the burst, and a bursting 
bubble may also damage cells which attached to the bubble during its ascent. The 
relative effect of each of these is a result of the bubble size and medium properties 
(Meier et al. 1999; Marks 2003).

Due to the contact of a cell with a bubble, shear stress on the cell membrane is 
created, which damages the cell. Floating of a cell in foam can also cause cell 
 damage (Wu et al. 1995). Once a foam bubble collapses, the high surface tension 
results in a destruction of the cell membrane (Ghebeh et al. 2002). Experiments 
performed by Kunas and Papoutsakis in completely filled bioreactors with micro-
bubbles of sizes between 50 and 300 µm in diameter showed that the cultured 
hybridomas sustained only very little damage, even when small bubbles were 
present (Kunas and Papoutsakis 1990). Microbubbles have less relative speed in the 
fluid, less collision chance and damage ability, due to their higher mean residence 
time. It was shown by Michaels et al. that it is possible to minimize the frequency 
of bubble coalescence and breakup events by employing microbubbles for oxygen-
ation at low agitation rates for mixing (Michaels et al. 1996).

As a result of smaller bubble size, the relative surface of the gas in the liquid 
increases. This leads to a higher mass transfer of oxygen into the liquid. Less gas 
flow is required to meet the oxygen demand of the living cells. If the reactor is aer-
ated with high oxygen partial pressures and with pulsed aeration profile, most of 
the bubbles will be completely dissolved before reaching the surface, resulting in 
less foam. Nowadays nearly every industrial cell culture reactor is equipped with 
standard ring spargers, spargers or micro spargers. In industrial production with cell 
cultures the strategy is to use cell lines, which are not so sensitive to cell damage 
by direct sparging.
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4.2.2 Limitations for Oxygen Transfer

Oxygen concentration in media is indicated usually as percentage air saturation, per-
centage dissolved oxygen, concentration in weight per volume (µg mL−1 or mg L−1), 
p

O2
 or molar units (mmol L−1). Percentage air saturation (identical to percentage dis-

solved oxygen, % DO) is given by:

% DO = (c
L
 /c*) 100%, 

with c
L
 as the actual oxygen concentration in the medium and c* as the oxygen 

 concentration in the equilibrium with air (21% oxygen).
Oxygen tension or p

O2
 is the partial pressure of oxygen in the liquid phase in 

equilibrium with the partial pressure in the gas phase.
The interrelationship between the equilibrium oxygen concentration in media 

and the partial pressure in the gas phase is given by Henry’s law:

P cO2 *He=  (4.15)

He is Henry’s constant which is a function of temperature. Oxygen solubility in 
pure water between 0 and 36 °C is given by the following equation (Truesdale 
et al. 1955):

c T T T* 14.16 0.3943 0.007714 0.00006462 3= − + − . (4.16)

With solubility of oxygen c* in units of mg L−1 and temperature T in °C.
The solubility of oxygen in media is also influenced by the presence of electro-

lytes and organic components so the equilibrium oxygen concentration in medium 
has to be corrected (Schumpe et al. 1978). Quicker and Schumpe have given an 
empirical correlation to correct values of oxygen solubility in water for the effects 
of cations, anions and sugars (Quicker et al. 1981):

Log ( * / *) = 0.5 +10 0
2

L Lc c H z c K ci i i j j∑ ∑ .  (4.17)

With:
c

0
*: oxygen solubility at zero solute concentration (mol m−3)

c*: oxygen solubility (mol m−3)
H

i
: constant for ionic component i (m3 mol−1)

Z
i
: valency of ionic component i

c
iL

: concentration of ionic component i in the liquid (mol m−3)
K

j
: constant for non-ionic component j in the liquid (m3 mol−1)

c
jL

: concentration of non-ionic component j in the liquid (mol m−3)
Values of H

i
 and K

j
 for use in the above equation are listed in literature 

(Schumpe et al. 1978; Quicker et al. 1981). In a typical fermentation medium 
oxygen  solubility is between 5 and 25% lower than in water as a result of solute 
effects (Doran 2006).

For RPMI medium the oxygen concentration has been reported to be 0.2 mmol L−1

(or 7.1 mg L−1 – in equilibrium with air p
O2

 = 0.21, T = 37 °C) (Oller et al. 1989).
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4.2.2.1  Evaluation of Oxygen Consumption and Oxygen 
Transport Efficiency

High concentrations of oxygen can be toxic for the cells. Effects of different oxygen
concentrations on cells are reported in the literature. A good summary is given by 
Doyle and Griffith (1998) and Ruffieux et al. (1998). Established cell lines function 
well over a wide range of oxygen concentrations (between 15 and 90% of air 
saturation). Primary cells are cultivated best at lower oxygen concentrations to 
simulate the in vivo environment.

The oxygen uptake rate (OUR) or the specific oxygen consumption rate (q) is 
influenced by the cell type, cell density, proliferative state of the culture, and 
glucose and glutamine concentration and is a good indicator of cellular activity; 
under some conditions, it is even a good indicator of the number of viable cells 
(Doyle and Griffith 1998; Ruffieux et al. 1998; Riley 2006).

For the quantification of the oxygen uptake rate (OUR) and the oxygen transfer 
rate (OTR), it is necessary to give an unsteady-state mass balance of oxygen within 
the bioreactor. The mass balance can be written as follows: the change in oxygen 
concentration over the time in the reactor is equal to the rate of oxygen transfer into 
the culture (OTR) minus the oxygen consumed by the cells:

dc / dt k a c* c= − −L L( ) OUR  X  (4.18)

with:
k

L
a: mass transfer coefficient, which is the product of k

L
, the overall mass transfer 

coefficient from the gas to the liquid phase (two film model), and a, the gas–liquid 
interfacial area per unit of the reactor liquid volume (s−1)
c

L
: concentration of oxygen in solution (kg m−3)

c*: equilibrium solubility of oxygen – oxygen saturation (kg m−3)
X: cell density (cells L−1)
OUR: oxygen uptake rate (kg O

2
 10−6 cells s−1)

t: time (s)
The oxygen transfer rate (OTR) is given by:

OTR=k a(c* c )L L−  (4.19)

A very common method for measuring the k
L
a and the OUR is the “dynamic 

method”. The main advantage of the dynamic method is the low cost of equip-
ment needed. There are several different versions of the dynamic method 
described in the literature. Here only the method with cells in a batch culture is 
described.

As shown in Fig. 4.14 at some time t
0
 the culture is de-oxygenated by stopping the 

aeration if the culture is oxygen consuming. Dissolved oxygen concentration c
L
 drops 

during this period. Before c
L
 remains c

crit
 the aeration is started and the increase in c

L

is monitored as a function of time. Assuming re-oxygenation is fast relative to cell 
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growth, the dissolved oxygen level will soon reach a steady state value c
AL

 which 
reflects a balance between oxygen supply and oxygen consumption in the system.

During the re-oxygenation step the system is not in steady state and we can use 
the above unsteady-state mass balance (4.19). When c

L
 = c

AL
, dc/dt = 0 because 

there is no change in c
L
 with time. Therefore:

 OUR X = k
L
a(c* – c

AL
). (4.20)

Substituting the result into (4.19) and cancelling the term k
L
a. c* gives:

d /dt = ).L AL Lc k a c c( −  (4.21)

Assuming k
L
a is constant with time, we can integrate (4.21) between t

1
 and t

2
.

The resulting term for k
L
a is:

k a c c c c t tL AL L1 AL L2 2 1ln[( ) / ( )] / ( ).= − − −  (4.22)

When ln [(c
AL

 – c
L1

)/(c
AL

 – c
L2

)] is plotted against (t
2
 – t

1
) as shown in Fig. 4.15 the 

slope is k
L
a.

Equation (4.22) can be applied to actively oxygen consuming cultures or to sys-
tems without oxygen uptake.

In the de-oxygenation period the slope of the dissolved oxygen concentration 
profile is the oxygen uptake rate (OUR) because (4.18) reduces to

d / QUR XLc dt = −  (4.23)

Fig. 4.14 Variation of oxygen tension for dynamic measurement of k
L
a

Air off

cL

cL2

cL1

 ccrlt

t0 t1 t2
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cL
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for a reactor where the oxygen transfer term can be neglected. The most critical step 
is the removal of all air bubbles from the reactor.

4.2.3 Oxygen Supply Systems (Aeration Systems)

A culture can be aerated by one, or a combination, of the following methods: surface
aeration, direct sparging, indirect and/or membrane aeration (diffusion), medium 
perfusion, increasing the partial pressure of oxygen, and increasing the atmospheric 
pressure (Griffith 2000; Varley and Birch 1999). Methods of oxygen supply for 
submerse fermentation of animal cells can be seen in Fig. 4.16.

4.2.3.1 Surface Aeration

In surface aeration, mass transfer occurs only through the surface of the liquid. To 
increase the mass transfer by increasing the effective phase interface, a second 
impeller should be located at the interface or near the liquid interface (Fig. 4.17).

Fig. 4.15 Evaluating k
L
a using the dynamic method



4 Special Engineering Aspects 109

Alternatively an intensive wave motion could be inserted (wave bioreactor) 
(Singh 1999; Sect. 5.1.4). The partially submerged second impeller (surface aera-
tor) was seen to increase the mass transfer coefficient four times for laboratory 
scale stirred reactors (Hu et al. 1986). Because bubble introduction should be 
avoided, oxygen input cannot be increased indefinitely by surface aeration. Henzler 
and Kauling (1993) gave correlations in the low power input range based on experi-
mental data for the volumetric mass transfer coefficient k

L
a, the limiting speed of 

the impeller located at the interface and for the scale-up.

k a H D f d D n d gL R R R R R
2( / ) = ( / )( / )  (4.24)

Surface aeration 

Membrane aeration 

Bubble aeration 

Porous  
membrane 

Diffusion 
membrane 

Bubble column 

Air-lift loop reactor 

Stirred vessel 

Fig. 4.16 Methods of oxygen supply for submers fermentation of animal cells [adapted from 
Henzler and Kauling (1993) with kind permission of Springer Science and Business Media]
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with
H

R
: filling height of the stirred reactor – impeller located at the interface (m)

D
R
: reactor diameter (m)

d
R
: impeller diameter (m)

n
R
: impeller speed (s−1)

g: acceleration due to gravity (m2 s−1)
and

f d D d D( / ) [( / ) 0.13]400R R R R= −  (4.25)

for d
R
/D

R
 > 0.15

Henzler and Kauling (1993) show that even for semi-industrial scale, sufficient 
oxygenation of cell cultures cannot be provided by the surface of the liquid. 
Therefore surface aeration is sufficient only for low density cultures in small vessels
like T-flasks, roller bottles and bench scale vessels, where a relatively large ratio of 
air-medium interface to volume exists.

4.2.3.2 Direct Sparging

Direct gas sparging into the medium is the most common and simple way to supply 
oxygen into the bioreactor (Marks 2003; Varley and Birch 1999; Chalmers 1994). 
Aeration with spargers gives high oxygen transfer rates caused by large interfacial 

d

D

H

Fig. 4.17 Schematic of a reactor with surface aeration [stirrer at interface – adapted from Henzler 
and Kauling (1993) with kind permission of Springer Science and Business Media]
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area, a, for bubbles (Fenge et al. 1993; Henzler and Kauling 1993; Varley and Birch 
1999; Moreira et al. 1995; Nehring et al. 2004). Disadvantages of direct sparging 
are possible cell damage and foaming of the culture (Kunas and Papoutsakis 1990; 
Michaels et al. 1996; Chisti 2000; Meier et al. 1999; Wu 1995; Henzler and Kauling 
1993; Zhang et al. 1992a,b). Anyway many different cell types have been grown 
successfully in air-sparged bioreactors such as bubble columns, airlift reactors or 
agitated/stirred vessels (Doyle and Griffith 1998; Ma et al. 2006).

Interfacial area (a) will also obviously affect k
L
a. Oxygen transfer rates increase 

as the size of bubbles decreases. Bubble size will generally be in the region of 
4–6 mm for sparging with standard spargers (metal sparger, ring injector) or 0.1–
1 mm for sparging with micro spargers (e.g. ceramic) (Varley and Birch 1999; 
Nehring et al. 2004). The effects of additives including new born calf serum and 
Pluronic F-68 were found to depend on the size of the bubbles (Henzler 
and Kauling 1993; Varley and Birch 1999; Moreira et al. 1995). Although it is 
known that bubble coalescence is important, as it affects bubble size and hence 
interfacial area and k

L
a, the effect of fluid properties and surface properties is still 

not well understood (Varley and Birch 1999).
Correlations based on the most relevant bubbling regimes for animal cell culture 

are available for predicting the bubble size at the sparger: separate bubble formation 
and chain bubbling (Varley and Birch 1999).

For separate bubbling:

d gs o= 1.7 [ / ( )]1/3s rd ∆  (4.26)

where
d

s
: Sauter mean diameter (m)

σ: surface tension (kg s−2)
d

o
: orifice diameter (m)

∆ρ: density difference (kg m−3)
g: acceleration due to gravity (m2 s−1)
For the chain bubbling regime:

d
s
= 1.17v

0
0.4d

0
0.8 g−0.2 (4.27)

with
v

0
: gas velocity at the sparger (m s−1)

Equations have been proposed for bubble size for turbulent flow (generally 
stirred sparged vessels) far from the sparger, both for non-coalescing and coalesc-
ing solutions. However, at the low gas flow rates and low agitation rates used in 
animal cell culture, the bubble size far from the sparger is likely to be equal to the 
bubble size at the sparger (Varley and Birch 1999).

There are several correlations for the oxygen transfer coefficient in the literature 
(Henzler and Kauling 1993; Moreira et al. 1995; Ma et al. 2006; Moo-Young and 
Blanch 1981).

For specified medium, specified reactor dimensions and type of sparger, the 
mass transfer coefficient k

L
a in bubble columns and loop reactors (e.g. airlift) 

depends only on the superficial gas velocity (Henzler and Kauling 1993).
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k
L
a = Cva  (4.28)

with
C: constant
v: superficial gas velocity (m s−1)
a: exponent (further function of superficial velocity).

The influence of sparger holes/pores is noticeable at low gas velocity in the 
range desired for the oxygenation of cell cultures (Henzler and Kauling 1993; 
Nehring et al. 2004). With increasing gas velocity the aeration efficiency (k

L
a/v)

decreases as a result of increasing coalescence, so it makes sense to use oxygen-
enriched air to minimize shear due to gas bubbles (Henzler and Kauling 1993). 
Using special ceramic micro-spargers or increasing gas velocities gives a uniform 
distribution of the gas over all the sparger holes/pores and a more homogenous 
bubble size distribution (Figs. 4.18 and 4.19). This leads to reduced coalescence 
because of the decrease in the local gas hold-up (Henzler and Kauling 1993). 
Henzler and Kauling (1993) showed that the mass transfer is hindered in protein- 
containing media by the presence of protein at the interface, especially for smaller 
bubbles, because of the increased foam formation tendency of protein-containing 
media and a resulting increase in coalescence of bubbles.

The mass transfer can be enhanced by stirring. Therefore lower gas velocities 
are necessary in sparged bioreactors with agitation than in bubble column reactors. 
For industrial animal cell reactors, gas flow rates of 1 vvh (volume gas per volume 
reactor per hour) for bubble columns and 0.1–1 vvh for aerated and stirred reactors 
have been reported (Bliem et al. 1991). These lower gas flow rates may reduce the 
level of required antifoam agents and shear protectants (Czermak and Nehring 
1999). For cell culture, the region of low impeller power is of interest. The k

L
a is 

independent of the type and geometry of the impeller if sufficient mixing takes 
place in the bioreactor. As the viscosity of cell culture media is low, this assumption 
is usually satisfied (Henzler and Kauling 1993).

For stirred reactors (4.27) becomes the form

k
L
a = Cva(P/V)b (4.29)

with
P/V: power input per unit volume of gas dispersion (kg m s−3)
b : exponent independent of scale and impeller type.
Table 4.3 gives k

L
a values, determined using the dynamic method (Nehring et al. 

2004), for standard stirred bioreactors (Braun Biotech/Sartorius) on different 
scales, equipped with propeller or three-blade segment impeller (both are axial 
mixing stirrers) and different sparger systems (microsparger – stainless steel, Braun 
Biotech/Sartorius; microsparger – ceramic, BIM/Applikon Biotechnology; ring 
sparger – stainless steel, Braun Biotech/Sartorius).

Hydrophilic materials such as porous ceramics are suited to the production of 
microbubbles (Figs. 4.18 – 4.20) in water-based fluids. The formation of microbub-
bles (bubbles sizes differ in diameter from 100 to 500 µm (Nehring et al. 2004; 
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Bliem et al. 1991) ) is due to the small contact angle between the water and ceramic. 
The high k

L
a-values of the ceramic microsparger aeration system clearly show that 

a significantly better oxygen transfer into the medium was achieved by the larger 
phase surface area and in addition by the fact that the gas bubbles remained longer 
in the bioreactor (Nehring et al. 2004).

Fig. 4.18 The ceramic sparger tip in buffer and DMEM medium

Fig. 4.19 Bubbles in phosphate buffer aerated by a ceramic sparger. Bubbles sizes differ in diameter
from 100 to 500 µm (from Nehring et al. (2004) with kind permission of American Chemical 
Society)
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Fig. 4.20 SEM images of the porous structure of a zirconium dioxide microsparger cross section 
(The image was taken after breaking the ceramic tube across the diameter)

The culture of cells on microcarriers in sparged reactors requires low gas flow 
rates, small bubble diameter for high oxygen transfer rates, low mechanical agita-
tion and the use of antifoams to avoid shear stress to the anchorage dependent cells 
and to avoid flotation of the carriers (Doyle and Griffith 1998). By using a ceramic 
microsparger system, five times higher k

L
a values (two microspargers integrated 

into the baffles) in comparison to stainless steel microspargers (Applikon 
Biotechnology) were shown for a microcarrier culture (3 g L−1 Cytodex 3 microcar-
rier; DMEM medium) in a 75 L stirred reactor (H/D = 1.5; 2 propeller stirrers with 
different diameter; 33 rpm) at a very low aeration rate of 0.001 vvm (Czermak and 
Nehring 2000).

4.2.3.3 Membrane Aeration

Bubble free oxygenation of cell culture media by membrane aeration with open-pore 
membranes or diffusion membranes can be seen in (Figs. 4.21–4.23) (Aunins and 
Henzler 1993; Henzler and Kauling 1993; Qi et al. 2003; Schneider et al 1995).

For microporous membranes, the medium is in direct contact with air in the 
micropores of the membrane. The air–liquid interface in the pores is controlled by 
pressure and hydrophobic force. For diffusion membranes oxygen diffuses first 
from the gas phase into the oxygen soluble membrane (very common: silicone rubber)
and then into the culture medium.
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In the case of oxygenation with microporous membranes there is the mass trans-
fer coefficient at the gas–liquid interface k equal to k

L
 (4.29) (Aunins and Henzler 

1993; Henzler and Kauling 1993). In aeration with diffusion membranes, k is an 
overall mass transfer coefficient at the liquid side coefficient k

L
 and additional 

membrane diffusion (tubular membrane):

k k d d d D He H=1/[(1/ +[ ln( / )]/(2 / )]L s w s2 2 1  (4.30)

Fig. 4.21 REM cross section of a porous oxygenation membrane (PP)

Fig. 4.22 REM cross section of diffusion membrane (silicon tube)
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with:
k: mass transfer coefficient at the gas–liquid interface (m s−1)
k

L
: mass transfer coefficient at the liquid-side interface (m s−1)

d
2
: outer diameter of the membrane tube (m)

d
1
: inner diameter of the membrane tube (m)

D
s
: diffusion coefficient of oxygen in the membrane (m2 s−1)

He
w
: Henry constant of oxygen in water (m2 s−2)

He
s
: Henry constant of oxygen in membrane material (m2 s−2)

For the material constant D
s
He

w
/He

s
 of silicone the temperature dependence in the 

range of 10–40 °C is as follows (Henzler and Kauling 1993; Bräutigam 1985):

D He He Ts w s
9 2 1/ ~7.3 10 exp(0.024 )(m )× - -s  (4.31)

For the description of the mass transfer coefficient k
L,

 it is suitable to use dimen-
sionless relations in the form of Sh = f (Re, Sc) with the Sherwood number 
Sh = k

L
d

2
/D. Correlations are given by Aunins and Henzler (1993) and Henzler and 

Kauling (1993).
The main factors which affect the oxygen transfer are the oxygen concentration 

in the supply gas, the membrane porosity and the surface area of the membrane, as 
well as the value of k

L
 influenced by agitation of the medium by a stirrer or by 

movement of the membranes (dynamic membrane aeration).
The advantages of membrane aeration for cells sensitive to sparging, microsparg-

ing and foam formation are superposed by limitations such as the complexity of the 
process, limited design data, large membrane area, difficulties in maintenance and 
cleaning. In addition, proteins can foul the membrane potentially altering the hydro-
phobic properties of the membranes, especially at porous membranes (Aunins and 
Henzler 1993; Henzler and Kauling 1993; Doyle and Griffith 1998; Ma et al. 2006; 

Fig. 4.23 Concentration profiles for oxygen supply via membranes [adapted from Henzler and 
Kauling (1993)]
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Qi et al. 2003; Schneider et al. 1995). With membrane aeration, oxygen transfer rates 
comparable to direct sparging are possible, but high gas pressures and flow rates are 
necessary for it (Aunins and Henzler 1993; Henzler and Kauling 1993; Moreira et al. 
1995). Because of the large membrane area required (2–3 m of silicone tubing per 
litre of medium) membrane aeration is used to small and intermediate scale bioreac-
tors (5–500 L) only (Doyle and Griffith 1998; Ma et al. 2006).

To overcome the limitations of standard membrane aeration (Fig. 4.24), espe-
cially with increasing scale, the newly developed dynamic membrane aeration sys-
tem is of interest (Fig. 4.25) (Frahm et al. 2007; Rampe 2006). The silicone tubes 
(membranes) are wrapped on a rotor. This membrane carrier is placed in an 
oscillating circular motion. Therefore the flow of the medium at the membranes 
and the mass transfer is enhanced. In addition there are no moving  gaskets for the 
gas supply, with the resulting advantages for cleaning, design and scale-up (Frahm 
et al. 2007).

In Table 4.4 the mass transfer coefficient (for the membrane and the liquid film 
for oxygen) is listed for different power inputs to show the efficiency increase by 
oscillating the silicone membrane tubing through the medium (dynamic membrane 
aeration) compared to a standard membrane aeration system, where the silicone 
membrane tubing is wrapped in a basket (stator) and fluid flow around the tubing 
is generated by an anchor stirrer (Frahm et al. 2007). Figure 4.25 shows a dynamic 
aeration rotor at a 200 L scale. It is easy to scale-up the membrane area by adjusting 
the number of rotor arms and/or by branching out the rotor arms and therefore the 
volume specific mass transfer coefficient k

a
 of the dynamic membrane aeration 

system is much higher than a comparable standard membrane aeration system with 
silicone tubing.

1

2

3

a) b)

Fig. 4.24 (a) Schematic of a standard membrane aeration system (1) membrane basket (2) sili-
cone tubing (3) anchor stirrer (b) photograph of membrane basket and anchor stirrer (with cour-
tesy from Bayer Technology Services GmbH, Germany)
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Fig. 4.25 Photograph of the dynamic membrane aeration system (DMA) for a 200 L cell culture 
reactor (with courtesy from Bayer Technology Services GmbH, Germany)

Table 4.4 Mass transfer coefficient for oxygen (membrane and 
 liquid film) in dependence of power input per liquid volume (100 L 
reactor volume) adapted from (Frahm et al. 2007)

Aeration system P/V (W m−3) k (m h−1)

Dynamic membrane aeration  10 0.075
Membrane stator  10 0.055
Dynamic membrane aeration 100 0.09
Membrane stator 100 0.07
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4.2.4 Consequences for Reactor Design and Operation

Ozturk calculated the limit in the cell densities for several aeration systems based 
on the mass transfer coefficients reported by Henzler and Kauling see Fig. 4.26 
[adapted from Ozturk (1996)].

Surface aeration is not sufficient for high density cultures. Membrane aeration 
as a better method for oxygen delivery at high density cultures can be used inside 
or outside of the bioreactor, in the form of a basket or gas exchanger, respectively. 
The mass transfer in membrane aeration depends on the length of tubing per reac-
tor volume. Handling membrane aeration systems increases by reactor size and is 
not manageable for high density systems larger than to 200 L. Membrane aeration 
using silicone tubing can provide enough oxygen to support 5 × 107 cells mL−1

(Fig. 4.26). In cultures aerated by spargers, higher mass transfer rates and thus 
higher cell densities can be achieved. Cell lysis and foaming limit the sparging 
rates to about 0.1 vvm (Ozturk 1996). Selection of a good sparger is important for 
minimizing the foaming and maximizing the mass transfer rates (Fenge et al. 
1993; Nehring et al. 2004; Zhang et al. 1992a,b). The use of micro spargers (such 
as sintered metal or ceramic), provides more mass transfer area and therefore 
higher k

L
a. Micro bubbles can increase the foaming problems by producing more 

dense foam (Fig. 4.27).
Macro spargers create bubbles greater than 2 mm and are more appropriate for 

minimizing the foaming (Ma et al. 2006; Ozturk 1996). Though the mass transfer 
coefficients are lower for macro spargers, and higher gas flow rates should be used 
to achieve the same cell density as micro spargers. However, Henzler and Kauling 

Fig. 4.26 Limitations in cell density based on oxygen delivery in different aeration systems 
(adapted from Ozturk (1996) with kind permission of Springer Science and Business Media)
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(1993) showed that if the size of the reactor is increased, e.g., from V = 1 L to 
V = 1,000 L, the main shear due to the aeration decreases by a factor of 10. They 
suggest that problems observed on lab scale with sparger aeration are of minor 
importance in larger reactors; thus in many cases sparger aeration can be used for 
oxygenation even in production processes with animal cells. Nehring et al. (2004) 
compared a microsparging aeration system made of porous ceramic with bubble-
free membrane aeration in the cultivation of MDCK cells and in the cultivation of 
virus infected MDCK cells (2, 5, 30 and 100 L reactor scale). They achieved similar 
results for cell densities. Antifoaming agents such as Pluronic F-68 and lowering 
gassing rates and agitation speed (possible when using micro sparger systems) can 
decrease the problems related to sparging, such as foaming and cell damage 
(Aunins and Henzler 1993; Nehring et al. 2004; Ozturk 1996; Ma et al. 2004; Dey 
et al. 1997). However, the introduction of such additives decreases mass transfer 
and results in problems in the downstream processing (Aunins and Henzler 1993).

Fig. 4.27 5–10 mm foam layer at the medium surface (cell line: CHO-easyC – CHO-K1 derived 
line, Cell Culture Technologies GmbH, Zürich, Switzerland; CHO-master HP-1 medium; aerated 
with a ceramic micro sparger Fig. 4.18
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4.2.4.1 CO2 Accumulation

CO
2
 plays an important role in cell culture. The solute species of CO

2
 in the form 

of CO
2
, HCO

3
−, H

2
CO

3
 or CO

3
2−, and therefore the variation of CO

2
 concentrations, 

influences the pH of the medium when using sodium bicarbonate as the pH buffer. 
In addition CO

2
 is a potentially inhibitory byproduct in cell cultures. So CO

2

accumulation and excessive removal should be avoided (Ma et al. 2006; Ozturk 
1996). Aeration removes CO

2
 from the system and leads to a more complex gas 

exchange with respect to the balance between O
2
 addition and CO

2
 removal. The 

partial pressure of metabolically produced carbon dioxide (pCO
2
) and hence mass 

transfer of carbon dioxide from solution to the gas bubbles is important in animal 
cell culture. A rise in pCO

2
 can cause a rise in H

2
CO

3
 and hence a drop in pH. 

pCO
2
 must therefore be carefully monitored and controlled (Marks 2003; Varley 

and Birch 1999; Ma et al. 2006). The accumulation of CO
2
 depends on the mass 

transfer characteristics of the aeration system. The mass transfer coefficients for 
CO

2
 and O

2
 are not very different when using sparger for aeration and CO

2
 accu-

mulation is a minor problem. If a micro sparger system is used for aeration, CO
2

stripping can still be a problem. Small bubbles get saturated by the CO
2
 more eas-

ily than large bubbles and the efficiency of CO
2
 removal decreases. While using 

membrane aeration, CO
2
 accumulation is of greater importance. Depending on the 

material, the mass transfer coefficients for O
2
 and CO

2
 can be very different. For 

silicone tubing the CO
2
 mass transfer coefficient is measured to be about four 

times lower than that of O
2
 (Ozturk 1996). However, a proper pH control is 

necessary.

4.3 Immobilization of Cells

Biocatalysts (e.g. cells) are regarded as immobilized when they are restricted in 
their motility while their metabolic or catalytic activity is maintained (Lundgren 
and Blüml 1998). In vivo, mammalian cells are immobilized in tissues and organs 
and perfused by lymph, blood, etc. In vitro, immobilization is primarily used to 
increase the stability and the process intensity of the culture. Immobilization of 
mammalian cells was first described as early as 1923 by Carrel (1923). Since then, 
different techniques for immobilizing mammalian cells have been proposed, 
including entrapping cells on a particle surface or in the interstices of a porous 
particle, encapsulation of cells within gels, or growth of cells within compartments 
formed by membranes (Lundgren and Blüml 1998; Butler 2004; Davis and Hanak 
1997; Davis 2007). These techniques are widely applied, as they offer some solu-
tions to problems inherent in mammalian cell culture:

● Attachment of anchorage-dependent cells is the only way these cells can grow.
● Immobilization in macroporous carriers can protect cells against shear stress, 

promoting the use of serum- or protein-free medium (Lüdemann et al. 1996, 
Sect. 5.1.2).
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● Cell densities in immobilized systems are considerably higher compared to those 
without immobilization (e.g., suspension culture approx. 106–107 cells mL−1,
immobilized culture approx. 107–108 cells mL−1, tissue approx. 109 cells mL−1) and 
allow for smaller reactor volumes.

● Immobilization techniques enable preliminary separation of (extracellular) prod-
ucts and cells, easing requirements for downstream.

● Immobilization systems are preferably run in perfusion mode (Sect. 4.4), where 
the medium feed rate is not dependent on the growth rate of the cells and higher 
volume-specific productivities can be obtained.

Besides these advantages of immobilization techniques, several problems have to 
be solved depending on the specific system:

● Materials have to be selected according to the requirements of the cells and the cul-
ture system. Especially in the case of adherent cells, they have to promote cell attach-
ment and spreading, a complex mechanism as shown in Fig. 2.1 (Sect. 2.2.1).

● All techniques involving the growth of cells in a three-dimensional structure, 
mass transfer effects, especially nutrient and oxygen supply, as well as removal 
of toxic metabolites and carbon dioxide, have to be considered.

In the following sections, the different techniques for cell immobilisation are 
briefly discussed, as this has been done extensively by a number of reviews and text 
books (Lundgren and Blüml 1998; Butler 2004; Davis and Hanak 1997; Kelly et al. 
1993; Howaldt et al. 2005; Ozturk and Hu 2006; Hübner 2007). Special attention 
is paid to mass transfer aspects to give a deeper understanding of the underlying 
mechanisms and resulting consequences. The main focus is on solid and macropo-
rous carriers for immobilization of mammalian cells as well as on encapsulation 
techniques. Membrane-based bioreactor concepts are discussed in Sect. 5.1.3 for 
production of biopharmaceuticals and in Part II, Chap. 2 for tissue engineering.

4.3.1 Carriers for Cell Immobilization

4.3.1.1 General Aspects

The development of carriers to support cell growth was initially driven by the idea 
to provide a large-scale production system for adherent cells, e.g., for vaccine 
production. In the early sixties facilities for vaccine production used batteries of 
roller bottles. Scale-up was possible by increasing the number of roller bottles 
used. The high labour intensity of this technology is quite obvious. An important 
breakthrough was the development of the so called “microcarrier” by van Wezel 
(1967) in the beginning of the seventies, a solid particle with a 100–200 µm struc-
ture, on which the cells could grow. As the microcarriers are suspendable in stirred 
tanks, it became possible to work with large scale suspension reactors (nowadays 
up to 4,000 L (Lundgren and Blüml 1998). The great success of this technology 
led to the development of a large number of different microcarriers for suspension 
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culture and furthermore for different reactor systems, especially for fixed-bed and 
fluidized-bed reactors (Lundgren and Blüml 1998). The desired features of a 
carrier can be defined according to Lundgren and Blüml (1998) as well as Pörtner 
and Märkl (1995):

● Autoclavable
● Available in large batches for industrial customers
● Available with documents required for approval (Drug master or regulatory 

support files)
● High batch-to-batch consistency
● Suitable for a large number of cell lines (adherent and non-adherent cells)
● Good long-term stability
● High surface-to-volume ratio (large multiplication steps)
● Material of non-biological origin (minimal viral risks)
● Macroporous for high cell density and shear force protection
● Efficient diffusion from the medium into the center of the carriers
● Non-toxic, non-immunogenic matrix
● Size appropriate to reactor system
● Simple immobilization and harvesting of cells
● Mechanical stability
● Uniform size distribution
● Reusable
● Possibility to count cells
● Transferable between vessels (ease of scale-up)
● Transparent

Even if an “ideal” carrier does not exist, the above list gives some arguments for 
selecting a carrier or evaluating different suppliers. Although for research purposes 
aspects such as good growth conditions might be mainly important, for production 
processes, other aspects related to the approval of the process and maintaining the 
process for the lifespan of the product have to be considered.

Depending on the intended culture system, the properties of the carriers, especially
the size, vary significantly (from 10 µm to 5 mm). In Fig. 4.28 different carriers are 
grouped according to size. The term “microcarrier” is traditionally used basically 
for those carriers used in suspension culture with an ideal size of 150–500 µm.
Larger carriers are used for fluidized and fixed bed reactors due to the higher sedi-
mentation rate. For fluidized bed reactors, carriers having a size of 0.6 to 1 mm are 
used. For fixed-bed cultures, larger carriers (3–5 mm) are better, to prevent blocking 
of free channels between the carriers. Obviously larger carriers will have limita-
tions in terms of mass-transfer-effects, especially with respect to oxygen supply, 
because of the poor solubility of oxygen in the medium and the high uptake rate of 
the cells. This will be discussed later in this chapter.

A wide variety of different materials has been suggested for carriers (Lundgren 
and Blüml 1998; Pörtner and Platas Barradas 2007; Pörtner et al. 2007) including 
dextran, collagen, polymers, glass, and ceramic (among others), as they have a great 
impact on parameters such as toxicity, hydrophobicity, micro- and macroporosity, 
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mechanical stability, mass-transfer, specific gravity, and shape. Different shapes are 
available, such as fibers, flat discs, woven discs, and cubes, though the sphere is the 
most common. The surface is usually positively or negatively charged to ensure cell 
attachment. The density of the electrostatic charge on the surface is critical to allow 
cell attachment and growth. Non-charged carriers are also available, which are nor-
mally coated with collagen or gelatine (denatured collagen) or have fibronectin or 
fibronectin peptides coupled on the surface. While carriers consisting of gelatine may 
be autoclaved, this is not the case for protein-coated carriers.

The density of the carriers is determined by the intended application. Smooth 
microcarriers for suspension culture have a density just above the medium 
(1.02–1.04 g cm−3), while materials used for macroporous carriers have densities 
between 1.04 and 2.5 g cm−3. Lundgren and Blüml (1998) suggest the use of sedi-
mentation velocity as a better parameter to judge the suitability of a carrier for a 
specific reactor type, especially for fluidized bed reactors, as this includes not 
only the specific density but also the size and shape of the carrier. Sedimentation 
velocities lower than 30 cm min−1 do not create sufficient mixing for efficient 
nutrient supply throughout the carrier. For adherent cells tending to form bridges 
between the carriers higher sedimentation rates (150–250 cm min−1) are 
recommended.

The surface of most carriers can be either solid or microporous. In the case of 
microporosity, the pore size is not sufficient to allow cells to grow in the inner parts 
of the carrier. Micropores are intended to take up larger molecules, up to a molecu-
lar weight of approximately 100 kda, to allow the cells to create a micro-environ-
ment on the beads and to support cell attachment and growth.

Fig. 4.28 Carrier for immobilization of mammalian cells

Suspension          Fluidized bed       Fixed bed

microcarrier                         macroporous  carrier  

adherent cells    adherent and suspendable cells 

solid surface         macro-           
              porous           

approx. 100 − 300 µm approx. 0.6 − 1 mm approx. 2 − 5 mm 
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A carrier is considered macroporous if the average pore size is between 30 and 
400µm, allowing for cell growth within the carriers. The porosity of these carriers, 
defined as the ratio between the volume of the pores and the total carrier volume 
(as percentage) is normally between 60 and 99%. Macroporous carriers are suitable 
for immobilizing adherent as well as non-adherent cell lines. Furthermore they 
allow cells to grow in a three-dimensional, almost tissue-like structure at higher 
densities compared to solid or microporous carriers. The tissue-like growth stabi-
lizes the cell population, protects against shear stress and decreases the need for 
external growth factors, so that the use of serum-free or protein-free media becomes 
easier. As the stability of the culture is improved at high cell density (Sect. 4.4), 
macroporous carriers are preferably used for long-term continuous culture. Due to 
the high cell density, the different culture technologies applied for macroporous 
carriers (stirred tanks for macroporous microcarriers, fixed bed and fluidized bed 
reactors) are generally run at high perfusion rates. This provides a sufficient nutri-
ent supply as well as removal of toxic metabolites. Furthermore, the residence time 
of an extracellular product at 37 °C is reduced and it can quickly be separated from 
the cells and cooled.

Besides these advantages, some disadvantages of carriers have also to be consid-
ered (Lundgren and Blüml 1998):

● Some carriers have to be prepared before use.
● Scale-up of a culture using cells harvested from microcarriers is more complex 

than expansion of a suspension culture.
● Cell harvest from macroporous carriers can be difficult.
● Cell count, especially in the case of macroporous carriers, requires special 

techniques.
● For larger macroporous carriers, mass transfer limitations have to be considered.

Despite the large number of carriers and support materials suggested in the 
literature, only very few are on the market and even fewer fulfill industrial stand-
ards for large-scale manufacturing (Lundgren and Blüml 1998). In the following 
sections, some typical examples are discussed and recommendations for use in 
culture given.

4.3.1.2 Microcarrier for Suspension Culture

The term “microcarriers” denotes small beads, either solid or macroporous (Fig. 4.29),
having a diameter of approximately 100–300 µm and a density of 1.02–1.04 g cm−3,
slightly higher than that of the growth medium. When first developed in the late 
1960s by van Wezel (1967), microcarrier culture introduced new possibilities and 
suspension culture of anchorage-dependent cells in high density became possible 
(Lundgren and Blüml 1998; Nilsson et al. 1986; van der Velden-de Groot 1995). 
Nowadays beads made of DEAE-Sephadex, DEAE-polyacrylamide, polyacrylamide,
polystyrene, cellulose fibers, hollow glass, gelatin or gelatin-coated dextran beads 
are in use (Lundgren and Blüml 1998; Shuler and Kargi 2002). In microcarrier 
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culture, cells grow as monolayers on the surface of small spheres (Fig. 4.29) or 
three-dimensional within the pores of macroporous structures. The carriers are usu-
ally suspended in culture medium by gentle stirring.

On smooth solid microcarriers, cells grow on the outer surface until a monolayer is 
formed. Each microcarrier can accommodate approximately 100–200 cells. To reach an 
optimal growth on all individual microcarriers, an even distribution of cells is required. 
For most cell lines, more than7 cells per carrier are required during inoculation to ensure 
that the population of unoccupied microcarriers is <5% and the use of the available sur-
face area is maximized (Butler 2004). For laboratory scale, it is often recommended to 
establish a microcarrier culture with 1–3 g (dry weight) of microcarriers per liter with 
initial cell densities of 1–2 × 105 cells mL−1 (might be lower in serum containing 
medium) and by using a certain start-up strategy (e.g., intermittent stirring to allow for 
attachment of cells on carriers). Final cell densities are in the range of 2×106 cells mL−1

with a multiplication factor of approximately 10–20 (Handbook GE Healthcare). In 
microcarrier culture usually a serum supplement of 5–10% is added to the medium for 
general purpose culture, as anchorage-dependent cells require certain adhesion factors 
contained in serum. For certain types of cell, the concentration of serum supplement can 
often be reduced. Furthermore, serum- or protein-free media supplemented with certain 
factors including fibronectin, transferring, insulin or epidermal growth factors, as well 
as shear protecting agents such as serum albumin, are probably suitable for microcarrier 
culture (Handbook GE Healthcare).

On the industrial scale, higher multiplication factors (up to 100) can be achieved 
by optimizing the cell-carrier-system for ease of scale-up (Lundgren and Blüml 
1998). The larger the multiplication factor in each step of scale-up to final production 
volume, the fewer the scale-up steps required. For a multiplication factor of 100 a 1-L 
suspension would be appropriate to inoculate a 100 L-reactor. A further increase of 
the scale might be possible by a technique named “bead-to-bead transfer” or “coloni-
zation”. Basically the microcarrier culture is scaled-up just by adding more microcar-
riers and more media (Butler 2004). Lundgren and Blüml (1998) reported on a 
1:1,000 dilution with Chinese Hamster Ovary Cells (CHO) that do not attach well to 
the carriers or that detach easily during mitosis. In this case a 1 L-suspension could 

Fig. 4.29 Microcarrier for suspension culture of anchorage dependent cells. (1) Cultisphere 
(Percell Biolytica, Gelatin), bar 20 µm; (2) Cytodex 3 (GE Healthcare, Gelatin-Dextran), bar 
10µm; (3) Cartilage cells grown on Cytodex 3, bar 20 µm
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inoculate a 1,000 L-reactor. If this technique cannot be applied and harvesting of cells 
from the beads is required, specific techniques for breaking the cell-surface and cell-
cell interactions and separation of cells and microcarriers have to be applied.

4.3.1.3 Macroporous Carrier for Fluidized Bed and Fixed Bed Culture

Suitable carriers for the immobilization of mammalian cells in fixed bed and fluidized 
bed must fulfil certain requirements such as high surface to volume ratio,  simple and 
non-toxic immobilization, optimal diffusion from the bulk phase to the centre of the 
carrier, mechanical stability, and pH stability. They should be steam sterilisable, reus-
able and suitable for adherent and non-adherent cells (reviewed by Pörtner and Märkl 
1995; Pörtner and Platas 2007; Pörtner et al. 2007). A large number of macroporous 
carriers and support materials for immobilization have been suggested, including 
glass (natron, borosilicate), cellulose, collagen, synthetic materials, e.g., polypropyl-
ene and polyurethane, and ceramic. Most of these carriers proved to be suitable for a 
large number of cell types (e.g., hybridom, CHO, hepathocytes etc., see Sect. 5.1.2). 
In some cases (e.g., carriers made of glass or cellulose) coating with gelatine was 
recommended to support the growth of strictly adherent cells (unpublished data, 
Lüllau et al. 1994). The modification of the surface is a critical parameter. Anchorage-
dependent cells, especially primary or non-established cell lines, have proved to be 
much more sensitive to the carrier surface than established cell lines (e.g. hybridom, 
CHO, L293, NIH3 T3). This has to be taken into account during the selection of a 
suitable carrier for each specific cell line. Examples are shown in Figs. 4.30 and 4.31. 
As already mentioned, only very few carriers are on the market and even fewer fulfill 
industrial standards for large-scale manufacturing.

The cell density within a carrier depends on several parameters such as diameter 
of the carrier, porosity, cell type, etc. In general, the number of immobilized cells 
in the carrier increases with decreasing carrier diameter (Fig. 4.32). Therefore 
smaller carriers are preferable (e.g., 0.6–1 mm for fluidized bed). But in the case of 
fixed reactors, smaller carriers create narrow free channels, which can be blocked 
by cells growing in these channels. Therefore, diameters of 3–5 mm are an appro-
priate choice for fixed-bed reactors (Pörtner and Platas, 2007). Further recommen-
dations regarding design and operation of fixed bed and fluidized bed reactors are 
given in Sect. 5.1.2.

Fig. 4.30 Macroporous carriers for fixed bed and fluidized bed. I: Fibra-Cel™ (New Brunswick); 
II: glass carrier SIRAN® (QVF); III: ceramic carrier SPONCERAM® (Zellwerk)
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4.3.1.4 Mass Transfer Effects in Macroporous Carriers

Within macroporous carriers a sufficient supply of immobilised cells with nutrients 
and removal of inhibiting metabolites are essential. On one hand, oxygen supply 
has to be addressed, as the solubility of oxygen in culture medium (approx. 
0.2 mmol L−1, if the medium is in equilibrium with air) is far lower than the concen-
tration of other nutrients (e.g. glucose 18–25 mmol L−1). Therefore, the supply of 
necessary oxygen to immobilised cells is an important criterion for selection of a 
macroporous carrier. On the other hand, removal of carbon dioxide is also an 
important aspect, as increased levels of carbon dioxide might reduce the pH to 
unfavourable conditions.

Fig. 4.31 SEM of macroporous carriers for fixed bed and fluidized bed. I: Fibra-Cel™ (New Brunswick), 
Ia: native carrier, Ib: CHO-K1 cells growing on the carrier. II: glass carrier SIRAN® (QVF), IIa: native 
carrier, IIb: hybridom cells growing within the carrier. III: ceramic carrier SPONCERAM® (Zellwerk). 
IIIa, native carrier surface, IIIb: hepatoblastoma cells growing within the carrier
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In the following sections, oxygen supply within a macorporous carrier will be 
addressed to provide a deeper understanding of the mechanisms involved in mass-
transfer limitation. Here, only internal effects are considered, and effects due to a 
boundary layer around the carriers are ignored (Fig. 4.33). It can be assumed that 
mass transfer within the carriers is mainly diffusive. Some carriers, especially those 
having a very high porosity (>90%) can be perfused at an early stage of cultivation. 
But during the progress of the culture the free pores will be closed by growing cells 
and extracellular matrix. For a spherical particle the oxygen concentration c

O2

within the particle can be described by the following differential equation:
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with radius r, diffusiv coefficient D
e
, cell density X, maximal cell specific oxygen 

uptake rate q
o2,max

, Monod-constant k
o2

, if the cells are distributed homogeneously 
within the carrier, oxygen can be considered as the limiting substrate, and diffusion 
can be described by Fick’s law. This equation can be solved with the following 
boundary conditions: for r = 0 → dc

o2
 / dt = 0, and r = r

P
 (radius of the particle) →

c
o2

 (r
P
) = c

o2,Fl
 (oxygen concentration in the bulk fluid). The diffusive coefficient is 

assumed to be D
e
 = 2.56×10−9 m2 s−1, as suggested by Kurosawa et al. (1989) for 

oxygen limitation within alginate beads. The cell specific oxygen uptake rate can 
be described by a Monod-equation. From Miller et al. (1987) and own unpublished 
data, the Monod-constant k

o2
 is seen to be approximately 0.001 mmol L−1. As this 

value is very low compared to the oxygen concentration in the medium, it can be 
ignored in the first place and oxygen uptake can be regarded as following a zero 
order reaction. Furthermore the term Xq

o2
,max can be combined and replaced by 
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Fig. 4.32 Average cell density X
avg

 as a function of the carrier size (radius) for SIRAN carrier. 
The symbols indicate experimental data by (1) Yoshida et al. (1993), (2) Pörtner et al. (1995) and 
(3) Looby et al. (1990). The line shows a model calculation suggested by Fassnacht (2001) using 
a cell density of 1.75×108 cells mL−1 for those areas of the carrier loaded with cells
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the term OUR, the volume specific oxygen uptake rate of a carrier loaded with 
cells, leading to
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+ − =  (4.33)

This equation was solved numerically by a fifth-order Runge–Kutta-method for 
different values of the oxygen concentration in the fluid and different volume-
specific uptake rates. As can be seen from Fig. 4.34, severe oxygen limitation has 
to be expected, especially for larger particles (r

P
 = 2 mm) and higher volume-specific 

uptake rates. These theoretical considerations are supported by NMR studies 
described by Fassnacht (2001) (Fig. 4.35) and underline the statements made earlier, 
regarding an appropriate carrier size in fixed bed and fluidized bed reactors.

Besides solving the mass balance equation for the biocatalyst, a good estimation 
of the degree of mass transfer limitation within a biocatalyst can be obtained from 
the Thiele-Modulus F and the effectiveness factor h

i
 for internal mass-transfer-

resistance. The Thiele-Modulus (Thiele 1939) describes the ratio between the 
maximum conversion within a biocatalyst and the maximum mass transfer to 
the biocatalyst. There are several definitions of the Thiele-Modulus in the literature.

concentration profile along 
the radius within the carrier 

internal
diffusion

consumption
by cells 

CO2(r)

c

r

−rP  0  rP

Fig. 4.33 Modeling of oxygen profil in a carrier loaded with cells neglecting the boundary layer 
effects
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Fig. 4.34 Oxygen profile in a spherical carrier loaded with cells. Oxygen concentration C
O2
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P
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Fig. 4.35 I – SEM of CellSnow (Biomaterials), a macorporous cellulose carrier (approx. 
5´ 5 mm). II – Cross-section of an NMR fixed-bed (2 mm slice thickness) reactor with CHO-K1 
cells immobilized on CellSnow. On the left a spin echo image is shown. The darker parts show 
the cubic-shaped carriers, and the lighter parts indicate the interstitial space. The center shows the 
cross-section of the tube leading to the bottom of the bed. The small black circle located below 
the center is the glass capillary that contains a standard for 31P spectra. On the right a STEAM 
image of the same slice. This image shows viable cells at a dark color because of the low apparent 
diffusion coefficient of the intracellular water. Extracellular water is not detected and remains 
white. The black dashed circles indicate the cross-section of a single carrier showing that cell 
growth is only possible to a critical depth of approx. 0.7 mm (adapted from Fassnacht 2001)
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In general, separate equations are required for different reaction kinetics and cata-
lyst geometries. An overview is given by Doran (2006). For the case discussed 
above, a spherical particle and a zero-order kinetic for oxygen uptake, the Thiele-
Modulus Φ

0
 can be calculated as follows:

ø0
3 2

2

=
r OUR

D c
P

e O

.  (4.34)

The Thiele-Modulus F
0
 was calculated for different values of the carrier 

radius, the oxygen uptake rate and the oxygen concentrations c
fl
 in the medium (Fig. 

4.36). As expected, the Thiele-Modulus increases with increasing oxygen 
uptake rate, increasing carrier radius and decreasing oxygen concentration in the 
bulk medium.

An effectiveness factor of the carrier h
i
 can be defined as the ratio of the average 

observed reaction rate throughout the carrier to the rate without mass-transfer 
resistance:

hi  =
average reaction rate throughout the carrier

rate withouut mass-transfer resistance

The effectiveness factor can also be interpreted as the ratio of the average 
 reaction rate to the reaction rate on the surface of the carrier. For a spherical particle 
and a zero-order kinetic for oxygen uptake, the following equations can be used to 
calculate h

i0
 = f(F

0
):

for 0 < 0 < 0.577 → h
i0
 = 1.

for Φ
0
 < 0.577.

Fig. 4.36 Effectivity of oxygen supply in carriers with immobilized cells. Thiele-Modulus Φ
0
 vs. 

volume specific oxygen uptake rate OUR calculated for different values of carrier radius r
P
 and 

different concentrations c
O2

 in the medium
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The effectiveness factor h
i0
 was calculated according to these equations for 

 different values of the carrier radius, the oxygen uptake rate and the oxygen concen-
trations c

O2
 in the medium (Fig. 4.37). As expected, all data points can be described 

by one curve. It confirms that calculation of the Thiele-Modulus and the effectiveness 
factor provides a good estimation of the degree of mass-transfer-limitation based on 
available process parameters, without solving the exact mass  balance equations.

4.3.2 Encapsulation

Microencapsulation is another method for the immobilization of mammalian cells 
(Butler 2004; Hübner 2007; Huebner and Buchholz 1999). Basically, it can be used 
to protect cells against hazardous environmental conditions. The capsules can be 
cultivated in suspension reactors similar to microcarriers. Even direct aeration in 
combination with higher aeration rates, high agitation rates or stirrer speeds can be 
used without damaging the cells. The fragile nature of the microcapsule is 
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 detrimental to scale-up and long-term operation. Handling of the cells is simplified, 
as medium exchange can be easily performed without cell loss. Furthermore, within 
the capsules, a microenvironment favourable for the cells can develop. Autocrine 
growth factors can accumulate and in an ideal case the cells switch directly to 
exponential growth after immobilisation, without a significant lag phase. This is 
probably the most important aspect.

The three basic encapsulation systems available are the bead, the coated bead 
and the membrane-coated hollow sphere (Hübner 2007; Murtas et al. 2005; Sielaff 
et al. 1995). Typical size for beads made of polysine-alginate is 300–500 µm, and 
the molecular weight cut-off of these capsule membranes is 60–70 kDa (Shuler and 
Kargi 2002). The simplest way to encapsulate cells in solid alginate beads is shown 
in Fig. 4.38. Immobilization in Ca-alginate beads often leads to problems when the 
cells release organic acids such as lactate into the medium or when phosphate ions 
exist as buffering agents in the medium and compete for the binding with the calcium 
ions. This difficulty led to the development of the coated beads, where additional 
polyelectrolyte layers, which are also stable in the presence of other ions, are 
applied to the beads. So the dissolving of the bulb core later on could be done without 
any problem, and the production of pure polyelectrolyte immobilisates without a 
solid bead core was a consequent improvement. Common polymers and appropriate 

cells + Na alginate 

CaCl2 solution 

drop formation 

suspension
culture

release of 
antibodies

separation of 
cell fragments 

Fig. 4.38 Encapsulation of non-anchorage dependent, suspendable hybridom cells for production 
of monoclonal antibodies in calcium alginate
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encapsulation devices as well as their application have already been described 
(Huebner and Buchholz 1999).

Cells grow within capsules upto tissue-like cell density before their growth 
seems to be stopped by space limitations. Cell densities of 108 cells per millilitre 
are standard. These values can only be reached, though, when the nutrient supply 
of the cells is adequate and the diameter of the capsules is not too large. Again, the 
sufficient oxygen supply is usually most critical (see above). Cells with a high con-
sumption rate can only be cultivated in relatively small capsules (<1 mm) whereas 
cells with a lower consumption rate can be cultivated in larger capsules.

4.4 Culture Modes

4.4.1 Principles of Culture Modes

For all biotechnological processes, process strategies for the operation of bioreac-
tors can be classified as discontinuous mode (batch, repeated batch or fed-batch), 
continuous mode (chemostat, perfusion) or dialysis mode. The basic principles of 
these modes and some general aspects of their application are discussed here 
briefly, as this is basic knowledge in biochemical engineering [Doran (2006), 
among others]. In Sect. 4.4.2 examples of cultivations performed with a specific 
cell line to provide a deeper understanding of the characteristics of different culture 
modes are given.

4.4.1.1 Batch and Fed-Batch

A batch culture as shown in Fig. 4.39a is characterized by the growth of cells with-
out further addition of substrate (balance equations in Table 4.5). Before inocula-
tion an appropriate amount of substrates (e.g., a culture medium as mentioned in 
Sect. 2.3) is provided in the culture system. After inoculation the cells start to grow 
by converting substrates and oxygen into cell mass and metabolites (including the 
desired product such as monoclonal antibodies or a recombinant protein). At first 
the cells go through a lag phase with reduced cell growth. Then exponential growth 
follows until either substrates are consumed or inhibiting metabolites have accumu-
lated (decline phase and death phase). Cell death due to substrate limitation or 
metabolite inhibition is mainly induced by apoptosis, a genetically controlled cell 
death program (Sect. 2.5.2.1). During the cultivation additional compounds such as 
air or oxygen for aeration, acid or base for pH-control or anti foam agents to pre-
vent foaming have to be added. Therefore in a strict sense a batch culture cannot be 
regarded as a “closed system”.

Batch cultures are regarded as simple and reliable and are often applied in the 
lab as well as on an industrial scale. Nevertheless the productivity of batch cultures 
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is limited by the initial concentration of substrates. On one hand, the solubility of 
certain medium compounds is limited. On the other hand, too high substrate con-
centrations my induce substrate inhibition or a high cell specific substrate uptake 
rate leading to increased production of inhibiting metabolites. Furthermore a batch 
culture runs at a high volume specific productivity only for a short period of time 
when a high cell concentration is reached and substrates are not yet consumed 
completely. After harvest the bioreactor has to be cleaned and refurbished before 
the cycle is repeated (Krahe 2003).
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Fig. 4.39 Principles of culture modes (a) batch, (b) fed-batch, (c) chemostat, (d) cell concentra-
tion and yield vs. dilution rate for chemostat and perfusion, (e) perfusion with cell retention, 
(f) dialysis (F: feed rate, P: product, S: substrate, V: volume, X: cell conc.)
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A first step to improve the efficiency of a batch process can be seen in a so-called 
“repeated batch”. Here the main part of the cultivation broth is harvested at the end 
of the exponential growth phase. The remaining part is used as inoculum for the 
next run. The culture system is filled with fresh medium and the process is newly 
started. This procedure can be repeated several times.

The limited productivity of a batch culture can be further overcome by means of 
a fed-batch (Fig. 4.39b, balance equations Table 4.5). Here the culture system is 
initially filled to one-third or half only and started as a batch. As soon as substrates 
are consumed or have reached growth limiting values, fresh medium is added, 
mostly in concentrated form. Cell and product yield can be significantly improved 
by applying a fed-batch strategy, where nutrients are added after  depletion according
to an appropriate feeding protocol (Pörtner et al. 2004). The main advantages of a 
fed-batch compared to a batch are a longer growth phase, higher cell and product 
concentrations and a higher product yield. On the other hand a larger effort for 
equipment and control is required. Several control  strategies are available for 
fed-batch culture, which are discussed in detail in Sect. 4.4.4.

4.4.1.2 Chemostat without Cell Retention

In chemostat culture, also named “Continuous Stirred Tank Reactor” (CSTR), fresh 
medium is continuously pumped to the culture system and spent medium is 

Table 4.5 Balance equations for batch and fed-batch mode

Concentration of total cells X
t

dX

dt

F

V
Xt

V= −m⎛
⎝⎜

⎞
⎠⎟

(4.37)

Concentration of viable cells X
v

dX

dt
k

F

V
X

v

Vd= m - -⎛
⎝⎜

⎞
⎠⎟

(4.38)

Concentration of dead cells X
d

dX

dt
k

F

V
Xd

d V= ⎛
⎝⎜

⎞
⎠⎟

(4.39)

Substrate concentration c
S

dS

dt

F

V
Xcs cs qs V= − −

⎛
⎝⎜

⎞
⎠⎟ ( )0 (4.40)

Product concentration c
P

dc

dt

F

V
X

p
cp qp V= +⎛

⎝⎜
⎞
⎠⎟

(4.41)

Volume V
d

dt
F

V
= (4.42)

Concentration of total cells X
t
, concentration of viable cells X

v
, concentration of 

dead cells X
d
, substrate concentration c

S
, product concentration c

P
, volume V, flow 

rate F, cell specific rates: growth rate m, death rate k
d
, substrate uptake rate q

S
,

metabolite production rate q
P
. For batch mode the flow rate F = 0
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removed. The volume of the culture broth remains constant. The spent medium 
(harvest) contains all medium compounds including the cells. An alternative to the 
chemostat is the “turbidostat”, where the cell concentration is kept constant by 
controlling the dilution rate. The time course of a chemostat culture is shown in Fig. 
4.39c, the balance equations are given in Table 4.6. Again cultivation is started as 
batch. When substrate concentrations are below critical values, feeding of fresh 
medium and harvest of spent medium are started. After some time all process 
parameters become constant (average values – steady state), if homogeneous mix-
ing within the culture system can be assumed.

During steady state the values for cell concentration, as well as substrate and 
product (metabolite) concentration, depend on the flow rates for medium supply 
and harvest, expressed by the dilution rate D (4.42). As shown in Fig. 4.39d, a con-
stant or increasing cell concentration (depending on the death rate of the cells) can 
be observed with increasing dilution rate. But when the dilution rate approaches the 
maximal growth rate of the cells, the cells cannot compensate for wash-out and the 
cell concentration decreases. At D > D

crit
 (4.47) the cells are washed out of the cul-

ture system completely. Substrate concentration is very low at low dilution rates 
and increases close to the critical dilution rate. The course of the product concentra-
tion looks similar to the cell concentration. Chemostat cultures without cell reten-
tion are a valuable tool for research (e.g., kinetic studies) (Pörtner and Schäfer 
1996; Sect. 2.5), but not for production scale due to low cell and product concentra-
tion. Multi-stage chemostat cultures have been suggested to improve the yield of 
this culture mode (van Lier et al. 1994).

Table 4.6 Balance equations for chemostat culture

Dilution rate D
V

F
= (4.43)

Concentration of total cells X
t

dX

dt
Xt D V= −m( ) (4.44)

Substrate concentration c
S

dc

dt
XS

Vcs0 cs D qs= −( ) − (4.45)

Product concentration c
P

dc
X

p
cp D qp V

dt
= − + (4.46)

Steady state (dX/dt = 0; dc
S
/dt = 0) m = D (4.47)

Max. dilution rate D
crit

.(for monod type 
kinetic)

D
c

k ccrit. max
s0

s s0

=
+

m (4.48)
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4.4.1.3 Perfusion with Cell Retention

The drawbacks of a continuous chemostat culture can be overcome to some extent by 
retaining the cells in the culture system and perfusing the system continuously with 
medium. This can be done by connecting cell retention devices (e.g., settlers, spin fil-
ters, and centrifuges among others) to a suspension bioreactor or by immobilizing the 
cells (e.g., fixed bed or fluidized bed bioreactor). The specific techniques are dis-
cussed in detail in Chap. 5. Similar to a chemostat, here fresh medium is pumped 
continuously to the culture system and spent medium (harvest) is removed with the 
same flow rate. But as the cells are retained in the bioreactor, significantly higher flow 
rates can be applied leading to higher cell concentrations within the bioreactor, as 
shown in Fig. 4.39d and e.. Therefore higher volume specific productivities can be 
expected. The critical perfusion rate D

crit,perf
 can be calculated from

Dcrit,perf crit,chemostat
perf perf perf

=
+ −

D
1

1 a a b
 (4.49)

with the critical dilution rate in the chemostat D
crit,chemostat

, recirculation rate a
perf

(ratio of feed and recirculated medium) and rate of concentration β
perf

 (ratio of cell 
concentration within the bioreactor and the recirculated medium).

Continuous perfusion presents several advantages (Voisard et al. 2003; Geserick 
et al. 2000; Lüllau et al. 2003; Bödeker et al. 1994). Among these are the ability to 
grow cells to a very high density, the ease of handling media exchanges for the 
purpose of fresh feed and product harvest, the easy removal of metabolites and 
other inhibitors, and the prospect of easy scale up. When dealing with adherent 
cells, perfusion reactor design becomes slightly simpler (e.g. fixed bed and fluid-
ized bed) due to immobilization of cells within macroporous carriers compared to 
microcarrier suspension culture (Pörtner and Platas Barradas 2007).

4.4.1.4 Dialysis Culture

Non-porous dialysis membranes allow for simultaneous enrichment of cells and 
high molecular weight compounds. According to Strathmann (1979) dialysis in 
liquid media is defined as transport of a solved compound from one homogeneous 
phase, through a membrane, into a second homogeneous phase, driven by a concen-
tration gradient between the two phases. Mass transfer through the membrane can 
be described in terms of Fick’s law:

S P A c c= −mem ( )1 2  (4.50)

The molecular flow S is caused by the concentration gradient of a specific com-
pound c

1
–c

2
 across the membrane and is proportional to the membrane area A and 

the permeability coefficient P
mem

. The permeability coefficient depends on the 
specific compound, the type of membrane and other process parameters (boundary 
layers on both sides of the membrane, fluid velocity, stirrer speed, etc.). If process 
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parameters are maintained constant, a relationship can be found between the per-
meability coefficient and the molecular weight of the compound, similar to that 
between the diffusion coefficient and the molecular weight. Therefore the perme-
ability coefficient decreases with increasing molecular weight (Pörtner and Märkl 
1998). At high values of the molecular weight, the mass transport over the mem-
brane ceases. Usually membranes are characterised by a specific “cut-off”, mean-
ing that above this molecular weight, no mass transport over the membrane occurs. 
The basic principle of a dialysis process, as well as the time course of important 
process parameters, is shown in Fig. 4.39f. The dialysis process can be run as batch, 
fed-batch or continuously. An overview of the numerous process strategies availa-
ble for dialysis cultures can be found in Pörtner and Märkl (1998) and Pörtner 
(1998).

4.4.2 Examples of Different Culture Modes

In the following sections, the characteristic features of batch, fed-batch and contin-
uous cultures (chemostat, perfusion and dialysis) are discussed to provide a better 
understanding of these culture modes with respect to mammalian cells. All experi-
ments were performed with one cell line, a hybridoma cell line producing an IgG-1 
monoclonal antibody (data from Pörtner 1998 and Fassnacht 2001, if not men-
tioned otherwise). The intention is not to benchmark the different culture modes on 
the basis of, e.g., cell concentration, time–space yield or antibody concentration. 
Recommendation as to which culture mode should be used for a specific process 
has to consider the respective process, the desired complexity of the process control 
and for how long the same cell line will be used.

4.4.2.1 Batch and Fed-Batch

Batch processes (Fig. 4.40) usually start with an initial cell density of approxi-
mately 1–2 × 105 cells mL–1 and last 1–2 weeks. The required initial cell density 
depends on the type of cell and can be higher in serum- and protein-free media 
compared to serum containing medim (Lee et al. 1992; Lüdemann et al. 1996). 
Final cell densities are in the range of 2–5 × 106 cells mL−1, depending on the 
medium. Therefore during a batch culture the cell number increases only approxi-
mately ten times (Griffiths 1992). Metabolites (lactate, ammonia) do not usually 
accumulate to inhibiting values in a batch culture, as in most cell culture media, the 
substrate concentrations (e.g., glucose and glutamine) are quite low and consumed 
quite rapidly.

A typical example of a fed-batch process is shown in Fig. 4.41 (data from 
Pörtner et al. 1996). In this case the appropriate feed rate was determined by model 
simulation before starting the feeding pumps (“a priori”). Data at time 24 h were 
used as start values for simulation of the expected time course for cells, glutamine 
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Fig. 4.40 Batch culture of hybridom cell line IV F 19.23 in T-25 flask (data from Pörtner 1998)
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tion; (1) start values for model prediction



4 Special Engineering Aspects 143

ammonia, glucose, lactate and monoclonal antibody (MAb) according to the fol-
lowing strategy: At a calculated glutamine concentration of 1 mmol L−1 (t = 50 h) 
the feed pump was started with a constant pump rate (12 mL h−1). At a calculated 
glutamine concentration of 0.04 mmol L−1 (t = 73 h) the pump rate was increased to 
maintain this concentration. The “a priori”– determined course of the culture could 
predict the course of the culture quite well. The maximum cell concentration was 
3.2 × 106 cells mL−1, the final MAb-concentration was 54 mg L−1. This example 
gives a basic idea of the complexity of fed-batch-processes. Other process strate-
gies are discussed in Sect. 4.4.3.

4.4.2.2 Chemostat

As mentioned earlier, in chemostat culture a “steady state” is obtained, if the 
medium flow rates (feed, harvest) are kept constant. Figure 4.42 shows the relation-
ship between the steady state concentrations for cells, glutamine, glucose, lactate, 
ammonia and monoclonal antibodies (MAb). Similar data were shown by others 
for hybridom cells (Miller et al. 1988; Hiller et al. 1991). As expected, the cell 
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Fig. 4.42 Chemostat culture of hybridom cell line IV F 19.23 (data from Pörtner 1998) suspen-
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concentration first increases with the increasing dilution rate. The low cell densities 
at very low dilution rates are mainly due to cell death caused by apoptosis. Later, 
for dilution rate D approaching the maximal growth rate, the cell concentration 
decreases and finally becomes zero for D > D

crit
. A similar course can be found for 

antibody concentration. Substrate concentrations, especially for glutamine as the 
limiting substrate in this case, remain at very low values at low dilution rates and 
increase at dilution rates approaching the maximal growth rate. Ammonia and lac-
tate did not reach limiting concentrations (Pörtner and Schäfer 1996).

In general, the maximal cell and product concentrations obtained in chemostat 
cultures are quite low and in a similar range as those found in batch culture. 
Therefore chemostat cultures are a valuable tool for kinetic studies, especially as 
reliable data at very low substrate concentrations can be obtained. For industrial 
applications usually cell and product yield are regarded as too low (Griffiths 1992; 
Werner et al. 1992).

4.4.2.3 Continuous Fixed Bed Culture with Cell Retention

Cultivation of the hybridom cell line in a 100 ml fixed-bed reactor applying oxy-
gen concentration above air saturation (compare Sect. 5.1.2) is shown in Fig. 4.43 
(data from Fassnacht 2001). After inoculation, the cells started to proliferate in the 
fixed-bed, which can be seen in the decreasing glucose and increasing lactate con-
centrations. A high dilution rate D

FB
 of 10 mL medium per ml fixed-bed per day 

was used to minimize substrate limitation. A first steady-state was obtained on the 
fifth day after inoculation at a dissolved oxygen concentration of air saturation at 
the entry of the fixed-bed. This steady-state was controlled by oxygen limitation, 
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as indicated by the high steady-state glucose concentration and a steady-state 
glutamine concentration of 2.46 mmol L−1 (data not shown). The dissolved oxygen 
concentration was raised to 300% air saturation on the eighth day. This resulted in 
an increase of the glucose consumption rate and a new steady-state was reached 
on the 21st day. The glutamine concentration dropped to 0.52 mmol L−1 (data not 
shown), and the steady-state antibody concentration was 30.7 mg L−1. The low 
glucose and glutamine concentrations suggest that the steady-state was now con-
trolled by substrate limitation. Therefore, the dilution rate D

FB
 was increased to 

20 d−1. This increased the glucose consumption rate significantly, and a new 
steady-state was obtained with a corresponding non-limiting glutamine concentra-
tion of 1.36 mmol L−1 and an antibody concentration of 20.2 mg L−1. However, set-
ting the dissolved oxygen concentration to oxygen saturation (477% air saturation) 
on the 26th day did not result in a further increase of the glucose uptake rate indi-
cating that the system was also not controlled by oxygen limitation and that the 
maximal possible performance was reached. The oxygen concentration was again 
reduced to 300% air saturation and the dilution rate to 10 d−1, and the same steady-
state was reached on day 46 as on the 21st day, with a glutamine concentration of 
0.49 mmol L−1. The shown examples underline the potential of long- term cultiva-
tion, especially long-term stability in bioreactor systems with cell retention.

4.4.2.4 Continuous Dialysis Culture

Dialysis offers an efficient process strategy for the removal of inhibiting metabo-
lites and a simultaneous retention of cells and macromolecular products. It also 
allows for a number of different strategies (batch, fed-batch, continuous) for decou-
pling the flows of high molecular and low molecular substrates, low molecular 
metabolites and high molecular products. Pörtner and coworkers (Lüdemann 1997; 
Pörtner et al. 1997; Schwabe et al. 1999; Frahm et al. 2003) used a “nutrient-split” 
feeding strategy based on suggestions made by Ogbonna and Märkl (1993). The 
medium is divided into a buffer solution containing all mineral salts and a medium 
concentrate containing all relevant substrates (glucose, glutamine, other amino 
acids, etc.). The medium concentrate can be fed directly to the cells with signifi-
cantly reduced flow rates, whereas the buffer solution is used as dialysis medium 
(compare Fig. 4.39f).

Figure 4.44 shows as continuous dialysis culture run with the above mentioned 
“nutrient-split” – feeding strategy in a membrane-dialysis-bioreactor (data from 
Lüdemann (1997) ). The bioreactor is discussed more in detail in Sect.. 5.1.1.1. The 
process was started as batch culture. Continuous perfusion of the cell chamber was 
switched on at t = 74 h with a perfusion rate of D

i
 = 0.11 d−1. At t = 163 h the 

perfusion rate was set to D
i
 = 0.145 d−1. For the dialysis chamber perfusion was 

started at t = 123 h with a perfusion rate D
a
 = 0.163 d−1. The viable cell concentra-

tion increased to a maximum value of 1.1×107 cells mL−1 at t = 140 h and levelled 
of at 7.5 × 106 cells mL−1. Antibody concentration increased up to 650 mg L−1.
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4.4.2.5 Comparison of Different Culture Modes

The examples discussed above allow for some general conclusions regarding yield 
and efficiency of different culture modes, even if the used cell line cannot be regarded 
as “industrial-like” and optimal process parameters were not chosen in all examples. 
The main results are summarized in Table 4.7. As expected, the lowest cell and prod-
uct concentrations were obtained in batch culture. The low efficiency, expressed by a 
high medium requirement per mg monoclonal antibody, is mainly due to high cell 
specific substrate uptake rates during exponential growth. Only the utilization level 
of the substrates is high, as most of the substrates are consumed totally. For the fed-
batch culture cell and product concentration are significantly higher. Due to the 
applied process strategy to control glutamine at a very low level (Kurokawa et al. 
1994) the cell specific substrate uptake rates and therefore the medium requirement 
could be kept low (Sect. 4.4.3). During chemostat the product concentration was quite 
low and the medium requirement high, as cell and product concentration are deter-
mined by the relationship between cell-specific growth rate and perfusion rate. In 
perfusion mode, shown here by fixed bed cultivation with cell retention, growth rate 
and perfusion rate are not coupled. Therefore a significantly higher product yield 
could be obtained, even if product concentration was similar to chemostat culture 
and lower compared to fed-batch culture. Furthermore Table 4.7 shows a signifi-
cantly higher product concentration and product yield for the dialysis culture due to 
simultaneous retention of cells and product. The “nutrient-split”-feeding strategy 
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further improves the efficiency of this culture mode. Drawbacks of the dialysis 
technique can be seen in the higher efforts for equipment and process control 
(Pörtner and Märkl 1998). The above discussion focuses on data obtained in 
lab-scale culture systems. Implications on the industrial scale will be addressed in 
Sect. 4.4.4.

4.4.3 Process Strategies for Fed-Batch

The research on fed-batch strategies for suspension cultures of mammalian cells is moti-
vated by the industrial relevance of this process (Glaser 2001; Wrotnowski 2000) (see 
below). However, despite intensive research carried out in this field during the past 
few years (reviewed by Pörtner et al. 2004, Wlashin and Hu 2006), it is still difficult to 
evaluate the performance and suitability of different strategies. In cell culture operations, 
normally only a few variables are available on-line (e.g., DO, pH, and temperature), and 
cultivation strategies have to rely on off-line measurements that either have significant 
time delay or are usually obtained at the end of the cultivation. Conventional control of 
substrates is therefore rarely applied and alternative procedures are required.

As a simple feeding strategy, pre-defined fixed feed trajectories can be applied. 
Usually the feed rate has to be increased during the process (e.g., using an exponential 
or linear profile), as the number of cells and consequently the demand for substrate(s) 
increases. As there is no feedback or re-adjustment during the process, this control 
strategy cannot react to changes occurring during the actual process with the risk of 
suboptimal feeding. However, the fixed feed trajectories can be refined, based on the 
results of the preceding cultivation. Consequently, it allows improvement on a 

Table 4.7 Experimental results for different culture modes with hybridom cell line IV F 19.23 
(* estimated from the glucose uptake rate)

Culture system Batch Fed-batch Chemostat
Perfusion
(fixed bed)

Membran-dialyse-
reactor, continuous, 
“nutrient-split”
feeding

Perfusion rate [d−1] –
Calculated “a 

priori” 0.7 10
D

i
 : 0.145; 

D
a
: 0.163

Cell conc. [cells mL−1] 2×106 3.2×106 2.4×106 5×107* 6×106

MAb-conc. [mg L−1] 35 54 35 30 650
MAb-yield [mg L−1 d−1] 8.4 12.7 26.4 300 94.3
Utilisation level  

glucose [%]
88.6 100 76 80 90

Utilisation level 
glutamine [%]

100 100 86 83 99.6
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cultivation-to-cultivation basis. This is subject to the condition that any culture condi-
tions influencing nutrient uptake of the cells remain unchanged.

On-line characterization is a basic approach describing the metabolism and 
physiological state of cells. The physiological state of the cells determines the 
uptake of nutrients and the production of metabolites. Metabolic activity is difficult 
to measure directly, but respiration and energy conversion rates can be monitored 
by oxygen mass balance (Eyer et al. 1995; Kyung et al. 1994) or spectroscopic 
analysis of NAD/NADH + H+ (Siano and Muthrasan 1991). A strategy described 
by Zhou et al. (1995) and Zhou and Hu (1994) determined the physiological state 
of the cells on-line during cultivation by the oxygen uptake rate (OUR). This strat-
egy showed a high potential for sustaining optimal growth and reducing the forma-
tion of toxic metabolites (ammonia and lactate). Mass spectrometry analysis of 
exhaust gas was further used to determine OUR (Kyung et al. 1994).

Model-based control with model-aided cultivation is one of the most promising 
approaches in cell culture (Barford et al. 1992; Hansen et al. 1993). In the following, 
two concepts using process models are illustrated: The first is the “a priori”-
determination of feed trajectories based on a kinetic model (Fig. 4.41). The model 
and the calculated feed trajectories remain unchanged once the cultivation has been 
started. The second is the adaptive, model-based OLFO-controller. These concepts 
react to changes during the cultivation and adapt the model and the feed trajectories 
accordingly.

The “a priori” determination of feed trajectories, based on a kinetic model, 
requires intensive kinetic studies of the used cell line. Before starting the feeding 
phase of the cultivation, feed trajectories are calculated on the basis of the kinetic 
model. This concept can be considered an extension of the pre-defined feed trajecto-
ries concept. In both cases, the trajectories are determined before the cultivation but 
originate in this case from kinetic studies. Furthermore, the intention of the “a priori” 
determination of feed trajectories is to predict the death phase and calculate the feed 
trajectories accordingly. Fixed feed trajectories cause overfeeding during the death 
phase. Of course, given stable cell lines and culture conditions, the overfeeding can 
be reduced by adjusting the fixed feed trajectories before the next cultivation. 
However, the “a priori” determination of feed trajectories allows a more sophisticated 
control of the death phase in comparison to the fixed feed trajectories. Controlling 
fed-batch processes with “a priori” simulation of process parameters based on a 
kinetic model (open loop) demands the ability for accurate prediction, especially at 
low substrate concentrations when the risk of apoptotic cell death is high. The calcu-
lation of optimal feed trajectories (Lee et al. 1999; Ryszcuk and Emborg 1997) using 
kinetic models shows that small deviations between calculated growth and death rates 
and actual values have a large effect on the reliability of the trajectories. The parame-
ters of the kinetic models, structured or unstructured, are usually derived from previ-
ous experiments and thus the trajectories cannot consider actual culture conditions or 
changes in metabolism. The feed trajectories obtained from simulation might not 
result in the expected productivity (de Tremblay et al. 1993).

Alternatively model-based, adaptive control has been suggested, e.g., the open-
loop-feedback-optimal (OLFO)-controller (discussed by Pörtner et al. 2004). Major 
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elements of the OLFO-controller are a process model, model parameter identifica-
tion and an optimization part. They permit adaptation of model parameters and 
prediction of the future process course of the culture as well as its optimization. 
Strategies based on the use of expert systems, fuzzy control and neural networks 
have already been applied in microbial processes but not often investigated for 
mammalian cell culture.

An overriding goal of the control strategies introduced above was to minimize 
the production of toxic metabolites such as ammonia and lactate to extend the 
growth phase. This requires the control of glutamine and glucose at low concentra-
tions so that under these conditions the cell-specific metabolite production is 
reduced. On the other hand, cell death by apoptosis may be introduced at too low 
concentrations. Therefore an “intelligent” control strategy has to find an optimum 
between these two extremes.

Pörtner et al. (2004) compared four different fed-batch strategies including fixed 
feed trajectories, control via oxygen uptake rate OUR (stoichiometric feeding), 
“a-priori” determination of feed trajectories based on a kinetic model and the OLFO-
control strategy. The intention was not to benchmark the different control strategies 
on the basis of, e.g., time-space-yield or antibody concentration. Recommendation as 
to which control strategy should be used for a specific process has to consider the 
respective process, the desired complexity of the process control and for how long the 
same cell line will be used. However, the illustration of the different strategies points 
out the different characteristics of each strategy, thus facilitating the choice.

Table 4.8 summarizes the characteristics of the different feeding strategies. A 
recommendation based on these findings would favour fixed feed trajectories for an 
established process with a well-characterized and stable production cell line. An 
adaptive, model-based control strategy could be the method of choice during cell 
line development or for rapid production of small amounts of the product for clini-
cal trials, because of its universal character and because it does not require intensive 
process development. From our experience only very few batch experiments are 
required to adapt the kinetic model. As the OLFO-controller can detect changes in 
the cell metabolism during a culture, it can adapt the model parameters and the feed 
trajectories. Our studies illustrate that the adaptive, model-based OLFO-controller 
is a valuable tool for the fed-batch control of hybridom cell cultures (Frahm et al. 
2002). Because of its universal character, it can be transferred to different cell lines 
or adapted to different boundary conditions (e.g., enhanced fed-batch cultivation 
using dialysis (Frahm et al. 2003) ). More sophisticated optimization criteria, e.g., 
optimization of final antibody concentration, time-space yield of antibody or 
another performance measure, can be implemented (Frahm et al. 2005).

4.4.4 Process Strategies Applied in Industrial Processes

Until now, batch and fed-batch strategies are being applied quite frequently on 
industrial scale (Kelly et al. 1993; Otzturk 2006) due to the several reasons discussed



150 P. Czermak et al.

Ta
bl

e 
4.

8
C

om
pa

ri
si

on
 o

f 
th

e 
ch

ar
ac

te
ri

st
ic

s 
of

 th
e 

fe
ed

in
g 

st
ra

te
gi

es
 (

fr
om

 P
ör

tn
er

 e
t a

l. 
20

04
)

Fi
xe

d 
fe

ed
 tr

aj
ec

to
ry

C
on

tr
ol

 v
ia

 o
xy

ge
n 

up
ta

ke
 r

at
e 

(O
U

R
)

“A
 p

ri
or

i”
 d

et
er

m
in

at
io

n 
of

 f
ee

d 
tr

aj
ec

to
-

ri
es

 b
as

ed
 o

n 
a 

ki
ne

tic
 m

od
el

M
od

el
-b

as
ed

 a
da

pt
iv

e 
 

O
L

FO
-c

on
tr

ol

Po
ss

ib
ili

ty
 o

f 
fe

ed
ba

ck
 

du
ri

ng
cu

lti
va

tio
n

N
o

Y
es

, u
si

ng
 O

U
R

 
pa

ra
m

et
er

N
o

Y
es

, u
si

ng
 s

ev
er

al
 

pa
ra

m
et

er
s

A
pp

lic
ab

ili
ty

 f
or

 c
on

tr
ol

 a
t 

lim
iti

ng
 s

ub
st

ra
te

 c
on

-
ce

nt
ra

tio
ns

N
o 

fo
r 

no
n-

st
ab

le
 c

el
l l

in
es

/
va

ry
in

g 
cu

ltu
re

 c
on

di
tio

ns
 

(n
o 

fe
ed

ba
ck

)

Y
es

 (
on

lin
e 

fe
ed

ba
ck

 
vi

a 
O

U
R

)
N

o 
fo

r 
no

n-
st

ab
le

 c
el

l l
in

es
/ v

ar
yi

ng
 c

ul
-

tu
re

 c
on

di
tio

ns
 (

no
 f

ee
db

ac
k)

M
od

er
at

e 
(f

ee
db

ac
k 

in
 

 in
te

rv
al

s)

R
is

k 
of

 s
ub

st
ra

te
 li

m
ita

tio
n

H
ig

h 
fo

r 
no

n-
st

ab
le

 c
el

l l
in

es
/

va
ry

in
g 

cu
ltu

re
 c

on
di

tio
ns

L
ow

M
od

er
at

e/
hi

gh
 f

or
 n

on
-s

ta
bl

e 
ce

ll 
lin

es
/

va
ry

in
g 

cu
ltu

re
 c

on
di

tio
ns

L
ow

Su
ita

bl
e 

fo
r 

th
e 

th
e 

w
ho

le
 

pr
oc

es
s

N
o,

 p
ro

bl
em

at
ic

 d
ur

in
g 

de
cl

in
e 

ph
as

e/
de

at
h 

ph
as

e
N

o,
 p

ro
bl

em
at

ic
 

du
ri

ng
 d

ec
lin

e 
ph

as
e/

de
at

h 
ph

as
e

Y
es

, p
ro

bl
em

at
ic

 d
ur

in
g 

de
cl

in
e 

ph
as

e/
de

at
h 

ph
as

e 
on

ly
 f

or
 n

ot
 w

el
l c

ha
ra

c-
te

ri
ze

d 
an

d 
un

st
ab

le
 p

ro
du

ct
io

n 
ce

ll 
lin

e 
an

d 
va

ry
in

g 
cu

ltu
re

 c
on

di
tio

ns
,

Y
es

R
is

k 
of

 o
ve

rf
ee

di
ng

H
ig

h 
at

 th
e 

en
d 

of
 th

e 
 cu

lti
va

tio
n

H
ig

h 
at

 th
e 

en
d 

of
 th

e 
cu

lti
va

tio
n

M
od

er
at

e 
at

 th
e 

en
d 

of
 th

e 
 cu

lti
va

tio
n

L
ow

C
om

pl
ex

ity
L

ow
L

ow
M

od
er

at
e/

hi
gh

H
ig

h
T

im
e 

fo
r 

im
pl

em
en

ta
tio

n 
(f

ro
m

 a
 f

ir
st

 c
ul

tiv
at

io
n 

to
 s

at
is

fa
ct

or
y 

re
su

lts
)

M
od

er
at

e
L

ow
H

ig
h

L
ow

/m
od

er
at

e

T
im

e 
ex

pe
ns

e 
du

ri
ng

 
cu

lti
va

tio
n

N
on

e
L

ow
N

on
e

H
ig

h

O
pe

ra
tin

g 
ex

pe
ns

e 
w

he
n 

ch
an

gi
ng

 to
 a

 d
if

fe
re

nt
 

ce
ll 

lin
e

M
od

er
at

e
L

ow
/n

on
e

H
ig

h
L

ow

Po
ss

ib
ilt

iy
 o

f 
fi

ne
-t

un
in

g
Y

es
, f

ro
m

 c
ul

tiv
at

io
n 

to
 c

ul
-

tiv
at

io
n

N
o/

m
ar

gi
na

l
Y

es
, f

ro
m

 c
ul

tiv
at

io
n 

to
 c

ul
tiv

at
io

n
Y

es
, d

ur
in

g 
a 

cu
lti

va
tio

n 
an

d 
fr

om
 c

ul
tiv

at
io

n 
to

 
 cu

lti
va

tio
n

Su
gg

es
te

d 
ap

pl
ic

at
io

n 
ar

ea
E

st
ab

lis
he

d 
pr

oc
es

s,
 w

el
l 

ch
ar

ac
te

ri
ze

d 
an

d 
st

ab
le

 
pr

od
uc

tio
n 

ce
ll 

lin
e 

an
d 

cu
ltu

re
 c

on
di

tio
ns

A
ll 

ar
ea

s,
 m

et
ho

d 
is

 
su

b-
op

tim
al

 f
or

 o
pt

i-
m

iz
in

g 
th

e 
pr

oc
es

s 
pe

rf
or

m
an

ce

W
el

l c
ha

ra
ct

er
iz

ed
 a

nd
 s

ta
bl

e 
pr

od
uc

tio
n 

ce
ll 

lin
e 

an
d 

cu
ltu

re
 c

on
di

tio
ns

, h
ig

he
r 

ef
fo

rt
 th

an
 f

ix
ed

 f
ee

d 
tr

aj
ec

to
ri

es

C
el

l l
in

e 
de

ve
lo

pm
en

t, 
ra

pi
d 

pr
od

uc
tio

n 
of

 
sm

al
l a

m
ou

nt
s 

of
 p

ro
d-

uc
t (

e.
g.

 c
lin

ic
al

 tr
ia

ls
)



4 Special Engineering Aspects 151

already. The drawbacks of discontinuous modes such as large reactor volumes, high 
maintenance (cleaning, sterilization, etc.) can be overcome to some extent by using 
a continuous mode, especially perfusion with cell and/or product retention (Table 
4.9). There are a growing number of reports on stable perfusion cultures even on an 
industrial scale lasting several months (Kompala and Ozturk 2006; Bohmann et al. 
1995; Fassnacht et al. 1999; Fussenegger et al. 2000). The main advantage of per-
fusion cultures can be seen in the reduced bioreactor size (approximately one-tenth 
of a suspension reactor without cell retention). Nevertheless there are some difficul-
ties in the perfusion concept. Further equipment such as the retention device itself, 
pumps for feeding, harvest and medium circulation, and storage tanks for feed and 
harvest are required. The amount of media needed to complete a moderate to long-
term run can be excessively large. A further possible drawback of continuous culti-
vation is the possibility of variability over the time of the run. Batch or fed-batch 
cultivations are much shorter in duration and have fewer chances for random occur-
rences to happen. This is important in dealing with cGMP (current manufacturing 
practice) conditions that dictate precise reproducibility or evidence of a minimum 
of non-effects of minor deviations. In the meantime there is a growing number of 
pharmaceutical products in the market, produced successfully from perfusion sys-
tems. Among these are block busters such as Kogenate-FS® (Bayer Health Care) or 
Remicade® (Centocor) (Kompala and Ozturk 2006). Previous concerns such as get-
ting the processes approved are not longer an issue and it can be expected that due 
to an increasing pressure on production costs, more perfusion processes will be 
installed in the future.

The process that is becoming more and more important for the production of 
small quantities of recombinant proteins is transient transfection (Meissner et al. 
2001; Derouazi et al. 2004; Baldi et al. 2005). Non-transfected cells (most  commonly 
HEK-293, COS and BHK cells) are first cultivated usually in batch-mode to a cer-
tain cell density and then transfected with DNA encoding for a certain protein. 
Usually the cells are genetically not stable and soon lose their expression ability, but 
can produce a certain amount of protein within one batch. Originally it was used just 
as a preliminary test of gene expression. New developments show that large scale 
production up to 100 L is possible (Blasey et al. 1996; Girard et al. 2002).

Table 4.9 Comparision of batch and continuous perfusion (adapted from Griffiths 1992)

Batch Perfusion

Equipment Process stability + −
Sterility + ±

Process control Handling + ±
Labour − +
Duration − +
Development + −

Economics Productivity − +
Cost/unit − +

Licencing Batch-definition + ±
Cell stability + ?
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4.5 Monitoring and Controlling in Animal Cell Culture

The production of specific products using bioprocesses requires the monitoring and 
controlling of a number of parameters (Table 4.10). To maintain these parameters, 
either of a physical or chemical nature, is crucial for a high productivity of the bio-
process. Non-optimal conditions within the bioreactor could result in a decreased 
product formation and a less efficient process.

The most common parameters chosen to be monitored and controlled during a 
bioprocess are temperature, agitation rate, pH, pO

2
 and pCO

2
. If one of these values 

differs from the specific desired set point, corrective action has to be taken (Krahe 
2003; Chmiel 2006). In addition to this, other parameters like metabolite concentra-
tions in the culture medium or the cell shape and viability can be used to provide 
information about the state of the process (Riley 2006). This chapter gives an over-
view of the methods to monitor the parameters mentioned above and how to control 
them appropriately during the process.

Cell line identification will not be discussed in detail in this chapter. Protocols 
for this purpose can be found, e.g., in J. R. W. Masters, (Masters 2000) or A. Doyle 
and J.B. Griffiths, (Doyle and Griffith 1998).

4.5.1 Temperature

The parameter temperature is very critical for a bioprocess and in animal cell cul-
tures and must be maintained at the desired set point within a tight range of about 
± 0.5 °C. A higher variation in temperature often leads to production rates far from 
the optimum due to slow cell metabolism (temperature below lower limit) or rapid 

Table 4.10 Parameters measured or controlled in bioreactors

Physical Chemical Biological

Temperature pH Biomass concentration
Pressure Dissolved O

2
Enzyme concentration

Reactor weight Dissolved CO
2

Biomass composition (such as 
DNA, RNA, protein, ATP/ADP/
AMP, NAD/NADH levels)

Liquid level Redox potential Viability
Foam level Exit gas composition Morphology
Agitator speed Conductivity
Power consumption Broth composition (substrate prod-

uct, ion concentrations, etc.)
Gas flow rate
Medium flow rate
Culture viscosity
Gas hold-up
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cell death (temperature above higher limit) (Hartnett 1994). To measure the tem-
perature within the system, resistance temperature devices (RTD) are preferred 
(PT-100 or PT-1000) due their high accuracy and reproducibility. The device contains
a metal conductor which changes resistance with changing temperature. This principle
is used to determine the actual temperature within the system. Another method is 
the application of thermocouples, which are cheaper but also less accurate (Riley 
2006; Doyle and Griffith 1998).

However, independent of the device used, the measured temperature and resulting
electrical signal must be compared to the chosen set point and eventually corrective 
action must be taken. For this, the electrical signal obtained by the RTD or thermo-
couple is amplified and transmitted to a controller, where it is compared to the set 
point value. Depending on the actual state of the system and the desired temperature
value, heating or cooling of the system is induced. For small scale and large scale 
bioreactors, a heating and cooling action using PID (proportional integral derivative) 
control provides an adequate control (Storhas 1994).

4.5.2 pH

Cells and their metabolism are very sensitive to changes in H+-ion concentration 
and so pH. Therefore a control of pH in a very tight range of ±0.1 around the set 
point is necessary to ensure high productivity of a bioprocess (Krahe 2003; 
Chmiel 2006).

Measurement of pH requires a combination of two electrodes, one measuring 
electrode and one reference electrode. These two electrodes are usually combined in 
one device, a pH probe. The electrode for measuring has a glass membrane, where a 
potential develops, which varies with hydrogen ion concentration within the medium 
to be measured. This potential is then compared to a constant potential built up at the 
reference electrode to determine the actual pH in the medium to be measured.

Depending on the process, there are two ways to control the pH in the culture 
medium (Krahe 2003; Riley 2006; Doyle and Griffith 1998). If a medium containing 
sodium-bicarbonate is used, then the introduction of CO

2
 into the medium can be 

used to control the pH.

CO  + H O <-> H  + HCO2 2
+

3(aq)

−

Phosphates in the medium also aid buffering and, for some cells lines, HEPES 
([N-2-hydroxyethylpiperazine-N]ethansulphonic acid) can be added to provide 
further buffering. If a medium containing no sodium-bicarbonate is used, a liquid 
base (e.g. KOH or NaOH) or acid (e.g. HCl) is used to control the culture pH. In 
this case, the medium should have at least some buffer capacity to avoid oscillation 
around the set point. The problem with this method is that the addition could result 
in a dilution of the medium and so nutrient levels, which then could result in lower 
productivity. Another problem, which could occur if base and acid are simply 
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added by dripping on the culture’s liquid surface, is cell death due to bad mixing 
(Langheinrich and Nienow 1999).

4.5.3 Oxygen Partial Pressure

Oxygen is usually used by animal cell cultures for the production of energy from 
organic carbon sources. Therefore it is a very important substrate but unfortunately, 
oxygen solubility in aqueous medium is relatively low and can result in oxygen 
limitations of the culture and thus affect cell growth rate and metabolism. The solu-
bility of oxygen at 1 bar pressure and air saturation is only about 6–8 mg L−1,
depending on the liquid temperature and composition (Sect. 4.2). The oxygen con-
sumption rate depends on the specific cell line used, growth rates, carbon sources, 
etc. (Doyle and Griffith 1998).

It is difficult to measure the dissolved oxygen in the cell culture medium 
directly; one can use the partial pressure to determine the actual dissolved oxygen 
concentration. At equilibrium, the partial pressure p

O2
 of oxygen in the medium is 

proportional to the concentration of oxygen in the vapor phase above the medium 
c

O2
 [Sect. 4.2 (4.15)].
The most commonly applied device to quantify the dissolved oxygen concentration

in a cell culture medium is a so called polarographic Clark-electrode (Clark 1955; 
Cammann et al. 2002; Chmiel 2006). Here, the oxygen diffuses from the culture 
medium across an oxygen-selective membrane and is then reduced at a negatively 
polarized platinum electrode. This cathode is connected to a reference silver anode 
by an electrolyte solution (KCl).

Cathode: O  + 2 H O + 4 e  + 4 OH

Anode: Ag + KCl + AgCl +

2 2
− −

  K  + e+ −

The electrons produced by the reduction of oxygen produce current, which is 
directly proportional to the oxygen concentration in the medium.

Relatively new devices to determine the amount of oxygen in cell culture medium 
are optodes (Klimant et al. 1995; Wolfbeis 1991; Wolfbeis (2000); Wittmann et al. 
2003). An optode uses dynamic quenching effects. Therefore pulsed monochromatic 
light is carried in an optic fiber to the oxygen sensor and excites the immobilized 
fluorophore (e.g., ruthenium complexes). The excited complex fluoresces and emits 
energy at a higher wavelength. The collision of an oxygen molecule with a fluoro-
phore in its excited state leads to a non-radiative transfer of energy. This internal con-
versation decreases the fluorescence signal. The degree of quenching correlates with 
the oxygen concentration (Figs. 4.45–4.47). It is possible to measure either the fluo-
rescence lifetime or the luminescence intensity. The detection of the fluorescence life-
time as oxygen dependent is not affected by external light sources, changes in the pH, 
ions or salinity. Changes of the optical properties of the sample like opacity, coloration 
or the refractive index falsify the fluorescence intensity, but not the lifetime.
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The kinetics of this process follows the Stern–Volmer relationship:

( / ) 1=Kl0 l O2t t − SV c

where τ
l0
 and τ

l
 are the fluorescent lifetimes in the absence and presence, respec-

tively, of oxygen, K
SV

 is the Stern–Volmer quenching constant and c
O2

 is the oxygen 
concentration.

Optodes do work in the whole region 0–100% oxygen saturation in water, but are 
most sensitive at low oxygen concentrations. During the measurement no oxygen is 
consumed, as, for e.g., by the use of a Clark-electrode (Wittmann et al. 2003).

As mentioned before, the actual value is compared to a desired set point and, 
if needed, corrective action is taken. To maintain the desired set point, air or pure 
oxygen is usually sparged directly into the culture, depending on the required oxygen 
transfer rates and the achievable flow rates. In the laboratory also, oxygenation by 
membranes is a widely used technique and ensures bubble-free aeration (Sect. 4.2).

Fig. 4.45 Principle of an optode (with permission and by courtesy of Presens Sensing GmbH, 
Germany)

Microsensor

Silica fiber

OF

ST

PD

LEDsig

LEDref

Fiber coupler

Fig. 4.46 Schematic of the assembly of measurement based on an optode (with permission and 
by courtesy of Presens Sensing GmbH, Germany)
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4.5.4 Carbon Dioxide Partial Pressure

Not only the concentration of dissolved oxygen but also the concentration of 
dissolved carbon dioxide within the cell culture medium is very important. The 
concentration of carbon dioxide in the vapor leaving a bioreactor can also be used 
to calculate specific respiration rates and cell activity. The latter can easily be measured
utilizing infrared (IR) analyzers (Riley 2006; Chmiel 2006). Dissolved carbon 
dioxide can now be measured in situ utilizing a fiber optic chemical sensor (Riley 
2006; Wolfbeis 1991; Chu and Lo 2008; Pattison et al. 2000; Ge et al. 2003). For 
example, this kind of sensor uses hydroxypyrenetrisulfonate (HPTS) to quantify the 
dissolved carbon dioxide in the medium. The protonated and un-protonated forms 
have distinct excitation maxima at 396 and 460 nm, respectively, which allow a 
ratiometric measurement of pH and thus carbon dioxide concentration (Fig. 4.48). 
The company YSI Incorporated has developed an in situ device model, 8,500, 
utilizing this method to quantify dCO

2
 (Fig. 4.49), but these devices have not been 

established widely in the industry yet.

4.5.5 Metabolites and Products

One goal in animal cell cultures is always to maintain suitable culture conditions 
with regard to nutrients to achieve fast cell growth, high cell viabilities and high 
product yields. With a good understanding of the cell metabolism and it needs, 
selective feeding strategies can be utilized to improve productivity and lower culture
costs. The carbohydrate glucose and the amino acid glutamine are the two key 

Fig. 4.47 Single channel instrument for the measurement of oxygen using an optode (with 
permission and by courtesy of Presens Sensing GmbH, Germany)
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nutrients in animal cell cultures, while ammonia and lactate are the two main 
metabolic byproducts. In addition to insufficient supply of nutrients, byproduct 
formation can have a negative effect and inhibit cell growth and product formation. 
Therefore it is very important to monitor and control the concentrations of both 
nutrients and byproducts in the medium during the process (Riley 2006; Chmiel 
2006; Doyle and Griffith 1998).

One approach to quantify nutrient and byproduct concentrations is the use of 
biosensors. Biosensors are devices which utilize a specific enzymatic reaction to 
obtain an electrical signal which is proportional to the concentration of the analyte 
to be quantified. Due to the enzymatic nature of the sensor, a separate sensor has to 
be used for each analyte. These sensors are most commonly used offline, meaning 
a sample is taken aseptically from the culture and analyzed outside the system, but 

CO2

Perforated
stainless

steel layer

Outer innert
polymer layer

Dye layer
Inner

polymer layer

Optical fiber

Stainless steel probe

Fig. 4.48 Principle of a fiber optic chemical sensor for the dissolved carbon dioxide measurement 
(with permission and courtesy of YSI Incorporated, Yellow Springs, USA)

Fig. 4.49 Fiber optic sensor (a) and device (b) for the dissolved carbon dioxide measurement 
(with permission and courtesy of YSI Incorporated, Yellow Springs, USA)
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automatic on-line sampling devices are also available if preferred. In all cases the 
enzymatic reaction, e.g., an oxidase reaction, results in a product that can be easily 
detected, e.g., hydrogen peroxide.

The following example is based on the YSI Model 2700 Select Biochemistry 
Analyzer (YSI Incorporated; Yellow Springs, OH). Here a three-layer membrane 
placed on the face of the probe contains an immobilized enzyme in the middle layer. 
Once the sample is injected into the buffer-filled sample-chamber, the analyte 
diffuses through the first membrane and is oxidized after contact with the enzyme 
to H

2
O

2
 (Reaction 1) (Fig. 4.50).

Glu e O Gluconic acid H O

Lactate O

Glu e oxidasecos + ⎯ →⎯⎯⎯⎯ +
+

2 2 2
cos  

22 2 2

2

Lactate oxidase

Glutamate

Pyruvate H O

Gluta e O

⎯ →⎯⎯⎯⎯ +
+min ooxidase ketoglutarate NH H O⎯ →⎯⎯⎯⎯⎯ − + +a 3 2 2

Hydrogen peroxide is capable of diffusing through the second membrane and is 
oxidized at the platinum electrode (Reaction 2).

Due to the free electrons produced, a current occurs, which is linearly propor-
tional to the concentration of the analyte in the sample once a dynamic equilibrium 
between H

2
O

2
 production in and diffusion out of the enzyme layer is established. 

This current is then used to calculate the analyte concentration in the sample.
Ozturk used this kind of analyzer to monitor glucose and lactate during batch 

and perfusion culture of hybridoma cells by using cell free samples from a circulation

Fig. 4.50 Schematic of the sensing principle of the biosensor (with permission and courtesy of 
YSI Incorporated, Yellow Springs, USA)

Analyte

Immobilized
enzyme layer

Platinum
electrode

Cellulose
acetate layer

Polycarbonate layer

Oxygen
Hydrogen
peroxide

H O H O ePlatinum anode
2 2 22 2⎯ →⎯⎯⎯⎯ + ++ −
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loop of the bioreactor including a 0.45 µm hollow fiber membrane filter (Ozturk 
et al. 1997).

Another approach to quantify nutrient and byproduct concentrations is the flow 
injection analysis (FIA). A liquid sample is injected into a stream of aqueous carrier 
stream and forms a pulse which can then be detected, based on changes in different 
physical parameters (e.g., absorbance, fluorescence, chemi-luminescence, etc.). 
Because each sensor can only detect one analyte, the sample flow is often split into 
different channels for a broader range of analytes to be monitored (Riley 2006; 
Chmiel 2006).

4.5.6 Cell Density and Viability

Cell density can be measured utilizing different methods, either offline or online. 
Offline methods require aseptic sampling prior to the cell density determination. 
The sample is diluted appropriately and often counted with a hemocytometer 
(Doyle and Griffith 1998; Butler 2004).

Additionally, the dye trypan blue is generally used to determine cell viability. 
The dye penetrates the broken membranes of dead cells and dyes them blue, binding 
to the proteins present in the cytosol (Butler 2004). The membranes of viable cells 
inhibit the dye entering the cytosol and so these cells do not get dyed blue. A recent 
method to determine cell density and viability is the use of automated counters. 
These devices, e.g., Vi-Cell Cell Viability Analyzer (Beckman Coulter, Inc., 
Fullerton, CA) are usually based on the trypan blue method and can help to quantify 
the determined data more rapidly and are less subjective. If needed, such a device 
can also be connected directly to a fermenter and samples taken and analyzed auto-
matically (autosampler). Other online methods use probes inserted into the vessel 
and measure the absorbance of the culture with a Vertical Cavity Surface-Emitting 
Laser (VSCEL) at a wavelength of 850 nm (TruCell2 probe, Finesse, Inc., Santa 
Clara, CA). Using this method, it is possible to determine only the total cell density 
within the culture, but not the percentage of dead cells.

A number of indirect methods of cell density and viability determination are 
also available but will not be discussed in detail in this chapter. These methods 
include total protein determination, e.g., the Bradford-assay, or DNA determina-
tion, e.g., the DAPI-assay. Methods to determine the percentage of viable cells 
within the culture include the tetrazolium assay, the lactate-dehydrogenase deter-
mination or adenylate energy charge determination. Also the rate of protein or 
nucleic acid synthesis can be used to determine cell viability (Doyle and Griffith 
1998; Butler 2004).

In addition to this, methods for cell line identification are also available. 
Karyotpying, antibody labeling, isozyme analysis or DNA fingerprinting is utilized 
to detect cross-contaminations and mutations within a culture. Protocols for these 
techniques can be found in, e.g., Doyle and Griffiths, 1998.
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4.5.7 Agitation

It is very important to maintain a specific rate of agitation within the system. Agitation 
ensures homogeneity of nutrients and oxygen in the medium and also helps to distribute 
additions like base or acid evenly in the culture medium (Krahe 2003; Chmiel 2006). 
If the agitation rate is too high, cell death could occur due to shear stress. Therefore 
it is very important to know what shear stress the cultivated cells can resist without a 
decrease in protein production or cell viability. Efficiency and shear stress can 
be significantly different for different types of impellers. The impeller speed can be 
measured by all standard speed controllers, e.g. electronic tachometer.

4.6 Questions and Problems

● Summarize briefly the main fluid-mechanical and biological aspects of cell 
damage.

● What kind of reaction system can be used to investigate shear effects on anchorage
dependent cells? Explain the basic characteristics of this system.

● What is an acceptable wall shear stress for adherent growing cells for an 
exposure time of 24 h?

● Describe fluid dynamic effects on anchorage dependent cells grown on 
microcarriers in suspension culture.

● What is described by the Kolmogorov-eddy-length? Is this parameter suitable of 
estimation of shear effects on anchorage dependent cells grown on microcarriers 
in suspension culture?

● Which effects are responsible for cell damage in bubble columns? Which is the 
most important one?

● Discuss the consequences of shear effects on reactor design.

4.6.1 Problem

During a cell culture fermentation a system answer for the oxygen concentration in 
the culture medium was plotted by the “dynamic method” (see figure: x-axis: time 
in seconds, y-axis: oxygen concentration in the liquid in mg L−1).

Define the dynamic method and give the mass balances.
Calculate the oxygen uptake rate (OUR) of the culture, the k

L
a and the oxygen 

saturation concentration c* by approximation using the experimental data (Fig. 4.51).

4.6.2 Problem

The surface area of a culture grown in a spinner culture vessel is 100 cm2 and the 
culture medium volume is 100 ml. The oxygen consumption by the cells is 2 × 10−8

mg cell−1 h−1. At the end of the log phase of growth the cell concentration reached 
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2.5 × 106 cells mL−1. Oxygen is supplied in the form of air pumped into the head 
space of the vessel and its rate of transfer across air/medium interface has been 
determined to be 0.17 mg per cm2 and hour.

It is proposed to use a scaled up version of this spinner culture. The culture vol-
ume is to be increased tenfold. The vessel that is to be used has a cross sectional 
area of 200 cm2.

What problems do you foresee in supplying oxygen to this culture (calculate 
the oxygen demand of the up-scaled culture) and how would you solve this 
problem?

● Which types of membranes can be used for bubble-free aeration of suspension 
reactors? Enumerate the advantages and disadvantages of bubble-free aeration 
systems.

● Explain techniques for immobilization and encapsulation of mammalian cells.
● Define the terms “microcarrier” and “macrocarrier” with respect to preferred 

reactor system.
● Name properties of an “ideal” microcarrier.
● Explain mass-transfer effects in macroporous carriers. Give the fundamental 

equations for a heterogeneous reaction within a spherical particle.
● What is described by the Thiele-modulus?
● List the advantages and disadvantages of batch and perfusion systems.
● Explain briefly the principles of culture modes.
● Sketch for a chemostat the relationship between cell density, substrate concen-

tration and product concentration as a function of the dilution rate for “steady 
state”. Explain briefly the term “wash-out point”.

● Explain briefly the strategies used to determine feeding rates in fed-batch 
cultures

● Name important aspects, when perfusion culture has an advantage compared to 
batch/fed-batch culture.

oxygen

concentration

 (mg/L)

time (s)

Fig. 4.51
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● Sketch the scheme for the mass transfer across a dialysis membrane. In which 
respect does the permeability coefficient of a dialysis membrane depend on the 
molecular weight of a certain substance?

List of Symbols

A membrane area
b width
c concentration
C constant
c* equilibrium solubility of oxygen – oxygen saturation
c

0
* oxygen solubility at zero solute concentration

c
1
, c

2
 concentrations of both sides of a dialysis membrane

c
AL

concentration of oxygen at steady state
c

crit
critical oxygen concentration

c
iL

 concentration of ionic component i in the liquid
c

jL
 concentration of non-ionic component j in the liquid

c
L
 concentration of oxygen in solution

c
O2

 concentration of oxygen
c

P
 product concentration

c
S
 substrate concentration

c
S0

 substrate concentration in feed
D dilution rate in chemostat and perfusion mode
D

a
 dilution rate in outer chamber of membrane dialysis reactor

d
B
 bubble diameter

D
crit.

 critical (maximal) dilution rate
D

e
 diffusive coeffi cient

D
i
 dilution rate in inner chamber of membrane dialysis reactor

d
1
 inner diameter of the membrane tube

d
i,cou

 diameter of inner cylinder in couette viscometer
d

2
 orifi ce diameter

DO dissolved oxygen
d

o
 outer diameter of the membrane tube

D
R
 vessel diameter

d
R
 impeller diameter

D
s
 diffusion coeffi cient of oxygen in the membrane

d
s
 Sauter mean diameter

d
T
 bubble column vessel diameter

F liquid fl ow rate
g acceleration due to gravity
h height
He Henry constant
He

s
 Henry constant of oxgen in membrane material
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He
w
 Henry constant of oxgen in water

H
i
 constant for ionic component i

h
L
 height of fl uid in bubble column

H
R
 fi lling height of the stirred reactor – impeller located at the interface

ISF integrated shear factor
k mass transfer coeffi cient at the gas liquid interface
k

d
 cell specifi c death rate

K
j
 constant for non-ionic component j in the liquid

k
L
 mass transfer coeffi cient at the liquid-side interface

k
L
a  mass transfer coeffi cient, which is the product of k

L
, the overall mass trans-

fer coeffi cient from the gas to the liquid phase (two fi lm model), and a the 
gas–liquid interfacial area per unit of the reactor liquid volume

k
O2

 monod-constant for oxygen
k

S
 Monod-constant for substrate limitation

K
SV

 Stern–Volmer quenching constant
l
Kol

 Kolmogorov length scale
M

d
 torque

n
R
 rotation speed

OTR oxygen transfer rate
OUR oxygen uptake rate
P power input
P/V power input per unit volume
P

mem
 permeability coeffi cient of a dialysis membrane

p
O2

 partial pressure of oxygen in the gas phase
Q volumetric aeration rate
Q

O2,max
 maximal cell specifi c oxygen uptake rate

q
P
 cell specifi c production rate

q
S
 cell specifi c substrate uptake rate

r radius
Re Reynolds number
r

i,cou
 inner radius of a couette viscometer

r
P
 particle radius

r
Z
 cell radius

Ta Taylor number
S molecular fl ow
t time
T temperature
U fl ow velocity in fl ow chamber
U

T
 peripheral speed in couette viscometer

V volume
v superfi cial gas velocity
v

0
 gas velocity at the sparger

V
k
 hypothetical killing volume.

w gap width
X

t
 total cell concentration
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X cell density
X

d
 concentration of dead cells

X
v
 concentration of viable cells

Y length scale in fl ow chamber
Yz valency of ionic component i
a exponent (further function of superfi cial velocity)
b exponent independent of scale and impeller type
a

perf
  recirculation rate in perfusion culture, ratio between feed and recirculated 

fl ow
b

perf
  concentration factor in perfusion culture, ration between biomass, 

concentration in the reactor and in recirculated fl ow
g shear rate
h

fl
 fl uid viscosity

h
i
 effectiveness factor for internal mass transfer resistance

F
0
 Thiele-Modulus for zero-order kinetic

m cell specifi c growth rate
m

max
 maximal cell specifi c growth rate

∆r density difference
e energy dissipation rate per unit mass
n kinematic fl uid viscosity
r

fl
 fl uid density

s surface tension
s

Z
 surface tension of cell membrane at cell burst

t shear stress
t

crit
 critical shear stress

t
w
 wall shear stress

t
l0
 fl uorescent lifetimes in the absence of oxygen

t
l
 fl uorescent lifetimes in the presence of oxygen
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Chapter 5
Bioreactor Design and Scale-Up

G. Catapano, P. Czermak, R. Eibl, D. Eibl, and R. Pörtner

Abstract Design and selection of cell culture bioreactors are affected by cell-specific 
demands, engineering aspects, as well as economic and regulatory considerations. 
Mainly, special demands such as gentle agitation and aeration without cell damage, 
a well controlled environment, low levels of toxic metabolites, high cell and product 
concentrations, optimized medium utilization, surface for adherent cells, and scalabil-
ity have to be considered. This chapter comprises engineering aspects of bioreactor 
systems (design, operation, scale-up) developed or adapted for cultivation of mam-
malian cells, such as bioreactors for suspension culture (stirred-tank reactors, bubble 
columns, and air-lift reactors), fixed bed and fluidized bed reactors, hollow fiber and 
membrane reactors, and, finally, disposable bioreactors. Aspects relevant for selection 
of bioreactors are discussed. Finally, an example is given of how to grow mammalian 
suspension cells from cryopreserved vials to laboratory and pilot scale.

5.1 Bioreactor Design

Design and selection of cell culture bioreactors are affected by cell-specific 
demands, engineering aspects, as well as economic and regulatory considerations. 
Mainly special demands, such as gentle agitation and aeration without cell damage, 
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a well-controlled environment with respect to pH, temperature, DO, dissolved-CO
2

concentration, etc., low levels of toxic metabolites (ammonia, lactate), high cell and 
product concentrations, optimized medium utilization, surface for adherent cells, 
and scalability, have to be considered (Schlegel et al. 2007). During the last few 
years a huge number of different bioreactor concepts have been developed. As the 
main problem for designing a scalable bioreactor concept, the high shear sensitivity 
of the cells have to be considered (compare Sect. 4.1). For example, stirred-tank 
bioreactors can be operated at low impeller speed and low aeration rate only, result-
ing in low mass transfer coefficients insufficient for optimal supply of the cells at 
high cell densities (compare Sect. 4.2).

The ability of cell growth at very high tissue-like cell densities (>108 cells 
mL−1) was taken advantage of during development of cell culture bioreactors. 
Therefore, two strategies have been followed for increase of process intensity: 
(1) Volumetric scale-up of lab-scale and pilot-scale bioreactors at similar proc-
ess intensity (cells/volume). Here low-density or homogeneous systems 
(stirred-tank, bubble column, air-lift reactor) are applied, where cells are culti-
vated either in suspension or, if required, on microcarriers. (2) Increase of proc-
ess intensity (cells/volume).

To this category belong high-density or heterogeneous systems (fixed bed, 
fluidized bed, hollow fibre reactor), where cells are immobilized either in 
macroporous support materials or within a compartment created by mem-
branes. Considering a maximal theoretical cell density of 5 × 108 cells mL−1, a 
1-L high-density culture would be equivalent to a 50 L suspension culture at 
1 × 107 cells mL−1. Selection of a reactor system depends to a large extent on 
the specific purpose such as production of a certain amount of protein (small 
amounts for basic scientific studies up to kilogram quantities for medical 
application), 3D tissue cultivation, or single- or multipurpose facility. 
Therefore, to date no “universal” bioreactor system has been found.

Suspension reactors (compare Sect. 5.1.1) are characterized by advantages 
such as the use of conventional reactor systems, availability of know-how on 
design and sterile operation, good mass transfer, homogeneous mixing, the pos-
sibility of sampling and determination of cell concentration, and high scale-up 
potential. The disadvantages are difficult oxygen supply at high cell densities, 
cell damage by shear and/or foam (bubble aeration), relatively high demand for 
control (temperature, oxygen, pH, flow rates), and the requirment of cell reten-
tion for high cell densities.

Among high-density systems, we find fixed bed and fluidized bed reactors as 
well as hollow fiber reactors (compare Sects. 5.1.2 and 5.1.3). Fixed bed and flu-
idized bed reactors have the following advantages compared to suspension reac-
tors: high volume-specific cell density (approx. 5 × 107 cells mL−1 reactor) and 
productivity, low shear rates, simple medium exchange and cell/product separa-
tion, productivity on a high level during long-term cultures. Their disadvantages 
are non-homogeneous cell distribution and difficulty in the determination of cells 
and cell harvest.
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Within hollow fiber reactors, cells are immobilized in the extracapillary space of a 
hollow fiber bundle. Their advantages are very high cell densities, concentrated product, 
lower serum demands (if required), long-term stability, easy handling, and low cost. The 
disadvantages are limited scale-up, mass transfer problems/concentration gradients, 
difficulty in the determination of cell number, proteolytic activity on the product.

During the past years a growing number of disposable or single-use bioreactor 
systems have appeared on the market besides hollow fiber reactors, addressing 
especially problems related to early process development, such as flexibility, cost 
effectiveness, time to market, as well as quality and regulatory issues. These sys-
tems are mostly based on bag technology. The bags with volumes up to several 
hundred liters are placed on tilting or rocking devices for mixing and supplying 
oxygen. Advantages of single-use bioreactors are reduced cleaning procedure, lack 
of validation issues (cleaning, sterilization, etc.), lower investment costs, easier 
adaptation to changing process demands, and less contamination risks.

The main characteristics of the culture systems discussed above are summarized 
in Table 5.1. All these systems support growth of mammalian cells in one or the 
other. On a lab scale, mostly disposable flask, membrane or bag systems are the 
methods of choice. Small suspension reactors, as well as fixed bed and fluidized 
bed reactors, are mostly used for research or process development. For larger 
amounts of products, only suspension reactors or, up to a certain scale fixed bed or 
fluidized bed reactors, have the required scalability.

A large number of bioreactor concepts developed during the past years have 
been reviewed by Fenge and Lüllau (2006), among others. Bioreactor design was 
addressed by Krahe (2003) with special focus on maintaining sterility within the 

Table 5.1 Main characteristics of cell culture systems and bioreactors (Pörtner [1998], 
modified)

T-flask/roller 
bottles/disposa-
ble bags

Membrane reac-
tors (hollow 
fibre, miniPerm 
etc.)

Suspension (stirred 
tank, air-lift)

Fixed bed/fluid-
ized bed

Cell density 1 3 2 2–3
Homogeneity 1 1 3 2
Shear stress N N Y N
Product concentra-

tion
1 3 2 2

Productivity 1 3 2 2
Medium efficiency 3 1 3 2
Continuous process 

(perfusion)
N J Ja J

Control 0 1 2 3
Downstream 

process
1 3 2 2

Steam sterilisable N N J J
Reusable N N J J
a Additional equipment for cell retention required
0: not possible, 1–3: increasing efficiency, Y: yes, N: no, (): partly
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   gas 

in    out 

baffle 

rushton- 
turbine 

stirrer

sparger

cooling / 
heating 
jacket

Fig. 5.1 Schematic setup of a bioreactor

reactor. The following will focus on well-established bioreactors, but not so much 
on developments for special applications, which in many cases are not commer-
cially available. Special emphasis will be given to dynamic system following the 
category introduced in Chapter 3. Small-scale, static culture systems are not within 
the focus of this chapter. The description will consider basic functional principles, 
questions related to design engineering, operation and scale-up advantages, and 
limitations. Furthermore, selection criteria based on technical, economic, and regu-
latory conditions are addressed.

5.1.1 Bioreactors for Suspended Cells

5.1.1.1 Stirred Tank Reactors

Design of stirred-tank bioreactors has to deal mainly with cell damage due to shear 
stress caused by agitation and/or aeration. Stirred-tank reactors, which are the most 
common type of reactor and are nowadays build up to 20,000 L scale, are especially 
suited for suspendable cells. Adherent cells can be grown on microcarriers and, by 
this, handled similar to a suspension culture (Sect. 4.3.1.2). The principal configu-
ration of a stirred, aerated bioreactor is shown in Fig. 5.1. A cylindrical vessel is 
equipped with one or more impellers mounted on a rotating shaft, which is activated 
by an external motor. Close to the bottom, a sparger (if applied, compare Sect. 4.2) 
is located for supply of gas bubbles. Furthermore, up to four buffles can be installed 
to prevent vortexing and to improve mixing. Buffles are common for microbial 
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 fermentation operated at high impeller speed. In cell-culture reactors buffles are of 
minor importance, as these reactors are operated at a lower impeller speed, and are 
partly omitted as they may cause additional cell damage. In cell-culture reactors 
often a curved bottom is used instead of a flat one as for microbial fermentation to 
improve homogeneity in mixing.

Heating and cooling of the bioreactor can be accomplished by different means 
depending on the size of the reactor. Very small devices (e.g., spinner flasks) are 
placed in an incubator at 37 °C (5% CO

2
-containing air). Small-scale reactors used 

outside an incubator can be equipped with an electrical heater immersed in a 
brooth, a heating jacket fixed to the outer vessel wall (here mostly made of glass), 
or a system for pumping a preheated liquid (usually tap water circulating in a loop) 
through a double jacket as shown in Fig. 5.1. The latter is the most common version 
for larger reactors (10–3500 L) as well (Krahe 2003). Very large reactors can be 
equipped with internal heating or cooling coils to inprove heat transfer.

Bioreactors are typically filled up to 70–80% only to provide sufficient head 
space for sedimentation of air drops or for removal of foam. Foam formation can 
be reduced by applying an antifoam agent or by means of a mechanical foam 
breaker (not common for cell-culture reactors).

In the laboratory scale, up to volumes of approximately 15 L, the vessel is mostly 
made of glass, as glass is transparent, easy to clean, inert, and steam-sterilizable. 
Examples for bioreactors made of glass are shown in Figs. 5.2–5.5. Glass is especially

Fig. 5.2 Cultivation systems (flasks, roller bottles and spinner flasks) for use in incubator or 
warm room
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Fig. 5.3 Special bioreactors for small-scale and process development. (a) Superspinner, 
Membranrector with tumbling membrane basket for bubble free aeration, Sartorius AG, Prof. 
Lehmann, University of Bielefeld (courtesy of Sartorius AG, Germany); (b) conical reactor 
 (courtesy of medorex, Germany)

Fig. 5.4 Parallel bioreactors for process development. (a) cellferm-pro (courtesy of DASGIP AG, 
Germany), (b) RAMOS (courtesy of Hitec Zang GmbH, Germany), (c) Multifors (courtesy of 
Infors AG, Switzerland)
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preferred for bioreactors sterilized by autoclaving. Problems can arise if glass ves-
sels are sterilized in situ at 121 °C and 2 bar absolute pressure, as the glass vessel 
might burst. Risk of injury for laboratory personnel can be partly reduced by pro-
viding a metallic safety jacket around the vessel. Alternatively, a visual safety bio-
reactor equipped with a special polyamide foil supported by a stainless steel base 
and lid was developed by Märkl (1989). Metallic shells are used to provide support 
to the foil during sterilisation, which are removed afterwards (compare Fig. 5.5b).

At the lab-scale reactor top, connections and impellers are usually made of 
austenitic steel or in some cases out of polyetheretherketone (PEEK). For reactors 
in pilot- or production scale the vessel is also made of austenitic steel, commonly 
316 or 316 L steel (Fig. 5.5c). The expensive 316 L is preferred for good manufac-
turing practice (GMP) production owing to the excellent electropolishing and welding 
characteristics. For production processes under GMP, an electropolished surface 
with arithmetic mean roughness R

a
 < 0.4 µm is recommended.

The ratio of vessel height H
R
 to diameter D

R
 can vary between 1 and 3 (Doran 

2006; Krahe 2003). For small-scale and lab-scale reactors, often H
R
/D

R
 = 1 is pre-

ferred. At larger-scale, H
R
/D

R
 up to 3 is common to improve retention time of gas 

bubbles in the reactor and to enlarge the heat exchange capacity of the vessel wall.
Appropriate mixing of the culture broth is essential to prevent inhomogeneous 

distribution of cells, nutrients, temperature, pH, etc. For cell culture a number of 
impellers have been suggested. Some common types are shown in Fig. 5.6. The rush-
ton turbine, often used in microbial fermentation because of its excellent mixing 
characteristics, is regarded as less suitable for cell culture, as it requires rather high 
impeller speed for sufficient mixing, thereby damaging shear-sensitive cells. 
Alternatively, larger impellers (diameter ≥ 0.5 of vessel diameter) with axial-flow 
characteristics are applied (marine, paddle, or segmented impeller). As larger impel-
lers can be operated at lower impeller speeds to provide appropriate mixing, cell 

Fig. 5.5 Typical bioreactors for lab-scale use. (a) Cell culture reactor for autoclaving, top driven 
(Biostat Aplus, courtesy of Sartorius AG, Germany). (b) Visual safety reactor for in situ sterilisa-
tion, bottom driven (Bioengineering AG). (c) Stainless steal reactor for in situ sterilization, top 
driven (courtesy of Zeta AG, Switzerland)



180 G. Catapano et al.

damage is significantly reduced. Data from Nagata (1975) indicated that impellers with 
retreated blades, large width, pitched blades, and small diameter  compared to the 
vessel diameter are superior in producing better bulk mixing and less shear forces. 
Nienow (1990) draw similar conclusions on the basis of a correlation between mixing 
time and average energy dissipation. For bioreactors with H

R
/D

R
 = 1 and equipped with 

a single impeller, the mixing time does not depend on the type of impeller, but on the 
mean energy dissipation and the impeller and vessel diameter. Therefore, impellers 
having a larger diameter can be operated at lower impeller speed, resulting in lower 
mean energy dissipation and reduced cell damage, without any impact on mixing 
efficiency. For vessels with high H

R
/D

R
 ratio, multiple impellers are often combined 

to achieve a homogeneous mixing throughout the bioreactor at the lowest possible 
impeller speed. By this means, lower energy dissipation is required to achieve appro-
priate mixing. But around the individual impellers several compartments of flow can 
be formed, resulting in reduced interstage mass transfer rate. This can be overcome 
by increasing the stirrer speed, decreasing the distance between impellers, and apply-
ing a rushton turbine as the bottom impeller for bubble dispersion and an axial flow 
impeller (marine, pitched blade) as the upper impeller (Breman et al. 1996; Mishra 
and Joshi 1994). Details regarding choice of impeller, scale-up, and further engineer-
ing aspects are given by Ma et al. (2006) and Nienow (1990).

The rotating shaft can be driven from the bottom or from the top. The bottom 
drive shaft is characterized by a short length, increased space on the top head of the 
reactor for transfer connections and sensors, and improved lubrication of the 
mechanical seals by the medium/broth. By applying a top drive, abrasive media 
(not relevant for cell culture) can be used without damaging the bearing seal, and 
media do not leak in case of failure of the mechanical seal (compare Krahe 2003).

The sealing of the rotating shaft within the closed, steril vessel against the envi-
ronment can be seen as the most critical part of the drive system (Krahe 2003; 

Fig. 5.6 Impeller types applied in stirred bioreactors for cell culture (courtesy of Zeta AG, 
Switzerland). (a) Rushton turbine, (b) hollow blade, (c) three blade pitched, (d) marine impeller, 
(e) two blade pitched, (f) skew blade, (g) sphere, (h) bio-m impeller
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Chmiel 2006). Mechanical seals, mostly double mechanical seals, are usually 
located outside the reactor on the shaft, and seal the rotating shaft against the static 
vessel. They are easy to clean but bear the risk of medium leakage, and therefore 
require intensive maintenance. These drawbacks can be overcome by magnetic 
coupling, were the torque is transmitted through the reactor wall with magnets. 
Here the disadvantage is the complex construction of the parts within the reactor 
(e.g., bushing-type bearings), which are difficult to clean. Magnetic coupling is 
quite common for autoclavable bioreactors. Meanwhile, even larger reactors can be 
equipped with this technique.

For continuous operation of stirred-tank reactors in the perfusion mode, several 
techniques for cell and/or product retention are in use (e.g., microfiltration, ultra-
filtration, sedimentation, centrifugation, spin filters, acoustic filter, and dialysis for 
cell and product enrichment). These are discussed in detail in Sect. 5.1.1.3.

Examples for stirred bioreactors on different scales are introduced in the follow-
ing. Small-scale spinner flasks (approximately 100 mL up to 5 L, Fig. 5.2) equipped 
with conical pendulum or paddle-type magnetic impellers are intended for use in a 
humidified CO

2
 incubator or, for larger volumes, in warm rooms. They are available 

in glass or in plastics for single use. The flask is equipped also with ports for the 
inoculum, medium exchange, or sampling. The impeller speed is kept low (approxi-
mately 30–100 rpm). Oxygen is supplied via the head space through slightly opened 
caps. This simple concept allows for easy handling, but only low oxygen transfer 
rates (0.1–4 h−1) (Spier and Griffiths 1984). As an alternative concept with improved 
oxygen transfer, Heidemann et al. (1994) developed the “Superspinner” (Fig. 5.3a), 
a standard laboratory flask equipped with a microporous, hydrophobic polypropyl-
ene membrane tube. The coiled membrane tube is mounted on a pendulum impeller, 
driven by a magnetic impeller, and perfused with an air/CO

2
 mixture from within the 

incubator. A further concept with improved oxygen transfer, a conical flask equipped 
with a marine-type impeller, is shown in Fig. 5.3b. For screening purposes and for 
process development several configurations consisting of multiple bioreactors 
equipped further with monitoring and control units are in use (Fig. 5.4).

Examples for lab-scale bioreactors up to approximately 10 L, pilot scale up to 
approximately 500 L and production scale up to 20 m3 are shown in Figs. 5.5, 5.7, and 
5.8,. The bioreactor itself has to be equipped with further devices for medium supply 
and harvest; buffer for pH-control; gas mixing station for supply of air, oxygen, and 
CO

2
; sterile filter within the tube for aeration; waste air cooler, etc. An example of the 

setup of a lab-scale bioreactor system configured for fed-batch culture and connected 
to a process control system is shown in Fig. 5.9,. A practical approach for setup and 
instrumentation of a bioreactor system can be found in Pörtner (2007).

Appropriate design and layout of a bioreactor system for production scale is a key 
issue for successful production of biopharmaceuticals. Usually, a new cultivation proc-
ess is investigated and optimized on a laboratory scale. These data are used to scale-up 
the process to the final scale. Factors that need to be considered include the following:

● How big does the vessel need to be to produce sufficient product;
● How are the materials in the vessel to be mixed efficiently but without damage 

to the cells in the vessel;
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Fig. 5.7 Pilot-scale bioreactors for cell culture (courtesy of Bioengineering AG, Switzerland)

Fig. 5.8 Production-scale bioreactors for cell culture (courtesy of Zeta AG, Switzerland)
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● What is the required aeration rate and the power input;
● What is the process time;
● How many scale-up steps are required;
● What are the costs (capital, running, depreciation) of various types of equip-

ment, etc. (Biotechnology by open learning, 1992).

For scale-up, a wide variety of methods are in use including fundamental methods, 
which imply solving all the microbalances for momentum, mass, and heat transfer, 
semi-fundamental methods based on simplified models (e.g., plug flow, plug flow with 
dispersion, well mixed), rules of thumb, which are widely applied but may lead to 
wrong conclusions, dimensionless analysis based on dimensionless groups for parame-
ters and the principle of similarity, or regime analysis (scale-down, use of “characteristic 
times”). In biochemical engineering often rules of thumb combined with extrapolation 
to larger scale are applied owing to the complexity of the problems involved in solving 
all the microbalances for momentum, mass, and heat transfer in the system.

A basic prerequisite for scaling up a bioreactor is geometric similarity. In general, 
two objects are said to be geometrically similar if they have the same shape. By defi-
nition, the ratio of any two linear dimensions of one object will be same for any geo-
metrically similar object. Therefore, two bioreactors of different sizes are geometrically 
similar if geometrical ratios such as “vessel height to vessel diameter”, “stirrer diam-
eter to vessel diameter”, “baffle width to vessel diameter”, etc. are the same.

Applying rules of thumb for scale-up implies that certain criteria found to be 
optimal on the small scale is used for the large scale as well. Criteria applied for 
cell-culture reactors can be divided into two groups, those focusing primarily on 
mass transfer and mixing, and those considering mechanical cell damage. 
Consequences of the effects of cell damage on design and scale-up of cell culture 
bioreactors have been discussed extensively in Sect. 4.1.3. Criteria considering cell 
damage include impeller tip speed, mean power input per volume, and impeller 
Reynolds number. Tolerable tip speeds vary between 1 and 2 m s−1 (Fenge and 
Lüllau 2006). On the other hand, a tip speed of about 2 m s−1 is needed to ensure 
sufficient homogeneity (Ma et al. 2006). With respect to the mean power input per 
volume (mean energy dissipation rate), Chisti (2000) suggested to keep this value 
below ~1000 W m−3. Further concepts such as the “integrated shear factor” (ISF) or 
the Kolmogorov eddy-length model have been discussed extensively in Sect. 4.1.3. 
Their use in practical design of cell-culture bioreactors is limited.

Scale-up criteria focusing primarly on maintaining proper rates of mass transfer 
take into account that scale-up is often restricted to oxygen supply and carbon dioxide 
removal, especially at very high cell densities. On the other hand, it became apparent 
that many cell lines used in industrial processes are more tolerant to mechanical agita-
tion and that shear effects are less significant on a larger scale (compare Sect. 4.1.3). 
With respect to sparging, the aeration rate should be below 0.1 vvm to prevent cell 
damage caused by bubbles and foaming problems, even though higher aeration rates 
would improve mass transfer by sparging. Because of this, stirred-tank reactors are 
typically operated in the “flooding regime” (compare Fig. 5.10a), where gas disper-
sion is poor. Data on mass transfer coefficients are discussed in Sect. 4.2.
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Sparging and mechanical agitation determine the mixing characteristics within the 
bioreactor, described by the mixing time q

m
. Longer mixing times bear the risk of 

local oxygen and carbon dioxide gradients, which can be deleterious to the cells. An 
equation for estimating the mixing time was suggested by Nienow et al. (1996):
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with the mean power input per volume P/V, stirrer diameter d
R
, and vessel diameter 

D
R
. This equation can be applied for both axial and radial flow impellers. It implies 

an increase in the mean power input per volume, if the mixing time is kept constant 
during scale-up. On the other hand, the tolerable power input per volume can be 
restricted owing to shear effects.

The above discussion shows that it is not possible to hold more than one of the 
discussed parameters (tip speed, power input, mixing time, Reynolds-number) con-
stant at the same time during scale-up (Kossen 1994). In Table 5.2, values in every 
row give, for a particular scale-up criterion, the ratio of the value at 10 m3 relative 
to the value at 10 L (from Biotechnology by open learning – Bioreactor Design and 
Product Yield, 1992, modified). It becomes obvious that scale-up of bioreactors in 
general is not an easy task, and is “as much an art as a science” (Ma et al. 2006) 
and dependents a lot on experience and know-how.

Fig. 5.10 Flow pattern in stirred, aerated bioreactors. Impact of stirrer speed and gas flow rate 
(from Duran 2003, modified)

increasing stirrer speed 

increasing gas flow rate 

a b c

gas gas gas
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5.1.1.2 Bubble Columns and Air-Lift Reactors

Bubble columns and air-lift reactors present an alternative to stirred reactors, as 
aeration and mixing is achieved by gas sparging without mechanical agitation 
(Chmiel 2006; Duran 2006). These reactors are structurally very simple;  advantages 
compared to stirred reactors include low capital and energy cost, lack of moving 
parts, and satisfactory heat and mass transfer performance, ease of scale-up, low 
shear characteristics, etc.

Bubble columns (Fig. 5.11a) consist of a cylindrical vessel with height much 
larger than the diameter, were gas is injected by a sparger located close to the bot-
tom of the column. Bubble columns typically have no further internal structures. 
Hydrodynamics and mass-transfer characteristics depend on gas flow rate, sparger 
design, column diameter, and medium properties (e.g., viscosity). At low gas flow 
rates, bubbles rise with a similar upward flow velocity without backmixing in the 
gas phase (homogeneous flow). Liquid mixing occurs mainly in the wake of bub-
bling. At higher gas flow rates, the flow is regarded as heterogeneous. Bubbles and 
liquid tend to rise mainly in the center of the column, creating a downflow of liquid 
near the column wall. In this regime, flow is compartmentalized. Mixing in bubbles 
columns can be regarded as poor compared to stirred-vessel and air-lift reactors. 
Industrial applications for biotechnical processes comprise production of baker’s 
yeast, beer, vinegar, or wastewater treatment. Examples for large-scale cultivation 
of mammalian cells have not been reported, mainly because of the poor mixing in 
bubble columns (Doran 2006; Varley and Birch 1999).

To improve mixing in aerated columns without mechanical agitation, in air-lift 
reactors the reactor is subdivided in two connected compartments (Fig. 5.11b–d). 
Gas is sparged in one part only, the “riser”, creating an upflow of gas/liquid. In the 
second part, the “downcomer”, liquid flows downward owing to the density gradient 
between the riser and downcomer. With respect to geometrical configuration, inter-
nal or external loop design can be distinguished. In vessels with an internal loop, 
riser and downcomer sections are split either by a cylindrical draft tube (Figs. 5.11b 
and 5.12) or by a vertical baffle (Fig. 5.11c). In external loop reactors, the riser and 
downcomer are two separate cylindrical columns (Fig. 5.11d). Air-lift reactors have 
been scaled up to 1500 m3 for microbial fermentation or several tens of thousand 
cubic meters for wastewater treatment, demonstrating the scale-up potential of these 
reactors. For cultivation of mammalian cells, reactor scales up to 2000 L have been 
reported (Varley and Birch 1999), almost solely as internal loop reactors.

Table 5.2 Ratio of the value at 10 m3 relative to the value at 10 L; P: power, V: volume, n
R
: stirrer 

speed, d
R
: stirrer diameter, Re: stirrer Reynolds number (from: Biotechnology by open learning – 

Bioreactor Design and Product Yield, 1992)

Scale-up criterion P P/V n
R

n
R

*D Re

Equal P/V 103 1 0.22 2.15 21.5
Equal N 105 102 1 102 102

Equal tip speed 102 0.1 0.1 1 10
Equal Re number 0.1 10–4 0.01 0.1 1
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Air-lift reactors usually provide better mixing than bubble columns, and the 
operation range is much broader (Fig. 5.13). Hydrodynamic behavior of these reac-
tors depend to some extent on the geometry as well as the gas flow rate, gas hold 
up, and circulation velocity, with the gas flow rate as the only independently con-
trollable variable. For a review of the state-of-the-art, compare Varley and Birch 
(1999). Most data reported in the literature have been derived from studies using 
nonfermentation solutions. Reliable design criteria for microbial or even cell culture

Fig. 5.11 Scheme of (a) bubble column, (b) air-lift reactor with draft tube, (c) air-lift fermenter 
with buffle for internal loop and (d) air-lift fermenter with external loop

a b c d

Fig. 5.12 Setup of a lab-scale air-lift reactor (courtesy of Bioengineering AG, Switzerland)
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in air-lift reactors are very rare. Therefore, in the following mainly qualitative 
design considerations are presented.

In air-lift reactors, mixing and mass transfer are generally coupled. Often, the 
gas (air) flow rate is set to maintain a certain dissolved oxygen concentration; this 
in turn determines the hydrodynamic behavior within the reactor. Furthermore, 
stripping of CO

2
 at very high cell densities is essential. Therefore, design of air-lift 

reactors for cultivation of mammalian cells has to consider geometrical aspects 
(e.g., riser, downcomer, aspect ratio, height of liquid above and below the baffle or 
draft tube), sparger position and design, gas flow rate, position of electrodes (e.g., 
temperature, pH, DO probes), sample ports, feed and base addition, etc. None of 
these factors is independent, explaining to some extend the huge number of correla-
tions for hydrodynamics in air-lift reactors. A comprehensive review of the engi-
neering principles was provided by Varley and Birch (1999). In the following the 
main factors are summarized:

● Typical aspect ratios (height to diameter) are between 6:1 and 12:1;
● With respect to optimal mixing, the cross-sectional area of riser and downcomer 

should be similar;
● As the height of liquid above the baffle or draught tube increases, the mixing 

time goes through a minimum before beginning to increase. The optimum has to 
be determined experimentally for a certain scale;

● Recommended sparger position is just above the base of the baffle;
● The cross-sectional area just below a buffle should not exceed 1.65 times the 

downcomer cross-section;
● Typical gas flow rates, expressed as superficial gas velocities, are in the range of 

0.001–0.01 m s−1 (Griffiths 1988);
● Relationships between k

L
a and superficial gas velocity U

g
 are generally of the form

Fig. 5.13 Operating ranges of gas and liquid velocities in bubble column and air-lift reactors 
(from Chisti and Moo-Young 1987, modified)
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k a aU b
L g~ (5.2)

k
L
a values varying between 0.7 and 20 h−1;

● Recommended injection point for feed or base addition is just above the gas 
sparger within the riser.

Scale-up of air-lift reactors for cultivation of mammalian cells is still a difficult 
task, despite the extensive studies on hydrodynamics and scale-up in general. This 
is mainly due to the fact that superficial flow velocities are in most cases well above 
those tolerable in air-lift reactors for mammalian cell culture owing to the high 
shear sensitivity of the cells. Strategies to scale-up air-lift reactors are generally 
based on geometric similarity, constant k

L
a, and either constant superficial gas 

velocity, constant gas flow rate per unit volume of liquid, or constant mixing time 
(Varley and Birch 1999). Similar to stirred-tank reactors, it is not possible to keep 
all these parameters constant at the same time. As for large-scale mammalian cell 
culture, it is very important to maintain mixing times at appropriate levels. Varley 
and Birch (1999) recommend keeping the mixing times as constant as possible dur-
ing scale-up. To decouple mixing and mass transfer, an additional gas (e.g., nitrogen) 
can be used. In this case, the total gas flow rate can be adjusted to maintain 
adequate mixing and to remove CO

2
 at very high cell densities, while controlling 

the oxygen concentration by varying the ratio between nitrogen and oxygen in the 
gas. If, alternatively, the choice is between superficial gas velocity and volumetric 
flow rate, it is obvious that these two criteria cannot be met simultaneously.

Even though air-lift reactors are not as widespread as stirred-tank reactors, there is 
an increasing number of successful use of air-lift reactors for mammalian and insect 
cells (see reviews by Varley and Birch 1999; Fenge and Lüllau 2006). This may be due, 
to some extent, to historical reasons, as at times when most cell culture media contained 
serum, the intensive aeration required to operate air-lift reactors resulted in extensive 
foaming and cell death. This drawback is less profound when serum- or protein-free 
media are used, which is now state-of-the art. Furthermore, air-lift reactors are regarded 
as less flexible in terms of working volume (e.g., for fed-batch culture) or when anchor-
age-dependent cells have to be cultivated on microcarriers. On the other hand, they are 
supposed to mix the culture broth more gentle and therefore are more suited for shear-
sensitive cells. With respect to high cell density perfusion culture, air-lift reactors can 
be equipped with external retention devices similar to stirred-tank reactors as has been 
shown by several authors (see review by Fenge and Lüllau 2006). Therefore, it can be 
concluded that air-lift reactors are a powerful alternative to stirred-tank reactors on a 
large scale, provided that sufficient scale-up strategies are available.

5.1.1.3 Techniques for Cell and Product Retention in Suspension Culture

Even though for suspension reactors batch, repeated batch and fed-batch are still 
the preferred modes of operation on an industrial scale, a number of continuous 
perfusion techniques have been successfully applied to increase cell and product 
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concentration as well as time–space yield of the process. An overview on industrial 
application of perfusion cultures for production of monoclonal antibodies and 
recombinant proteins is given by Kompala and Ozturk (2006). The main goal of 
perfusion culture is the long-term continuous cultivation up to several months at 
very high cell density and high viability, preferably under physiological steady-
state conditions of the cells. Owing to high volumetric perfusion rates (1–10 volumes
per reactor volume per day), the residence time of the product is low, an advantages 
for fragile, glycosylated proteins.

Basically, perfusion refers to the continuous exchange of spent medium from the 
culture broth while retaining the cells in the bioreactor. The setup of a bioreactor 
systems for perfusion culture is shown in Fig. 5.14 and consists of a feed tank, a 
bioreactor (usually a stirred tank), an internal or external device for cell retention, 
a harvest tank for the spent medium, and several pumps for the medium supply and 
removal as well as for medium circulation in case of an external cell retention 
device. External devices allow an easy exchange of the device upon failure and are 
advantageous with respect to scale-up, as in some cases this can be done by apply-
ing parallel units. The main drawback of these techniques is the need to use pumps 
for recycling the cells, which might cause mechanical damage to the cells (espe-
cially for fragile cells, cell aggregates, or microcarrier cultures) and might hold the 
risk for contamination. Furthermore, control of important process parameters, such 
as DO, pH, and temperature, is more difficult.

Fig. 5.14 Scheme of perfusion culture for in suspension reactors. (a) External cell retention and 
recirculation of cells back to the bioreactor, (b) internal cell retention (e.g., spin filter)
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The numerous cell retention strategies suggested so far have been reviewed 
extensively (see Voisard et al. 2003; Fenge and Lüllau 2006). Here, only those 
having a technological or commercial importance will be discussed. The main problems 
in the design of cell retention devices are the size of suspension cells (10–30 µm),
the low density difference between the cells and the culture medium (approximately 
5%), and the high shear sensitivity of the cells, which might lead to cell death or 
even cell disruption while circulation through the retention loop (Lüllau and Fenge 
2006). Basically, almost all devices applied for cell retention rely on the particle size 
and/or the density as the essential separation characteristic of the particles (cells). 
Other physical or chemical characteristics of particles (electrical charge, dielectric 
constant, or surface properties) are of minor importance (Voisard et al. 2003).

Retention by Size

Retention of cells depending on their size can be performed by means of filtration 
or dialysis. Filtration refers to mechanical separation of solid particles from a fluid 
by a physical barrier; dialysis is based on diffusion of solutes across a semiper-
meable membrane. Owing to their greater importance in cell culture technology, fil-
tration techniques will be discussed first. In this respect, basically separation by 
various types of membrane filtration principles and spin filters has to be addressed. 
The major drawback of all filtration devices is their tendency to foul and clog. All 
suggested design concepts attempt to avoid or delay these phenomena in one way or 
the other. Owing to the intended very long run times of cell culture processes, sol-
ving this problem is essential and decides its acceptance for industrial purposes.

For membrane filtration (Fig. 5.15a) of cells, usually microfiltration membranes 
having a pore size range of 0.1–10 µm made of cellulose ester, nylon, 
poly(ethylensulfone), polypropylene, or poly(vinyl difluoride) (PVDF) are used. 
The degree of cell retention is high, but fouling and clogging of the membrane due 
to the content of cell debris and macromolecules in the culture supernatant, i.e. pro-
teins contained in the medium (serum) or produced by the cells and released DNA, 
may cause problems in lengthy operation (Belfort 1989). As shown in Fig. 5.16, the 
flux through membrane is significantly reduced. A technique widely applied in par-
ticle separation is cross-flow filtration, where the particle suspension is forced to 
flow tangentially to the membrane (mostly flat-sheet membranes) to reduce deposi-
tion of particles or macromolecules in pores or on the membrane surface. Despite 
many efforts to adapt this technology to perfusion culture of mammalian cells 
(including modul design, e.g., spiral filters or controlled-shear filters, or application 
of backflushing or electrofiltration, reviewed by Voisard et al. 2003), mostly small-
scale applications have been reported. Alternatively hollow fiber modules (diameter 
of hollow membrane fiber approximately 0.5–1 mm) have been used, both with 
internal and external devices, where fouling is minimized by applying high liquid 
flow rates at the membrane surface. This technology has gained some commercial 
importance and modules in the range of 3 m2 of membrane area are available 
intended for bioreactors ranging from 90 to 250 L (cited by Voisard et al. 2003). 
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The Alternating Tangential Flow (ATF) technology comprises a hollow fiber module 
connected to a bioreactor by a single port. The cell suspension is alternately pumped 
into the filtration module and back to the bioreactor by a fast diaphragm pump 
(period of 10 s). This provides an efficient tangential flow under extremely low shear 
operation as compared to the shear going through a pump head. The system can be 
adapted to suspension cells as well as to anchorage-dependent cells grown on micro-
carriers. In conclusion, for microfiltration the following critical parameters can be 
named: membrane material, flow rate (especially the high flow rates in the external 
loop may be detrimental to cells), module geometry, membrane fouling, and cell 
bleeding. Reactor scales between 1 L to several hundred liters as well as perfusion 
rates up to 1200 L d−1 (theoretically for the available ATF technology) have been 
reported (reviewed by Lüllau and Fenge 2006; Voisard et al. 2003).

Fig. 5.15 Cell and product retention in suspension reactors. (a) Membrane filtration, internal or 
external, (b) vortex-flow filter (controlled shear), external, (c) spin or rotor filter, internal or exter-
nal, (d) dialysis, internal or external, (e) settler, external or internal, (f) centrifuge, external, (g)
accustic filter, internal, (h) hydrocyclone. (1) feed, (2) cell-free harvest, (3) medium from bioreac-
tor, (4) concentrated cells back to bioreactor, (5) dialyzing fluid in, (6) dialyzing fluid out



5 Bioreactor Design and Scale-Up 193

The vortex-flow filter (Fig. 5.15b) applies a membrane filtration technique to 
increase the shear forces on the membrane without inducing high pressure drop in the 
flow channels, as is inevitable in cross-flow and hollow-fiber modules. It consists of 
three concentric cylinders, an outer cylindrical housing, an intermediate cylinder sup-
porting the membrane (e.g., 200–400 cm2), and an inner cylindrical rotor. The gap 
within the annular chamber between the inner rotor and the cylindrical membrane has 
a width of 2 mm to induce Taylor vortex formation to prevent fouling. The cell 
suspension flows through this annular gap from the bottom to the top (retentate). The 
permeate leaves the chamber at the top of the outer cylindrical housing. Here, 
the critical parameters are the pore size of the membrane, spinning velocity, and scale-up. 
Perfusion rates up to 100 L d−1 have been reported (cited by Voisard et al. 2003).

Spin-filters (also called rotor filters or rotating sieves, Fig. 5.15c) for cell retention
were introduced very early by Himmelfarb et al. (1969). Basically, particles are retained 
sterically by a rotating mesh (metal wire or polymer) having a pore size larger 
than the average cell size. Mesh pore size is usually 5–20 µm for suspendable cells, 
and larger (50 µm, 120 µm) for microcarrier culture or cell aggregates. Spin filters 
can be operated internally on the stirrer axis or on a separate axis, mostly sur-
rounded by a draft tube to induce a vertical flow and to homogenize the hydrody-
namic conditions at the screen surface. Alternatively, they can be external, operated 
on a central axis. In certain setups, Taylor vortex formation is induced to prevent 
fouling. Critical parameters are the pore size, spinning velocity/screen tangential 
speed (approximately 1700–2200 cm min−1) as well as clogging when (1) the 
required filtration flux exceeds the retention capacity of the filter screen and cells 
accumulate in the pores and (2) after long-term operation the pores are filled by 
cells that have grown and attached to the mesh. Reported reactor scales are in the 

Fig. 5.16 Permeability of different ultrafiltration membranes. Filtration of bovine serum albu-
mine (1 g L−1 in pH 6.7 phosphate buffered water solution, Re = 100, ∆p = 1 bar) (data from 
McDonogh et al. 1992)
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range of 1–500 L for internal, and up to 4 L for external arrangement (data from 
Lüllau and Fenge 2006).

All filtration techniques mentioned so far are mainly intended to retain the cells. 
Products, even high-molecular-weight proteins, are usually not enriched. Dialysis
(Fig. 5.15d), also a membrane technique, allows for simultaneous enrichment of 
cells and high molecular products. Dialysis is defined as a process in which solutes 
diffuse from a high concentration solution to a low concentration solution across a 
semipermeable membrane until equilibrium is reached (Strathmann 1979; Moser 
1985). Contrary to micro- or ultrafiltration the nonporous dialysis membranes are 
not perfused. This technique is very reliable, as dialysis membranes do not change 
their permeability properties even after long process times (Bohmann et al. 1995). 
Since the nonporous membrane selectively allows low-molecular-weight molecules 
to pass while retaining those with a higher molecular weight and cells, dialysis can 
effectively be used as a separation process based on size exclusion. For molecules 
having a very high molecular weight, the dialysis membrane can be regarded as 
impermeable. Usually this is described by the “cut-off” value of the dialysis mem-
brane. Typical values are in the range of 10–100 kDa. In a dialysis process, the 
transport S

i
 of a certain component i through the membrane is controlled by 

the transmembrane concentration difference Dc
i
, the active membrane area A, and the

permeability coefficient P
i
 of a single component i:

S P A ci mem i i= , ∆ (5.3)

The permeability coefficient P
mem,i

 covers the transport resistance through the mem-
brane. It is membrane- and substrate specific, and depends on the resistance within 
the boundary layers on both sides of the membrane. With increasing molecular 
weight, the permeability coefficient decreases similar to the diffusion coefficient 
(Fig. 5.17). Dialysis membranes can be applied internally or externally (for a 
review, see Pörtner and Märkl 1998) with different process strategies (dialysis 
batch, dialysis fed-batch, “nutrient-split” fed batch, continuous, etc.) that allow 
high cell densities. Examples are discussed by Pörtner and Märkl (1998), Bohmann 
et al. (1995), and Frahm et al. (2003) (compare Sect. 4.4.2.4). Critical parameters 
of dialysis reactors are the required membrane area per volume, sophisticated process
strategies for optimal time–space yield, and technical problems on large scale 
(pumps for medium circulation, etc.). Size of reactor systems applying dialysis 
technique varies from several milliliters up to approximately 1 m3. A dialysis reac-
tor for lab-scale use is shown in Fig. 5.18.

Retention by Density

As mentioned earlier, cell retention by density is hampered by the very small density 
difference between cells and culture medium. Inevitably, gravitational settling 
velocities are low (approximately 1–15 cm h−1). Strategies for improving the separa-
tion efficiency can be derived from (5.4):
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Fig. 5.17 Permeability coefficient P of a dialysis membrane, membrane: Cuprophan (Membrana, 
Wuppertal), cut-off: 10,000 Da, determined in membrane-dialysis reactor: cell culture medium, 
inner stirrer: 70 min−1, outer stirrer: 700 min−1

00101

1

10

P
  [

 1
0−2

 c
m

 m
in

−1
 ]

molecular weight  [ g mol−1 ] 

 medium with serum, 6 days 

 native 

Fig. 5.18 Membrane-dialysis reactor (Prof. Märkl, TU Hamburg-Harburg & Bioengineering AG)
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where U
p
 is the particle velocity in the gravitational field, r

fl
 is the fluid density, g

is the gravitational force, r
p
 is the particle radius, and h

fl
 is the fluid viscosity.

Retention techniques have better potential for long-term operation compared to fil-
tration techniques. The most relevant techniques including gravity settlers, centrifuges, 
acoustic filters, and hydrocyclones will be briefly introduced in the following.

Gravity settlers are technically very simple and robust devices for cell retention 
by gravitational forces without moving parts that damage the cells. Basically, the 
low gravitational retention efficiency is increased by reducing the distance for cell 
sedimentation by the following two mechanism (Voisard et al. 2003): (1) Cells are 
allowed to settle in a vertical countercurrent flow at a liquid velocity lower than the 
average settling velocity of the viable cells. This technique requires large areas. 
(2) The cell suspension flows between inclined parallel plates in a laminar regime 
(Fig. 5.15e). Cells sediment, settle on the lower plate, and slide down. By this, they 
generate a contercurrent flow, thereby enhancing the settling efficiency (Boycott 
effect). The latter technique is mostly applied. Typical parameters of inclined set-
tlers are a plate gap of 0.5–0.7 cm, plate width of 5–15 cm, plate length of 15–40 cm, 
and plate angle of 20–30°. Gravity settlers are mostly applied in external retention 
loops, even though special bioreactor designs including internal settling zones have 
been suggested (reviewed by Voisard et al. 2003). They have been shown to retain 
viable cells more efficiently than dead cells with a cell retention efficiency of typi-
cally 95%. The main drawback, oxygen limitation within the nonaerated settler due 
to long residence times (approximately 1–2 h), can be overcome by decreasing the 
temperature within an external retention loop to room temperature or even lower to 
reduce the metabolic activity of the cells. The device itself is easily scalable. But as 
the range of operation parameters for optimal cell retention is quite narrow, the 
performance characteristics are regarded as inflexible and the scale-up of operation 
parameters is difficult. Critical parameters are the settling surface area, harvest flow 
rate, and temperature gradient between the reactor and the external settler. Reported 
reactor scales for settlers are up to several hundred liter perfusion bioreactors 
(Fenge and Lüllau 2006; Kompala and Ozturk 2006). Perfusion rates in the range 
of 2000 L d–1 and more seem possible (Kompala and Ozturk 2006; Kaiser 2006).

In centrifuges (Fig. 5.15f) a centripetal acceleration is used to separate sub-
stances of higher and lower densities. By this, the separation efficiency is signifi-
cantly improved compared to gravitational settling. A number of centrifuges for 
perfusion cultures have been suggested (reviewed by Fenge and Lüllau 2006; 
Voisard et al. 2003). Here, two concepts of commercial relevance for centrifuges 
used in an external loop will be mentioned briefly. A device offered under the trade 
name Centritech (pneumatic scale) comprises a disposable sterile insert designed as 
an inverted question mark, which permits one end of the tube to be rotated while 
the other end is fixed. This anti-twist mechanism eliminates the need for rotating 
seals. Devices able to perfuse up to 2800 L d−1 applying maximal centrifugal forces 
up to 320 g are available. Another centrifuge for large scale is offered by Westfalia 
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Separator AG. This disc-stack centrifuge is able to operate with perfusion rates up 
to 3000 L d−1 applying maximal centrifugal forces up to 560 g at 200 rpm (Voisard 
et al. 2003). The main advantages of centrifuges are (1) no clogging or fouling, 
(2) a separation rate controlled by the g-force and feed flow rate, and (3) separation 
of viable and dead cells by adapting the g-force. Critical for industrial application 
are insufficient robustness and reliability. Alternatively, the so-called “centrifugal 
bioreactors” have been developed, in which the cells are retained within the biore-
actor by internal centrifugation (Kompala and Ozturk 2006). Despite the promising 
results for lab-scale applications, the system needs further improvement.

In acoustic filters (Fig. 5.15g), an ultrasonic separation of cells and the medium 
is achieved. Basically, the particle size is increased by exposing the cell suspension 
to an acoustic resonance field, where three forces act on the cells: (1) the primary 
radiation force due to the compressibility and density difference between cells and 
the medium, driving the cells toward the antinodes of the resonance field; (2) the 
secondary radiation force due to interaction between the cells inducing cell aggre-
gation; and (3) the Bernoulli force driving cell aggregates to the local maxima of 
the acoustic velocity amplitude within the velocity antinodes planes. Critical 
aspects of this technique are the narrow range of operation parameters for optimal 
cell retention, harvest limited by cell concentration and input power, and difficult 
scale-up. Acoustic filters also allow selective retention of viable and dead cells. 
Devices for perfusion rates up to 250 L d−1 (Applicon) are offered.

Hydrocyclones (Fig. 5.15h) apply centrifugal forces by injecting a cell suspen-
sion tangential to the wall with typical pressure drops of 0.5–4 bar. Concentrated 
cell suspension exits in the underflow, and the clarified medium exits in the over-
flow of the device. For perfusion culture of mammalian cells, hydrocyclones are 
especially attractive because of the small volume, high separation efficiency, and 
low shear forces. Successful perfusion cultures operated at approximately 500 L d−1

have been reported (Jockwer et al. 2001). Critical parameters are scale-up, operation 
parameters, and lack of available data for design.

Potential for Large-Scale Perfusion

For evaluation of cell retention techniques, first of all aspects such as the retention 
capacity and length of operation time in perfusion mode have to be considered. 
Furthermore, simplicity of operation, robustness, scalability, and costs have to be 
considered (Voisard et al. 2003; Kompala and Ozturk 2006). For both cell retention 
by size as well as by density, feasibility has been demonstrated for a large number 
of different mammalian and insect cells (reviewed by Voisard et al. 2003; Fenge 
and Lüllau 2006) at different scales. Filtration-based systems allow almost com-
plete cell retention (excluding spin filters), but are limited in long-term operation 
because of membrane clogging. The time to clog can vary between 10 and 100 
days. Therefore, only vortex-flow filters and spin filters are applicable for larger 
scales. Devices using cell retention by density can be referred to as open perfusion 
systems, which by definition do not clog. Therefore, culture duration is not an issue. 
Here, the degree of cell retention has to be considered, which decreases with 
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increasing perfusion rate. According to Kompala and Ozturk (2006), perfusion rate 
should be below 2 d−1 for cell retention rates >90%.

The potential of available cell retention techniques for use in large-scale manu-
facturing processes has been discussed at length by Voisard et al. (2003). On the 
basis of an extensive literature survey, four ranges of perfusion capacities were 
defined (compare Table 5.3). The data provided by Voisard et al. were comple-
mented by newer references (reviewed by Kompala and Ozturk 2006). This has 
given rise to slightly different conclusions, especially with respect to inclined set-
tlers. Whereas Voisard et al. limits inclined settlers to range up to 100 L d−1 because 
of a limited scale-up potential, more recent publications demonstrate successful 
operation up to 2000 L d−1 (Kompala and Ozturk 2006) or even more. As discussed 
by Voisard et al. (2003), in the perfusion range of 0–5 L d−1 typically cell retention 
techniques based on filtration are used, mostly spin filters, vortex-flow filters and 
hollow fibers. In the range 50–250 L d−1 hollow fiber techniques are preferred, with 
alternating tangential filtration, vortex-flow filters inclined settlers, and centrifuges 
as potential alternatives. Between 250 and 1000 L d−1 the following techniques can 
be applied: centrifugation, settling, spin filters, acoustic filters, and hydrocyclones. 
In the largest range, 1000–5000 L d−1, only centrifuges and inclined settlers have the 
potential for scale-up.

The retention techniques available to day are well established, and the number 
of successful applications on industrial scale is increasing. Nevertheless, it seems 
that the industry still hesitates to apply continuous perfusion techniques instead of 
simpler batch- and fed-batch strategies. This is partly due to the fact that an ideal 
cell retention device does not exist and therefore prediction of performance of a 
respective retention device for a specific cell line is difficult. As a consequence, 
perfusion culture is still regarded as a technology associated with uncertainty and 
risks for manufacturing operation. Perfusion cultures are especially suited for 
unstable, non-growth-associated recombinant products (e.g., Factor VIII, retrovirus 
particles for gene therapy). To date, this group of products represents a minority 

Table 5.3 Typical range of operation for cell retention techniques (data from Voisard et al. 2003, 
modified)

Perfusion capacity 
[L d−1] 0–50 50–250 250–1000 1000–5000

Membrane filtration (hollow-fibre)
Alternating tangential filtration
Vortex-flow filtration
Spin filter
Dialysisa

Settling
Centrifugation
Acoustic
Hydrocyclone
aDialysis allows cell and product retention and is mainly used as dialysis batch or dialysis fed batch
Black: data available, grey: no data available, potential
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within the therapeutic proteins. It is expected that this will change in the near future 
and industrial demand for perfusion cultures will increase.

5.1.2  Fixed Bed and Fluidized Bed Bioreactors: 
Design, Performance and Scale-Up

5.1.2.1 Engineering Principles

Fixed bed and fluidized bed bioreactors have gained growing attention in the cultiva-
tion of mammalian cells since they allow cultivation of immobilized cells within 
macroporous carriers at very high cell densities. A fixed bed bioreactor (also referred 
to as “packed bed bioreactor”) consists of a vessel filled or packed with carrier mate-
rial used as support for immobilization of cells (Fig. 5.19). Whereas in fixed bed 
bioreactors the stationary bed of carriers is not agitated, in fluidized bed bioreactors 
the carriers are kept floating (“fluidization”). Both types of bioreactors have shown 
potential in the establishment of optimum culture conditions with a wide versatility 
for many cell culture purposes (reviewed by Fenge and Lüllau (2006), Meuwly et al. 
(2007), Pörtner et al. (2007) ). In the following, at first some general engineering 
principles of fixed bed and fluidized bed bioreactors will be introduced, followed by 
requirements and developments specific for mammalian cell culture (Sects. 5.1.2.2 
and 5.1.2.3). Finally, some examples for cultivation of different types of mammalian 
cells in fixed bed bioreactors will be presented (Sect. 5.1.2.4).

In fixed bed bioreactors, a column filled with solid particles is perfused by a liq-
uid flow. The packing materials create a pressure drop, which is often described by 
the Carmen–Kozeny equation, which relates pressure drop ∆p in a fixed bed of 
solid particles to the liquid flow rate in the laminar flow range (Re <10):

∆
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where H
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 is the height of the bed, K is a constant depending on particle shape and 
surface properties, ε is the void fraction, η
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where D
FB

 is the diameter of the bed and r
fl
 is the fluid density. According to this 

model, a linear increase of the pressure drop with increasing flow velocity or, for a 
constant cross-sectional area of the column, increasing flow rate, has to be expected. 
This model was initially designed for solid particles. However, as the carriers used 
in mammalian cell culture are usually macroporous, intraparticle convection is 
expected to influence the hydraulic behavior of the system. In this respect two cases 
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have to be considered: (1) carriers with very high porosity and open pores, which 
will not be closed by cell growth, and (2) carriers with a lower porosity and/or non-
open pores, or carriers totally covered with cells in a tissue-like cell density. 
Examples for cell growth on different carriers were discussed earlier (Sect. 4.3.1.3). 
For case (1) a simple model was developed by Park and Stephanopoulos (1993) to 
describe fluid flow through a fixed bed packed with porous particles, based on the 
Blake–Kozeny equation. Here, it can be assumed that most of the fluid will flow 
through the interstitial spaces of the bed, but in response to the pressure drop some 
medium will also flow within the pores of the carriers. The consequences on fixed 
bed performance have been discussed by Warnock et al. (2005). For case (2) this 
approach cannot be applied, as the macroporous carriers are not actively perfused. 
But because of the pressure gradient between the interstitial area and the inner parts 
of the carrier caused by the interstitial flow, convection within the particles has to 

Fig. 5.19 Fixed bed and fluidized bed reactors

macroporous carrier 
with immobilized cells 

fluidized bed fixed bed
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be considered. A practical approach to describe an increase of mass transfer due to 
this type of intraparticle convection effects has been applied by Fassnacht and 
Pörtner (1999) by using a modified diffusion coefficient. This model was used 
 successfully to simulate oxygen limitation within the bed (see below).

As mentioned earlier, in fluidized bed bioreactors the carriers are kept in a “fluid-
ized” stage. If an initially stationary bed of solid particles is operated in upflow mode 
with particles of appropriate size and density, at first the bed remains as it is and the 
pressure drop of the bed increases as discussed earlier (Fig. 5.20). At a sufficiently 
high liquid flow rate, the bed expands to the upward motion of the particles. It is 
brought to a “fluidized” state as soon as the volumetric flow rate of the fluid exceeds 
a certain limiting value, the minimum fluidization flow rate (Werther 2007). In the 
fluidized bed, the particles are held suspended by the fluid stream. During the fluidi-
zation, the pressure drop ∆p of the fluid on passing through the fluidized bed is con-
stant (Fig. 5.20) and equal to the weight of the solids minus the buoyancy, divided 
by the cross-sectional area A of the fluidized bed vessel following

∆
ε ρ ρ

p
H g

A
=

− −FB s fl( )( )1 (5.7)

with the porosity ε of the fluidized bed as the void volume of the fluidized bed (vol-
ume in interstices between particles, not including any pore volume in the interior of 
the particles) divided by the total bed volume; r

s
 the solids apparent density; r

fl
 the 

fluid density; and H
FB

 the height of the fluidized bed. Because particles in fluidized 
beds are floating, channeling and clogging of the bed are avoided. At a certain flow 
rate, the particles cannot be kept in the fluidized state and are washed out.

Macroporous carriers for application in fixed bed and fluidized bed bioreactors 
have been discussed extensively in Sect. 4.3.1.3. The properties of the cells and the 
mode of cultivation carried out define the type of carrier to be chosen. Thus, carri-
ers of diameters below 0.3 mm (microcarriers) are used mainly for the cultivation 
of adherent cells in suspension, carriers between 0.3 and 1 mm are appropriate for 
fluidized beds, and carrier sizes above 1 mm are used in fixed bed systems (prefer-
ably 3–5 mm) to prevent blocking of the free channels between the carriers by cell 

Fig. 5.20 Principles of fluidization in a fluidized bed reactor
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growth. The density of the carrier has to be appropriate for the respective culture 
system. Whereas for suspension culture mostly carriers with a specific gravity 
slightly higher than the density of the medium are used, a significantly higher spe-
cific gravity of >1.5 of the carrier is typically chosen to achieve homogeneous flu-
idization in a fluidized bed bioreactor. In case of fixed bed bioreactors, the specific 
gravity is not that much of a problem, as in most cases the carriers are retained in 
the fixed bed column by a porous mesh or other means.

5.1.2.2 Fixed Bed Bioreactors for Cultivation of Mammalian Cells

A number of different design concepts for fixed bed bioreactor systems have been 
proposed in the literature (Meuwly et al. 2007; Fenge and Lüllau 2006; Pörtner and 
Platas Barradas 2007). Most of them are laboratory homemade systems. Only a few 
systems have been commercialized. The general problem for design and operation 
of fixed bed bioreactors is to fulfil certain, sometimes competing, process require-
ments such as meeting the high demand of oxygen required by the cells growing in 
a very high cell density, appropriate supply of nutrients, and preventing cell damage 
due to too high shear rates. Almost all fixed bed bioreactor system consist basically 
of a column filled or packed with carrier material used as support, where the cells 
grow immobilized, and a medium reservoir for conditioning of the culture medium 
(Pörtner 1998; Pörtner et al. 1999; Meuwly et al. 2007). The medium is recirculated 
in a loop through the fixed bed and back to the reservoir for conditioning, especially 
for oxygen enrichment, while the cells (adherent or non-adherent) are retained in 
the fixed bed. Oxygen supply is mostly done by simple bubble aeration, as the cells 
do not come in to contact with the bubbles and therefore cell damage due to bubbles 
is not an issue. In the conditioning reservoir, the exhausted, product-containing 
medium is exchanged batchwise or continuously (Pörtner 1998). Usually, further 
control elements such as sensors for pO

2
, pH, and temperature are installed in the 

reservoir as well for process control.
Most common are external or internal loops for medium recirculation (Figs. 5.21–5.23).

In case of an external loop (compare concepts “A” in Fig. 5.21), the enriched 
medium is pumped from the reservoir, often called “conditioning vessel”, with a 
certain flow rate or flow velocity, which can exert a shear stress on the circulating 
cells, through the fixed bed and back. This two-vessel arrangement is quite popular 
on a laboratory scale, as it is easy to set up, but might lead to sterilization problems 
on a large scale. As an alternative, internal medium circulation was suggested (com-
pare concepts “B” and “C” in Fig. 5.21). A further problem with respect to scale-up 
of fluidized bed bioreactors also is the appropriate supply of oxygen. In an axial 
stream of the medium through the fixed bed (also referred to as “axial-flow”) with-
out any further aeration, the concentration of oxygen in the medium decreases from 
the bottom of the bed to the top. The degree of oxygen depletion depends on the 
number of immobilized cells X, the cell specific oxygen consumption rate q

02
, the 

mean flow velocity through the bed U
fl
, and the height of the bed H

FB
 according to
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Fig. 5.21 Examples for design concepts of fixed bed reactor. (a) axial-flow fixed bed with external 
conditioning vessel (fixed bed volume VFB ~ 50–100 mL, data from Medorex (D) (Pörtner et al. 
2007) ), (b) radial-flow integrated in conditioning vessel, external circulation of medium (VFB ~ 
1–25 L, data from Medorex (D) and Bioengineering (CH) ), (c) axial-flow fixed bed integrated in 
conditioning vessel, internal circulation of medium VFB ~ 0.7–5 L (data from NewBrunswick (US) )

conditioning
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feed

harvest
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feed

harvest 
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Fig. 5.22 Examples of design of fixed bed reactors for mammalian cell culture. Left: 100 mL, 
axial flow, right: 5 L, radial-flow (Courtesy Medorex, Germany)
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with c
O2

(in) the oxygen concentration at the inlet and c
O2

(out) the concentration at 
the outlet of the bed. The flow velocity through the bed is limited because of several 
reasons. Of course, damaging shear rates should be avoided. But as most of the 
cells are entrapped within the macroporous structures of the carriers, this criterion 
is not that important. More critical is a washout of cells at too high flow velocities, 

Fig. 5.23 CelliGen 310 basket fixed bed reactor equipped with FibraCell macroporous carriers 
(courtesy of New Brunswick Scientific)
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especially for non-adherent cells. A maximal flow velocity below U
fl
 = 1 mm s−1 has 

been suggested by Bohmann et al. (1992) for hybridoma cells to prevent washout. 
As reviewed by Meuwly et al. (2007), most of the studies published during the last 
10 years operate in this range. If a cell density of 5×107 cells mL−1 of fixed bed, a 
cell-specific oxygen uptake rate of 1×10−10 mmol cell−1 h−1, aeration with air (c

O2
(in)

= 0.2 mmol L−1), and a minimal oxygen concentration of c
O2

(out) = 0.04 mmol L−1

are assumed, the length of an axial-flow fixed bed should be in the range of approx-
imately 10 cm. This simple estimation underlines the fact that the length of a fixed 
bed is limited owing to oxygen limitation. This can be overcome to some extent by 
aerating the medium with pure oxygen (see below). For further scale-up, Meuwly 
et al. (2007) suggest increasing the diameter of the column up to 2 m, similar to 
chromatographic columns. This would correspond to a bed volume of up to 900 L 
for a height of 30 cm. This concept has not been realized to date. Alternatively, 
radial-flow fixed beds have been studied (compare concept “B” in Fig. 5.21) 
(Yoshida et al. 1993; Bohmann et al. 1995; Pörtner et al. 1997; Pörtner et al. 1998; 
Fassnacht 2001; Kwon et al. 2005; Hongo et al. 2005; Iwahori et al. 2005). 
The medium is pumped from the medium reservoir either through the center of the 
cylindrical bed along the radius or vice versa. As the length for oxygen depletion 
depends on the radius of the bed, the height of the bed can be enlarged without the 
risk of insufficient oxygen supply. Fassnacht et al. (2001) scaled up a radial-flow 
fixed bed reactor packed with SIRAN carriers to 5.6 L bed volume. Operated with 
perfusion rates upto 20 L per liter fixed bed and day would result in approxinately 
100 L of medium supernatant per day. A 10-day operation would be equivalent to a 
1000 L suspension reactor. Investigations on the flow profile in radial-flow columns 
up to 90 cm height indicate that at least up to this height problems due to inhomo-
geneous flow through the bed can be neglected (own unpublished data). Actually, 
this type of bioreactor has been build at least up to 25 L fixed bed volume for culti-
vation of mammalian cells. For an easier handling, sterilization, and scale-up, with 
further improved temperature control in a more compact unit, the fixed bed is inte-
grated with the conditioning vessel. Design criteria and model predictions can be 
found in Fassnacht and Pörtner (1999).

Owing to the low shear stress, immobilization enables the application of serum- 
or protein-free medium (compare Table 5.4); it allows an easier medium exchange 
and reduces the steps of downstream processing. Of special importance is the 
improved culture stability through immobilization (Fussenegger et al. 2000; 
Lüdemann et al. 1996; Fassnacht et al. 1999; Moro et al. 1994). With a simple, and 
easy-to-handle bioreactor design, fixed bed bioreactor systems enable a high-volume 
specific cell density and productivity (108 cells mL−1) and a versatile range for 
production of biopharmaceuticals over long periods of time (up to several months) 
(Meuwly et al. 2007; Fenge and Lüllau 2006). Whereas the earlier studies focused 
on production of biopharmaceuticals as an alternative to suspension bioreactors or 
hollow fiber systems, new applications can be found in other areas including gene 
and cell therapy or tissue engineering. Some of the recent developments in fixed 
bed bioreactor technology are presented in Table 5.5.
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Table 5.4 Cultivation of a mouse/mouse hybridoma cell line and a human/mouse transfectoma 
cell line in different media and reactor systems (adapted from Lüdemann et al. 1996)

Cell line Hybridoma Transfectoma

Medium HS IR HS IR
T25-flask (static) ++ ++ ++ ++
500-ml-spinner (stirred) ++ ++ − −
2-L-stirred reactor ++ (+)− n.d. n.d.
fixed bed reactor (SIRAN®) ++ ++ n.d. ++

Medium: IMDM/Ham’s F12 plus additives, supplemented with 3% (v/w) horse serum 
(HS-medium), or an iron-rich supplement (IR-Medium, protein free)
++: cultivation successful; (+)−: cultivation possible, but not reproducible; –: cultivation not 
possible; n.d.: not done

Table 5.5 Successful applications of fixed bed bioreactors for cultivation of mammalian cells

Type of cell Product/purpose References

Hybridoma Monoclonal antibodies Ong et al. (1994), Looby et al. 
(1990), Bohmann et al. (1995), 
Golmakany et al. (2005), 
Yang et al. (2004), Wang et al. 
(1992), Fassnacht et al. (1999)

Transfectoma Chimeric fragmented 
antibodies

Lüdemann et al. (1996), Pörtner 
et al. (1998)

rBHK Glycosylated antibody-
cytokine

Burger et al. (1999)

CHO NMR-studies Ducommun et al. (2002), 
Matsushita et al. (1990), 
Thelwall et al. (1998)

rCHO rec. Erythropoietin, rec. 
human placental alkaline 
phosphatase (SEAP)

Deng et al. (1997), Fussenegger 
et al. (2000)

VERO Matsushita et al. (1990)
L293 Rec. protein Own data
HeLa Vaccine Hu et al. (2000)
NIH3T3 own data
Insect cells Baculovirus recombinant 

protein
Lu et al. (2005), Kwon et al. 

(2005)
Packaging cell lines Retrovirus production Nehring et al. (2006), Merten et al. 

(2001), Sendresen et al. (2001), 
McTaggart and Al-Rubeai 
(2000), Forestell et al. (1997)

Immortalized
hepathocytes

Bioartificial liver Fassnacht et al. (1998), Kataoka 
et al. (2005), Hongo et al. 
(2005), Iwahori et al. (2005), 
Akiyama et al. (2004), Kawada 
et al. (1998), Ijima et al. (1998)

Primary hepathocytes Bioartificial liver Kurosawa et al. (2000), Yamashita 
et al. (2001), Gion et al. (1999)

Human kidney cells Membrane vesicles Own data
Human melanoma cells Growth factors Own data
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5.1.2.3 Fluidized Bed Bioreactors for Cultivation of Mammalian Cells

Fluidized bed bioreactors have been described quite extensively in the literature 
for a variety of adherent and non-adherent cell lines (reviewed by Fenge and 
Lüllau 2006). Similar to fixed bed bioreactors, most studies were performed in 
laboratory homemade systems. Only a few systems have been commercialized. 
The basic design concepts of fluidized bed bioreactor systems are summarized in 
Fig. 5.24. The general problem for design and operation of a fluidized bed, similar 
to fixed bed bioreactors, is to fulfil certain, sometimes competing process require-
ments such as meeting the high demand for oxygen required by the cells growing 
in a very high cell density, appropriate supply of nutrients, and maintaining a fluid-
ized stage of the carriers (gravity of the carrier, fluidization velocity). Again, 
almost all design concepts are based on a loop for medium recirculation, either 
external or internal. Within this loop, oxygen is supplied to achieve a certain oxygen 
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Fig. 5.24 Examples for design concepts of fluidized bed reactor. (a) fluidized bed with external 
loop, gas exchanger, and heater (Verax system, fluidized bed volume V

FB
∼ 0.4–24 L [Fenge and 

Lüllau 2006]), (b) fluidized bed with inline aeration module for bubble and gradient free oxygen 
supply and external loop for medium circulation (V

FB
 ~ 0.05–0.5 L, data from Celonic (Germany)), 

(c) fluidized bed with internal medium circulation and microsparger aeration (V
FB

 ~ 0.1–40 L, data 
from GE Healthcare (Austria) [Lundgren and Blüml 1998])
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concentration at the entrance of the bed, fresh medium is fed, and spent medium 
is harvested. Usually, further control elements such as sensors for pO

2
, pH, and 

temperature are installed in the loop for process control. In case of an external loop 
(compare concepts “A” and “B” in Fig. 5.24), the medium has to be pumped with 
a high flow rate, which can exert a shear stress on circulating cells. Furthermore, 
sterilization problems might occur in large scales. As an alternative, internal 
medium circulation was suggested (compare concept “C” in Fig. 5.24). 
A further problem with respect to scale-up of fluidized bed bioreactors is also the 
appropriate supply of oxygen. In an upflow stream of the medium without any 
further aeration, the concentration of oxygen in the medium decreases from the 
bottom of the bed to the top. Even though the flow velocity in fluidized bed biore-
actors is usually high compared to fixed bed bioreactors, the maximal flow velocity 
is limited by the gravity of the carrier, and therefore the bioreactor height, and the 
scalability is limited. This problem of an oxygen gradient along the height of 
the bioreactor can be overcome to some extent by integrating a membrane module 
directly into the fluidized bed (compare concept “B” in Fig. 5.24). The most 
important design concepts are introduced in the following.

Concept “A” refers to a technology introduced by the company Verax 
Corporation in late 1980s. The fluidized bed is integrated in an external loop for 
medium circulation. For cell immobilization a special macroporous carrier was 
designed, which consisted of a sponge-like collagen structure (diameter 500 µm) of 
interconnected pores (20–40 µm). To increase the specific gravity (>1.6) the carrier 
was weighted with noncytotoxic steel. By this, flow velocities up to 70 cm min−1

could be applied to improve mass transfer, especially oxygen supply, in the fluid-
ized bed. It was one of the first macroporous carriers supporting cell growth >108

cells per milliliter of carrier. The design principles of this bioreactor, which was 
available from 0.4 to 24 L and which is no longer on the market, and examples for 
cultivation of hybridoma and rCHO cells are comprehensively described by Dean 
et al. (1987) and Ray et al. (1989, 1990).

Based on this concept a number of fluidized bed bioreactor systems have been sug-
gested during the 1990s (reviewed by Fenge und Lüllau 2006). One focus of research 
on improving and optimizing this bioreactor concept was to find a technically feasible 
solution to overcome one of the major disadvantages of fluidized beds: the progressive 
depletion of oxygen along the height of the expanded bed. The group of Wandrey and 
Biselli (Hambach et al. 1992; Born et al. 1995) integrated a membrane oxygenation 
module and an in-line gasification tube module, respectively, directly into the fluidized 
bed for bubble-free aeration (Concept “B” in Fig. 5.24). By this, a uniform distribution 
of oxygen along the height of the fluidized bed column could be achieved. But the oxy-
gen transfer rate of membranes is quite low (compare Sect. 4.2.1). For the silicone 
membranes (thickness 0.8 mm) used here, a specific membrane area of approximately 
100 m2 m−3 is required to support 108 cells per milliliter carrier or 5×107 cells per 
 milliliter fluidized bed. For small-scale bioreactors this is feasible, and a commercial 
bioreactor with an in-line gasification tube module is offered by Celonic (Fig. 5.25) with 
working volume up to 1150 mL and microcarrier bed volume up to 500 mL using a 
SIRAN carriers for cell immobilization (Celonic 2007).
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An alternative fluidized bed concept (Concept “C” in Fig. 5.24) with an internal 
medium recirculation was developed by the group of Katinger and Blüml (Reiter et al. 
1991; Lundgren and Blüml 1998). The Cytopilot (now offered by GE Healthcare, 
Fig. 5.26) comprises two chambers divided by a distributor plate. An internal draft 
tube for medium recirculation runs through both chambers. Liquid agitated by an 
impeller in the lower chamber is conveyed via the distributor plate into the upper 
chamber. Settled microcarriers are fluidized by the hydrodynamic pressure. The 
bed expands depending on the impeller speed. The culture medium circulates back 
down through the draft tube into the lower chamber. Oxygen bubbles are sparged 
into the culture medium in the carrier-free zone in the upper bioreactor chamber. 
Coalescent bubbles immediately rise to the surface and only the suspended liquid 
saturated with microbubbles flows down to the impeller. Fluidized bed volumes 
between 0.1 and 40 L have been reported (Lundgren and Blüml 1998). For the 
Cytopilot mini (bed volume 500 mL), a circulation flow rate of about 0.5–2.0 L m−1

is recommended (Manual “Cytopilot”). The Cytopilot is often used with a certain 
carrier developed by the group of Katinger and Blüml (Lundgren and Blüml 1998). 

Fig. 5.25 Fluidized bed reactor E500 (courtesy of Cellonic GmbH, Germany). Culture volume: 
300–1150 ml; Microcarrier bed volume: 50 mL to 500 mL
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This carrier, commercially available as Cytoline (GE Healthcare, compare Sect. 
4.3.1.2), consists of polyethylene and is weighted with chalk and silicates to adjust 
the buoyant density of the carrier to the intended application (stirred tank, fixed 
bed, fluidized bed).

Fluidized bed bioreactors have been scaled up to pilot scale (e.g., 40 L bed vol-
ume for the Cytopilot) (Lundgren and Blüml 1998). Nevertheless, most applica-
tions are in the laboratory scale (<1.5 L bed volume).

5.1.2.4  Examples for Cultivation of Mammalian Cells in Fixed 
Bed Bioreactors

Fixed bed bioreactors have demonstrated their potential in the establishment of 
optimum culture conditions with wide versatility for many cell culture purposes. 
Some of the recent developments were mentioned earlier. The examples presented 
in the following include the increase of antibody productivity by hybridoma cells, 
high-performance cultivation of a hepatoblastoma cell line, and the cultivation of 

Fig. 5.26 Cytopilot mini fluidized bed reactor (courtesy of GE Healthcare)
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cells for production of retroviral vectors. Furthermore, criteria for selection of proc-
ess strategies and scale-up concepts are addressed.

The heterogeneity inside the carriers, i.e., concentration and cell gradients over 
the radius of the carrier (compare Sect. 4.3.1.4), can limit productivity. These gra-
dients are due to the substrate or oxygen consumption of the immobilized cells. If 
the diffusion rate of substrate into the carrier is slow compared to the reaction rate, 
then limitation occurs. The opposite can happen with products that accumulate to 
inhibiting concentrations inside the carrier (e.g., carbon dioxide). Fassnacht and 
Pörtner (1999) used an oxygen reaction–diffusion model to describe and optimize 
the performance of axial-flow as well as radial-flow fixed beds. Furthermore, they 
could show that an increased oxygen level could significantly improve the perform-
ance of a fixed bed bioreactor. A 100 mL fixed bed bioreactor was operated with a 
hybridom cell line at high dilution rates between 10 and 20 L medium per liter fixed 
bed per day (Fig. 5.27). At these extremely high perfusion rates, the volume-spe-
cific glucose uptake rate as well as the production rate for monoclonal antibodies 
were up to 2 times higher at oxygen levels of 300% air saturation compared to air 
saturation. Although dissolved oxygen concentrations higher than air saturation are 
usually considered to be toxic for mammalian cells in suspension cultures (Simpson 
et al. 1997), it was found that this is not the case for fixed bed systems.

In the field of tissue engineering as well as in cell culture technology, high cell 
densities during the culture are usually required. In order to develop a bioartificial 
liver (BAL), for example, many authors have attempted to optimize a culture of 
hepatocytes at high cell densities in different cultivation systems trying to mimic 

Fig. 5.27 Steady-state data of several fixed bed experiments (fixed bed volume 100 mL) of the 
hybridoma line IV F19.23 operated at various dilution rates D

FB
. The diagram shows the glucose 

consumption q*
Glc,FB

 and antibody production rates q*
MAb,FB

 for the case of dissolved oxygen con-
centrations of air saturation (solid symbols), 300% air saturation (open symbols, one asterisk), and 
oxygen saturation (open symbols, two asterisks). The lines indicate the modeled glucose uptake 
rates (from Fassnacht and Pörtner 1999)
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tissue-like growth (Matsushita et al. 1990; Kurosawa et al. 2000; Hongo et al. 2005; 
Fassnacht et al. 1999; Miyoshi et al. 1994; Kataoka et al. 2005; Iwahori et al. 2005; 
Akiyama et al. 2004; Kawada et al. 1998; Ijima et al. 1998; Yamashita et al. 2001; 
Gion et al. 1999). However, compared to cell lines with higher adaptability to cultures,
such as hybridom and other cell lines, hepatocytes are considered one of the most 
difficult cell types to be cultivated in an artificial environment.

The fact that the human hepatocellular carcinoma cell lines such as Hep-G2 
secrete the major plasma proteins and the hepatitis B surface antigen has directed 
the attention towards these cell lines for research purposes. They have potential use 
as screening systems, where cultures of these cells are put under the effect of dif-
ferent substances such as new drugs or toxic metabolites. The future of these tech-
niques is in the performance of clinical trials in culture systems of human cells, 
eliminating the need of research in whole animals, where the complicated process 
of blood screening and ethics during research are of major importance.

An example for fixed bed cultivation of the hepatoblastoma cell line Hep-G2 is 
shown in Fig. 5.28, were different culture conditions were applied during 24 days 
of cultivation. Continuous perfusion of medium in the conditioning vessel was 
started when the culture approached glucose-limiting concentrations. A higher 
glutamine concentration in culture increased slightly the substrate uptake rate dur-
ing continuous culture. An oxygen inlet of 200% air saturation and a dilution rate 
of D

FB
 = 8 d−1 after 20 days of culture increased significantly the substrate consump-

tion rates. This successful example underlines again the importance of proper selec-
tion of process parameters such as perfusion rates and oxygen level.

A number of examples for successful applications of fixed bed bioreactors for 
production of high titer retroviral vectors for gene therapy can be found in the liter-
ature (Nehring et al. 2006; Merten et al. 2001; Hu et al. 2000; Sendresen et al. 2001; 
McTaggart and Al-Rubeai 2000). Since pseudotype vectors are promising for gene 
transfer in many gene therapy approaches, low vector concentration in standard 
batch cultures and high-temperature-dependent decay are limiting factors in suffi-
ciently large-scale production. To overcome these obstacles, the kinetic relations of 
the bioreaction, cell growth, and vector formation in different culture modes need 
to be understood. Furthermore, not only generic optimization of the packaging cell 
line and the vector stability but also effective optimization of process modes is 
needed. Nehring et al. (2006) used a mathematical model developed on the basis of 
experimental data measured in culture dishes. The kinetics of cell growth, nutrient 
consumption, and vector production and decay was applied to analyze different 
process modes and to optimize the cultivation and harvest strategy during fixed bed 
cultures. The optimization with the aid of the model led to the conclusion that opti-
mizing the harvest cycles and feed flows resulted in a higher yield in comparison 
to a batch of fed-batch culture.

Retroviral pseudotype vector, derived from the murine leukaemia virus carrying 
the HIV-1 envelop protein MLV (HIV-1), was produced using a 200 mL fixed bed 
bioreactor for high cell density cultivation on macroporous carriers. Reasonable 
optimal parameters achieved by the model were applied to run the cultivation. After 
starting the cultivation in batch mode, the bioreactor was either run in perfusion, 
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Fig. 5.28 Cultivation of the Hep-G2 in a 100 mL axial-flow fixed bed reactor. Top: Glucose (•), 
lactate (○) and glutamine (▲) concentrations as well as the relative oxygen percentage at the air inlet 
(▬). Down: Glucose uptake rate q

Glc, FB
 (•) and the lactate production rate q

Lac, FB
 (°) during the culture. 

The vertical lines indicate the different dilution rates and conditions during the 24 days of culture   
(with kind permission of Bentham Science)
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perfused fed-batch or repeated-batch (Fig. 5.29). The different culture modes are 
compared in Table 5.6. Whereas the highest maximal end point titer was measured 
in perfusion mode, the highest medium-related productivity was achieved in 
repeated-batch mode. Sensitivity analysis performed on the basis of the results of 
the optimization showed that under optimal conditions the final concentration as 
well as the yield of the entire process is more sensitive to the parameters of process 



Fig. 5.29 Fixed bed cultivation of the retroviral packaging cell line TELCeB6/pTr712-K52S 
producing permanent MLV(HIV-1) vector particles containing the transfer vector MFGlnslacZ 
(data from Nehring et al. 2006). Time course of cultivation in a 200 mL fixed bed reactor showing 
experimental data of pO2 (∆), glucose (♦), and active vector (•) concentrations measured in con-
ditioning chamber. During the first 48.5 h the cultivation was kept in a batch mode. After this, the 
conditioning chamber was fed with a stepwise, increasing feed. The vector-containing medium 
was harvested three times at 192.5, 295, and 341 h. A volume of approximately 670 mL was left 
in the conditioning chamber after each harvest. The feed flow reached its maximum value of 
50.8 mL h−1 after 360 h. The entire medium volume altered between 4200 and 670 mL while the 
pO2 (∆) was above 60% until the end. The maximum vector titer of 1.45 × 105 cfu mL−1 was 
measured after 314.7 h. Simulation was performed on the basis of an unstructured kinetic model. 
For calculation of vector titer, different decay constants kaV were applied (with kind permission 
of Elsevier)
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Table 5.6 Fixed bed cultivation of retroviral packaging cell line TELCeB6/pTr712-K52S (for details 
compare Fig. 5.29). Comparison of different process strategies (data from Nehring et al. 2006)

Perfusion
Repeated
fed batch

Repeated
batch Flask culture

Total time (h) 412 414 418 24
Total medium amount (L) 12.66 11.74 18.27 0.01
Final cell number 

(109 cells)
 2.64  2.08  5.42 0.00748

Total vector production 
(108 cfu)

27.6  9.43 46.4 0.0140

Maximal vector titer 
(106 cfu mL−1)

 6.7  2.28 11.1 0.0583

operation than to the bioreaction owing to the fast degradation of replication of 
competent pseudo-type vectors.

Scale-up is a major demand for high-yield, stable bioprocess systems in mam-
malian-cell-culture-based biopharmaceutical production (Fassnacht and Pörtner 
1999; Cong et al. 2001; Ducommun et al. 2002; Golmakany et al. 2005). Using 
the concept of radial flow geometry, Fassnacht and Pörtner (1999) could show at 
least a scale-up from 100 mL to 5 L fixed bed volume. As perfusion rates of 10 L 
medium per liter fixed bed per day correspond to a medium flow rate of approxi-
mately 50 L per day for a 5 L bioreactor, this bioreactor size can be regarded as 
pilot scale. Further optimization of the fixed bed process can be achieved by 
reducing the inoculum volume (Fassnacht 2001). For this, it is crucial to reduce 
the initial cell density to a minimum without affecting exponential growth, as 
well as to increase the bed volume in the bioreactor during the fermentation proc-
ess. The combination of both a low initial-cell-density inoculum and a cultivation 
strategy in which the surface for cell growth can be increased progressively might 
result in a decrease of the preculture steps needed before starting up a cell culture 
process, where inoculation means not only the cell density to be inoculated but 
also the working volume of the bioreactor to be inoculated. From batch cultures 
performed in a 10 mL fixed bed bioreactor, a cell density of 5×104 cells per mil-
liliter of medium volume was found as optimal with respect to growth rate within 
the fixed bed (own data, not published). In suspension culture, usually 
1–2×105 cells per milliliter are required.

To further reduce the inoculum volume in a fixed bed bioreactor, the “Inoculation 
during Cultivation” strategy can be applied (compare Fig. 5.30). This strategy con-
sists in partially filling the conditioning vessel with the medium at the beginning of 
the cultivation; only a fraction of the fixed bed is submerged and therefore active. 
Only this submerged part of the fixed bed is then inoculated with a low initial cell 
density. After a short cultivation period, the initial cell density is increased and the 
medium level within the conditioning vessel is raised to another desired height. 
This activates a fresh part of the fixed bed, which is then inoculated by the small 
number of cells that are washed out of the carriers during cultivation. The maximal 
cell density is then finally reached during the culture.
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This strategy was successfully applied in a 5.6 L radial flow fixed bed bioreactor. 
The start-up phase was divided into three steps, each step covering one-third of the 
fixed bed in the bioreactor. With a very low initial cell density of 5 × 104 cells per 
milliliter of medium for the used type of fixed bed bioreactor, harvested from two 
roller bottles, it was possible to start the cultivation. The bioreactor has proved 
already to achieve cell densities higher than of 5×107 cells per milliliter fixed bed, 
meaning an increase in cell density of more than 1300 times. This is at least one 
order higher compared to suspension bioreactors run in fed-batch mode or continu-
ous perfusion. Therefore, with this pilot-scale bioreactor system a significant reduc-
tion of the preinoculation steps was achieved. The reduction of the number of cells 
to be inoculated into a fixed bed bioreactor by means of the optimization of the initial 
cell density and by means of scaling-up strategies will lead to the reduction of the 
inoculation steps during the cultivation cascades in industrial processes.

5.1.2.5 Summary of Fixed Bed and Fluidized Bed Bioreactors

Fixed bed and fluidized bed bioreactors have proved their potential for cultivation 
of mammalian cells for a broad range of applications, not only for production of 
biopharmaceuticals but also for tissue engineering and gene therapy. With respect 
to production of biopharmaceuticals, advantages can be seen in (1) high volume-
specific cell density, (2) high volume-specific productivity during long-term cul-
tures (compare Table 5.7), (3) low shear forces, and (4) simple medium exchange 
and cell/product separation. As disadvantages the following have to be mentioned: 
(1) concentration gradients, (2) inhomogeneous cell distribution, (3) impossibility 
to directly count cells. Reliable determination of cell density in immobilized 
cultures used to be a drawback of fixed bed and fluidized bed bioreactors, as most 

Fig. 5.30 The “inoculation during cultivation” procedure (from Fassnacht 2001). Only a small part 
of the fixed bed is inoculated at the beginning of an experiment to keep the preculture as small as 
possible (a). After proliferation (b), the medium level is raised in the conditioning vessel, and a fresh 
part of the fixed bed is automatically seeded by circulating cells (c) which then proliferate again (d)
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carriers applied for these bioreactors cannot be solubilized as can be done enzy-
matically with carriers consisting of proteinaceous materials (e.g. collagen). This 
problem could be overcome to some extent by monitoring cell growth by the use of 
dielectric spectroscopy (Noll and Wandrey 1997; Ducommun et al. 2001). Both 
fixed bed and fluidized bed reactors have been scaled up at least to a pilot scale.

Compared to suspension bioreactors, still as the preferred type of bioreactor 
system on an industrial scale, fixed bed bioreactors can be regarded as a reliable, 
multipurpose production system. Whereas cultivation of production cell lines in 
suspension often requires extensive optimization of medium and cell line (e.g., tol-
erance to shear stress) or process conditions (e.g., stirrer speed, aeration rate), most 
cell lines can be cultivated in fixed bed bioreactors without further process develop-
ment. Therefore, advantages of this technology can be seen especially in those 
cases in which unoptimized cell lines or media are used, e.g., for production of 
small quantities of a product for cell line selection or clinical trials. A further 
advantage can be seen in the reduced preculture steps compared to suspension bio-
reactors. Applications in the field of tissue engineering and gene therapy, in which 
usually adherent cells are applied and tissue-like structures are required, will fur-
ther promote especially the use of fixed bed bioreactors.

5.1.3 Membrane Bioreactors

5.1.3.1 Introduction

The recent progress in genetic engineering and the advances in analytical method-
ologies have boosted the growth of the biotechnology industry in the past decade, 
a growth that is expected to continue steadily in the next 10–20 years. An increasing 

Table 5.7 Volume specific productivity for monoclonal antibodies of hybridom cells grown 
continuously in fixed bed or fluidized bed bioreactors and in batch suspension culture

Reference Culture system Carrier

Antibody
productivity 
(mg L−1 d−1)

Antibody pro-
ductivity related 
to productivity in 
batch suspension 
culture

Fassnacht (2001) Batch suspension 5  1
Fixed bed SIRAN, 3–5 mm 450a 90

Celonic (2007) Batch suspension 8  1
Fluidized bed SIRAN, 0.7 mm 435b 54

Lundgren and 
Blüml (1998)

Batch suspension 2.5  1

Fluidized bed Cytoline 1 40b 16
Fluidized bed Cytoline 2 110b 44

aProductivity related to the fixed bed volume
bProductivity related to the carrier volume
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number of protein therapeutics (e.g., proteins, vaccines, monoclonal antibodies, 
hormones, growth factors, etc.) are entering, or will soon enter, the marketplace, 
which are produced in large-scale mammalian cell culture. Among those licensed 
lately, typical examples are provided by Herceptin, a monoclonal antibody (mAb) 
for treating breast cancer; Enbrel, an immunoglobulin-tumour necrosis factor 
(TNF) receptor fusion protein for treating rheumatoid arthritis; Vaqta, an inacti-
vated Hepatitis A vaccine; and OKT3, an immunosuppressant (Chu and Robinson 
2003). Critical issues to large-scale mammalian culture are oxygen supply, waste 
product accumulation, shear sensitivity of animal cells, possibility of growing 
adherent cells, and sophisticated control schemes (Glacken et al. 1983). The reactor 
technology of choice for large-scale cell culture in most cases tends to settle on the 
standard stirred-tank bioreactor (i.e., the chemostat) (Sect. 4.4.2). Solution to its 
inherent drawbacks is approached by adapting anchorage-dependent cells in prefer-
ence to suspension culture (e.g., by growing cells in adhesion on microcarriers), by 
minimizing shear damage through the use of additives (e.g., Pluronics F68) and 
bubbleless gas spargers, and by maximizing oxygen supply with the use of more 
efficient spargers and better bioreactor fluid dynamics. Suspension cultures in 
stirred bioreactors or production animals are easy to operate and permit easy cell 
harvesting, but operate at low cell and product concentrations and require extensive 
downstream processing for product purification. Moreover, the risk persists of con-
tamination by adventitious agents through the raw materials, as in the case of 
viruses, antigenic proteins, nucleic acids, and bioactive substances used to prime 
the peritoneum of mice prior to the inoculation of hybridoma cells for mAb production.
The selling price of a product has been reported to be inversely proportional to its 
concentration in the culture medium in or leaving the bioreactor (Dwyer 1984). 
This is an incentive to develop bioreactor design and operation modes yielding higher
product concentrations in the culture medium than those in stirred-tank bioreactors.

To this purpose, membranes can be effectively used to segregate or entrap cells 
in bioreactors (hence the name membrane bioreactors) operated either in static 
conditions or in perfusion mode. In membrane bioreactors (MBRs), cells are sepa-
rated from nutrients and reactants by semipermeable barriers (i.e., membranes) that 
are totally impermeable to cells, thereby permitting their physical entrapment, yet 
are freely permeable to nutrients and products, and that may function as scaffolds 
for anchorage-dependent cells. Membrane bioreactors are advantageous because 
they permit cell culture at high densities (greater than 108 cells per milliliter) near-
ing those in vivo, may provide a privileged physical environment for cell culture by 
combining low shear forces, to avoid damage to shear-sensitive cells, with continu-
ous nutrients supply and waste removal from the cell compartment, and permit the 
use of protein-free culture media. These features ultimately yield large productivity 
per bioreactor volume, and high product concentrations associated with lower 
downstream processing costs (Schonberg and Belfort 1987).

In the 1970s, Porter and Michaels first proposed the use of membranes to 
enhance cell reactor (or fermentor) productivity (Porter and Michaels 1970) and 
Knazek and Gullino showed that mammalian cells could be grown around and out-
side hollow fiber membranes (Knazek et al. 1972). The metabolic behavior of 
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adherent cells, the fluid dynamics of the cell compartment, and ultimately the mem-
brane bioreactor performance are strongly influenced by the properties of the mem-
brane used. For this reason, in the following the properties of the membranes used 
in MBRs are briefly discussed. More detailed information can be found in available 
membrane textbooks.

5.1.3.2 Membranes for MBRs

A semipermeable membrane is generally defined as “a phase acting as a barrier that 
prevents the net motion of mass but permits the regulated and restricted passage of 
one or more species”. Many different semipermeable barriers meet this definition. 
Therefore, commercial membranes are generally classified according to

● The chemical nature of the material they are made of. Membranes may be made 
of inorganic or polymeric material. The polymer may be of natural origin (e.g., 
cellulose) or synthetic (e.g., polypropylene);

● The morphology of the wall. The wall of the membrane may have a uniform 
morphology and porosity (then it is said to be symmetric or isotropic) or may 
have a 0.1–0.5 µm thick dense layer (e.g., on the lumen side) mechanically sup-
ported by a large pore substructure (then it is said to be asymmetric or aniso-
tropic). A symmetric membrane may have pores not visible by SEM (then it is 
said to be nonporous or dense), or clearly visible pores (then it is said to be 
porous);

● The separation mechanism (e.g., size vs. charge);
● The force driving the transmembrane transport. When a transmembrane concen-

tration difference promotes solute transport across the membrane, one may call 
it a dialysis membrane. When the transmembrane solute transport is promoted 
by a transmembrane pressure difference, one may call it a filtration membrane.
When it rejects solutes smaller than ca. 150 kDa, one may talk of an ultrafiltra-
tion membrane. When it has the largest pores greater than or equal to ca. 0.1 mm 
diameter, one may talk of a microfiltration membrane;

● The material physical-chemical properties (e.g., charged vs. neutral, hydropho-
bic vs. hydrophilic).

Transport Across Membranes

Solute transport across the wall of semipermeable membranes is generally pro-
moted by a transmembrane chemical potential difference. In most cases of practical 
interest, solute transport is driven by existing transmembrane concentration or pres-
sure gradients according to a diffusive and/or convective mechanism. According to 
the irreversible thermodynamics of two-component mixtures (i.e., where the spe-
cies in large excess is termed solvent, and solute is termed the species at much 
lower concentration), the net mass (or volume) of solvent and solute permeating the 



220 G. Catapano et al.

membrane per unit time and membrane surface area flux (i.e., the fluxes J
V
 and J

s
,

respectively) can be expressede as follows:

J L Pv p m s= −( ) = −∆ σ∆π [ ] 1 (5.9)

J P C J Cs M v avg gmol s m= + −( ) = −∆ σ1 1 2[ ] (5.10)

where L
p
 is the membrane hydraulic permeability towards the solvent (m3 s−1 m−2

mmHg−1); P
m
 is the solute diffusive permeability in the membrane (m s−1); C

avg
 is the 

solute weighted average concentration between upstream and downstream membrane 
sides; and σ is the dimensionless Stavermann’s reflection coefficient expressing the sol-
ute capacity to permeate the membrane. σ = 0 means that the solute freely permeates the 
membrane, and σ = 1 means that the solute is fully rejected by the membrane. Solvent 
transport models and experimental evidence show that L

p
 is inversely proportional to the 

permeating fluid viscosity and proportional to the squared average pore radius. It follows 
that L

p
 of a given membrane towards protein-rich media is lower than that of pure water 

because of the higher viscosity of the former. P
m
 is the reciprocal resistance to solute 

transport across the membrane for pure concentration-driven diffusive transport (i.e., no 
net solvent flux). According to Fick’s law, it is proportional to the solute effective diffu-
sivity in polymeric membranes, D

m
, which decreases with the solute molecular weight 

more rapidly than that predicted by the Einstein–Stokes equation
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for diffusion in liquids. In fact, the solute mobility in the membrane depends also on 
the membrane pore structure and distribution, and the solute-to-pore radius ratio. Its 
value is best estimated from experimental information reported in the literature. 
Diffusive fluxes are often referred to concentration gradients in the liquids on the 
two sides of the membrane. However, solutes may dissolve differently in the 
membrane than in the liquids on the two sides of the membrane depending on their 
physico-chemical properties (e.g., charge, hydrophilicity, etc.). In fact, solutes bear-
ing a charge may partition differently between the liquid and a charged polymeric 
membrane. High-molecular-weight (HMW) solutes might even not enter small membrane 
pores, which would preclude their transfer. Independent of the nature of the interactions
between the solute and the membrane, solute partitioning between the liquid and 
the membrane is often accounted for by means of a solute partition coefficient, 
K, defined as the solute concentration ratio in the membrane and in the liquid, 
as follows:

K
C

C

w

w
= = −M

L

[ ] . (5.12)

K is often assumed to be the same on both sides of the membrane. Neglecting cur-
vature effects and accounting for the effects mentioned above, the solute diffusive 
permeability in the membrane may be expressed as follows:



5 Bioreactor Design and Scale-Up 221

P
R

D K
M

M

M m s= = = −1 1

δ
[ ] (5.13)

where d is the membrane wall thickness. Equations (5.9) and (5.10) show that 
the convective contribution to solute transport across the membrane depends on 
the membrane hydraulic permeability, L

p
, and the capacity of the solute to perme-

ate the membrane (i.e., s). The membrane hydraulic permeability is determined 
by the pore density and pore size distribution, and is better determined 
experimentally in pure filtration experiments. The complement to 1 of membrane 
sieving coefficient for a solute at very high solvent flux, (1 – S), is generally 
used in the place of σ. It is often termed the rejection coefficient, R = 1 – S, and 
measures the membrane capacity to retain or reject a solute. S is defined as the 
solute concentration ratio at the liquid–membrane interface downstream (i.e., on 
the permeate side) and upstream (i.e., on the retentate side) of the membrane in 
pure filtration experiments, in the absence of mass transport resistance on both 
membrane–liquid interfaces. The value of S generally accounts also for possible 
solute partitioning, as follows:

S
C

C

W

W
= ≅ −( ) = −P

R

1 s [ ] . (5.14)

In the case that the solute concentration in the retentate stream (i.e., the fluid that 
has to be filtered) changes along the membrane length from the module inlet to the 
outlet, S is often estimated as follows:

S
C

C C

w

i
w

o
w

≅
2 P

R R, ,

.
+

(5.15)

To optimize the bioreactor performance, it is important to know the membrane 
capacity to reject solutes of different molecular weights (MWs) or sizes. This 
information is generally provided in terms of the sieving coefficient spectra, 
where S is reported for solutes of increasing MWs. The slope of these curves is 
determined by the membrane pore size distribution, steeper slopes indicating 
more selective membranes. More slanted slopes indicate poorly selective mem-
branes that are not able to separate solutes with similar MWs. Commercially, the 
separation properties of a membrane are often expressed in terms of its nominal 
molecular weight cut-off (NMWCO), which for membrane bioreactors generally 
indicates the MW of a solute with S = 0.95. It is important to mention that the 
actual transfer rate of partially rejected solutes may also be affected by concen-
tration polarization (i.e., solute accumulation at the liquid–membrane interface) 
and fouling (i.e., irreversible or reversible solute adsorption on/in the membrane 
surface or pores) phenomena. A more detailed description of membrane prepara-
tion, properties and of concentration polarization, and fouling phenomena is 
beyond the scope of this chapter and can be found in textbooks on membrane 
science (Mulder 1990).
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Membranes for MBRs

In MBRs, polymeric membranes are generally used that have been developed and 
marketed for other technical and medical applications. Symmetric microfiltration 
membranes with a maximal pore size of a fraction of a micron, mostly made of 
polyolefines (e.g., polypropylene), are used when only the cells in a suspension 
have to be retained in the cell compartment. Serum proteins are then freely 
exchanged with the medium compartment and secreted proteins may be recovered 
in the medium compartment. Asymmetric ultrafiltration membranes with an inner 
dense layer, often made of a polysulfone or cellulose derivatives, are used in flat-
sheet or hollow-fiber configuration when cells and HMW proteins have to be 
retained in the cell compartment. The use of ultrafiltration membranes makes it 
possible to prime the cell compartment with medium supplemented with the serum 
and to feed the bioreactor with serum-free medium, since serum proteins cannot 
leave the cell compartment. In membrane-compartmentalized cell reactors (MCCRs) 
(Sect. 5.1.3.3), cells are generally cultured outside hollow fiber membranes. 
Endothelial cells are more often cultured under a shear-stress field in adhesion on 
the inner membrane surface. Cell presence and high protein concentrations on the 
outer membrane surface may cause severe fouling, which may cripple the mem-
brane exchange capacity.

5.1.3.3 Membrane Bioreactor Design

A continuous stirred-tank bioreactor (Sect. 4.4.2) can be connected in closed loop 
with a membrane module in a configuration often referred to as cell recycle mem-
brane reactor (CRMR) or membrane fermentor, to continuously filter the suspen-
sion containing medium, nutrients, products, and cells, and return the cells to the 
bioreactor tank while removing LMW products at a flow rate equaling that of the 
feed (Fig. 5.31). A number of configurations have been proposed differing in the 
membrane geometry (e.g., flat slab, tubular or hollow fiber), transport and separa-
tion properties (i.e. membranes for dialysis, ultrafiltration or microfiltration), and 
the operation mode. Cells may also be grown compartmentalized by means of 
membranes within the shell of a hollow fiber membrane module in which medium 
flows in the membrane lumen (i.e., under dynamic culture conditions), or between 
flat-sheet membranes of different properties under static conditions (Fig. 5.32). 
This configuration may be referred to as membrane compartmentalized cell reactor
(MCCR). In the latter configuration, medium controlled for its temperature, pH, 
and dissolved oxygen concentration may either flow through the membrane module 
only once (i.e. in single-pass mode), it may be continuously recirculated to the 
stirred tank in closed loop, or only a fraction of it may be continuously removed at 
a flow rate equaling that in the feed, as shown in Fig. 5.33.

The design of membrane bioreactors is generally approached by treating the cell 
compartment as pseudo-homogeneous. The mass balance equations are written for 
a finite or differential control volume whose size is generally assumed to be much 
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Fig. 5.31 Scheme of a cell recycle membrane reactor

Fig. 5.32 Scheme of a membrane compartmentalized cell reactor
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greater than that of the cells in it, so that they are considered on par with other 
solutes and the suspension is approximated to a homogeneous liquid. However, 
cells and the suspension heterogeneity are taken into account when the transport 
parameters are estimated (i.e., the suspension viscosity or rheological behavior, and 
solute diffusivity in it), and by introducing the metabolic reaction kinetics terms in 
the species mass balance equations. Design of membrane bioreactors is also gener-
ally approached under the assumption that the bioreactor is isothermal and operated 
under steady-state, or pseudo-steady-state, conditions. The simultaneous transport 
of nutrients and waste products to and away from the cells, the metabolic consump-
tion of nutrients, and the formation of new cells and metabolic products affect the 
actual concentration of species in the bioreactor and the bioreactor performance to 
an extent that depends on the bioreactor configuration and operation mode. For this 
reason, in the following the designs of cell recycle membrane reactors and membrane
compartmentalized cell reactors are discussed separately.

Fig. 5.33 Scheme of different modes of medium supply to a MCCR, together with nutrients and 
medium concentrations shown on the right side: a) single pass mode; b) closed loop; c) open loop 
(after Schoenherr and van Gelder, 1988)
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Cell Recycle Membrane Reactors (CRMRs)

CRMRs are built by connecting a stirred-tank bioreactor, in which the cells are 
allowed to grow in a controlled environment, in closed loop with a membrane sepa-
ration module, as shown in Fig. 5.31. The tanks are designed and provided with 
stirrers that generally ensure a uniform distribution of cells, solutes, pH, and temperature
in the suspension volume. The complete mixing makes process control and maintenance
of the stability of the cell slurry relatively easy. When the operating conditions are 
stable and cells have grown to the desired density and metabolic behavior (e.g., 
after inducing a metabolic shift) in batch operation, the cell suspension is continu-
ously recirculated from the tank into the membrane module, where a fraction of the 
liquid medium is filtered out together with valuable metabolic products, and the 
concentrated cell suspension is pumped back into the tank. Ultrafiltration or micro-
filtration membranes are generally used to retain the cells in the vessel, and liquid 
permeation across the membrane is promoted by a transmembrane hydrostatic pres-
sure difference. Nutrients are generally fed into the vessel at a volumetric flow rate 
equaling that of the permeate to keep the liquid level in the tank constant. Also, in 
the biological treatment of municipal and industrial wastewaters in large stirred-
tank bioreactors, membranes are used as barriers to bacteria and suspended solids 
to produce a low-turbidity effluent with very low bacterial counts. In this case, the 
membranes are often submerged in the activated sludge to combine biotransforma-
tion with the solid–liquid separation step, as shown in Fig. 5.34 for the Puron®

process by Koch. It is worth remembering that cells may be retained in the bioreac-
tor vessel also with centrifuges and acoustic or spin filters, although with some cell 
loss in the effluent. In this chapter reference is made only to membrane bioreactors. 
Dialysis membranes are seldom used to selectively remove LMW solutes from the 
circulating solute-rich medium by diffusion across the membrane against a solute-poor
solution. In this last case, the bioreactor is batch-operated.

CRMR Design

CRMRs may attain a steady state only when a part of the cells is able to permeate
the membranes used or is continuously removed with the medium. In this case, the 
bioreactor design equations may be obtained by writing the mass balance equations for 
cells and solutes about the finite stirred-tank volume and the membrane module. 
Assuming that the tank is completely mixed, and that one nutrient is limiting the 
cell growth, the mass balance equations may be written as follows:

cells Q X VX Q XR 2 1 1 1+ =µ , (5.16)

nutrient Q S Q S
Y

X V Q S
X S

F F R+ = +1 1 1 1

1

/

.µ (5.17)

Assuming that suspension density remains nearly constant upon filtration, the mass 
balance equations about the membrane module yield:
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Fig. 5.34 (a) Scheme of submerged membrane bioreactor for wastewater treatment; (b) Membranes 
sealed at the top submerged in the activated sludge. Filtrate permeates into the membrane lumen and 
flows down to the bottom collector, while air bubbles rise from the center of the membrane bundle 
according to the Puron® scheme, Koch; (c) Loose fibres in the bundle of submerged membrane 
modules by Koch according to the Puron® scheme (Reprinted with permission)
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cells Q X Q X Q X1 1 2= +F R (5.18)

whole liquid Q Q QF R+ = 1. (5.19)

Upon introducing the recycle ratio R
R
 = Q

R
/Q

F
, the cell concentration factor C = X

2
/X

1

and the dilution rate D
R
 = Q

F
/V, and substituting Q

1
X

1
 from (5.18) in (5.16), and 

(5.19) for Q
1
, equations (5.16)–(5.19) may be rearranged to give:

cells D R CX X D X RR R R R and1 1 1 1 0+ − +( ) =µ (5.20)

nutrient X D Y S SX S1 1µ = −( )R F/ . (5.21)

Combination of (5.20) and (5.21) yields:

X Y S S
R R C

Y S S
R CX / S X / S1 F 1

R R
F 1

R

1

1

1

1 1
.= −( )

+( ) = −( )
− −( )−

(5.22)

Equation (5.22) shows that cell concentration in a CRMR is greater than that in a 

continuous stirred bioreactor by the factor 
1

1 1− −R CR ( )
, both C and R

R
 being generally

greater than 1. Substitution of (5.22) in (5.21) and further rearrangement yield:

D
X

Y S S R CR
1

X/S F 1 R

= =
1 1

.
µ
−

µ
− −( ) ( )

(5.23)

Equation (5.23) shows that cells growing at a given rate in cell recycle reactors 
permit the treatment of larger volumetric feed flow rates per unit reactor volume 
than continuous stirred-tank bioreactors. Table 5.8 shows that continuous operation 
with cell recycle permits operation at higher cell concentration than batch stirred-
tank bioreactors also, thereby reducing the vessel volume necessary for a given 
productivity and the bioreactor capital costs.

If the cell-specific growth rate can be expressed according to a Monod rate equa-
tion (Sect. 2.5) it is easy to show that the critical dilution rate at which cell washout 
occurs is greater than that of continuous stirred-tank bioreactors by the factor 
[1 – R

R
(C – 1)], as follows:

DR,crit
max F

F R1 1
.=

µ S

K S R CS +( ) − −( )⎡⎣ ⎤⎦
(5.24)

When membranes completely reject the cells, cells cannot be washed out. 
However, the bioreactor does not attain a steady state and has to be designed 
accounting for its transient behaviour. Owing to the nonlinearity of the meta-
bolic kinetics, the resulting unsteady-state mass balance equations are better 
solved numerically.

High cell concentrations increase the cell suspension viscosity and the pumping 
costs and limit the rate at which the medium may filter across the membrane. In 
fact, as rejected cells accumulate at the upstream membrane surface, concentration 
polarization and fouling phenomena make the permeate flux to become invariant 
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with the transmembrane pressure (hence polarized regime). In the polarized regime, 
permeate flow rate (i.e., Q

F
) may only be increased by promoting cell transport 

away from the membrane surface or by using larger membrane surface areas. The 
actual permeate flux at which a membrane module may be operated in the polarized 
regime can be effectively related to the operating conditions (e.g., channel geome-
try and recirculation flow rate) and cell concentration according to Michael’s gel 
theory (Mulder 1990), as follows:

J k Log X / Xv x gel= ( ), (5.25)

where k
x
 is the overall cell mass transport coefficient, which can be obtained according 

to the semiempirical correlations available in the technical literature, X is the cell 
concentration, and X

gel
 is the cell concentration when a gel/cake forms. More sophis-

ticated theories to account for concentration polarization and fouling effects in the 
filtration of suspensions can be found in textbooks on membrane science.

Figure 5.35 and Table 5.8 show the typical dependence of CRMR performance on 
dilution rate and cell concentration, and how it compares with other bioreactors. Table 
5.8 shows also that the productivity of the CRMR is generally higher than that of 
other bioreactors. Figure 5.35 shows that with increasing D

R
, productivity increases 

at first, attains a maximum value, and then decreases. Product concentration is 
comparable to that of other bioreactors, but decreases with increasing D

R
. Substrate 

concentration continuously increases with increasing D
R
. These features suggest that 

when searching for optimal production conditions, high productivity may be achieved 
at the cost of lower product and higher substrate concentrations in the permeate 
stream. This increases the product recovery and purification costs, and sets limits to 
productivity in those applications in which substrate presence in the product is not 
tolerated, as is the case of the wastewater treatment in the dairy industry. However, 
high dilution rates can maintain the concentration of inhibitory metabolic products 

Fig. 5.35 Fermentation performance of a cell recycle membrane reactor with cells of 
Kluyveromices fragilis: cell concentration, X

o
 = 90 gL−1; lactose concentration, S

f
 = 150 gL−1: (•) 

lactose, (▲) ethanol, (■) productivity (Adapted from Cheryan and Mehaia 1983)
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low (e.g., both primary and secondary metabolites) and may lead to significant 
enhancement of bioreactor performance. That said, the above suggests that on a case-
by-case basis the economics of the whole production process generally determines 
the optimal design and operation choice.

Membrane Compartmentalized Cell Reactors (MCCRs)

Product purity may be increased while offering an effective protection from shear 
damage by culturing cells compartmentalized between flat sheet membranes 
(Kyung and Gerhardt 1984), or in the shell space of a hollow fiber membrane 
bioreactor (Mehaia and Cheryan 1984) while medium flows in the fibre bore, as 
originally proposed by Knazek et al. (1972). Unlike suspension cultures in which 
the medium bathing the cells contains uniform concentrations of soluble nutrients, 
products, and effectors (e.g., growth factors), semipermeable membranes separate 
the cells from the medium, and often from a gas stream, and divide the bioreactor 
into compartments featuring different environments. In fact, ultrafiltration mem-
branes restrict the transport of HMW proteins and permit feeding the bioreactor 
with serum-free medium once serum proteins have been supplemented to the cell 
compartment. Irrespective of the membranes used, LMW nutrients and waste prod-
ucts are generally freely transported across the membranes to or away from the 
cells, respectively. They are transported across the wall of dialysis membranes at 
lower rates than across ultrafiltration membranes. In the rest of this chapter refer-
ence is made to cells compartmentalized outside hollow fiber membranes arranged 
parallel in a bundle inserted in a cylindrical housing and potted at both ends 
(i.e., shell-and-tube configuration), as shown in Fig. 5.36. In fact, this configuration 
maximizes the membrane surface area to bioreactor volume ratio, which is particu-
larly attractive when anchorage-dependent cells are used. The compartment where 
cells are grown is referred to as the extracapillary space (ECS), whereas the com-
partment where culture medium is fed is referred to as the intracapillary space
(ICS). Extension to membranes with other geometries is rather straightforward.

MCCRs have been used for bacterial and yeast cells, but their typical features have 
been exploited for mammalian cell culture for the production of biologicals. They can 
support culture at near in vivo density of both anchorage-dependent and independent 
cells. The continuous perfusion of the ICS with medium simulates the in vivo envi-
ronment by continuously supplying nutrients to, and removing waste metabolites 
from, the cells. This permits maintainence of cell viability and production for long 
periods of time. These bioreactors allow more efficient use of expensive HMW 
medium components (in fact, dialysis and ultrafiltration membranes of suitable 
NMWCO retain HMW proteins in the ECS), the production of highly concentrated 
products, and a large productivity per reactor volume. However, LMW medium com-
ponents (e.g., growth factors) and autocrine factors partition across the membrane on 
the basis of their transport and separation properties, cellular consumption (or produc-
tion), and the solute mobility, and have to be continuously supplied. Moreover, when 
cell density is high and approaches that of organs (>108 cell mL−1) transport processes 
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Fig. 5.36 Scheme of multiple hollow fiber membranes surrounded by cells laid in a Krogh 
cylinders (Reprinted with permission from Brotherton and Chau 1996)

may limit the reactor productivity and even cause loss of cell viability. For this reason, 
in addition to maximizing the productivity of the species of interest, the design of 
MCCRs has to ensure that nutrients and substrate gradients do not cause cell death.

MCCR Design 

In MCCRs in which cells are cultured in the ECS of a hollow fiber membrane mod-
ule, nutrients are fed to the membrane lumen and are transported by a diffusive and/
or convective mechanism across the membrane and to the cells. Metabolic products 
are produced in the ECS and are transported into the ICS. Convective transport is to 
a large extent due to the occurrence of a secondary flow in the ECS (often termed 
Starling flow (Starling 1896)). In fact, at the entrance of the bioreactor the pressure 
in the membrane lumen is higher than that in the ECS. This causes a net transport of 
the medium from the ICS to the ECS, which carries solutes with it. At the exit of the 
bioreactor, the lumen pressure is lower than that in the ECS owing to the axial pres-
sure drop, and medium from the ECS is reabsorbed into the ICS. The effect of convec-
tive transport on bioreactor performance, as well as on nutrients and waste product 
concentration profiles in the ECS, depends on membrane hydraulic permeability, 
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the inlet pressure, as well as the cell density and metabolic activity in the ECS. The 
opposing requirements to maximize the bioreactor productivity and to prevent nutri-
ent and oxygen starvation suggest the need of a bioreactor optimization strategy. In 
fact, productivity increases with the number of cells cultured in the ECS, which sug-
gests a design of the bioreactor with large interfiber spaces to maximize the ECS 
volume to host the cells. To ensure that all cells are supplied with nutrients and oxy-
gen, the interfiber space is made as small as possible to reduce the solute pathway 
length in the cell mass in the ECS. Optimization strategies take into account eco-
nomic considerations, which are beyond the scope of this chapter. However, they are 
better based on a sound description of transport and metabolic reaction phenomena 
in the bioreactor for the specific cell/production system considered. These bioreac-
tors consist of at least three compartments, namely, the liquid, the membrane, and 
the cell compartment. For an isothermal, axisymmetric bioreactor at steady state, 
balance equations ought to be written about a two-dimensional differential control 
volume, and should state the continuity and the conservation of momentum and 
mass of the relevant species (i.e., the limiting substrate, nutrients, cells, and relevant 
metabolic products) in each compartment. The design equations proposed in the lit-
erature generally introduce some simplifying assumptions to ease the problem. 
Solutes are assumed to be transported across the membrane only along its radius. 
Transport in the cell compartment is generally treated only either immediately after 
cells have been seeded, or when cells have grown to tissue-like density. In the former 
case, solute transport in the ECS is unobstructed by the cells, and the cell compart-
ment is treated as a continuum. In the latter case, solute transport in the ECS is 
obstructed by the cells. The cell compartment is generally treated as an isotropic 
(same properties along the coordinate axes) porous medium, and transport is 
described in terms of Darcy’s law (Apelblat et al. 1974):

v
K P

x
 i =  x z x ri

i

= − = ; =pm

f l

with 1,2 and 1 2
η
∂
∂

. (5.26)

where K
pm

 is the intrinsic permeability of the porous medium, and h
fl
 is medium 

viscosity in the ECS. In all cases, the cells are assumed to surround each fiber 
forming a uniform cylindrical annulus (the Krogh cylinder), and the Krogh cylin-
ders of neighbouring fibers are assumed to touch each other (Fig. 5.36). The outer 
surface of the Krogh cylinder is assumed adiabatic to mass transport, therefore 
neglecting mass transport in the interstices among neighboring cylinders.

Cell presence is accounted for in the value of the transport parameters (e.g., the 
solute effective diffusivity, or K

pm
) and by the metabolic reaction term in the mass 

balance equations. Cells are generally assumed to grow according to a Monod 
kinetics, although first- and zero-order kinetics are often used to ease the mathemat-
ical treatment. Even under these simplifying assumptions, many partial differential 
mass balance equations are required to describe the transport, which are often nonlinear
and are better solved numerically.

Dimensional analysis of these equations when solute transfer among com-
partments occurs by a convection–diffusion mechanism shows that the solute 
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concentration profiles in each compartment (hence the bioreactor performance) 
are determined by the following dimensionless groups: namely, the reduced

axial Peclet number, Pe
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and the dimensionless yield coefficient, Ψ =
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/  (Brotherton and Chau 1996). 

The reduced axial Peclet number compares the convective to diffusive rate of solute 
transport along the fiber length in the lumen, Pe

ax
 > > 1 indicating that solute axial 

diffusion may be neglected relative to axial convection. The inlet Reynolds number 
provides information on the magnitude of convective transport in the fiber lumen at 
the bioreactor entrance. The fiber pressure modulus measures the magnitude of the 
convective, transmembrane Starling flow into the ECS. Large pressure moduli (i.e., 
α ≥ 1) indicate that a large fraction of the flow entering the bioreactor leaves the 
lumen, enters the ECS in the inlet half, and re-enters the lumen in the outlet half. 
Small pressure moduli (i.e., α < < 1) indicate that Starling flow in the ECS is insig-
nificant, and that solute transfer from the ICS to the ECS, and vice versa, occurs 
mainly by diffusion. The local wall Peclet number compares the local ratio of radial 
convective to diffusive solute transport in the lumen. The Thiele modulus compares 
the maximal rate of substrate utilization to the maximal rate of substrate diffusion 
in the cell compartment. Information on how design and operating conditions affect 
the bioreactor performance may be effectively gathered by considering the case of 
a bioreactor under pseudo-steady-state conditions (i.e., constant cell concentration 
in the ECS) with Monod kinetics of substrate utilization at start-up (i.e., transport 
unobstructed by cells), and when cell density nears that in a tissue (i.e., transport 
obstructed by cells) (Brotherton and Chau 1996). Commercial membranes and 
membrane modules used for MCCRs feature geometric characteristics (i.e., length, 
L, membrane inner diameter, R

i
) and membrane permeability (i.e., L

p
) ranging from 

those typical for small bench-top units equipped with ultrafiltration membranes 
(i.e., L = 0.1 m, R

i
 = 1.10–4 m, L

p
 = 10–10 m2 s kg−1) to those typical of large units for 

wastewater treatment equipped with microfiltration membranes (i.e. L = 1 m, R
i
 = 2.5 

× 10−4 m, L
p
 = 10–8 m2 s kg−1). Correspondingly, the α values for aqueous media (i.

e., h
fl

≈ 10–3 kg m−1 s−1) may be expected to range from ca. 0.1–3. In the case of 
closed-shell bioreactors, Fig. 5.37 shows that the pressure profiles in the ICS drop 
linearly along the bioreactor length, whereas the pressure in the ECS remains about 
constant at half the inlet lumen pressure (Kelsey et al. 1990). The closed-shell con-
straint leads to equal ICS and ECS pressures halfway down the bioreactor length. 
At the highest pressure modulus value (i.e., a = 3), the axial pressure profile in the 
ICS is only slightly nonlinear. Figure 5.38 shows the typical fluid streamlines (i.e., 
the trajectories of fluid elements) generated by the pressure profiles and module 
geometry. Similar streamlines are obtained for all α values, but the radial and axial 
velocity values are rather different. In fact, at a = 3 about 60% of the flow rate 
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entering the membrane lumen flows into the ECS in the inlet bioreactor half and 
re-enters the ICS in the outlet bioreactor half. This amount decreases to about 40% 
at a = 1 and to less than 5% at a = 0.1. At the smallest pressure modulus, the effect 
of convection on solute transfer between ICS and ECS is negligible, and solutes are 
mainly transported by diffusion. The extent of the effect of the actual feed flow rate 
on radial convection at various pressure moduli is shown in Fig. 5.39 in terms of 
the axial profile of the local wall Peclet number normalized by the inlet Reynolds 
number. In bioreactors in which dialysis or low ultrafiltration membranes are used 
so that α is small (e.g. a = 0.1), Pe is as low as 0.3 and it does not exceed 30 as Re 
increases by 2 orders of magnitude from 5 to 500 as the Pe/Re values suggest. 

Fig. 5.38 Fluid streamlines within a MCCR for α = 3 (Reprinted with permission from Brotherton 
and Chau 1996)

Fig. 5.37 Axial pressure profiles in the ICS and ECS of a MCCR at various a: (---) a = 0.1; (-- - --) 
a = 1; (--- - - ---) a = 3 (Reprinted with permission from Brotherton and Chau 1996)
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Fig. 5.39 Axial profiles of the wall Peclet number normalized by the inlet Reynolds number in 
a MCCR for fluid streamlines within a MCCR for at various a: (---) a = 0.1; (-- - --) a = 1;
(--- - - ---) a = 3 (Reprinted with permission from Brotherton and Chau 1996)

When very permeable microfiltration membranes are used, a increases to as 
much as 3, and the maximal Pe attains values as high as 500 as Re = 500, thereby 
ensuring the occurrence of large convective medium flows towards the ECS. Pseudo-
steady-state spatial concentration profiles have been reported in the literature for 
the transport of dissolved oxygen in MCCRs, which can be effectively used to 
illustrate how the dimensionless groups affect the supply of limiting substrate to 
cells (Brotherton and Chau 1996). Cell concentrations in the ECS of 107 cells mL−1

and 109 cells mL−1 are representative of conditions at bioreactor start-up and when 
the cells have grown to tissue-like density, respectively. Typical values for the 
parameters determining the Thiele modulus for dissolved oxygen are µ

max
 = 6.4 × 

10−6 s−1; S
F
 = 0.2 mol m−3; D

s
 = 2 × 109 m2 s−1; and Y

X
/S = 1011 cells mol−1 (Wei and 

Russ 1977). For thicknesses of the Krogh cylinder from 100 to 500 µm, and cell 
concentrations from start-up to tissue density, the order of magnitude of the squared 
initial Thiele modulus ranges from 1 to 10. At start-up, MCCRs equipped with 
permeable microfiltration membranes ensure adequate ECS perfusion and good 
nutrient transport to all cells, as Fig. 5.40 shows. When less permeable membranes 
are used (e.g., low-flux ultrafiltration or dialysis membranes), already at low 
squared initial Thiele moduli (i.e. Φο = 1) nutrient concentration at the exit end of 
the ECS is less than 20% of the feed value and the bioreactor is under diffusion 
control (Fig. 5.41a). In the presence of more metabolically active cells, or at higher 
cell concentrations (but assuming that the ECS can still be considered a continuum), 
cells are severely deprived of nutrients (Fig. 5.41b). Increasing the Reynolds 
number by an order of magnitude alleviate nutrient deprivation also with poorly 
permeable membranes (Fig. 5.41c). Figure 5.42 shows that, also when very permeable 
membranes (i.e., α = 3) are used, operation at high cell concentrations and low 
Reynolds number causes severe nutrient deprivation. Figure 5.43 shows that when 
cells at high concentrations organize in aggregates featuring tissue-like hydraulic
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Fig. 5.40 Pseudo-steady-state oxygen profiles in the ECS of a MCCR, with F
o
2 = 1, Re = 50, for 

a = 3. The coordinate r* is defined as zero at the fiber outlet wall radius and unity at the Krogh 
cylinder radius (Reprinted with permission from Brotherton and Chau 1996)

1.0

0.2

0.6

0.4

0.2

0.0
0.2

0.4
0.6

0.8
1.01.0

0.8

Cs

0.6
0.4

zr*

0.2
0.0

Re = 50
Φ0

2 = 1
α = 3

a

resistance, practically all cells are cultured under even more severe nutrient depriva-
tion also when the MCCR is equipped with microfiltration membranes.

The behavior briefly discussed above has been qualitatively confirmed in experi-
ments. Table 5.8 reports some other typical features of MCCRs. In particular, it 
shows that higher productivity and yield may be obtained than with stirred-tank 
reactors. Figure 5.44 shows that for whey permeate fermentation to ethanol by 
Kluyveromices fragilis, similar to cell recycle membrane reactors, high productivi-
ties are obtained from an MCCR at the cost of low substrate conversions at least at 
low dilution rates. MCCRs are also very effective in the culture of cells inhibited
by the metabolic products. In fact, LMW products diffuse or are transported away 
from the cells as they are produced and are diluted out in the much larger volume 
of the stirred tank, thereby minimizing their effect on cells cultured in the ECS.

5.1.3.4 Commercial Membrane Bioreactors and Applications

CRMRs are generally commercialized by firms with expertise in membrane filtra-
tion processes for cell recovery or downstream processing of biological products 
and in bioreactors for cell culture, or fermentors. In fact, a CRMR can be easily set 
up by coupling commercial stirred-tank bioreactors (e.g., a chemostat) through the 
bioreactor ports to a commercial ultrafiltration or microfiltration membrane module 
via an external circulation loop in which the cell suspension is kept flowing by 
means of pumps. This approach makes it easy for these firms to manufacture 
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Fig. 5.41 Pseudo-steady-state oxygen profiles in the ECS of a MCCR, with: (a) a = 0.1, Re = 50 F
o
2 = 1; 

(b) a = 0.1, Re = 50 F
o
2 = 10; (c) a = 0.1, Re = 500, F

o
2 = 10. The coordinate r* is defined as zero at 

the fiber outlet wall radius and unity at the Krogh cylinder radius (Reprinted with permission from 
Brotherton and Chau 1996)
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Fig. 5.42 Pseudo-steady-state oxygen profiles in the ECS of a MCCR, with a = 3, Re = 5, F
o
2 = 

10. The coordinate r* is defined as zero at the fiber outlet wall radius and unity at the Krogh cylinder
radius (Reprinted with permission from Brotherton and Chau 1996)
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bioreactors tailored to the specific characteristics of both the cells used and the 
production goal (e.g., the production of products secreted out of the cells or present 
only inside the cells). Bioreactors are commercially available featuring volumes up 
to and exceeding 2000 L coupled to modules equipped with microfiltration or ultra-
filtration membranes with surface areas from 4 to 20 m2, as in the case of the 
CellFlo Plus and CellFlo Max concepts by SpectraPor. An interesting application 
of the CRMR concept is in wastewater treatment. In the Puron® design by Koch, for 
instance, hollow fiber membranes glued on one end and potted in manifold on the other
are loosely assembled in an open-shell module and are submerged into the activated 
sludge. The barrier properties of the membranes permit retention of the cells and 
suspended solids in the biological basin: consequently, the bioreactor operates at 
higher sludge concentrations, and the effluent is much clearer than that with conventional
plants. This significantly reduces the bioreactor volume required (with considerable 
savings of money and time) and permits elimination of the need for a second clari-
fier. Figure 5.34c shows also that the loose arrangement permits membranes to 
fluctuate when the oxygen-rich gas is bubbled in the sludge, thereby getting rid of 
solids trapped in between neighboring membranes and keeps them clean.

The few MCCRs commercially available are disposable, and are mainly offered 
for the culture of mammalian cells for the production of proteins for therapeutic or 
diagnostic applications. The Integra CELLine™ bioreactor is a disposable two-
compartment static bioreactor for the production of proteins on a laboratory scale. 
Cells are cultured in a chamber ca. 1.5 mm thick at the bottom of a vessel shaped like 
a T-flask compartmentalized between a flat-sheet silicone oxygen-permeable 

Fig. 5.44 Fermentation performance of a membrane compartmentalized cell reactor with cells 
of Kluyveromices fragilis: cell concentration, X

o
 = 90 g L−1; lactose concentration, S

f
 = 150 g L−1:

(○) lactose, (�) ethanol, (□) productivity (Adapted from Cheryan and Mehaia 1983)
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 membrane (at the bottom) and a flat-sheet 10 kD NMWCO semipermeable membrane 
(at the top), as shown in Fig. 5.45. The bioreactor is easy to operate, and is to be 
used in an incubator to ensure temperature control and oxygen supply. It is designed 
to operate with anchorage-independent cells because silicone is highly hydrophobic: 
a poly(ethyleneterephtalate) (PET) mat is offered for adherent cell culture. The bioreac-
tor is advertised for the production of monoclonal antibodies in hybridoma, recom-
binant protein expression in transfected cells, and virus production. The CellMax 
and the FiberCell bioreactors are bench-scale MCCRs for cell culture in the ECS 
of a bundle of hollow fiber membranes and the small-to-middle-scale production of 
biologicals. Both bioreactor types are equipped with oxygen-exchanging tubing in 
the recirculation loop and have to be used in an incubator. The CellMax is a lab-
scale bioreactor that may be equipped with hydrophilic ultrafiltration cellulose or 
polysulfone membranes, with NMWCO from 10 to 30 kD, or with microfiltration 
polyethylene or polypropylene membranes. The latter are also available with a pro-
prietary coating on the lumen surface for the lumen-side culture of endothelial cells 
under shear stress. FiberCell bioreactors are available from lab-scale to medium-

Fig. 5.45 Scheme of the Integra CELLine™ flat sheet membrane bioreactor
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scale production of proteins. Polysulfone membranes, as such or surface-activated 
to permit the binding of bioactive moieties, are generally used whose NMWCO 
ranges from ca. 5 kD and 0.1 µm maximal pore diameter and whose surface area 
ranges from 75 cm2 to 2.5 m2. The firm Biovest offers a range of hollow fiber 
MCCRs for medium-to-large-scale protein production. All bioreactors are equipped 
with an oxygenator placed in the medium recirculation loop. Starting with the mini-
Max, to the Maximizer, to the Xcellerator, the membrane bioreactors are enclosed 
in a self-contained incubator, and their operation is progressively more and better 
automated. The number of actual membrane bioreactors in each device increases 
from two 2.1 m2 ultrafiltration membrane units with a 35 kD NMWCO in the 
Maximizer, to 20 units in the Xcellerator.

MCCRs are extremely attractive for the adhesion culture of anchorage-depend-
ent cells. In fact, they make it possible for cells to re-create tissue-like conditions, 
in terms of cell density and cell–cell and cell–matrix interactions favoring cell 
polarity and the posttranslational processing of proteins. However, their most wide-
spread use is possibly for the production of monoclonal antibodies (mAbs) in 
hybridoma. Hybridoma are anchorage-independent cells very sensitive to shear 
stress. Since 1975, mAbs have been produced by injecting hybridoma cells in the 
peritoneum of mice and growing them till they produce a fluid containing high 
mAb concentrations (the ascite method). The ascite method is easy to set up but 
generates pain and distress in mice. In addition to humane considerations, the mAbs 
produced may be contaminated with murine viruses, murine immunoglobulins, and 
other antigenic proteins, among others (Lipman and Jackson 1998). To date, some 
European countries have imposed a partial or full ban on mAbs production with the 
ascite method, which is becoming less accepted worldwide. Some pharmaceutical 
industries (e.g., GlaxoSmithKline Biologicals, GSK Bio) have also switched from 
mice to the in vitro production of mAbs (Dewar et al. 2008). The productivity and 
economic convenience of bioreactors for mAb production with hybridoma depend 
on several factors, including cell specific capacity to produce mAbs. Stirred-tank 
bioreactors are generally preferred for cells with medium to high capacity to pro-
duce mAbs. The use of MCCRs has proven itself convenient with hybridoma cells 
with low to high capacity to produce mAbs. Published reports show that mAb con-
centration in the medium of MCCRs is 50 to 200 times greater than that of T-flasks, 
yielding mAb concentrations in the supernatant from 0.7 to 2.1 mg mL−1 (Dewar 
et al. 2008; Gramer and Poeschl 2000). The productivity per run of MCCRs is esti-
mated to be equivalent to that of up to 48 mice, depending on the specific cell line 
and bioreactor used (Lipman and Jackson 1998). The productivity of commercial 
bioreactors is advertised to be as high as 420 g

mAb
/month in the case of the Biovest 

Xcellerator. However, commercial dynamic hollow fiber MCCRs consume more 
medium than static flat-sheet membrane MCCRs, such as the CELLine™. Capital 
costs are also higher than the ascite method. However, the mAbs harvested from 
MCCRs is considerably more pure, especially when a serum-free medium is used. 
When all these factors are accounted for, it has been estimated that MCCRs such as 
the CELLine™ bioreactor may produce mAbs at about a half cost per milligram of 
that of T-flasks (IBS Integra Bioscience 2008).
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5.1.4 Disposable Bioreactors

As described in Chapter 3, bioreactors with a presterile cultivation bag made of 
plastic material are well established in development and manufacturing pro-
cesses primarily operating with animal and human cells from milliliter to 1000 L 
scale. While gas-permeable static blood bags are widespread devices for cell 
expansion, differentiation, and partial freezing in laboratory scale, stirred and 
wave-mixed bag bioreactors (also called bioreactors with wave-induced motion)
have become increasingly influential in haematopoietic cell expansion, produc-
tions of therapeutic recombinant proteins in BEV/insect cell culture systems or 
in transient mammalian cells, and monoclonal antibody and virus production 
processes (Eibl and Eibl 2007, 2008). Therefore, we will subsequently focus on 
these two bag bioreactor types.

Stirred Bag Bioreactors

Current stirred bag bioreactors mainly differ in impeller type and pumping mode, 
impeller arrangement, shaft seal type, culture bag shape, and geometry (Card and 
Smith 2006; Galliher 2007; Thermo Fisher Scientific 2007; Zambaux 2007). Bag 
bioreactors with rotational impeller (SUB, Single-Use Bioreactor; XDR, 
Disposable Stirred Tank Bioreactor) have the typical cultivation container geom-
etry and cylindrical form known from standard bioreactors for animal cell cul-
tures. Besides rotational axial flow impeller, they are usually equipped with a 
microsparger or sparger ring. Whereas SUB (http://www.thermofisher.com) is top 
driven and has a mechanical seal, the XDR (http://www.xcellerex.com), operat-
ing with a magnetically coupled impeller, is bottom driven. In case of the SUB, 
it is therefore necessary to penetrate its driveshaft through the mixing drive and 
to lock it into the impeller assembly during the installation procedure. Similar to 
SUB’s driveshaft, the impeller of the Artelis-ATMI Life-Sciences’ Pad-Drive 
disposable bioreactor (http://www.atmi-lifesciences.com or http://www.artelis.
be) is protected by a film, which is identical to the bag material, to avoid product 
contamination.

In contrast to SUB and XDR, where the impeller rotates in a cylindrical bag, the 
impeller of the Artelis-ATMI Life-Science’s Pad-Drive disposable bioreactor tum-
bles (eccentric motion) in a cubical bag. For all three stirred bag bioreactors, the 
culture bag, including disposable sparger and impeller assembly, gas filters, and 
ports for integration of sensor probes and line sets, is shaped and fixed in a custom-
ized stainless steel support container with heater or cooler jackets. Trouble-free 
insertion of standard sensors for pH and dissolved oxygen measurement is accom-
plished by using aseptic connectors.

Because the SUB, XDR, and the traditional steel stirred bioreactors (unbaffled) 
for animal cells have substantial similarity in geometry and design, it is assumed 
that they guarantee similar mixing characteristics, oxygen transfer efficiency, and 
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scale-up, and therefore product quantity and quality. Differences from dominating 
stirred steel cell culture bioreactors arise from the occurrence of bag irregularities 
(bag manufacture, folding) and unavailable Newton number for disposable impellers.
To date, only hydrodynamic and oxygen transfer efficiency data of a 250 L SUB 
have been published by Kunas and Keating (2005). Taking achieved cell densities 
and product titers from batch and perfusion experiments with monoclonal antibody 
secreting CHO and PER.C6 cells (Brecht 2007; Card 2007; Ozturk 2007; Zijlstra 2007)
into account, the reported mixing characterization results and scale-up parameters 
(Table 5.9) support the conclusion that the SUB is an interesting alternative to 
stirred steel bioreactors.

Wave-Mixed Bioreactors

It is undoubted that the early version of a bag bioreactor with wave-induced motion, 
which was introduced in the late 1990s, has promoted the development of disposa-
ble bag bioreactors. Various types of such wave-mixed bag bioreactors with rocking 
or shaking platforms have been tested for growing animal and human cells, but 
BioWave (http://www.wavebiotech.et) and Wave Reactor (http://www.wavebiotech.
com or http://www.wave-europe.com) are the most widely used (Amanullah et al. 
2004; Cronin et al. 2007; Fries et al. 2005; Genzel et al. 2006; Hami et al. 2004; 
Hundt et al. 2007; Levine 2007; Slivac et al. 2006; Weber et al. 2002). BioWave and 
Wave Reactor are based on the first prototype of a wave-mixed bioreactor. Here, 
mechanical power input produced by the moving platform facilitates mixing and 
aeration (Chaps. 3 and 6).

In order to compare the BioWave (1, 10, and 100 L culture volumes) to tradi-
tional stirred cell culture bioreactors with surface and membrane aeration, hydro-
dynamic and oxygen transfer efficiency studies were carried out. It was found that 
fluid flow, mixing time, residence time distribution, specific power input, and oxy-
gen transfer efficiency were dependent on the rocking angle, rocking rate, bag type 
and its geometry, and culture volume. In addition, a modified Reynolds number was 
introduced to determine the fluid flow in the culture bag of the BioWave. The quan-
tum of existing data in our working group and our experience in animal-cell-

Table 5.9 SUB (Single-Use Bioreactor) – mixing characterization results and scale-up 
parameters (Eibl and Eibl 2008, modified)

Parameter Data

Tip speed (m s−1) 0.53 1.06 2.13
Power input per volume (W m−3) 1.6 13.4 106.6
Reynolds number 34,000 69,000 137,000
Mixing time (s) 90 60 45
Gas–liquid mass transfer coefficient 

(aeration rate between 0.5–2 L min−1) (h−1)
7–11 7–15 No data available
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culture-based BioWave cultivations encouraged us to use this modified Reynolds 
number for successful scale up from T-flask via BioWave 20 SPS with 1 and 10 L 
working volume to BioWave 200 SPS with 50 and 100 L working volume. In other 
words, after the optimization of the 1 L culture volume process, we only calculate 
the required parameters (filling level, rocking rate, rocking angle) for the next scale 
while guaranteeing constant fluid flow, and have to realize three validation experi-
ments. For more detailed information, the reader is referred to Eibl (2006) and Eibl 
and Eibl (2006).

Mixing times based on 40 and 50% filling level range between 10 and 1400 s and 
can be considered as satisfactory values for cell-culture bioreactors. As supposed, 
the most ineffective mixing was found at the lowest possible rocking rate and rock-
ing angle and maximum bag filling level (50%). A reduction of the mixing time is 
guaranteed by increasing the rocking rate and/or the rocking angle, which causes a 
more intensive wave movement. Whereas the most effective mixing (9–264 s) was 
obtained in the 2 L bag, the most ineffective mixing (40–1402 s) was observed in 
the 20 L bag (Eibl et al. 2003).

Power input analysis for a BioWave operating with 2 L culture bag demonstrated 
that a minimum filling level as well as maximum rocking rate and rocking angle 
result in maximum specific power input (Lisica 2004). Surprisingly, this maximum 
specific power input was one decimal power higher than operation with the maxi-
mum filling level (Fig. 5.45). Furthermore, Fig. 5.45 indicates that a stepwise 
increase in the rocking rate up to 20 rpm raises the power input. If the rocking rate 
is increased further, the power input levels out and may even be followed by a 
slightly decrease. This last observation may be explained by the occurring phase 
shift of the wave towards the rocking movement. Numerous experiments confirmed 
our hypothesis that the subsequent increase in the rocking rate results in lower 
hydrodynamic cell stress but improves nutrient and oxygen transfer efficiency, 
which in turn give higher cell densities and product titers.

Residence time distribution experiments have shown that a continuously operat-
ing BioWave in perfusion mode can be described by the ideally mixed stirred tank 
model (Eibl and Eibl 2006). Finally, oxygen transfer coefficients provided by the 
BioWave reach comparable or even higher values than those that have been ensured 
by stirred cell bioreactors with membrane aeration or surface aeration (Eibl and 
Eibl 2006). For example, in a 2 L culture bag operating with 1 L culture volume at 
rocking angles between 6 and 10°, rocking rate of 30 rpm and aeration rate of 
0.25 vvm, kLa values between 4 and 10 h−1 were found. High oxygen transfer effi-
ciency can be guaranteed by increased rocking rate, rocking angle and aeration rate. 
Resulting from increased surface area, a decreased filling level in the bag increases 
kLa at constant parameters. Nevertheless, even small changes in the rocking rate 
and rocking angle increase the kLa more significantly. In BioWave, oxygen transfer 
coefficients in ranges above 11 h−1 can only be achieved by aeration rates over 
0.5 vvm or aeration with pure oxygen.

To conclude, we would like to say that engineering aspects of disposable biore-
actors are insufficiently investigated to this day. Computational fluid dynamics 
(CFD) may be a useful tool to overcome this problem.
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Fig. 5.46 Specific power input course in 2 L bag of BioWave

5.2 Selection of Bioreactor and Operation Mode

Selection of a suitable type of cell culture bioreactor system and/or an appropriate 
operation mode (batch, fed-batch, and perfusion) is affected by technical, biologi-
cal, economical, and regulatory considerations. To some extent, guidelines given in 
the literature can be helpful, but these are mostly qualitative. Only very few reports 
compare different reactors system, and in many cases these are intended to promote 
a certain type of (new) bioreactor (Varley and Birch 1999; Fenge and Lüllau 2006). 
The main characteristics of cell culture systems and bioreactors have been summa-
rized in Table 5.1 (compare Sect. 5.1).

To start a selection process, it is helpful to address some questions defining the 
required specifications. The factors summarized in Fig. 5.46 will give some basic 
ideas in this respect, but is far from complete. It would be beyond the scope of this 
book to discuss the above-mentioned aspects in detail. For further details refer to 
Fenge and Lüllau (2006) as well as Varley and Birch (1999). Characteristics of dif-
ferent bioreactor systems applied for mammalian cell culture are discussed exten-
sively in Sect. 5.1 and operation modes in Sect. 4.4. A further aspect might be 
development time for a process run under GMP (compare Fig. 5.47). The different 
advantages offered by certain bioreactors or culture systems, the range of applica-
tions they can preferably be applied for, and their limitations have been considered. 
It is quite obvious that there is no single cultivation system suitable for all applications
in mammalian cell culture technology. In addition, to compare different bioreactor 
systems or operation modes experimentally for a certain application is time 
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 consuming and expensive. Therefore, selection of an appropriate bioreactor or cul-
tivation system requires an extensive knowledge and expertise of the team involved 
or professional advice from specialists.

5.3 How to Grow Mammalian Cells from Cryopreserved 
Vial to Production Bioreactor

A mammalian-cell-based GMP manufacturing process requires a defined robust 
production process in order to produce highly purified biopharmaceuticals of con-
sistent quality. Both a well-characterized (i.e., in terms of freeze–thaw viability, 
growth rate, product expression level, absence of mycoplasms) and genetically 
stable high expressing production cell line are needed. As a matter of course, the 
production cell line should also be well documented including traceability of any 
serum or other animal-derived products as to its history. However, it should be 
borne in mind that serum-free or even chemically defined culture media (compare 

Fig. 5.47 Factors of relevance for selection of a suitable bioreactor system for cultivation of 
mammalian cells
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Fig. 5.48 Relationship between type of bioreactor and development time for GMP production

Sect. 2.3) providing lot-to-lot consistency and improved product biosafety are used 
increasingly today and the addition of antibiotics is restricted to substances keeping 
the cells under selection pressure. Moreover, phenol red indicating pH changes by 
color alteration is stringently omitted in commercial manufacturing processes 
owing to complicated downstream processing.

Once the Master Cell Bank (MCB) has been established and characterized, it is 
subcultured to provide seed stock that produces Working Cell Banks (WCBs) for 
future production runs (Sect. 2.2.3). In other words, cells from the WCB represent 
the real basis material for the manufacturing process depicted in Fig. 5.48, which 
consists of four main steps: cultivation in milliliter scale, maintenance of the seed 
train, maintenance of the inoculum train, and fermentation and downstream process-
ing. So far, we have assumed that the production cells coming from cryopreserved 
vials (cell densities of approximately 1 × 107 cells mL−1 per vial), which have been 
stored at −196 °C in liquid nitrogen, commonly grow in suspension after their pool-
ing and transfer into disposable T-flasks or shake flasks. Inoculation rates of 2 × 105

cells mL−1 and rocking rates between 100 and 150 rpm in the case of the shake flasks 
are usual. Directly after thawing, cell growth may occur with strong aggregation 
over the first three to four passages, which are usually carried out every three days. 
This phenomenon is often seen to be initially independent of the selected cultivation 
system. With respect to the culture medium used, cultivation in T-flasks and shake 
flasks are aimed at cell densities between 1 and 2 × 106 cells mL−1 and viabilities 
above 90%. Besides the addition of Pluronic (compare Sect. 2.3) to protect cells 
against shear stress in shake flasks, the trouble-free growth of very sensitive suspen-
sion cells is sometimes facilitated by cultivation in T-flasks during three passages 
before their transfer to shake flasks (not shown in Fig. 5.48).
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Fig. 5.49 Flowchart of mammalian-suspension-cell-based biopharmaceutical production in a 
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The subsequent establishment and maintenance of the seed and the inoculum 
trains is executed by cell splitting and scale-up of the culture volume in the ratio of 
1:5 while keeping the specific power input or fluid flow constant in the bioreactor 
(Sect. 5.1.1.1). The most frequently used bioreactors for these purposes are spin-
ners, stirred bioreactors, and the BioWave reactor, all of which operate in the feed-
ing mode. Whereas cells in spinners, stirred laboratory reactors and lab-scale 
Biowave reactors maintained for a long period of between 100 and 120 days are 
referred to as seed train, those from pilot- and industrial-scale bioreactors generat-
ing the final inoculum for the production bioreactor within a short time (10–15 
days) are referred to as inoculum train. Both seed train and inoculum train should 
achieve cell densities of between 2 and 3 × 106 cells mL−1 and viabilities above 95% 
in order to ensure middle to high cell densities (5–10 × 106 cells mL−1) and product 
titers between 1 and 3 gL−1 for a production bioreactor operating in the fed batch 
mode. Although spinners and stirred bioreactors represent the gold standard for 
seed train and inoculum train to date, many new processes increasingly include 
disposable bag bioreactors for seed and inoculum production. These include 
Hyclone’s SUB or Xcellerec’s XDR in addition to the BioWave (Wave Biotech 
AG) and the Wave Bioreactor (GE Healthcare), which have already been used in 
upstream steps in biomanufacturing.

In the particular case we are describing, mammalian-cell-based fermentation is 
realized in a 2000 L stirred bioreactor as a one- or two-stage process. A further 
scale-up to 10,000 L in production scale will consequently result in an additional 
mass propagation stage accomplished in a 2000 L stirred bioreactor or multiple of 
BioWave reactors on the inoculum train side. In contrast to the one-stage process 
mentioned, where growth and protein expression occur simultaneously, the two-
stage process is characterized by a growth phase and a production phase. The pro-
duction phase is most frequently induced by a simple temperature shift from 37 °C 
to values ranging between 34 and 29 °C or a specially designed production medium 
supporting product secretion. With regard to product titer, cell density, and cell 
viability influencing desired product quantity and product quality, the production 
phase is stopped. For example, it is known that cell viabilities below 80% can result 
in changed protein folding. Normally, production bioreactors are run in fed batch 
mode for between 6 and 10 days in the commercial manufacture of biopharmaceu-
ticals. Finally, the secreted product of interest is separated from the fermentation 
broth, purified, filled, and formulated.

5.4 Questions and Problems

● Name the demands important for design of cell culture reactors.
● Name the advantages and disadvantages of suspension reactors.
● What kind of stirrer would you recommend for stirred tanks used for cultivation 

of mammalian cells? Give reasons.
● Name the techniques for cell retention in a suspension culture.
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● Which parameter (criterion) can be used for scale-up of suspension reactors 
(suspension cells) with respect to cell damage?

● Name the advantages and disadvantages of fixed bed reactors.
● Discuss aspects relevant for selection of bioreactor and operation mode.

List of Symbols

C
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 oxygen concentration
d
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 stirrer diameter
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 vessel diameter

n
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 stirrer speed
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Re Reynolds number
q
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∆p pressure drop
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r
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 fl uid density
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K
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Q
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ηp
 inlet Reynolds number

R
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 inner membrane radius (m)

R
K
 radius of Krogh cylinder (m)

R
M

 membrane resistance to diffusive transport 
 (s m−1)
R
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 outer membrane radius (m)

R
R
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R
/Q
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 recycle ratio

R
u
 = 8.314 × 107 universal gas constant, (dynes cm (mole K)−1)
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S
F
 substrate concentration in the feed stream,

 (gmol m−3)
S

1
 substrate concentration in the stream leaving

 the bioreactor tank (gmol m−3)
T temperature (K)
u

o
 fi ber lumen inlet axial velocity (m s−1)

V bioreactor volume
v

w
 transmembrane wall velocity (m s−1)

X cell concentration in the permeate or removal
  stream (cells/m3)
X

gell
 cell concentration in the gel/cake (cells/m3)

X
o
 initial cell concentration in the bioreactor

 (cells/m3)
X

1
 cell concentration in the stream leaving 

 the bioreactor tank (cells/m3)
X
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 cell concentration in the stream leaving 
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Y
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z axial coordinate (m)
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d membrane wall thickness (m)
h
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 bulk solution viscosity (kg m−1 s−1)

m specifi c cell growth rate (s−1)
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Π osmotic pressure (kPa)
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Ψ =
S Y

X
X SF

o

/  dimensionless yield coeffi cient

Superscripts and Subscripts

i refers to device inlet
L liquid phase
M membrane phase
o refers to device outlet
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w refers to the membrane interface with the liquid
BEV Baculovirus expression vector
 CHO cells Chinese hamster ovary cells
PER.C6 cells human embryogenic retinoblast cells
k

L
a gas–liquid mass transfer coeffi cient
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Chapter 6
Insect Cell-Based Recombinant Protein 
Production

W. Weber and M. Fussenegger

Abstract Insect cells in conjunction with the baculovirus expression vector (BEV) 
system represent a fast and efficient system for the generation of recombinant 
tool proteins (mg- to g-range). This is quite evident from scores of application 
reports which have been published since 1970. Moreover, the European approval 
of the vaccine Cervarix (for cervical cancer) from Glaxo SmithKline in autumn 
2007 and the development of further potential product candidates (e.g. influenza 
vaccine FluBIok from Protein Sciences Inc.) indicate the growing industrial inter-
est in commercial use of the BEV/insect cell culture system for manufacture of 
biopharmaceuticals.

Starting with a short description of main characteristics of insect cells, this chapter 
delineates generation methods of recombinant virus, the scale-up to protein produc-
tion (suitable bioreactors and optimum process design), application examples and 
current trends in insect cell-based protein production. Finally, pros and cons of the 
BEV/insect cell culture system are summarized.

6.1 Insect Cell Culture

Insect cell culture is a mature technology and is being applied in the routine produc-
tion of recombinant proteins in processes reminiscent of an assembly line. The 
main advances in insect cell technology are the development of insect cell lines able 
to grow in suspension mode in chemically defined, serum- and protein-free culture 
media (Ikonomou et al. 2003; Schlaeger 1996; Weber and Fussenegger 2005). 
Today’s workhorse cell line is the Spodoptera frugiperda-derived ovarian cell line 
Sf-9, which is routinely used to produce intracellular or membrane proteins, 
whereas the Trichoplusia ni egg cell homogenate-derived cell line BI-TN-5B1-4 
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(also known as High Five™) was reported to increase the specific and volumetric 
yield of secreted proteins (Palomares et al. 2003). For isolation and propagation of 
baculoviruses, Sf-21 (parental cell line of Sf-9) remains the preferred cell line. All 
cell lines grow rapidly (doubling time approximately 24 h), thereby enabling fast 
expansion and short overall processes.

Insect cells have similar requirements as mammalian cells except that they 
grow at 28 °C and tolerate higher levels of free amino acids and glucose without 
switching to overflow metabolism, which enables the design of more nutrient-rich 
media. In contrast to mammalian cells, the pH is lower (6.2–6.9) and commonly 
maintained by a phosphate buffer, thus obviating the need for a culture containing 
carbon dioxide, as required for the open bicarbonate buffer system in mammalian 
cell culture media.

While first-generation media required the addition of serum or insect hydro-
lysates, today several (proprietary) media types are commercially available, which 
are devoid of serum and protein and enable growth in suspension mode, a prerequi-
site for large-scale cultivation in bioreactors. The most important media include the 
SF900-II and SF900-III medium for Sf-9 and Sf-21 cells. For cell growth in adher-
ent mode, as required for plaque purification or titration of baculoviruses (see 
below), the media can be supplemented with 10% fetal calf serum.

Insect cells have been reported to be more sensitive to shear forces than mam-
malian cells, which indicates the need for medium supplementation with shear 
force protecting agents such as block polymers [e.g. Pluronic F68 (Palomares et al. 
2000)], which adhere to the cell surface like a barrel hoop and thus stabilize the cell 
membrane. Protection from shear forces is particularly required in bioreactor oper-
ation since insect cells show higher rates of specific oxygen uptake than mamma-
lian cells and thus need either higher rates of stirring or increased gas sparging.

6.2 Special Aspects: Engineering Baculoviruses as Vectors

Introduction of genetic material for expression of desired recombinant proteins in 
insect cells can be performed by transfection of plasmid DNA, according to proto-
cols similar to mammalian cells (e.g. lipofection); however, the overwhelming 
majority of insect cell-based protein production is performed by transducing the 
product gene into the target cell by infection with a recombinant baculovirus.

Today’s commonly used baculoviruses belong to the Eubaculoviridae (King and 
Possee 1992), a subfamily of double-stranded DNA viruses, which infect and 
propagate in host arthropods like insect larvae. Following infection, wild-type bac-
uloviruses propagate and produce proteinaceous structures known as occlusion 
bodies, in which the viruses can persist for extended periods, even after the death 
of the infected host and until the next insect is infected following ingestion of virus-
containing occlusion bodies. High-level expression of occlusion body-forming 
proteins (representing up to 50% of total cellular protein) is driven by the very late 
and extremely strong polyhedrin and p10 promoters (King and Possee 1992).
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For application in biotechnology, baculoviruses have been engineered to express 
recombinant target genes under the control of the p10 or polyhedrin promoters 
while eliminating the genes that form occlusion bodies. The biotechnologically 
most important baculoviruses are derived from the Autographa californica nuclear 
polyhedrosis virus (AcNPV), which has been engineered to enable straightforward 
target gene integration into the viral genome (total size: 129 kbp). Since such large 
genomes are not amenable to standard molecular biology cloning, a wide variety of 
strategies has been developed to incorporate target gene sequences into the viral 
backbone (Vialard et al. 1995) (Fig. 6.1):

(a) Insect cell-based homologous recombination: The target gene is inserted into a 
transfer vector between sequences that are homologous to the viral genome. 
Following transfection of the viral genome along with the transfer vector into 
insect cells, recombination occurs and thus results in intact viral genomes har-
boring the target gene sequence (BacPAK, BD Biosciences, Bac-N-Blue, 
Invitrogen, Fig. 6.1a).

(b) Homologous recombination in Escherichia coli: The transfer vector encoding 
the target gene between homologous sequences is transformed into E. coli along 
with the baculoviral genome for recombination. Isolated recombinant viral 
genomes can be rescued from E. coli and used subsequently for transfection of 
insect cells. For the rapid identification of correctly recombined E. coli clones, 
the 3’-terminal lacZ fragment was placed on the viral genome, whereas the 
5’lacZ terminus was encoded on the transfer vector, thus resulting in reconstitu-
tion of functional β-galactosidase expression upon successful recombination, 
which can be monitored easily by plating the E. coli on X-Gal-containing agar 
(Bac-to-Bac, Invitrogen, Fig. 6.1b).

(c) In vitro recombination: The target gene can be transferred into the viral back-
bone by phage lambda integrase-mediated recombination of corresponding attL
and attR sites. Recombined plasmids can be used directly for transfection of 
insect cells (BaculoDirect, Invitrogen, Fig. 6.1c).

Transfection of viral genomes, harboring target genes, into insect cells results 
in expression of viral genes and production of intact viral particles, budding from 
the cell into the medium and final cell lysis. Freshly budded viruses infect neigh-
boring cells and trigger formation of progeny virus (approximately 500 viruses 
per infected cell (Power et al. 1994) ) as well as production of the target recom-
binant protein. The entire process, from infection to cell lysis, takes approxi-
mately three days and is accompanied by a 50% increase in the rate of specific 
oxygen uptake (Kamen et al. 1996) and a substantially larger cell volume. Viral 
stocks for infection of the production batch can thus be produced by several 
cycles of virus propagation in insect cells followed by removal of cell debris by 
centrifugation. Viral stocks can be stored at + 4 °C for several weeks, whereas 
long-term storage should be performed at −80 °C. Storage at −20 °C was associ-
ated with a rapid decrease in virus titer.

Viral stocks are commonly titrated by plaque assays, where a lawn of adherently 
growing insect cells is infected by serial dilutions of the viral stock and subsequently 



Fig. 6.1 Engineering of recombinant baculoviruses. The target gene is cloned into a transfer 
vector, which is subsequently recombined into the baculoviral genome either by homologous 
recombination in insect cells (a) or E. coli (b) or by addition of isolated recombinase in vitro (c).
While the virus, which budded after recombination in insect cells, requires plaque purification (e)
to eliminate incorrectly recombined viruses, E. coli or in vitro-recombined viral genomes can be 
analyzed by standard molecular biology tools (g). Transfection of recombinant baculoviral genome 
in insect cells (h) results in budding (d) of recombinant viruses (f), which can subsequently be 
amplified (i) by infection of insect cells resulting in approx. 500 progeny viruses per infected cell
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overlaid with agarose to limit virus diffusion. The initial number of infection-
competent viral particles can be determined after five days by counting the plaques 
in the cell layer formed by virus-mediated cell lysis. The titer of a virus stock is 
thus indicated in pfu (plaque-forming units). To accelerate virus quantification, 
immunology-based (Kwon et al. 2002) or quantitative real-time PCR-based (Lo and 
Chao 2004) approaches have been developed, which, however, continue to require 
empirical correction factors to reach the same accuracy as the gold-standard plaque 
assay titration method.

6.3 Bioreactor Concepts

Scale-up of insect cell-based protein production is performed in insect cells 
adapted for suspension growth in serum-free media and bioreactors, which resem-
ble those used for mammalian cells such as stirred tank, BioWave, perfusion and 
rotating wall vessel bioreactors or lab-scale roller bottles and spinner flasks. Since 
typical baculovirus-based production processes are conducted within four to seven 
days, the desired bioreactor types have to enable simple assembly, sterilization, 
inoculation, cleaning and disassembly. This limits the suitability of rotating wall 
vessels or perfusion bioreactors due to their operational complexity, although it 
has been reported that those bioreactor types provide superior cell densities. The 
bioreactors of choice are thus simple, conventional, stirred tank bioreactors or, 
preferably, the recently developed BioWave (Ikonomou et al. 2003; Weber et al. 
2001) reactors, where all the parts in direct contact with the culture medium are 
sterilized before purchase and are disposable, thus eliminating the need for sterili-
zation, validation and cleaning (http://www.wavebiotech.net). The BioWave reac-
tor consists of an inflated plastic bag containing the medium (WaveBag). The 
entire bag is gently agitated, thereby inducing a wave on the surface of the medium 
to ensure high rates of oxygen transfer from the headspace to the culture medium. 
The low shear forces (free of stirrer and air bubbles), together with low manpower 
requirements and the possibility of scaling-up to 500 L, result in 40% lower opera-
tion costs compared to the stirred tank alternative. As a result, the BioWave reactor 
is the preferred option for insect cell-based protein production in industry (Weber 
and Fussenegger 2005).

During cultivation in the bioreactor there must be an adequate oxygen supply, 
especially after infection when the rates of specific oxygen uptake increase by 
50%. Despite some controversy (Ikonomou et al. 2001), there seems to be agree-
ment that dissolved oxygen concentrations should be above 30% air saturation 
(Weber and Fussenegger 2005). This can be ensured by increasing the rate of oxy-
gen transfer accordingly, preferably by aeration with pure oxygen and not by 
increasing the gas flow or stirrer speed in order to minimize shear forces. However, 
the gas flow must be sufficiently high in order to strip the produced carbon dioxide 
from the flow, because it is suggested to inhibit growth at elevated concentrations 
(Ikonomou et al. 2001).
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6.4 Process Design

At the level of the single cell, recombinant protein production starts approximately 
12 h after infection and continues until cell lysis, approximately 48 h later, thus 
limiting the maximum number of recombinant protein molecules produced by a 
single cell. To maximize volumetric protein yields it is therefore crucial to time 
infection so that a maximum number of cells can terminate recombinant protein 
production before nutrients become limiting, implying that the nutrient supply and 
infection kinetics must be optimized in order to reach the theoretically possible 
protein yield (Licari and Bailey 1992).

6.4.1 Optimization of Nutrient Supply

In nutrient optimization experiments peak cell density under non-infected condi-
tions is considered to be the best lumped value for reflecting nutritional parameters 
as it integrates all the factors modulating growth and viability. Nutrient supply can 
best be maximized by a fed-batch design, where concentrated nutrients are added 
at elevated cell densities to sustain further growth and recombinant protein produc-
tion. Integration of several optimization studies revealed that the addition of con-
centrated amino acids, glucose, yeastolate and lipids is most effective in increasing 
the nutrient supply, thus allowing cell densities of up to 5.2 × 107 cells mL−1 in fed-
batch mode (Elias et al. 2000).

6.4.2 Optimization of Production Kinetics

Optimum infection timing would result in an infection kinetic, where the last cell 
terminates protein synthesis prior to lysis, at the same moment as the last nutrient 
molecule is consumed. Premature infection and protein production would result in 
premature cell lysis, before all the nutrients could be converted to product protein, 
biomass, progeny virus and byproducts, whereas late infection would result in 
nutrient limitation during target protein biosynthesis, thus decreasing recombinant 
protein yield (Licari and Bailey 1992).

To achieve well-timed infection, two main strategies are:

– Addition of sufficient infectious viral particles to synchronously infect all the 
cells results in a well-determined infection time point, but it requires substantial 
amounts of virus stock. Mathematical modeling and experimental evidence has 
shown that at least five infectious particles per cell (multiplicity of infection, 
MOI = 5) are required to achieve infection of all the cells due to the Poisson-like 
distribution of viral entry into the target cells.
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– Substantially lower amounts of virus stocks are required when in situ virus 
amplification is performed. Therefore, small amounts of virus are added (MOI 
< 0.1), which initially infect a small fraction of insect cells and thus trigger the 
production of a progeny virus, which subsequently infects the rest of the culture. 
It has been shown that successful recombinant protein production is possible 
with MOIs as low as 3 × 10−5 (Liebmann et al. 1999). However, small deviations 
in virus quantification or time of infection are amplified during in situ virus pro-
duction and, thus, may lead to irreproducible processes.

Since both strategies, high MOI for synchronous infection and low MOI for in situ 
virus amplification, have been shown to yield comparable product protein titers 
(Licari and Bailey 1992), the infection strategy can be chosen according to the 
characteristics of the target protein and factors that limit the technology. Criteria for 
selecting the strategy are highlighted in Table 6.1.

To achieve overall optimized recombinant protein titers it is therefore crucial to 
optimize both the nutrient conditions and the time of infection. To limit the number 
of factorial experiments while synchronously optimizing nutrient supply and infec-
tion kinetics, a four-step process optimization is usually performed (Table 6.2) 
(Weber and Fussenegger 2005).

Table 6.1 Criteria for selecting a high or low multiplicity of infection (MOI) infection 
strategy

High MOI infection
In situ virus amplification following low MOI 
infection

Unstable product protein. High MOI 
infection shortens the overall process 
and thus limits protein degradation 
or denaturation

Stable protein

Toxic or growth-retarding 
product protein

Non-toxic protein. Premature toxic protein 
production during virus amplification 
would compromise cell viability and 
delay production kinetics thus resulting 
in uncontrollable variations in the overall 
process

Unknown infection kinetics 
and cell growth rate

Well-known infection kinetics and cell 
growth rate are the key to developing 
strategies for low MOI, where subsequent 
rounds of in situ virus amplification are 
required

High-titer virus stocks available Only low titer virus stocks available
Expression at low to moderate cell 

densities. Infection at high cell 
densities (1–2 × 106 cells mL−1)
would require addition of substantial 
amounts of virus, which might be 
difficult to produce or to concentrate

Expression at very high cell densities, at 
which to add enough virus is technically 
demanding
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6.5 Applications

Baculoviruses and insect cells have been applied as a tool to express thousands 
of different proteins and are today almost as common in protein production labs 
as E. coli or yeast. Insect cells are used mainly to produce “tool proteins” (from 
mg to g) for subsequent structure determination, screening assays or evaluation 
of biochemical parameters like enzyme kinetics. The use of insect cells to 
express therapeutic proteins such as hormones or antibodies is limited due to a 
non-mammalian glycosylation pattern, which would result in impaired protein 
activity or even immunogenicity (see below, Paragraph 6.6.1). Table 6.3 lists 
selected studies on production of proteins belonging to the most important 
classes and serves as an overview and reference when designing the production 
of similar proteins.

6.6 Current Trends in Insect Cell-Based Protein Production

Parameters for baculovirus-based protein production in insect cells are well charac-
terized with regard to process design, medium requirements and scaling up of 
facilities, thus leading to a high, reproducible production yield in a minimum of 
time (Bahia et al. 2005). The research focus has therefore shifted from maximizing 
yields to optimizing product protein quality, mainly by humanizing post-transla-
tional modifications by engineering the glycosylation pathway. Wild-type insect 
cells produce potentially allergenic glyco-motifs of the Fucα(1,3)Glc-NAc-Asn-
type and are incapable of producing mammalian cell-specific complex N-glycans

Table 6.2 Optimization scheme for recombinant protein production

Step Action

Step 1 Optimization of overall process. Optimize fed-batch design by means of dif-
ferent nutrient mixes, oxygen supply and bioreactor settings. The peak 
cell density can be taken as the response parameter, since it represents the 
integration of all growth promoting and growth-retarding parameters. When 
using common cell lines like Sf-9, established protocols can be applied 
(Weber and Fussenegger 2005; Weber et al. 2001; Weber et al. 2002)

Step 2 Deciding on the infection strategy (low or high MOI, see Table 6.1)
Step 3 Infection of the culture at different times. This step can also be performed on 

a small scale (Bahia et al. 2005) under conditions imitating the process in 
Step 1

Step 4 Sampling of the culture at different points in time post infection and determina-
tion of titer and quality of product protein (degradation products). A prema-
ture harvest might result in low titers, since protein synthesis has not been 
completed, whereas a late harvest can impact protein quality and yield due 
to liberation of proteases from lysed cells or loss of intracellularly produced 
protein by cell lysis
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Table 6.3 Selected case studies for the production of proteins belonging to different protein 
classes

Protein class Protein Feature References

Antibodies Diverse Review of expression 
of antibodies in 
insect cells

Guttieri and Liang 
(2004)

Enzyme Cytosine-C5 methyl-
transferase

Optimization of 
product yield and 
purification

Brank et al. (2002)

Enzyme beta-1,4-N-
acetylglucosami-
nyltransferase III 
(GnTIII)

Enzyme production 
and application for 
humanization of 
antibodies

Hodoniczky et al. 
(2005)

Hormone Eryhtropoietin Glycosylation analy-
sis of erythropoi-
etin expressed in 
Drosophila S2 
cells

Kim et al. (2005)

Hormone-like 
factors

Coagulation factor 
VIII

Expression of mutated 
coagulation factor 
VIII

Sarafanov et al. 
(2006)

Kinase BTK, Brutons tyro-
sine kinase

Optimization of BTK 
expression param-
eters with regard 
to nutrient and 
infection param-
eters in a BioWave 
reactor

Weber and 
Fussenegger 
(2005)

Kinase IRAK4 Process optimization 
by co-expression 
of GFP

Philipps et al. (2005)

Kinase PDK1/PKBbeta/
Akt2

Optimization of 
kinase expression 
using different 
MOIs and time of 
infection

Gao et al. (2005)

Membrane
transporter

H+K+-ATPase Synchronous expres-
sion of both the 
a and b subunits 
from one baculovi-
rus result in active, 
membrane-local-
ized H+K+-ATPase. 
Functional pro-
tein titers were 
increased by 
ethanol addition, 
thus impacting 
membrane charac-
teristics

Klaassen et al. (1995)

(continued)
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thus limiting the use of insect cell-derived proteins for therapeutic in vivo applications
(Tomiya et al. 2003). Therefore, the baculovirus community is focusing on improving
the glycosylation pattern by means of different approaches with the aim of compet-
ing for industrial application:

– Screening for new insect cell lines that produce mammalian-like glycosylation 
patterns. For example, the Danau plexippis-based DpN1 line showed up to 26% 
complex glycoforms compared to standard High Five™ cells (<5%). However, 
standard protocols and media have not yet been adapted for this newly introduced 
cell line, resulting in less competitive protein titers (Palomares et al. 2003).

– Supplementation of medium with glycosylation precursors, such as N-acetyl-
mannosamine (ManNAc), or addition of specific glycosyltransferase inhibitors 

Table 6.3 (continued)

Protein class Protein Feature References

Multiprotein
complexes

Human transcription 
factor IID com-
plex

Construction of 
baculoviruses 
for simultaneous 
expression of 
several proteins 
for assembly of 
multiprotein
complexes

Berger et al. (2004a)

Virus like 
particles

HIV-1 Pr55gag Impact of MOI and 
time of infection 
on proteolytic 
activities and 
resulting impact 
on Pr55gag 
integrity

Cruz et al. (1999)

Virus like particles HIV-1 Pr55gag Optimization of 
virus-like particle 
titers and quality 
under different 
agitation and aer-
ation conditions

Cruz et al. (1998)

Virus like particles Porcine parvovirus 
like particle

Optimization of 
product yield at 
low MOI infec-
tion strategy 
under fed-batch 
conditions

Maranga et al. (2003)

Virus structural 
proteins

Infectious bursal 
disease virus pro-
teins

Optimization of prod-
uct yield 
and quality using 
different media 
and protease 
inhibitors

Hu and Bentley 
(1999)
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to High Five™ cells were reported to result in N-glycan sialyalation of recombinant
interferon-g.

– One of the most promising approaches relies on co-expression of glycosyltrans-
ferases as well as enzymes producing the glycan precursors. Expression of 
β-1,2-N-acetylglucosaminyltransferase II, under control of a baculoviral imme-
diate an early promoter, resulted in galactosylated, biantennary, complex-type 
glycans on the model protein human transferrin (Tomiya et al. 2003). 
Glycosylation could be improved further by biosynthesis of the glycan precursor 
N-acetylneuraminic acid (Neu5Ac) through expression of the human sialic acid 
9-phosphate synthase in combination with UDP-GlcNAc 2-epimerase/ManNAc 
kinase, the bifunctional enzyme initiating sialic acid biosynthesis in mammals 
(Viswanathan et al. 2003). Finally, human-like biantennary, terminally sialylated 
N-glycans could be produced in Sf-9 insect cells by upregulation of five glyco-
syltransferases with the model human β-trace protein, a prostaglandin-D syn-
thase (Mimic™ Sf-9 cells, Invitrogen, Hollister et al. 2002). However, despite 
overexpression of those five glycosyltransferases, mammalian-like glycosyla-
tion is still deficient. Equine chorionic gonadotropin (eCG), synthesized in 
Mimic™ cells, showed differential glycosylation compared to Sf-9 cells but 
failed to produce significant in vivo bioactivity, probably because of insufficient 
terminal sialylation of its carbohydrate chains, leading to its rapid removal from 
blood (Legardinier et al. 2005).

6.6.1 Elimination of Product Protein Proteolysis

Besides glycoengineering, attention has been paid to minimizing protease activities 
in order to increase product protein quality. Namely, the baculoviral protease 
v-cath, a mammalian cathepsin L homologue, has been correlated with increased 
proteolysis. Product quality improved either by adding cysteine protease-specific 
inhibitors, such as peptin or pepstatin (Hu and Bentley 1999; Pyle et al. 1995), or 
by genetic inactivation of v-cath and chiA, a chitinase involved in v-cath activation 
(Berger et al. 2004a), thus significantly increasing product protein integrity for 
high-end applications like crystallographic studies or NMR analysis.

6.7 Limitations

Insect cells, in combination with baculovirus infection, face competition from alter-
native expression systems, namely E. coli, yeast, plant and mammalian cells, for the 
production of tool proteins as well as for biopharmaceuticals. The pros and cons of 
using insect cells in conjunction with the baculovirus expression system are high-
lighted in Table 6.4.
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Complementary Reading

This section highlights original and review articles for in-depth information on the bacu-
lovirus expression vector system in conjunction with insect cell culture (Table 6.5).



6 Insect Cell-Based Recombinant Protein Production 277

Table 6.5 Selected reading for in-depth information on different aspects of insect cell-based 
protein production

Scope Summary References

Baculoviral vector 
optimization

Engineering of baculoviruses for expression 
of multiple proteins and deletion of viral 
proteases

Berger et al. 
(2004b)

Case study Detailed review of protein production 
optimization in a case study for expres-
sion of a secreted protein. Establishment 
of the BioWave reactor for insect cells

Weber et al. (2002)

Comparison of 
expression systems

A detailed comparison of mammalian and 
insect cell-based production processes

Geisse et al. (1996)

General overview This article gives a comprehensive overview 
of the baculovirus system as well as 
detailed protocols for recombinant 
protein expression, process design and 
scaling up together with a cost-based 
choice of the bioreactor type

Weber and 
Fussenegger 
(2005)

General overview Exhaustive overview of the baculovirus-
insect cell system with the focus on 
medium design, protease activities, 
feeding strategies and bioreactor design 
together with an extensive list of case 
studies

Ikonomou et al. 
(2003)

Glycoengineering Review article on baculoviruses as vectors 
for production of recombinant proteins 
in insect cells together with the latest 
development in glycoengineering and 
the use of baculoviruses as vectors for 
mammalian cells

Kost et al. (2005)

Glycoengineering Development of baculovirus-insect cell sys-
tems for production of humanized glyco-
proteins

Jarvis (2003)

Post-translational
modifications

This article gives a comprehensive overview 
of the engineering of post-translational 
modification in insect cells

Ailor and 
Betenbaugh
(1999)

Process design Multiparallel optimization of protein 
production parameters for high-
throughput protein expression

Bahia et al. (2005)

Process design Development of a model describing baculovi-
rus infection kinetics and optimization of 
overall yield. The model developed here 
is the basis of all the successive work on 
optimizing multiplicity of infection and 
time of infection

Licari and Bailey 
(1992)

Process optimization Development of a factorial experimental 
design for multi-parameter optimization

Bedard et al. 
(1994)



Chapter 7
Bioreactors for Bioartificial Organs

G. Catapano

Abstract In this chapter, the design of bioreactors constituting the core of some 
bioartificial organs is discussed. Initially, the problem of cell sourcing is shortly 
addressed. Then, criteria and limitations to current bioreactor design for bioartificial 
organs are presented. Design equations are separately obtained and discussed for bio-
reactors implanted in extravascular body compartments or connected to the blood cir-
culation of the recipient. In the design, attention is focused mainly on oxygen delivery 
to the cells cultured in the bioreactor to prevent oxygen starvation and cell death, and 
to ensure long-term bioreactor function. The properties of the membranes used to 
protect the cell graft and the bioreactor as a whole from the host immune response are 
also discussed briefly. In the end, the bioreactors proposed for bioartificial pancreas, 
liver and the delivery of bioactive molecules are briefly presented and discussed.

7.1 Introduction

Artificial (i.e., made by man) instruments or devices have long been used to replace 
or augment the functions of malfunctioning or failing human tissues. Egyptian 
mummies have shown that wooden stumps were used to replace parts of legs and 
fingers already in 3000 b.c. Wearable eye glasses have been used since the XIV 
century to augment the eyesight. In time, the development of prostheses for the 
substitution of bodily physical functions, such as mechanical support or sight, by 
artificial means has become more rigorous, and has given rise to a discipline termed 
“substitutive medicine” that paralleled and complemented the pharmaceutical 
approach of traditional medicine to healing patients or improving the quality of 
their lives. In the twentieth century, artificial means were developed and introduced 
in the clinics to substitute for some mass and heat exchange function of complex 
human organs. In the forties, for the first time low molecular weight toxins were 
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selectively and successfully removed from the blood of kidney failure patients with 
a membrane device termed artificial kidney (Kolff and Berk 1943). In the fifties, 
the first artificial gas exchange devices were used to replace the lung functions in 
an extracorporeal cardio-pulmonary by-pass and this permitted open heart surgery 
(Gibbon 1954). Today, orthopaedic and eye prostheses bear but a pale resemblance 
to the first ones used in humans. Artificial kidneys and lungs have also become 
established clinical treatments. Yet, artificial prostheses may not substitute for the 
complex regulatory and synthetic metabolic functions of malfunctioning or failing 
complex organs such as liver, pancreas or kidney.

In the last 20 years, research efforts have been concentrated on the development 
of bioartificial organs to overcome the limitations of artificial prostheses. In bioar-
tificial organs, artificial devices are coupled with living cells capable of performing 
most or all of the biochemical metabolic functions of a complex organ. In therapeutic
treatments, bioartificial organs are connected to, or implanted into, the body of 
 diseased patients and are expected to replace, or assist, a failing or malfunctioning 
organ temporarily until a compatible transplantation organ is available, or the natu-
ral organ (and the patient) heals. The bioreactor (i.e., the vessel where cells are 
 cultured), its configuration, scale and operation affects the success of bioartificial 
organs-based treatments to an extent that depends on the importance of the organ’s 
 synthetic and regulatory functions to the healing process, or to the stabilization of 
the patient’s state till transplantation. However, in the treatment of severe organ 
failure, separation (i.e., physical) processes are often needed to: remove endog-
enous or exogenous toxins (the latter is typically the case of intoxicated acute liver 
failure patients) thus fostering the healing process; reduce the burden of cytotoxic 
species on the cells in the bioreactor, and prevent their premature death; protect the 
cellular graft in the bioreactor from rejection of the host (i.e., for immunoprotection 
purpose); or to simply enable the use of particular bioreactor configurations, by 
separating plasma from the blood and treating it in complex bioreactor designs in 
which blood is likely to clot. Success of treatments based on a bioartificial organ 
depends on the optimization of all the devices making up the bioartificial organ (the 
bioreactor being one of them) as a whole, as well as on the patient’s state at the 
beginning of treatment.

In this chapter, information is provided on the bioreactors proposed for some 
developmental bioartificial organs and the criteria currently used to design and 
operate them.

7.2 Cells for Bioartificial Organs

An effective bioartificial organ should perform either all the functions of the paren-
chymal cells of the organ in vivo (i.e., the cells that characterize the organ’s meta-
bolic functions), or only those lacking in the failing or malfunctioning organ and 
most needed for patient recovery. In the absence of clear information on the patho-
physiology of the diseased organ (or tissue), mammalian cells expressing the adult 



differentiated organotypical phenotype (Chap. 2) are generally used. The problem 
is that, except for tumour cells, differentiation generally limits cell proliferation. To 
overcome this limitation, investigations have recently been performed on the use of 
some kind of progenitor cells.

Working with animal or human-derived cells requires observation of ethical and 
safety caution measurements. Obtainment of tissue for primary cell isolation from 
animals is strictly regulated by rules set by governmental agencies (e.g., the 
American Food and Drug Administration (FDA), the European International 
Standard Office (ISO), etc.) to minimize the number of animals sacrificed, and to 
ensure proper animal handling and minimize sufferings. Work with adult or foetal 
human tissue requires the consent of the local ethical committee, and of the patient 
or her/his relatives. On safety grounds, human tissue should also be handled only 
in a Class II laminar flow hood at Containment Level 2 (Freshney 2005).

Several types of cells have been proposed for bioartificial organs. Embryonic or 
neonatal animal cells, and human progenitor or stem cells have been proposed to 
exploit their proliferation capacity. Differentiation is generally induced during cul-
ture when the required cell mass has been obtained. Transfected or transgenic cells 
are selected for the expression of a single organ function: this restricts their use to 
those cases when healing requires provision only of that specific metabolic func-
tion. Tumour cells, preferably non-malignant, have also been proposed for their 
capacity to proliferate and for not requiring anchorage to a support. However, their 
use is limited by the expression of only a subset of the differentiated functions of 
the organ parenchymal cells, and by the risks of malignancy generally associated 
with the leak of cells or tumorigenic soluble factors from the bioreactor into the 
patient’s body. Primary cells and immortalized cell lines are the cell types mostly 
used in bioartificial organs that have been (or are still being) tested in the clinics.

Primary cells. The most straightforward approach to bioartificial organ design 
capable of fostering the healing process is to use parenchymal cells isolated from 
the same organ of similar mammals. In fact, the scarce availability of tissue-
 compatible donor organs and rejection of allografts (i.e., organs from different 
individuals of the same species) or xenografts (i.e., organs from an individual of a 
different species) still limit transplantation to a minor fraction of patients on the 
national waiting lists. Parts of, or whole, xenogeneic organs cultured in bioartificial 
organs exhibit differentiated organotypic functions ex vivo or in vitro for just a few 
hours. Thus, primary cells are preferably isolated from a tissue (or the whole organ) 
by disaggregation with mechanical, chemical or enzymatic means to free them 
from the extracellular matrix (ECM), from undesired non-parenchymal cells and 
from other unwanted cells. Mechanical disaggregation causes more damages to 
cells than the other two techniques. However, hard tissue specimens (e.g., bone) are 
generally mechanically reduced to minute fragments prior to chemical and/or enzy-
matic disaggregation. Organs or parts thereof, are often mechanically disaggre-
gated prior to, or after, chemical or enzymatic treatment to facilitate harvesting of 
the isolated cells. Chemicals capable of chelating calcium ions, Ca+2, (e.g., EDTA, 
citrate) are used to disaggregate a tissue or only to aid cell dissociation. In fact, the 
function of many molecules mediating cell adhesion to other cells or a substratum 
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(e.g., cadherins, cell adhesion molecules (CAMs) ) is mediated by Ca+2 ions. Ca+2

ion depletion loosens up cell junctions and facilitates cell dissociation, albeit with 
a lower isolation yield than enzymatic methods. Enzymes (e.g., collagenase, 
trypsin) are used to digest the collagen and protein-rich ECM that envelopes and 
scaffolds the cells in the natural tissues, thus making it possible to harvest isolated 
cells. All disaggregation techniques remove some cell surface receptors or may 
damage permanently, or even digest, the cells themselves. For instance, parenchy-
mal liver cells (i.e., the hepatocytes) appear to lose some of their oligosaccharide-
lectin binding capacity after isolation (Jaregui 1994). In some cases (e.g., bone 
tissue), after mechanical disaggregation cells migrate out of minute tissue frag-
ments adhering to the surface of the culture vessel and are trypsinized and har-
vested when they grow to confluence. After tissue disaggregation by any means, 
the parenchymal cells are generally purified from cell debris, unwanted cells and 
remnants of the ECM by repeated centrifugation and rinsing with isotonic medium 
and by filtration through molecular sieves. Centrifugation in medium with a density 
gradient is occasionally used to sort out a given subset of cell population. In fact, 
contamination of epithelial cells with unwanted cells may be a major problem when 
cells are isolated to be cultured in a bioartificial organ. In fact, unwanted cells such 
as the fibroblasts may have less stringent metabolic requirements than the epithelial 
or parenchymal cells (e.g., the hepatocytes) and may outgrow them, ending up with 
a bioreactor that is no longer capable of performing the required metabolic func-
tions. A specialized cell type may be selected during isolation with proper molecu-
lar sieves, when cells differ in size, or during the first days of culture by using 
selective, serum-free media supplemented with specific mitogenic factors (e.g., 
promoting proliferation of the epithelial cells and inhibiting the growth of unwanted 
cells). However, cell identity should be carefully characterized prior to using them 
in a bioartificial organ. This may be accomplished by checking many cell pheno-
typic features, such as their morphology, DNA, the expression of specific enzy-
matic activities, or the presence of cell-specific surface antigens, among others. 
Excellent textbooks and reviews are available in the specialized literature where 
optimized cell isolation techniques are described for various tissues and processes 
that maximize the isolation yield (i.e., the number of cells per unit mass of tissue) 
and cell viability, and minimize cell damage (e.g., Freshney 2005).

Strictly speaking, only the cells seeded in a bioreactor and used before their first 
sub-culture (often termed passage) ought to be termed primary cells (Freshney 
2005). After the first sub-culture, cells retaining a limited life span are often 
referred to as finite cell lines. Although they might exhibit some differences, both 
cell types generally grow slowly (some human cell types do not proliferate at all in 
the typical therapeutic treatment times), are contact-inhibited, have important meta-
bolic requirements (as compared to continuous cell lines) but, under proper in vitro 
culture conditions, may be highly differentiated and may express most or all the 
functions of the organ from which they were isolated (Freshney 2005).

Immortalized cell lines. A large number of continuous cell lines have been 
developed and patented that have been mostly obtained from tumour cells modified 
to be immortal and to express some organotypic differentiated functions. These 



cells generally grow faster and have less important stringent metabolic require-
ments than primary cells (e.g., in terms of oxygen consumption rate), yet they are 
often as contact-inhibited as primary cells (e.g., HepG2 or C3a liver cell lines) 
(Sussman et al. 1992). Their features make a virtually unlimited cell mass available 
for the bioreactor, and permit easy bioreactor operation at cell densities typical of 
natural tissue. However, these cells generally express only a few differentiated 
functions typical of the natural organ that the bioartificial organ should replace or 
assist. Concerns do also exist for the risks associated with the leak of cells into the 
patient or soluble factors suspected of being carcinogenic. Immortalized cell lines 
expressing one single metabolic function have been proposed for the treatment of 
pathological states in which the presence of that specific metabolite is thought to 
relieve the symptoms or heal the disease. This is the case of the dopamine-secreting 
PC12 cells that have been proposed for the treatment of Parkinson’s disease 
(Lindner and Emerich 1998) or of the catecholamine-secreting bovine chromaffin 
cells that have been proposed for relieving pain in terminal cancer patients.

7.2.1 Expression of the Adult Cell Phenotype

In vivo, epithelial (or parenchymal) cells are generally organized with other cell 
types (e.g., in the liver the hepatocytes co-exist with Kuppfer, Ito and endothelial 
cells) in hierarchical architectural structures surrounded and mechanically sup-
ported by the extracellular matrix (ECM). Epithelial (or parenchymal) cells estab-
lish intercellular junctions with homologous cells that hold them close together 
(i.e., the desmosomal and tight junctions) or allow transmission of biochemical 
signals between adjacent cells (the gap junctions). The endothelial cells line the fine 
capillary network that vascularize an organ and permit the necessary supply of 
oxygen and nutrients to, and removal of waste metabolites from, the cells. The 
ECM generally consists of different types of collagen, laminin, fibronectin, hyaluro-
nan, proteoglycans, and bind growth factors with an actual composition that is deter-
mined by the cell types present in the tissue/organ. The ECM provides mechanical 
support to the cells and affects their differentiation. In fact, it provides immobilized 
moieties (e.g., the arginine- glycine-aspartic acid (RGD) amino acid sequence) and 
growth factors that promote cell adhesion, direct cell motion and foster cell differen-
tiation. In many organs, this complex network of interactions:

– Causes epithelial cells to polarize, so that each cell side performs a specialized 
function, e.g., in the hepatocytes in the natural liver, nutrients are transported 
through the apical surface facing the vascular endothelial cell lining, and bile is 
eliminated through the basal surface;

– Induces the expression of different enzymatic activities in cells located in differ-
ent zones of the organ, a phenomenon termed as ‘zonation’, e.g., in the natural 
liver, hepatocytes farther away from the blood capillaries exhibit a greater capacity
to remove exogenous drugs;
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– Optimizes nutrient and waste metabolite transport to and away from cells;
– Makes complex, multicellular physiological feedback control mechanisms pos-

sible, e.g., in the pancreas, in the islets of Langerhans three cells types (i.e., 
β-cells, α-cells and δ-cells) closely interact to provide for glucose homeostasis;

– Makes repair and regeneration possible when tissue is somehow damaged;
– Ultimately, makes it possible also for large organs to live and perform the spe-

cialized metabolic functions needed for the homeostasis of the organism.

Owing to the great complexity of tissue/organ structure and physiology, it is 
highly recommended to refer to available textbooks of anatomy and physiology and 
the specialized literature for more exhaustive information. Such a complex network 
of effects leads to “the expression of constitutive (i.e., stably expressed) and adap-
tive (i.e., subject to regulation) phenotypic properties characteristic of the function-
ally mature cell in vivo”, in other words to cell differentiation (Freshney 2005).

When epithelial cells are isolated from an organ or tissue, they are deprived of 
this complex network of relations. This causes cell depolarization, hence their mor-
phology changes from polygonal or elongated (depending on the cell type) to 
round, as shown in Fig. 7.1; cell de-differentiation, hence cells are no longer able 
to perform their specialized metabolic functions; cell death often within a few 
hours, if the cells are cultured as singlets in suspension. Thus, prior to using cells 
for therapeutic purposes in a bioreactor strategies have to be devised and put in 
practice to induce the cells to regain their polarity and differentiate, and to prevent 
their premature death, as well. Fortunately, cells may be induced to differentiate 
in vitro, partly or even completely, provided that media with suitable biochemical 
stimuli are used, the appropriate cell types are co-cultured at high cell density, and proper

Fig. 7.1 Optical microscopy of rat liver cells immediately after isolation and staining with trypan 
blue. Dead cells do not exclude trypan and are stained blue

Intact liver cells Dead or damaged 
liver cells
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support for cell attachment and migration is offered that permits cells reorganiza-
tion as in the natural tissue in vivo. In fact, culture at high cell density (i.e., greater 
than 105 cells cm−2 in monolayer adhesion culture) fosters homotypic cell-cell adhe-
sion and signal transmission among contacting cells. Co-culture of the different cell 
types present in the natural tissue fosters heterotypic cell-cell interactions that have 
been shown to initiate and promote differentiation. For instance, the hepatocyte 
growth factor (HGF) produced by fibroblasts was shown to induce tubule formation 
by cells of the MDCK continuous line from dog kidney (Orellana et al. 1996; 
Montesano et al. 1997). Cell differentiation may also be promoted by supplement-
ing the culture medium with physiological inducers, such as hormones (e.g., insulin 
and glucagon), steroids (e.g., hydrocortisone), vitamins (e.g., vitamin D3 and retin-
oids), cytokines (e.g., HGF and bone morphogenetic protein, BMP), minerals and 
proper dissolved oxygen tension, or/and non-physiological inducers, such as 
dimethylsulfoxide (DMSO) or dexamethasone. Chemical composition, morphol-
ogy and topography of the artificial scaffolds on which cells adhere and in which 
they migrate have been shown to regulate gene expression and the functional 
expression of many cells. Scaffolds resembling the ECM have been produced by 
mixing purified constituents of the natural ECM (e.g., collagen, fibronectin and 
laminin), by using ECM generated by cells that are subsequently destroyed and 
washed off (e.g., acellularized intestinal submucosa), or by using commercial 
matrices such as that generated by the Engelberth-Holm-Swarm mouse sarcoma 
and sold under the trade name Matrigel®. Cell culture in three-dimensional (3D) 
scaffolds made of polymeric or ceramic foams, thin fibres arranged in non-woven 
fabrics, and hollow fibre membranes, or embedded in shrunk gels made of natural 
proteins (e.g., collagen) or polysaccharides (e.g., alginate) has also been shown to 
help isolated cells regain their polarity and to foster cell differentiation and survival 
better than conventional monolayer two-dimensional (2D) culture.

7.3 Bioreactor Design for Bioartificial Organs

Bioreactors are used at any stage of the preparation of bioartificial organs to culture 
cells, in adhesion on two-dimensional (2D) flat substrata or seeded in three-
 dimensional (3D) scaffolds, with the aim of subjecting the cells to controlled and 
closely monitored biochemical, mechanical, electrical or magnetic cues. Primary 
cells are often cultured in Petri dishes or T-flasks prior to seeding them in the bio-
reactor used for therapeutic purposes to let them recover from the isolation stress 
and re-differentiate, or to expand them to the desired mass if tissue was obtained 
from a biopsy. Petri dishes and T-flasks are also used to expand primary progenitor 
or stem cells in an undifferentiated state, to maximize their proliferation capacity 
and to minimize the time to implant. In fact, both bioreactors permit cell culture in 
the absence of mechanical disturbance (e.g., shear stresses) and minimize the 
amount of medium needed at this phase, which is made expensive by the factors 
supplemented to either make primary cells polarize and re-differentiate, or to keep 
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progenitor cells in an undifferentiated state. These bioreactors are dealt with in 
details in Chap. 3, and will not be discussed here.

The rest of this chapter is devoted only to those bioreactors that constitute the 
core of a bioartificial organ. The bioreactor designs proposed are rather original and 
often differ from those typically used for technological applications. For the sake 
of brevity, only those bioreactors used in bioartificial organs that have been tested 
in the clinics or in animal models are considered. The bioreactors proposed have 
volumes ranging from a few microlitres to about a litre, and host from a few cells 
(as in the treatment of diabetes, Parkinson’s or Alzheimer’s disease) to more than 
600 g cells (as in the support to acute liver failure (ALF) patients) generally 
arranged in a fixed bed. Hence, these bioreactors are operated batch-wise with 
respect to the cells used independent of how nutrients are supplied to, and waste 
metabolites removed from, the cells (e.g., continuously or batch-wise). Most biore-
actors used for bioartificial organs are membrane bioreactors (Sect. 5.1.3). The 
reason for this is that, when connected to, or implanted into, the recipient’s body the 
bioreactor components are sensed by the body as “foreign” which activates the body’s 
humoral (i.e., soluble) and cellular immune defence systems to reject the biore actor 
(i.e., eliminate or expel it). Polymeric permselective membranes have been effectively 
used to protect the cells in the bioreactor from rejection. These membranes act as 
selective barriers that compartmentalize the cells in an immuno-privileged 
 compartment (i.e., the cell compartment) by preventing immune-competent cells and 
proteins from crossing their wall, yet they are freely permeable to the nutrients 
and metabolites necessary for cell survival and metabolism. Those proposed are 
mostly membrane compartmentalized cell reactors (MCCRs), and share the advanta-
geous features of this type of bioreactors (Sect. 5.1.3).

The design of bioreactors for bioartificial organs is made more complex than 
those for industrial applications by a number of concomitant factors. In fact, the 
cells in the bioreactor have to perform multiple metabolic tasks (i.e., excretory, 
synthetic and regulatory) at the same time and are operated under conditions far 
more critical than in healthy patients for the accumulation of endogenous toxins or 
immune proteins caused by multi-organ failure and by the activation of the patient’s 
immune response. For example, this is the case of acute liver failure patients in 
whose blood hepatic toxins accumulate and who often develop a concomitant mul-
tiorgan failure before treatment begins. Ideally, the cells should remain viable and 
should express differentiated organotypical functions till the patient heals. The bio-
reactor should also adjust its performance to the changing metabolic state (and 
needs) of the patient, as treatment progresses in time. Bioreactor connection to, or 
implantation into, the patient’s body restricts the possible external control of the 
operator on the bioreactor performance, and makes it difficult even to monitor the 
actual bioreactor performance during treatment. The contact of bioreactor constitu-
ents (i.e., cells and materials) with physiological fluid and tissues is likely to change 
their properties, an actual host vs. graft response. In fact, the xeno- or allogeneic 
cells or the materials used may be recognized as foreign by the recipient’s immune 
system and be rejected, e.g., by enclosing the bioreactor in a fibrotic capsule. 
Plasma or blood proteins may adsorb on the membranes used in the bioreactor to 
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protect the cells from rejection and worsen their separation and transport properties. 
Activation of the coagulation system may cause blood coagulation resulting in the 
bioreactor occlusion and require its replacement. Likewise, the contact of physio-
logical fluids and tissues with bioreactor constituents is likely to change their prop-
erties, an actual graft vs. host response. In fact, xenogeneic cells may shed antigens 
that may cross the immune barrier and trigger hypersensitivity or anaphylactic reac-
tions. Cytokines may accumulate in the patient’s blood as a result of the cellular 
system activation caused by the contact with the bioreactor materials. Cells of 
tumoural origin in the bioreactor might leak or might release soluble species that 
might put the patient at the risk of developing a tumour.

The definition of the therapeutic performance that the bioreactor should deliver 
is also at times elusive. In fact, the pathophysiology of the organ failure and the cell 
metabolism in the bioreactor are often only partially known. This has certainly to 
do with: the strongly case-to-case varying causes of the organ failure; the broadly 
varying patient’s metabolic state at the time that permission is given to start the 
treatment; and the often purely qualitative knowledge of cell metabolic reactions 
and their kinetics in vitro. This causes a great uncertainty in the definition of the 
performance that the bioartificial organ as a whole, and the bioreactor in particular, 
has to deliver. In fact, depending on the extent of the organ damage (e.g., an organ 
with most parenchymal cells still living has a greater chance of healing than one 
whose cells are mostly or all dead) and of the damages caused to other organs, both 
the metabolic functions that should be replaced and the rate at which these meta-
bolic processes should be provided by the bioartificial organ might change.

Today, design objective functions for bioartificial organs and the bioreactors 
used are generally defined in terms of the cell mass necessary for the organ self-
recovery, the rate of metabolic product synthesis or nutrients consumption, and/or 
the response time for hormone excretion and delivery following a metabolic chal-
lenge. These parameters are generally required to match the corresponding physio-
logical values of the healthy natural organ. Bioreactor configuration, operation and 
scale, as well as its required operating lifetime, greatly vary with the application. 
The bioreactor may be designed to be operated intermittently for a few hours at a 
time (as in the support to ALF patients), or continuously (and ideally) for patient’s 
lifetime (as in the treatment of diabetic or Parkinson’s patients). Independent of the 
specific application, all bioreactors have to fulfil a few common requirements: cells 
should be maintained in a viable and differentiated state for as long as the treatment 
is needed; cells should be protected from rejection of the recipient’s immune sys-
tem; bioreactors and the treatment as a whole have to be biocompatible: this means 
that they should not do any short nor long-term harm to the patient; bioreactors 
should be easily scaled-up and sterilized; bioreactors should be ready for use on 
demand (this requirement is particularly important for the treatment of acute 
patients); the bioreactor should be easily replaceable in case of failure with minimal 
hassle or harm to the patient. Effective therapeutic treatments based on a bioartifi-
cial organ have to meet a few additional necessary (albeit not sufficient) require-
ments: the organ-specific metabolites synthesized by the cells in the bioreactor in 
response to metabolic signals (e.g., insulin in the case of the bioartificial pancreas) 
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have to return unhindered into the patient’s blood circulation in physiological 
times; blood-borne toxins have to be cleared quickly to stabilize the patient’s state; 
the treatment as a whole (and not only the bioreactor) has to be biocompatible
(i.e., it must not cause any harm to, nor must it expose the patient to risks).

Bioreactors for bioartificial organs are better classified based on how they are 
connected to, and are located with respect to, the patient, each connection posing 
specific constraints to bioreactor design. Bioreactors implanted into the patient’s 
body are termed “intra-corporeal” (IC), whereas those located external to the 
patient are termed “extra-corporeal” (EC). Bioreactors connected to the patient via 
the blood circulation, generally as an artery-to-vein shunt, are termed “intra-vascu-
lar” (IV), whereas those in direct contact with the tissues or other body fluids are 
termed “extra-vascular” (EV). Independent of the actual design, most proposed 
bioreactors for bioartificial organs consist of three compartments (Fig. 7.2): the
body fluid compartment; the membrane compartment; the cell compartment. The 
body fluid compartment is filled with the blood or plasma flowing from the 
patient’s circulation in IV bioreactors, or with stagnant physiological fluids or tis-
sue in EV bioreactors whose nature and volume depends on the site where the bio-
reactor is implanted. The membrane generally acts as a molecular sieve selecting 
the species exchanged between the liquid and the cell compartment. The organ-specific 
cells are located and cultured in the cell compartment, in adhesion, free in suspen-

Fig. 7.2 Scheme of the compartments and concentration profiles in a typical bioreactor for bio-
artificial organs
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sion or attached to microcarriers (e.g., beads or fibres). Nutrients, metabolic cues 
(i.e., oxygen, hormones, growth factors, etc.) and toxins are generally supplied to 
the cells in the bioreactor from the body fluid compartment. To reach the cells, 
nutrients and toxins (generally present in the body fluid at the highest concentra-
tion) must be transported: from the body fluid bulk to the fluid-membrane interface; 
across the membrane wall; from the membrane/cell interface into the cell mass. 
Organ-specific metabolic products and waste metabolites are transported in the 
opposite direction from the cell compartment (where they are produced and are 
present at the highest concentration) towards the body fluid compartment. Whether 
the bioreactor design and operation meet the cell metabolic requirements and the 
set therapeutic objectives depends on the rate at which essential nutrients and 
metabolites are exchanged from the body fluid to the cell compartment and vice 
versa. The actual rate at which metabolic species are transported across compart-
ments, hence the mass per unit time cleared from the body fluid or released into the 
body fluid (as well as the time that the transfer takes), depends on the mass trans-
port resistance of each compartment. Hence, it depends not only on the solute 
physical-chemical properties and its mobility in each compartment, but also on the 
fluid dynamics of each compartment.

In the following section, the bioreactor design problem for bioartificial organs is 
discussed separately for EV and IV bioreactors for the different problems posed by 
the different connection to the patient’s body. For that said above, in all bioreactors 
cells are cultured (or co-cultured) at high densities nearing those in natural tissues. 
In vivo experiments with the proposed bioartificial organs show that a necrotic core 
often forms in the cell compartment regions of a bioreactor farther away from the 
nutrient and oxygen source, and is likely to be caused by oxygen and nutrient 
deprivation (Sect. 5.1.3). Thus, currently bioreactor design is also required to 
ensure that nowhere in the cell compartment cells are cultured at sub-physiological 
(i.e., hypoxic) or nul (i.e., anoxic) dissolved oxygen concentrations. For this reason, 
in the following design equations are presented focussing on oxygen transfer in 
different bioreactor types.

7.3.1 Extravascular (EV) Bioreactors

In EV bioreactors, cells or cell clusters are compartmentalized in a close environ-
ment either in the lumen of tubular or hollow fibre membranes sealed at the ends, 
or between two flat sheet membranes sealed at their periphery, or inside hollow 
spherical microcapsules coated with a perm-selective outer membrane, as shown in 
Fig. 7.3. These bioreactors are also referred to as macro- or microencapsulated cell 
bioreactors depending on their size.

The site of implantation defines the conditions of the body fluid compartment, 
at which rate species are transported from the bulk body fluid (i.e., tissue or physi-
ological fluid) towards the membrane, and the type of immune activation elicited 
by the bioreactor. Depending on the specific application, EV bioreactors have been 
implanted in the peritoneal cavity, the kidney capsule, the thigh muscles, the spleen, 
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the external wall of the stomach, the back wall of abdominal muscles, subcutane-
ously, in the cerebrospinal fluid, in the striatum, among others. The peritoneal cavity
is often preferred for its vascularization and the lower fibrotic response (see below). 
In some cases, prior to cell seeding, the bioreactor is implanted subcutaneously for 
a few days to pre-vascularize the membrane wall and to minimize external diffusion 
limitations to oxygen and nutrients transfer from the capillaries at the implantation 
site to the cells (De Vos et al. 1997). These bioreactors are often referred to as 
organoids. Cells have been compartmentalized in spherical microcapsules with 
diameter ranging from ca. 250 to 1,200 mm, in hollow fibre membranes a few hun-
dred microns in diameter and up to ca. 40 cm long, and between flat sheet mem-
branes in patches up to 4 × 8 cm large and ca. 250 mm thick.

Design of these bioreactors is generally approached with mass transfer models 
developed under the same assumptions introduced for MBR design (Sect. 5.1.3). 
Additionally, the body fluid compartment is generally supposed to be completely 
stirred and the resistance to mass transport in this compartment is often neglected 
on account of the good vascularization of the implantation site. Based on the fact 
that bioreactors with larger external surface areas activate to a greater extent the 
immune system of the recipient, cells are generally cultured at high density in the 
bioreactor and their concentration is not supposed to vary in time (i.e., the bioreactor
is operated at steady state). As soluble nutrients and metabolic cues are transported 
across the cell mass they are also consumed by the cells. Their concentration 
decreases more than linearly away from the body fluid compartment (i.e., their 
source) yielding a spatial concentration profile that locally matches the net solute 
flux to its consumption rate. A suboptimal bioreactor design might cause nutrients 
and oxygen to become insufficient to ensure cell survival in the farthest regions 
from the nutrient source, thus causing cell death. This makes oxygen and nutrients 

Fig. 7.3 Scheme of EV bioreactors for bioartificial organs
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delivery to the cells the actual current design criterion to ensure cell survival in a 
differentiated state throughout the bioreactor cell compartment.

If transport of relevant solutes is not considered limited, or affected, by membrane 
resistance, design equations for EV bioreactors of different geometry may be readily 
obtained by writing the mass balance equation for the nutrient only in the cell compart-
ment. In the following section, reference is made only to the transport of the cell-
 permeable oxygen (as was done for MBR design) for its importance to cell viability 
and metabolic functions. As said above, cells are cultured at high densities because this 
favours cell polarization, re-organization in in-vivo-like structures and, eventually dif-
ferentiation. Collagen, ECM or alginate are also purposely used to provide a substra-
tum for cell attachment or to hold the cells in given spatial positions (and prevent their 
fall to the bottom of the bioreactor), or ECM is produced by the cells. Thus, in the cell 
compartment little room is left for a convective liquid flow through the cell mass and 
solute transport can be assumed to occur mainly by a diffusive mechanism. The value 
of the effective diffusion coefficient in a tissue-like cell mass has been reported to be about 
50% of that in water for the presence of cells and highly concentrated structural proteins 
(Chresand et al. 1988). This yields a typical D

eff
 for oxygen of ca. 1.6 × 10−5 cm2 s−1

at 37 °C (Wilke and Chang 1955). The rate dependence of oxygen or nutrients consump-
tion on oxygen or nutrients concentration is generally expressed according to a 
Michaelian equation (Chap. 2). However, oxygen or nutrient concentration is often 
presumed to exceed the Michaelis constant so that the metabolic reaction rate is often 
considered independent of nutrient or oxygen concentration (i.e., zeroth order kinet-
ics). Cells inside a micro- or macrocapsular bioreactor implanted extravascularly are 
generally presumed to be cultured under uniform environmental conditions. Neglecting 
transport across the ends or the periphery of the capsule, the dissolved oxygen concen-
tration may be assumed to change only along a direction perpendicular to the mem-
brane surface. For a flat sheet macrocapsule, if membrane resistance to oxygen 
transport is negligible, the dissolved oxygen concentration profile in the cell compart-
ment is obtained from the one-dimensional steady state mass balance equation for dis-
solved oxygen about the control volume comprised between two parallel planar 
surfaces at a differential distance from one another (as shown in Table 7.1) yielding:
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B.C.1 states the symmetry of the concentration profile. B.C.2 states that the dis-
solved oxygen concentration at the cell/membrane interface equals that in the body 
fluid bulk for negligible membrane and body fluid resistance to oxygen transport. 
Solving Equation (7.1) for C

C
 yields the non-dimensional spatial solute concentra-

tion profile through the cell mass:
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where

φ δ2 2=
V C

D
max / L

eff

(7.3)

is the squared Thiele modulus for zeroth order kinetics. f2 compares the maximal 
metabolic oxygen consumption rate to the maximal solute transport rate in the cell 
compartment. Mass balance equations for cylindrical and spherical capsular biore-
actors are reported in Table 7.1 together with suitable boundary conditions. 
Equation (7.2) shows that the dissolved oxygen concentration in the cell mass 
decreases with the distance from the outer membrane and depends only on the 
Thiele modulus. Figure 7.4 shows that, when metabolically active primary cells are 
cultured in the ICS at cell densities nearing that in vivo, oxygen concentration, C

C
,

steeply decays from its body fluid bulk value into the cell mass, and cells farther 
away are severely deprived of oxygen also at lower cell densities. Figure 7.4 shows 

Table 7.1 Scheme, mass balance equation, and concentration profile of a consumable solute (e.g.,
dissolved oxygen) in EV capsular bioreactors of different geometry inside which organotypical 
cells are cultured, for negligible resistance to oxygen transport in the membrane and the body 
fluid. See Nomenclature for symbols
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also that oxygen deprivation is less of a problem for immortalized cell lines that 
generally feature lower OCRs. Immobilization of primary cells in shrunk gels has 
often been used to control the spatial cell distribution and hinder cell aggregation 
as a means to minimize local oxygen depletion and starvation.

If membrane resistance to oxygen transport is not negligible, the dissolved oxy-
gen concentration at the cell/membrane interface, C

CM
, is no longer equal to the 

body fluid bulk value, C
L
. Its value may be estimated from an oxygen balance at the 

cell/membrane interface, where the oxygen molar flow rate across the whole mem-
brane area matches the rate at which oxygen is metabolically consumed by the cells 
in the cell compartment, to give:

2 2P A C C V Am L CM−( ) = max δ (7.4)

Fig. 7.4 Spatial oxygen concentration profiles for various cell metabolic activities or cell density 
(i.e., Thiele modulus, f) of bone cells (i.e., osteoblasts) compartmentalized inside a flat slab mem-
brane EV bioreactor 150 mm thick, implanted in peripheral tissue: (–––) neonatal pig calvarial cells, 
X

c
 = 5 × 108 cells mL−1, f = 2.63; (– – –) rat calvarial cells, X

c
 = 5 × 108 cells mL−1, f = 0.93; (– - –) 

guinea pigs calvarial cells, X
c
 = 5 × 108 cells mL−1, f = 0.69; (. . . . .) MC3T3 immortalized cell line, 

X
c
 = 5 × 108 cells mL−1, f = 0.036; (–––) neonatal pig calvarial cells, X

c
 = 1 × 108 cells mL−1,

f = 0.53; (. . .) minimal dissolved oxygen concentration in peripheral tissue.
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and
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V
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m

= − max .δ (7.4a)

Integrating (7.1) with the following B.C.2

B C C CM. .2x C C= =δ (7.1a)

yields the actual dissolved oxygen concentration profile in the cell compartment, as 
follows:
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Substituting (7.4a) in (7.2a) yields:
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where

Bi
P

Dmem
m

eff

=
δ (7.5b)

is an analogue of the dimensionless membrane Biot number, which compares the 
diffusive oxygen transport across the membrane and into the cell compartment. 
Equation (7.5a) shows that the dissolved oxygen concentration in the cell compart-
ment decreases away from the cell/membrane interface into the cell mass more 
steeply than for negligible membrane resistance to oxygen transport. The actual 
concentration profile depends not only on the Thiele modulus but also on the 
dimensionless f2/Bi

mem
 group that accounts for such membrane resistance.
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7.3.2 Intravascular (IV) Bioreactors

The proposed IV bioreactors may be classified either as membrane compartmental-
ized cell reactors (MCCRs) or as perfused cell reactors (PCRs). In MCCR-type IV 
bioreactors, the cells are compartmentalized in a closed shell outside hollow fibre 
membranes arranged in a shell-and-tube configuration, or outside a single large 
diameter tubular membrane, as a suspension of single or clustered cells, in adhesion 
on the membrane surface, or attached to microbeads, as shown in Fig. 7.5. Blood 
or plasma flows in the membrane lumen, supplies the cells with nutrients, oxygen 
and metabolic cues, and is enriched in cell-synthesized metabolic products that are 
brought back to the host blood circulation. In a few bioreactor types, cells have 
been compartmentalized in the lumen of hollow fibre membranes arranged in a 
shell-and-tube configuration and whole blood has been perfused in cross-flow 
through the bioreactor shell. In PCR-type IV bioreactors, the cells are attached to a 
3D scaffolding matrix (e.g., non-woven fabrics, porous foams, or a membrane net-
work), in clusters at low density or at tissue-like density, packed in a bioreactor 
housing and are continuously perfused with plasma separated from the patient’s 
blood with plasmapheresis membranes or continuous centrifuges. Flowing whole 
blood in these bioreactors is considered inconvenient for the possible blood clotting 
caused by the activation of the coagulation system.

Design of MCCR-type bioreactors. The design of MCCR-type IV bioreactors 
may be approached as was done for the MCCRs used for technical applications 
(Sect. 5.1.3). The only difference lies in the properties of the liquid flowing along or 
across the membranes, in the ICS or the ECS, respectively. The plasma is Newtonian 
(i.e., the shear stress is proportional to the shear rate) and features a viscosity of 
h

p
 = 1.2 cP slightly higher than water for the high protein concentration. When blood 

flows in the liquid compartment, description of its fluid dynamics, particularly in 
complex channel geometry, is made awkward by its non-Newtonian behaviour 
caused by the concomitant presence of cells and blood proteins (in particular fibrino-
gen). In fact, when subjected to a shear field, blood features a yield stress (i.e., blood 
does not flow below a threshold shear rate) largely dependent on the blood cell vol-
ume fraction (i.e., the hematocrit), and, as it flows, the square root of the shear stress 
increases proportional to the square root of the shear rate, as adequately described 
by the Casson equation (Middleman 1972). When the shear rate exceeds about 
100 s−1 the blood exhibits a Newtonian behaviour (Whitmore 1968). Moreover, when 
blood flows in small bore membranes, the shear rate field exerts a spin on the larger 
cells in the flow channel (i.e., the red blood cells, RBCs) that pulls them away from 
the liquid-membrane interface. This causes a cell-free layer to form near the mem-
brane surface where transport takes place. On the account of all this, blood is often 
assumed Newtonian with a viscosity h

B
 = 3.0 cP (Fournier 1999). The diffusion 

coefficient of the soluble species in the plasma, D
P
, or blood, D

B
, is also different 

than in water for the presence of blood proteins and cells. Estimates of D
P
 can be 

obtained by correcting the solute diffusion coefficient in water for the different 
 viscosity according to Equation (5.11). This gives an approximate value of
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Fig. 7.5 Scheme of different IV bioreactors for bioartificial organs: (a)–(d) MCCR-type bioreac-
tors, of which (a)–(c) proposed for bioartificial livers, (d) proposed for bioartificial pancreas; 
(e)–(f) PCR-type bioreactors proposed for bioartificial livers. (Published with permission from 
Catapano and Gerlach 2007)



Fig. 7.5 (continued)
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Fig. 7.5 (continued)

D D DP
w

P
S S=

h
h

≈ 0 63. at 37 °C. Estimates of D
B
 can be obtained with models

accounting for the cell volume fraction, H (i.e., the hematocrit), such as that by 
Maxwell (1873):
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where D
cell

 is the solute diffusivity in the cells. Hence, considerations and conclu-
sions presented for MCCRs for technical applications may be extended also to 
those used for bioartificial organs provided that proper viscosities and diffusion 
coefficients are used for the estimation of the relevant dimensionless groups deter-
mining the bioreactor behaviour.

Design of PCR-type bioreactors. The design of PCR-type IV bioreactors is addressed 
differently depending on the actual cell density. At tissue-like density, a similar approach 
may be used to that done to model transport in the ECS of MCCRs (Sect. 5.1.3). The 
plasma flux across the cell mass promoted by the applied hydrostatic pressure differ-
ence is estimated according to Darcy’s law, as in Equation (5.26), and provision is made 
for the rates of the metabolic production or consumption reactions. At low cell density, 
plasma flow is relatively unobstructed through highly porous scaffolds and around 
clusters of cells hanging from the scaffold surface. The concentration of oxygen and 
nutrients in the plasma bulk decreases along the bioreactor length but also from the 
cluster periphery bathed by the plasma into the cell cluster, at any given bioreactor sec-
tion. Once more, let us refer to oxygen for its importance to the cells. The dissolved 
oxygen concentration anywhere in the bioreactor or the cell cluster requires solution of 
coupled oxygen balance equations both in the plasma and the cell cluster. However, a 
pseudo-homogeneous approach may still be used to obtain the dissolved oxygen con-
centration profile along the bioreactor length provided that the metabolic reaction rate 
term accounts for the resistance to oxygen transport from the bulk plasma to the cluster 
periphery and inside the cell cluster, to account for oxygen transport and reaction into 
it. In the clusters, cells are generally aggregated at such a high density that oxygen 
transport inside the cluster may be assumed to occur by a purely diffusive mechanism. 
In this case, the oxygen concentration decay inside the cell cluster may be accounted 
for by introducing an efficiency factor, η, as in the traditional chemical reaction engi-
neering approach to transport in porous catalysts. The effect of the mass transport resist-
ance inside and outside the cell cluster on the bioreactor behaviour may be more easily 
understood when the rate of oxygen consumption linearly depends on the dissolved 
oxygen concentration. This condition is likely to be established in sections close to the 
bioreactor outlet where the plasma is oxygen depleted and its concentration is likely to 
be C

L
 < < K

m
. In this case, the external and internal resistance to oxygen transport add 

up and an overall efficiency factor, h
ov

, may be defined accounting for all occurring 
phenomena, which is constant throughout the bioreactor. At steady state, at any section 
of the bioreactor the oxygen flux from the bulk plasma to the cell cluster periphery 
matches the rate at which oxygen is consumed inside the cell cluster, as follows:

k C C A k C AL L LC ext c LC− ) =( η int , (7.7)

where: A
ext

 is the cluster external surface area (e.g., A
ext

 = πd
c
2, for a spherical cluster 

of diameter d
c
); A

int
 is the outer cell surface area in the cluster (e.g., A

int
= a

v
π d

c
3/6, for 

a spherical cluster); k
c
 is the kinetic constant for oxygen consumption per unit cell 



300 G. Catapano

surface area in the cluster (i.e., k
c
» V

max
”/K

m
); k

L
 is the oxygen mass transport coeffi-

cient in the plasma; and a
v
 is the external cell surface area per unit cluster volume, 

which can be assumed proportional to the actual cell concentration per unit cluster 
volume, X

c
. Equation (7.7) may be solved for oxygen concentration at the plasma–

cluster interface, C
LC

, to give:

C
k A

k A k A
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L ext c
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+ η int

. (7.8)

The overall efficiency factor, η
ov

, is obtained by setting the right hand side of 
Equation (7.7) equal to η

ov
kc A

int
C

L
 (i.e., by relating the reaction rate to the dis-

solved oxygen concentration in the bulk plasma as the driving force) and by substi-
tuting Equation (7.8) for C

LC
 to give:
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where φ2 = k
c
 a

v
 d

c
2/(4 D

eff
) is the squared Thiele modulus for first order kinetics, and 

Bi is the Biot number, Bi = k
L
d

c
/D

eff
. Equation (7.8) shows that the external resistance 

to oxygen transport reduces the dissolved oxygen concentration at the periphery of 
the cell cluster as compared to its bulk value. The resistance to oxygen transport 
external to the membrane encapsulating the cells may be expected to have similar 
effects on the dissolved oxygen concentration at the membrane–tissue interface in EV 
bioreactors when the tissue/physiological fluid at the implantation site is poorly 
vascularized or poorly stirred. The actual external resistance to oxygen (or other 
metabolites) transport towards the cell cluster may be estimated from semi-empirical 
correlations in literature, such as those for flow through porous beds of particles of 
different geometry (Bird et al. 1960). Semi-empirical correlations in the technical lit-
erature show that the solute mass transport coefficient may be maximized (hence 
mass transport resistance may be minimized) by optimizing the channel geometry 
and maximizing the plasma velocity, to an extent permitted by the limits on the shear 
rate tolerated by proteins and cells and by the sustainable pressure drops.

Under the following assumptions: solutes are uniformly distributed at a bioreac-
tor section normal to its axis; the kinetics of oxygen consumption in the cell cluster 
is first order in its concentration; cell density is constant; and the axial Peclet 
number is high (i.e., solute axial diffusion is negligible with respect to axial con-
vection), taking the limit for ∆x→0 of the oxygen mass balance about a differential 
control volume of plasma comprised between two bioreactor cross-sections at dis-
tance (x) and (x + ∆x) from the bioreactor entrance (Fig. 7.6) yields:

U
C

x
k CLd

d ov c L= −η . (7.10)
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In (7.10), U is the superficial velocity in the plasma flow channel (i.e., the veloc-
ity estimated as if the whole bioreactor cross-sectional area were available for 
flow). Equation (7.10) may be integrated with the following boundary condition:

B.C. x=0 C CL L,in= ,

where C
L,in

 is the dissolved oxygen concentration in the plasma stream entering the 
bioreactor, to give the dissolved oxygen concentration at any section along the bio-
reactor length, as follows:

C x C
k

U
x

L L in

ov c

Fogler( ) =
−

, exp ( ).
η

1999
(7.11)

The dissolved oxygen concentration profile across spherical cell clusters posi-
tioned at a distance x from the plasma entrance may be obtained from a mass bal-
ance on oxygen in the cluster, as follows:
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Fig. 7.6 Scheme of a Perfused Cell Reactor (PCR) with cell clusters adherent to a 3D porous 
scaffold showing the qualitative dissolved oxygen concentration profile around the cell cluster
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Similar considerations apply to cell clusters of different geometry (e.g., flat slab 
or cylinders) provided that the A

int
/A

ext
 ratio in Equation (7.9) and the concentration 

profile in Equation (7.12) used apply to the specific geometry. The latter can be 
found in textbooks of chemical reaction engineering (e.g., Bird et al. 1960; 
Levenspiel 1972; Fogler 1999). Different consumption kinetics yield a Thiele 
modulus, f2, and an overall efficiency, h

ov
, depending on the local plasma concen-

tration and require the numerical solution of the resulting equations.

7.3.3 Membrane Immunoprotection in Bioartificial Organs

Semi-permeable membranes are used in bioartificial organs to protect the bioreac-
tor constituents (particularly the allo- or xenogeneic cells cultured in the bioreactor) 
from the host immune response. The membranes are generally directly located in 
the bioreactor, as in EV bioreactors. For some applications, they are also used in the 
extracorporeal circulation loop to continuously separate plasma from the patient’s 
blood which is continuously fed to the bioreactor, as in many bioartificial livers for 
the support to ALF patients.

The membrane separation properties (Sect. 5.1.3) must prevent the passage of 
immune-competent cells (e.g., macrophages) and proteins (e.g., antibodies and 
complement proteins) across the membrane wall, while permitting the unhin-
dered exchange of essential nutrients, growth factors, toxins to be cleared, and 
metabolic products of therapeutic relevance between the body fluid and the cell 
compartment. Examples of metabolic products of therapeutic relevance are insu-
lin in the treatment of diabetes (i.e., for a bioartificial pancreas), and coagulation 
proteins in the treatment of ALF patients (i.e., for a bioartificial liver). Membranes 
with pores a fraction of a micron in diameter have been shown to reject the cells 
of the immune system and successfully protect xeno- or allogeneic cells from 
rejection (Colton 1995). However, these membranes do not prevent the passage 
of antibodies and complement proteins that are produced by the recipient’s 
immune system in response to the antigens shed by the xenogeneic cells in the 
bioreactor. Actually, antibody binding to the cell surface antigens in the bioreactor 
in the absence of immune cells is not lethal to the cells. However, in the presence 
of the complement proteins the cells may be killed by complement activation and 
formation of the membrane attack complex (Iwata et al. 1999). Discussion of the 
complement system and its activation mechanisms is beyond the scope of this 
chapter and reference should be made to specialized textbooks (e.g., Fournier 
1999). It suffices to say here that the first protein to be activated along the classi-
cal pathway of complement activation is the protein C1. In particular, its subunit 
C1q is the first subunit activated that must bind to an antigen bound IgM, or sev-
eral IgGs, to start the cascade of complement reactions leading to cell destruction. 
Hence, activation of the complement cascade may be prevented by using mem-
branes totally rejecting the subunit C1q, a protein with a MW of ca. 400,000 and 
a maximal width of ca. 30 nm (Colton and Avgoustiniatos 1991). Discussion of the 
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separation properties of synthetic membranes in Sect. 5.1.3 has made it clear that 
they are but ideal separators and that, molecules may cross the membranes with 
a higher MW than the membrane NMWCO. An effective rule-of-the-thumb is 
that, for a successful separation, membranes ought to be used whose NMWCO is 
about ten times lower than the MW of the molecule that must be rejected. Indeed, 
commercial and tailor-made membranes for UF and MF have been successfully 
used for bioartificial organs with a NMWCO ranging from ca. 50,000 to 0.1 mm
to protect the cells cultured in the bioreactor. However, these membranes gener-
ally cannot reject the antigens shed by the xenogeneic cells cultured in the biore-
actor. As they enter the host’s organism, antigens might trigger an immune 
reaction of the recipient leading to an anaphylactic reaction or antibody-mediated 
hypersensitivity reaction that may even be deadly. Transplantation of membrane 
immuno-protected xenogeneic islets of Langerhans has shown that antigen shed-
ding indeed causes the production of antibodies against the antigens, but without 
any apparent pathological effect (Scharp et al. 1994).

An important aspect of the membranes used in bioreactors for bioartificial 
organs is their biocompatibility. The biocompatibility concept encompasses a large 
number of requirements that have to be met. Membranes have to be made of materi-
als that do not start a life-threatening immune response, that are not cytotoxic, or 
release toxicants during the treatment, among others. National regulatory agencies 
issue a series of tests that the materials must pass before they can be used in a thera-
peutic treatment. In addition to these requirements, the way membranes are made 
and used may trigger an immune response that may cripple the bioreactor perform-
ance and require its replacement. For IV bioreactors, the most serious issue is the 
activation of the coagulation system. In fact, membranes with a rough, platelet-
activating blood-contacting surface, and the presence of stagnant regions or sharp 
edges in the blood flow channel may activate the coagulation system and cause the 
formation of blood clots. These may threaten the patient’s life if released in the 
blood circulation, or may block the blood flow channels and occlude the bioreactor. 
In many bioartificial livers using IV bioreactors, plasmapheresis MF membranes 
are used to continuously separate plasma out of blood which is fed to the bioreactor. 
Removal of blood cells from the feed stream prevents the formation of blood clots 
in the bioreactor, and its occlusion, caused by the activation of the host coagulation 
system. For EV bioreactors, the most serious issue is the activation of the foreign 
body reaction, a complex sequelae of events triggered by the surface chemical 
composition, morphology, topography and shape of the membrane encasing the 
implanted bioreactor. The foreign body reaction starts with an acute inflammatory 
response and leads to the development of granulation tissue that ultimately causes 
the formation of a thick fibrotic capsule around the bioreactor. Fibrotic capsules are 
mainly composed of collagen, macrophages and fibroblasts, and are generally 
poorly permeable to essential solutes (e.g., oxygen and nutrients). The cells in the 
fibrotic capsule wall further reduce oxygen and nutrients transport to the organo-
typic cells in the membrane bioreactor because they use up these substrates for their 
own metabolism. This ultimately leads to the loss of cell function and the death of 
the organotypic cells.
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Membranes made of regenerated cellulose, polyamide, polyetheretherketone, polysul-
phone and its derivatives, polypropylene and polyvinylchloride-acrylic copolymers have 
been used for IV bioreactors (Silva et al. 2006). Hollow fibre membranes made of poly-
ethersulphone or polyvinylchloride-acrylic copolymers (NMWCO ranging from ca. 
50,000 to 80,000), and flat sheet acrylonitrile ultrafiltration (NMWCO of ca. 65,000) or 
polycarbonate microfiltration membranes (maximal pore size of ca. 0.1–0.6 mm) have 
been used for EV macro encapsulated bioreactors (Silva et al. 2006). A sandwich of cross-
linked acellular alginate flat sheets sealed at its periphery has also been used to protect 
cells embedded in an alginate gel, and implanted EV (Storrs et al. 2001). Alginate or aga-
rose are among the most used materials to prepare spherical microcapsular EV bioreac-
tors. Cell-containing microcapsules of alginate are often formed by dropping into a 
calcium chloride solution droplets of a cell suspension in sodium-alginate. The exchange 
of ions makes alginate precipitate, and promotes the gel bead formation. The separation 
properties of the alginate beads are often improved either by coating their surface with a 
layer of poly-l-lysine or by cross-linking alginate with barium ions. In the former case, 
the bead biocompatibility have been improved by coating the microcapsule with an addi-
tional layer of alginate. Alginate composition, purity, MW and the conditions under which 
the beads are produced are reported to have an important effect on the properties of the 
microcapsular bioreactor obtained (Silva et al. 2006).

7.4 Commercial Bioreactors and Applications

In the last 20 years, several bioreactor types have been developed for bioartificial 
organs designed to assist patients with failing liver (Catapano 1996; Allen and 
Bathia 2002; Catapano and Gerlach 2007), pancreas (Silva et al. 2006) and kidneys 
(Humes et al. 2002), or to deliver bioactive molecules to patients that were thought 
to alleviate their pathological state (Aebischer et al. 1991). The bioreactor configu-
ration and operation, the membranes used and their geometry, vary widely depend-
ing on the specific requirements that the bioreactor, and the bioartificial organ as a 
whole, is to meet. For this reason, in the following section the set of requirements 
for each application is discussed together with some proposed bioreactors. The 
Reader should be warned that what is reported below is not intended to provide an 
exhaustive picture of what has been proposed over the years. In fact, reviewing the 
state-of-the-art of bioreactors proposed for various bioartificial organs is beyond 
the scope of this chapter. For this purpose, reference should be made to the excel-
lent reviews published over the years on the topic of interest.

Bioartificial pancreas. Insulin dependent diabetes mellitus (IDDM) is a chronic 
autoimmune disease in which the patient’s own immune system attacks and destroys 
the cells in the pancreas (located in structured cell clusters termed islets of Langerhans), 
that secrete insulin in response to increased glucose concentrations in the blood (i.e., the 
β-cells). This causes higher-than-normal blood glucose concentrations, and in the long-
term leads to angiopathic lesions causing blindness, kidney failure, gangrene of the 
limbs, and neurological complications. IDDM patients take daily injections of exogenous 
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insulin (generally after a meal) and have to frequently monitor their blood glucose level, 
for their entire life, to delay the occurrence of long-term complications. A minor frac-
tion of them is transplanted for the scarcity of donor organs. The administration of 
insulin in a way poorly related to the current blood glucose concentration causes wild 
fluctuations of insulin and glucose concentrations in the blood that are held responsible 
for the early onset of angiopathic complications (American Diabetes Association 1993). 
A bioartificial pancreas (BAP) is a bioreactor in which xenogeneic or allogeneic iso-
lated islets of Langerhans are used to maintain normoglycemia of the recipient even 
during hyperglycemic challenges for the physiological feed-back inherent in the islets. 
Administration of immune suppressants is not necessary because the islets are protected 
by an immunoprotective synthetic membrane against the host response. It has been 
estimated that, to maintain a diabetic patient normoglycemic, a number of islets should 
be loaded in a BAP ranging all the way from 5,000 to 20,000 EIN/kg

body weight
 (Suzuki 

et al. 1998). A BAP should also ensure a fast transport of stimulatory solutes to the 
β-cells, a fast secretion and transport of insulin into the blood circulation to minimize 
the long-term complications caused by the wild fluctuation of secretagogue concentra-
tions in time, and the expression of the pancreas differentiated functions for as long as 
possible. In fact, the treatment is purely supportive (e.g., it does not heal the organ) and 
IDDM patients would need life long treatment. EV bioreactors have been proposed for 
BAP where islets of Langerhans are implanted in hollow fibres sealed at the ends, 
empty macrospheres, and flat sheet pouches, or in alginate microspheres (Silva et al. 
2006). These bioreactors have been mainly implanted in the peritoneal cavity for its low 
fibrotic overgrowth, although other implantation sites have been explored. Islet aggrega-
tion was often prevented by immobilization in a gel bed made of collagen, hyaluronic 
acid, or alginate. Islet loading ranged from 16,000 to 20,000 EIN/kg

body weight
 in the 

in vivo tests where normoglycemia was successfully maintained in animal models of 
IDDM. The favourable surface area-to-volume ratio of microcaspules permits to use 
much smaller bioreactor volumes also when one islet is implanted in each microcap-
sule. The flat sheet EV bioreactors designed according to the Isletsheet™ concept 
(Fig. 7.7) are among the few commercially available today. Implanted in the peritoneal 
cavity they were reported to maintain fasting normoglycemia in dogs for about 84 days 
(Storrs et al. 2001). The formation of a fibrotic capsule around the membrane and cen-
tral necrosis for poor islet oxygenation are typical findings when these bioreactors are 
used in vivo. In the proposed IV bioreactors, islets of Langerhans have been immobi-
lized outside hollow fibre or tubular membranes (the latter featuring a lumen diameter 
of ca. 4–6 mm), in the space between concentric tubular membranes, or inside narrow 
hollow fibre membranes coiled to form the outer surface of a vessel with blood flowing 
in the membrane lumen. IV  bioreactors are advantageous with respect to EV bioreactors 
from the mass transport point of view. In fact, the cells are located much nearer to the 
oxygen and nutrient source (i.e., the flowing blood), blood flow enhances transport of 
stimulants and secretagogues from the blood to the cells and vice versa, and permits to 
deliver glucose to or remove insulin from the islets much faster. This causes a significant 
decrease of the insulin response time after a glucose challenge. A IV bioreactor made 
of a coiled tubular membrane 6 mm inner diameter and loaded with 42,000 canine islets 
equivalent was reported to maintain normoglycemia in a canine recipient for about 140 



306 G. Catapano

days (Maki et al. 1996). However, occlusion for blood clot formation and vascular 
thrombosis are typical drawbacks of these bioreactors for the difficulty of anti-coagulat-
ing the recipient long-term.

Bioartificial liver. The liver is a complex highly vascularized organ that per-
forms about 1,200 known life-sustaining functions. The cells characterizing the 
liver functions are the hepatocytes. They are about 25–30 mm in diameter, and there 
are about 250 × 109 of them in a human liver. They play an important role in carbo-
hydrate, fat and protein metabolism. Most blood proteins are made in the liver, in 
particular albumin and most blood clotting proteins. The liver has a storage func-
tion for vitamins and iron. It plays also an important role in the detoxification and 
conjugation of exogenous toxins (e.g., drugs, poisons, etc.), that are made water 
soluble and excreted by the kidneys. Different from other organs, the liver has the 
capacity to regenerate. Acute liver failure (ALF) is caused by drug poisoning, viral 
infections or decompensated cirrhosis and evolves within a few weeks from the first 
symptoms (e.g., elevated blood ammonia concentration or jaundice) into multior-
gan failure and death (Stockman and JN 2002). The more rapidly evolving form of 
ALF is often referred to as fulminant hepatic failure (FHF). With the most advanced 
supportive therapies, the mortality rate of FHF patients still is of about 90% 
(Schiodt et al. 1999). The elective treatment of ALF is liver transplantation. 

Fig. 7.7 Cross section of the Isletsheet concept proposed by Cerco Medical. Islets of Langerhans are 
immobilized in alginate gel between two selective layers of cross-linked alginate. The fibers are the 
strands of a paper mesh added to reinforce the pouch and permit an easier suture to the omentum 
(Published with permission of CercoMedical XXXX)
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Unfortunately, only a minor number of donor organs is available as compared to 
those required. ALF is associated with elevated levels of endogenous neural and 
hepatic toxins (e.g., ammonia, mercaptans, bilirubin, etc.). This has led to the 
development of artificial organs aimed at removing either soluble or protein-bound 
plasmatic toxins to support ALF patients till recovery. Up to now, those proposed 
have not yet led to statistically significant improvements over conventional pharma-
cological supportive treatments. Liver specific products (e.g., blood clotting pro-
teins, hepatopoietin A and hepatic growth factors) seem necessary to relieve some 
of the symptoms of ALF (e.g., bleeding and cerebral oedema) and promote liver 
self-regeneration, but only a few of them are known. In the last two decades, 
research efforts have focussed on the development of a bioartificial liver (BAL) 
where isolated hepatocytes are used to provide the patient with the liver biosyn-
thetic, regulatory and biotransformation functions (Galletti and Jaregui 1995). The 
scarce knowledge of the pathophysiology of ALF makes it difficult to define objec-
tive functions to optimize the BAL design. Thus, bioreactors for BALs have gener-
ally been designed to host a mass of cells necessary to maintain the patient alive, 
promote the patient’s own liver regeneration, and to allow good oxygen and nutri-
ent delivery to the cells to keep them viable and functional. Liver resection experi-
ments suggest that a mass of about 30% of the total liver mass is sufficient for 
complete liver regeneration (Higgins and Anderson 1931). More recent reports sug-
gest that as little as 10% of the total liver mass is compatible with life. For a stand-
ard 70 kg man, this would correspond to 2.5–7.5 × 1010 cells, or ca. 250–750 g of 
cells. EV bioreactors similar to those proposed for BAPs have also been proposed 
for BALs. Implanting such a high cell mass with reasonable bioreactor volumes is 
a major problem for these bioreactor types. In fact, it has been estimated that about 
2,500 mL of microencapsulated cells or 1,300 mL of cells macroencapsulated in 
hollow fibre membranes would be needed (Fournier 1999). For this reason, research 
efforts have mostly concentrated on the development of extra-corporeal IV bioreac-
tors. In the first bioreactors proposed for BALs, liver cells were cultured outside 
MF hollow fibre membranes arranged in a shell-and-tube configuration. In the 
Hepatassist® 2000 concept proposed by Demetriou et al. (1986), ca. 6 × 109 primary 
porcine hepatocytes are cultured attached to microcarriers outside the membranes 
in the bioreactor shell. The bioreactor is fed with a stream of plasma that is continu-
ously separated from the patient’s blood with plasmapheresis membrane module. 
Prior to entering the bioreactor, the plasma flows through an oxygenator where it 
is enriched in oxygen and an adsorption column to reduce the toxin load on the 
hepatocytes in the bioreactor. ALF patients have been treated with this BAL inter-
mittently and for no longer than 4–6 h per treatment. In the concept proposed by 
Millis et al. (1999), the plasma produced by plasmapheresis of the patient’s blood 
is fed to four MCCR-type bioreactors in parallel each loaded with ca. 200 g of the 
immortalized HepG2 hepatocyte cell line. Cells are cultured in the bioreactor shell 
in adhesion on the outer surface of hollow fibre membranes. Actually, each biore-
actor is seeded with a few grams of cells that rapidly grow to the final mass. Since 
the bioreactors use tumour-derived cells, the plasma is filtered across MF mem-
branes prior to returning it to the patient, to prevent the leak of cells into the 
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patient’s circulation. In the Algenix™ concept first proposed by Nyberg et al. 
(1993), ca. 5 × 107 primary porcine hepatocytes are embedded in a collagen gel in 
the lumen of hollow fibre membranes arranged in shell-and-tube configuration. 
Anti-coagulated blood continuously flows in cross-flow outside and around the 
membranes in the bioreactor. While blood carries much more oxygen than plasma 
thus improving oxygen transport to the cells (as compared to bioreactors fed with 
plasma), blood clotting may be a problem in this bioreactor in the presence of 
irregular or suboptimal realization of the blood flow path. In the bioreactors described 
above, a common finding was the formation of a necrotic core in the innermost 
regions of the bioreactor far away from the oxygen source. When the importance of 
the presence of different cells, of providing the cells with a scaffolding structure, and 
with oxygen for cell survival and the expression of differentiated liver functions 
became clear, new bioreactor concepts were developed in which liver cells were co-
cultured in 3D scaffolds (e.g., porous foams, non-woven fabrics, membrane networks, 
etc.), and distributed oxygen sources were built into the bioreactor.

In the MELS™ concept proposed by Gerlach et al. (1994), up to ca. 600 g of 
primary liver cells are cultured in the interfibre spaces outside three (or even four) 
mats of cross-woven hollow fibre membranes organized in a 3D network. The basic 
repeating unit in the network consists of two mats of hydrophilic high-flux dialysis 
membranes in between which a mat of blood oxygenation hydrophobic hollow 
fibre membranes is interposed to supply oxygen and remove CO

2
. Membranes in 

the same mat are bundled together and fitted with a header. Plasma continuously 
produced from the patient’s blood with plasmapheresis membranes is fed to the first 
hydrophilic membrane mat, a part filters across the membrane wall, bathes the 
cells, flows around the hydrophobic membranes and is enriched in oxygen (and 
depleted in CO

2
), and is re-absorbed into the second hydrophilic membrane mat 

from which it is returned to the patient. Today, a BAL based on this bioreactor type 
is commercially offered by HepaLife™ (Fig. 7.8) with the only exception that it uses 
cells of the proprietary immortalized cell line PICM-19 (Talbot et al. 2002). In the 
AMC™ bioreactor concept proposed by Flendrig et al. (1997), up to ca. 230 g of 
primary liver cells are cultured attached to the fibres of a polyester non-woven fabric,
wrapped around a solid core and packed in a cylindrical housing through which 
plasma flows along the bioreactor length. Later on, it was proposed to arrange the 
fabric in an annular packed-bed bioreactor and to flow plasma radically across the 
fabric to reduce the bioreactor pressure drop (Naruse et al. 1996; Morsiani et al. 
2001). In the MELS bioreactor, the design equations provided above are not 
directly applicable because oxygen is also delivered in the cell compartment. 
Provision for oxygen supply might be introduced by adding a term to the mass bal-
ance equation in the cell compartment, accounting for the moles of oxygen deliv-
ered across the hydrophobic membrane surface area in the control volume. It is 
interesting to notice that the actual number of cells used in the various bioreactors
varies from ca. 0.5 × 108 (or 0.5 g) to 2.0 × 1010 cells. The assumption on which the 
bioreactors using lower number of cells have been designed is that the cells in 
the bioreactor have to complement the residual liver function of the patient and 
foster the ‘own’ liver regeneration, rather than replacing it.
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Delivery of bioactive molecules. Cell encapsulation in an immuno-privileged 
 compartment represents an alternative to gene therapy for the continuous and sus-
tained site-specific delivery of biologically active molecules in the treatment of 
pathological states in which the lack of such molecules is thought to play an impor-
tant role. Parkinson’s disease is characterized by poor motor control (e.g., akinesia/
bradykinesia, rigidity, tremor) primarily mediated by the progressive degeneration 
of nigrostriatal dopaminergic neurons (Lindner and Emerich 1998). Systemic 
administration of dopamine or l-DOPA produces some behavioural improvements. 
However, it is difficult to maintain constant blood levels of the biomolecule and 
systemic delivery may lead to side-effects. Cells of the PC12 cell line derived from 
tumours derived from adrenal chromaffin cells have the advantage over primary 
adrenal chromaffin cells of being easy to culture and to produce dopamine and 
l-DOPA. However, when implanted in primates, they are completely rejected 
within 4 weeks. To solve these problems, PC12 cells were macroencapsulated in 
semipermeable hollow fibre membranes made of polyacrilonitrile–polyvinylchloride
copolymers, embedded in a chitosan layer, and were implanted in the striatum as a 
treatment for Parkinson’s disease (Aebischer et al. 1991). Membrane separation 
ensured cell survival and that after implantation cells would not produce tumours. 
Treatment of animal models of Parkinson’s disease yielded some behavioural improve-
ment (Lindner and Emerich 1998). However, no clinical trials were performed because

Fig. 7.8 Scheme and cross-section of the MELS bioreactor concept marketed by Hepalife 
© Copyright Hepalife 2007 (Published with permission of Hepalife XXXX)
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the bioreactor volume required was too great. A similar approach was also pro-
posed to reduce pain of terminal cancer patients. In this case, bovine chromaffin 
cells were macroencapsulated in semipermeable hollow fibre membranes embed-
ded in an alginate gel and were implanted in the cerebrospinal fluid of the patients. 
The cells produced painkillers (e.g., enkephalines, catecholamines, somatostatin) 
that were expected to reduce pain more effectively than the opioids administered 
systemically.

In conclusion, it may be said that in vivo tests on animal models or on patients 
in the clinics show that in many bioreactors proposed for BALs or BAPs the physi-
ological transfer of oxygen to the cells is still a problem. In fact, oxygen starvation 
often promotes the formation of a necrotic core in the cell compartment far away 
from the oxygen source. In the case of the treatment of ALF, many of the proposed 
bioreactors were proven to be safe, but no statistical evidence gathered in multi-
center blind trials exists to show that they are more effective in treating ALF than 
conventional pharmacological supportive treatments. Research on the use of mac-
roencapsulated cells to deliver bioactive molecules in site-specific fashion is still 
active but is more and more focussed on stopping or slowing the progression of the 
disease, or more simply to decrease the amount of drugs that are administered sys-
tematically to the patient.

List of Symbols

A
ext

 cell cluster external surface area, m2
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int

 outer cell surface area in the cell cluster, m2
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v

external cell surface area per unit cluster volume, m2/m3
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 Biot number, –
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M

d/D
eff

 analogue of the Biot number for diffusive transport in the 
membrane and inside the cell compartment, –

C
C
 solute concentration in the cell compartment, moles m−3

C
L
 solute concentration in the bulk body fluid, moles m−3

C
LC

 solute concentration at the body fluid/cell interface, moles m−3

C
CM

 solute concentration at the cell/membrane interface, moles m−3

D
B
 solute diffusion coefficient in the blood, m2 s−1

D
cell

 solute diffusion coefficient in blood cells, m2 s−1

D
P
 solute diffusion coefficient in plasma, m2 s−1

D
S
 unhindered solute diffusion coefficient, m2 s−1

D
eff

 solute diffusion coefficient in the cell mass, m2 s−1

d
c
 cell cluster diameter, m

EIN  Equivalent islet number, i.e., the number of islets 150 mm in diam-
eter that are equivalent in volume to a given sample of islets

H hematocrit, –
k

c
 first order kinetic constant of substrate utilization, 1s−1

k
L
 liquid phase mass transport coefficient, m3/(m2 s)
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K
M

 Michaelis constant for oxygen utilization, gmol m−3

MW molecular weight, –
P

m
 solute diffusive permeability in the membrane, m s−1

R
c
 cell cluster radius, m

r radius, m
U liquid superficial velocity, m s−1

V
max

  solute consumption rate at saturating concentrations per unit
 bioreactor volume, mole/(s m3)
V’’

max
  solute consumption rate at saturating concentrations per unit

 cell surface, mole/(s m2)
X

c
 cell concentration, cell m−3

x axial coordinate, m

Greek Symbols

d slab half width, m
h effectiveness factor, –
h

B
 bulk blood viscosity at high shear rates, kg/(m s)

h
ov

 overall effectiveness factor, –
h

p
 bulk plasma viscosity, kg/(m s)

f Thiele modulus, –

Superscripts and Subscripts

C cell compartment
in refers to device inlet
L liquid compartment
M membrane compartment
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Chapter 8
Plant Cell-Based Bioprocessing

R. Eibl and D. Eibl

Abstract Plant cell-based bioprocessing is the use of plant cell and tissue cultures 
for the production of biologically active substances (low molecular secondary 
metabolites and recombinant proteins). The most significant advantage of plant 
cell culture over the traditionally grown whole wild plant or engineered transgenic 
plant is the sterile production of metabolites under defined controlled conditions 
independent of climatic changes and soil conditions, which means that variations 
in product yield and quality can be better avoided. Furthermore, regulatory require-
ments such as the cGMP standards, which have to be adhered to in the early stages 
of pharmaceutical production, are more easily met.

Moreover, plant cells are capable of performing complex posttranslational 
processing, which is a precondition for heterologous protein expression. When com-
pared with mammalian cells, which currently dominate in the commercial protein 
manufacture, plant cell cultures as alternative expression systems guarantee safer 
processes because there is a lower risk of contamination by mammalian viruses, 
pathogens, and toxins. In addition to this considerable advantage, the process costs 
can also be substantially reduced. This is due to the fact that plant cell culture 
medium is very simple in composition and therefore relatively inexpensive.

This chapter provides an overview of culture types, techniques, and suitable 
bioreactors used to produce secondary metabolites and recombinant proteins in 
plant cells. We describe plant cell culture basics, discuss key topics relevant to plant 
cell bioreactor engineering with application examples, and give an overview of 
approaches to improving productivity of plant cell-based processes.
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8.1 Plant Cell Culture Basics

8.1.1 Characteristics of Plant Cells and Culture Conditions

Plant cells are higher eukaryotic systems with the ability to produce secondary 
metabolites and glycoproteins, which are more similar to their mammalian counter-
parts than those from bacteria, yeasts, and fungi. Comparable to the typical cell 
growth processes of microorganisms and animal cells, those of plant cell cultures are 
ideally represented by a sigmoid curve with lag, exponential, delay, stationary 
growth, and lethal phases (Endress 1994; Takebe et al. 1971; Zenk et al. 1975). 
However, plant cells show morphological and chemical totipotency (potential to 
form all cell types and/or to regenerate a plant). Their large size of maximum 100 µm
results in doubling times of several days and corresponding lower growth rates than 
microbial cells. The robustness of plant cells, which varies with culture species, cul-
ture type, and culture age, is moderate and can be attributed to the presence of a rela-
tively inflexible cellulose wall. It has been described that plant cells can be cultivated 
under reasonable agitation and aeration conditions without significant responses to 
hydrodynamic stress, such as loss of viability, cell death, or cell lysis. Less dramatic 
shear-related effects observed include changes in cell morphology, and reductions in 
metabolite yield and biomass productivity (Kieran et al. 1997).

The plant cell vacuole, which increases in size over the growth phase, is the main 
site of product accumulation. While plant cell-based secondary metabolites are 
largely accumulated in the intracellular environment, recombinant proteins are 
occasionally secreted into the culture medium due to their composition and struc-
ture (Fischer et al. 2004; Misawa 1994). Schillberg and Twyman (2004) report that 
molecules of 20–30 kDa generally pass through plant cell walls and are thereby 
secreted into the culture medium. Product formation is growth-associated during 
active cell growth (Kreis et al. 2001; Misawa 1994) or nongrowth associated when 
cell growth has ceased (Guardiola et al. 1994; Hamill et al. 1986; Mantell and 
Smith 1983). Indeed, a large cell mass in the correct cell cycle stage has been found 
to be the most important precondition for a high product yield.

A temperature between 23 and 29 °C and a medium pH between 5.0 and 6.0 rep-
resent optimal parameters for plant cell growth (Endress 1994; Fowler 1988). 
Aeration is also an important factor for the regulation of cell growth and product 
accumulation and, as the case may be, secretion. Volumetric oxygen requirements of 
plant cells are drastically lower than those of microbial systems but comparable to 
those of animal cells. However, plant cell growth and metabolite production can be 
limited as a consequence of an inadequate oxygen supply (Zhong 2001). Kieran 
et al. (1997) and Taticek et al. (1994) describe average oxygen uptake rates (OUR) 
from 1 to 10 mmol L−1 h−1. In small scale, the culture containers or flasks are plugged 
by the use of gas diffusion materials, ensuring oxygen penetration into the culture 
containers as a result of molecular diffusion. It is clear that this natural diffusion of 
oxygen is limited and, as culture volume and plant cell mass increase, plant cell 
growth is inhibited without continuous shaking or forced aeration (0.1–0.5 vvm). 
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Interestingly, besides the buffering capacity of carbon dioxide, its addition in con-
centrations of 0.1–5% has been shown to stimulate the cell growth and product for-
mation of some plant cell lines (Bergmann 1967; DiIorio et al. 1992; Fischer et al. 
1995; Fowler 1988; Valluri et al. 1991; Weathers and Zobel 1992; Weathers et al. 
1997). According to Mirjalili and Linden (1995), ethylene (ppm range) is a further 
gaseous metabolite proven to be important for cell growth and/or synthesis of 
metabolites in individual plant cell cultures. The periodic (dark/light cycle of 
8 h:16 h) or continuous introduction of light (0.6–10 klux or 80.7–1,345 µmole m−2

s−1) with different wavelengths and intensities promotes the culture growth and prod-
uct synthesis of heterotrophic, photomixotrophic, and photoautotrophic plant cells, 
whereas animal cells have to be cultivated in the dark as a consequence of their light-
sensitive media compounds. Finally, plant cell cultures can be successfully initiated 
with relatively high cell concentrations (10% of the culture volume) – unlike bacte-
rial or animal cells – to eliminate long lag phases of 120 h or more and to ensure that 
initial specific growth rates correlate with maximum growth rates (Endress 1994; 
Than et al. 2004).

8.1.2 Media

The nutrient supply provided by the culture medium is another critical element 
when culturing plant cells. The constituents of plant cell culture media summarized 
in Table 8.1 may be seperated into four groups: (1) doubled distilled and deionized 
water (95%), (2) the basal medium, which consists of the carbon source and organic 
as well as inorganic supplements, (3) the phytohormones or growth regulators, and 
(4) the support matrix such as agar, agarose, or gellan gums (e.g., Phytagel, Gelrite) 
if required, as in the case of solidification of the medium (Murashige 1973). About 
80% (Evans et al. 1983) of all plant cell cultivations are realized in MS basal (MS 
standard) medium developed by Murashige and Skoog for tobacco tissue cultures 
(Murashige and Skoog 1962) and/or their modifications. It differs from other typi-
cal plant cell culture basal media, such as B5 medium established by Gamborg 
et al. (1968), in its very high concentration of nitrate, potassium, and ammonia. 
Plant cell growth and corresponding product formation are strongly influenced by 
modifications in carbon source, phosphate level, nitrate-to-ammonium ratio, car-
bon-to-nitrogen ratio, and phytohormones. It is therefore common to optimize the 
medium by modifying one or two kinds of the basal culture media listed by Endress 
(1994), or by varying phytohormone types and their concentrations (Kreis et al. 
2001; Saito and Mizukami 2002).

Generally, sucrose (2–5%) is the most used carbon source for plant cells. 
Extracellular invertase hydrolyzes sucrose to monosaccharides such as glucose and 
fructose. During plant cell growth invertase is excreted into the medium, and the 
monosaccharide concentrations change according to cultivation time. In contrast to 
phosphate (phosphate anions or potassium dihydrogen phosphate) and nitrogen 
(nitrate anions, ammonium cations, amino acids, or protein hydrolysates), which support 



318 R. Eibl, D. Eibl

cell growth and lower product synthesis (Nettleship and Slaytor 1974; Do and 
Cormier 1991), an increase in the initial concentration of sucrose can lead to an 
improved product concentration, as described by Petersen et al. (1992). However, 
opposite results have been reported by Oksman-Caldentey et al. (1994) and 
Chattopadhyay et al. (2003), who showed that maximum product content was 
obtained with a lower medium sucrose concentration than that required for maximum 
plant cell growth. They speculated that high sugar concentrations may result in plas-
molysis of the plant cells and lead to decreased biosynthesis of secondary metabo-
lites. Furthermore, physiological studies indicate that ammonium is generally used 
before nitrate in plant cells (Hilton and Wilson 1995; Wilhelmson et al. 2006).

Growth regulators decisively affect the growth process through the ratio of aux-
ins, such as indole-3-acetic acid (IAA) or its most common alternatives 2,4-dichlo-
rophenoxyacetic acid (2,4-D), naphthaleneacetic acid (NAA), indole-3-butyric acid 
(IBA), and 2,4,5-trichlorophenoxyacetic acid (2,4,5-T), to cytokinins, such as kine-
tin, benzylaminopurine (BAP), zeatin, purine, and adenine. While low auxin and 
high cytokinin concentrations typically stimulate cell growth, high auxin and low 

Table 8.1 General composition of plant cell culture media

Water

Basal medium
Phytohormones 
(growth 
regulators)

Support
matrix

Carbon
source

Organic 
supplements

Inorganic 
supplements

Sucrose Amino acids: 
Ala, Arg, Asn, 
Cys, His, Ile, 
Leu, Met, etc.

Microelements
in µM con-
centrations:
Fe, Mn, Zn, 
Cu, Mo, I, 
B, Co

Auxins: IAA, 
2,4-D, NAA, 
IBA, 2,4,5-T

Agar

Glucose Vitamins and 
cofactors: 
myo-Inositol,
thiamine,
pyridoxine, 
folic acid, 
ascorbic acid, 
tocopherol,
yeast extractsa

Macroelements
in mM con-
centrations:
N, S, P, K, 
Mg, Ca

Cytokinins: kine-
tin, BAP, zea-
tin, purine, 
adenine

Agarose

Fructose Coconut milk 
or coconut 
watera

Gellan
gums

Sorbitol Gibberellinesa:
GA

3
, GA

4
,

GA
7

ABAa

a Occasionally used
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cytokinin concentrations promote cell division. In fact, it is important to select the 
most appropriate phytohormones (as they differ in effect) and to determine their 
optimal concentration by considering the desired tissue or cell culture type. For 
example, 2,4-D used as a dedifferentiating hormone in higher concentrations sup-
ports rapid callus induction, but its application may cause severe growth abnormali-
ties or even result in culture mutations during long-term cultivations. It also often 
inhibits the regeneration process (Hess 1992). Recombinant protein production and 
secretion is influenced by supplements that stabilize the proteins (Sect. 8.4), such 
as polyvinylpyrrolidone, gelatin, bovine serum albumin, and sodium chloride added 
to the frequently used standard MS- or B5- medium (Shadwick and Doran 2004). 
Some attention should also be paid to medium sterility (which is achieved by clas-
sical standard- or overkill-sterilization treatment in autoclaves (121 °C, 15–20 min) 
or sterile filtration with 0.1 or 0.2-µm filters) as heat-sensitive constituents are con-
tained in the Newtonian fluid-like culture medium.

8.1.3 Plant Cell Culture Types and Their In Vitro Initiation

8.1.3.1 Callus Cultures

In the in vitro culture of plant cells, the induction of callus is a fundamental step. 
The term callus describes an amorphous mass of unorganized parenchyma cells 
formed by the proliferation of plant cells as a protective response at the surface of 
explant tissue cut with a sterile scalpel. In this process, sterile organs or pieces of 
tissue such as seeds, embryos, stem sections, leaf- or root- pieces are referred to as 
explants. Achieving sterility of the plant material requires surface sterilization with 
chemical agents to kill bacteria and fungi living on the plants while ensuring mini-
mum damage to the treated tissue. Solutions of calcium hypochlorite and sodium 
hypochlorite in concentrations of 0.5 up to 10% have usually proved to be the most 
suitable during exposure times of between 5 and 30 min (Bhojwani and Razdan 
1983; Endress 1994). A further cheap, ready-made sterilant is a 5–7% solution of 
the toilet disinfectant “Domestos.” The three-stage sterilization process depicted in 
Table 8.2 has become the accepted rule. For lignified plant material, such as stem 
tissues or leaves with a waxy surface, an additional ultrasonic treatment is required 
(Bentebibel 2003).

The formation of the callus is usually achieved by placing the explant on an 
appropriate solid growth medium with phytohormones in a closed Petri dish incu-
bated at 25 °C in darkness or low light. The running process of cell dedifferentiation 
is characterized by cell division as well as by elongation and changes in metabolic 
activity.

After a period of 3–6 weeks, the primary callus formed is normally transferred 
to a fresh medium after sterile elimination of necrotic parts, which are brown in 
color (attributed to oxidation of phenolic ingredients). To ensure callus growth, the 
inoculum should be of uniform size and sufficiently large. As Endress (1994) outlined,
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a diameter of 5–10 mm for 20–100 mg fresh weight should be provided. Rapid 
growth with doubling times of between 7 and 10 days and a white, light yellow, 
green, or red color generally indicate a healthy callus culture. Besides color, two 
different types of callus can be distinguished: the friable callus (crumbled or frag-
mented) and the lignified callus (nonfriable callus). Figure 8.1 shows cells of friable 
callus of Vitis vinifera vs. Uva Italia induced from berry skin. These cells were 
grown on standard MS medium with additives (Calderón et al. 1994) and main-
tained at 25 °C in the dark.

The successful establishment of a callus culture and its appearance depend on 
the donor tissue, the surface sterilization method, the culture conditions, the age of 
the callus (aging of callus can be characterized by a growing number of lignified 
cells), and the medium. Sometimes it is advisable to optimize the callus medium by 
varying auxin and cytokinin concentrations and to work with a callus induction and 
callus growth medium separately (Endress 1994; Evans et al. 2003; Hess 1992). 
Above all, it is well known that callus cultures are predisposed to genetic instability 

Table 8.2 General sterilization procedure for plant fragments

Stage of procedure Description

Presterilization (1) Scrub carefully, clean or rinse under running tap water
Rinse or submerge briefly in absolute ethanol

Sterilization (2) Submerge for 5–30 min in 0.5–10% sodium or calcium hypochlorite
Poststerilization (3) Wash three times with sterile water

Dry with sterile tissue paper

Fig. 8.1 Cells of friable callus of Vitis vinifera vs. Uva Italia (established by S. Cuperus, Zurich 
University of Applied Sciences, Switzerland)
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and loss of their morphogenetic characteristics during long passage (subculture) 
periods. Therefore, it is recommended that callus cultures are passaged every 3–4 
weeks depending on the species and the growth rate. The important steps in callus 
induction and propagation are schematically illustrated in Fig. 8.2.

8.1.3.2 Plant Cell Suspension Cultures

To initiate plant cell suspension cultures, the callus produced is dispersed by inocu-
lating the fragments into a liquid culture medium (Fig. 8.2). The callus friability 
and its inoculation rate (50–100 g L−1 fresh weight) are key issues in this process. 
To obtain friable callus, Evans et al. (2003) describe a number of procedures includ-
ing the application of a special callus medium with rising auxin concentration, 
transfer in liquid medium, and repeated passages in shake flasks (25 °C, 100 rpm) 
until the callus reaches friability, as well as the addition of pectinase to nonfriable 
callus growing in liquid medium. After the initial passage, which includes cells 
breaking off from the friable callus and a suspension beginning to form, the culture 
is usually filtered with a sieve (300–500 µm) to remove larger aggregates and is 
finally subcultured to fresh medium in a ratio of 1:1.

This whole procedure (Fig. 8.2) is called homogenization. It aims to produce a 
homogeneous suspension and is repeated over 2–4 passages. Established plant cell 
suspension cultures are generally maintained in shake flasks (100 mL flasks with 
20 mL medium) at 25 °C and between 100 and 120 rpm, and serially subcultured in 
the late exponential phase. This is performed every 7–10 days for fast-growing cells 
that reach high cell masses, and every 14–21 days for slower growing cells charac-
terized by moderate or low cell masses. It is obvious that plant cell suspension cul-
tures grow faster than their callus cultures. Doubling times of between 0.6 and 5 
days along with growth rates of 0.24–1.1 d−1 are reported in the literature (Hess 
1992). Maximum biomass concentrations typically range between 10 and 18 g dw L−1

or 200 and 350 g fw L−1 (James and Lee 2001).
Plant cell suspension cultures display a high degree of culture heterogeneity as 

well as variability in terms of cell morphology (including cell size, cell shape, and 
cell aggregation), rheological characteristics, growth, and metabolic pattern (Hall 
and Yeoman 1987; Hess 1992; Yanpaisan et al. 1998, 1999). The changes are 
mainly associated with the chemical and hydrodynamic environment of the cells 
(Kieran et al. 1997, 2000). The size of single plant cells is typically in the range of 
10–100µm. The most common shapes of plant cells in suspension are the spherical 
morphology (e.g., the majority of carrot suspension cells, taxus suspension cells, 
and grape suspension cells) and the rod morphology (e.g., most tobacco suspension 
cells). Lengthy subculture intervals may slow down cell division, activate cell elon-
gation (which occurs after cell division), and result in changed cell morphology. In 
this case, a change from an original spherical shape to an elongated shape may 
occur (Curtis and Emery 1993).

Generally speaking, plant suspensions cells very rarely grow as single cells. 
They form a few large (or even huge) aggregates, which reach many millimeters 



322 R. Eibl, D. Eibl

Fig. 8.2 Schematic representation of the procedure for plant suspension culture establishment 
and maintenance
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in diameter and consist of hundreds of highly mitotic and less mitotic cells. The 
aggregation (clumping) is based on cell adhesion and results from the secretion 
of cell wall extracellular polysaccharides, which prevent cell separation after cell 
division (Glicklis et al. 1998). Chattopadhyay et al. (2002) reported an enhance-
ment of cell clumping especially in the later growth stages. While cell aggregation 
is viewed as desirable for secondary metabolite production due to its promoting 
of cellular organization and differentiation, this feature may involve oxygen or 
nutrient gradients, which complicate the cultivation procedure. For plant cell 
suspension cultures, the critical dissolved oxygen level, below which growth is 
seen as a result of oxygen limitation, has been commonly quoted as ~15–20% air 
saturation (Kieran et al. 1997; Yu et al. 1997).

In addition, it appears that cell elongation and aggregation can influence rheo-
logical properties of plant cell suspension cultures. Most plant cell lines growing to 
low or moderate cell concentrations behave like a Newtonian fluid. Non-Newtonian 
behavior (Bingham plastics characteristics, pseudoplastics characteristics, Casson 
fluids) associated with higher culture viscosity has been described for high plant 
cell concentrations (high biomass concentrations, high cell density cultures) and 
elongated, filamentous cells entangled in a network of cells (Curtis and Emery 
1993; Su 2006). Finally, it should be mentioned that suspension cultures often tend 
to be unstable and unproductive over time (Deus-Neumann and Zenk 1984). 
Possible explanations for this phenomenon are genotypic and phenotypic variations 
(i.e., somaclonal variations: changes in chromosome numbers, chromosome struc-
ture, and DNA sequence) during cultivation time. Nevertheless, suspension cultures 
are the most used plant cell culture type in the research and production of secondary 
metabolites and r-proteins.

8.1.3.3 Hairy Root Cultures

Hairy roots (or transformed roots, as they are more accurately called) are generated 
by the transformation of plants or explants with agropine- and mannopine-type 
strains (A4, ATCC, 15834, TR7, TR101, etc.) of Agrobacterium rhizogenes, a 
Gram-negative soil bacterium. When the bacterium infects the plant or explant, the 
T-DNA, that is, transfer DNA originating from root-inducing plasmid (Ri plasmid), 
is transferred and integrated into the genome of the host plant. This transformation 
process produces two by-products: hairy roots and opines (transferred genes, which 
have been involved in hairy root formation, including genes leading to opine pro-
duction) (Chilton et al. 1982). In most cases, wounding a sterile leaf (midrib and 
major veins) or stem tissue is carried out with the sterile tip of a needle attached to 
a syringe before infection takes place. Two main infection methods are reported in 
the literature. In method 1, which is most suitable for leaf explants, one to two 
drops of fresh (two days old) undiluted bacterial suspension is transferred to each 
wound site (Hamill and Lidgett 1997). In contrast, method 2 works with liquid 
diluted infection medium in which the explants (leaves, callus, and seedlings) are 
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submerged for about 3 min (Hamill and Lidgett 1997; Yoshikawa 1997; Komari 
et al. 2004; Vervliet et al. 1975).

Cocultivation follows, in which plant cells divide and dedifferentiate, and bacte-
ria divide and infect the wounded plant tissue. The resulting transformed cells 
acquire the capacity to develop into a root system at the infection site. This system 
branches out to a greater extent than the ordinary roots of plants, and is covered 
with tiny multiple root hairs. Generally, cocultivation in Petri dishes or other suita-
ble cultivation containers is accomplished by the incubation of the infected explants 
for 2–5 days at 25 °C in low light or darkness on solid MS- or B5- medium. After 
cocultivation, the infected explants are cleared of excessively growing Agrobacteria
by transferring them to a culture medium, which also contains antibiotics such as 
carbenicillin, cefotaxime, or ampicillin. Because of the appearance of bacterial 
infections, repetition of the transfer to fresh medium with antibiotics at intervals of 
2–4 days is stringently necessary. The neoplastic hairy roots may be maintained 
indefinitely in solid or liquid culture by subculturing the root tips as illustrated in 
Fig. 8.3. During the process of adapting hairy roots growing on solid culture 
medium to liquid medium, a change in root thickness (thinning) involving more 
rapid growth is not unusual (Carvalho et al. 1997).

Indeed, it is not surprising that root growth is not homogeneous because the 
rapidly dividing meristematic cells are restricted to root tips. After the cells stop 
dividing, they grow firstly by elongating and subsequently by branching, which 
results in lateral root production. Consequently, Hjortso (1997) distinguished 
between two types of cells in hairy roots: (1) dividing tip cells in the apical meris-
tem and (2) nondividing cells elongating, differentiating, and representing the bulk 
of hairy roots. Even in shake flasks, a densely packed root mass with heterogeneous 
structure and the afore mentioned root hairs play a detrimental role for mass trans-
fer of fluid and oxygen because the root hairs induce fluid flow stagnation and high 
levels of liquid entrainment as well as oxygen limitation (Bordonaro and Curtis 
2000; Shiao and Doran 2000; Yu et al. 1997). In general, hairy roots respond to 
changes in their cultivation environment. For example, the number of root hairs, 
root length, and root tip viability can be reduced by drought or shear stress.

A clear indication of excessive shear stress is callus formation at root tips (Yu 
et al. 1997). On the one hand improved oxygen transfer efficiency increases the 
formation of root hairs and their length (Hofer 1996; Carvalho et al. 1997). On the 
other hand, Bates and Lynch (1996) describe an increase in root hair formation 
under nutrient-limiting conditions. Of course, the morphology of hairy roots is 
affected by many further factors including the plant species and the Agrobacterium 
rhizogenes strain used in hairy root induction.

Although the morphological character of hairy roots complicates their optimized 
in vitro cultivation, other properties make hairy roots very attractive for the com-
mercial production of valuable metabolites. A significant advantage of hairy roots 
is that they are generally easy to isolate and grow in a defined medium. Because 
auxin metabolism is altered in plant cells after transformation with Agrobacterium 
rhizogenes, the addition of exogenous growth regulators or phytohormones 
becomes unnecessary. Most importantly, fully differentiated hairy roots have the 
strong tendency to be genetically and biochemically stable. They show a rapid 
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Fig. 8.3 Hairy root cultures: (a) Typical techniques to initiate hairy roots on solid and in liquid 
medium, (b) Hairy roots of Hyoscymus muticus growing on solid B5 medium
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growth with average doubling times resembling those of disorganized cell suspen-
sions. For example, Hess (1992) and Doran (2002) present doubling times of 1 day 
for hairy root cultures of Atropa belladonna and Nicotiana tabacum, and 8 days for 
hairy roots of Arabidopsis thaliana and Solanum aviculare.

Furthermore, hairy roots have been found to synthesize secondary metabolites at 
similar or higher levels to those found in whole plants (Flores 1987; Hu and Du 
2006; Oksman-Caldentey and Hiltunen 1996; Rhodes et al. 1994; Sevón and 
Oksman-Caldentey 2002) and to have light-guiding properties (Towler et al. 2006). 
In addition to their recombinant protein expression ability, transgenic hairy root 
cultures exhibit a significantly greater long-time stability than transgenic suspen-
sion cultures (Sharp and Doran 2001).

8.1.3.4 Embryogenic and Shoot Cultures

Like hairy roots, embryogenic and shoot cultures belong to the group of differenti-
ated organ cultures. But today, embryogenic and shoot cultures are mainly used for 
micropropagation and plant breeding. For both the in vitro production of secondary 
metabolites and recombinant proteins, these culture types are of minor importance 
in contrast to hairy root and plant cell suspension cultures. Therefore, the charac-
teristics and the initiation procedure of embryogenic and shoot cultures is not 
included here. More information on this topic and on the process of developing 
embryos from somatic cells and tissue (somatic embryogenesis) is provided by 
Hess (1992), Endress (1994), Evans et al. (2003), Ducos et al. (2007), Gupta and 
Ibaraki (2006), and Hvoslef-Eide and Preil (2005).

8.1.4 Routine Working Methods in Plant Cell Cultivation

8.1.4.1 Determination of Plant Cell Growth

To characterize and design bioprocesses based on plant cells other than secondary 
metabolite production or protein accumulation/secretion and nutrient utilization 
(e.g., sucrose, glucose), the cell growth must be determined. Six direct and indirect 
methods, which provide information on plant cell growth, have been reported. 
These methods involve measurement of biomass accumulation (fresh weight, dry 
weight), cell mass, and cell number (cell concentration) as well as viability, con-
ductivity, osmolarity, and pH (Endress 1994; Naill and Roberts 2005; Tanaka et al. 
1993; Widholm 1972).

Plant cell growth is normally measured either by fresh weight or by dry weight. 
Its determination relies on population averages and does not take plant cell culture 
heterogeneity into account. Fresh weight values (expressed as g) are obtained by 
weighing freshly harvested cells. The increase in fresh weight that occurs is due to 
both cell growth and expansion (indicated by cell size). The dry weight (expressed 
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as g) excludes errors caused by endogenous water content and is a more useful tool 
for biomass quantification of plant cells than fresh weight. For dry weight measure-
ment, a known weight of fresh plant cells is dried in an oven at a temperature of 
between 50 and 60 °C to the point of constant weight (ca. 24–48 h). Alternatively, 
fresh cells are lyophilized.

For fine plant cell suspensions, the cell mass can be recorded as packed cell volume 
(PVC) immediately after gentle centrifugation at low speed. In fact, PCV (expressed 
as %) is defined as the ratio of the volume occupied by solid matter in the form of plant 
cells or cell aggregates to the volume of the whole sample (aliquots of about 15 mL). 
By comparing the packed cell volume to the biomass accumulation, a definite correla-
tion can be determined. A further, less common method of measuring the biomass 
growth of suspension cultures is manual cell counting using an improved Neubauer-
type hemocytometer with a depth of 0.1 mm to determine the number of plant cells per 
unit volume (expressed as cells mL−1). The cell growth in aggregates and the large size 
of the plant cells presuppose cell dispersion with chemical agents such as hydrochloric 
acid, chromic acid (Reinert and Yeoman 1982), EDTA, or pectinase before counting. 
Nevertheless, if fluorescein diacetate, trypan blue, or Evan’s blue is used as a dye for 
staining suspended cell counts, plant cell viability can be roughly determined (Steward 
et al. 1999; Widholm 1972). Viability is defined as the ratio of viable cells to total cells, 
and has values between 0 and 1, that is, between 0 and 100%.

Measurements with a conductivity meter in liquid culture medium readily allow 
the indirect monitoring of biomass growth. There is an inverse relationship between 
electrical conductivity (expressed as mS cm−1) and cell weight. In the case of liquid 
plant cell cultures, a number of authors have shown that an increase in cell dry 
weight can be correlated linearly to a decrease in medium conductivity (Bais et al. 
2002; Ryu and Lee 1990; Taya et al. 1989a; Than et al. 2004). This is probably 
caused by an uptake of medium salts in the form of ions by the cultured cells and 
resulting biomass growth during cultivation. But medium conductivity depends 
mainly on electrolyte (mineral) concentration and not on the sugars that are major 
components of the culture medium. Whereas small changes in biomass level are 
more difficult to estimate by conductivity measurement, relatively wide osmolarity 
changes correlate well with small changes in biomass of several glucose-consum-
ing plant cell suspensions (Tanaka et al. 1993). Thus, Madhusudhan et al. (1995) 
recommend osmolarity (mOsmol kg−1 units) as a sensitive measure of the growth 
of plant cell cultures with rapid sucrose-hydrolyzing capability.

The pH measurement is routinely made during the cultivation of liquid cultures. 
A gradual drop in pH to a value around 4 reflects the initial ammonium uptake and 
acidification caused by cell lysis within 20–48 h, whereas the pH returns to a stable 
value of about 5 related to the uptake of nitrates after a few days of cultivation (Ziv 
2000). If the growth at the single-cell level should be quantified, flow cytometry 
may be utilized besides traditional measures of cell growth such as biomass accu-
mulation for suspended plant cell populations (Evans et al. 2003; Naill and Roberts 
2005; Yanpaisan et al. 1998, 1999). Parameters frequently calculated (specific 
growth rate and doubling time excepted) to characterize plant cell growth on a bio-
mass basis are summarized in Table 8.3.
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Mathematical models developed for callus and suspension cultures describe cell 
growth by modified Monod kinetics and reactions of the first order (Guardiola 
et al. 1994; Val 1993; Xing et al. 2001). To predict increase in biomass of hairy root 
cultures, branching models (Hjortso 1997; Kim et al. 1995; Taya et al. 1989c) 
incorporating the important features of hairy root growth (Sect. 8.1.3.3) and a popu-
lation model (Han et al. 2004) have been proposed. The population balance model 
shows biomass growth resulting from root elongation caused by both cell division 
and the formation of new lateral branches. It also shows that the formation of a new 
branch depends on the age of the parent branch.

8.1.4.2 Genetic Transformation

Nowadays two indirect Agrobacterium-mediated transformation methods based on 
Agrobacterium rhizogenes or Agrobacterium tumefaciens are routinely used to 
transfer DNA into plant cells of both monocotyledonous and dicotyledonous spe-
cies. While A. rhizogenes causes hairy root disease (Sect. 8.1.3.3), A. tumefaciens
induces a tumor formation process, commonly known as crown gall disease, via an 
identical process. Genes involved in this tumor formation accumulate on the tumor-
inducing plasmid, Ti plasmid, which encodes the virulence genes vir and transfer 
DNA into the plant genome. The most critical factors in efficient Agrobacterium-
mediated transformation procedures are the vectors and strains, the type and quality 
of the starting material, the concentration of the Agrobacterium inoculum, the com-
position of the cocultivation medium, the temperature and pH range of cocultivation, 

Table 8.3 Parameters characterizing plant cell growth on a biomass basis

Parameter Description and formula Used for

Fresh biomass 
concentration
(FCM

tx
)

Ratio of cell fresh weight at time tx to initial 
volume of medium: FCM

tx
 = fw

tx
/V

i

[g fw L−1]

All types

Dry biomass 
concentration
(DCM

tx
)

Ratio of cell dry weight at time tx to initial 
volume of medium: DCM

tx
 = dw

tx
/V

i

[g dw L−1]

Dry substance 
(DS

tx
)

Ratio of cell dry weight at time tx to cell fresh 
weight at time tx: DS

tx
 = dw

tx
/fw

tx
 [none]

Biomass productivity 
(BMP)

Ratio of cell weight increase to maximum cell 
weight and the cultivation time during which 
the maximum cell weight was obtained (FCM

f

and DCM
f
 = maximum values): 

BMP
dw

 = (DCM
f
 –DCM

i
)/t [g dw L−1 d−1];

BMP
fw

 = (FCM
f
 – FCM

i
)/t [g fw L−1 d−1]

Growth index or 
growth ratio (GI)

Ratio of final (maximum) cell dry weight to 
initial cell dry weight: GI = dw

f
/dw

i
 [none]

Organ cultures 
(e.g., hairy 
roots)
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and finally the antibiotics added to the plant cells to remove the Agrobacterium
cells (Komari et al. 2004).

A more modern transformation method, developed in the 1980s, is particle bom-
bardment (also called biolistic method, gene gun, or particle gun method), which 
has no intrinsic limitations with respect to target tissue, species, or genotype as 
described for Agrobacterium-mediated transformation. It remains a direct transfor-
mation method in which high-velocity microprojectiles from gold or tungsten 
breach the cell wall and membrane, and are thus used to introduce engineered DNA 
into plant cells and tissue of any type (leaves, shoot tips, embryogenic cultures, 
callus cultures, cell suspensions, whole plants). In this way, the DNA diffuses from 
the microprojectiles and is then transiently or permanently incorporated into the 
plant genome (Twyman and Christou 2004). Since the 1990s, particle bombard-
ment has also been used successfully in combination with other transformation 
techniques (Bidney et al. 1992; Hansen and Chilton 1996; Rasmussen et al. 1994), 
for example, Agrobacterium-mediated transformation. As demonstrated, e.g., for 
mosses, the longstanding polyethyleneglycol (PEG)-mediated DNA transfer is the 
method of choice if Agrobacterium-mediated transformation or biolistic transfor-
mation is not possible (Gorr and Wagner 2005).

Studies have revealed that transgenic plant cell suspensions can be developed 
from transgenic callus cultures produced with a particle gun or explants from trans-
formed plants, as well as from Agrobacterium tumefaciens-mediated transforma-
tion of wild-type suspensions, and the biolistic delivery of plasmid DNA into plant 
suspension cells. Currently, transgenic hairy roots can be initiated by infecting 
transgene-containing plants or explants with A. rhizogenes, performing root initia-
tion and transformation using engineered A. rhizogenes strains containing modified 
T-DNA, and direct A. tumefaciens-mediated transformation of established hairy 
root cultures from wild-type (Shadwick and Doran 2004). As described for mam-
malian cells, doubling time and growth rate of plant cells can also be increased by 
genetic engineering (Su 2006). For more detailed information on the genetic trans-
formation of plant cells, the reader is referred to Christou and Klee (2004) and 
Fischer and Schillberg (2004).

8.1.4.3 Storage

Plant cell cultures are maintained either in slow-growth storage or, for long-term 
conservation, in the form of cryopreservation. While preserving all the characteris-
tics of the cells, both methods reduce the frequency of subcultivation and thereby 
reduce contamination risk, labor, as well as media costs. Slow growth can be 
achieved by various simple methods including a temperature shift to a range 
between 2 and 10 °C, a decrease in light (dim light at about 50 lux) or oxygen, the 
application of growth medium with stabilizers promoting cell survival, or combina-
tions of these methods. According to Schumacher et al. (1994), slow-growth stor-
age for more than 4 months in static tissue culture flasks with growth medium plus 
0.01% charcoal and 1.0% gelatin at a reduced temperature of 10 °C in the dark may 
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be preferable for suspension cultures of Agrostis tenuis, Nicotiana tabacum, 
Nicotiana chinensis, Oryza sativa, and Solanum marginatum.

In contrast to slow-growth storage, it is known from animal cell storage that 
cryopreservation, which finally occurs in liquid nitrogen and at −196 °C, effectively 
stops all cellular processes. It is achieved by use of cryoprotectant solutions con-
taining DMSO, glycerol, or sucrose in standard culture medium with controlled 
cooling or dehydration followed by rapid freezing (Withers 1991; Benson et al. 
1998). A cooling rate in the range of −0.25 °C min−1 to −2.0 °C min−1 down to not 
less than −40 °C maintained for 30–60 min and followed by rapid cooling to liquid 
nitrogen temperature has proven to be suitable for many plant species and culture 
types (Moldenhauer 2003). Successful cryopreservation of cell suspension cultures 
by slow prefreezing is described by Seitz (1987), and Menges and Murray (2004). 
Vitrification using highly concentrated plant vitrification solution 2 (PVS2) repre-
sents another cryopreservation procedure with extended applicability (Kobayashi 
et al. 2006). In spite of the long list of cryopreserved plant cells, which includes 
callus cultures, suspension cultures, isolated protoplasts, embryogenic cultures, 
hairy roots, and shoot tips (Endress 1994; Kartha 1987; Moldenhauer 2003; 
Yoshimatsu et al. 1996), cryopreservation is still not widely used in processes that 
use plant cells as production organisms.

8.2 Bioreactors for Plant Cell Cultures

8.2.1 General Considerations

For plant cell suspensions and hairy roots, suitable bioreactors can be roughly 
divided into three main types according to their continuous phase (Kim et al. 
2002a): liquid-phase bioreactors, gas-phase bioreactors, and hybrid bioreactors 
(Table 8.4). In liquid-phase bioreactors, the plant cells are immersed continuously 
and oxygen is usually supplied by bubbling air through the culture medium. The 
term “submerged bioreactor” is also used for liquid-phase reactors. Mechanically 
driven bioreactors, pneumatically driven bioreactors, and hydraulically driven bio-
reactors belong to this category (Sects. 8.2.2 and 8.2.3). Because of the low solubil-
ity of gases in liquid-phase systems, gas-exchange limitations and insufficient 
nutrient transfer (as a consequence of gentle mixing to lower hydrodynamic stress) 
frequently result in growth inhibition (Singh and Curtis 1994).

By using gas-phase reactors such as the spray reactor or the mist reactor, which 
represent typical emerged bioreactors (Sect. 8.2.3), oxygen transfer limitation can be 
reduced or even eliminated. Whereas plant cells, especially organ cultures, are 
exposed to humidified air or other gas mixtures, the medium containing the nutrients 
is delivered to cells as droplets produced by spray nozzles or ultrasonic transducers. 
As readily identifiable from the bioreactor name, the droplet size of mist bioreactors 
is smaller (usually 0.01–10 µm) than the potentially much greater droplet size of 
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spray bioreactors (10–103 µm). Finally, the hydrodynamic stress is low in gas-phase 
bioreactors (Towler et al. 2006; Weathers et al. 1999; Whitney 1992; Wilson 1997).

Hybrid bioreactors represent combinations of submerged and emerged bioreactors, 
such as the famous 500 L Wilson Reactor for hairy roots (Sect. 8.2). They have been 
developed to circumvent manual loading of the bioreactor growth chamber in order to 
uniformly distribute the production organisms, for example, roots. The hybrid bioreac-
tor switches from liquid-phase to gas-phase operation after the inoculation, distribution, 
attachment to immobilization points, and short growth phase of the cells.

Small biomass concentrations of plant cell cultures can be grown in virtually any 
bioreactor configuration. Excellent plant cell growth with biomass productivity 
> 1 g dry weight L−1 day−1 requires an optimized and well-characterized bioreactor 
configuration. For plant cells tending to high cell density growth and/or aggregate 
formation, their trouble-free inoculation, transfer, and harvest presuppose specially 
designed bioreactor elements. For example, transfer pipes, inoculation pipes, har-
vest pipes, and ports all have to be sufficiently dimensioned. Moreover, inoculation 
should be performed by application of gravity, pressure, or vacuum, and high shear 
stress from pumping should be avoided.

Process monitoring and control are generally facilitated by standard bioreactor 
instrumentation, which uses pressure-, temperature-, pH-, and air sensors as well as 
gas flow rate-, pO

2
- (dissolved oxygen), pCO

2
- (dissolved carbon dioxide), and 

Table 8.4 Plant cell bioreactor categorization

Plant cell bioreactors

Liquid-phase
bioreactor/
submerged 
bioreactor

Gas-phase
bioreactor/
emerged 
bioreactor

Hybrid bioreactor

Mechanically
driven biore-
actor

Pneumatically
driven biore-
actor

Hydraulically
driven 
bioreactor

Trickle bed 
reactor
(droplet
reactor or 
spray
reactor)

Combinations
of bubble 
column and 
gas-phase
bioreactor, for 
example: bub-
ble column-
trickle bed

Stirred reactor Airlift reactor Radial flow 
bioreactor

Mist reactor

Rotating drum 
reactor

Bubble column 
Plastic-lined
reactor

Bubble column-
mist reactor

BioWave Slug Bubble bio-
reactor

Wilson Reactor 
(bubble 
column-spray
reactor)

Wave & 
Undertow 
bioreactor
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conductivity sensors. The integration of a gas analyzer allows the oxygen uptake 
rate (OUR) and carbon dioxide evolution rate (CER) to be determined.

As previously mentioned, the yield of bioactive substances is determined both 
by biomass production and by the level of bioactive substances produced per unit 
biomass (Sect. 8.1.1). Potentially, the importance of the bioreactor type used lies 
not in maximum biomass production, but rather in stimulating product formation 
by guaranteeing an optimal environment (Flores and Curtis 1992; Kim et al. 
2002b). Therefore, the bioreactor should be selected and optimized with the culti-
vation goal in mind (biomass or bioactive substance) taking into account the cell 
line’s specific morphology, rheology, shear tolerance, growth behavior, and 
metabolism.

8.2.2 Suitable Bioreactors for Plant Cell Suspension Cultures

Cell suspension cultures in general are regarded as the most suitable plant cell cul-
ture type for large-scale biotechnological applications and are cultured in mechanically
or pneumatically driven aerated submerged bioreactors. Stirred reactors, bubble 
column reactors, and airlift reactors directly derived from microbial fermenters 
were initially used with only minor modifications to grow plant suspension cells 
(Eibl and Eibl 2002). In aerated/submerged plant cell suspension bioreactors, 
engineering analysis demonstrates that hydrodynamic-related stress adversely 
affecting the cultivation course is generally a result of the aeration and mixing sys-
tem, aeration rate, and/or impeller tip speed used (Kieran et al 2000; Su 2006; 
Zhong 2001).

In most plant cell cultivations, the air is directly introduced via a sparger (ring, 
pipe, plate, frit) positioned in the lower part of the bioreactor (Eibl and Eibl 2002). 
According to Präve et al. (1994), such direct aeration guarantees the highest possible 
aeration efficiency, this being evaluated by volumetric oxygen transfer coefficients,
k

L
a values, which are above 20 h−1 for cell cultures. When pressure, temperature, 

and medium are fixed, k
L
a values of bioreactors are affected by the aeration rate, 

gas holdup, and size of the bubbles produced by the sparger. The higher the aeration 
rate, the larger the bubble size, speed between bubbles and cells, collision risk, and 
damaging ability become. If sensitive cells come into contact with air bubbles, cells 
cultivated in bubble-aerated bioreactors may be damaged as a consequence of cells 
and bubbles rising to the surface and subsequent bubble bursting (Storhas 1994). 
As mentioned in Sect. 8.1.1, typical oxygen demands and the resulting aeration 
rates for high plant cell growth do not lead to permanent cell damage for most plant 
cell lines. In general, k

L
a values of about 10 h−1 are necessary for high plant cell 

culture growth (Takayama and Akita 2006) in large-scale culture systems. However, 
Pan et al. (2000) reported a growth stimulating effect of k

L
a values above 15 h−1 in 

stirred Taxus chinensis suspension cell cultivations.
Another point to consider is that the presence of extracellular polysaccharides, 

fatty acids, and high sugar concentrations in the plant cell culture medium 
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combined with bubble aeration promotes foaming at the culture broth surface, 
which is a serious problem particularly for the pneumatically driven plant cell bio-
reactors such as airlift and bubble column reactors. The result of extensive foaming 
is a crust of foam-entrapped cells adhering to the inside of the bioreactor’s vessel 
(called wall growth phenomenon) as well as clogging of the air exhaust filter, which 
constitutes a contamination risk. Ceramic or sintering steel porous spargers (Kim 
et al. 1991; Zhong et al. 1993) generating fine bubbles with higher k

L
a values, bub-

ble-free aeration via tubes of silicone (Abdullah et al. 2000; Ziv 2000), external 
aeration (Carvalho and Curtis 1998; Kino-Oka et al. 1999), and indirect aeration 
(spinfilter, eccentric motion stirrer, cell-lift impeller) (Eibl et al. 1999; Su 1995; 
Valluri et al. 1991) can be used to overcome the disadvantages of sparger rings to 
plant cells at high bubble aeration rates. However, with the exception of external 
aeration and ceramic or sintering steel porous spargers, sparger systems have a 
limited scale-up potential. It is evident that, as a general rule, direct aeration is more 
effective and advantageous than indirect medium aeration conducted in the outer 
loop. Paek et al. (2005) successfully reduced foaming and cell growth on the vessel 
wall in bubble columns by designing balloon-type bubble bioreactors. Similar 
effects, including minimized wall growth, can be achieved by oxygen enrichment, 
which causes low gas flow rates as found in the Plastic-lined bioreactor (Fig. 8.4g) 
by Curtis for Hyoscyamus muticus suspension cells. This low cost bioreactor type 
has a cultivation bag of plastic film, which is inserted in a bubble column vessel. Its 
150 L system (100 L culture volume) produced biomass with over 15 g dw L−1 dur-
ing the 33-day culture period (Curtis 2004).

In investigations carried out in our lab we observed that, in the course of differ-
ent plant suspension cell cultivations producing stable foam layers, flotation effects 
increased, which led to rising cell entrapment in the foam layer and nutrient limita-
tions for these cells during long-term cultivations. A reduction of foaming can be 
accomplished by the addition of antifoam agents such as silicone-based agents, 
polypropylene glycol antifoam agents, and/or mechanical foam disruption. It 
should be noted that in plant suspension cell cultivations an overdose of such anti-
foam agents may reduce oxygen transfer (Kawase and Moo-Young 1990), and that 
mechanical foam disruption is theoretically possible: unfortunately, applications 
with hydrocyclones or mechanical turbines do not exist. At high cell mass or bio-
mass concentrations >30 g dw L−1, a further disadvantage of using bubble columns 
and airlift bioreactors to cultivate plant cell suspension cultures is insufficient mix-
ing. This results in poor oxygen transfer (air bubbles cannot be dispersed satisfac-
torily → k

L
a decreases) and heterogeneous biomass distribution. Therefore, these 

bioreactor types are not recommended for culturing plant cells at high cell densi-
ties, the conventional stirred bioreactor modifications predominating in the litera-
ture being more suitable (Doran 1993; Tanaka 2000).

For stirred plant cell bioreactors, the aeration system type and arrangement 
should be taken into account when choosing the impeller system and its pumping 
mode. To guarantee mass and temperature homogeneity as well as optimal gas dis-
persion without causing excessive foaming and shear damage to the plant cell sus-
pension, the sparger of the stirred bioreactor (which usually operates below the 
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flooding point) is located in the flow direction of the impeller. For instance, surface 
aeration requires the use of an impeller type with downward pumping mode as this 
allows better oxygen transfer for the increased culture broth viscosities that result 
from high cell densities. Long-term experience made with mammalian cells has 
suggested the advantageous combination of upward pumping axial-flow and radial-flow 
impellers in stirred bioreactors equipped with frits for aeration. We assume that this 
will be used in plant suspension cell stirred bioreactors in the near future. Until 
now, impellers considered suitable have included large slow-moving axial flow 
impellers with low tip speeds of up to a maximum of 2.5 m s−1, such as marine 
impellers or special pitched blade impellers, and impellers positioned near the ves-
sel wall, for example, spiral stirrer, helical-ribbon impellers, and anchor impellers. 
Several descriptions of these impeller types for plant suspension cells can be found 
in the literature (Eibl and Eibl 2002; Joliceur et al. 1992; Kieran et al. 1997).

In addition, alternative impeller systems have been developed and installed in 
conventional stirred vessels. Prominent examples are the cell-lift impeller and the 
centrifugal-pump impeller, which function both as a fluid pump and aerator (Kim 
et al. 1991; Roberts and Shuler 1997; Wang and Zhong 1996a, 1996b; Zhong et al. 
1999). For example, a maximum dry cell mass concentration of 26 g dw L−1, bio-
mass productivity of 0.9 g dw L−1 d−1, and a ginsenoside productivity of 29 mg L−1 d−1

were achieved in cultivations of Panax notoginseng cells in a centrifugal impeller 
bioreactor (Zhong 2001). Radial flow impellers, such as the Rushton impeller, 
achieve high-energy inputs and are therefore suitable for limited applications with 
plant cell suspensions. In certain cases, the design has been improved, as with con-
cave blades (Eibl and Eibl 2002; Pan et al. 2000; Schiermeyer et al. 2004).

There have been many studies on the development and use of other mechanically 
driven bioreactors, characterized by their superior performance in terms of suspen-
sion homogeneity and low-shear environment. Tanaka et al. (1983), Shibasaki et al. 
(1992), and Takahashis and Fujita (1991) successfully used a rotating drum biore-
actor for the cultivation of suspension cultures of Catharanthus roseus, Nicotiana 
tabacum, and Lithospermum erythrorhizon. In comparison to the other bioreactor 
types described earlier, the rotating drum bioreactor has a significantly larger sur-
face area in relation to volume. Furthermore, in this bioreactor, mass transfer is 
achieved with comparatively less specific power input and therefore low hydrody-
namic shear.

Eibl and Eibl (2006, 2007), Cuperus et al. (2006), and Krüger (2006) have 
pointed out the excellent biomass growth of tobacco, grape, and apple suspension 
cells (maximum biomass productivity in the range of 20–40 g fw L−1 d−1 and dou-
bling times between 2 and 4 days) in the BioWave reactor (Fig. 8.4d) operating with 
1 and 10 L culture volume. Furthermore, reduced shearing (indicated by higher 
viabilities and no significant change in cell morphology) and reduced foaming were 
found in the disposable BioWave when compared with cultivations in 2 L stirred 
bioreactors performed in our lab. These observations can be explained by the 
hydrodynamic characteristics of the cultivation environment and oxygen transport 
efficiency ensured by the BioWave. The energy input is caused by rocking the 
platform, which induces a wave in the culture bag. As a consequence of this wave 
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induced motion, oxygenation and mixing are realized. The surface of the medium 
is continuously renewed and bubble-free surface aeration takes place. Provided 
batch mode and cultivation parameters in the BioWave and the applied stirred bio-
reactor were comparable, we found k

L
a values to be more than twice as high in the 

BioWave. Assuming a constant rocking angle and culture volume, as the rocking 
rate is increased, BioWave’s power input rises until it reaches a stationary value, 
which may be followed by a slight decrease resulting from the occurring phase shift 
of the wave. For a 2 L culture bag containing 1 L culture volume, the phase shift 
took place at a rocking rate greater than 20 rpm (Chap. 5). The latest disposable 
bioreactor developments, including the Wave & Undertow bioreactor (WU biore-
actor) and the Slug Bubble bioreactor (SB bioreactor), were successfully applied to 
grow tobacco and soya cells expressing isoflavones and monoclonal antibodies 
(anti-rabies) up to 100 L culture volume (Girard et al. 2006; Terrier et al. 2006). 
The WU bioreactor is based on the WIM principle like BioWave, while the SB 
bioreactor represents a bubble column that allows an easy increase of size by using 
multiple units.

If illumination is required, particular bioreactors made of glass vessels or plastic 
bags can be used in illuminated rooms or with external illumination lamps (i.e., 
fluorescent lamps) installed around them. There are only a few reports on and pat-
ents (Takayama and Akita 2006) for internal illumination systems made from tubes 
(Dubuis 1994) and glass fibers, for example, in respect of the 15 L bioreactor with 
eccentric motion stirrer and integrated illumination cage (Eibl et al. 1999; Eibl and 
Eibl 2002). As these systems are costly and fail to introduce light efficiently, they 
have not been commercialized.

Finally, while the majority of transgenic suspension cells that have been used to 
express recombinant proteins are ideally cultivated in stirred laboratory bioreactors 
(Hellwig et al. 2004), photoautotrophic moss suspension cells from Physcomitrella 
patens, which secreted 30 mg L−1 d−1 human vascular endothelial growth factor 
(VEGF), are cultivated in a tubular bioreactor. This photobioreactor type is well known 
from microalga cultivation where light is one of the main factors influencing biomass 
growth and also scale-up (Decker and Reski 2004; Gorr and Wagner 2005).

8.2.3 Suitable Bioreactors for Hairy Roots

From Sect. 8.1.3.3, it will have become clear to the reader that it is more difficult 
to cultivate hairy root cultures than plant suspension cells in bioreactors. Without 
design modifications supporting root inoculation, growth, sampling, and harvest, 
the stirred bioreactor is generally not suitable for hairy roots despite its dominance 
in biotechnology. Exceptions reported in the literature are the cultivation of 
Catharanthus trichophyllus L. hairy roots (Davioud et al. 1989), hairy root cultures 
of Catharanthus roseus (Nuutila et al. 1994), strawberry (Nuutila et al. 1997), and 
beetroot (Georgiev et al. 2006). In general, the impeller can damage the roots even 
at low specific power inputs. To rule out this possibility, a cage or mesh of stainless 
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Fig. 8.4 Bioreactors for hairy root cultivation: (a) modified stirred bioreactor, (b) radial flow 
bioreactor, (c) Inversina, (d) BioWave, (e) segmented bubble column, (f) convective flow bioreac-
tor, (g) Plastic-lined bioreactor, (h) airlift bioreactor, (i) trickle bed or spray bioreactor, (j) mist 
bioreactor, (k) LCMB Bioreactor

steel isolating the roots from the impeller was fitted inside the culture vessel of 
stirred bioreactors. The cage or mesh acts as a matrix and supports the self-
immobilization of the roots. This can improve the growth of hairy roots in stirred 
bioreactors and further bioreactor types as shown by Hilton and Rhodes (1990), Lee 
et al. (1999), Shadwick and Doran (2004), and also by studies with different hairy 
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root lines in our lab. In gas-phase bioreactors, there is an imperative need to immo-
bilize the hairy roots since the continuous phase is gas. For these reasons, indepen-
dent of the bioreactor type, immobilization of hairy roots by horizontal or vertical 
meshes as well as by cages or polyurethane foam meets the current standards 
(Wilson 1997). Reported productivities obtained from bioreactor cultivations of 
hairy roots are summarized in Table 8.5 and their schematics are depicted in Fig. 
8.4. In addition to the previously mentioned modified stirred bioreactors, hairy 
roots were also cultivated in rotating and shaking representatives of mechanically 
driven bioreactors, different types of bubble column bioreactors as well as airlift 
bioreactors, the hydraulically driven radial flow bioreactor, and gas-phase bioreac-
tors. Considering the bioreactor cultivation of hairy roots from an engineering 
standpoint, the most significant problem is the nonuniform distribution of biomass 
and, in particular, of high local root densities in the form of clumps. The latter is 
closely connected with mass transfer limitations and, in terms of efficient mass 
transfer (i.e., fluid mixing and oxygen transfer), presents considerable difficulties 
in bioreactor scaling-up. For laboratory scale, it is recognized that at hairy root 
concentrations up to 10 g dw L−1 the cultivation can be realized in essentially any 
bioreactor type listed in Table 8.5 (Curtis 2000).

Scale-up limitations due to high fluid flow resistance in dense root biomass at 
concentrations between 10 and 40 g dw L−1 were detected by Carvalho and Curtis 
(1998) in liquid-phase bioreactors. Yu et al. (1997) explained the growth-limiting 
effect of oxygen deficiency for hairy roots due to mass transport limitations under 
submerged cultivation conditions. Here gas–liquid oxygen transfer is hindered by 
reduced turbulence as a result of the roots present and also by coalescence of gas 
bubbles in the root clumps causing gas flow channeling around them. As a result, 
localized complete depletion of oxygen can arise. It has been suggested that liquid–
solid mass transfer rather than gas–liquid mass transfer is the dominant influence 
on the rate of oxygen delivery to hairy roots. To improve the supply of oxygen to 
the growing roots in the bioreactor, different pneumatically driven bioreactor types 
have been developed such as the segmented bubble column operating with three 
spargers (Fig. 8.4e) and the convective flow bioreactor (Fig. 8.4f). Although the use 
of these bioreactors leads to higher biomass productivity for the configurations 
tested, scale-up problems can be expected (Carvalho and Curtis 1998; Kwok and 
Doran 1995).

The highest biomass productivity (>2 g dw L−1 d−1) in the cultivation examples 
summarized in Table 8.5 was achieved by the radial flow bioreactor (Fig. 8.4b) and 
the BioWave (Fig. 8.4d). The radial flow bioreactor consists of a medium vessel (in 
which the culture medium is oxygenated externally), a peristaltic pump (which 
recirculates the aerated medium between the medium vessel and culture chamber), 
and a cylindrical culture chamber with an integrated wire mesh for root immobilization.
After 12 days of cultivation, 51 g dw L−1 of beetroot hairy roots was harvested 
(Kino-Oka et al. 1999). In our lab, the application of the BioWave operating with 
Cellbag 2 L (total volume) at specific power input values between 30 and 50 Wm−3

yielded final dry biomass concentrations of 60 g dw L−1 d−1 for hyoscyamine (312 mg 
L−1), which produces hairy roots of Egyptian henbane, and about 46.4 g dw L−1 d−1
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Table 8.5 Hairy root growth and metabolite production in suitable bioreactors

Product Plant species Bioreactor type

DCM
final

(g dw 
L−1)

BMP
dw

(g dw 
L−1 d−1)

Maximum
metabolite
productivity 
(mg L−1) References

Hyoscyamine Datura stra-
monium

Stirred
bioreactor, 
Fig. 8.4a

8.4 0.24# 66.5 Hilton and 
Rhodes
(1990)

Atropine Atropa bel-
ladonna

Stirred bioreactor, 
Fig. 8.4a

60.2 1.81 325.1 Lee et al. 
(1999)

Antibody, 
murine
IgG

1

Nicotiana
tabacum

Stirred
bioreactor, 
Fig. 8.4a

n.m. n.m. 1.9 Shadwick 
and
Doran
(2004)

Atropine Atropa bel-
ladonna

Bubble column, 
Fig. 8.4e

9.9 0.23 14 Kwok and 
Doran
(1995)

Artemisin Artemisia
annua

Bubble column 
(*), feeding

15.3 0.4 0.025 Kim et al. 
(2002b)

Biomass Hyoscyamus
muticus

Bubble
column,
8.4f

24.7 0.79 n.m. Carvalho 
and
Curtis
(1998)

Armoracia 
rusticana

Airlift bioreactor, 
Fig. 8.4h

11 0.35 n.m. Taya et al. 
(1989b)

Beta vulgaris Radial flow 
bioreactor, 
Fig. 8.4b

51 3.73 n.m. Kino-Oka 
et al. 
(1999)

Hyoscyamus
muticus

Rotated drum 
bioreactor, 
type Inversina, 
Fig. 8.4c

46 0.48 n.m. Eibl et al. 
(1996)

Hyoscyamus
muticus

Plastic-lined biore-
actor, Fig. 8.4g

8.8 0.28 (#) n.m. Curtis 
(2004)

Hyoscyamus
muticus

Spray bioreactor, 
Fig. 8.4i

31 1.1 n.m. Not pub-
lished

Datura stra-
monium

Bubble column-
spray biore-
actor*

8 (#) 0.2 n.m. Wilson 
(1997)

Hyoscyamine Hyoscyamus
muticus

BioWave, Fig. 
8.4d, feeding

60 2.1 312 Eibl and 
Eibl
(2006)

Ginsenosides Panax gin-
seng

BioWave, Fig. 
8.4d, feeding/
exchange

46.4 0.51 145.6 Eibl and 
Eibl
(2006)

Ginsenosides Panax gin-
seng

Spray bioreac-
tor Fig. 8.4i, 
exchange

9.9 0.17 39.2 Palazón 
et al. 
(2003)

l-DOPA Stizolobium
hassjoo

Mist bioreactor, 
Fig. 8.4j, 
feeding

11.5 0.72 644 (#) Huang 
et al. 
(2004)

Nonexisting DCM
final

: assumed to be 10% of FCM
final

n.m. – not measured
#BMP was calculated from DCM

final
 as a consequence of unavailable inoculum

*Wire-mesh cage or steel mesh
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for ginsenosides (145.6 mg L−1), which contain hairy roots of ginseng (Eibl and Eibl 
2006). In this context, it is important to note that cultivations were carried out in 
feeding mode (200 mL → 500 mL), guaranteeing ebb-and-flow conditions for the 
growing hairy roots by changing the position of the BioWave rocker unit at con-
stant rocking rate (6 rpm) and constant rocking angle (6°). The mat-like root tissue 
produced was uniformly distributed in the culture bag, which was completely filled 
with roots at the end of the cultivation. We are therefore of the opinion that the 
resulting reduction in mass transfer limitations caused biomass productivity to be 
~40% higher than that achieved in the BioWave operating with culture bag 20 L 
(total volume). The root biomass was highly localized at three points in the culture 
bag 20 L. As far as root growth is concerned, a key to minimizing mass transfer 
limitations seems to be uniform distribution of root tissue in the bioreactor. Similar 
to BioWave, the Inversina (Fig. 8.4c), a rotating drum bioreactor characterized by 
oloid movement and low hydrodynamic shear, was run with alternate cycles of liq-
uid- and gas phase, that is to say, in ebb-and-flow mode. When additional hairy root 
immobilization was guaranteed by meshes positioned at three levels in the Inversina 
bioreactor vessel, a final Hyoscyamus muticus dry biomass concentration of 46 g 
dw L−1 was obtained (Eibl et al. 1996).

Given that there are no limitations on the availability of oxygen to roots in a 
spray bioreactor (Fig. 8.4i), as described by Weathers et al. (1999), and that uniform 
biomass distribution is guaranteed, the question is why biomass productivity in a 
spray bioreactor does not exceed that of the BioWave for henbane and ginseng 
hairy roots. A possible explanation is that the lower biomass growth of both hairy 
root clones is caused by a nonoptimal spray cycle, which results in inadequate 
nutrient availability to the roots. It is clear that the availability of culture medium 
to the roots in spray and also mist bioreactors depends on the amount of droplets 
deposited on the root surface. This is a function of the spray or mist cycle (continu-
ous/periodic/intermittent) as well as mist rate and the efficiency with which the 
hairy roots capture the droplets. We could not corroborate the hypothesis of Kim 
et al. (2002b) and Flores and Curtis (1992) that the importance of spray and mist 
bioreactors lies more in stimulating specific secondary metabolite production than 
in biomass production. In addition, the BioWave was superior to the spray reactor 
in ginsenoside production (Eibl and Eibl 2006).

Henbane and ginseng hairy roots grown in spray bioreactors possessed longer 
root hairs and were more abundant than those cultivated in the BioWave and the 
Inversina. These observations are consistent with the findings of Hofer as well as 
those of Williams and Doran. Doran also describes a much thicker layer of muci-
lage making mass transfer more difficult for hairy roots grown in liquid phases than 
for roots grown in gaseous phases (Williams and Doran 1999; Hofer 1996). 
However, it is also important to note that root hairs presenting a further significant 
barrier for mass transfer may affect the drainage of medium in gas-phase bioreac-
tors (Shiao and Doran 2000). Ramakrishnan and Curtis (1994) demonstrated that 
profuse hairy roots entrain considerably more liquid than roots with fewer hairs. 
Because the number of hairs enhances spray/mist capture but may hinder liquid 
drainage in spray bioreactors, the mist bioreactor is preferable for the growth of 
profuse hairy roots (Kim et al. 2000a).
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Uniform loading of hairy root matrices in the cultivation chamber and, most 
notably, achieving maximum use of the chamber are general problems for hairy 
root culture bioreactors. Whereas small-scale laboratory bioreactors are inoculated 
as open systems in a laminar flow, larger bioreactors necessitate the use of specific 
loading procedures and/or pharmaceutical isolator techniques for safe inoculation. 
For example, a pharmaceutical isolator is an integral part of the 50 L LCMB 
Bioreactor, a spray bioreactor of plastic film (Fig. 8.4k), which was introduced by 
Wink et al. (2005) for the production of podophyllotoxin. To allow hairy root 
attachment to the immobilization matrix, ebb-and-flow mode operation was 
included. The 500 L Wilson Bioreactor, which was specially designed for the 
investigation of hairy root growth in large scale, is a hybrid bioreactor (Table 8.5). 
It was used to cultivate hairy roots of Datura stramonium under submerged condi-
tions for 21 days and subsequently in spray mode for 40 days. Besides the root 
immobilization assembly of wire chains and bars, it is specially constructed to 
allow mechanical root inoculation after growth of the root inoculum in a seed ves-
sel. A total biomass of 39.8 kg fresh weight corresponding to 79.6 g fw L−1 was 
harvested (Wilson 1997). Although achieved biomass productivity was low, it was 
demonstrated that large-scale cultivation of hairy roots is realizable. In the same 
way as hairy root loading requires opening the bioreactor, so does the hairy root 
harvest after the process has finished. In the end, the hairy roots have to be detached 
from their immobilization matrices.

In summary, it can be stated that optimum bioreactor design for hairy root cul-
tures and their products is a balance between, firstly, meeting the biological needs 
for efficient root tissue growth without inducing undesirable responses and/or sup-
porting the secondary metabolite or recombinant protein expression in sufficient 
quantity and, secondly, quality.

8.3  Approaches to Improving Productivity in Plant 
Cell-Based Bioprocessing

Besides bioreactor type (Sect. 8.2), bioreactor operating mode is another appropri-
ate strategy with which to pursue high biomass productivity and/or high bioactive 
compound (secondary metabolite, recombinant protein) content in plant cell-based 
production processes. As a matter of course, it is essential that a highly productive 
cell line is used, the inoculum density is sufficiently high, and that culture medium 
and cultivation parameters including pH, temperature, aeration rate, composition of 
the bioreactor’s gas phase (O

2
, CO

2
, C

2
H

4
) and, if necessary, light duration and 

intensity are optimized (Sects. 8.1.1 and 8.1.2). To select the most suitable operat-
ing mode, the product formation pattern (growth association or nongrowth associa-
tion and product secretion or intracellular accumulation) has to be taken into 
account. Furthermore, the strong dependence of this product formation pattern on 
the promoter used (constitutive or inducible) in recombinant protein production 
should be borne in mind (Shadwick and Doran 2004; Su 2006).
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Productivity of growth-associated intra and extracellular products can be 
improved by increasing plant cell growth, prolonging the exponential growth phase, 
and increasing final biomass concentration in the bioreactor. Therefore, fed batch 
cultivations operating with intermittent feeding of sucrose or maltose are frequently 
used to enhance the productivity of biomass and intracellular products in plant cell 
cultivation processes (Choi et al. 2000; Huang et al. 2004; Wang et al. 2000). 
However, perfusion performed continuously at high perfusion rates (by cell reten-
tion devices such as spinfilters or by cell immobilization) yields considerably higher 
biomass concentrations and secondary metabolite or protein levels than batch or fed 
batch operations (Bentebibel et al. 2005). Indeed, this also depends on the efficient 
and easy removal of undesirable by-products and the resulting prolongation of active 
cell growth at high metabolic culture activity. However, it should be noted that, if 
product inhibition occurs, a product harvest unit (e.g., affinity column, adsorption or 
extraction column) may be coupled to the bioreactor to avoid cell growth rate reduc-
tion, cell decease, and product level lowering in growth-associated, extracellular 
products (Su 2006). For nongrowth associated, intracellular products, advantages 
can be found in two-stage batch cultivations in which growth phase and production 
phase have been decoupled by the application of a growth and production medium 
(Fujita et al. 1981; Raval et al. 2003; Zenk et al. 1977). In contrast, as a consequence 
of potential product inhibition, cultivations in perfusion mode should be chosen for 
nongrowth associated, extracellular products (Seki and Furusaki 1999).

It should be borne in mind that the most effective approach to significantly 
increasing the productivity of secondary metabolites is elicitation (Reuben and 
Croteau 2004). Elicitation (nontransgenic technique) has commercial potential and 
can result in metabolite secretion (Sevón 1997). It is defined as induction of gene 
expression associated with stimulation of secondary metabolite production by agents 
and means, the so-called elicitors. Elicitors are able to activate plant defense mecha-
nisms, for example, synthesis of phytoalexins or active oxygen species such as H

2
O

2

(known as the oxidative burst), in response to pathogenic attacks (Wu and Ge 2004). 
Biotic elicitors, which are microbe-derived molecules (polysaccharides, glycopro-
teins, bacterial and fungal cell walls, and low molecular weight compounds), and 
abiotic elicitors (ultraviolet radiation, ultrasonic pulsed electric fields, salts of heavy 
metals and various chemicals such as MeJA or JA) were successfully tested (Endress 
1994; Lin et al. 2001; Lin and Wu 2002; Ye et al. 2004; Yeoman and Yeoman 1996). 
Results revealed that effective elicitation requires two-stage cultivation (because 
elicitors are often added to the culture medium after cell growth is complete), an 
optimum elicitor dosage and exposure time (Kim et al. 2002a; Rhijwani and Shanks 
1998; Sevón 1997; Singh 1997). We would like to point out that in many cases the 
combination of enhancement techniques (multiple elicitors or combination of elici-
tation with immobilization, fed batch mode, perfusion mode, etc.) was advantageous 
not only for the quantity but also for the quality of the desired secondary metabolite 
(Bentebibel et al. 2005; Qian et al. 2005; Zhang et al. 2002).

Efforts have also been made to increase the accumulation and secretion of 
recombinant proteins in plant cell cultures by their retention (in situ adsorption) and 
especially their stabilization (with medium additives such as gelatin, bacitracin, 
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BSA, PVP, NaCl, DMSO, KNO
3
, amino acids, or by osmolarity or pH shift) after 

protein has been produced (Shadwick and Doran 2004; Su 2006). However, further 
improvements in recombinant protein yields are necessary to increase the economic 
competitiveness of plant cell cultures when compared with their mammalian cell 
counterparts.

8.4  Application Examples and Potential Active Agent 
Candidates

Whereas maximum protein levels in plant cell cultures reach values of around 4% 
of total soluble protein (TSP) or 200 mg L−1 volumetric productivity (Hellwig et al. 
2004), maximum volumetric productivity titers of recombinant proteins secreted by 
mammalian cells range from 500 to 5,000 mg L−1 (Wurm 2005). Nowadays, this 
means that between 2.5- and 25-fold higher protein levels can be guaranteed if 
mammalian cells, particularly CHO cells, are used as production organisms instead 
of plant cells. The first recombinant protein made by cultured tobacco suspension 
cells was human serum albumin (HSA) (Sijmons et al. 1990). To date, 20 different 
recombinant proteins have been successfully produced in proof-of-principle studies 
with plant cell cultures (Hellwig et al. 2004; Hülsing 2005; Kreis et al. 2001; 
Marshall 2006; Yazaki 2004; Vanisree et al. 2004; Voedisch et al. 2005). An updated 
summary of such PMPs (plant-made pharmaceuticals = protein-based medicines 
produced in transgenic plants and plant cells) is given in http://www.molecularfarming.
com. In addition to cell lines derived from the tobacco cultivars Bright Yellow 2 
(BY-2, doubling time of 13 h according to Nagata et al. 1992) and Nicotiana tabacum
1 (NT-1), well-characterized fast-growing transformed rice, alfalfa, tomato, soybean, 
and moss (Physcomitrella) cells are frequently applied to express important thera-
peutic proteins including antibodies, for example, AAT (for lung diseases), EPO (for 
anemia), GM-CSF (to stimulate bone marrow to produce white cells more quickly 
after chemotherapy), HBsAg (for hepatitis B prevention), and VEGF (for tumor 
diagnostics, and circulatory disorder) (Gorr and Wagner 2005; Ma et al. 2003; 
Schillberg et al. 2005). The first registration of such a PMP (vaccine against 
Newcastle Disease Virus) was announced from engineered plant cell cultures in 
February 2006 (Evans 2006). In order that recombinant proteins can also be manu-
factured by plant cell cultures in the future, cell banking of plant cells including their 
cryopreservation has to be established as both a master cell bank (MCB) and a 
working cell bank (WCB), which are prerequisites for GMP production.

While recombinant protein expression is still in its infancy, plant cell-based sec-
ondary metabolite production has a tradition of more than 45 years. Maximum sec-
ondary metabolite levels in plant cell cultures vary from 10 to 20% of the cell dry 
weight, which corresponds to productivities between 1 and 2 g L−1 d−1. The plant 
cell-based product with the highest productivity (2 g L−1 d−1) reported in the litera-
ture is rosmarinic acid (RA), a caffeic acid dimer described as antimicrobial, anti-
viral, and antioxidative (Parnham and Kesselring 1985). Since RA is most notably 
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used as a food additive and not as a high purity pharmaceutical, it is still commer-
cially produced in the original way (i.e., by extraction from collected plant mate-
rial), which is comparatively cheaper than the two-stage process with Coleus
blumei suspension cells in stirred bioreactors (Kreis et al. 2001). It is worthy of note 
that the first industrial secondary metabolite production using Lithospermum eryth-
rorhizon suspension cells was realized by Mitsui Petrochemical Industries, now 
Mitsui Chemicals, and concerned a naphtoquinone derivate called shikonin, a rich 
reddish-purple pigment for lipsticks that is also antimicrobial in activity. Under 
optimized conditions (two-stage mode), shikonin productivity averages out at 
0.15 g L−1 d−1 (Kreis et al. 2001). The shikonin production process is similar to gin-
senoside (triterpenoid saponin) production (Nitto Denko Corporation), which has 
been routinely carried out in Japan since the 1980s. In the commercial ginsenoside 
production process, activities of 0.5 up to 0.7 g L−1 d−1 were achieved in 25 m3

stirred bioreactors operating with suspended Panax ginseng cells (Vanisree et al. 
2004). We would like to point out that biotechnologically produced ginsenosides 
have been used as food additives (i.e., nutritional but not medical use) and whiten-
ing substances (cosmetics) since 1988 (Hibino and Ushiyama 1999). A landmark 
success in secondary metabolite manufacture was the industrial production of pacli-
taxel. Taxol is the generic name for the active ingredient of paclitaxel, an anti-cancer 
(ovarian, breast, and small-cell lung cancer) drug stopping cell division while 
stabilizing microtubule complexes (Wink et al. 2005). Cultivation of yew suspen-
sion cells in 70 m3 stirred bioreactors (Phyton Biotech, Germany) ensured paclitaxel 
amounts exceeded those in intact plants, which constitute 0.01% of dry weight 
(Yazaki 2004). Further potential anticancer candidates being studied intensively in 
respect of their suitability for plant cell-based bioprocessing are camptothecin, 
podophyllotoxin, vincristine, vinblastine, and colchinine (Wink et al. 2005).

8.5 Conclusions

Plant cell-based bioprocessing aims to produce substances with antitumor, antiviral, 
hypoglycemic, anti-inflammatory, antiparasite, antimicrobial, tranquilizing, and 
immunmodulating activities, which can be categorized either as secondary metabo-
lites or as recombinant proteins. Although to date only a few secondary metabolites 
and no PMPs have been manufactured commercially using plant cell cultures, their 
production in plant cell suspension cultures and hairy roots represents an alternative 
approach that may be advantageous when defined validated production conditions in 
compliance with GMP are required. When basic techniques are used to establish 
highly productive plant cell lines and successful cultivation in small-scale as well as 
large-scale bioreactors (m3 range), basic techniques have been found to achieve 
moderate product yields for most target substances. An improved understanding of 
the manifold interactions between cultivated cells, product formation and bioreactor 
design, its features (fluid flow, mixing time, distribution time, oxygen transfer effi-
ciency) affecting mass transfer and therefore product yield, will help not only to 
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enhance and sustain high productivity but also to reduce existing high process costs 
and exploit the potential of plant cell cultures up to large scale. By using scalable, 
disposable, and/or low cost bioreactors such as the BioWave, the WU bioreactor, or 
the SB bioreactor, a further reduction in production costs is possible. Close coopera-
tion of molecular biologists, pharmacists, bioprocess development specialists as well 
as bioreactor and regulatory guidance specialists will contribute to innovative new 
solutions. Plant cell-based bioprocessing can therefore be expected to increase in 
importance in the future.

8.6 Questions and Problems

1. Discuss the main operational parameters for optimal plant cell growth on the 
basis of plant cell characteristics.

2. Specify the constituents of plant cell culture media and describe their functions 
in mass propagation, cell differentiation, and metabolite production.

3. Compare the establishment, maintenance, and in vitro growth as well as second-
ary metabolite and recombinant protein production of callus cultures, plant cell 
suspension cultures, and hairy root cultures.

4. Explicate and review common methods of cell growth determination in plant 
cell-based processes and compare them with those of animal cell-based produc-
tion processes.

5. You have the task of determining growth kinetics, maximum BMP, and doubling 
time of grape suspension cells growing in 250-mL shake flasks (25 °C, 100 rpm, 
darkness, batch) over 21 days. Per shake flask 50-mL modified MS medium has 
to be inoculated with 2.5 g fw of exponentially growing grape cell biomass with 
viability over 90%. Plan the experiment and discuss the experimental set up and 
analysis methods.

6. Describe possible signs of shear damage in plant cells cultivated in bioreactors.
7. Give reasons for the predominance of stirred bioreactors for plant cell suspen-

sion cultivation at high cell densities.
8. A genetically engineered BY-2 tobacco cell line has been used to produce hemo-

globin in BioWave 20 SPS (CultiBag 20 L). Growth in batch culture has been 
monitored and the results summarized in Table 8.6. Determine maximum BMP 
and culture doubling time. Assess the growth behavior and discuss relevant 
approaches to improving it.

9. Hairy roots of Harpagophytum procumbens producing harpagosides grow in Petri 
dishes with doubling times of 7 days. At 25 °C and darkness, the roots are charac-
terized by long hairs and intense hairiness on modified solid B5 medium. Develop 
and elucidate scale-up procedures for the application of suitable laboratory biore-
actors. Decide which bioreactor type is theoretically most suitable for harpagoside 
expression that has been detected to have occurred due to growth association. In 
addition, discuss where and under what conditions you would expect mass transfer 
limitations, which result in low growth and harpagoside production.
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10. Explain the most important strategies used for the enhancement of secondary 
metabolite production in plant cell cultures for growth- and nongrowth-associ-
ated processes.

11. Give examples of secondary metabolites and recombinant proteins produced by 
plant cell cultures, and describe their characteristics. What conditions are 
required for a high productivity process based on plant cell cultures?

List of Abbreviations and Symbols

AAT alpha-1-antitrypsin

ABA abscisic acid
Ala alanine
Arg arginine
Asn asparagine
B boron
BAP 6-benzylaminopurine
BMP biomass productivity
BSA bovine serum albumin
BY-2 Bright Yellow 2
CER carbon dioxide evolution rate
Co cobalt
CO

2
 carbon dioxide

Cu copper
Cys cysteine
C

2
H

4
 ethylene

DCM dry cell mass (dry biomass concentration)
DMSO dimethyl sulphoxide
DS dry substance
d day
dw dry weight

Table 8.6 Experimental data

Time (d) Biomass dry weight (g dw L−1)

 0 0.02
 3 0.05
 5 1.47
 7 10.2
 9 12.1
11 11.9
13  9.6
15 9.55
17 8.35
19  7.2
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EDTA ethylenediamine tetraacetic acid
EPO erythropoietin
FCM fresh cell mass (fresh biomass concentration)
cGMP current Good Manufacturing Practice
f fi nal
fw fresh weight
g gram
GA

3
 gibberellin A

3

GA
4
 gibberellin A

4

GA
7
 gibberellin A

7

GI growth index
GM-CSF granulocyte macrophage colony stimulating factor
His histidine
h hour
HBsAg Hepatitis B surface antigen
HSA human serum albumin
H

2
O

2
 hydrogen peroxide

I iodine
i initial
IAA indole-3-acetic acid
IBA indole-3-butyric acid
Ile isoleucine
IPC In-Process control
JA jasmonic acid
kDa kilodalton
k

L
a oxygen transfer coeffi cient

klux kilolux
KNO

3
 potassium nitrate

L Liter
l-DOPA 3,4-dihydroxyphenylalanine
Leu leucine
MCB master cell bank
MeJA methyl jasmonate
Met methionine
mg milligram
min minute
mm millimeter
Mn manganese
Mo molybdenum
MS medium Murashige and Skoog medium
NAA naphthaleneacetic acid
NaCl sodium chloride
NT-1 Nicotiana tabacum 1
OUR oxygen uptake rate
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O
2
 oxygen

pCV packed cell volume
pCO

2
 part of dissolved carbon dioxide in the medium

pO
2
 part of dissolved oxygen in the medium

PEG polyethyleneglycol
PMP plant-made pharmaceutical
PVP polyvinylpyrrolodine
PVS2 plant vitrifi cation solution 2
r recombinant
RA rosmarinic acid
Ri root-inducing
rpm revolution per minute
T-DNA transfer DNA
t cultivation time
TSP total soluble protein
tx point x in time
V volume
VEGF vascular endothelial growth factor
vir virulence
vvm volumes per volume per minute
W watt
WCB working cell bank
Zn zinc
2,4-D 2,4-dichlorophenoxyacetic acid
2,4,5-T 2,4,5-trichlorophenoxyacetic acid
mm micrometer
mmole micromole

°C degree Centrigrade
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