
Chapter 6
Fluidized-Bed Scaling

Abstract The principles on which the performance of a full-scale fluidized-bed
reactor may be inferred from that of a cold, scaled-down model are outlined and
lead to a review of the scaling rules developed in the recent past. Dimensional
analysis based on the Buckingham π-theorem is described as well as the alternative
approach based on the governing equations of conservation of mass and momentum
of fluidized particles. Examples are given of both rigorous and simplified sets of
dimensionless groups appropriate to the scaling process and a description is given
of the way they are applied to bubbling beds. This is followed by a consideration of
the scaling relationships relevant to circulating fluidized-bed combustors where
additional groups such as the Damköhler numbers can be applied. Work on the
validation of the scaling rules is then described and leads to a section in which
scaling is analysed in terms of the non-linear chaotic behaviour of fluidized beds.
The chapter ends with a description of the application of the scaling rules to a
scaled-down model of a thermal denitration reactor and its internal structure as
revealed by X-ray analysis.

6.1 Introduction

The development of a new process centred on a fluidized-bed reactor proceeds
through a number of stages. Experiments on a laboratory bench-scale unit provide
basic information concerning reaction kinetics, catalyst activity and deactivation,
particle attrition and agglomeration etc. This stage would typically be followed by
work on larger scale pilot and demonstration units proceeding eventually to the
full-scale plant. In the early stages of development a decision would be made
regarding the type of fluidized bed to be used: bubbling, turbulent, circulating,
entrained flow etc. and information would be needed on the expected hydrodynamic
behaviour of the chosen system. It would be desirable to be able to infer the
behaviour of the full-scale unit from that of, say, the laboratory unit or the pilot
plant i.e. to be able to scale up the hydrodynamics from the smaller to the bigger
bed. In practice this is far from straightforward since large beds have different solids
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circulation and gas-solid contacting patterns from smaller beds and a unit that
performs well at pilot scale often falls short of expectation in the full-scale plant
(Fitzgerald et al. 1984). To address this issue much work has been reported on
efforts to develop criteria for hydrodynamic similarity between fluidized beds of
different scales, temperatures and pressures and to identify the relevant parameters
and variables necessary to achieve dynamic similarity. To this end it is necessary to
match certain dimensionless groups that must be kept equal at all scales, a proce-
dure traditionally used in other areas of engineering such as aircraft and ship design
where wind tunnels and flow tanks are used to explore fluid flows, drag forces,
pressure profiles etc. around small-scale models. To identify the relevant scaling
parameters for fluidized beds dimensional analysis may be applied via the
Buckingham π-theorem or by analysis of the governing differential equations and
boundary conditions that completely define the system under consideration.
A prerequisite of any such analysis is that the units to be matched by hydrody-
namics must be geometrically similar i.e. they must be the same shape and all their
linear dimensions must be related by a constant scale factor.

6.2 Dimensional Analysis

An early method is based on the Buckingham π-theorem. This states that the n
independent parameters defining any physical system may be reduced to (n-k)
dimensionless groups where k is the number of dimensionally independent
parameters whose value is less than or equal to the number of dimensions (mass
(M), length (L) and time (T)) in the original defining n parameters. Glicksman et al.
(1994) demonstrated the use of the theorem to determine the dimensionless groups
that govern the hydrodynamic behaviour of fluidized beds. Expressing the pressure
drop through a bed, ΔP, as the dependent parameter in terms of the main inde-
pendent parameters:

DP ¼ f ðu0; g;D;L; dp; qs; qf ; l;/Þ ð6:1Þ

where:

Symbol Definition Dimensions

u0 superficial velocity L/T

g acceleration due to gravity L/T2

D bed diameter L

L bed height L

dp particle diameter L

ρs solids density M/L3

ρf fluid density M/L3

(continued)
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(continued)

Symbol Definition Dimensions

µ fluid viscosity M/(LT)

ϕ particle sphericity –

Choosing u0, D and ρf as the dimensionally independent parameters and using
these to non-dimensionalize the remainder leads to the following set of parameters
that define the system:
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As noted by Rüdisüli et al. (2012) however the π-theorem does not indicate
whether the chosen list of independent parameters is complete, a problem not found
with the alternative approach based on the governing equations of conservation of
mass and momentum of fluidized particles. Several groups have explored this area
(Horio et al. 1986; Zhang and Yang 1987; Foscolo et al. 1990; Chan and Louge
1992) but the most comprehensive investigations are those of Glicksman’s group at
MIT summarised by Glicksman et al. (1994) and Glicksman (2003). On the basis of
the conservation equations of Anderson and Jackson (1967) they derived a
so-called “full” set of dimensionless parameters as follows:
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For similarity it is also necessary to match the particle size distribution of the
fluidized materials in both systems. In (6.3) the first term is the Archimedes number
Ar (the ratio of gravitational to viscous forces), the third term is the Froude number
Fr (the ratio of inertial to gravitational forces), the fourth is the Reynolds number
Rep(the ratio of inertial to viscous forces) and the fifth is the dimensionless solids
circulation flux where Gs is the solids mass flux (kg/m2s); this latter term is only of
relevance for circulating beds.

Calculation of the operating conditions and parameter values for a large-scale
bubbling-bed combustor and a small-scale cold model using air at standard con-
ditions and based on (6.3) have been set out by Fitzgerald et al. (1984) and by
Glicksman et al. (1994) as follows.

The gas/solid density ratios for the model (subscript m) and the combustor
(subscript c) are matched as:

qf
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ð6:4Þ
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The Reynolds number and Froude number may be combined to give:
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where ν is the kinematic viscosity of the fluidizing gas. From (6.5):
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ð6:6Þ

It is further shown that:
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and:

u0m
u0c

¼ vm
vc

� �1
3

¼ Dm

Dc

� �1
2

ð6:8Þ

Satisfying (6.6) and (6.8) the Reynolds and Froude numbers are kept identical.
Based on these relationships a comparison between a hot combustor and a cold

model is shown in Table 6.1 while the relevant values for a pressurised combustor
are shown in Table 6.2. In the latter case the two units are comparable in size but a
reduction in model dimensions could be achieved by use of a gas of higher density
than air such as a Freon.

As this shows in practice it is sometimes difficult to match all the groups
between a large hot reactor such as a combustor and a cold model of

Table 6.1 Atmospheric combustor modelled by a bed fluidized with air at ambient conditions
(Glicksman et al. 1994)

Given Commercial bed Scale model

Temperature (oC) 850 25

Gas viscosity (10−5 kg/ms) 4.45 1.81

Density (kg/m3) 0.314 1.20

Derived from scaling laws

Solid density ρsc 3.82ρsc
Bed diameter, length etc. Dc 0.225Dc

Particle diameter dpc 0.225dpc
Superficial velocity u0c 0.47u0c
Volumetric solid flux (Gs/ρs)c 0.47(Gs/ρs)c
Time tc 0.47tc
Frequency fc 2.13fc
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laboratory-scale dimensions. Rüdisüli et al. (2012) cite the example of a hot reactor
1.60 m in diameter operated at 320 °C and 2.5 bar pressure. To scale this unit with
a cold model fluidized by air at ambient conditions requires a bed of 1.48 m
diameter. Scaling down to 0.2 m diameter would require the use of particles of
density 23,000 kg/m3 operated at a pressure of 20 bar. To overcome this problem
Glicksman et al. (1993) sought to relax some of the criteria on which the full set of
scaling groups were based and so to reduce the number required for similarity. This
was achieved by modifying the form of the fluid- and particle-phase stress tensors
in the basic equations of motion at the viscous and inertial limits represented by the
Ergun equation (6.9). This expresses the pressure drop, ΔP, through a bed of
particles with a voidage ε as:

DP
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¼ 150 1� eð Þ2
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� �2 þ 1:75 1� eð Þ
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;dp ð6:9Þ

The first term on the right-hand side represents the pressure loss due to viscous
effects while the second term accounts for the effects of inertia. For flow through
fine particles at low Reynolds numbers (Rep < 4) the viscous term dominates while
for large particles and high Reynolds numbers (Rep > 1000) the inertial term is
dominant. For the viscous limit the governing parameters were shown to be:

qsu0d
2
p

lD
;
gD
u20

;
D
L
;/ ð6:10Þ

The product of the first and second terms was shown (Glicksman 1988) to be
equivalent to the ratio of the superficial velocity, u0, and the minimum fluidization

Table 6.2 Pressurized
combustor modelled by a bed
fluidized with air at ambient
conditions (Glicksman et al.
1994)

Given Commercial bed Scale model

Temperature (°C) 850 25

Gas viscosity (10−5 kg/ms 4.45 1.81

Density (kg/m3) 3.14 1.20

Pressure (bar) 10 1

Derived from scaling laws

Solid density ρsc 0.382ρsc
Bed diameter, length etc Dc 1.05Dc

Particle diameter dpc 1.05dpc
Superficial velocity u0c 1.01u0c
Volumetric solid flux (Gs/ρs)c 1.01(Gs/ρs)c
Time tc 1.01tc
Frequency fc 0.98fc

6.2 Dimensional Analysis 179



velocity, umf, thereby removing dependence on the Archimedes number and making
the governing list:

umf
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L
;/ ð6:11Þ

In the inertial limit the governing list is:
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Glicksman et al. (1994) then combined (6.11) and (6.12) to give a set of
parameters approximately valid for the intermediate region:
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The advantage of the simplified set of scaling parameters is that they allow
greater flexibility in the choice of dimensions of the small-scale unit removing the
need for “exotic” particles and pressures (Rüdisüli et al. (2012).

Nicastro and Glicksman (1984) tested experimentally the full set of scaling
parameters (6.3) by comparing the performance of a 0.61 m2 and 4.4 m tall
fluidized-bed combustor operated at 780 °C with a quarter-scale cold model. The
operating conditions of the two beds are shown in Table 6.3 from which it may be
seen that there is good agreement for all parameters except the density ratio as a
result of the density of the iron powder being somewhat too low.

The similarity between the beds was tested by comparing pressure signals
measured at different locations in the two beds. Figure 6.1 shows the power spectral

Table 6.3 Operating
conditions in a coal-burning
combustor and cold scale
models fluidized with air
(Nicastro and Glicksman
1984)

Bed
material

Hot bed Cold bed Cold bed

Sand and coal Iron grit Sand and coal

Tb (K) 1098 300 299

ρs (kg/m
3) 2630 7380 2630

dp (µm) 677 170 677

u0 (m/s) 0.93 0.47 0.94

Lf (m) 0.92 0.24 0.23

εmf 0.49 0.57 0.49

εf 0.60 0.64 0.62

umf 0.16 0.10 0.18

Rep 5.17 5.33 41.8

Fr 129 130 132

ρs/ρf 7280 5920 2170

Lf/dp 1360 1410 330

L/Lf 0.66 0.64 0.67
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density function and frequency measured by a probe situated at the wall. The plot
shows good agreement between the hot bed and the cold bed containing iron
powder but little agreement between the hot bed and the cold sand-containing bed
indicating that modelling with identical bed material in a geometrically similar cold
unit does not give dynamic similarity.

Roy and Davidson (1988) also used pressure measurements to compare bubbling
beds at different temperatures and pressures—identities of dimensionless frequency
and amplitude of pressure fluctuations indicating similarity. Their results showed
that in the viscous limit at Rep < 30 the reduced set of parameters given in 6.5/6.6 is
sufficient to ensure dynamic similarity but that the full set (6.3) is necessary at
Rep > 30.

A number of other authors have developed scaling parameters for bubbling beds
based on principles similar to or different from the above. Fitzgerald et al. (1984)
also used the analysis of Anderson and Jackson (1967) to derive four dimensionless
groups for similarity: the Froude number, the particle Reynolds number, the
gas-to-solid density ratio and the ratio of a characteristic bed dimension to the
average particle size. They used pressure fluctuation measurements to compare four
different beds one of which was a 1.83 m2 atmospheric combustor and another
0.46 m2 cold bed of copper particles fluidized with air; autocorrelation plots of the
pressure fluctuations for the two were found to be of the correct scaled frequency.
Based on phenomenological models of bubble splitting and coalescence Horio et al.
(1986) derived two scaling parameters:

Fig. 6.1 Comparison of
dimensionless power spectra
of differential pressure
fluctuations (Nicastro and
Glicksman 1984)
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gDð Þ1=2
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gDð Þ1=2
ð6:14Þ

which were shown by Glicksman (1988) to be equivalent to those in (6.11) and thus
to be only valid at the viscous limit. In a subsequent development by Horio et al.
(1989) scaling relationships for circulating fluidized beds were obtained based on a
model that assumes the riser of a CFB to have a core/annular structure with clusters
of particles moving upwards in the core region and downwards in the annular
region at the walls. Scaling was based on the equality of voidage distribution,
dimensionless core radius, gas and solids splitting between core and annulus and
cluster voidage. The similarity rules were tested experimentally using two geo-
metrically similar scaled models (1/25 and 1/100) of a 175 MW CFB combustor.
Axial voidage distribution, its transition and the radial distribution of cluster
velocity in the scaled units were found to be in good agreement with those in the
full-scale unit showing the validity of the proposed scaling law. Chang and Louge
(1992) also considered scaling relationships for circulating fluidized beds on the
basis of the continuum equations referred to above, deriving five dimensionless
groups for flow of spherical particles in risers similar to those given in (6.3). For
non-spherical materials however they followed the Ergun equation in combining
the sphericity, ϕ, with the particle diameter, dp, to produce the following:
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Here dp is the diameter of a sphere having the same volume as the non-spherical
particle, α is an empirical constant and D is the diameter of the riser. Experimental
tests were carried out with three risers 0.32, 0.46 and 1 m in diameter with plastic,
glass and steel powders, static pressures and pressure fluctuations being used to test
for dynamic similarity. The results showed that in risers of moderate diameter
vertical pressure profiles scale with riser diameter and particle density whereas
pressure fluctuations scale with the product of particle diameter, density and
sphericity.

On the basis of the one-dimensional “particle-bed model” Foscolo et al. (1990)
derived a further set of scaling parameters:

gd3pq
2
f

l2
;
qf
qs

;
u0
ut

ð6:16Þ

where ut is the terminal-fall velocity of a single particle. They used these to
compare the observed behaviour of a number of fluidized systems comprising
different solids and fluids e.g. alumina—high pressure CF4 gas (Crowther and
Whitehead 1978), copper-water (Gibilaro et al. 1986), carbon-synthesis gas (Jacob
and Weimer 1987). The object was to compare the bed voidage, εmb, at the point of
transition from homogeneous to bubbling fluidization. Thus a copper-water system
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was matched to a carbon-high pressure gas (124 bar) system when both showed
closely similar εmb values of 0.66 and 0.68 respectively. A system of soda-glass
particles fluidized with water was matched with one of alumina particles fluidized
by high-pressure gas: both, as predicted by the model, showing stable homogeneous
behaviour throughout the range of velocities investigated (Gibilaro 2001).

6.3 Combustion Scaling

Leckner et al. (2011) reviewed work on the scale-up of circulating fluidized-bed
combustors and described research carried out at Chalmers University with a
12 MW boiler and a 1/9th scale plastic model operated at ambient conditions. The
boiler was operated with sand and low-ash wood chips while the scaled unit used
iron and steel particles whose densities and shapes deviated somewhat from the
required values indicated by the scaling set (6.3). The authors emphasised the
fundamental difficulty in dynamic scaling of finding particles of the correct size,
shape and density for the cold model. Experimental results in the case of the iron
particles showed good correspondence between the solids volume fraction along the
height of the riser in both model and boiler; correspondence in the case of the steel
particles was not so good and was unexplained. Good agreement between
gas-dispersion measurements was found for both materials as shown in Fig. 6.2.

The authors then discussed the question of combustion scaling as opposed to
hydrodynamic scaling. In the former case combustion usually takes place in both
the small and large plants and for scaling purposes a number of parameters may be

Fig. 6.2 Gas-concentration
profiles from tracer-gas
injection in the boiler and
scale model (Leckner et al.
2011)
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maintained identical in a test plant and a full-scale boiler. Such parameters are bed
temperature, total excess-air ratio, primary-air stoichiometry, fuel and bed material.
The fluidization-gas velocity should also be kept to the same order of magnitude in
the two plants. Scaling then requires determination of the linear dimensions (height,
L, and diameter, D) of the test riser as well as that of the solids mass flux. In general
it is only feasible to apply scaling criteria to the riser of a CFB boiler since in a
small-scale unit, although the riser height may be of comparable size, the diameter
must be kept small; normally L/D > 30 in the model and L/D < 10 in the boiler.
Leckner et al. (2011) firstly considered the horizontal-scaling problem related to the
transport of fuel particles from distribution points at or near the wall of a riser. They
cited the earlier work of Leckner and Werther (2000) who proposed the Damköhler
number Da (ratio of transport time to reaction time) as a criterion for combustion
scaling. Values of Da were determined on the basis of the two processes occurring
when fuel is introduced into a combustor namely devolatilization and char com-
bustion. The devolatilization/reaction time, tv, for a particle of diameter dp was
taken as:

tv ¼ ad2p ð6:17Þ

where a, an empirical constant, was given the value 106 s/m2. Char combustion was
assumed to be diffusion controlled giving the burn-out time, tc, as:

tc ¼
qcd

2
p

48ShDgc0
ð6:18Þ

The average dispersion distance, x, was determined from an expression derived
by Einstein (Gardiner 1997) for the dispersion time, td, in Brownian motion:

td ¼ x2=2Dh ð6:19Þ

where the horizontal dispersion coefficient, Dh, had a value 0.01 m2/s. For
high-volatile fuels reaction time was equated to devolatilization time and the hor-
izontal Damköhler number, Dah, results from combining (6.17) and (6.19) to give:

Dah ¼ x
dp

� �2 1
2aDh

� �
ð6:20Þ

¼ 50
x

1000dp

� �2

ð6:21Þ

and hence Dah ≤ 1 for (x/1000dp) ≤ 0.14. This result shows that for a 1 mm
diameter high-volatile fuel reaction in the horizontal direction will be completed in
risers of diameter 0.14 m or less and for a 10 mm diameter material 1.4 m or less.
The consequence is that scale-up from a small to a larger unit will be unreliable
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since maldistribution of fuel and air will be prevalent in a large plant but not in a
small-scale unit where mixing will be more efficient. For char combustion Dah is
formed from (6.17) and (6.18) leading to Dah ≤ 1 for (x/1000dp ≤ 1.4 and so fuel
dispersion should be at less than 1.4 m for a 1 mm char particle and scale-up should
be reliable. These results are shown diagrammatically in Fig. 6.3 which indicates
that devolatilization is much faster than char combustion and that Dah depends on
the size of the fuel particle: larger particles are transported further before under-
going reaction.

These conclusions were borne out by the report by Alliston and Wu (1996) on
work with a small-scale combustor burning bituminous coal in a bed of limestone
and a 5 m diameter combustor where the pilot plant always performed better in
terms of sulphur capture than the larger bed. Mixing was less critical in the smaller
bed where the fuel-air mixture was more homogeneous in the vicinity of the fuel
injection point.

Scaling in the vertical direction of a riser was again a function of fuel-particle
size and composition. If fuel-air mixing at the entry point is efficient volatiles
combustion will be complete before particles exit to the cyclone. Char combustion
however is slower and a fraction of the material (1 � g) will leave the cyclone and
need to be recirculated; here (η < 1) is the cyclone collection efficiency. The time
spent by char particles in the reactive environment of the riser of length L is then:

tt ¼
L
�
up

g� 1ð Þ ð6:22Þ

Fig. 6.3 Horizontal
Damköhler number versus
dimensionless dispersion
distance (Leckner et al. 2011)
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where up = (u0 − ut), ut being the terminal fall velocity of a single particle. The
vertical Damköhler number is then:

Dav ¼ tt=tchar ð6:23Þ

For vertical scaling Dav should be greater than unity and as shown in Fig. 6.4a
small particles will have sufficient time to react in their passage through tall risers;
the influence of the cyclone efficiency on char burn-out is shown in Fig. 6.4b.

6.4 Validation of the Scaling Laws

Differential pressure fluctuations as measured by pressure probes immersed in the
bed have frequently been used to test the validity of the scaling relationships. The
fluctuations may be analysed statistically in terms of their spectral power density, as
was demonstrated by Fitzgerald et al. (1984) and Nicastro and Glicksman (1984), or
their probability density function as used by Sanderson and Rhodes (2005). In this
latter study the simplified laws of Glicksman and Horio were tested with a set of
four cylindrical cold model beds ranging in diameter from 146 to 1560 mm i.e. a
ten-fold difference; the beds were operated at ambient temperature with spherical
glass particles of various sizes fluidized with air. Pressure fluctuation measurements
were made with probes situated at a number of locations distributed axially and

Fig. 6.4 Vertical Damköhler
number versus char particle
size (Leckner et al. 2011)
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radially within the beds. Based on the statistics derived from these measurements
the authors generated an “agreement map” showing the extent of agreement with
the scaling parameters in various regions of the beds. Good agreement was found
generally with the small-scale beds but with the largest bed at gas velocities up to
3.5 umf poor agreement was found at the walls and towards the bed surface.

Di Felice et al. (1992) studied the scale-up rules established earlier (6.16) using
five different gas-solid systems fluidized with air at ambient temperature and at
different pressures in the bubbling and slugging regimes. Three of the systems
examined used spherical particles and were dynamically similar, one used
non-spherical particles and one was deliberately mismatched; again pressure fluc-
tuations were applied to test similarities. Good agreement was found for the
dynamically similar systems in the bubbling regime but not when the beds were in
operated in slugging mode. Poor agreement was found for the other two systems.

Chaos analysis
A fluidized bed can be considered to be a non-linear chaotic system in which the

governing variables may be projected into a multi-dimensional state space repre-
sented by a so-called “attractor” which gives a characteristic fingerprint of the
system (van Ommen et al. 1999). Beds showing similar attractors may be con-
sidered to have similar hydrodynamic properties whereas variations in one bed’s
attractor over time indicate changes in its hydrodynamics. Such changes with time
have been used to detect particle agglomeration (van Ommen et al. 2000). It was
shown by Takens (1981) that the attractor may be reconstructed from the time series
of one characteristic variable such as the local pressure variation (Fig. 6.5) and to
compute the attractor of a fluidized bed B1 a series of instantaneous pressure
measurements (p1, p2 … pN) is made.

The values are then normalised by subtracting their average value from each
reading and dividing by the standard deviation to give a time series xk with N values
a mean of zero and a standard deviation of unity. A similar procedure is followed
for a second bed B2 to give a time series yk. The pressure-time series xk is then
converted to a set of (N – m + 1) delay vectors Xk with m elements which can be
considered as points on an m-dimensional state space leading to the reconstructed
attractor for B1 denoted as ρX (Xi). The attractor for B2, (ρY (Yi)), is constructed in a

Fig. 6.5 Reconstruction of
an attractor in the
m-dimensional state space
from a pressure-time series
(van Ommen et al. 2000)
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similar way and the extent to which the two attractors differ is given by the squared
distance Q between them. An unbiased estimator Q′ of this difference was calcu-
lated by Diks et al. (1996) and this along with the variance of the estimator V leads
to a defining statistic S such that:

S ¼ Q0ffiffiffiffiffiffiffiffiffiffiffiffi
V Q0ð Þp ð6:24Þ

If S is close to zero the two attractors and hence the two hydrodynamics are
similar and the beds are correctly scaled; if S > 3 the two are different.

The attractor-comparison method was used by van Ommen et al. (2004) in an
attempt to validate the scaling rules proposed by Horio et al. (1986). They found
that while the original tools usually indicated similarity the statistical method
showed disagreement. A similar conclusion was reached in a separate study by van
Ommen et al. (2006). Pending further investigations the question remains open.

6.5 Application of the Scaling Laws to the Thermal
Denitration Reactor at Sellafield, UK

In this section we present an example of the application of the scaling rules
developed by Glicksman et al. (1994) applied to the design of a 4/10 scaled down
model of the Magnox Reprocessing Thermal Denitration (TDN) fluidized-bed
reactor operated at the nuclear fuel reprocessing site at Sellafield. This application is
an example where employing in a laboratory scale model the fluids and the real
solids as in the commercial process (and the reaction temperature), is impossible.
Hence, in this case the scaling rules for fluidization are a fundamental tool to guide
the design of a scale down system in which the fluid-dynamics of the real scale
reactor may be replicated.

The Magnox reprocessing and uranium finishing plants have been at the heart of
the UK’s nuclear fuel reprocessing programme for over 50 years, reprocessing over
50,000 tonnes of irradiated uranium fuel from the UK’s fleet of Magnox nuclear
power stations. The Uranium Finishing Line, principally the Thermal Denitration
Reactors (TDN’s) convert uranyl nitrate (liquid) into uranium trioxide (a solid
powder product) that can be manufactured into fuel and re-introduced into the
nuclear fuel cycle. The TDN reactor is a fluidized-bed reactor, in which heated
fluidizing air is introduced through nozzles at the base of the reactor to thermally
de-nitrate the uranyl nitrate forming uranium trioxide. The aging MagnoxTDN
reactors were becoming increasingly unreliable and restricted throughput of the
reprocessing plant on many occasions. A major project was therefore initiated at
UCL (Lettieri et al. 2014; Materazzi and Lettieri 2016) in collaboration with the
National Nuclear Laboratory (NNL) and Sellafield Ltd. to investigate and resolve a
number of operational problems occurring in the full scale TDN reactor at
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Sellafield. The dimensionless parameters proposed by Glicksman et al. (1994)
proved to be a reliable guide for the design of a 4/10 scale lab model operated under
ambient conditions at UCL.

In this project, the unique X-ray imaging facility available at UCL (Lettieri and
Yates 2013) was used to reveal for the first time the flow patterns inside such
reactors and their fluidization performance (Holmes et al. 2015). X-ray studies of
full scale sections of commercial units have been used to assess proposed process
improvements, particularly in cases where there are significant internal hardware
components such as cooling/heating coils, liquid spray nozzles, and feed gas
spargers (Newton 2004). The advantage of X-raying a full scale section is that any
uncertainties about the experimental conclusions are minimised even in cases where
no reactions are taking place in the model reactor.

The process design followed to realize the 4/10 scaled-down TDN reactor is
described: prior to the application of the scaling rules for fluidization, the geometry
of the commercial reactor had to be scaled down. In this case a 4/10th scale was
identified with NNL as being sufficiently large to avoid undesired interference from
the reactor walls, whilst also allowing X-ray examination of the vessel. The com-
plex reactor geometrical configuration of the real scale reactor and the hydrody-
namic parameters were maintained in the scale down model to reproduce the
fluidisation behaviour under ambient conditions. Hence, the geometric configura-
tion for the bed, i.e. height-to-width ratio, internals (heating tubes) and distributor
configuration was maintained, with the number of heater tubes being reduced
according to the same 4/10 ratio. The comparison of reactor dimensions between
the model and commercial scale is shown in Fig. 6.6.

The conical base section of the TDN reactor was the most complex part to model
as it accommodates the central and upper air fluidization rings, as well as the ring to
hold the internal heating tubes. A diagram of the lab scale conical section is shown
in Fig. 6.7, where the 3 gas injection levels are shown schematically as shaded at
levels 1, 3 and 5, whilst the dummy heating tubes (levels 2 and 4) are unshaded in
the diagram. Although the geometrical characteristics of the conical base of the real
TDN (see Fig. 6.8a) could not be replicated exactly in the scale down model
(Fig. 6.8b), the design of the conical base was carefully devised so to obtain the
required flow rates. Gas flow rates for the commercial scale and scale down reactors
are shown in the Table 6.4.

Having matched the geometric scaling described above, the simplified
Glicksman scaling laws allowed determination of the physical characteristics of the
bed material and the operating conditions to be adopted so as to achieve fluid
dynamically equivalent conditions in the scale down model compared to the
full-scale system. Table 6.5 shows a comparison of the operating parameters used
in TDN reactor, the values of the calculations for an exact match and the values
which were selected to be as close as practicable.

A comparison of the reduced set of reaction parameters matched for hydrody-
namic equivalence is shown in Table 6.6. The closest practical solid (to uranium
trioxide powder) chosen for the study was (titanium oxide) sand which has a
particle density of 4600 kg/m3 and the desired particle size distribution and gave a
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satisfactory match to the 4800 kg/m3 required by the simulation calculations.
Titanium dioxide powder was used for the experiments, which was a close match to
the material identified with the scaling rules and also matched the physical char-
acteristics of the uranium trioxide (UO3) produced in the TDN reactor at Sellafield.
Figure 6.8 shows the final CAD design and the 4/10th scale TDN reactor which
was designed and built at UCL.

Level 1

Level 2

Level 3

Level 4
Level 5

Fig. 6.7 Design of the conical section, comprising the aeration nozzles and the dummy heating
pipes

Scale: 10 4
Dimensions:

Real size Lab scale

A 3.486 m 1.3944 m 
B 1.216 m 0.4864 m
C 0.3 m 0.12 m 
D 0.914 m 0.3656 m 
E 1.42 m 0.568 m 
F 0.76 m 0.304 m 
G 4.223 m 1.6892 m

G

Fig. 6.6 Comparison of dimensions between commercial and lab scale reactor
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Although with this particular application, experimental data from the full scale
plant could not be provided to validate the application of the scaling rules, the
experimental evidence (over 40,000 X-ray images taken) obtained with the 4/10th
scaled down TDN model was successfully used to provide information on the jet
penetration into the conical section of the TDN, the bubble dynamics evolving in

Fig. 6.8 a schematic of the TDN reactor at Sellafield; b CAD design of Lab Reactor alongside the
Perspex Scale down TDN Modeling the X-ray Cell at UCL c; and d a detailed view of the conical
section (refer also to Fig. 6.7)

Table 6.4 Gas flow rates for the commercial scale and scale down reactors

Original TDN Cold model

Central
nozzle

Central
ring

Upper
ring

Central
nozzle

Central
ring

Upper
ring

Number of air nozzles 7 (fissures) 7 14 3 3 6

Air rate (m3/h) 90.00 135.00 270.00 10.33 15.5 31.00

Air flow through 1 nozzle
(m3/h)

13.00 19.28 19.28 3.44 5.16 5.16
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the upper sections of the reactor, the bubble induced solids mixing and elutriation,
and nozzles performance. Figure 6.9 shows some of the X-ray images obtained
during this project.

Thanks to the application of the scaling rules for fluidization, extensive and
systematic experiments were undertaken in the 4/10 scale TDN and several rec-
ommendations were made which led to the improvement of the solids mixing, heat
transfer and reactor control of the real TDN. Sellafield Ltd., as a result of this
project, has seen a massive improvement in operational reliability and throughput of
the Magnox TDN Reactors—these are now no longer perceived as “high risk” to
the operation of Magnox Reprocessing. The objectives of the NDA’s UK Strategy
for hazard reduction have been addressed and the risk of the possible requirement
for alternative long term fuel storage for Magnox spent fuel has been mitigated,
with potential substantial savings for the UK Taxpayer.

Table 6.5 Comparison of operating parameters

Parameter TDN Exact cold model Actual cold model

T (C) 300 10 15

P (bar) 3 1 1

µ (kg/ms) 2.993E−05 1.78E−05 1.81E−05

ρg (kg/m3) 1.841 1.24 1.33

ρs (kg/m3) 7100 4800 4600

Ф 0.77 0.77 0.77

umf (m/s) 0.00817 0.00513 0.00457

uo (m/s) 0.26 0.16 0.16

D (m) 0.914 0.3656 0.36

dp (µm) 100 63.1 60

Table 6.6 Simplified scaling
parameter values

Scaling parameter TDN Cold model

ρs/ρg 3855.98 3461

u0
2/gD 0.00756 0.00751

u0/umf 31.85 32.01

Ф 0.77 0.77

Fig. 6.9 (left) central nozzle jet into the conical section of the 4/10 scale TDN; (centre) voidage
distribution around the central jet; (right) particle motion in the freeboard
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