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Preface

Considering the need for clean energy and environmental sustainability, significant 
progress has been made in catalyst synthesis processes using green chemistry prin-
ciples and their applications in petrochemicals and refining processes. However, 
most of the books published on petrochemicals and refining processes have dis-
cussed primarily conventional catalysts which are in use for decades. As a result, 
there are not many books published which exclusively discuss green chemistry prin-
ciples applied in the development of catalytic materials for petrochemicals and 
refining applications. Thus, volume II of the book covers current industrial catalytic 
processes that employ green chemistry principles and conventional catalytic pro-
cesses. Several chapters have been written by scientists and researchers working in 
India’s largest oil and gas industries for publication in volume II of the book, which 
includes the practical problems faced by the refiners and a real-life understanding of 
the catalytic processes. Also, chapters highlighting fundamental aspects of the cata-
lytic processes in refining, petrochemicals and allied areas have been contributed by 
prominent academicians from different parts of the world.

Volume II contains 22 chapters covering different aspects of refining and petro-
chemicals that include insights into the nature of active phase, support, additives, 
catalyst synthesis, activation, deactivation and regeneration for hydrotreating, and 
hydrodesulfurization process, recent developments in catalysis for fluid catalytic 
cracking processes, alkylation processes, and C3-based petrochemicals production. 
The discussions have been further extended to the selective hydrogenation of 
1,3-Butadiene, natural gas conversion to petrochemicals, C-H bond activation, and 
flue gas treatment via dry reforming of methane, followed by a discussion on cata-
lysts deactivation and challenges in refining and petrochemicals. Eventually, non- 
conventional catalytic materials for petrochemicals and refining have been 
introduced and discussed. Further chapters in the book cover technologies related to 
handing and conversion of refining industries by-products conversion such as pet-
coke gasification and steam reforming followed by a discussion on technologies for 
syngas conversion to via Fischer-Tropsch reaction. A detailed discussion on micro-
channel microreactors, catalyst synthesis, reaction kinetics and effect of CO2 in syn-
gas has been presented. Eventually, further discussions have been directed towards 
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tackling one of the most prominent problems of the twenty-first century, i.e. CO2 
capture and conversion. In this regard, several state-of-the-art CO2 conversion pro-
cesses to dimethyl ether, methanol and chemicals using catalyst materials have been 
discussed. Besides, CO2 capture technologies using ionic liquids and deep eutectic 
solvents have been elaborated. Besides, catalytic materials for olefins polymeriza-
tion and stability and destabilization of water-in-crude oil emulsion have been dis-
cussed. We understand that volume II will serve as reference materials for 
academicians working on materials synthesis and scientists and engineers working 
in the refining and petrochemical industries. Moreover, volume II will also serve as 
a ready to refer valuable resource for early career researchers and established 
researchers from chemical engineering, chemistry, biochemistry, biotechnology, 
mechanical engineering and interdisciplinary areas of research.

The overall flow and content is the outcome of several rounds of discussion, 
reviews and revisions. Therefore, the editors are highly indebted to all the reviewers 
for their precious time, thoughtful comments and valuable suggestions without 
which it would not have been possible to reach this stage. The editors would also 
like to thank all the authors for their patience during several rounds of revisions and 
timely responses. The editors would also like to sincerely thank Springer Nature for 
timely publication of the book and highly indebted to the Springer Nature team 
members especially Mr. Dinesh Vinayagam (Production Editor), Mr. Aaron Schiller, 
Mr. Joseph Quatela, and Ms. Amelie von Zumbusch for their constant support 
throughout the process starting from proposal stage to final book publication. The 
editors would like to thank and acknowledge the support of their lab members Dr. 
Shireen Quereshi and Mr. Prashant Ram Jadhao for their backend work, follow up 
with contributors, maintaining the record of all the documents and assistance in 
chapters review from the time of proposal to the publication of both the books. The 
editors are also highly indebted and obliged to their family members for their 
patience, care and unconditional support to complete both the volumes of the book.

New Delhi, Delhi, India K. K. Pant 
New Delhi, Delhi, India  Sanjay Kumar Gupta 
Dhanbad, Jharkhand, India  Ejaz Ahmad  
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Recent Advances in Hydrotreating/
Hydrodesulfurization Catalysts: Part I: 
Nature of Active Phase and Support

G. Valavarasu and B. Ramachandrarao

Abstract Hydrotreating/hydrodesulfurization is one of the important refining pro-
cesses to improve the quality of petroleum fractions such as naphtha, aviation fuels, 
diesel, vacuum gas oils, and residue in terms of lower sulfur content and improved 
combustion performance. Over the years, the importance of this process increased 
multifold due to stringent environmental regulations imposed by several countries 
worldwide. Catalysts form the core of hydrotreating reactions in order to increase 
the rate of hydrodesulfurization reactions and enhance the active sites for removal 
of refractory sulfur species from petroleum fractions. In view of the importance of 
catalysts in carrying out hydroprocessing reactions, the present chapter (Part I) 
reviews the recent advances in hydrotreating/hydrodesulfurization in terms of the 
nature of active phase and support materials. It is imperative to understand these 
latest developments to design a suitable hydrotreating catalyst with required activ-
ity, selectivity, and long-term stability in order to produce ultralow sulfur/low aro-
matic fuels and lubricating oils.

Keywords Hydrotreating · Hydrodesulfurization · Hydrocracking · Vacuum gas 
oil · Catalyst support · Refining

1  Introduction

Hydroprocessing is broadly classified as a catalytic refining process carried out in 
the presence of hydrogen at higher temperatures and hydrogen partial pressures 
either to improve the quality of fuels/lubricating oils (hydrotreating) or convert the 
low-value vacuum gas oil (VGO) and residue into high-value fuels/lubricating oils 
(hydrocracking). Hydrodesulfurization (HDS) refers to the specific application of 
hydrotreating (HDT) for the removal of sulfur compounds from petroleum fractions 
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such as naphtha, kerosene, diesel, VGO, and residue. Catalysts form the heart of the 
process because all of the hydroprocessing reactions occur over the surface of the 
catalyst. The field of hydroprocessing catalysis is continuously evolving due to the 
growing demand for clean middle distillates and increasingly stringent specifica-
tions for automotive fuels such as gasoline and diesel. Also, lower demand for heavy 
fuel oils has been driving the refining industry more toward residue hydroprocess-
ing, and in recent times, catalytic hydroprocessing has taken center- stage among 
residue upgradation processes. Researchers are continuously developing new-gen-
eration high-activity catalysts and novel process configurations to cater to the needs 
of changing refining market demands and product quality requirements.

The performance of hydroprocessing operations, both hydrotreating and hydro-
cracking, depends largely on the following aspects for any given feedstock 
characteristics:

• Type of reactor system.
• Type of the catalyst system.
• Process parameters.

For a particular type of reactor system, the type of catalyst can be tailored to meet 
the requirements of specific product slate and product quality for a given feedstock. 
Catalysts also play an important role in the selection of process parameters for a 
particular hydroprocessing application.

Hydroprocessing catalysts that are widely employed in commercial applications 
are metals of group VI A (Mo and W) with promoter metals of group VIII A (Co and 
Ni) or noble metals (Pt and Pd) supported on a suitable support material. The com-
mon support materials include alumina, silica-alumina, and zeolites. The active 
sites of the metal promote hydrogenation/dehydrogenation reactions, and the acid 
sites of the support promote hydrocracking reactions. The catalyst should also pos-
sess good mechanical strength to withstand the severe process conditions such as 
high pressure and high temperature employed during hydroprocessing along with 
appropriate physical properties such as surface area, pore volume, pore diameter, 
and pore size distribution for better activity and molecular diffusion.

Feedstock properties have a significant effect on the performance of hydropro-
cessing catalysts and thus play an essential role during the design of hydroprocess-
ing catalysts for a particular service. Parameters such as the concentration of 
heteroatoms (mostly sulfur and nitrogen) and molecular weight distribution of the 
feedstock need to be considered for the design of distillate hydroprocessing cata-
lysts, while the concentration of metals and asphaltenes are the major factors in the 
case of catalyst design for heavy oil hydroprocessing. Several factors need to be 
considered while designing a catalyst for a particular hydroprocessing application 
such as the type of active metals, choice of support, promoters, mechanical and 
physical properties, feedstock characteristics, extent of conversion, required prod-
uct slate, etc. Since catalyst design is of paramount importance for the success of 
hydroprocessing applications, it is essential to delve into the advances in the area of 
hydroprocessing catalysis and the factors influencing the performance and opera-
tion of these catalysts. The present chapter focuses mainly on the catalytic 
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advancements in the area of hydrotreating/hydrodesulfurization of petroleum frac-
tions with respect to the nature of active phase and support material.

2  Chemistry of Deep Hydrotreating/Hydrodesulfurization

The chemistry of petroleum hydroprocessing has been extensively studied and 
reported in the literature. Hydroprocessing involves a combination of hydrotreating 
and hydrocracking reactions. During the hydrotreating process, predominant reac-
tions are removal of heteroatoms and saturation of unsaturated hydrocarbons (ole-
fins and aromatics) with minimal hydrocracking of the feedstock. During the 
hydrocracking process, cracking reactions occur predominantly in addition to 
hydrotreating reactions resulting in significant conversion of the feedstock into 
high-quality lighter fractions. Catalysts play an important role during hydrotreating 
of petroleum fractions in controlling the rate of certain chemical reactions. The 
chemical reactions involved in the hydrotreating process are of two types: desirable 
and undesirable reactions (Table 1). Desirable reactions are those that help the main 
purpose of the hydrotreating process, while undesirable reactions are those that 
result in the loss of valuable components of feed or decrease of catalyst activity.

Hydrodesulfurization refers to the removal of organic sulfur from various hydro-
carbon fractions. There are a wide variety of organic sulfur compounds present in 
various petroleum fractions, which include mercaptans, sulfides, disulfides, and 
thiophene derivatives. Mercaptans, sulfides, and disulfides are aliphatic sulfur com-
pounds. Other thiophenic sulfur compounds can be broadly grouped into the follow-
ing three categories:

 1. Thiophenes.
 2. Benzothiophenes.
 3. Dibenzothiophenes.

It is easier to remove sulfur from compounds such as mercaptans, sulfides, and 
disulfides. However, it is increasingly difficult to remove sulfur from aromatic sul-
fur compounds such as thiophenes, benzothiophenes, dibenzothiophenes, and sub-
stituted dibenzothiophenes during the hydrotreating process. Thiophenes are the 
easiest to desulfurize compared to benzothiophenes and dibenzothiophenes. It is 

Table 1 Desirable and undesirable reactions during hydrotreating of petroleum fractions

Desirable reactions Undesirable reactions

Hydrodesulfurization Hydrocracking
Hydrodenitrogenation (HDN) Coking
Hydrodeoxygenation
Saturation of olefinic compounds
Hydrogenation of aromatic compounds
Hydrodemetallization (HDM)

Recent Advances in Hydrotreating/Hydrodesulfurization Catalysts: Part I: Nature…
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difficult still to desulfurize substituted dibenzothiophenes such as 4,6-dimethyl 
dibenzothiophene (4,6 DMDBT) due to the refractory nature of these substituted 
compounds. Lower HDS reactivity of 4,6 DMDBT is ascribed to the steric hin-
drance of the substituent groups for accessing the active sites by sulfur species. 
Although sulfur present in the crude oil is distributed among the various distillation 
fractions, most of the sulfur tends to concentrate in the higher boiling fractions. 
During hydrotreating, HDS reactions take place concurrently along with other reac-
tions such as hydrodenitrogenation, saturation of aromatics/olefins, hydrodeoxy-
genation, etc. As the specification of sulfur becomes tougher in fuels and 
desulfurization requirements change continuously, it is of paramount importance to 
remove sulfur from refractory species such as benzothiophenes, dibenzothiophenes, 
and substituted dibenzothiophenes. Sulfur removal from such refractory compounds 
usually requires saturation of adjacent aromatic ring to obtain catalytic access of the 
sulfur molecule with the consumption of hydrogen. The type of hydrotreating cata-
lyst plays an important role in achieving such deep desulfurization in order to pro-
duce ultralow sulfur fuels such as gasoline and diesel.

Hydrodesulfurization reaction occurs mainly through the following two 
pathways:

• Direct desulfurization (DDS) pathway.
• Hydrogenation (HYD) pathway.

In the direct desulfurization pathway, the sulfur compound is removed directly 
from the hydrocarbon molecule by hydrogenolysis reaction, and in the hydrogena-
tion pathway, hydrogenation reaction occurs as the first step followed by hydroge-
nolysis. Cobalt molybdenum-type catalysts mostly desulfurize hydrocarbons 
through the DDS pathway, while nickel molybdenum catalysts desulfurize through 
the hydrogenation pathway. The actual reaction pathway for desulfurization of a 
particular sulfur compound depends mainly on the type of catalyst and process con-
ditions, especially hydrogen partial pressure employed during the reactions. 
Hydrodesulfurization through the DDS pathway consumes less hydrogen compared 
to the HYD pathway since the latter requires prior hydrogenation of one of the aro-
matic rings before the actual HDS reaction. The structure or shape of the sulfur- 
containing molecule also plays a role in determining the HDS reaction pathway. 
The reaction network for the HDS of 4,6-DMDBT over NiMo catalysts supported 
on meso-microporous Y zeolites through different reaction pathways such as direct 
desulfurization, hydrogenation, and isomerization is presented in Fig. 1 [1].

Hydrodesulfurization reactions are inhibited by certain compounds such as 
hydrogen sulfide (H2S), nitrogen compounds, and polynuclear aromatics. Each of 
the reaction pathways is being inhibited by specific compounds. Hydrodesulfurization 
by the DDS pathway is inhibited by H2S and basic nitrogen compounds. The HYD 
pathway is inhibited by all types of nitrogen compounds and polynuclear aromatics.

Tao et al. [2] studied the inhibiting effects of nitrogen compounds such as quino-
lone and indole on the HDS of thiophenic sulfur compounds in straight-run gas oil 
over a NiW/Al2O3 catalyst and showed that quinolone has a stronger inhibiting 
effect on HDS than indole has. The nitrogen inhibiting effects on the thiophenic 
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sulfur compounds decreased in the order: 4,6- DMDBT > 4-MDBT > C1DBT > 
DBT > C2-C3DBT in their study. Stanislaus et al. [3] described in detail the deep 
HDS chemistry and kinetics in their comprehensive review of the recent advances 
in the science and technology of ultralow sulfur diesel (ULSD) production.

3  Process Description

The process flow diagram of a typical diesel hydrotreater unit is shown in Fig. 2. 
The fresh diesel feedstock (usually a mixture of straight-run diesel and cracked gas 
oils) is initially heated in a feed-effluent exchanger and mixed with hydrogen gas 
streams (make up and recycle hydrogen). The combined feed is heated in a charge 
heater to the reactor inlet temperature. The furnace outlet stream is then sent to the 
top of the reactor. The reactor usually has multiple catalyst beds with different types 
and quantity of catalysts. In most of the cases, multiple reactors (usually two) are 
used along with a number of catalyst beds. Cold recycle hydrogen is used as a 
quench gas to control the exothermic temperature increase in the reactors. The 
amount of interbed quench gas depends on the type of diesel feedstock processed in 
the unit. Diesel hydrotreater units processing higher volumes of cracked stocks such 
as FCC light cycle oil (LCO) and light coker gas oil (LCGO) require more quench 
gas due to the highly exothermic nature of olefin and aromatic saturation reactions. 
The reactor effluent after exchanging heat with the incoming feed is sent to a high- 
pressure separator to separate the gas and liquid stream. The hydrogen-rich gas 
stream is separated and recycled to the reactor after removal of acid gases in the 
amine scrubber unit. Wash water is added upstream of the air cooler to dissolve 
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Fig. 1 HDS reaction of 4,6-DMDBT over NiMo/MY catalysts [1] (Reprinted from Applied 
Catalysis B: Environmental, 238, Wenwu Zhou, Qiang Wei, Yasong Zhou, Meifang Liu, Sijia 
Ding, Qi Yang, Hydrodesulfurization of 4,6-dimethyldibenzothiophene over NiMo sulfide cata-
lysts supported on meso- microporous Y zeolite with different mesopore sizes, 212–224, 2018, 
with permission from Elsevier)
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ammonium bisulfide, which otherwise causes corrosion in the downstream equip-
ment. The liquid from the separator and flash drum is sent to a stripper to strip off 
hydrogen sulfide from the liquid. The stripper bottom product is routed to a fraction-
ator in which naphtha, kerosene, and diesel streams are separated.

The process flow of most of the diesel hydrotreaters is similar to the one dis-
cussed above, with minor differences in the separation system and number of reac-
tors. In the case of two-stage hydrotreaters, H2S is removed from the first-stage 
product using mostly hydrogen as stripping medium, and the sulfur-free diesel is 
processed in the second stage over sulfur-sensitive noble metal-based hydrogena-
tion catalysts to carry out deep aromatic saturation for cetane improvement. The 
process flow of other feed hydrotreaters such as naphtha, kerosene, vacuum gas oil, 
lube oils, and residue are also almost similar to that of diesel hydrotreating.

4  Physicochemical Properties

4.1  Chemical Composition of Catalysts

Hydrotreating catalysts comprise mainly two components, namely, active metals 
and support. The metal components that promote hydrogenolysis and hydrogena-
tion functions are usually supported on suitable inert material such as alumina. 
These are basically supported metallic catalysts using either single metal or combi-
nation of two or more metals, but common catalysts contain two metals with one 
metal as the active component and another as a promoter. Most of the hydrotreating 
catalysts are made of sulfides of Group VI A metals (Mo, W) promoted by sulfides 
of Ni or Co and supported on high surface area carriers such as alumina, silica- 
alumina, and zeolites. γ-Alumina is the most commonly used support material in 

Fig. 2 Typical flow diagram of diesel hydrotreater unit
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HDT catalysts. In some special HDT applications, Group VIII noble metals such as 
Pt and/or Pd are also used on suitable supports. These noble metal-based HDT cata-
lysts are used predominantly in the clean second stage of distillate hydrotreating 
units, especially to promote hydrogenation reactions and improve the cetane num-
ber of gas oils. The various combinations of metal sulfides (active components and 
promoters) do not have similar activity for promoting various hydrotreating reac-
tions. The combinations of sulfide pairs are carefully chosen based on the type of 
feed and desired conversion.

Most common catalysts employed in refineries for various HDT applications are 
sulfided Co-Mo or Ni-Mo oxides supported on alumina. Co-Mo catalysts are the 
preferred choice when HDS is the desired reaction, and Ni-Mo catalysts are pre-
ferred when HDN and hydrogenation are the desired reactions. Hydrotreating cata-
lysts typically contain about 2–6 wt% of promoter Co or Ni and 8–20 wt% of Mo 
active component or 10–25 wt% W active component. Catalyst composition, espe-
cially the chemical composition of active components, plays a major role in deter-
mining the overall activity of the hydrotreating catalysts. Typical physicochemical 
properties of industrial hydrotreating catalysts are listed in Table 2.

4.2  Structure of Support

The choice of support material and its characteristics influence the catalyst activity 
and selectivity profiles for various HDT applications. γ-Alumina is the most com-
monly used support material for HDT catalysts due to the following advantages:

• Provides high surface area.
• Assists in better dispersion of active metals.
• Provides high porosity.
• Provides good mechanical strength to the catalyst.
• Is highly stable.

Table 2 Typical physicochemical properties of CoMo/Al2O3 and NiMo/Al2O3 HDT catalysts

Property CoMo/Al2O3 NiMo/Al2O3

Physical properties

Shape Extrudate trilobe or quadralobe Extrudate trilobe or quadralobe
Diameter, mm 1.4–2.5 1.4–2.5
Length, mm 5–6 5–6
Surface area, m2/g 125–200 125–200
Pore volume, ml/g 0.3–0.5 0.3–0.5
Bulk density, kg/m3 650–850 650–850
Chemical properties

MoO3, wt% 15–25 15–25
NiO, wt% 2–4 3–5
P, wt% 1–5 1–4

Recent Advances in Hydrotreating/Hydrodesulfurization Catalysts: Part I: Nature…
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• Is easy to form into desired shapes.
• Is relatively cheap.

Recently, other supports such as mixed oxides and zeolites have also been 
reported for hydrotreating applications. HDT catalysts usually do not require highly 
acidic supports in order to suppress the cracking activity and increase product yields 
unlike hydrocracking catalysts. The surface area of the support material is normally 
in the range of 100–350 m2/g. The structure of the support plays an important role 
in influencing the catalytic activity. Commonly used hydrotreating catalyst support 
such as γ-alumina with similar chemical composition but varied structure was found 
to exhibit different conversions during cracking of n-heptane due to the differences 
in the support structure [5].

4.3  Acidity

Acidity is provided by acid sites present in the hydrotreating catalyst support. The 
proper balance of acid strength and acid site distribution is essential for optimum 
activity and selectivity of HDT catalysts. Acidity does not play a major role in HDT/
HDS catalysts since most of the reactions occur over metallic sites and acidic activ-
ity is not much desirable due to the formation of lighter ends and resultant loss of 
valuable product yield due to hydrocracking reaction. In contrast, support acidity 
plays a crucial role in the case of hydrocracking catalysts to impart the cracking 
activity and product conversion. Weak acidity with strong hydrogenation activity is 
the primary requirement for any hydrotreating catalyst.

4.4  Textural Properties

Textural properties of hydrotreating catalysts such as geometric structure and mor-
phology from the macro- to the microlevel influence the performance of HDT cata-
lysts in a significant manner. These textural properties are listed in Table 3.

Microlevel catalyst properties such as pore size and pore size distribution greatly 
influence the hydrotreating activity. HDT catalysts have different mesopore/

Table 3 Textural properties of hydrotreating catalysts

Textural properties
Macrolevel properties Microlevel properties

Size of the catalyst particle Surface area
Shape of the catalyst particle (e.g., pellets, rings, 
extrudates, lobes)

Pore structure

Pore size
Pore size distribution
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macropore size distribution depending upon the application and usually possess 
bimodal pore size distribution. Distillate HDS catalysts are designed with small pores 
(about 7–10 nm pore size distribution), while residue HDS catalysts have mesopores 
in the range of 10–20 nm. HDM catalysts are designed with large mesopores in the 
10–50 nm range. Support macroporosity is also a desirable property with regard to 
increasing the access of reactants to the active catalyst surface and minimizing dif-
fusional limitations. The total porosity of HDT catalysts is typically in the range of 
0.5–0.6 or less in order to maintain catalyst pellet strength. Porosity is related to pellet 
strength, and catalyst pellet strength usually decreases with increasing porosity. There 
is an optimum combination of surface area and pore diameter, which gives the highest 
catalyst activity. For a given catalyst of similar chemical composition but differing 
pore size, feed properties also play an important role in the catalyst activity [6]. High 
HDS activity could be obtained with the small pore catalyst of high surface area for 
light gas oil feed due to less diffusion limitations of small molecules to the interior of 
the catalyst in comparison with heavy feeds such as VGO and residue.

Macrolevel properties such as size and shape of the catalyst particles also influ-
ence the hydroprocessing catalyst performance in terms of activity and pressure 
drop. Hydroprocessing catalysts are manufactured with different shapes and sizes 
depending on the type of application. The size of the fixed bed hydroprocessing 
catalysts generally ranges from about 1.5 to 10  mm in diameter with length-to- 
diameter ratios of about 1 for pellets and about 3 or 4 for extrudates [7]. Large cata-
lyst particles offer diffusion resistance, decrease the rate of reaction, and thus reduce 
the catalyst activity per unit mass. In order to overcome the diffusion limitations, 
large catalyst particles are manufactured with holes or various shapes in order to 
increase the surface-to-volume ratio [8]. Although small particles do not pose diffu-
sion issues, they are prone to higher pressure drop in fixed bed reactors. Shaped 
catalysts such as trilobes and quadralobes are widely employed in hydrotreating due 
to their advantages in terms of high external surface area and better accessibility to 
the interior of the catalyst compared to extrudates.

Bambrick [9] showed the influence of particle size on the relative weight activity 
for the same catalyst with different shapes such as cylinder and trilobes. It was 
observed in general that the surface area is the principal factor for catalyst activity 
while the size and shape of the catalyst particle will have influence on the pressure 
drop in fixed beds. For a given equivalent particle diameter, catalyst shapes were 
ranked according to the relative pressure drops as follows:

Rings < Beads < Pellet < Extrudates < Crushed particles

5  Characterization and Testing of HDT Catalysts

Characterization and testing of HDT catalysts are crucial for both refiners and cata-
lyst manufacturers to understand the interaction between the composition, physico-
chemical properties, and catalyst performance. Since industrial HDT catalysts are 
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complex mixtures comprising multiple metals along with one or more additives/
promoters, it is very important to understand the complexity of the catalytic system 
for the following reasons:

• Design and development of a new catalyst system (Catalyst manufacturer).
• Monitor the quality of manufactured catalysts (Catalyst manufacturer).
• Selection of a better catalyst system for existing units (Refiner).

There is continuous and enormous progress being made in the development and 
application of highly sophisticated catalyst characterization tools that revolution-
ized the field of heterogeneous catalysis. Since the refining catalysis is mostly based 
on heterogeneous catalyst systems, researchers quickly made use of sophisticated 
characterization equipment to synthesize highly active, selective, and stable cata-
lysts by tailoring the composition, structure, and other properties. Catalyst charac-
terization and testing can be broadly classified into three distinct but interrelated 
groups as presented in Table 4.

Chemical composition refers to the concentration of various catalytic materials/
functional groups present on the surface of the hydrotreating catalyst. The texture of 
the catalyst includes both geometric structure and morphology, ranging from mac-
roscale down to microscale. Mechanical properties such as abrasion/attrition resis-
tance, crushing strength, and thermal shock resistance are also very important 
during industrial operations. Evaluation of catalyst performance involves the char-
acterization of the catalyst in terms of activity, product selectivity, and catalyst life.

6  Advances in Hydrotreating Catalysts

Catalysts play a pivotal role during hydrotreating of different petroleum fractions, 
either to produce clean fuels or pretreat the feeds prior to further processing. 
Catalysts usually enhance the rate of different hydrotreating reactions such as HDS, 

Table 4 Classification of catalyst characterization and testing [10]

S. 
no. Classification Referred properties

1 Evaluation of chemical composition 
and chemical structure

• Elemental composition, surface composition
• Composition, structure, and properties of 
individual crystallographic phases
• Nature and properties of functional groups 
present on the catalyst surface

2 Evaluation of texture and mechanical 
properties

• Size and shape of catalyst particles
• Surface area
• Pore size, pore size distribution
• Attrition resistance
• Crushing strength

3 Evaluation of catalyst performance • Catalyst activity
• Catalyst selectivity
• Catalyst stability measured in terms of life
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HDN, and hydrogenation of unsaturated hydrocarbons. Industrial HDT catalysts 
usually consist of molybdenum supported on γ-alumina and promoted with either 
cobalt or nickel. Although CoMo- and NiMo-based hydrotreating catalysts had 
been the mainstay in the commercial units, there was a need to improve the activity 
of these catalysts due to the introduction of stringent fuel quality regulations, espe-
cially with respect to sulfur during the 1990s spearheaded by the USA and Europe. 
Refiners were forced to comply with the specifications of ultralow sulfur fuels such 
as diesel and gasoline (sulfur: 10–15 ppmw) in several countries following the man-
date in developed countries such as the USA and Europe.

The activity of traditional hydrotreating catalysts was not sufficient to meet the 
new specifications, and severe process conditions such as high reactor temperatures, 
low space velocity, and high hydrogen partial pressure were required in the 
hydrotreaters to meet the stringent specifications. The use of low-activity catalysts 
under severe process conditions resulted in higher catalyst deactivation rates with 
shorter cycle lengths and lower unit throughput. Catalyst suppliers and researchers 
were continuously striving to develop highly active and stable catalysts for reducing 
sulfur content to ultralow levels from hydrocarbon streams such as diesel and gaso-
line. Improved understanding of the important aspects of hydrotreating catalysts 
such as nature of the active phase and their structure, support effects, and the tex-
tural characteristics of the supports paved the way in developing high-activity cata-
lysts with improved performance.

Better catalyst characterization tools helped in unraveling the mystery shrouded 
with hydrotreating catalysts, and a scientific basis was explained for the perfor-
mance of new-generation catalysts in terms of their activity, selectivity, and long- 
term stability. Catalyst scientists used some of the advanced catalyst characterization 
methods such as high-resolution transmission electron microscopy (HR-TEM), 
Mössbauer emission spectroscopy (MES), and extended X-ray absorption fine 
structure (EXAFS) along with molecular modeling tools to comprehend the nature 
of active phase present in sulfided hydrotreating catalysts [11]. A comprehensive 
review of the hydrotreating catalyst developments for deep hydrodesulfurization of 
diesel was written focusing on the nature of active sites, effect of support and addi-
tives, improvements in catalyst preparation techniques, etc. by Stanislaus et al. [4].

6.1  Nature of Active Phase in HDT/HDS Catalysts

Different models have been proposed in the literature to explain the nature of active 
sites in the unpromoted and promoted molybdenum oxide-based HDT catalysts. 
Some of the features of the proposed models are listed below:

• Coordinately unsaturated (CUS) sites or exposed Mo ions with sulfur vacancies 
located at the edges and corners of MoS2 structures were found to be active for 
promoting HDT reactions in the case of unpromoted MoS2 catalysts.

• Basal planes are usually not active in the adsorption of molecules and do not usu-
ally contribute to catalytic activity.

Recent Advances in Hydrotreating/Hydrodesulfurization Catalysts: Part I: Nature…
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• Widely accepted model proposes Co-Mo-S or Ni-Mo-S as the active phase for 
promoting hydrogenation and hydrogenolysis reactions in the case of promoted 
Co-Mo- or Ni-Mo-based HDT catalysts [12–14]. In this Co-Mo-S or Ni-Mo-S 
model, MoS2 nanocrystals are reported to be the basic building blocks of the 
catalytic structure with the promoter atoms (Co or Ni) located at the edges of the 
MoS2 layers in the same plane as that of Mo atoms. The active catalytic sites are 
considered to be the edge sites of the MoS2 nanocrystallites with the promoter 
atoms such as Co or Ni located in the same plane forming Co-Mo-S or Ni-Mo-S 
active sites.

There are two distinct types of active sites (Co (Ni)–Mo-S) reported in the litera-
ture for promoting HDT reactions depending upon the intrinsic activity of the indi-
vidual catalytic sites, Type I and Type II sites. Out of these active sites, Type II 
catalytic sites were reported to possess higher intrinsic activity for HDT reactions 
compared to Type I sites. Strong interaction between metal ions and support will 
result in the formation of less active Type I Co-Mo-S structures with remaining 
Mo-O-Al linkages, which are characterized by incomplete sulfiding [15–17]. Some 
of the features of the catalytic active sites are listed in Table 5.

Some of the important factors that can be tuned and controlled to form Type II 
active structures in order to increase the intrinsic activity of HDT catalysts are 
listed below:

• Nature and properties of support.
• Catalyst preparation parameters.
• Sulfiding method.

The synergy between the promoter (Co or Ni) atoms and active catalytic material 
(Mo) plays an important role in enhancing the HDS activity. In the past, several 
theories were proposed to elucidate the synergy between Co and Mo in the Co-Mo-S 
phase in enhancing the hydrodesulfurization reaction in terms of electronic proper-
ties of the catalytic materials [18–20]. The rate of HDS was correlated with the 
number of active sites or sulfur vacancies at the catalyst surface, and this number in 
turn is inversely proportional to the metal-sulfur bond strength. In this manner, 

Table 5 Features of HDT catalytic active sites

Feature Type I Type II

Activity Comparatively low intrinsic 
activity

High intrinsic activity

Metal–support 
interaction (MSI)

Strong interaction Weaker interaction

Dispersion High dispersion of single slabs of 
MoS2

Highly coordinated sites with less 
disperse MoS2

Slab structure Single slabs of MoS2 (monolayer 
type structure)

MoS2 mainly arranged in stacks 
(multilayered structure)

Nature of sulfiding Incomplete sulfiding with residual 
Mo-O-Al linkages to the support

Almost complete sulfiding due to 
higher sulfur coordination of Mo and 
co or Ni
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higher HDS activity is attributed to the weaker metal-sulfur bond strength. In 
Co-promoted MoS2-based HDS catalysts, the decrease in Mo-S bond strength and 
improved HDS activity is attributed to the electron donation from promoter Co to 
Mo atom. The promotion effect of Co in HDS catalysts by weakening the metal- 
sulfur bond strength is well understood and confirmed using both theoretical esti-
mations and experiments. Morphology of the sulfide phase can be tuned by 
increasing the metal content and addition of organic additives [21]. Increased metal 
loading results in a progressive increase in MoS2 slab length with little effect on 
stacking, while introduction of organic additives such as ethylene glycol and citric 
acid resulted in the reduction of MoS2 slab length and enhancement in the stacking 
due to variation in metal–support interaction.

Topsoe et al. [22] used advanced catalyst characterization tools such as scanning 
tunneling microscopy (STM) to identify a special type of Mo electronic edge sites 
termed as “brim sites” in hydrotreating catalysts, which are altogether different 
from Type I and Type II active sites. These brim sites tend to bind the sulfur- 
containing hydrocarbon molecules due to their metallic character and react with 
hydrogen available at neighboring edge sites. Brim sites are not co-coordinately 
unsaturated sites and usually exhibit higher hydrogenation activity compared to the 
conventional type of active sites. It was proposed that brim sites promote hydroge-
nation reactions and both the edges are responsible for direct sulfur removal. The 
hydrogenation mechanism involving brim sites is used to explain several catalytic 
phenomena such as inhibitions, steric hindrance of alkyl substituents, and poisoning 
effects in a better way compared to the vacancy model.

Tuxen et al. [23] investigated the effect of carbon incorporation as carbide into 
MoS2 nanocluster during sulfidation with organic sulfur compounds such as 
dimethyl disulfide (DMDS) or dimethyl sulfide (DMS) using STM, XPS, and den-
sity functional theory (DFT) calculations. Their studies showed the strong influence 
of the choice of sulfiding agent on the morphology and dispersion of the sulfided 
phase and ultimately on the catalytic activity of the freshly sulfided phase. The pres-
ence of carbon in the form of carbides was not observed at the edge sites of MoS2 
under HDS conditions due to unfavorable thermodynamics. There was no evidence 
for the existence of surface or bulk carbide phases in HDS catalysts, and substitu-
tion of sulfur in MoS2 nanoclusters incorporated with carbon was not energetically 
favorable and stable.

Chen et al. [21] studied the morphology and selectivity of the sulfide phase of 
CoMo catalyst in the HDS of 4,6-DMDBT and hydrodearomatization (HDA) of 
1-methylnaphthalene (1-MN) by increasing the metal content and incorporation of 
organic additives such as ethylene glycol and citric acid. The change in morphology 
of the sulfide phase resulted in modifications in the DDS, HYD, and HDA activities 
of the catalyst along with hydrogen consumption. Based on XPS and HR TEM 
analysis of the corner and edge sites of sulfide slabs of CoMoS sites, it was revealed 
that the corner and edge sites of the sulfide phase are responsible for the DDS and 
HYD routes for the HDS of 4,6-DMDBT, respectively. Figure 3 shows the relation-
ship between the ratio of corner and edge sites of the CoMoS phase and rate con-
stants of DDS and HYD reactions on various catalysts, and the linear relationship 
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confirms their conclusion on the responsible sites for DDS (corner) and HYD (edge) 
reactions. Both hydrogenation of 4,6-DMDBT and HDA of 1-MN were found to 
occur on the edge sites of the MoS2 slabs. As the stacking of the slabs increases, 
hydrogenation of 4,6-DMDBT was more promoted than the HDA of 1-MN.

Liu et al. [24] used PVP-assisted synthesis of NiMo oxide catalysts (NiMo-x) 
with varied PVP contents (referred to as x) to prepare and study the influence of 
various NiMo phases on the HDS reactions of DBT. Based on XRD analysis, α- and 
β-NiMoO4 and ammonium nickel molybdate were observed on the NiMo precur-
sors, while MoS2 and Ni3S2 phases were observed in sulfided NiMo catalysts 
(Fig. 4). Sulfided NiMo catalysts derived from β-NiMoO4 were found to be more 
active for HDS of dibenzothiophene (DBT) compared to those from α-NiMoO4 due 
to facile reduction of nickel oxide and molybdate resulting in the formation of active 
NiMoS phase.

The structure and stability of the active phase play a pivotal role in HDT catalyst 
performance, which primarily depends on the extent of metal–support interaction. 
Proper design of the active phase structure is essential for improved catalyst perfor-
mance, which can be attained through optimization of catalyst preparation and sul-
fidation conditions as shown in Fig. 5 for the HDS of 4,6-DMDBT [25]. Catalyst 
preparation parameters such as support properties and metal precursors in the 
impregnating solution and sulfidation conditions such as pressure, temperature, and 
gas composition play an important role in catalyst performance. As the severity of 
hydrotreating increases for various feeds due to stringent HDS, HDN, and HDM 
requirements, highly active and stable catalytic active phase is needed for better 
activity. SINOPEC claims to apply the knowledge of reaction chemistry for the 
design of active phase structure in HDT catalysts to achieve desirable activity, selec-
tivity, and stability. Nie et al. [25] reported higher catalytic activity in various HDT 
catalysts through the following modifications in preparation methods:

Fig. 3 Relationship 
between 
C(CoMoSC)/C(CoMoSE) 
and kDDS/kHYD on various 
CoMo catalysts [21] 
(Reprinted from Catalysis 
Today, 292, W. Chen, 
X. Long, M. Li, H. Nie, 
D. Li, Influence of active 
phase structure of CoMo/
Al2O3 catalyst on the 
selectivity of 
hydrodesulfurization and 
hydrodearomatization 
97–109, 2017, with 
permission from Elsevier)
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• Posttreatment of the active phase structure in the case of gasoline HDS to increase 
selectivity.

• CoMo- and NiMo-based HDT catalysts for diesel containing well-dispersed 
active phase slabs with moderate MSI.

• Highly active and stable NiMo-based resid HDS catalysts through strong MSI.

In general, unsupported noble metal sulfide catalysts possess high catalytic activ-
ity compared to MoS2-based catalysts. However, Ni or Co promotion in MoS2 and 
dispersion on high surface area alumina makes it highly effective for HDT 
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application in the refining industry. Studies have been performed to investigate the 
promotion effect of noble metals such as Pt, Pd, Ru, Rh, and Ir with MoS2-based 
catalysts supported on alumina using decomposition and impregnation of bimetallic 
molecular clusters on the HDS, HDN, and HYD activities of a feedstock containing 
DBT, indole, and naphthalene [26]. The hydrotreating activities followed the order: 
Mo3Ir > Mo3Rh > Mo3Ru > Mo3Pt > Mo3Pd. Although Mo3Ir- and Mo3Rh-based 
catalysts were found to have strong synergy and higher HDT activity, their perfor-
mance is inferior compared to the Mo3Ni catalyst.

The effect of the nature of catalytic active phases on the extent of HDS and olefin 
saturation reactions will be helpful in the development of highly selective FCC gas-
oline HDS catalysts that require selective removal of sulfur compounds with mini-
mum octane loss. Huang et al. [27] investigated the nature of CoMoS and MoS2 
active phases co-existing on sulfided CoMo/Al2O3 catalysts for the selective HDS of 
gasoline. They prepared two series of catalysts: CoMo/Al2O3 catalysts with differ-
ent EDTA/Co molar ratios and EDTA containing CoMo/Al2O3 catalysts with differ-
ent Co contents. HDS activity of the sulfided CoMo/Al2O3 catalysts was primarily 
enhanced by the high concentration of CoMoS phases, while olefin hydrogenation 
activity was improved by high concentration of MoS2 active phases.

Grønborg et al. [28] used advanced characterization tools such as STM to study 
the cluster shapes and edge transformations in MoS2 structure and promoted 
CoMoS-type HDS catalysts under reducing conditions both through experimental 
observations and DFT predictions. It was shown that the reduced catalyst clusters 
were terminated with a fractional coverage of sulfur, representing the catalyst in its 
active state. The presence of catalytically active S-H groups was found on the 
Co-promoted edge sites by adsorption of a proton-accepting molecular marker.

There is a new trend in using DFT simulations for the identification of active sites 
and complex reaction pathways in the hydrotreating catalysis due to its industrial 
importance. DFT studies will be useful to get new insights into the nature of active 
sites, and this knowledge could be used in the design of efficient HDT catalysts for 
the production of ULSD. Li et al. [29] utilized DFT calculations using a dispersion 
correction method to construct a novel corner site model of MoS2 and investigate the 
DDS and HYD pathways. Based on mechanistic and energetic analysis, it was found 
that the C-S bond cleavage had the highest energy barrier for both reaction DDS and 
HYD pathways and DDS is more favorable on corner sites of MoS2 compared to 
HYD pathway. They also compared the activation energies of both reaction path-
ways on four different active sites (Mo edge, S edge, CoMoS edge, and corner) for 
the HDS of thiophene and concluded that corner sites play a major role in the HDS 
of thiophenic sulfur compounds through mostly DDS pathway.

6.2  Supports or Carriers

Support material with optimized physicochemical characteristics is the prime pre-
requisite for the preparation of good HDT catalysts with high activity and long-term 
stability. Supports provide the required surface area for dispersion of metals. The 
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active metals are supported on a carrier in HDT catalysts, and the most commonly 
used support or carrier material is γ-Al2O3 due to its favorable characteristics in 
terms of textural/mechanical properties and relatively low cost. γ-Al2O3 carrier usu-
ally provides high surface area for maximum dispersion of active phases and good 
mechanical strength to the catalyst. Alumina does not act as an inert carrier material 
in hydrotreating catalysts but plays a significant role in the catalyst performance 
through interaction with the active metals [30]. Interaction of support and active 
metals plays an important role in enhancing the activity of hydrotreating catalysts. 
For example, silica-supported Ni-Mo or Co-Mo hydrotreating catalysts exhibit rela-
tively lower activity compared to alumina-supported catalysts due to weak interac-
tions between the silica support and active metals [10]. Support–metal interaction 
affects the catalytic activity by strongly influencing the formation and dispersion of 
active catalytic phases such as Co-Mo-S and Ni-Mo-S on the surface of the catalyst.

Although γ-alumina has favorable characteristics in terms of mechanical strength 
resulting in longer catalyst life and high surface area and pore volume, it was 
reported to have strong interaction with transition metal oxides leading to incom-
plete sulfidation and lower HDS performance of the final catalyst. This fact resulted 
in the search for the development of better supports to overcome the limitations of 
traditional alumina support. Some of the support materials investigated by research-
ers for their suitability in HDT/HDS applications include carbon, TiO2, ZrO2, zeo-
lites (e.g., USY), MgO, clays, silica, zirconia, titania, and mesoporous materials 
(e.g., MCM-41).

Acidic supports such as zeolites and amorphous silica-alumina were also consid-
ered for HDS catalysts, and studies were performed for their effectiveness using 
CoMo, NiMo, or Mo metallic phases. The acidic zeolites and amorphous silica- 
alumina- based catalysts were found to improve the HDS of recalcitrant sulfur spe-
cies such as 4,6-DMDBT due to enhanced isomerization of the alkyl groups 
resulting in the suppression of the steric hindrance effect. Among the acidic compo-
nents, Y zeolite has been found to be effective for the removal of refractory sulfur 
species from diesel due to its favorable physical properties, acid strength, acidity, 
and hydrogen transfer activity. Incorporation of supports with high acidity in HDT/
HDS catalysts could enhance the rate of HDS of refractory sulfur compounds by 
promoting reactions such as isomerization and dealkylation, which may favorably 
remove the steric hindrance of these molecules [31–36]. Isoda et al. [31, 35, 36] 
studied deep HDS pathways for 4,6-DMDBT with the addition of 5 wt% Y-zeolite 
in CoMo/Al2O3 catalyst and found favorable HDS activity through modification of 
the molecular structure of the refractory species through isomerization and demeth-
ylation of methyl groups. Pawelec et al. [37], Tanga et al. [38], and Sun et al. [39] 
studied bifunctional HDS catalysts with incorporation of different acidic compo-
nents such as β zeolite, ZSM-5, and Y zeolites in the support material. The Brønsted 
acidity of these catalysts was responsible for the isomerization activity, which 
enabled removal of steric hindrance for sulfur removal [33].

As already discussed, metal–support interactions play a key role in the formation 
of Type I and Type II catalytic active sites and result in differences in the catalyst 
activity. In addition to this, support interactions are also found to affect the degree 
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of stacking of MoS2 and Co-Mo-S structures. Modification of γ-Al2O3 support 
through incorporation of zeolites and some metal oxides was also attempted to pro-
mote the desulfurization of sterically hindered sulfur species such as alkyl DBTs 
through isomerization and dealkylation. Some of these mixed oxide supports tested 
for HDS applications include Al2O3-SiO2, Al2O3-TiO2, Al2O3-ZrO2, and Al2O3-P2O5. 
Other mixed supports include Al2O3-HY and Al2O3-F.

Hydrodesulfurization of model compounds (DBT and its derivatives) and 
straight-run gas oils over mixed metal oxide TiO2-Al2O3 showed much higher activ-
ity for desulfurization compared to supported alumina-based HDT catalysts [14, 
40–42]. Incorporation of Ti in the different support materials such as alumina, 
SBA-15, and MCM-41 was found to show higher HDS performance for metal sul-
fide catalysts compared to Ti-free supports due to weak Mo-S interaction and cre-
ation of more sulfur vacancies due to reduction of Ti species to Ti3+ species under 
HDS reaction conditions and subsequent transfer of spare electrons into the Mo3d 
conduction band [43–47].

Fujikawa et al. [48] prepared CoMo HDS catalyst for the production of ULSD 
using phosphorous and citric acid as additives on HY-Al2O3 support and showed 
three times higher HDS activity compared to conventional CoMoP/Al2O3 catalyst 
for the HDS of straight-run light gas oil feedstocks under industrial HDT condi-
tions. Ding et al. [49] studied hydrotreating of LCO using NiW catalysts containing 
Y zeolite and found that these catalysts were suitable for deep HDS due to their 
stability and suitable pore size distribution for the diffusion and reaction of large 
sulfur compounds such as alkyl substituted dibenzothiophenes.

Nakano et al. [50] investigated the effect of surface modification of USY zeolite 
with alumina on the HDS and cracking activity of the Ni-Mo/Al2O3 catalysts. 
Various catalysts were prepared by coating of alumina over USY zeolite in different 
proportions, and the performance of these catalysts was compared with physically 
mixed alumina and USY zeolite-based catalysts. High HDS activity along with sig-
nificant hydrocracking activity was observed using the catalyst prepared by physical 
mixing of alumina and USY zeolite. In the case of alumina-coated USY zeolite 
catalysts, an optimum amount of alumina coating, neither too low nor too high, was 
required to obtain a better balance between HDS and hydrocracking activity.

Wang et al. [51] prepared bifunctional highly loaded NiMoW catalysts with dif-
ferent amounts of USY zeolites incorporated during synthesis of precursor using the 
hydrothermal method and used them for the HDS of 4,6-DMDBT. HR TEM images 
of the sulfided catalysts (with 0% and 10% USY zeolite in precursor) showed a 
decrease in the average stacking number and average slab length in 10% USY zeo-
lite resulting in more accessible active sites for the HDS reactions (Fig.  6). The 
product distribution during hydrogenation of 4,6-DMDBT over NiMoW–USY cat-
alysts with different wt% of USY zeolite in the precursor showed that loading of 
10 wt% USY zeolite is optimal in order to obtain better HDS activity through favor-
able textural and morphological properties.

Han et  al. [51] showed the effect of support Brønsted acidity of NiMo and 
alumina- based HDS catalysts on the improved HDS and HDN activity of model 
compounds through the electronic effect of the support Brønsted acid sites on the 
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edge sites of adjacent MoS2 nanoslabs. The electronic effect facilitates the forma-
tion of CUS and enhances the acidity of -SH species and also exhibits high isomeri-
zation activity in addition to promoting HDS and HDN activity of the catalyst.

Although Y zeolite has been reported to be an effective support for carrying out 
HDS reactions, the strong acid strength and acid site density of Y zeolite may result 
in hydrocarbon yield loss. Modification of Y zeolites using different metals assumed 
significance to moderate and adjust the acidic properties and improve the pore struc-
ture. Zhou et al. [52] modified USY zeolites with gallium, phosphorous, and a com-
bination of gallium and phosphorous and used them as support for the preparation 
of NiMo-based HDS catalysts for application in the HDS of FCC diesel. Ga- and 
P-modified USY zeolite catalysts showed higher HDS and HDN efficiencies com-
pared to conventional NiMo-based catalysts.

Zhang et al. [51] synthesized CoMo-based HDS catalysts using crystalline zeo-
lite nanorods modified with Ti as support material and showed higher activity and 
stability for the HDS of 4,6-DMDBT than CoMo catalysts supported on Ti-free 
mesoporous ZSM-5 and pure silicon silicalite-1 zeolites, SiO2–TiO2 and γ-Al2O3.

Sun et al. [54] studied the effect of divalent tin on the molecular sieve SnSAPO-5 
and its modulation to alumina support through formulation of efficient NiW-based 
deep HDS catalysts using 4,6-DMDBT as a model compound. Substitution of triva-
lent aluminum by divalent tin in the framework of SnSAPO-5 resulted in an 
increased number of Lewis and Brönsted sites and higher HDS rates compared to 
other catalysts synthesized with the same active metal content. The higher HDS 
performance and TOF in the case of tin-modified SAPO-5-Al2O3 composite catalyst 
was attributed to suitable catalyst acidity, higher sulfidation degree, and increased 
stacking of WS2 slabs, which are essential for the development of ultra-deep desul-
furization of petroleum fractions such as diesel to meet the increasingly stringent 
sulfur specifications.

Meng et al. [55] prepared a highly active trimetallic NiMoW-based HDS catalyst 
using Zr modified mesoporous KIT-5 material as support and showed highest activi-
ties for the HDS of DBT and 4,6-DMDBT due to enhanced catalyst acidity and 
better active metal distribution.

Fig. 6 HR TEM images of sulfided NiMoW catalysts with 0% and 10% USY zeolite in the pre-
cursor [51]. (a) Catalyst with 0% USY in precursor (b) Catalyst with 10% USY in precursor 
(Reprinted from Catalysis Communications, 88, Yiyan Wang, Changlong Yin, Xuepin Zhao, 
Chenguang Liu, Synthesis of bifunctional highly-loaded NiMoW catalysts and their catalytic per-
formance of 4,6-DMDBT HDS, 13–17, 2017, with permission from Elsevier)
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Studies using other support materials such as nanoporous alumino-silicate, e.g., 
MCM-41, Al-MCM-41, and SBA-15, and carbon supports were also reported in the 
literature for CoMo- and NiMo-based HDS catalysts [56–60]. Nanoporous alumino- 
silica- based HDS catalysts are found to possess certain advantages such as high 
surface area, high metal loading, high dispersion of active phase, and better feed 
accessibility resulting in higher activity compared to conventional alumina-based 
catalysts. Catalysts based on carbon support have been found to show high HDS 
activity with decreased coke deactivation but have disadvantages due to rapid sinter-
ing of the active phase under reaction conditions and nonregenerability after deacti-
vation. Although HDS catalysts using these new and novel supports were found to 
perform better compared to conventional alumina-supported catalysts in laboratory 
studies in terms of activity and selectivity, their application in industrial HDS/HDT 
units requires extensive data generation and validation on their deactivation and 
regeneration characteristics, economics of the formulations, etc.

Han et al. [61] synthesized γ-alumina with interconnected pore structure with the 
presence of highly ordered mesopores within the walls of the macropore cages 
using a sol-gel process using a mesoporous structure-directing agent. A CoMo- 
based HDS catalyst was prepared using the interconnected meso-microporous alu-
mina support and tested for the catalytic performance for HDS of DBT.  The 
CoMo-based catalyst supported on the interconnected γ-Al2O3 exhibited higher 
HDS activity compared to the catalyst prepared using conventional mesoporous- 
based commercial support due to better accessibility of the reactants to the active 
sites. HDT catalysts prepared using mesoporous aluminas have found to be highly 
active compared to conventional γ-alumina-based catalysts due to their better tex-
tural properties (surface area and pore volume), week acidity, improved metal dis-
persion, and lower Mo reduction tempertures. Badoga et  al. [62] synthesized 
NiMo-based catalysts using mesoporous alumina support and studied the perfor-
mance for the HDT of heavy gas oil. Mesoporous alumina was synthesized using 
pluronic P-123 as a structure-directing agent and aluminum isopropoxide as a pre-
cursor for aluminum with varied HNO3/H2O ratios ranging from 0 to 2. There are 
changes in the textural properties and the structure of the NiMo catalysts prepared 
using mesoporous aluminas with an increase in water content. NiMo catalysts pre-
pared using synthesized mesoporous alumina with HNO3/H2O ratio of 0.6 showed 
the highest HDS and HDN activity.

Li et al. [63] showed high HDS activity for 4,6-DMDBT for the NiMo catalyst 
supported on tailored γ-Al2O3. The support was synthesized by hydrothermal treat-
ment of pseudoboehmite. The high catalytic activity was attributed to their favor-
able crystal structure, better dispersion of Ni-Mo-S active phases, decrease in the 
amount of hydroxyl groups, and tetrahedral cation vacancies.

Dong et  al. [64] prepared mesoporous alumina microspheres comprising an 
assembly of highly crystallized alumina nanorods using a template-free hydrother-
mal method with hierarchical pore structure and high specific surface area. Later, 
bimetallic macro–mesoporous MoNi/Al2O3 catalysts were prepared using the hier-
archical alumina with better dispersion of the active Mo and Ni metals and higher 
HDS and HDM activity compared to single pore catalysts.
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Peng et al. [65] deposited cobalt and molybdenum nanoparticles on the mesopo-
rous γ-Al2O3 with the addition of an organic compound and found that the catalyst 
was easily reduced with the organic compound resulting in better sulfidation degree 
and enhanced HDS activity. This catalyst was commercially tested for diesel HDS 
application to produce ULSD and also reported to be highly stable.

Tang et al. [66] prepared CoMo-based HDS catalysts using mesoporous morde-
nite nanofibers with bundle structure as a support material. The mesoporous catalyst 
showed very high HDS activity for HDS of 4,6-DMDBT (99.1%) compared to a 
conventional γ-alumina-supported CoMo catalyst (61.5%). The high activity was 
ascribed to the migration of spillover hydrogen from micropores to CoMo active 
sites present in the mesopores.

Dugulan et al. [67] investigated the sulfiding behavior and hydrotreating perfor-
mance of CoMo- and NiMo-based HDT catalysts supported on carbon. Although 
structural evolution and active phase transition are similar for CoMo/C and CoMo/
Al2O3 catalysts, some sintering was observed for carbon-supported catalysts. In the 
case of the NiMo/C catalyst, strong adsorption of dibenzthiophene, quinoline, and 
polyaromatics in comparison with NiMo/alumina resulted in significantly high 
HDS and HDN activity for DBT and quinolone, respectively. However, the NiMo/C 
catalyst showed poor activity for the HDT of heavy gas oil due to competitive 
adsorption of polyaromatics along with sulfur and nitrogen compounds on the cata-
lytic active sites.

AL-Hammadi et al. [68] prepared a novel carbon-nanofiber-doped alumina as a 
support material for the CoMo (AlCNFMoCo)-based catalyst and compared its 
HDS activity with the alumina-supported CoMo (AlMoCo) catalyst for the HDS of 
DBT in a batch reactor. They showed that the HDS activity of carbon-nanofiber- 
doped alumina catalysts is better than conventional catalysts due to high mesopo-
rous surface area, better dispersion of active metals on the support, and good textural 
properties. Also, they proposed DDS as the predominant reaction mechanism for 
the carbon-nanofiber-doped alumina catalyst compared to the HYD pathway based 
on GC-MS analysis of reaction products. However, long-term stability of these cata-
lysts and performance using actual feedstock need to be assessed.

HDT catalysts prepared using silica-modified alumina supports were also inves-
tigated through different synthesis methods to enhance the activity for the removal 
of refractory sulfur compounds through incorporation of moderate acidity to the 
catalyst. Silica incorporated in alumina structure modifies the catalyst properties 
and performance depending upon the method of incorporation. Rayo et  al. [69] 
prepared NiMo-based HDT catalysts using 5 wt% Si in alumina by two different 
methods, one by incorporation of Si into boehmite (NiMo/Si-Al), followed by dry-
ing and calcination. In another method, Si was incorporated into the surface of 
already calcined alumina (NiMo/Si/Al), which resulted in different surface struc-
tures of the Si oxide layer. The performance of these two catalysts was different for 
the HDS of partially hydrotreated Maya crude oil and cumene hydrocracking appli-
cations. The highest activity for HDT of refractory sulfur compounds present in the 
hydrotreated Maya crude oil/diesel blend feedstock was achieved using the catalyst 

Recent Advances in Hydrotreating/Hydrodesulfurization Catalysts: Part I: Nature…



22

prepared with incorporation of Si into boehmite, which was ascribed to better dis-
persion of active phase combined with favorable porosity and acidity (Fig. 7).

Hybrid supports such as zeolites modified with the incorporation of activated 
carbon were also used as support materials for CoMo-based catalysts. Optimal 
loading of carbon on zeolite could achieve better metal dispersion, moderate acidity, 
and uniform mesoporous structure resulting in higher HDS activity [70].

Zhou et al. [1] synthesized NiMo catalysts supported on meso-microporous Y 
zeolites with different mesoporous diameters (0, 4, 6, and 8 nm) and tested the cata-
lytic performance for the HDS of 4,6-DMDBT (Table 6). The higher HDS perfor-
mance for the mesopore catalysts is due to decrease in MSI, higher MoS2 stacking 
numbers, lower slab lengths, and better dispersion/sulfidation of Mo favoring the 
formation of highly active edge and corner sites. Optimal pore size is required for 
the HDS of 4,6-DMDBT due to its steric hindrance and pore diffusion effects. These 
effects dominate for catalysts with lower pore diameters of less than 4 nm. Catalysts 
with 6 nm pore diameter exhibited higher HDS performance due to reduced pore 
diffusion and steric hindrance effects. They also correlated the HDS selectivity with 
mesopore size. There is a linear correlation of HYD and DDS activities with the 
number of Mo atoms located either at the edge or corner sites of the MoS2, 
respectively.

Liu et al. [71] synthesized a novel, bimodal mesoporous nanorod-Al2O3 via the 
hydrothermal method in the presence of polyethylene glycol (PEG) to enable the 
formation of favorable nanostructure in alumina with relatively higher crystallinity 
through proper control of the pore structure, crystal parameters, and morphology of 
the support. The CoMo-based catalysts prepared using the support showed higher 
activity for the HDS of 4,6-DMDBT than the catalyst with mono-modal alumina 
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Fig. 7 Activity of NiMo/Al and silica incorporated alumina catalysts [69] (Reprinted from Fuel, 
239, Patricia Rayo, Pablo Torres-Mancera, Guillermo Centeno, Fernando Alonso, Jose Antonio 
D. Munoz, Jorge Ancheyta, Effect of silicon incorporation method in the supports of NiMo cata-
lysts for hydrotreating reactions, 1293–1303, 2019, with permission from Elsevier)
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structure due to lower metal–support interaction, lower reduction temperature of 
molybdenum oxide, more active sites, high crystal phase dispersion, shorter crystal 
length, higher degree of stacking, and lower pore diffusion effect. In this study, 
HYD was found to be the dominant reaction pathway for the HDS of 4,6-DMDBT 
compared to DDS due to the steric hindrance effect of the molecule. The character-
istics of different bimodal mesoporous aluminas and supported catalysts are pre-
sented in Table 7.

Table 6 Activation energies and rate constants for the HDS of 4,6-DMDBT over NiMo catalysts 
supported on micro-mesoporous Y zeolite catalysts at 290 °C with mesopore sizes of 0, 4, 6, and 
8 nm (DMDBT conversion of 50 ± 0.4%) [1, 2]

Catalysts
Ea 
(kJmol−1)

TOF 
(h−1)

kHDS, 
μmol h−1 g−1

kDDS, 
μmol h−1 g−1

kHYD, 
μmol h−1 g−1

kISO, 
μmol h−1 g−1

HYD/
DDSa

NiMo/
HMY-0

81.5 1.8 307 138 98 178 0.71 
(1.47)

NiMo/
HMY-4

108.0 2.9 617 259 173 426 0.63 
(2.44)

NiMo/
HMY-6

121.2 3.5 783 337 196 572 0.58 
(2.86)

NiMo/
HMY-8

121.8 3.4 761 327 190 571 0.58 
(3.18)

Reprinted from Applied Catalysis B: Environmental, 238, Wenwu Zhou, Qiang Wei, Yasong Zhou, 
Meifang Liu, Sijia Ding, Qi Yang, Hydrodesulfurization of 4,6-dimethyldibenzothiophene over 
NiMo sulfide catalysts supported on meso- microporous Y zeolite with different mesopore sizes, 
212–224, 2018, with permission from Elsevier
aValues in the brackets are the HYD/DDS ratios without counting the isomerized products

Table 7 Properties of different bimodal mesoporous aluminas (BMA-x) and CoMo-based HDS 
catalysts [71]

Sample BET surface area (m2/g) Pore volume (cm3/g) Pore size (nm)

BMA-1 284.1 0.66 4.0, 15.4
BMA-2 333.6 0.95 3.4, 15.3
BMA-3 334.8 0.97 3.0, 11.2
BMA-4 494.7 1.02 2.7, 11.1
CoMo-BMA-1 204.2 0.38 3.9, 15.4
CoMo-BMA-2 280.8 0.74 3.3, 15.4
CoMo-BMA-3 283.1 0.75 2.9, 11.2
CoMo-BMA-4 400.3 0.81 2.6, 11.1
CoMo-CA 219.7 0.45 5.0

Reprinted from Applied Catalysis B: Environmental, 121, Xinmei Liu, Xiang Li, Zifeng Yan, 
Facile route to prepare bimodal mesoporous γ-Al2O3 as support for highly active CoMo-based 
hydrodesulfurization catalyst, 50–56, 2012, with permission from Elsevier
BMA-x bimodal mesoporous aluminas synthesized with varying PEG contents, CoMo-BMA-x 
CoMo-based catalysts prepared using respective aluminas, CoMo-CA reference catalyst prepared 
using commercial pseudoboehmite as a support

Recent Advances in Hydrotreating/Hydrodesulfurization Catalysts: Part I: Nature…



24

Zhang et al. [72] prepared NiMo HDS catalysts with different crystal forms of 
alumina using AlCl3·6H2O and Al (NO3)·9H2O as alumina sources and studied their 
catalytic performance for FCC diesel hydrodesulfurization. They reported the HDS 
efficiencies to be of the order: NiMo/δ-Al2O3 > NiMo/γ-Al2O3 > NiMo/θ-Al2O3. 
The higher HDS and HDN activities for FCC diesel in the case of NiMo/δ-Al2O3 
were attributed to the concentrated pore size distribution, moderate MSI, and the 
highest sulfidation degree.

Gao et  al. [73] synthesized γ-alumina-supported MoS3 nanoparticles (MoS3/
Al2O3) by a chemical deposition method and later prepared pre-sulfided bimetallic 
HDS catalysts through Ni promotion. Use of MoS3 as a precursor enabled better 
nickel promoter decoration onto the edges of MoS2 nanoslabs forming Type II sites 
and higher sulfidation degree that resulted in higher HDS activity.

CoMoS catalysts supported on mesostructured titania were studied for HDS of 
4,6-DMDBT by Naboulsi et al. [74], and results were compared with conventional 
alumina-supported catalysts. The mesostructured titania-supported catalyst was 
found to favor the DDS pathway, which was attributed to the intrinsic acidic proper-
ties (both Lewis and Brönsted acidities) of the supports retained even after the 
impregnation of Co and Mo, arising from the coexistence of both phases.

Asadi et al. [75] reported a novel method for synthesis of nano pseudoboehmite 
powders with varying textural properties based on CO2-assisted neutralization of 
NaAlO2 aqueous solution in a semi-batch membrane microreactor. Later, the 
nanopowders were utilized to prepare a number of nano γ-Al2O3 supports as well as 
supported NiMo catalysts with varied average pore sizes and investigated the effect 
of catalyst pore size on HDS performance using straight-run gas oil and its blend 
with cracked gas oil. The highest HDS was obtained using catalysts with the aver-
age pore size of 8.0 (5.9) and 9.1 (7.2) nm, respectively, for both feedstocks. The 
study highlighted the significance of the pore size on the HDS activity of the cata-
lyst and the novel synthesis of mesoporous γ-Al2O3 supports with a controlled aver-
age pore size of up to 20 nm.

Xie et al. [76] reported the synthesis of novel composites made from monodis-
persed porous Al-glycolate spheres (NiMo/Al-SP) through alcoholysis or hydroly-
sis treatments as HDT catalysts and tested their performance for HDS of DBT and 
HYD of naphthalene. The novel catalyst showed 71.22% DBT and 88.28% naph-
thalene conversion at 270 °C temperature, 5 MPa initial H2 pressure, and 10 h reac-
tion time.

Valles et al. [77] reported iridium-based catalysts as alternatives for conventional 
CoMo/Al2O3 or NiMo/Al2O3 catalysts for HDT application. They studied the HDS, 
HDN, and hydrogenation activities of iridium catalysts supported on different zirco-
nium-modified SBA-15 supports using model compounds. The sol-gel method was 
used to synthesize zirconium-modified SBA-15 supports using two sources of zir-
conium, zirconyl chloride, and zirconium (IV) propoxide with lactic acid as the 
coordinating ligand. Zirconium is mainly present as tetrahedral Zr4+ species and 
provides better dispersion and reducibility of iridium active species apart from pro-
viding higher acidity to the catalyst. The catalyst synthesized using zirconium pro-
poxide and lactic acid was found to be the most active catalyst for HYD of tetralin, 
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HDN of indole and quinoline, and HDS of DBT and 4,6-DMDBT due to moderate 
acidity and other favorable structural and morphological characteristics.

Zheng et al. [78] prepared novel composite support β-SBA-16 using both β zeo-
lite and SBA-16 and showed higher hydrodesulfurization activity for the NiMo/β- -
SBA- 16 catalyst compared to Al-modified SBA-16 and the traditional 
Al2O3-supported catalysts due to higher acidity and better synergy between Brønsted 
and Lewis acid sites. They also confirmed the high activity based on DFT calcula-
tions. Wang et al. [79] prepared mesoporous Al-SBA-16 as support for NiMo-based 
catalysts and showed higher isomerization activity for the HDS of DBT and 
4.6-DMDBT.

Asadi et al. [80] prepared NiMo catalysts with composite USY/γ-Al2O3 supports 
and studied the effect of active phase and compositions of support on the activity. 
The most active composite catalyst contained 10 wt% USY zeolite, loaded with 
18 wt% Ni and Mo oxides with Ni/(Ni + Mo) and EDTA/Ni molar ratios of 0.417 
and 2, respectively, and the HDS results were validated using model and experiments.

Although the mixed oxide-based bifunctional catalysts possess advantages in 
terms of high surface area and good acid–base properties for promoting HDS of 
sterically hindered sulfur compounds, they are prone to rapid deactivation at the 
acid sites due to coking and poisoning by basic nitrogen compounds. Although 
acidic supports were reported to be effective for HDS of refractory sulfur com-
pounds, they have certain issues such as (a) difficulty in the impregnation and dis-
persion of active phases on the support surface and (b) pore size limitations, which 
may restrict the accessibility of bulky reactant molecules such as 4,6-DMDBT. Also, 
the acidic supports may promote hydrocracking reactions that will result in loss of 
valuable hydrocarbon yields. Strong acid site density and Brönsted acidity of zeolite 
containing catalysts could cause rapid deactivation by formation of coke [81] apart 
from the formation of lighter products resulting in yield loss.

6.3  Unsupported Catalysts

Unsupported transition metal-based catalysts such as sulfides, carbides, and nitrides 
of cobalt, molybdenum, and tungsten and also metal phosphides were studied in the 
literature as promising catalysts for HDT/HDS reactions. Unsupported mixed sul-
fides prepared using the same family of metals as that of supported catalysts were 
reported to exhibit high activity for HDS, HDN, and HDA compared to the sup-
ported catalysts [82]. Hermann et al. [83] studied the unsupported RuS2, Rh2S3, and 
NbS3 for their HDS performance and found that these catalysts possessed higher 
desulfurization activity compared to Co-Ni and No-W metal sulfides. Unsupported 
trimetallic catalysts such as Ni-Mo-W sulfide were found to exhibit about three 
times higher activity for HDS compared to Al2O3-supported NiMo and CoMo cata-
lysts [84–86]. Such unsupported trimetallic catalysts were successfully used in 
commercial hydrotreaters for deep HDS of diesel fraction by Albamarle using the 
trade name NEBULA. Although other forms of unsupported catalysts such as metal 
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carbides, nitrides, and phosphides were also studied by many researchers for their 
HDS activity, most of these studies are limited in their scope, and further extensive 
research work is needed to study the catalytic performance in terms of their activity, 
selectivity, and stability before utilizing them for commercial applications.

Santiago Arias et al. [87] prepared unsupported NiMoAl hydrotreating catalysts 
using layered double hydrooxides (LDHs) or hydrotalcite-type materials as precur-
sors. NiAl-terephthalate LDHs were prepared with different Al/(Al + Ni) ratios in 
the range of 0.3–0.8 by ion exchange and calcination with ammonium heptamolyb-
date. The mixed oxides contained about 33–43 wt% Mo and Ni/Mo ratios in the 
range of 0.5–1.4. Molybdenum is mostly incorporated as intercalated heptamolyb-
date anions (Fig.  8). Calcined mixed oxides with surface areas in the range of 
26–122 m2/g were sulfided in situ and tested simultaneously for HDS of DBT and 
hydrogenation of tetralin at a high pressure of 70 bar and temperature of 613 K in a 
batch reactor. The HDS and hydrogenation activities of NiMoAl catalysts prepared 
from LDHs were found to be higher than conventional NiMo/Al2O3 catalysts and 
similar to Al-free unsupported NiMo catalysts, but with a higher preference for 
hydrogenation route.

Eijsbouts et al. [88] reviewed the technical and economic impacts of replacing 
conventional promoters (Co and Ni) in HDT catalysts due to the classification of 
several Ni and some soluble Co compounds as carcinogenic and toxic. Catalysts 
based on noble metals are highly expensive, and other inexpensive catalyst compo-
sitions do not possess sufficient activity for ULSD and VGO FCC pretreatment 
applications. Their review covered the history of conventional HDT catalysts and 
alternate catalyst compositions (single transition metal sulfides, promotion with 
other transition metal sulfides, Fe-based catalysts, metal carbides, metal nitrides, 

Fig. 8 Fourier- 
transformed Ni K-edge 
EXAFS spectra for the 
NiAl-terephthalate LDHs 
[87] (Reprinted from 
Catalysis Today, 213, 
Santiago Arias, Yordy 
E. Licea, Luz Amparo 
Palacio, Arnaldo C. Faro 
Jr., Unsupported NiMoAl 
hydrotreating catalysts 
prepared from NiAl- 
terephthalate hydrotalcites 
exchanged with 
heptamolybdate, 198–205, 
2013, with permission 
from Elsevier)
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and metal phosphides). They also compared the RVA of HDN and HDS reactions 
for mixed first-row transition metals with W supported on Al2O3 versus Ni-Mo ref-
erence catalysts with RVA of 100 in VGO hydrotreating application. Based on their 
study, the authors concluded that it would be difficult to replace the conventional 
Co-Mo, Ni-Mo, and Ni-W catalysts for HDS/HDN applications based on the activ-
ity, selectivity, stability, and economics, and the status quo would continue for the 
near future.

Song et al. [89] used a new and simple method to prepare bulk and supported 
nickel phosphide (Ni2P) using thermal treatment of a solid mixture containing 
Na(H2PO3)2 and NiCl2.6H2O in certain molar ratio as precursors. In this method, 
bulk Ni2P was formed by heating the physical mixture of the precursors at 
200–300  °C for 1 h in a nitrogen atmosphere. Nickel phosphide was formed by 
decomposition of NaH2PO3 to release phosphine and subsequent reduction of nickel 
ions. The activity of supported Ni2P/SiO2 catalysts for HDS of DBT was found to be 
good at different temperatures.

Varakin et  al. [90] synthesized unsupported molybdenum disulfide catalysts 
(MoS2/Al2O3 and MoS2/C/Al2O3) and compared their HDS performance for DBT 
with the catalysts prepared from ammonium tetrathiomolybdate with and without 
structural agents. Bulk MoS2 catalysts prepared by etching of the MoS2/Al2O3 
showed higher selectivity for the HDS of DBT, and sulfur was predominantly 
removed through the hydrogenation pathway. The high HYD/DDS activity of the 
bulk catalysts was attributed to the high ratio of HYD sites on spatial angles relative 
to centers on the rim and edges due to the low slab length and minimal average 
number of MoS2 layers.

Li et  al. [91] studied gasoline HDS with minimum olefin saturation using an 
unsupported Co-Mo catalyst and compared the performance with the CoMo/γ- -
Al2O3 catalyst. The HDS activity of the unsupported catalyst was reported to be 
fourfold compared to the supported catalyst for model compounds and full range 
FCC gasoline due to differences in MoS2 slab morphologies such as curvature, slab 
length, and stacking number. Curved MoS2 structure was found to promote olefin 
isomerization reaction without saturation resulting in improved octane rating. 
Alhough increased slab length and higher stacking number of MoS2 in the unsup-
ported catalyst resulted in higher desulfurization selectivity, the effect of slab length 
was predominant in influencing the HDS selectivity compared to the stack-
ing number.

Xie et al. [93] showed improved activities for MoS2-Co3S4 hollow polyhedrons 
for the hydrogen evolution reaction and HDS compared to the pure MoS2, Co3S4 and 
MoS2-Co3S4 nanoparticles prepared by conventional coprecipitation methods due to 
the better morphology and synergy between Co3S4 and MoS2. Synthesis of MoS2- 
Co3S4 hollow polyhedrons was reported by the vulcanization of Mo-doped ZIF-67. 
Li et al. [92] synthesized Co-Mo sulfide with a hollow structure using a combination 
of co-precipitation and low-temperature sulfurization in ethanol solution. Formation 
of porous Co-Mo sub-microtubes was reported with high specific surface area, more 
active sites, and active component exposure in order to obtain a higher degree of 
HDS for DBT.
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CoMgMoAl-layered double hydroxides with varied Co and Mo contents were 
also studied for the selective HDS of model compound thiophene in the presence of 
cyclohexene as an olefinic compound and n-heptane. The LDHs showed higher 
selectivity for HDS in comparison with industrial catalysts. Co-Mo catalysts pre-
pared using Zn-Al-layered double hydroxides were also reported for the selective 
HDS of FCC gasoline [94]. Coelho et al. [95] prepared unsupported heptamolybdate- 
CoMgAl hydrotalcites from terephthalate precursors and reported higher HDS 
selectivity compared to conventional CoMo/Al2O3 catalysts.

7  Conclusions

Research in hydrotreating/hydrodesulfurization catalysis has advanced multifold 
after the introduction of stringent fuel specifications, especially with respect to sul-
fur content in both gasoline and diesel. Catalysis scientists have overcome the chal-
lenges and are able to come up with highly active catalysts for producing ultralow 
sulfur diesel due to advancements in catalyst characterization techniques, prepara-
tion strategies, active phase dispersion methods, tuning the support structure, and 
understanding the micro- and macrolevel happenings on the catalyst. Catalyst 
advancements along with simultaneous process improvements helped the refiners to 
achieve their environmental targets in meeting the fuel specifications. Catalysis sci-
ence in hydrotreating is still advancing in terms of new mixed supports, novel prep-
aration methods for better dispersion of active components, use of unsupported 
catalysts, additives for reducing MSI, etc. All the recent research advances are 
aimed at improving the activity of the current generation catalysts while also simul-
taneously enhancing the selectivity for removal of sulfur from refractory aromatic 
sulfur species and stability of the catalyst. It is of paramount importance to increase 
the yields of desired hydrocarbons by tuning the catalyst acidity. There is interde-
pendence of different catalytic functions, which needs to be considered in order to 
reduce sulfur content and increase hydrocarbon yields. There is a balance in activity 
that is needed for any successful catalyst. The present chapter discussed the current 
advancements in the nature of active phase and catalyst support, specifically aimed 
to achieve ultralow sulfur content in petroleum fuels.
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Recent Advances in Hydrotreating/
Hydrodesulfurization Catalysts: Part II—
Catalyst Additives, Preparation Methods, 
Activation, Deactivation, and Regeneration

G. Valavarasu and B. Ramachandrarao

Abstract Additives play a key role in enhancing the activity of hydrotreating cata-
lysts by means of influencing metal–support interactions, improving dispersion of 
active metals on the support, enhancing the sulfidation degree, increasing stacking of 
metal sulfide slabs on the support, etc. Additives are also reported to enhance the 
stability of the catalysts apart from modifying their activity. Another aspect of 
hydrotreating catalyst manufacture is the method of preparation of these catalysts, 
which will influence the metal dispersion, support interactions, and ultimately the 
performance. The present chapter (Part II) reviews the recent advances in hydrotreat-
ing/hydesulfurization catalysts in terms of additives/modifiers and various prepara-
tion methods. Other aspects of catalysts such as activation, deactivation, and 
regeneration are also being discussed upon. Apart from this, catalyst requirements 
for different hydrotreating feedstocks have also been covered, considering the 
importance of feedstock type and characteristics on the selection of suitable catalysts.

Keywords Hydrotreating · Hydrodesulfurization · Hydrocracking · Catalyst 
deactivation · Catalyst regeneration · Refining

1  Introduction

Catalysts play an important role in increasing the rate of hydrotreating reactions. As 
discussed in Part 1 of the article, hydrotreating uses either metals of group VI A (Mo 
and W) along with promoter metals of group VIII A (Co and Ni) or noble metals (Pt 
and Pd) supported on alumina, silica-alumina, and/or zeolites as catalysts. HDT 
catalysts should possess high activity, selectivity, and stability in order to produce 
stringent product specifications such as sulfur, nitrogen, and aromatics. Apart from 
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the choice of active metals and support material, additives also play a significant 
role in modifying the catalyst and enhancing its performance. Proper catalyst prepa-
ration method needs to be considered while designing a hydrotreating catalyst in 
order to obtain the required composition and properties. Since the choice of addi-
tives and preparation methods is of paramount importance for the design of success-
ful hydrotreating catalysts, it is essential to delve into the advances in these areas. It 
is also essential to understand the activation/sulfidation, deactivation, and regenera-
tion of HDT/HDS catalysts in order to obtain a complete understanding of 
hydrotreating catalysts. The present chapter focuses mainly on the catalytic advance-
ments in the area of hydrotreating/hydrodesulfurization of petroleum fractions in 
terms of additives, catalyst preparation methods, catalyst activation, deactivation 
and regeneration, and catalyst selection for different feedstocks.

2  Preparation of Hydrotreating Catalysts

Hydrotreating catalysts are usually prepared by a variety of manufacturing methods. 
A complex relationship exists between catalyst formulation, preparation method, 
and catalyst properties in the case of hydrotreating catalysts. Chemical composition 
also plays a major role in determining the performance of industrial hydrotreating 
catalysts such as content of active metals and concentration of promoters and addi-
tives. Nevertheless, physical and mechanical properties of the catalysts are also 
important to overcome the diffusional limitations of hydrocarbon molecules, parti-
cle attrition due to poor mechanical strength, and pressure drop issues. Preparation 
of supported metal catalysts used in industrial hydrotreating and hydrocracking 
units usually involves the following steps [1]:

 – Precipitation.
 – Filtration (decantation, centrifugation).
 – Washing.
 – Drying.
 – Forming.
 – Calcining.
 – Impregnation of active metals.
 – Activation/sulfidation.

Some of the additional steps such as kneading, mulling, grinding, and sieving 
may also be used along with the above methods depending upon the specific require-
ment. Scherzer and Gruia [1] provide a detailed account of catalyst preparation and 
manufacturing methods for hydroprocessing catalysts.
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3  Advances in Hydrotreating Catalysts

There are several advances in hydrotreating catalysts in terms of activity, selectivity, 
and stability due to better characterization tools and improved understanding of the 
nature of active sites, support material, and the interaction between the active metals 
and support. Use of additives or modifiers is found to enhance the catalytic activity 
through altering the metal–support interactions, increasing the number of active 
sites, etc. This is also supported by the choice of preparation methods. Stanislaus 
et  al. [2] have provided a comprehensive review of the effect of additives and 
improvements in catalyst preparation techniques in HDT/HDS catalysts.

3.1  Additives/Modifiers and Their Effects

Additives or modifiers are certain elements/metals incorporated to the alumina sup-
port, especially to enhance the HDT/HDS catalyst performance through modifica-
tion of the acidic and basic characteristics of the support material. Additives play an 
important role in the modern HDT/HDS catalysts by means of the following:

• Influence metal–support interactions.
• Improve dispersion and distribution of active phases in the support.
• Enhance reducibility and sulfidability of the metals (Co, Ni, and Mo).
• Enhance the catalytic activity for HDS due to improved acidity characteristics.
• Decrease coking tendency of the catalyst.
• Improve thermal stability of the Al2O3 support.
• Increase MoS2 stacking and result in the formation of larger MoS2 slabs.

Some of the additives that have been utilized in the HDT catalysts include phos-
phorous, boron, fluoride, silica, lanthanum, zinc, vanadium, and magnesium. Out of 
these, phosphorous is the most important modifier used in commercial catalysts to 
improve the hydrodenitrogenation (HDN) activity of NiMo-Al2O3 catalysts [3]. 
Modification of support by addition of phosphorous was found to have beneficial 
effects in HDT/HDS catalysts through better dispersion of active metal sulfide 
phase, lower interaction between metal and support, higher Type II Ni (Co)-Mo-S 
sites, lower coking, and increased MoS2 stacking [4]. Fluoride and boron addition 
was found to be effective in the formation of more active Type II Co-Mo-S or 
Ni-Mo-S phases in the catalyst in order to improve the activity of the conventional 
catalysts for the HDS of refractory sulfur species [5–7].

There is an optimal loading of additives during the preparation of hydrotreating 
catalysts, which provides higher HDS and HDN activity. DeCanio and Weissman 
[8] studied boron-modified commercial Ni-Mo/Al2O3 hydrotreating catalysts using 
FT-IR analysis of adsorbed NO and pyridine and using gas-oil HDS and HDN activ-
ities. Figure 1 shows the first-order rates of sulfur and nitrogen removal (Ks and Kn) 
as a function of boron loading for a gas-oil feedstock. Although both reaction rates 
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increased with boron loading, the maximum rate for sulfur removal occurred at 
0.3 wt% boron loading while the maximum attained at 1.2 wt% boron content for 
nitrogen removal. The lower catalytic performance at higher boron loadings was 
attributed to the presence of bulk borate phases and decreasing surface acidity in the 
catalyst.

Incorporation of phosphorous through phosphoric acid was found to increase the 
activity of CoMo/Al2O3-based HDS catalysts but decrease the activity of Mo/Al2O3 
catalysts based on the study carried out by van Haandel et al. [9]. The increased 
activity of CoMo/Al2O3 is attributed to reduced formation of Co9S8 and enhanced 
promotion effect by Co due to treatment with phosphoric acid. Zepeda et al. [10] 
synthesized NiMo catalysts supported on Al- and P-modified HMS mesoporous 
substrate and tested their HDS performance using thiophene and 4,6-DMDBT 
model compounds with an objective to evaluate the effect of Al and P additives on 
the catalyst activity. The NiMo/Al-HMS-P catalyst containing 1.0 wt% of P showed 
the highest HDS activity due to the proper balance between the active phase disper-
sion and the highest hydrogenation activity.

Fig. 1 Effect of boron loading on the sulfur and nitrogen removal activities of boron-modified 
commercial Ni-Mo/Al2O3 HDT catalysts for a gas-oil feedstock [8] (Reprinted from Colloids and 
Surfaces A: Physicochemical and Engineering Aspects, 105, Elaine C.  DeCanio, Jeffrey 
G. Weissman, FT-IR analysis of borate-promoted Ni-Mo/Al2O3 hydrotreating catalysts, 123–132, 
1995, with permission from Elsevier)
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Zhou et  al. [11] studied the HDS and HDN of FCC diesel using NiMo/USY 
zeolite catalysts modified with gallium, phosphorous, and a combination of gallium 
and phosphorous. Ga- and P-modified USY zeolite catalysts showed higher HDS 
and HDN efficiencies compared to conventional NiMo-based catalysts. Higher 
HDS activity of gallium- and phosphorous-modified USY catalysts, especially for 
the removal of refractory organosulfur compounds present in FCC diesel, was 
attributed to the modulation of acidity of USY zeolite, weak metal–support interac-
tions leading to higher degree of sulfidation and better dispersion of Mo species 
(Table  1). Gallium-modified catalysts were prepared using 2  wt% of Ga2O3 in 
HUSY (ultra-stable HY) zeolite, and phosphorous-modified catalysts were prepared 
using 3 wt% P2O5 in HUSY zeolite using an incipient wetness impregnation method.

Rashidi et al. [12] prepared various CoMo-based nanoalumina-supported HDS 
catalysts containing additives such as phosphorous, boron, and citric acid (CA) and 
studied their HDS activity using straight-run light gas-oil feedstock with a sulfur 
content of 13,500 ppm. The mesoporous nanoalumina had high surface area, pore 
size and pore volume, surface defects, and acidic surface compared to conventional 
microalumina resulting in higher dispersion of active metals to enable the formation 
of CoMoS Type II sites on the final catalyst. Nanostructured mesoporous alumina 
was found to be a promising support to produce ULSD catalysts with favorable 
physicochemical and textural properties. Addition of phosphorus and boron was 
found to modify the catalyst acidity, reduce MSI, increase promotion effect, and 
improve dispersion of the active phase in order to achieve better HDS activity. 
Addition of citric acid formed Co-CA complexes and thus reduced the cobalt and 
alumina interactions and improved metal dispersion, sulfidation degree, etc., result-
ing in better catalytic performance. Also, the catalyst deactivation through coke 
deposition in nanoalumina-based catalysts was lower compared to conventional 
microalumina-based catalysts.

Nadeina et al. [13] studied the effect of incorporation of boric and phosphoric 
acids to impregnating solutions on the structure and properties of NiMo catalysts for 
VGO HDT application. The NiMo–citrate complex was initially formed in the solu-
tion followed by the introduction of boric and phosphoric acids and final calcination 
done at high temperatures of 900 °C in order to ensure mixed γ- and δ-Al2O3 phases 

Table 1 Results of Ni 2p XPS characterization of the sulfided NiMo-based USY catalysts with 
various promoters [11]

Catalysts Cat-1 Cat-2 Cat-3 Cat-4

Nisulfidation (%) 92 94 95 95
Ni2+ (%) 8 6 5 5
NiSx (%) 38 21 43 9
NiMoS (%) 54 73 52 86

Reprinted from Catalysis Today, 305, Wenwu Zhou, Qing Zhang, Yasong Zhou, Qiang Wei, Lin 
Du, Sijia Ding, Shujiao Jiang, Yanan Zhang, Effects of Ga- and P-modified USY-based NiMoS 
catalysts on ultra-deep hydrodesulfurization for FCC diesels, 171–181, 2018, with permission 
from Elsevier
Cat-1 NiMo/USY, Cat-2 NiMo//GaUSY, Cat-3 NiMo/PUSY, Cat-4 NiMo/PGaUSY
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in the support. Based on the testing of prepared catalysts for VGO HDT application, 
it was observed that B introduction into the impregnation solution decreased the 
activity due to the formation of bulk BO3 particles and small decline in the amount 
of Mo on the catalyst surface in the form of Mo4+ while the addition of phospho-
rous increased the catalytic activity. Simultaneous introduction of both phosphoric 
and boric acids into the impregnating solution increased the catalyst activity through 
an increase in the number of MoS2 layers in the slab.

Li et al. [14] showed higher HDS and HYD activity for NiMo-Al2O3 catalysts 
prepared using citric acid due to an increase in active NiMoS phase and morphology 
control of MoS2 phase. Higher catalytic activity was observed when Ni was com-
plexed with CA preferentially before Mo in the impregnation solution. Also, CA has 
not shown any promotional effect within the monometallic Mo/Al2O3 catalyst.

Xia et al. [15] prepared CoMo/γ-Al2O3 catalysts with different loadings of addi-
tives (Ce and/or P) to investigate the effect of Ce and P modifications on the catalyst 
for the HDS of FCC gasoline. Phosphorous addition could slightly increase the 
stacking number of MoS2 by reducing MSI. Addition of cerium to the small amount 
of 1.75 wt% could increase average slab length and stacking number apart from 
providing Brønsted acidity to the support with the net effect of increasing the cata-
lytic activity for HDS of thiophene and isomerization of olefins. They showed the 
highest thiophene HDS and olefin isomerization conversions of 98.58% and 19.51%, 
respectively, for the catalyst modified with both cerium and phosphorus exhibiting 
the synergistic effect of Ce and P for the HDS of FCC gasoline with minimum 
octane loss. The octane loss is minimized due to high olefin isomerization activity 
of the catalyst, which is beneficial for removal of sulfur from FCC gasoline by 
retaining the octane number.

Saleh et al. [16] investigated the effect of boron addition on the HDS activity of 
CoMo/γ-Al2O3 catalyst with varied boron contents and reported optimum boron 
concentration of about 5 wt% for higher activity for the HDS of DBT.

Mendoza-Nieto et  al. [17] studied the effect of CA addition on trimetallic 
NiMoW catalysts prepared using different supports such as conventional γ-Al2O3 
and mesoporous SBA-15 for the HDS of DBT and 4,6-DMDBT. Their study showed 
higher dispersion of active metals and better HDS activity using CA for SBA-15- 
based trimetallic catalysts compared to conventional alumina-based catalysts, high-
lighting the dependence of support on the additive effect of CA during the preparation 
of trimetallic hydrotreating catalysts. The citric acid effect is less when the metal–
support interaction is strong as in the case of γ-Al2O3-based NiMoW catalysts, 
while the improved catalytic performance was obtained for the SBA-15-based cata-
lyst due to lower MSI.

Vatutina et al. [18] studied different ways of addition of P to the CoMo-based 
HDT catalyst during the synthesis and found that the addition of the precursor of P 
into the impregnation solution resulted in an increase in HDS activity of DBT com-
pared to other methods of P addition due to change in the active phase structure, 
increase in the stacking number of active species, and decrease in MSI. Other meth-
ods of P addition such as the addition of P into the kneading paste or by 
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impregnating of a support had a negative influence on catalytic activity due to the 
formation of CoAl2O4 compounds and reduced content of promoter cobalt in the 
active phase.

Fan et al. [19] proposed a hydrothermal deposition method assisted by cetyltri-
methylammonium bromide and fluorine for modulating the morphology of sup-
ported metal nanoparticles in NiWF/Al2O3 HDS catalysts. This catalyst synthesis 
approach was found to promote the dispersion of W by bridging and anchoring the 
metal nanoparticles on the surface of fluorinated alumina support and also lowered 
subsequent agglomeration of W during calcination. This method was reported to 
provide higher HDS activity compared to the conventional impregnation method 
due to improved metal dispersion, higher promotion effects, and more accessible 
Ni-W-S active sites.

3.2  Catalyst Preparation Methods

Hydrotreating catalysts are prepared by impregnation of active metals (Mo and Co 
or Ni) on the surface of the support material such as alumina. The metal components 
are used in the form of aqueous solutions to form respective metal ions that will be 
subsequently deposited on the surface of the support using different impregnation 
techniques. The following are the widely used impregnation techniques for the 
preparation of hydrotreating catalysts:

• Incipient wetness impregnation.
• Equilibrium adsorption.

In the first method, the support is contacted with a solution containing the metal 
precursor salts in a predetermined volume of water sufficient to fill the pores. In the 
second method, molybdenum from an aqueous solution of ammonium heptamolyb-
date is adsorbed on the support over an extended period of time till equilibrium is 
reached and followed by the filtration of the leftover liquid [2]. Modified impregnat-
ing methods through the addition of chelating agents or complexing agents to the 
impregnating solution were found to be advantageous in improving the activity of 
HDS catalysts through the following:

• Formation of a maximum number of Type II Co-Mo-S and Ni-Mo-S active 
phases with very high selectivity.

• Enhanced reducibility of molybdenum.
• Reducing the strong interaction between support and metal.
• Improved dispersion of metals over the support.
• Higher promotion effect resulting in a strong synergy between Co(Ni) and Mo 

sulfides.

Chelating or complexing agents are beneficial in delaying the sulfidation tem-
perature of promoter metals (Co or Ni), which otherwise start sulfiding at lower 
temperatures compared to Mo resulting in poor sulfidation of the catalyst with 
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problems in the formation of highly active Type II Co-Mo-S and Ni-Mo-S struc-
tures. Chelating agents strongly interact with the promoter ions (Co or Ni), leading 
to higher sulfidation temperature of promoter metals compared to Mo, which results 
in the formation of sulfided cobalt atoms at the edges of already formed molybde-
num sulfide slabs creating highly active Type II sites. Studies by Kubota et al. [20] 
and Okamoto et al. [21] illustrate the beneficial effects of chelating agents on the 
improvement of HDT/HDS catalyst activity. Chelating agents were also found to 
increase the Type II active structures in the catalyst by preventing the strong interac-
tions between metals and support [5]. Some of the chelating agents used in the 
preparation of HDT/HDS catalysts along with impregnating solution to improve the 
catalytic activity include citric acid, glycol, urea, nitriloacetic acid, and ethylenedi-
aminetetraacetic acid. The activity and selectivity of HDS catalysts are also influ-
enced by the calcination and sulfidation temperatures, and the effects of these 
parameters vary for different reaction systems [22].

In one of the studies by van Haandel et al. [9], the effect of organic additives on 
catalyst activity was found to be more pronounced in promoted catalysts than in 
unpromoted ones by means of enhancing the Co-Mo interaction through better sul-
fidation of Mo and Co by forming weak complexes. They used α-hydroxycarboxylic 
acids (citric acid, tartaric acid, and gluconic acid) and aminopolycarboxylic acids 
(NTA, EDTA) as organic additives during preparation of HDS catalysts and found 
that the α-hydroxycarboxylic acids are more effective as organic additives com-
pared to the latter in order to improve catalyst activity as shown in Table 2 for the 
HDS of dibenzothiophene with and without additives. The higher activity and pro-
motion effect in the case of weak chelating agents such as α-hydroxycarboxylic 
acids are due to the formation of weak complexes with cobalt that decompose 

Table 2 Dispersion (fMo) and 
DBT turnover frequency 
(TOF) of CoMo/Al2O3 
catalysts [9]

Sample fMo TOFDBT (s−1)

CoModr 0.265 0.014
CoMocal 0.271 0.018
CoMo-PAdr 0.268 0.015
CoMo-PAcal 0.269 0.022
CoMo-PA-PEG 0.261 0.025
CoMo-CA 0.263 0.028
CoMo-NTA 0.254 0.025

Reprinted from Journal of Catalysis, 351, L. van 
Haandel, G.M.  Bremmer, E.J.M.  Hensen, Th. 
Weber, The effect of organic additives and phos-
phoric acid on sulfidation and activity of (Co) 
Mo/Al2O3 hydrodesulfurization catalysts, 
95–106, 2017, with permission from Elsevier
fMo fraction of accessible Mo edge atoms, PA 
phosphoric acid, PEG polyethyleneglycol, CA 
citric acid, NTA nitrilotriacetic acid, EDTA eth-
ylenediaminetetraacetic acid, dr dried only; cal 
calcined
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readily, resulting in fast sulfidation at 20 bar H2/H2S pressure at 350 °C. The intrin-
sic activity of the catalysts measured in terms of turnover frequency for catalysts 
prepared using additives was substantially higher than prepared without using addi-
tives, as shown by the highest TOF value of 0.028 s−1 for CoMo-CA.

Chen et al. [23] showed that modification of HDS catalysts using organic addi-
tives (ethylene glycol and CA) resulted in the reduction of MoS2 slab length and 
increased stacking due to change in MSI. Temperature is one of the key factors in 
the preparation of unsupported MoS2 nanocatalysts, which affects the hydrotreating 
activity. Initial temperature and synthesis temperature both are found to play an 
important role in tuning the morphology, crystalline nature, and catalyst properties 
and eventually in the catalytic activity. Zhang et al. [24] synthesized unsupported 
MoS2 catalysts using the hydrothermal method at different initial and synthesis tem-
peratures and tested for their HDS and HDN activities using light cycle oil as feed-
stock. Higher synthesis temperature and initial temperature favored higher HDS and 
HDN activities due to curved/shortened MoS2 slabs and enhanced crystallinity. In 
the CAT-20-200, the initial temperature is mentioned as 20 °C and the synthesis 
temperature is 200 °C.

Being one of the catalyst preparation methods, chemical vapor deposition (CVD) 
was found to improve the formation of highly active Co-Mo-S active phases in a 
selective manner resulting in substantially high catalytic activity compared to CoMo 
catalysts prepared using the impregnation method [25, 26].

Although literature is replete with the use of several new catalyst preparation 
techniques such as CVD and incorporation of other modifiers/additives into the 
hydrotreating catalysts for obtaining highly active catalytic sites, most of these 
methods/materials are not commercially proven yet, and these are still in the devel-
opment stage in the laboratory. Further research work is needed to validate the find-
ings in terms of activity, selectivity, and stability characteristics and utilize these 
novel methods and materials in the preparation of economically viable catalysts for 
HDS/HDT application.

Liu et al. [27] prepared highly active HDS catalysts using PVP-assisted synthesis 
of both supported and unsupported NiMo oxide catalysts with varying PVP con-
tents and showed high activity for the HDS of DBT due to the formation of favor-
able active phases such as MoS2 and Ni3S2 nanoparticles on the sulfided catalyst.

Wang et al. [28] synthesized mesoporous γ-Al2O3 support material with different 
textural properties and acidities using AlCl3·6H2O as an aluminum source and poly-
ethylene glycol as a mesostructure-directing agent by tuning the hydrothermal 
aging temperature. Two-step incipient wetness impregnation method was subse-
quently used to prepare NiMo/γ-Al2O3 catalysts and studied for their HDS perfor-
mance using model compounds. Catalyst synthesized at an aging temperature of 
363 K showed the highest HDS activity due to favorable textural properties, acidity, 
and MSI apart from optimal metal dispersion, sulfidation, and MoS2 stacking. Also, 
this catalyst resulted in the highest HYD/DDS ratio for the HDS of 4,6-DMDBT, 
indicating the predominance of the hydrogenation pathway over DDS for the HDS 
reaction. Wang et al. [29] synthesized mesoporous alumina with different crystal 
forms from the boehmite sol and used them as supports for bimetallic sulfided NiMo 
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HDS catalysts. The NiMo/δ-Al2O3 catalyst was found to exhibit higher HDS activ-
ity for model compounds compared to the NiMo/γ-Al2O3 catalyst prepared using 
the same mesoporous material. Also, the NiMo/δ-Al2O3 catalyst showed higher 
hydrogenation activity and removed sulfur predominantly by the HYD route. Higher 
HDS activity and selectivity of the NiMo/δ-Al2O3 catalyst prepared using mesopo-
rous alumina were attributed to the balanced acidity, MSI, and suitable dispersion/
stacking of the active phases along with its favorable textural characteristics.

Braggio et  al. [30] prepared two NiMo catalysts with different methods, co- 
impregnation and post-treatment using citric acid as a chelating agent to study the 
effect of catalyst preparation method on the HDS and hydrogenation of DBT. In the 
post-treatment method, impregnation of citric acid was done on the calcined CoMo 
catalyst. HDS reactions were carried out in a three-phase reactor with and without 
quinolone to understand the inhibition effects. DDS was found to be the favored 
route for the HDS of the DBT molecule. The catalyst prepared using the post- 
treatment method was more effective for hydrotreating compared to the co- 
impregnation catalyst due to higher density of active sites on the catalyst and better 
sulfidation behavior. The inhibition effect of quinolone was more for the catalyst 
prepared by post-treatment, but this was offset by the higher activity of the catalyst 
than that of the co-impregnation catalyst.

Singh et al. [31] reported the preparation of ultrasmall bimetallic NiMo oxidic 
nanoclusters supported on alumina to carry out HDS reactions. Colloidal synthesis 
was used to prepare the metal oxide nanoclusters with oleic acid and oleylamine as 
ligands, and subsequently the nanoclusters were incorporated into the pores of alu-
mina support. The ligands were removed later through calcination of the supported 
catalysts followed by sulfidation. HDS activity of the nanocolloidal-based catalyst 
was found to be better compared to the catalyst prepared using the conventional wet 
impregnation method with DBT and diesel as feedstocks due to ultrasmall size of 
the metal oxide nanoclusters on the support and better dispersion (Fig. 2).

Liu et al. [32] synthesized hexagonal, ordered, and highly dispersed mesoporous 
NiMo-Al2O3 catalysts with 20 wt% MoO3 and varying NiO contents using a one-pot 
evaporation-induced self-assembly (EISA) method with P123 as a structure- 
directing agent and anhydrous ethanol as a solvent. High activity was observed 
using the catalyst prepared with Ni/Mo molar ratio of 1:1 for the HDS of DBT due 
to the formation of an easily reducible form of molybdate in the octahedral site and 
better dispersion of MoS2 nanoparticles. Also, the ordered mesoporous NiMo-Al2O3 
catalysts removed sulfur predominantly through the DDS route, as shown by the 
formation of biphenyl in the product.

Dong et  al. [33] synthesized hierarchically structured alumina hollow micro-
spheres with high specific surface area and favorable pore volume and acidity via a 
citric-acid-modulated hydrothermal method and prepared highly active NiMo- 
based catalysts and tested for HDS of DBT.

Cheche et al. [34] utilized waste rubber tires to make activated carbon for subse-
quent preparation of NiMo-based bimetallic HDS catalysts through the wetness co- 
impregnation method subjecting to various calcination temperatures. The highest 
activity for HDS of DBT was observed for the catalyst calcined at 300 °C due to 
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high surface area, favorable pore size, and acidity characteristics. Xu et  al. [35] 
prepared NiMo/SiO2-Al2O3-based ULSD catalysts using a novel gemini surfactant- 
assisted synthesis of Mo precursor and reported higher catalytic activity for the 
HDS of 4,6-DMDBT and FCC diesel compared to the conventional catalysts syn-
thesized by a hydrothermal method due to better active phase dispersion, improved 
stacking, and formation of a large extent of accessible Ni-Mo-S phases after Ni 
incorporation.

Huang et al. [36] proposed a hydrothermal deposition method for the preparation 
of a Co4Mo12/Al2O3-based HDS catalyst through deposition of heteropoly com-
pounds on Al2O3 and showed higher activity for the HDS of DBT compared to the 
catalysts prepared using an incipient wetness impregnation method. The reasons 
attributed to the high catalytic activity are weak MSI, higher MoS2 stacking, and 
high concentration of CoMoS phases due to high Co/Mo ratios.

Cabello et al. [37] prepared Co2Mo10- and CoMo6-based hetropoly compounds 
and showed higher activity for the HDS of thiophene and hydrogenation of cyclo-
hexane compared to conventional Co-Mo-based catalysts. The higher activity was 
attributed to the good adsorptive interaction of heteropolyoxometalates with the 
support and uniform distribution of active sites on the catalyst surface.

Hensen et al. [38] studied various supported Mo sulfide catalysts and showed 
that the HDS and HYD selectivities can be fine-tuned by the morphology of MoS2 
phase and the choice of support. The choice of support material was found to dictate 
the morphology and dispersion of active phases. MoS2 slab structures with a multi-
layered morphology were reported in the case of Mo/SiO2 and Mo/ASA catalysts. 
Mo/C had the highest MoS2 dispersion. Carbon support exhibited high HYD 

Fig. 2 Comparison of HDS activity of NiMo nanoparticles (size 2 nm and 10 nm) supported on 
γ-Al2O3 [32] (Reprinted from Applied Catalysis B: Environmental, 185, Rupesh Singh, Deepak 
Kunzru, Sri Sivakumar, Monodispersed ultrasmall NiMo metal oxide nanoclusters as hydrodesul-
furization catalyst, 163–173, 2016, with permission from Elsevier)
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activity for thiophene and toluene due to the large fraction of corner sites, whereas 
Mo/ASA exhibited low intrinsic HDS activities, which was compensated by very 
high hydrogenation activity.

The patent literature also describes the making of high-activity HDS catalysts 
using various methods and applications [39–41].

4  Catalyst Activation/Sulfidation

Hydrotreating catalysts need to be activated before starting the reactions either 
through sulfiding or reduction step depending on the type of catalyst to make them 
catalytically active. HDT catalysts are usually supplied in the oxide form of metals 
(Ni, Co, Mo, W oxides, or Pt/Pd oxides). The oxide form is not the active form to 
carry out HDT/HDS reactions; this has to be converted into the sulfide form of met-
als before carrying out HDT/HDS reactions in the case of nonnoble metal or base 
metal catalysts. Thus, fresh hydrotreating catalysts or regenerated catalysts need to 
be activated through catalyst sulfiding or presulfiding before processing with actual 
feed. The fresh or regenerated catalyst should not be exposed to hydrogen while in 
an oxidized state above 200 °C because hydrogen could reduce the catalyst metal 
oxides into metals and render the catalyst useless for the HDT reactions. Also, the 
reduction reaction is highly exothermic and occurs at a faster rate due to which there 
are chances of catalyst damage. There are two approaches employed by refiners for 
sulfiding/activation of the HDT catalysts: in situ sulfiding and ex situ sulfiding.

In situ sulfiding is the most commonly used sulfiding method in refineries and 
performed in either vapor or liquid phase. Liquid phase sulfiding is carried out with 
or without the aid of a sulfiding agent. Sulfiding is accomplished with the help of a 
sulfiding feed, which may be a straight-run distillate such as diesel or kerosene with 
at least 1.0–2.0 wt% sulfur or straight-run distillate spiked with a sulfiding agent 
such as dimethyldisulfide (CH3-S-S-CH3) (DMDS), dimethyl sulfide (CH3-S-CH3), 
etc. Many refiners prefer liquid phase sulfiding using spiking agents such as DMDS 
along with straight-run distillates compared to either vapor phase or liquid phase 
sulfiding without spiking agents due to the advantages in terms of less sulfidation 
and start-up time. Sulfiding is normally carried out in the presence of hydrogen gas. 
Cracked feeds with the content of unsaturated olefinic hydrocarbons are not prefer-
able for sulfidation of HDT/HDS catalysts since they are prone to coking and 
polymerization and interfere with proper sulfiding of the catalysts. DMDS is the 
widely used sulfiding agent for the presulfiding of hydrotreating catalysts due to 
some of their advantages compared to other sulfiding agents in terms of its higher 
sulfur content and lower sulfidation/start-up period. Another advantage of using 
DMDS is the better control of exothermic sulfiding reactions due to two-step 
decomposition and sulfiding, which reduces the chance of reactor exotherms. The 
sulfiding agent such as DMDS initially breaks down into hydrogen sulfide and then 
initiates the sulfiding process. Complete sulfiding of Co-Mo- and Ni-Mo-type HDS 
catalysts require about 10  wt% sulfur on the catalyst. Vapor phase sulfiding is 
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carried out using a mixture of about 2–5 vol.% of H2S in hydrogen, and this is not 
being commonly practiced in refineries.

Although DMDS is the most common sulfiding agent used for catalyst sulfiding 
application, use of tertiary-butyl polysulfide (TBPS) is also gaining significance in 
recent times [42]. However, sulfur content of TBPS (54%) is lower than that of 
DMDS (68%). TBPS is preferred in certain sulfiding applications where a lower 
decomposition temperature and lower methane make is desirable. Some of the other 
sulfiding agents are dimethyl sulfide (DMS) and dimethyl sulfoxide (DMSO).

van Haandel et al. [43] studied the activation of CoMo/Al2O3 catalysts prepared 
with phosphoric acid (PA) and citric acid as additives in both gas phase (using H2/
H2S at 1 or 20 bar pressure) and liquid phase activation (using a mixture of DMDS/
n-hexadecane at 20 bar H2 pressure) methods. Gas-phase sulfiding with H2/H2S was 
found to occur gradually from room temperature to 350 °C. Activation at elevated 
pressure (20 bar) was beneficial in terms of increased sulfidation rate and higher 
degree of Mo sulfidation without affecting the particle size. Citric acid increased the 
gas-phase sulfidation rate at higher pressure due to reduced metal–support interac-
tion (MSI) and enhanced Mo reducibility. Sulfidation in the liquid phase predomi-
nantly formed single layers of MoS2 in contrast to the multilayer stacks formed after 
gas phase activation, emphasizing the importance of activation conditions on the 
formation of MoS2 stacks. Catalysts prepared with PA were reported to be most 
stable and active for gas-oil HDS compared to those prepared using CA. During ex 
situ presulfiding process, sulfiding conditions play an important role in the mor-
phology and performance of CoMoS/γ-Al2O3 catalysts [44]. Some companies such 
as Eurocat and Porocel offer patented ex situ sulfiding and activation services for 
hydroprocessing catalysts.

5  Catalyst Deactivation

Hydrotreating catalysts gradually lose their catalytic activity during the course of 
operation, and this deactivation phenomenon hampers the catalyst’s ability with 
respect to the extent of sulfur removal in the case of HDT/HDS operations. Catalyst 
activity usually depends on the number of active sites available on the catalyst for 
the desirable reactions. The main cause of deactivation is due to the loss of active 
sites of the catalyst. Catalyst activity is measured in terms of relative rates of HDS 
reaction for HDT/HDS type of operation. In Industrial applications, catalyst activity 
is measured in terms of the temperature required for obtaining specific HDS levels.

Hydrotreating catalysts undergo gradual deactivation over the cycle life due to 
the following reasons:

• Metal deposition on the catalyst surface.
• Coke laydown on the surface.
• Poisoning of the active sites by strongly adsorbed species.
• Change in the catalyst structure (metal sintering/agglomeration).
• Pore mouth plugging by metals or coke.
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In commercial hydrotreating units, reactor temperature needs to be gradually 
increased to maintain constant catalytic activity in order to obtain required desulfur-
ization levels. The degree of deactivation is usually measured in terms of the profile 
of temperature rise as a function of time during the operations. Normally, catalyst 
deactivation rates are dependent on the feed source and process conditions. Heavier 
feedstock such as residue will deactivate at a faster rate compared to lighter feeds. 
Generally, heavier feeds contain higher amounts of contaminants, and thus they 
need to be operated at higher process severity (high temperature, hydrogen partial 
pressure, etc.), resulting in shorter catalyst life. Also, rates of deactivation are not 
the same for different hydroprocessing reactions such as hydrodesulfurization, 
hydrodenitrogenation, hydrodearomatization, etc. for different feeds and process 
conditions.

Deactivation rates commonly encountered during hydroprocessing of petroleum 
fractions vary from <1 to 4–5  °C/month depending upon the type and nature of 
feedstock. Lighter hydrocarbon fractions such as straight-run naphtha deactivate at 
a slower rate of <1  °C/month, while cracked naphtha deactivates at the rate of 
2-4 °C/month during hydrotreating. Straight-run and light hydrocarbon feeds deac-
tivate at a slower rate compared to cracked stock and heavy hydrocarbons. Furimsky 
and Massoth [45] presented a detailed review of the deactivation of hydroprocessing 
catalysts covering all aspects of deactivation.

5.1  Deactivation Due to Coke

Coke is usually a mixture of carbon (90 wt%) and hydrogen (10 wt%). It is depos-
ited gradually on the surface of the hydrotreating catalyst due to polymerization and 
condensation reactions of polycyclic aromatic species and other unsaturated inter-
mediates formed by the hydrotreating and hydrocracking reactions. Coke reduces 
the activity of the catalyst, and thus reactor temperature needs to be increased over 
time to obtain the same HDS conversions. The higher temperatures will further 
aggravate the coke formation through enhanced coking reactions.

Deactivation due to coke formation occurs at a rapid rate during the initial stages 
of operation, resulting in a rapid build-up of coke on the catalyst surface. After this 
initial stage of rapid coke deposition, the rate of coke laydown becomes gradual and 
attains a steady state. Again, the coke builds up faster with the mostly deactivated 
catalyst, especially due to severe processing conditions such as higher reactor tem-
peratures employed near the end-of-run conditions. During this period, the catalyst 
needs to be unloaded and regenerated for reuse.

Aromatic compounds, especially polycyclic aromatics and asphaltenes, are the 
primary precursors responsible for coke formation during hydroprocessing through 
polycondensation/polymerization reactions. As the amount of coke increases on the 
catalyst, the pore diameter and pore volume both decrease, resulting in the shift of 
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pore size distribution toward smaller pores. The extent of coke and metal deposition 
on the catalyst is dependent on the properties of the feed and process conditions. 
Coke is not a permanent poison, and regeneration of the spent catalyst by burning 
off the coke in the presence of air/oxygen usually restores the catalyst activity near 
to fresh catalyst conditions.

5.2  Deactivation Due to Metals

Deactivation due to poisoning by metals occurs simultaneously with that of coke 
deactivation and depends on the feedstock properties and process conditions. Nickel 
and vanadium are the predominant metals present in petroleum, shale oil fractions, 
and heavy oils. Table 3 provides the list of contaminant metal poisons for hydropro-
cessing catalysts that are present in petroleum fractions. Feedstocks derived from 
coal will contain metals such as Fe, Ti, Ca, Mg, etc.

Metals commonly enter into the reactor system through the following:

• Metals present in the feedstock as organometallic compounds (mostly Ni and V). 
Since crude oil contains metals, they are distributed in various fractions.

• Feedstock contaminants (Fe, As, Na, Ca, Mg, P, etc.).
• Additives or chemicals used in certain processes (anti-foaming additives used in 

coker units contain silicon compounds).

Unlike coke deposition, metals are usually deposited on the catalyst at a steady 
rate, more or less in a linear pattern with respect to time-on-stream. Metal deposi-
tion on hydrotreating catalysts leads to the loss of surface area and pore volume and 
can affect the metal function sites or the acid function sites or both. The effect and 
extent of poisoning vary with different metals. For example, Ni and V deposit at the 
inlet of the pores or near the outer catalyst surface resulting in deactivation of the 
catalyst through pore blockage, which restricts the accessibility of the reactants to 
the active interior surface area. Sodium and silicon result in reduced regenerability 
of the catalyst, while arsenic, lead, and sodium lead to poisoning of active sites. 
Metal deposition on the catalyst depends on the position of the catalyst particle in 
the reactor and process conditions. Most of the metal and sulfur deposition occurs 

Table 3 Metal poisons for 
hydroprocessing catalysts

Common metal poisons Other less common metal poisons

Nickel (Ni) Calcium (ca)
Vanadium (V) Potassium (K)
Sodium (Na) Phosphorous (P)
Iron (Fe) Mercury (hg)
Silicon (Si) Lead (Pb)
Arsenic (as)
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at the inlet of the reactor catalyst bed, while most of the carbon deposits at the outlet 
of the reactor bed.

Properties of the catalyst such as surface area, pore volume, and mean pore diam-
eter are also important factors that determine the metal tolerance of the hydrotreat-
ing catalysts. Metal poisoning or deactivation is irreversible and thus affects the 
overall catalyst life. Catalyst regeneration also cannot reverse the effects of metal 
deactivation. Incorporation of a guard bed containing a demetallization catalyst 
ahead of the main HDT catalyst bed will protect the high activity hydrotreating 
catalyst from metal poisoning.

5.3  Deactivation by Poisoning of Active Sites

Catalyst poisons are substances that are strongly chemisorbed on the active sites and 
decrease the number of such sites available for the desired reaction resulting in 
lower catalyst activity. Also, these poisons can compete with the reactant molecules 
for adsorption in the same type of active site. In most of the cases, this kind of poi-
soning is reversible, and removal of the poisoning compound from the system will 
gradually restore the catalyst activity by reversing the poisoning effect. Some of the 
reversible poisons that hamper the activity of hydroprocessing catalysts are basic 
nitrogen compounds, hydrogen sulfide, and carbon monoxide. The catalyst activity 
loss due to the effect of temporary poisons is compensated in some cases by operat-
ing the unit at higher reactor temperatures for enhancing the rate of reaction. 
However, this will result in a higher rate of catalyst deactivation through an enhanced 
rate of coke formation.

5.4  Change in the Structure of the Catalyst (Metal Sintering/
Agglomeration)

High temperatures encountered during hydrotreating operations affect gradual 
changes in the structure of the catalyst active phase resulting in slow and irreversible 
loss in the catalyst activity and stability. Deactivation caused by high temperatures 
is primarily due to the following reasons with respect to changes in the catalyst 
active phase:

• Sintering and segregation of active phase through diffusion of active metals into 
support.

• Recrystallization of the active material into a different form.
• Interaction of the metals present in the feed with catalyst metals resulting in the 

changes in the active sites.
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Sintering and segregation of active metals could result in the growth in the size 
of MoS2 slabs and decreased metal dispersion, which can cause reduced catalytic 
activity due to less number of active metallic sites. Sintering also depletes MoS2 
slabs of promoters (Co or Ni) affecting the catalyst activity due to reduced promo-
tional effect since the active phase for the HDT reactions is the CoMoS or NiMoS 
phase. Metals (arsenic, sodium, iron, etc.) present in the feedstock can interact with 
the catalyst metals (Co, Mo, W) and form compounds such as AsMo4, Co3As2O8, 
Na2MoO4, Na2WO4, FeMoO4, CoFe2O4, etc. that will alter the nature of catalytic 
active sites and cause deactivation of the catalyst.

Zhang et al. [46] studied the deactivation of HDS catalysts and mechanism with 
unsupported nano MoS2 and supported catalysts using LCO as feedstock under 
extreme process conditions. Spent nano MoS2 was found to exhibit lower deactiva-
tion through coke deposition compared to the supported catalyst and also resulted in 
the formation of soft coke in the absence of acidic supports. The decomposition of 
the active phase played an insignificant role in the deactivation of nano MoS2 unlike 
supported catalysts. Marafi et al. [47] studied the deactivation of Mo/Al2O3, Ni-Mo/
Al2O3, and Ni-MoP/Al2O3 catalysts in atmospheric residue HDS and found that cok-
ing tendency of the reactions was of the following order: HDS ← HDM ← HDS/
HDN.  Initial coke build-up was very rapid during hydrotreating of residue with 
carbon deposition up to 20 wt% reached within 120 h in their study. There are two 
types of coke reported such as soft coke and refractory surface coke on the spent 
catalyst with the deposition mainly through adsorption at the catalyst support with-
out affecting the metal sulfide phase. The nature of coke deposition depends on the 
type of catalyst as the HDM and HDS catalysts contained more aromatic and con-
densed type of coke with less alkyl substituents, while the HDS/HDN catalyst con-
tained coke with low aromaticity due to its high hydrogenation activity. The study 
showed the strong influence of physicochemical properties (SA, PV, metal content) 
on catalyst deactivation by both coke and metals.

6  Catalyst Regeneration

Hydrotreating catalysts gradually get deactivated during the operation and need to 
be regenerated to restore the lost activity and reuse it for another cycle. Regeneration 
gains significance due to high cost of fresh HDT catalysts and the stringent environ-
mental regulations for spent catalyst disposal. It is not possible to restore the cata-
lyst activity to the levels of a fresh catalyst after regeneration, and in general, the 
HDT catalyst loses 5–15% of original activity with each regeneration. Usually, the 
catalyst can be used with 2–3 regenerations beyond which it has to be dumped and 
the fresh catalyst has to be replaced in the reactors. The extent of recovery of cata-
lytic activity after regeneration depends on the amount of metals deposited on the 
catalyst and the severity of the process. Catalyst regeneration is performed to burn 
off the coke deposited on the catalyst in a controlled manner by oxidation with air 
or diluted oxygen. Along with air or oxygen, steam or nitrogen is also used as a 
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diluent. Catalyst regeneration is an exothermic reaction. It usually restores the cata-
lyst activity lost due to the gradual accumulation of coke on the catalyst, but it does 
not recover the loss in activity due to poisoning by metals such as nickel, vanadium, 
iron, etc.

There are two modes of catalyst regeneration: in situ and ex situ regeneration. Ex 
situ regeneration is also called off-site regeneration. In the in situ mode, regenera-
tion is carried out within the reactor itself and the coke is burned off using air, 
steam/air, or nitrogen/air mixtures. In the ex situ regeneration, the catalyst is 
removed from the reactor and the regeneration is carried out off-site. In the past, in 
situ regeneration was commonly practiced in refineries using a lengthy procedure 
involving unit downtime and production loss. Also, better control of regeneration 
could not be achieved during in situ regeneration resulting in fines generation and 
increased pressure drop. Poor in situ regeneration usually results in poor catalyst 
performance with reduced unit throughputs and/or lower severity operation and ulti-
mately ends up in premature or prescheduled replacement of the catalyst.

Ex situ regeneration involves regeneration by any third-party on a chargeable 
basis. Since the refiner is ready with a fresh catalyst charge, the fresh catalyst is 
loaded in the reactor and the spent catalyst is sent to any of the service providers. At 
present, most of the refiners prefer ex situ regeneration in place of in situ regenera-
tion due to the following advantages:

• Better control of regeneration operation such as exothermicity, oxygen diffusion, 
formation of water and SO2, etc.

• Better recovery of catalyst activity.
• Less unit downtime and better economics.
• Minimization of environmental and safety hazards.

Regeneration of hydroprocessing catalysts burns off the coke, but this will not 
ensure proper re-dispersion of the active metals on the catalyst surface. For re- 
dispersion of active metals, a wet process called “rejuvenation” is performed imme-
diately after the regeneration step. More than 90% of the original catalyst activity is 
usually restored in the ex situ regeneration process utilizing the combination of both 
regeneration and rejuvenation processes. Kallinikos et al. [50] studied HDS catalyst 
deactivation in a laboratory reactor through a hybrid neural network model and 
compared the results with the deactivation of industrial hydrotreater catalysts. They 
found that the deactivation of the industrial reactor is more or less uniform without 
significant variation at different locations. Also, faster deactivation was observed for 
hydrogen consuming reactions than the HDS reactions, which indicates lower 
hydrogen consumption with time on stream for specified product sulfur content.

Pimerzin et al. [51] studied reactivation of the spent industrial CoMo/Al2O3 HDT 
catalyst using a combination of oxidative regeneration and rejuvenation methods. 
The spent catalyst was obtained from an industrial, low-pressure gas-oil HDT unit 
(4.5 MPa) after 2 years and 2 months of operation in ULSD service. The MoO3 and 
CoO content of the industrial catalyst was about 16.2% and 4.6%, respectively. 
Rejuvenation of the catalyst was performed using different organic acids such as 
citric and thioglycolic acids, glycols such as ethylene and triethylene glycols, and 
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dimethylsulfoxide. Textural properties and pore volume distributions could be 
restored upon oxidative regeneration and rejuvenation with organic compounds. 
Figure 3 shows the pore volume distribution of fresh, spent, and oxidatively regen-
erated catalysts. The spent catalyst showed bimodal pore size distribution with the 
formation of micropores due to carbon deposits on the original pore, which disap-
peared upon combustion of coke restoring the original pore size distribution for the 
regenerated catalyst. Rejuvenation of the regenerated catalyst could retain the PSD, 
but there had been a significant decrease in SA and PV of the catalysts, which were 
regained after sulfidation of the rejuvenated catalyst.

In the study of Pimerzin et al. [51], although oxidative regeneration could restore 
about 70–85% of activity compared to the fresh catalyst for the hydrodesulfuriza-
tion of DBT and hydrogenation of naphthalene, rejuvenation achieved the almost 
complete restoration of both HDS and hydrogenation activities through improved 
dispersion of active phase and increased (Co/Mo)slab and (Co/Mo)edge ratios and for-
mation of new highly active CoMoS phases.

Bui et al. [52] studied the role of the addition of organic additives during the 
regeneration of the used industrial Co(Ni)Mo/Al2O3-based HDS catalyst to restore 
the catalytic activity. The effect of maleic acid was studied for the activation of the 
regenerated catalyst at different steps of the preparation, and finally, HDS activity 

Fig. 3 Pore volume distribution of fresh, spent, and oxidatively regenerated catalysts [51]. Ind-f 
fresh catalyst, Ind-S spent catalyst, Ind-C oxidatively regenerated catalyst at 500 °C for 2 h in labo-
ratory furnace (Reprinted from Fuel Processing Technology, 173, Aleksey Pimerzin, Andrey 
Roganov, Alexander Mozhaev, Konstantin Maslakov, Pavel Nikulshin, Andrey Pimerzin, Active 
phase transformation in industrial CoMo/Al2O3 hydrotreating catalyst during its deactivation and 
rejuvenation with organic chemicals treatment, 56–65, 2018, with permission from Elsevier)
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evaluation was performed using 4,6-DMDBT and a straight-run gas oil feedstock. 
Maleic acid was found to extract Co from the CoMoO4 species forming a cobalt 
maleate complex. The addition of maleic acid resulted in more rapid sulfidation of 
Mo without releasing Co significantly from the cobalt maleate complex before 
reaching 300  °C, which resulted in the formation of higher proportion of 
Co-promoted MoS2 phase and enhanced HDS catalytic performance. Santolalla- 
Vargas et al. [53] studied in situ reactivation of spent HDS catalysts with molybde-
num acetylacetonate previously washed with xylene and 
2,6-bis-(1-hydroxy-1,1-diphenyl-methyl)pyridine and further investigated for the 
HDS of straight-run gas oil. Aromatic carbons and coke with larger crystallite size 
were removed from the spent catalyst by washing chemicals. In situ reactivation 
with molybdenum acetylacetonate could help in the deposition of Mo on the cata-
lyst and increase its surface content, which otherwise could decrease during the 
leaching process. This novel method of regeneration/rejuvenation was claimed to 
enhance the MoS2 species, lower the carbon concentration, and shorten the coke 
crystallite size resulting in a higher gas-oil HDS activity.

Regeneration and reuse of residue hydroprocessing catalysts gain significance 
due to generation of a large volume of these catalysts in refineries due to their high 
deactivation rates. However, regeneration of residue HDS catalysts is more difficult 
compared to distillate/naphtha HDS catalysts due to the presence of high concentra-
tions of metals such as vanadium and also the requirement of severe regeneration 
conditions. Iwamoto [54] reviewed the regeneration of residue HDS catalysts and 
showed the effects of the presence of vanadium on the regeneration activity. 
Vanadium was found to increase the regeneration temperature due to its oxidative 
properties apart from reducing the capacity for activity recovery and decreasing 
catalyst strength.

7  Catalysts for Different Hydrotreating Feedstocks

Proper selection of the catalyst plays an important role in getting the most out of 
their performance in terms of activity, selectivity, and stability. Some aspects that 
need to be considered for selection of catalysts with regard to particular hydrotreat-
ing application are feedstock type and properties, process conditions, and required 
product yields and properties. Due to the differences in the properties of different 
feeds such as naphtha, distillates, vacuum gas oils, and heavy residues, the catalyst 
design and selection criteria vary significantly among them. Apart from molecular 
weight distribution between these feedstocks, there are significant variations in the 
properties such as asphaltenes, metals, and heteroatoms. Due to these differences, 
the catalysts used for hydrotreating of residues are not the same as those used for 
distillates or naphtha.

Activity, selectivity, and stability are the three important characteristics that are 
considered for catalyst selection for any particular HDT application. Activity is 
defined as the ability of the catalyst to increase the rate of specific reaction such as 
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HDS, HDN, hydrocracking, HDM, etc. Catalyst activity is usually measured in 
terms of the reaction temperature at which it produces products meeting the required 
specifications for a given feed while all other process parameters are unchanged. 
For a specific feedstock, a catalyst that gives the required product quality or conver-
sions at lower operating temperature is the best ones in terms of activity. Selectivity 
expresses the ability of the catalyst to favor the desired chemical transformations in 
comparison with other reactions to produce selected products with specified proper-
ties. For example, FCC naphtha HDS requires a catalyst that needs to perform selec-
tive HDS with minimum saturation of olefins in order to retain octane number. The 
stability of the catalyst is defined as a change in the activity or performance of the 
catalyst with time-on-stream when the feedstock and process conditions are stable. 
The catalyst stability is measured in terms of the cycle length. Catalyst stability or 
life is affected by several factors such as the following:

• Presence of poisons in the feedstock such as metals.
• Inactivation by one or more of the products.
• Loss of a volatile agent from the catalyst.
• Loss of activity due to a change in the crystal phase.

Selection of hydrotreating catalysts is mostly based on the comparison between 
required start-of-run (SOR) temperatures to achieve certain product quality in terms 
of product sulfur or yields. Apart from catalyst activity and selectivity, catalyst sta-
bility is also an important factor to be considered during catalyst selection. A cata-
lyst that performs well under SOR conditions may have poor stability and deactivate 
faster than other catalysts that performed slightly less under those conditions. Based 
on the initial activity, selectivity, and overall life, economic comparison needs to be 
performed incorporating product value based on specific conversion and yields, 
energy cost, cost of catalyst, etc., and a suitable catalyst needs to be selected using 
economic considerations for those catalysts that meet the conversion or product 
quality or product yield requirements.

7.1  Selection of Hydrotreating Catalysts for Gasoline 
and Gas Oils

The choice of the catalyst depends on the specific process requirement such as 
hydrodesulfurization, hydrodenitrogenation, aromatics hydrogenation, olefin satu-
ration, and hydrocracking. Table 4 presents the selection of common catalysts for 
different hydrotreating applications. In general, the Co-Mo catalyst is the best 
choice for hydrodesulfurization of straight-run feedstock such as virgin naphtha, 
kerosene, and gas oils. Although it is true that Co-Mo catalysts are well suited for 
HDS of straight-run feeds, high-activity Ni-Mo catalysts also exhibit substantially 
high activity for the HDS of petroleum fractions, but with higher hydrogen 
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consumption due to the difference in the reaction mechanism at which both these 
catalysts operate.

The Ni-Mo catalyst is best suited for hydrodenitrogenation and hydrogenation of 
unsaturated hydrocarbon molecules such as olefins and aromatics due to its high 
hydrogenation activity compared to Co-Mo catalysts. Although Ni-Mo-type cata-
lysts are well suited for nitrogen removal, Co-Mo catalysts also exhibit reasonably 
good hydrodenitrogenation activity for lighter feedstock. However, Co-Mo cata-
lysts are not a good choice when the feed nitrogen content is substantially high even 
for light feeds due to catalyst poisoning. For high nitrogen-containing feeds, Ni-Mo 
is the best choice. Also, Ni-Mo catalysts are frequently chosen when processing 
feedstocks containing more than 20% of cracked stock due to their high hydrogena-
tion activity. In some applications, Ni-W based catalysts are used where there is a 
requirement of high activity for the saturation of aromatics. In two-stage hydrotreat-
ing processes, noble metal (Pt or Pd)-based hydrogenation catalysts are used for 
aromatic saturation applications in sulfur-free, pure second-stage environment, 
especially to improve cetane number of diesel fuel. Since noble metal catalysts pos-
sess high activity for hydrogenation of aromatics, they can be operated at lower 
reactor temperatures compared to Co-Mo- or Ni-Mo-based catalysts in a clean reac-
tion environment.

Ni-Mo hydrotreating catalysts are usually preferred for vacuum gas-oil HDT/
HDS, FCC feed pretreatment, and hydrocracker pretreat applications, which mainly 
use light and heavy vacuum gas-oil feedstocks. VGO hydrotreating application 
requires catalysts with high hydrogenation activity such as Ni-Mo/Al2O3 due to the 
following reasons:

• Deep sulfur removal from predominantly refractory sulfur species such as alkyl-
ated dibenzothiophenes.

• Deep HDN for higher FCC and hydrocracker conversions.
• Aromatic saturation for improved FCC conversions.

Klimov et al. [55] studied the use of trimetallic Co-Ni-Mo/Al2O3 catalysts with 
varying Co and Ni contents for deep HDT of VGO and showed that the catalyst 
containing 1.8% Co and 1.2% Ni being the highly active ones compared to other 
compositions. The higher activity of these trimetallic catalysts was ascribed to the 
presence of mixed Ni-Co-Mo-S active phases. They proposed the formation of 

Table 4 Selection of common catalysts for hydrotreating applications

Catalyst type Applications

Co-Mo/Al2O3 HDS of straight-run feeds
Ni-Mo/Al2O3 Hydrodenitrogenation

Hydrogenation of aromatics/olefins
HDS of cracked feeds

Ni-W Aromatic saturation
Pt or Pd Aromatic saturation in a pure sulfur-free environment
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mixed active phase by the location of Co on vacant positions of MoS2, followed by 
the incorporation of Ni on the available sites.

Guo et  al. [56] investigated the hydrogenation activity (alkylation, HDS, and 
HDN) of CoMo and NiMo catalysts possessing high Brönsted acid sites for the 
hydroprocessing of diesel feedstocks with an objective to achieve optimal HDS 
through proper choice of catalysts and stacking systems. For feedstocks with high 
sulfur and low nitrogen and aromatic contents, CoMo-type catalysts showed the 
highest HDS activity. NiMo-type catalysts showed the highest HDS and HDN activ-
ity for feedstocks with high nitrogen and aromatic contents. Stacking of CoMo and 
NiMo catalysts was reported as the optimal combination to obtain the highest HDS 
activity for processing diesel feedstocks with moderate nitrogen and aromatic con-
tents due to their synergistic effects.

Zhang et al. [48] synthesized various alumina supports by rehydration–dehydra-
tion of the γ-Al2O3 under varied hydrothermal temperatures and further prepared 
CoMo/Al2O3 catalysts to study the HDS of model FCC naphtha. The improved HDS 
selectivity of the catalyst was ascribed to the weak MSI, as well as lower dispersion 
of MoS2 that resulted in large edge-to-corner ratios of CoMoS slabs. Apart from the 
improved catalyst, the authors proposed a two-step process scheme involving selec-
tive HDS and mercaptan removing catalysts to achieve ultralow sulfur gasoline with 
minimum octane loss.

Sharifi et  al. [57] synthesized W/HZSM-5 catalysts with different SiO2/Al2O3 
ratios for simultaneous HDS and octane improvement for heavy naphtha through 
aromatization. Optimized catalyst formulations in combination with process 
improvements such as HDS and aromatization will result in the restoration of the 
lost octane number during HDS. The importance of the role of Co in the MoS2 HDS 
catalyst was investigated by Bin et al. [59] for the selective HDS of FCC gasoline. 
Cobalt was found to make a significant difference in catalytic properties by affect-
ing the microstructure and composition of the active phase. The presence of Co 
improved HDS activity with only a slight effect on olefin hydrogenation.

Coupling aromatization and HDS reactions for heavy naphtha feed were studied 
by Sharifi et al. [58] using the Ni/HZSM-5 catalyst with different SiO2/Al2O3 ratios. 
Higher HDS activity with total sulfur reduction of 88% was observed with a SiO2/
Al2O3 ratio of 60, and the RON increase from 52 to 94 was achieved at the ratio of 
40 due to the synergistic effect of Brönsted and Lewis surface acid sites of the 
catalyst.

Liu et al. [28] studied the synergy of the Co promoter on the performance of the 
MoS2 phase in selective FCC gasoline HDS by tuning the catalyst preparation steps. 
The preparation steps of cobalt and molybdenum species were regulated to adjust 
the proportion of Co-Mo-S, Co9S8, and MoS2 phases. Initial impregnation of Co on 
the support was found to show better HDS activity and selectivity due to weak inter-
action between Co and MoS2 phases and decreased cobalt decoration on the MoS2 
phase resulting in the formation of more Co9S8 phase. Hydrogen spillover effects 
caused by the Co9S8 phase improved HDS activity and selectivity through creation 
of more CUS and SH groups.
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The role of support is very important in the activity and selectivity of HDS cata-
lysts since the supports can change the morphology of the active phase. Change in 
support may result in the modulation of MSI. León et al. [70] studied NiW over 
Al2O3-TiO2 and ZrO2-TiO2 mixed supports and showed their high catalytic activity 
for light hydrocarbons. Li et  al. [60] prepared Co/MoS2  ±  x catalysts with rich 
defects and high stacking layers and studied for their HDS activity and hydrogena-
tion selectivity for model gasoline. HDS selectivity was found to improve through 
proper control of the crystal size of CoMo sulfide crystallites.

Xu et al. [61] studied the HDS activity of nickel yttrium-based catalysts sup-
ported on single-walled carbon nanotubes and reported better HDS activity for FCC 
gasoline compared to monometallic catalysts owing to the small size of metal par-
ticles. Wang et al. [62] prepared CoMoS/Al2O3 catalysts with different support pore 
sizes and tested their performance for the hydrodesulfurization of FCC gasoline. 
CoMoS/Al2O3 catalysts prepared using micro- or mesoporous Al2O3 showed higher 
HDS activity and lower selectivity. Catalysts prepared using macroporous Al2O3 
showed higher selectivity due to tuning of the MoS2 slabs and the weakening of the 
internal diffusion resistance. The CoMoS/Al2O3 catalyst prepared using the support 
alumina with trimodal pore structure showed balanced HDS activity and selectivity 
compared to the reference catalyst prepared using K- and P-modified Al2O3.

7.2  Selection of Hydrotreating Catalysts for Heavy Feedstocks 
Such as Residue

Heavy feeds such as atmospheric and vacuum residue are characterized by increased 
contents of heteroatoms (sulfur, nitrogen, and oxygen), metals (Ni and V), and 
asphaltenes, and thus hydrotreating/hydrocracking of such residues require multiple 
catalyst systems with different functionalities used in series. HDM catalysts are 
used ahead of the hydrotreating/hydrocracking catalysts to remove the metals from 
the feed and carry out disaggregation of asphaltenes and resins. The residue 
hydrotreating catalysts are almost similar to those used for lighter fractions such as 
diesel and VGO in terms of their chemical composition. In general, heavy feedstock 
hydrotreating catalysts require very good hydrogenation activity to ensure better 
decarbonization and improved catalyst life cycle by delaying coke formation. 
Ni-Mo-based catalysts fare better due to their high hydrogenation activity for heavy 
feedstock hydrotreating. Noble metal-based hydrotreating catalysts are not used for 
heavy residue due to their high sulfur contents.

The physical properties (surface area, pore volume, pore size, pore size distribu-
tion) and shape of the catalysts play a crucial role in the hydrotreating of heavy resi-
due due to the complex structure and composition of heavy molecules. The physical 
properties of the hydrotreating catalysts vary between light and heavy feeds. Heavy 
feed catalysts use smaller particles to ensure less diffusional path for the feed mol-
ecules to access the interior of the catalyst pores in order to ensure effective 
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utilization of the active surface. To overcome the limitations of high-pressure drop 
due to the utilization of smaller particles, ring-shaped or polylobe particles are used 
in residue HDT units to provide high surface and improved accessibility of feed 
molecules into the interior of the catalyst with reduced pressure drop. A chestnut-
bur-type catalyst with a specific pore structure design was reported to be beneficial 
to increase the accessibility of feed molecules to the catalyst interiors [63].

The HDS and HDM reactivity of molecules and diffusion limitations depend on 
the size of the resid molecules [64]. Ancheyta et al. [65] explained various aspects 
of heavy petroleum feed hydroprocessing, including catalysts, in a brief tutorial. 
Takahashi et al. [66] prepared a HDM catalyst with low activity and used a combi-
nation of HDM and HDS catalysts with medium-pore Al2O3 as a support material 
for the HDT of atmospheric residue under deep HDS conditions to study the influ-
ence of chemical composition on the life of the HDM catalyst. Their study sug-
gested that use of low temperature in the guard bed reactor resulted in lower coke 
deposition and improved catalyst life.

For residue hydroprocessing, especially for HDM, large-pore supports such as 
alumina are required due to the large molecules present in the residue. Stanislaus 
et al. [67] prepared a large-pore HDM catalyst using Al2O3 as a support and studied 
the pore enlargement mechanism through changes in the alumina phase during 
hydrothermal treatment of γ-alumina with and without additives. They used differ-
ent additives such as phosphorous, fluorine, phenol, and acetic acid. The reason for 
pore enlargement was attributed to the formation and growth of boehmite into large 
crystallites due to rehydration of γ- Al2O3. Evaluation of a wide-pore NiMo/γ-Al2O3 
catalyst showed higher activity for HDM and asphaltenes conversion during vac-
uum residue hydrotreating. Also, the use of wide-pore catalysts resulted in the uni-
form distribution of the deposited metals within the catalyst pellet compared to that 
of a conventional HDM catalyst. Kressmann et al. [68] and Rana et al. [69] reviewed 
the advances in heavy oil upgradation processes and catalysts.

8  Commercial HDT/HDS Catalysts

There are several commercial catalysts available in the market for the HDT/HDS of 
petroleum fractions, starting from naphtha to heavy residue. However, the catalyst 
market is predominantly captured by selective major catalyst manufacturing com-
panies with a proven track record. Improved catalysts are being continuously devel-
oped and deployed by these companies based on improvements in catalyst 
preparation methods, addition of modifiers, improvements in supports, etc. Most of 
the new-generation commercial hydrotreating catalysts are made of CoMo or NiMo 
type supported on alumina with application for deep HDS and aromatic hydrogena-
tion of petroleum fractions. Some catalyst suppliers also provide trimetallic cata-
lysts of NiCoMo or NiMoW type either supported on alumina or as an unsupported 
bulk metal catalyst (e.g., Nebula catalyst supplied by Albemarle). In certain applica-
tions where high aromatic hydrogenation activity is required in a clean sulfur-free 
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environment, precious metal-type catalysts (e.g., Pt or Pd) are also used as the 
second- stage catalyst, especially in diesel HDT units for improvement of cetane 
number. Some of the catalyst suppliers who offer HDT/HDS catalysts include 
Haldor Topsoe, Axens (IFP), Criterion, Albemarle, Advanced Refining Technologies 
(ART), UOP, etc. Most of the new-generation catalysts possess very high activity 
for hydrodesulfurization/hydrotreating with almost 2–4 times more activity com-
pared to earlier generation catalysts. These catalysts are manufactured using novel 
and proprietary methods to maximize Type II active sites to product ultralow sulfur 
diesel and gasoline.

9  Conclusions

Hydrotreating/hydrodesulfurization of petroleum fractions is the mainstay in the 
refining industry in order to produce environmentally benign fuels and lubricating 
oils as mandated by several countries. Improvements in the catalyst activity occurred 
severalfold during the last 2–3 decades due to several factors such as advanced cata-
lyst characterization tools, improved preparation methods to increase the metal dis-
persion, and use of additives/modifiers during catalyst preparation in order to tune 
the metal–support interactions. Some of these tools and methods helped the scien-
tists to overcome the limitations on catalyst activity and improve the stability simul-
taneously. Much work has also been done in understanding the other aspects of 
catalysis such as catalyst activation, deactivation, and regeneration/rejuvenation in 
order to obtain the maximum activity out of HDT/HDS catalysts. Also, it is prefer-
able to use a proper choice of a catalyst system for a particular hydrocarbon feed-
stock in order to achieve optimum levels of desulfurization, denitrification, and 
aromatic saturation.
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Abstract Fluid catalytic cracking (FCC) is the major conversion process used in 
oil refineries to produce valuable hydrocarbons from crude oil fractions. The 
demand for oil-based products is ever increasing, and research has been ongoing to 
improve the performance of FCC catalysts, which are complex mixtures of zeolite, 
matrix, clay, and binder materials. In this chapter, an overview of the basic under-
standing of the FCC process, catalysts, and the latest developments in this research 
area is given. Developments discussed also include approaches for processing very 
heavy or very light crude oil fractions. Furthermore, these developments enable 
refiners to process complex feedstocks and increase yields of propylene, olefins, 
and gasoline/diesel-range fuels. The current chapter also contains a brief history of 
FCC as well as details of the process, chemical reactions involved, catalyst materi-
als, and recent developments in FCC catalysis research.

Keywords Fluid catalytic cracking · Zeolite · Crude oil · Catalytic materials

1  Introduction

The fluid catalytic cracker (FCC) is one of the most integral conversion processes in a 
modern petroleum refinery. Colloquially known as the workhorse of the refinery, it con-
verts low-value vacuum distillates into high octane gasoline and LPG by cracking 
heavier hydrocarbon molecules in the presence of a fluidized bed of particulate catalyst. 
Other conversion processes include the hydrocracker, which is usually intended for die-
sel maximization and delayed coker units, which convert residue to valuable products. 
The total installed capacity for FCC units worldwide was around 14.4 million barrels 
per day [1]. It processes about a third of the total refinery’s throughput and contributes 
the majority of the world’s gasoline demand [2]. Out of the total 700 refineries 
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worldwide, around 500 of them have FCC units commissioned in their setup [3]. Some 
of the major licensors of FCC technology are Kellogg Brown & Root, CB&I Lummus, 
ExxonMobil Research and Engineering, Shell Global Solutions International, Stone & 
Webster Engineering Corporation, Institut Francais du Petrole (IFP), and Universal Oil 
Products [4–10]. All these licensors have their unique configurations and advantages, 
but the core principle remains the same. The yield of gasoline is heavily dependent on 
the morphology of the FCC catalyst. Refiners maximize their margins by optimizing the 
FCC unit’s operating parameters and work in conjunction with catalyst manufacturers to 
optimize catalyst formulations. The FCC units are flexible in terms of hydrocarbon feed, 
required yields of gasoline or LPG, and compliance with environmental regulations.

Although the FCC technology is over 79  years old, new and upcoming refining 
trends keep the field engaging for academia and industries around the world. New 
sources of hydrocarbon feeds like shale oil and tight oil, novel and customizable cata-
lysts, mining of heavier crude oil yielding more residue, alternate energy, and shift of 
product demand toward petrochemicals are some trends that keep FCC technology front 
and center when it comes to innovation in conversion technologies. The demand for 
automotive gasoline is predicted to decline in the next 30 years due to the rise of more 
sustainable energy sources. However, the demand for petrochemicals and polymers, in 
particular, continues to skyrocket as there is a continuous gap in the market for the sup-
ply of light olefinic hydrocarbons, which are required to synthesize these petrochemi-
cals [11]. Steam cracking of light hydrocarbon streams has traditionally been the main 
source of such light olefins [12]. However, the existing capacity worldwide is unable to 
satisfy the increasing demand. FCC units are now being designed to work at higher 
severity to maximize yields of light olefins and work in conjunction as a petrochemical 
complex in an attempt to placate the demand for petrochemical feedstock and still keep 
oil refinery’s margins viable in a possible scenario when automotive fuels have been 
completely substituted by superior and sustainable sources of energy [13].

2  Fluid Catalytic Cracker

Fluid catalytic cracking (FCC) is one of the most flexible and profitable secondary 
processes in an oil refinery. FCC converts low-value distillates and residues into 
cleaner and premium hydrocarbon products such as liquefied petroleum gas (LPG), 
gasoline. The yields of these sought-after products strongly depend upon the source 
of feedstock, operating conditions of the unit, and, most importantly, the type of 
catalyst. FCC technology is very complex due to intricate hydrodynamics, heat 
transfer and mass transfer effects, and complex cracking kinetics, which are still not 
understood perfectly. These complex interactions coupled with the economic impor-
tance of the unit have motivated many research efforts on catalyst development, 
additive development, modeling, and optimization of FCC processes.

FCC units operate at elevated temperatures and near atmospheric pressure. The 
catalyst is a finely divided silica/alumina-based particulate mixture. This catalyst, 
when fluidized with steam, flows similar to a fluid inside the unit. Any FCC can be 
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broadly divided into three sections on the basis of operation: the riser–reactor, the 
regenerator, and the fractionator. The cracking and separation of catalyst and prod-
uct occur in the riser–reactor section. Carbon generated during cracking reactions 
gets deposited on the catalyst surface, and cracking activity progressively decreases. 
At the exit of the reactor, the catalyst is separated from the reaction mass by 
cyclones, and the spent catalyst is sent to the regenerator. In the regenerator, the 
catalyst is continuously regenerated by burning off the coke using air. In the frac-
tionator, the cracked gasses are fractionated into liquid and gaseous product streams. 
Other auxiliary units such as feed preheater, air, and flue gas systems are required 
for control and optimal operation of this unit for regenerating the catalyst.

3  History of the FCC Process

Internal combustion engines provide outstanding reliability and durability, with 
more than 250 million highway vehicles in the country relying on it. Along with 
gasoline or diesel, they can also utilize renewable or alternative fuels (e.g., natural 
gas, propane, biodiesel, or ethanol) [14]. Initially, the motor gasoline used in these 
primitive automobiles was mostly derived from straight-run products of crude dis-
tillation at atmospheric pressure. The typical yield of gasoline from such distillation 
was around 20 vol.%. The increasing demand and low yield of gasoline by conven-
tional distillation paved the way for the advent of thermal cracking. William Burton 
of Standard Oil Company Indiana commercialized the first thermal cracking pro-
cess in 1913 [15, 16]. This process involved destructive distillation of crude under 
pressure. Subsequently, many other competitive designs were developed. The 
Dubbs process [17] licensed by Universal Oil Products Co. (UOP) was one of the 
most popular ones. It was also founded by T.Ogden Armour in the same year. In this 
process, a light crude was continuously cracked in furnace tubes along with simul-
taneous removal of residue from the system. The gasoline yield placated the rapidly 
increasing demand for gasoline; however, this gasoline was of relatively poorer 
quality. It caused premature combustion or “knocking,” which would damage the 
cylinders of the automobile engines. Additives like tetra ethyl lead were discovered 
in 1920 that would improve the ignition quality of the gasoline. However, high ole-
finicity led to stability issues and gum deposits [26]. During this period, the inven-
tion of octane engine created a direct correlation between gasoline composition and 
its performance.

The inherent limitations of thermal cracking and a French engineer named 
Eugene Houdry’s long-standing fascination with racing cars led to the discovery of 
catalytic cracking, now known as the Houdry process (Fig. 1), [18, 19] which he 
developed in association with the Socony-Vacuum Oil Co (now Mobil). This pro-
cess made use of a fixed bed reactor with two large motor-operated valves that 
switched between vessels. The first commercialized Houdry process went on stream 
in 1937 at Sun Oil’s refinery. Initially, the catalyst used was activated clay, which 
was subsequently replaced by synthetic silica–alumina. This process developed 
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high-quality aviation fuel during the Second World War. Since the process utilized 
a fixed bed reactor, the catalyst gradually deactivated and the gasoline yields would 
continuously drop before regeneration of catalyst would be carried out.

This meant the process operated in a semicontinuous cyclic operation. A step 
toward a truly continuous process was replacing the old valve switching mechanism 
that alternated feed and combustion air for regeneration with a bucket lift mecha-
nism to move the catalyst itself from the reaction to regeneration zones (Fig. 2). As 
the catalyst’s particle size was further reduced by the development of synthetic 
beads, the bucket system was soon replaced by an air-lift system. This process was 
called the thermofor catalytic cracking (TCC) process [20].

This process was replaced by the FCC process because of the higher catalyst to 
oil ratio and higher achievable regenerator temperatures. Due to licensing disputes 
with Houdry, Standard Oil (Jersey) formed a consortium of eight companies dubbed 
the Catalytic Research Associates (CRA: Jersey), M.W. Kellogg Co., Royal Dutch 
Shell, the Standard Oil Co. of Indiana, Anglo-Iranian Oil Co. (now known as BP), 
Universal Oil Products Co. (now known as UOP), the Texas Corp. (which became 
Texaco), and IG Farben, which would develop a process that would design a process 
different from Houdry’s patent. Work in fluidization and pneumatic transfer of sol-
ids in Massachusetts Institute of Technology (MIT) coupled with CRA’s efforts led 
to commissioning of a pilot plant PECLA-1 (Powdered Experimental catalyst 
Louisiana). A year later in 1942, the system (now called PCLA1, Fig. 3) was scaled 
up to commercial scale and started up [21, 22]. It was an up-flow reactor–regenera-
tor setup, which used a clay-based catalyst. It was based on the principle that a 
dense bed of particles can be suspended at a low gas velocity in a manner to lift it 
up to behave similar to a liquid [23]. Better diffusion characteristics, the higher 

Fig. 1 Houdry’s catalytic cracking process [26]
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catalyst to oil ratio, higher regeneration temperature, heat balance, and continuous 
operation are a few of the many features of this plant.

Post the successful start-up of PCLA [14], there was rapid development in FCC 
unit designs. The new designs differed in reactor–regenerator configurations, num-
ber and placement of cyclones, number and placement of feed nozzles, parallel 
operation, recycle, catalyst coolers, etc.

The primitive catalytic cracking processes utilized activated clay-based cata-
lysts. This was followed by the use of synthetic amorphous silica–alumina- or sil-
ica–magnesia-based combinations during the 1940s. These catalysts showed better 
selectivity toward gasoline compared to coke and gas [27]. The next major mile-
stone during the 1960s was the development of synthetic crystalline microporous 
aluminosilicates called zeolites (roughly translates to boiling stone) at Union 
Carbide and Mobil Oil Co. The zeolite relevant to the FCC process was synthetic 
faujasite or zeolite Y developed by Breck [24] at Union Carbide. Zeolite Y has high 
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Fig. 2 Thermofor catalytic cracking (TCC) process [26]
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surface area, pore volume, and acidity to selectively crack heavier hydrocarbons 
into gasoline range molecules. Zeolite catalyst was first commercially manufac-
tured by Grace Davison and Filtrol. Zeolite structure inherently is not stable in the 
high steam partial pressure environment of an FCC unit [28]. Its stability was 
improved by dealuminating the zeolite by consecutive steaming, washing, and 
leaching cycles. This dealuminated zeolite was called ultra-stable Y or simply 
US-Y. Another widely practiced method studied in the 1980s is to improve the zeo-
lite’s stability by ion exchange of aluminum counter-ions with rare-earth ions. Such 
ion-exchanged zeolites are called RE-Y (Fig. 4). These stabilized zeolites, however, 
reduced gasoline octane by catalyzing bimolecular hydrogen transfer reactions [29].

This new generation of catalysts led to fundamental alterations to the design and 
operation of FCC units. Since they had high selectivity and activity, it was observed 
that at the existing contact time in FCC reactors, a copious amount of coke was 
formed, which caused lower yield and heat balance issues. This led to the conclu-
sion that much shorter residence time was required to maintain the selectivity 
toward desired products. Hence, fluidized bed cracking was substituted by riser 
cracking. Any and all configurations post-1964 incorporated the riser cracking 
design (Fig. 5).

Further developments in this field were motivated by either a desire to upgrade 
resid feed in the FCC or to maximize propylene yield for petrochemical manufac-
ture. Design improvements on the conventional FCC design were made to incorpo-
rate the high coke yielding resid feed, the higher catalyst to oil ratio required, higher 
capacity of the wet gas compressor, better metallurgy, efficient cyclones, better feed 
nozzles, catalyst cooling, etc. Technologies such as deep catalytic cracking (DCC), 
petro FCC, resid FCC, etc. emerged. A catalyst that can withstand the high concen-
tration of metal impurities in resid feed was developed. A new zeolite with 

Fig. 3 PCLA-1 (left) and PCLA-2 (middle and right) [26]. Photo credit: Roskam Esso
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widespread applications was developed by Argauer and Landolt [25] at Mobil Oil 
Co. called ZSM-5. It was a microporous zeolite that selectively crack heavier ole-
finic hydrocarbons to increase the yield of propylene for petrochemical manufacture 
purposes and alkylate yield to improve gasoline octane. ZSM-5 is widely used by 
refiners to offset the LPG yield loss and octane loss caused by using US-Y or RE-Y.

Fig. 4 Evolution of modern FCC catalyst [89]
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4  The FCC Process

Fluid catalytic cracking (FCC) is a secondary refining process for conversion of 
heavy gas oils into valuable hydrocarbon products such as LPG, gasoline, and distil-
late fuel oil. The FCC process is divided into four sections, as shown in Fig. 6. In 
the reactor section, feed is injected into the riser where cracking reactions occur in 
the presence of a hot catalyst. The separation of hydrocarbons from the spent cata-
lyst occurs in the reactor, which acts as a disengaging vessel. In the regenerator 
section, controlled combustion is used to remove the coke formed on the catalyst. 
FCC units operate at high temperature and moderate pressure with a finely divided 
silica/alumina-based catalyst. After separation of the catalyst, the hydrocarbons are 
separated into the desired products in the main fractionator. The heat liberated dur-
ing the combustion of coke supplies the heat required to vaporize the atomized and 
preheated feedstock and also the heat of reaction. The heat energy possessed by the 
flue gas escaping the regenerator is utilized in the power recovery section. FCC 
gasoline historically has been the principal blend component for motor spirit pool. 
Light cycle oil (LCO) is a diesel boiling range material and can be used as a diesel 
blend component after hydrotreating. Heavier cuts such as heavy cycle oil (HCO) 
and clarified oils (CLO) are either recycled or used as fuel oil blend components and 
are excellent cutter stock for vacuum resid. The olefinic LPG produced in the FCC 
process can be used in downstream alkylation and polymerization processes to yield 
more gasoline.

A standout feature of FCC is the free flow of catalyst within the system along 
with the reaction mixture in the vapor phase. Due to this fluidization, there is effi-
cient contact between the catalyst and hydrocarbons, leading to better selectivity 
and reduced thermal cracking.

Fig. 6 Diagram of a conventional FCC unit [34]
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FCC unit is the heart of a refinery (Fig. 7) because of its physical position, size, 
and economic impact, and the most important is its flexibility for a different mode 
of operations. FCC units are preceded by basic separation processes such as atmo-
spheric and vacuum distillation units; catalytic reacting processes such as hydrotreat-
ment; and minor additional units, pumps, stabilization towers, and so on. 
Downstream, FCC units supply products mainly to the gasoline pool, but also to 
other units that require light hydrocarbons. Finally, when there is a high level of 
sulfur in the gasoline, FCC units supply feedstock for hydrodesulphurization 
processes.

FCC process can operate in three modes of operations [33]. The first mode is 
primarily to make gasoline, in a second mode primarily making diesel, and in a third 
mode to make primarily LPG/propylene. Table 1 shows the general operating condi-
tions and yields from a different mode of operations. Gasoline, diesel, and LPG are 
produced in all three modes, but each mode maximizes the primary product intended.

The FCC process involves a number of steps to get the final product starting from 
feed selection and pretreatment to product purification. All these are discussed in 
subsequent paragraphs.

4.1  Feed Selection and Pretreatment

Since the 1970s, the primary feedstock for catalytic cracking has been vacuum dis-
tillate known as gas oil (VGO). Most refineries can produce enough VGO for their 
FCC units. Depending on the market demands for fuel oils, visbreaking or coker 
distillate, as well as deasphalted oil, can also be used to supplement the feed. In 

Fig. 7 Location of the FCC unit in the refinery [33]
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some cases, a portion of the straight-run gas oil was included in the catalytic cracker 
feed [30].

The hydrocarbons injected into the FCC as feedstock come from a vacuum distil-
lation tower and boil in the gas oil range of 350–550 °C+. FCC is flexible enough to 
process gas oils from other secondary units such as delayed coker and hydrocracker. 
The feed is preheated to 260–370 °C. The FCC products drawn off from a fraction-
ator are generally used to heat this [31]. The degree of preheat can influence the 
reactor temperature and catalyst circulation, thereby affecting product yields to 
some extent.

The main feedstocks for FCC units are as follows:

• Straight-run feedstocks.

 – Flashed distillate (~370–580 °C) from high vacuum units.
 – Short residue from high vacuum units.
 – Light long residue (~370+) from crude distillation units.

• Hydrogenated feedstocks.

 – Hydrotreated flashed distillate.
 – Hydrowax from hydrocracker bottom.
 – Hydrogenated cycle oils.

• Miscellaneous.

 – Heavy gas oil.
 – Coker gas oil.

Besides the above-mentioned sources of hydrocarbon feedstock, refiners often 
recycle some portion of the streams from the fractionator. These streams like heavy 
cycle oil (HCO) and clarified oil (CLO) are heavy and aromatic rich mixtures, 

Table 1 Different modes of FCC units

Operating conditions LPG mode Gasoline model Distillate mode

Riser top temp., °C 550–570 500–527 490–500
Riser contact time, s 2 4 2
Catalyst MAT activity 75 75 60
Cat/oil ratio 10–15 6–7 4.5
Dense temp., °C 770–700 728 642
CRC, wt% 0.05 0.05 0.5
Product yields, wt%

Dry gas 6.5 4 2
LPG 40 18 10
Gasoline (C5–150 °C) 25 41 30
TCO (150–370 °C) 10 26 44
CLO (370 °C+) 4 6 10
Coke 6.5 5 4
216 °C—conversion 90 81 50
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which can be further cracked in the FCC. The remaining portion is blended and sold 
as fuel oil.

FCC can process hydrocarbons having a wide tolerance of density, volatility, and 
contaminants. Properties of a feed crackable in FCC are shown in Table  2. 
Contaminants such as mercaptans, sulfides, basic and neutral nitrogen, and trace 
metals, such as nickel, vanadium, sodium, iron, and calcium, affect the product 
yield and its specification. The catalyst consumption of the unit also increases due 
to permanent poisoning. Most of the lighter crackable feed sulfur ends up in the 
gasoline and LPG. Nitrogen compounds temporarily affect the acidity of the cata-
lyst, resulting in lower conversion levels and NOx emissions. However, metallic 
impurities cause the most problems. Their effects on the cracking catalyst are quite 
detrimental. Nickel increases the coke and gas yield, while vanadium destroys the 
zeolite microstructure.

4.2  Reactor–Stripper–Regenerator Section

Post the advent of riser cracking, in modern FCC units, virtually all the reactions 
occur within 1.5–3.0 s over the catalyst’s surface [31], and the products are sepa-
rated in the reactor in which the catalyst and vapors are disengaged using cyclones. 
The preheated atomized feed enters the riser near the base through multiple nozzles, 
where it mixes with the hot regenerated catalyst (Fig. 8). The catalyst to oil weight 
ratio is typically in the range of 4:1–9:1. The heat absorbed by the catalyst in the 
regenerator provides the heat required to vaporize the atomized feed and the neces-
sary energy for the endothermic reactions. The typical regenerated catalyst tempera-
ture is in the range of 677–732 °C [31].

As the heavy hydrocarbon molecules of the feed crack into several smaller 
hydrocarbon molecules, the volume of the catalyst–vapour mixture expands and 
moves up the riser. Efficient vaporization of feed in the entry zone of the riser/reac-
tor heavily affects the cracking performance of the feed. The rate of cracking and 
yield of products are controlled by the riser temperature and amount of catalyst. The 

Table 2 Properties of different VGOs derived from variety of crudes [34]

FCC feeds Bakken Eagle Ford Maya Blend WTI

API gravity, 0API 24.5 31.9 21.0 26.3
Sulfur, wt% 0.27 0.18 2.05 0.46
Nitrogen, wt% 0.11 0.01 0.18 0.13
Acidity, mg KOH/g 0.053 0.049 0.085 0.095
Refractive index, 67 °C 1.4824 1.4588 1.4980 1.4759
Nickel, ppm 0.47 0.09 0.64 0
Vanadium, ppm 0.14 0.08 4.48 0
CCR, wt% 0.68 0.03 0.47 0.01

Recent Developments in FCC Process and Catalysts



76

cracking process gradually retards along the riser due to the reduction in activity 
caused by the inevitable deposition of coke on the catalyst surface.

The spent catalyst falls down the cyclone diplegs into the stripper. In the stripper, 
high-pressure steam displaces the remaining hydrocarbons adsorbed on the cata-
lyst’s surface. An efficient catalyst stripper design provides intimate contact between 
the catalyst and steam. It is important to minimize the amount of hydrocarbon 
vapors carried over to the regenerator, but not all the hydrocarbon vapors can be 
displaced from the catalyst pores in the stripper. A fraction of them is carried with 
the spent catalyst into the regenerator. Improper stripping can cause high regenera-
tor temperatures and high hydrogen content on coke. The stripped catalyst enters 
the regenerator through the spent catalyst standpipe (SCSP). The flow of the catalyst 
to the regenerator is controlled by the spent catalyst slide valve (SCSV). The open-
ing of the valve depends upon the level of the catalyst in the stripper.

The catalyst entering the regenerator contains 0.5–1.5  wt% coke. This coke 
blocks the pores and active sites on the catalyst. In the regenerator, heated air is used 
to fluidize the catalyst and burn off this coke and regenerate the catalyst. The com-
bustion of coke provides the heat energy required to crack heavy hydrocarbons in 
the riser. This combustion can be partial or complete, i.e., excess air supplied. There 
are cyclones to separate the catalyst from the resulting flue gasses; the catalyst trick-
les down the diplegs into the regenerated catalyst standpipe (RCSP), whereas the 
flue gas escapes from the top of the regenerator. The flow of the catalyst in the RCSP 

Fig. 8 Schematic of riser–reactor–regenerator [34]
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is controlled by the regenerated catalyst slide valve (RCSV), and the opening of this 
valve is dependent on the reactor temperature.

4.3  Catalyst Separation

The catalyst along with the gaseous product stream after exiting the riser enters into 
the reactor vessel. In modern FCC operations, the reactor serves as a housing for the 
cyclones. In the early application of FCC, the reactor vessel provided further bed 
cracking, as well as being a device used for additional catalyst separation. There are 
cyclones in the regenerator as well. These schemes separate approximately 75–99% 
of the catalyst from product vapors [31]. Most cyclone systems operate in two 
stages. The combined separation efficiency observed is about 99%. The primary 
cyclone doubles as a riser termination device and the primary separator, which sepa-
rates up to 97% of the catalyst. The dipleg of this cyclone is generally immersed in 
the catalyst bed. The secondary cyclone separates the remaining catalyst, and the 
hydrocarbon vapors escape to the plenum chamber (Fig. 9).

4.4  Main Fractionation of Products and Gas Recovery

The product vapor exiting the riser is de-superheated and separated in the main 
fractionator. The vapors enter the fractionator from the bottom in which they are 
condensed and vaporized to achieve the required separation. The reactor vapor is 
de-superheated and cooled by several pump around streams. The cooled pump 

Fig. 9 Two-stage cyclones [34]
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around the stream also serves as a scrubbing medium to wash down catalyst fines 
entrained in the vapors.

The bottom product of the fractionation is called slurry oil or clarified oil (CLO) 
or decant oil (DO). This product was used as a cutter stock to make fuel oil, but that 
is being discontinued. CLO contains the entrained catalyst particles (expressed as 
ash content wt%), which had escaped the reactor. Hence, CLO is stored in a settler, 
and a slip stream is recycled back to the riser. The HCO is a product obtained from 
a side draw above the CLO. Heavy cycle oil (HCO) is generally used as a pump 
around for the main fractionator or recycled to the riser. Light cycle oil (LCO) is a 
side draw, which is actually used as a product. It is added to the diesel pool post 
hydrotreatment or can be used as a pump around the stream. The heavy naphtha side 
draw is used as an extraction medium in the gas concentration section or blended 
into the gasoline pool. The top gaseous product is processed in the gas concentration 
unit after it being pressurized in a wet gas compressor. In the gas concentration unit, 
the gaseous product is separated into dry gas, C3, C4, and light stabilized naphtha 
(Fig.  10). The C3 hydrocarbons can be later separated to obtain olefins, and C4 
hydrocarbons can be separated to obtain isobutene [33].

The most important product from the conventional FCC unit is gasoline, whose 
yield ranges between 46 and 51 wt% for standard feedstock and can increase to 
about 60  wt% for hydrotreated feedstock. The second commercial product is 
LPG.  LPG yield is about 12–15  wt%. Other yields dry gas (∼5  wt%), LCO 
(∼15 wt%), and HCO (∼8 wt%) are not subjected to quality standards, but it is felt 
that the lower the aromatic content in liquid products, the better the quality. About 
4–6 wt% of the original feedstock converts to coke, which deposits on the catalyst 
surface, blocking the pores and, consequently, decreasing catalyst activity. All these 
yields are subject to change, depending on the type of feedstock (from heavy to 
hydrotreated) and the production objectives of the catalyst [32, 33].

4.5  Modified Catalytic Cracking Processes

Different high-severity FCC units are developed for a variety of feedstocks, starting 
from C4 hydrocarbons to all the way up to residue. A few common features of the 
above processes are similar, except that some of them have a downer in place of a 
riser or double risers [35]. Table 3 summarizes all the processes.

Importantly, all of them require very high reaction severity, e.g., riser tempera-
ture of 550–675 °C, the catalyst to oil ratio of 15–30, reactor pressure of 0.5 kg/cm2 
(g) to 1.5  kg/cm2 (g), and using mixed catalyst composition consisting of USY 
zeolite-based FCC catalyst and ZSM-5 zeolite-based additive in different ratios 
[35]. The innovative features of all the processes are mainly (1) hardware configura-
tion and (2) catalyst formulation depending upon feedstock chosen for processing. 
All of the above processes, except ACO and Superflex, are employed for the conver-
sion of mainly hydrotreated VGO, or heavy feedstock.
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However, processes like Superflex, ACO, etc., are developed to convert low- 
value naphtha feedstock to light olefins by employing ZSM-5 zeolite-based catalyst 
at very high reaction severity. Since these light feedstocks make very less catalytic 
coke, these processes require external heat supply to satisfy the heat demand for the 
endothermic cracking reaction in the riser [47].

4.6  Catalyst Deactivation and Coke Formation

There are two mechanisms by which a particulate catalyst deactivates: physical and 
chemical. Physical phenomena are sintering at high temperature, malocclusion, and 
loss of surface area due to attrition [36].

The chemical mechanisms are more prevalent and can be subdivided into three 
categories:

• Loss of acidity of the catalyst due to reactions with alkaline metals or basic 
nitrogenous entities.

Fig. 10 Main fractionator [31]
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Table 3 Propylene mode FCC technologies [35]

Process
Developer/
licensor

Propylene 
yield, wt%

Ethylene 
yield, 
wt% Remarks

Deep catalytic 
cracking (DCC-I 
and DCC-II)

RIPP-Sinopec/
stone Webster

14.6–28.8 4–6 Commercialized, several plants in 
and outside China

Catalytic pyrolysis
Process (CPP)

RIPP-Sinopec/
stone Webster

24.6 20 VGO and heavy feeds, 
commercial trials in China

High-severity FCC 
(HS–FCC)

Nippon/
KFUPM/
JCCP/Saudi 
Aramco

17–25 3.8–4.7 Downer, high severity 
(temperature, C/O), 500 BPD cold 
flow model

Indmax IndianOil co./
ABB Lummus

17–25 3.70 Upgrades heavy cuts at high C/O 
15–25

Maxofin ExxonMobil 
and KBR

18 4.3 Variations with Superflex to 
increase propylene

NEXCC Fortum 16.1 3.4 High C/O, short contact time, 
multi-port cyclones

PetroFCC UOP 22 6.0 Additional reaction, severity along 
with RxCat design

Selective 
component 
Cracking (SCC)

ABB Lummus 24 NA High-severity operation 
(temperature, C/O)

High-olefins FCC Petrobras 20–25 NA Downer, high temperature, C/O
Ultraselective 
cracking

IFP/stone 
Webster/Total

NA NA 200 BPD downer demo unit

Advance catalytic 
olefins(ACO)

KBR & SK 
Corp.

24–30 28–35 Naphtha feed with very high 
recycle and very high temperature

MILOS Shell global 
solutions

15–23 3.1 Dual riser design

RFCC 
PetroRiserSM

Axens 10–12 NA Incorporates a second riser, resid 
feed

SUPERFLEX™ KBR 38–48 20 C4-C8 olefinic feed, commercial 
(Sasol-12/2006)

MCC (multizone 
catalytic cracking)

Reliance 
industries 
limited

25–34 16–19 • Sequential processing of 
different feedstock in multizone 
catalytic cracking in single riser 
depending on cracking behavior 
of hydrocarbon
• Also process high coke-making 
feedstock like residue, slurry oil, 
etc. at the upper end of the riser 
and then burn off the coke, thus 
produced in separate regenerator 
to satisfy the heat balance 
requirement

A. R. Khande et al.



81

• Chemisorption of metallic impurities in the pores of the catalyst. Such pore 
blockage, contrary to conventional coking, is irreversible.

• Fouling or excess coking due to the presence of resinous or asphaltic hydrocar-
bons in the feed [36].

Modern catalysts are manufactured to be sufficiently stable to withstand these 
above mechanisms in the usual range of operations. They can preserve their activity 
for several weeks while cracking heavily contaminated feeds. Fresh catalyst needs 
to be added periodically to make up for the lost catalyst activity. Coke gets depos-
ited on the catalyst due to undesired side reactions taking place in FCC and affects 
the intrinsic activity by covering sites and blocking pores. This loss of activity due 
to coke deposition is very fast but is reversible, and the catalyst can be regenerated 
easily by burning off the coke deposited on the catalyst surface. Due to the cyclic 
nature of the process, the catalyst particles may undergo attrition, producing fines 
that will result in particulate emissions and loss of catalyst as fines. The age distri-
bution of catalyst particles also affects the activity of the catalyst in cracking reac-
tions [37, 38]. At any instant of time, the catalyst in the reactor is composed of a 
mixture of new low metal concentration, high-activity and old high metal concen-
tration, low-activity catalyst particles. This mixture of new and old catalysts from an 
industrial FCC unit is collectively called equilibrium catalyst [46][39].

5  The FCC Catalyst

The FCC catalyst is a fine mixture of four main components: zeolite, matrix, binder, 
and clay having an average particle size (APS) of 75 μm [72] (Fig. 11).

Artificially crystallized zeolites are commercially synthesized by digesting a 
mixture of sodium silicate, sodium aluminate, and caustic for several hours. 
Crystallization is a slow process; hence, some seeds are added so that the process 
takes about 10 h at 100 °C. Manufacturing a quality zeolite having the intended 
textural properties requires fine control over temperature, pH of solution, and reten-
tion time. The crystalline powder obtained is termed NaY, and it contains approxi-
mately 13 wt% Na2O. Such a high amount of Na2O is the reason for the inherent 
stability issues faced by zeolites in the regenerator. To improve its hydrothermal 
stability, its sodium content is reduced by the de-alumination process (discussed 
earlier) to obtain ultra-stable Y-zeolite (US-Y) or by ion exchange with ammonium 
or rare-earth ions (La or Ce) followed by calcination to obtain (RE-Y).

To manufacture FCC catalyst, zeolite, clay, alumina, and binders are mixed into 
a slurry. The slurry is then spray dried into fine microspheres using atomizers and 
hot air. The textural properties of the final product catalyst depend heavily on the 
spray-drying conditions and the constituents of the slurry.
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5.1  Zeolite

Zeolites are synthetic microporous aluminosilicates. It is the key ingredient of the 
FCC catalyst, which contributes to motor gasoline selectivity. Zeolites make up 
about 10–50% of the catalyst’s volume. To understand the cracking that occurs 
within the zeolite, it is essential to be familiar with the morphology of the zeolite 
itself (Fig. 12).

Zeolites have a fixed lattice structure made up of repeating tetrahedrons. Each 
tetrahedron has either silica or an aluminum atom at its center and oxygen atoms at 
the corners. These lattices form very small pores of approximately 8 Å diameter. 
Such small pores contribute to the high selectivity toward gasoline and LPG olefins 
since large hydrocarbon molecules cannot diffuse into these pores. Hence, zeolites 
are also called molecular sieves. Zeolites tend to get de-aluminated in the extreme 
hydrothermal conditions in the regenerator. This causes the collapse of the lattice 
structure and formation of extra framework alumina. This reduces the acid site den-
sity of the zeolite. To counter this effect, rare earths are added to zeolites to modify 
selectivity and activity and increase hydrothermal stability. Its concentrations vary 
up to 16 wt% (Figs. 13 and 14).

5.2  Matrix

Matrix refers to the active mesoporous, amorphous alumina in the FCC catalyst. 
Sometimes, the alumina in the matrix can be of crystalline nature as well. It makes 
up about 5–25% of the catalyst volume. It provides the primary cracking sites for 
heavier hydrocarbons. It has a pore size suitable for the diffusion of larger hydrocar-
bons. These hydrocarbons are pre-cracked on the acid sites of the matrix. The 

Fig. 11 FCC catalyst manufacture [72]
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hydrocarbons cracked on the matrix sites can then easily diffuse into the zeolite 
pores for further cracking and isomerization, thereby increasing yields of gasoline 
and LPG. The acid sites of the matrix lack the selectivity of zeolites; however, they 
are responsible for the bottom-cracking characteristics and coke selectivity of the 
FCC catalyst. The matrix and zeolite both contribute to the activity of the FCC cata-
lyst. The matrix sites also serve as traps for vanadium, nickel impurities, and basic 
nitrogen. Matrix manufactured to perform as metal traps contains an active vana-
dium trapping alumina and rare earth to neutralize the detrimental effects of the 

Fig. 12 Silicon/
aluminum-oxygen 
tetrahedron [66]

Aluminium atoms 7 

UCS 24.25 Å 

Silica-Alumina ratio 54 

Fig. 13 Geometry of USY zeolite [66]
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metals in the hydrocarbon feed. Because of this, the zeolite is prevented from get-
ting deactivated, and hence catalyst life is increased.

5.3  Binder and Filler

The binder serves to hold the catalyst particle together. It may or may not contribute 
to the catalyst’s activity. The filler is mainly used to dilute the activity of the cata-
lyst. Both binder and filler are some forms of macroporous silica and alumina clays 
(e.g., kaolin clay). They serve to provide mechanical strength, pore accessibility, 
attrition resistance, and a heat transfer medium to the FCC catalyst. If the pore 
accessibility of the FCC catalyst is poor, the stripping of the catalyst gets affected, 
leading to higher hydrogen and dry gas yields. Low mechanical strength and attri-
tion resistance cause loss of catalyst in the form of fines that escape from the top of 
the regenerator. Furthermore, the reaction of binder’s aluminum ions with zeolite 
produces new acidic sites, which can modify the surface acidity of the zeolite and 
alter the activity of the catalyst.

5.4  FCC Catalyst Additives

A modern FCC unit in its lifetime may face hydrocarbon feeds that drastically vary 
from one another. For maximum refinery margins, various production and environ-
mental constraints are laid down on the unit’s operation. FCC additives are added in 

Aluminium atoms 23 

UCS 24.39 Å

Silica-Alumina ratio 15 

Fig. 14 Geometry of RE-Y zeolite [66]
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small amounts to satisfy these constraints by improving a specific yield (gasoline, 
LCO, propylene), reducing emissions (SOx, NOx, H2S) and producing cleaner prod-
ucts. These additives become a part of the unit’s catalyst inventory, increase the 
FCC unit’s operating window, and make it more flexible to process heavier, con-
taminated, and hence cheaper hydrocarbon feeds and thereby increasing the profit-
ability and flexibility of the FCC unit.

5.4.1  CO Combustion Promoter

While cracking hydrocarbons, coke gets deposited onto the catalyst pores in the 
reactor section after which the catalyst enters the regenerator. In the regenerator, the 
coke deposits are burned off using heated air along with some additional oxygen 
added optionally. Based on this coke combustion process, the FCC units can be 
categorized as partial combustion or full combustion mode of operation. In full 
combustion mode of operation, excess hot air is supplied to the regenerator to com-
pletely convert some amount of the deposited coke into carbon dioxide. Since coke 
has a complex molecular structure, the mechanism of its combustion is quite com-
plicated. However, all of the carbon atoms participating in the combustion are con-
verted to carbon dioxide. In partial combustion as the name suggests, limited air is 
provided for combustion of deposited coke. Hence, some of the carbon atoms par-
ticipating in the combustion remain as coke and carbon monoxide. The partial com-
bustion units are accompanied by a CO boiler, which converts the carbon monoxide 
in the flue gas coming from the regenerator into carbon dioxide. The heat from this 
reaction is utilized in steam generation. Partial combustion units accompanied with 
a catalyst cooler are very flexible in terms of maintaining the desired severity of 
operation.

The heat associated with CO combustion is quite high (10,100 kJ/kg std) [48]. 
For high-severity operations, it was deemed profitable to be incorporated this heat 
into the dense phase of the regenerator [51]. However, in the case of incomplete 
combustion, some CO combustion can occur in the dilute phase where it may affect 
the metallurgy of the regenerator. This phenomenon is called afterburning.

CO combustion promoters are additives that restrict the combustion of coke in 
the dense phase of the regenerator only. This helps in optimizing yields by a flexible 
switch of operation between partial and full combustion modes. The key compo-
nents of any CO promoter are transition metals that catalyze the CO combustion but 
at the same time remain stable in the hydrothermal conditions of the regenerator 
[49, 50]. The metals in the CO combustion promoter should not add to the existing 
metal contamination of the base catalyst.

The initial CO promoters were chromium-based and used in TCC units, and they 
showed satisfactory combustion promotion but affected overall activity. Around 
1972, it was first proposed to use minute quantities of platinum (1–10 ppm) to man-
ufacture CO promoter additive. The first CO promoter was prepared in early 1973 
by R. C. Wilson, Jr. by impregnating Re-Y zeolite with H2PtCl6. During trials, the 
regeneration gas contained only CO2, no CO; cracking yields were acceptable. 
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Different routes are explored for making the promoted catalyst. The most successful 
and simplest route involved the exchange of either the calcined zeolite or, prefera-
bly, the almost finished spray-dried catalyst with an exchangeable form of Pt 
(300–800  ppm), such as the Pt(NH3)4

2+ cation [52]. The first actual commercial 
demonstration was done in a TCC unit at Husky Oil in Salt Lake City in 1974 [53]. 
The test was successful, complete CO combustion was observed, and 4 wt% increase 
in conversion was obtained due to higher reaction temperature. After this trial, 
W. R. Grace’s Davison division began manufacturing Pt-promoted catalysts under 
agreement with Mobil and several other refiners utilized the CO combustion 
promoter.

It has been observed that the use of platinum-based CO promoters encourage the 
formation of NOx gasses in some FCC regenerators. This led to the development of 
nonplatinum CO promoters. In cases where platinum-based promoters were 
observed to cause increased NOx emissions in flue gasses, the use of nonplatinum 
CO promoters with comparable levels of CO oxidation was preferred.

By 1979, the use of CO combustion promoters became quite common. Addition 
of CO combustion promoter can be at regular intervals (two times a day 1–2 kg 
additive per ton) or as and when required. The catalyst additive practice paved the 
way to new development in catalyst addition systems, and several new technologies 
and additives were explored.

5.4.2  NOx Reduction Additives

Nitrogen oxides (NO, N2O, NO2) are photochemically active gasses, which contrib-
ute to the greenhouse effect and acid rains. They are also pungent in odor and cause 
chronic respiratory illnesses. Generally, NOx is a pollutant related to transport; how-
ever, flue gasses from FCC units processing heavily contaminated (non-hydrotreated) 
feeds also contain a significant amount of NOx. In a complete combustion regenera-
tor, around 5% of the organic nitrogen content of the hydrocarbon feed, ends up as 
NOx. With more stringent environmental regulations, it is in the best interest of 
refiners to monitor the flue gas compositions and rectify any deviation to the laid- 
down regulations caused by pollutants, especially SOx and NOx.

It is relatively easier for refiners to use NOx reduction additives compared to 
modifying their existing flue gas treatment facilities. Addition of NOx reduction 
additives to the catalyst inventory requires no changes or modifications and is quite 
flexible in terms of the amount required for the degree of NOx reduction (Fig. 15).

The basic principle behind NOxreduction is selectively reducing nitrogen oxides 
to nitrogen. The catalyst is modified by a copper, zinc, or a rare-earth element with 
oxygen trapping capabilities. The reduction of NO by CO in the presence of oxygen 
using additive with iridium supported on Ce-promoted alumina showed up to 40% 
oxygen excess in the feed (e.g., 0.7% vol. in the feed in the conditions they used); 
the activity in NO reduction and at the same time CO oxidation are quite high but 
decrease, increasing oxygen excess to 100% [55].
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Excessive use of Pt-based CO combustion promoters reduces carbon monoxide 
in the regenerator but increases the nitrogen oxide level. Carbon monoxide reduces 
nitrogen dioxide to nitrogen [54]. Platinum-based CO combustion promoters cata-
lyze the reaction between HCN and NO. Nonplatinum-based CO combustion pro-
moters convert HCN to nitrogen and hence achieve both CO combustion and 
NOxreduction.

5.4.3  SOx-Reduction Additives

The FCC unit contributes to the majority of the SOx (SO2, SO3) present in the refin-
ery’s emissions. Hence, it comes under special legislature when it comes to environ-
mental regulations [8]. SOxemissions are strictly monitored since they contribute to 
acid rain and PM10 particulate formation and causes respiratory issues to surround-
ing areas and settlements, especially in areas dense with industrial complexes [56].

SOx is produced when an FCC unit processes hydrocarbon feed containing sulfur 
impurities, which end up adsorbed on the catalyst as part of coke. When this coke- 
laden catalyst is regenerated in hydrothermal conditions of the regenerator, the sul-
fur present in the coke oxidizes to SOx and exits the regenerator as part of flue gas.

Various alternatives for SOx reduction include reducing the sulfur content of the 
incoming hydrocarbon feed using hydrotreating technologies and reducing the sul-
fur content of flue gas using a flue gas scrubber. Utilizing SOx-reduction additives is 
an alternative that requires the minimum capital and process modifications.

Fig. 15 NOx reduction mechanism [54]
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A SOx-reduction additive must have three primary components. The first step in 
the mechanism of SOx transfer additives is the oxidation of SO2. Under FCC regen-
erator conditions, SO2 is favored over SO3. Thus, SOx transfer additives contain 
catalytic ingredients that promote the oxidation of SO2 and a metal oxide compo-
nent, which chemisorb the SO3 in the regenerator. In the reactor, the magnesium 
sulfate is reduced by hydrogen to form magnesium sulfide. The magnesium in the 
alumina spinel is less basic than free magnesium oxide, thereby making the sulfate 
easier to reduce. The magnesium sulfide is then hydrolyzed to a magnesium oxide 
in the stripper, which returns to the regenerator to complete the catalytic cycle. The 
sulfur gets released from the reactor gas product in the form of hydrogen sulfide 
(Fig. 16). This is then recovered as elemental sulfur using the sulfur recovery facili-
ties available with the refiners [73].

The first-generation SOxadditives were commercialized during the 1980s. 
Research and development work conducted at Arco and then at Katalistiks [54] 
resulted in the commercialization of additive based on the MgAl2O4 spinel struc-
ture. The performance of this additive depended on the unit’s mode of operation 
(full or partial combustion) and the MgO content of the additive. The spinel struc-
ture was hence limited by its MgO content and superseded by new hydrothermally 
stable hydrotalcite-based SOx-reduction additive. The significance of the hydro-
talcite structure is that it allows for the incorporation of far more MgO into the addi-
tive’s structure, which results in significantly higher SOx-reduction activity and 
efficiency. Further refinements led the way to the current generation of SOx- 
reduction additives [55, 57, 58].

Most of the modern commercial additives contain MgO, Al2O3, and rare-earth 
elements, in particular Ce [45]. MgO and Al2O3 have the function of taking up SO3, 
Al2O3 has the function of dispersing and equilibrating the alkalinity of MgO, and Ce 
has the function of promoting oxidation and reduction reactions of S compounds.

Fig. 16 Mechanism of SOx-reduction additive [73]
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5.4.4  Metal Passivators

The various mechanisms by which the FCC catalyst loses its activity were discussed 
earlier. Deactivation of FCC catalyst over a period of time during operation affects 
the overall activity and selectivity toward the desired products. Deactivation of FCC 
catalysts can be classified as reversible and irreversible. Reversible deactivation is 
contributed by the organic nitrogen compounds in the hydrocarbon feed, which 
reduce the acidity of the catalyst and, also because of heavy polycyclic aromatic 
compounds, get adsorbed on the catalyst and are unable to escape the lattice and 
eventually end up as coke [59, 60]. Irreversible deactivation is caused by three 
mechanisms. The turbulent hydrothermal conditions of the FCC regenerator con-
tribute to attrition of the catalyst causing loss of material in the form of fines, which 
escapes the unit as part of flue gas. In addition to this, the loss of porosity and sur-
face area due to steam also affect the catalyst activity. Zeolites, in particular, are the 
most susceptible to such hydrothermal deactivation.

Metallic compounds (particularly Ni and V) better known as catalyst poisons 
present in the feed get adsorbed on to the FCC catalyst’s pores as nonstrippable and 
nonregenerable complexes. Vanadium contaminants destroy the zeolite structure of 
the catalyst, and both nickel and vanadium contaminants promote the undesirable 
hydrogenation reactions in the FCC unit, which increases the yield of dry gas. In the 
oxygen-rich environment of the FCC regenerator, the vanadium compounds 
adsorbed on the catalyst (typically in an oxidation state of +3) get oxidized. This 
oxidizes vanadium to +5 state and reacts to form vanadic acid (H3VO4); at this state, 
vanadium has high intraparticle mobility and can easily penetrate the catalyst par-
ticle and destroy the zeolite structures. This leads to a permanent reduction of sur-
face area and pore clogging of the catalyst. A fixed amount of fresh catalyst addition 
rate is maintained continuously or at intervals to account for this loss of activity 
coupled with off-loading a portion of equilibrium catalyst. Unfortunately, the metal 
level on FCC catalysts is seldom in equilibrium, and catalyst deactivation by vana-
dium does not take place in isolation, but combined with and influenced by hydro-
thermal deactivation [61–64]. The vanadium species at its elevated oxidation state 
hence cannot be completely phased out without the use of dedicated metal passiv-
ators [65].

The incorporation of metal passivators in the feed has become the norm due to 
trends such as high regenerator temperature and low API hydrocarbon feed of resid 
nature [66]. Phillips Petroleum Company discovered and developed the antimony 
metal passivation process in the early 1970s and successfully applied the process at 
its Borger, Texas heavy oil cracker (HOC) in 1976 [67]. Hydrogen and coke yields 
were significantly lower, and gasoline yield increased. FCC units with limited gas 
handling capacity (wet gas compressor and main air blower) will benefit immensely 
due to the reduction in gas formation and less coking. Other benefits include higher 
conversion and throughput, as well as improved resid upgradation (Fig. 17).

Incorporation of metal passivators in any FCC unit is unique and tailor-made 
with respect to hydrocarbon feed and operating parameters. Models and laboratory 
testing are often used to predict yields that are often used to optimize passivation 
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performance. Antimony forms an alloy with nickel compounds and gets deposited 
on the equilibrium catalyst. This alloy has low hydrogenation activity and also inter-
feres with the hydrogenation reactions catalyzed by vanadium.

Metal passivators containing antimony are known to cause partial passivation of 
CO combustion promoter [68]. Innovations were made to overcome this reduction 
in the activity of the CO combustion promoters. Passivation of metals with anti-
mony, however, does not affect the performance of the SOx-reduction catalysts [69].

5.4.5  ZSM-5

A new zeolite with widespread applications was developed by Argauer and Landolt 
[70] at Mobil Oil Co. called Zeolite Socony Mobil-5 (ZSM-5). It is a microporous 
zeolite that selectively cracks heavier olefinic hydrocarbons to increase the yield of 
propylene for petrochemicals and alkylate yield to improve gasoline octane. It has 
low rare-earth content and a high silica to alumina ratio. Hence, it has low acid site 
density, which discourages hydrogen transfer and isomerization reactions.

At the same time, it has high acidity and low pore size (0.5 nm) compared to 
Y-zeolite (0.74  nm), which enables the cracking of heavy olefins (C5-C7) and 
restricts entry of branched and cyclic hydrocarbons. These heavy olefins are cracked 
at their center, which predominantly produces propylene and a small quantity of 
ethylene and butylene. Since cyclic hydrocarbons have restricted entry to the active 
sites, excess coke formation is also avoided (Fig. 18).

Fig. 17 Effect of 
antimony addition on 
yields [67]
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Since it has a tunnel-shaped, zigzag 3D pore structure, it does not get deactivated 
significantly by coke deposition and also has high hydrothermal stability [71].

The effect of adding ZSM-5 to the FCC unit can be observed instantly in terms 
of propylene yield. This makes ZSM-5 very flexible to add to the catalyst inventory 
as and when required. The utility of ZSM-5 can be further improved when used with 
a suitable Y-zeolite. It can be customized to maximize the generation of C5–C7 
olefins by cracking heavier hydrocarbon feed and at the same time limit hydrogen 
transfer and isomerization reactions. Dealuminated zeolite with low rare-earth con-
tent and low acid site density is suitable for this purpose.

Similar to Y-zeolites, ZSM-5 is also susceptible to hydrothermal deactivation in 
the high-temperature and high-pressure conditions of the regenerator. Repeated 
contact in such an environment causes de-alumination of the framework and lattice 
destruction. The increased pore size due to the destroyed lattice allows bimolecular 
cracking and isomerization, which reduces the propylene yield. The stability of 
ZSM-5 is prolonged by treating the zeolite with phosphorus. The phosphate species 
react with the active sites to form an adduct in which the phosphate ions force the 
aluminum ion into an octahedral lattice formed by hydroxyl bridges. This process is 
reversible prior to heat treatment and calcination of the zeolite. Post calcination, 
some loss in crystallinity and formation of extra framework aluminum are observed. 
The porosity and accessibility are decreased when the ZSM-5 is fresh in the unit and 
the extra framework aluminum catalyzes the cracking. However, in subsequent 
cycles of operation, net olefin formation is greater and coke formation is lower than 
untreated ZSM-5 [74].

5.4.6  Gasoline Sulfur Reduction Additive

Worldwide legislative drive for better air quality requires modifications in fuel qual-
ity, especially in transportation fuel like gasoline and diesel. The FCC process con-
tributes significantly to the total sulfur content in the refinery gasoline pool. This 
sparked the interest in making attempts to reduce the sulfur content if FCC gasoline 
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Fig. 18 Tunnel pore structure of ZSM-5 [71]
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uses catalyst additives. Moreover, catalyst additive-based sulfur reduction in FCC 
gasoline is economically efficient and does not require much capital expenditure.

Typical full-range FCC gasoline contains sulfur in the form of mercaptans, sul-
fides, disulfides, thiophenes, and benzothiophenes. Mercaptans, sulfides, and disul-
fides are present in the lighter fraction of gasoline pool and can easily be cracked in 
the presence of a catalyst to liberate sulfur as H2S. The middle fraction of gasoline 
mostly contains tetrahydrothiophene, thiophenes, and alkyl thiophenes. Although 
tetrahydrothiophene gets cracked in the presence of Lewis acidic catalyst, reduction 
levels for thiophenes typically vary from 30% to 40%. The most difficult species to 
remove are the benzothiophenes found in the heaviest portion of the gasoline [75].

Gasoline sulfur reduction (GSR) additive can be added separately from the host 
FCC catalyst via a second hopper, and their effects are observed fairly quickly. Fluid 
catalytic cracking additives reduce sulfur in gasoline by the selective cracking of 
sulfur compounds into H2S in situ in the FCC riser. Grace Davison, Albermarle, and 
Interact have FCC catalyst additive technologies specifically developed to catalyti-
cally reduce sulfur-containing compounds in the gasoline boiling range [79].

Grace Davison’s sulfur reduction additives, GSR-1 and D-Prism, commercial-
ized in 1995 and 2001, respectively, are most effective in reducing sulfur species in 
light naphtha, and a typical sulfur reduction of 15–25% is achieved in the presence 
of 10 wt% of the additive. Patents assigned to Grace on FCC additives disclosed 
Lewis acid component (Ni, Cu, Zn, Ag, Cd, In, Sn, Hg, Ti) supported on alumina. 
Zhao et al. [78] reported a composition containing vanadium oxalate supported on 
alumina for gasoline sulfur reduction and sulfur in gasoline (without benzothio-
phene) dropped by 55–65% as compared to the base FCC catalyst. Most of the 
patents assigned to Grace and ExxonMobil are mostly about additives with metal 
components containing V and Zn [80–82].

Albemarle reported 26% reduction in light naphtha sulfur on the commercial 
performance of GSR additive, Resolve 750 at 20% of overall catalyst inventory. 
Myrstad et al. [79] described a composition for reducing sulfur content in hydrocar-
bons, wherein the additive comprised a hydrotalcite material that had been impreg-
nated with a Lewis acid preferably Zn, Cu, Ni, Co, Fe, and Mn. In 1999, Andersson 
[81] investigated several groups of additives with different compositions to reduce 
sulfur in gasoline by depositing various metals and metal oxides on different sup-
ports. The sulphur reduction ability of different compositions follows Zn/hydro-
talcite > ZrO/alumina > Zn/titania > Mn/alumina. Shan et al. [81] showed that an 
additive comprising USY/ZnO/alumina has an excellent sulfur removal effect, and 
~50% reduction in gasoline sulfur was achieved with 30% of the additive with only 
a little change in product distribution. In a very recent commercial use at BPCL 
Mumbai Refinery, GSR catalyst developed by BPCL showed ~33% reduction in 
gasoline sulfur in the presence of 10% of overall catalyst inventory. The catalyst 
composition reuses the FCC equilibrium catalyst for the novel GSR additive prepa-
ration. Various metal oxides on FCC equilibrium catalyst were found to be effective 
catalysts in reducing sulfur from fuel streams [76, 77].
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5.4.7  Bottom-Cracking Additives

In recent years, the crude oils available to refineries are becoming heavier. 
Meanwhile, the demand for high-value products such as gasoline and middle distil-
lates is increasing. Therefore, designing of FCC catalyst for processing heavy 
crudes is the key challenge to a catalyst developer for achieving these targets.

The addition of a non-zeolitic active matrix material to the catalyst formulation 
is an accepted method to improve catalyst performance when processing heavier 
hydrocarbons. As different hydrocarbon feeds contain varying amounts of heavier 
components, independent balancing of zeolite and matrix material is required for 
optimized product yields. Bottom-cracking additives are separately formulated 
mesoporous catalyst particles characterized by high active matrix surface area. 
Adding them to the catalyst inventory will improve product selectivity and reduce 
bottom yields [83]. Designing catalyst pore structure for efficient diffusion is an 
important consideration in all catalytic cracking applications, especially when pro-
cessing heavier feedstocks. Molecular simulations have shown that molecules boil-
ing in the 700–1000 °F range are about 10–30 Å in diameter [84]. Configurational 
diffusion models indicate that the catalyst pore size must be 10–20 times larger than 
the size of the molecules to avoid significant diffusional limitations [85]. Thus, if 
these two results are considered together, we conclude that an FCC catalyst must 
have pore diameters of 100–600 Å to allow for the effective diffusion of larger mol-
ecules. This is consistent with both laboratory observation (Fig. 19) [85] and com-
mercial experience and emphasizes the importance of the proper design of the 
catalyst pore structure (Fig. 20).

Research work by Grace Davison has focused on bottom-cracking mechanisms, 
which have been classified into three different reaction types:

• Type I: precracking and feed vaporization.
• Type II: dealkylation of alkyl aromatics.
• Type III: conversion of naphthenoaromatics.

Fig. 19 Effect of ZSM-5 addition on olefin yield [88]
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Type I reactions are driven by matrix design and FCC hardware design. As 
described above, mesopores in the 100–600 Å range are needed for effective bottom 
cracking. Increasing the catalyst pore volume in this range will enhance bottom 
cracking. The second type of bottom-cracking reaction is the conversion of alkyl-
aromatics in which zeolite activity is much more effective than matrix for this deal-
kylation reaction. Increasing the zeolite activity resulted in increased conversion 
and reduced bottom yield. The third type of bottom-cracking reaction is the conver-
sion of naphthenoaromatic compounds. Conversion of polynuclear aromatics (PNA) 
is known to be very difficult. However, it is possible to selectively crack saturated 
naphthenic rings attached to the aromatic cores of these PNAs with an appropriately 
designed catalyst. Since typical naphthenoaromatic molecules are too large to fit 
into the zeolite pores, it is expected that cracking of the naphthenic rings will take 
place on matrix sites or the external surface of the zeolite [85].

6  Chemistry

There are a multitude of reactions that occur when hydrocarbon feed is introduced 
to a hot regenerated catalyst. As we previously discussed, the unit cell of the FCC 
catalyst is a tetrahedron with either silicon or aluminum atoms at its center. These 
silicon ions are at a +4 and aluminium ions are in a +3 oxidation state. Hence, an 
extra charge of −1 is required to establish neutrality. These sites are of acidic nature 
since they donate proton or cations. The catalyst’s acid sites are of both Bronsted 
(proton donor) and Lewis (electron pair acceptor) type.
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Catalytic cracking is based on carbocation chemistry. A carbocation is a posi-
tively charged ion consisting of carbon functionality. Carbocations can be classified 
as carbonium ions (CH5

+) or carbenium ions (R-CH2
+).

A carbonium ion is formed when a proton donated by a catalyst’s Bronsted site 
attacks a paraffin molecule in the hydrocarbon feed.

 CH H CH4 5+ ®+
+

 

A carbenium ion is formed by adding a positive charge from a Bronsted site to an 
olefin molecule in the hydrocarbon feed or removing a hydride by a Lewis site from 
paraffin.
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Olefins in the hydrocarbon feed are generally the result of free radical cracking at 
high temperature. These carbocations tend to rearrange themselves to form tertiary 
ions since they have higher stability. This causes the final products to have a higher 
quantity of branched chains compared to thermal cracking and hence a higher 
octane number.

 

6.1  Cracking Reactions

The cracking reactions proceed through three steps:

• Initiation.
• Propagation.
• Termination.

The initiation involves the generation of carbocations at the acid sites of the cata-
lyst (discussed above). In the propagation step, the carbonium ions attack long- 
chain paraffinic hydrocarbons to produce a smaller alkane and a carbenium ion.
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The carbenium ions formed on the Lewis and Bronsted sites undergo β-scission 
(breakage of the C-C bond, two carbons away from the location of positive charge) 
to produce an olefin and a smaller carbenium ion.

 

These newly formed carbenium ions can then continue a series of chain reac-
tions. The smaller carbenium ions made up of four or five carbon atoms do not crack 
easily; instead, they pass on their positive charge to larger hydrocarbons with longer 
chains to further propagate the cracking reactions.

 

Finally, in termination steps, carbenium ions donate a proton to restore a Bronsted 
acid site and produce an olefin as the final product, or they abstract a hydride ion to 
restore a Lewis acid site producing an i-alkane product, and the ionic chain reaction 
continues.
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6.2  Isomerization Reactions

The carbenium ions formed tend to rearrange themselves to a tertiary ion since it 
has a higher life than a primary or secondary ion. When these tertiary ions crack 
long-chained hydrocarbons via β-scission, they produce branched product 
molecules.

 

Since such hydrocarbons perform better in the octane test, isomerization reac-
tions are favorable to the final product quality. High octane olefins like i-butylene 
are also formed, which contribute to the alkylate stream or used in the production of 
methyl tertiary butyl ether (MTBE) or tertiary amyl methyl ether (TAME). These 
products can be blended in the gasoline pool to significantly improve the octane 
number. Branched hydrocarbon products also have a lower pour point and cloud 
point, which is a desirable trait in diesel-range products [41–43].

6.3  Coke Formation

Catalytic cracking of hydrocarbons forms deposits of coke on the catalyst. The 
burning of this coke in the regenerator is the source of heat for all the endothermic 
cracking reactions. However, the chemistry of coke formation is very complex and 
not yet understood. Different types of coke have different effects on the cracking 
activity, e.g., depending on the feedstock characteristics; catalytic coke may have a 
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greater influence on catalyst activity than additive coke. There are five main types 
of coke identified in catalytic cracking [86]:

• Catalytic coke—from condensation and dehydrogenation.
• Catalyst-to-oil coke—hydrocarbons entrained in the small pores and not removed 

by the stripper.
• Thermal coke—formed by a free radical mechanism; it is important at high reac-

tion temperatures and also yields hydrogen. It is less important than catalytic 
coke due to the low extent of thermal cracking at typical FCC conditions.

• Additive coke (or Conradson coke)—from heavy molecules already present in 
the feed. Its amount correlates directly with the Conradson carbon residue (resi-
due remaining after the fuel has been pyrolyzed by raising the temperature to 
800 °C).

• Contaminant coke—from dehydrogenation catalyzed by Ni, Fe, and V (Fig. 21).

 

It is generally accepted that the unsaturated molecules formed by carbenium ion 
cracking as well as aromatics formed by the isomerization and cyclization are the 
main precursors to coke. These precursors polymerize to form complex polycyclic 
hydrocarbons that deposit in the pores of the catalyst due to diffusional restrictions. 
Coke-selective catalysts focus on these precursors and crack them so that they can 
escape the lattice cage structure before getting trapped as coke. Coke yield is directly 
linked to the riser operating temperature. At higher temperature, a greater amount of 

Fig. 21 Catalytic coke formation [37]
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olefin polymerization yields a higher amount of coke. Coke is also related to hydro-
carbon feed. A feed with higher asphaltenes yields more coke than lighter cleaner 
feedstock with high API [44, 87].

6.4  Hydrogen Transfer Reactions

Hydrogen transfer is a bimolecular reaction in which two olefins adsorb on adjacent 
acid sites. One of the olefins saturates while the other forms a naphthene. The naph-
thene forms an aromatic compound by hydrogen transfer with another olefin.
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C H C H C H
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The final products are paraffins and aromatics since aromatics are difficult to crack 
the reaction terminates.

Hydrogen transfer reactions occur more frequently on rare-earth exchanged cata-
lysts. Since rare earths form bridges between adjacent acid sites to stabilize the 
zeolite structure, hydrogen transfer happens easily.

These reactions increase the gasoline yield and reduce light olefin yield. The 
gasoline has more stability and lower octane number. The octane loss due to olefin 
saturation outweighs the higher aromatic concentration; hence, the octane number 
reduces drastically.

6.5  Undesirable Reactions

The reactions that affect the yield of desired end products (gasoline, LPG) in a nega-
tive way are undesired reactions.

Hydrogen transfer reactions occur to some degree in all FCC processes, but on a 
larger scale, they severely affect the octane rating of the gasoline product. Over- 
cracking of lighter olefins is also another undesirable reaction, which is detrimental 
to the LPG yield and increases coke and dry gas yield. De-alkylation of branched 
hydrocarbons is also undesirable since it reduces octane rating of product gasoline 
and the dealkylated part contributes to the dry gas yield.

The reactions most detrimental to the overall conversion is due to the metal con-
taminants (Ni and V) present in the hydrocarbon feedstock. These metal contami-
nants catalyze the dehydrogenation reactions, which produce light olefins that 
contribute to the dry gas yield and also polymerize to increase the coke make. 
Hence, hydrotreating of FCC feedstock is generally practiced. In addition to this, 
additives in the form of metal traps are also used. These metal traps are basic metal 
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oxides, which react with acidic metal complexes and precipitate them in the form of 
stable silicates or sulfates [40].

7  Propylene Maximization

The world’s automotive fuel demand has been experiencing a slow decline along the 
recent years. With the emergence of efficient engines, sustainable alternate energy 
sources, and migration to electric power and fuel cells, it is predicted that the auto-
motive fuel market will decline sharply in the coming years. At the same time, the 
consumption of oil for petrochemical manufacture will soon overtake that of auto-
motive fuels according to a study by IEA [11]. By 2030, petrochemicals will con-
tribute to more than a third in the world’s oil demand. The key driver behind this is 
the ever-increasing demand for plastics and fertilizer, which has overtaken the 
requirement of other bulk materials like steel, aluminum, and cement. Hence, refin-
ers are gradually shifting their priorities toward manufacturing raw materials for 
petrochemical synthesis.

C2/C3 olefins are the most significant contributors to petrochemical synthesis, 
and their demand has increased in the recent 10 years [12]. Steam or naphtha crack-
ing is still the major provider of ethylene and propylene, contributing more than 
70% of the world’s supply. The FCC unit produces an average 5 wt% propylene on 
a fresh feed basis, but efforts are being made to increase this quantity and propylene 
recovery units are installed to obtain propylene of high purity for polymer manufac-
ture. Existing FCC units can be optimized to obtain a higher propylene yield (15 wt 
%), or a dedicated cracking unit developed on the principles of the FCC unit can be 
commissioned to obtain high amounts of propylene (20 wt%) [13].

7.1  Operational Modifications for Propylene Manufacture

In an FCC unit, hydrocarbon feeds (VGO), when subjected to cracking conditions 
for a long residence time, end up as dry gas or coke. Propylene is an intermediate 
compound, which is formed during carbenium ion cracking of gasoline range ole-
fins as discussed earlier. However, among the secondary reactions such as hydrogen 
transfer, isomerization, oligomerization, and aromatization reactions, hydrogen 
transfer, in particular, depletes most of the light olefins formed by cracking. The 
degree of hydrogen transfer can be tracked using hydrogen transfer index (HTI) 
(Figs. 22 and 23) [27].

 

HTI i C yield totalC inLPG= - 4 4/ .
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Increasing the cracking temperature increases the catalyst circulation rate. This 
increases the LPG yield, thereby increasing the yield of propylene. Higher tempera-
ture with shorter residence time promotes the endothermic cracking reactions and 
limits the exothermic hydrogen transfer reactions [5]. This increases the selectivity 
toward propylene (Figs. 24 and 25).

Higher temperatures also favor thermal cracking reactions, which increase the 
coke and dry gas yields; hence, a catalyst with good coke selectivity is applicable. 
An increase in reaction temperature by 10 °C increases propylene yield by 0.9 wt% 
[26]. The increase in reaction temperature is limited by the wet gas compressor or 
the main air blower’s capacity as well as the coke make and metallurgy of the unit. 
Higher catalyst circulation means higher catalyst to oil ratio; this results in the unit 

Fig. 22 Changes in gasoline yield with temperature [88]

Fig. 23 Changes in LPG yield with temperature [88]
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running on high severity. Hence, a higher yield of coke and gas is also observed; 
however, it is offset by increased margins due to high propylene yield.

Since hydrogen transfer is a bimolecular reaction, reducing the hydrocarbon par-
tial pressure will shift the reaction’s equilibrium toward olefins [25]. Hence, opti-
mizing reactor–regenerator pressure balance and/or addition of high amount of 
diluents (steam) to the riser is advisable if propylene maximization is intended. 
Modern high-severity FCC units (PFCC, HSFCC, DCC, etc.), which are designed 
for high propylene yield, consume high amounts of steam for this purpose.

Feed characteristics also affect propylene yield. Feeds having a high hydrogen to 
carbon ratio and a lower amount of contaminants generally favor the yield of light 

Fig. 24 Changes in light olefin yield with temperature [88]

Fig. 25 Changes in propylene yield with HTI [88]

A. R. Khande et al.



103

olefins. Commercial data presented by Axens indicate an increase in propylene 
yield by 1.5–2.0 wt% for every 0.5 wt% increase in feed hydrogen content [8].

7.2  ZSM-5 Addition

ZSM-5 is a shape-selective zeolite, which is specially developed for producing high 
octane motor gasoline. However, since the late 1990s, its application has focussed 
on maximizing yields of light olefins. It has low rare-earth content and a high silica 
to alumina ratio. Hence, it has low acid site density, which discourages hydrogen 
transfer and isomerization reactions. At the same time, it has high acidity and low 
pore size (0.5 nm) compared to Y-zeolite (0.74 nm), which enables the cracking of 
heavy olefins (C5–C7) and restricts entry of branched and cyclic hydrocarbons. 
These heavy olefins are cracked at their center, which predominantly produces pro-
pylene and a small quantity of ethylene and butylene. Since cyclic hydrocarbons are 
restricted entry to the active sites, excess coke formation is also avoided (Fig. 26).

Since it has a tunnel-shaped, zigzag 3D pore structure, it does not get deactivated 
significantly by coke deposition and also has high hydrothermal stability 
(Fig. 27) [29].

The effect of adding ZSM-5 to the FCC unit can be observed instantly in terms 
of propylene yield. This makes ZSM-5 very flexible to add to the catalyst inventory 
as and when required. The utility of ZSM-5 can be further improved when used with 
a suitable Y-zeolite. It can be customized to maximize the generation of C5–C7 
olefins by cracking heavier hydrocarbon feed and, at the same time, limit hydrogen 
transfer and isomerization reactions. De-aluminated zeolite with low rare-earth con-
tent and low acid site density is suitable for this purpose.

Similar to Y-zeolites, ZSM-5 is also susceptible to hydrothermal deactivation in 
the high-temperature and high-pressure conditions of the regenerator. Repeated 
contact in such an environment causes de-alumination of the framework and lattice 
destruction. The increased pore size due to the destroyed lattice allows bimolecular 

5,1 x 5,7 Å
10MR

5,4 x 5,6 Å
10MR

Fig. 26 Tunnel pore structure of ZSM-5 [71]
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cracking and isomerization, which reduces the propylene yield. The stability of 
ZSM-5 is prolonged by treating the zeolite with phosphorus. The phosphate species 
react with the active sites to form an adduct in which the phosphate ions force the 
aluminum ion into an octahedral lattice formed by hydroxyl bridges. This process is 
reversible prior to heat treatment and calcination of the zeolite. Post calcination, 
some loss in crystallinity and formation of extra framework aluminum are observed. 
The porosity and accessibility are decreased when the ZSM-5 is fresh in the unit and 
the extra framework aluminum catalyzes the bimolecular cracking. However, in 
subsequent cycles of operation, net olefin formation is greater and coke formation is 
lower than untreated ZSM-5.

8  Resid Processing

The source of hydrocarbon feed for the FCC unit, i.e., the crude oil, has been 
observed to be getting heavier in terms of API and contaminated with asphaltenes 
and metal complexes. This results in a lower yield of gas oil and greater volume of 
resid during distillation. Hence, the volume of vacuum gas oil obtained per barrel of 
crude is steadily reducing, and the amount of resid hydrocarbons is on the rise. 
Resid processing facilities (hydrocracker, delayed coker, etc.) are limited by their 
capacities, whereas the FCC units worldwide are running underutilized. New 
emerging FCC unit designs featuring superior metallurgy, higher capacity of gas 
concentration facilities, and flexible coke burning are able to co-process this excess 
resid along with vacuum gas oil.

To upgrade resid hydrocarbons, the proper design of the FCC catalyst is a critical 
part of the overall process optimization. Minimizing diffusional limitations of the 
catalyst pores coupled with higher acid site density so that large molecules found in 

Fig. 27 Effect of ZSM-5 addition on olefin yield [88]
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resid can be cracked is an important consideration in the design of resid catalysts, 
among others. Resid feeds are generally characterized by their high amount of con-
taminant metals and high carbon to hydrogen ratio, which yields copious amount of 
coke and dry gas when processed. Hydrotreating the feed before processing helps 
but requires significant capital and operation cost. Polyaromatic compounds in the 
feed, which remain unsaturated in the hydrotreating process, oligomerize to form 
refractory compounds, which end up as coke. Vanadium and nickel contaminants 
catalyze hydrogenation reactions, which increase the dry gas yield. Hence, catalyst 
coke selectivity is another important catalyst performance characteristic. Higher 
coke yield translates to higher dense bed temperature in the regenerator, which fur-
ther lowers cat/oil ratio and conversion and can damage the catalyst or even the 
unit’s metallurgy itself. Resid processing units are hence normally equipped with 
catalyst coolers and multiple stages of regeneration. Catalyst stability at high tem-
peratures and metal trapping characteristics are ensured by rare-earth stabilization 
of zeolite and rare-earth-based vanadium traps. Feedstock properties along with the 
dominant bottom-cracking mechanisms characteristic of the feed must also be con-
sidered when designing zeolite and matrix activity. Resistance to less common cata-
lyst poisons such as iron is more critical for resid processing. Iron contaminants 
alter the average bulk density of catalyst, thereby affecting fluidization, and also 
adsorb onto the catalyst’s surface forming nodules. These nodules intensify the 
attrition between catalyst particles and generate plenty of fines, which severely 
influence units’ smooth running. A dense layer formed on the catalyst’s surface after 
iron contamination, and the dense layer stops reactants to diffuse to inner structures 
of the catalyst.

9  Summary

Fluid catalytic cracking (FCC) is a versatile process that can process a wide variety 
of feeds at a wide range of operating conditions to obtain the required yield and 
maximize the refinery’s profit. The profitability of any FCC unit relies largely on the 
properties of the catalyst. Any and all limitations in the unit’s design can be supple-
mented by using the appropriate catalyst additives. There have been numerous 
developments in the field of process design, operation, separation, catalyst design, 
and synthesis; however, research has not come to a standstill. With the gradual shift 
of the energy market toward alternate energy, the relevance of FCC has been shifted 
from a refinery to the petrochemical complex. FCC can greatly contribute to the 
ongoing integration of refineries to petrochemical complexes and help to maintain 
the relevance of oil refining companies in the years to come.
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Abstract The development of green catalytic processes is receiving more focus 
during recent times due to ever-increasing environmental concerns. As a result of 
this, numerous attempts are being made to develop eco-friendly catalyst systems. 
This has resulted in the emergence of novel zeolite-based solid acid catalyst sys-
tems, which now offer a platform for the development of environmentally benign 
catalytic processes. Considering this aspect, the present chapter reviews evolution 
of zeolite-based catalytic system for (a) C4-alkylation to meet EURO/BS-VI gaso-
line RON specifications, (b) valorization of benzene through alkylation route, and 
(c) toluene alkylation for styrene production and brings out their current commer-
cial practice and future outlook in industrial processes. Since these processes are 
mostly useful in industrial production of bulk chemical or monomers, the focus of 
the chapter lies in the development of novel catalytic systems in line with their 
evolvement of commercial/industrial processes.
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Conv. Conversion
DCHB Dicyclohexylbenzene
DMHs Dimethyl hexanes
EB Ethylbenzene
EPS Expanded polystyrene foam
GRM Gross refinery margin
H2SO4 Sulfuric acid
HF Hydrofluoric acid
Ho Hammett acidity
IL Ionic liquid
LDH Layered double hydroxides
micro-meso zeolite Zeolites containing both micropores and mesopores
MS Motor spirit
MTBE Methyl tertiary-butyl ether
Nafion  Sulfonated tetrafluoroethylene-based fluoropolymer 

copolymer
nB/nL Ratio of Brönsted to Lewis acid sites
–OH Hydroxyl
RON Research octane number
RVP Reid vapor pressure
SAN Styrene-acrylonitrile plastic
SAR Silica to alumina ratio
SbF5 Antimony pentafluoride
SBR Styrene-butadiene rubber
Si/Al ratio Silicon to aluminum ratio
SM Styrene monomer
SMPO process Styrene monomer-propylene oxide process
T Temperature
t Time
TMPs Trimethyl pentanes
UoM Unit of measurement
USY zeolite Ultrastable Y zeolite
v/v Volume/volume
wt% Weight percentage

1  Introduction

Today, the implementation of stringent emission norms worldwide has added 
impetus to regulate transportation fuel specifications mainly with regard to SOx, 
NOx, and particulate matter emissions. Consequently, Euro VI transportation fuel 
specifications are being implemented, causing substantial reduction in the allow-
able concentration of aromatics, olefins, and sulfur content in gasoline (Table 1). 
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The concentration of aromatics has been reduced from 42 v/v% to 35 v/v%, while 
olefins have been restricted to 21 v/v% [1].

Such reduction is substantial as it impacts Euro VI gasoline composition in terms 
of research octane number (RON). Table 2 shows the RON values of typical gaso-
line components [2]. This is mainly because aromatics and olefins are a high-octane 
component of gasoline. Therefore, reduction in their concentration has to be supple-
mented by other high-octane streams. To mitigate this issue, there is a need to blend 
aromatic and olefin-free high RON stream. In this context, the reformate stream 
from the naphtha reforming unit has limitations in terms of aromatic content, which 
imposes limitations on its blending to meet aromatic content of Euro VI 
specifications.

On the other hand, oxygenate-based blend stocks, namely methyl tertiary-butyl 
ether (MTBE) and ethanol, have been evaluated. However, enhancement in their 
concentration for meeting RON specifications is found to have major limitations 
with regard to environmental concern for using MTBE and meeting Reid vapor 
pressure (RVP) parameter of gasoline while using ethanol as blendstock. This is 
mainly due to the fact that MTBE is found to cause drinking water contamination 
even at ppb concentrations. Hence, it will be phased out in several countries [3]. 
Therefore, to meet RON specification of Euro VI gasoline, alkylate stream is pre-
ferred. Typically, the alkylate stream is produced by the alkylation of isobutane with 
C3-C5 alkenes in the presence of strong acids. Alkylate has a high-octane number 
and low RVP, and it is free of sulfur, aromatics, and alkenes.

Furthermore, with increasing use of alkylate as the blendstock for transportation 
fuels, refiners are facing problems in handling aromatics in the MS pool. As a result, 

Table 1 Major changes in regular MS specifications under different grades

Specifications UoM
Euro III Euro IV Euro V/VI
Regular Premium Regular Premium Regular Premium

Sulphur Max, ppm 150 150 50 50 10 10
RON, min No. 91 95 91 95 91 95
Bz (max) Vol% 1 1 1 1 1 1
Aromatics (max) Vol% 42 42 35 35 35 35
Alkenes (max) Vol% 21 18 21 18 21 18

Table 2 Octane ratings of 
alkylate and other oxygenates 
in the gasoline pool

Stream/component RON

Alkylate 97
Ethanol 109
MTBE 117
Toluene 120.1
o-Xylene 120.0
m-Xylene 145.0
p-Xylene 146.0
Ethyl benzene 107.4
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aromatics, especially benzene, are saturated to cyclic hydrocarbons to produce MS 
pool blendstock. However, keeping in view the ever-increasing pressure on gross 
refinery margin (GRM) improvement and high hydrogen production cost, it is of 
utmost importance to valorize the aromatics stream, especially benzene, with the 
process having an ease of integration with existing refinery operation. Acid- 
catalyzed aromatic alkylation is such a route that could fetch several valuable petro-
chemicals or chemical intermediates. Ethyl benzene, styrene, cumene, and xylene 
are such valuable monomers/intermediates that come through benzene alkylation. 
Thus, the integration of refinery units with petrochemical units with a suitable 
choice of advanced catalyst bed has become popular among oil refiners. Accordingly, 
several processes and catalyst formulations have been developed and licensed by 
technology providers. Today, considering the future outlook of aromatic/benzene 
consumption for obtaining valorized products, benzene to cyclohexylbenzene 
(CHB) and toluene to styrene are gaining major focus by researchers and technol-
ogy developers. Benzene and toluene conversion to CHB and styrene, respectively, 
would offer a platform for valorization of gasoline-range aromatics.

In view of the above, the present chapter deals with the issues related to the cur-
rent processes for production of alkylate, cyclohexylbenzene, and styrene and 
brings out the advances made in improving these processes in terms of development 
of green catalytic processes.

1.1  C4-Alkylation

Alkylates were first produced during World War II in the late 1930s and early 1940s 
by the collaborative effort of companies in America to produce high-quality and 
high-octane gasoline to be used in the warplanes. Since then, various catalysts and 
processes have been improved upon as alkylation is becoming an essential unit for 
refiners to produce Euro-VI gasoline. Alkylation of isobutane with C3-C5 olefins in 
the presence of catalyst results in the production of high RON stream for the gaso-
line pool [4]. Currently, the contribution of the alkylate to the gasoline pool is 
approximately 15%, and research octane numbers (RONs) of about 93–97 are 
obtained for the products [5].

Conventionally, alkylation is carried out by employing conventional mineral acid 
catalysts; however, such processes are now being avoided due to corrosion issues 
related to catalyst nature, toxicity, environmental damage due to production of high 
amounts of effluents, and the complexities involved in the process. Thus, environ-
mentally friendly solid acid-catalyzed processes are now being considered, and 
research efforts are being carried out in this area. The use of heterogeneous catalysts 
serves as a platform to overcome the environmental concerns by reducing the capi-
tal and operational expenditures. The desired catalyst systems are being developed 
based on the alkylation mechanism as given below.
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1.1.1  C4-Alkylation Fundamentals

Alkylation is a bimolecular nucleophilic substitution reaction wherein the olefin 
molecule reacts with an iso-paraffin such as isobutane to form branched paraffins in 
the presence of strong Bronsted or Lewis acid catalyst [6]. The acid catalyst helps 
in forming carbocation intermediate, which undergoes rearrangement to form the 
carbocation that is most stable and then the stabilized electron-deficient cation 
reacts with electron-rich olefin to form large alkyl cation. Such a large cation even-
tually abstracts tertiary proton from isobutene and generates isoalkane/alkylates as 
a product along with isobutane cation. Isobutane cation helps in propagating the 
reaction further by reacting with another olefin molecule. The schematic diagram of 
the detailed catalytic mechanism is given below using hydrofluoric acid (HF) as an 
acid catalyst (Fig. 1). In the case of HF, fluoride acts as a stable anion and it donates 
proton as a Bronsted acid source to form cation intermediate. However, for Lewis 
acid-catalyzed alkylation, the metal complex-based cation coordinates with olefin 
to generate carbocation intermediates, and thus the rest of the mechanism for form-
ing alkylates remains the same.

1.1.2  Current/Conventional Alkylation Processes: Mineral Acids

Today, conventional alkylation processes use strong mineral acids such as sulfuric 
(H2SO4) and hydrofluoric acids as alkylation catalysts in refineries, of which 45% of 
the world’s installed capacity is based on H2SO4 and 55% is based on HF [7–13]. 
Since the reaction proceeds via carbocation intermediates, it can undergo several 
side reactions by rearranging to various stable forms and results in the formation of 
a complex product mixture (about 75–150 compounds) having a wide boiling range. 
The reaction of isobutane with 1-butene and 2-butene leads to the formation of tri-
methyl pentanes (TMPs) in the presence of sulfuric and hydrofluoric acids with the 
product having an octane number in the range of 90–98 (Table 3) [14]. However, 
this requires the proper selection of feedstock, catalysts, and operating conditions.

The HF-based processes are more severe as compared to H2SO4-based processes 
with respect to the reaction conditions. For achieving high-octane number with 
lower acid consumption, it is required to maintain high surface area at the interface 
of the catalyst and hydrocarbon along with continuous acid emulsion and an acid to 
hydrocarbon ratio of 45:65 (v/v) [15]. The quantity and quality of products are gov-
erned by factors such as concentration of alkane, space velocity of olefin, tempera-
ture, concentration of catalyst, and mixing. Even though there are significant 
technological advancements over the years for the production of alkylates using 
mineral acid catalyst, the environmental concern still remains a major challenge 
while using such strong liquid acids.
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Step-2:  Cation rearrangement 

Step-3: Reaction with olefin 

Stept-1: Formation of cation 

Step-4: Chain termination and isobutane cation generation 

Step-5: Recovery of the catalyst 

Fig. 1 Mechanism of the alkylation process
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1.1.3  Development of Environmentally Friendly Solid Catalysts 
for Alkylation Processes

The use of heterogeneous catalysts can overcome environmental and corrosion 
problems with reduced capital and revenue costs. The solid acid catalyst system can 
be based on Bronsted or Lewis acids. Aluminum chloride (AlCl3)-based catalyst in 
the presence of hydrochloric acid was the first Lewis acid catalyst used in this reac-
tion. The salts of hydrofluoric acid such as antimony pentafluoride (SbF5) and boron 
trifluoride (BF3) have also been exploited for C4 alkylation reactions [16]. Other 
solid acid catalysts like zeolites, sulfated zirconia, mixed oxides and heteropolyac-
ids, and acid resins have also been explored by researchers for alkylation reactions 
[17–46].

Sulfated zirconia and sulfated alumina are good catalysts for this reaction. 
Sulfated zirconia is highly active due to higher strength of acid sites equivalent to 
Hammett acidity (Ho) of ≤−16.04, while sulfated alumina, due to its low acidity 
(Ho ≤ −14.5), possesses low activity [47–52]. However, sulfated alumina is widely 
available, heat resistant, cost effective, and thermally stable due to which it is con-
sidered superior to sulfated zirconia. The activity of sulfated oxides depends on the 
amount of the sulfate content, and only the monolayer coverage of the substrate is 
required, after which there is a decrease in the catalytic activity and faster deactiva-
tion due to accumulation of the sulfate ions. The accumulation of the sulfate ions 
leads to reduction in pore size distribution and pore diameter of the catalyst support 
due to the transformation of mesopores to micropores. The catalytic activity initi-
ates when the content of the sulfate ion reaches more than half of the monolayer 
coverage [53]. The properties of the catalysts depend on the type of sulfate precur-
sor used. The use of sulfuric acid as a precursor initially leads to the dissolution of 
the support and subsequent deposition of sulfate species at the time of drying. When 
ammonium sulfate is used as the precursor, the interaction with the support occurs 
during the calcination stage. The active sites are mainly monosulfate or polysulfate 
species bonded to the oxide surface in the case of sulfate-promoted oxides 
[48, 54–56].

The synthetic polymer Nafion (sulfonated tetrafluoroethylene-based fluoropoly-
mer copolymer) can also be used for C4 alkylation [57–60]. Even though Nafion 
possesses strong acidity due to the presence of electron-withdrawing perfluorocar-
bon groups, its low surface area is the cause of poor catalytic activity. The use of 

Table 3 Conventional 
catalysts used in the 
alkylation reaction and octane 
numbers achieved by them

HF H2SO4

RON RON

Propylene 89–92 91–93
1-Butene 97–98 90–91
2-Butene 97–98 96–97
Isobutene 90–91 94–95
Amylenes 90–92 90–92
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high surface area support results in an increase in the surface area of the Nafion 
moiety [45, 61–64]. When Nafion resin was supported on mesostructured SBA-15 
modified by –OH capping, a high surface area of 400 m2 g−1 was obtained with nar-
row pore size distribution. The capping of surface –OH leads to a decrease in the 
density of surface silanol groups, thus providing a hydrophobic environment for the 
isobutane/1-butene reaction [65]. Its thermal stability ranges between 453 and 
473 K [66].

Zeolites, especially large pore, are also found to be effective for alkylation of 
butenes with isobutane, due to their large pore size and excellent hydrothermal sta-
bility [67–69]. Although zeolite catalyzes hydride transfer, which is a rate determin-
ing step, in C4 alkylation they undergo fast deactivation [70–73]. In this context, 
Faujasites (Zeolite-X and Y), beta, mordenite, and MCM-22 [20, 26, 27, 74–98] 
have been studied. Lanthanum- or cerium-modified zeolite catalysts prepared via 
ion exchange route offer preference for the formation of high RON hydrocarbons 
2,3,3- and 2,3,4-TMPs (RON 106.1 and 102.7) as compared to 2,2,4-TMP 
(RON-100) [26, 99]. The effect of zeolite pore diameter can be observed from the 
difference in TMP distribution obtained while using zeolites vis-à-vis mineral acids 
(H2SO4/HF) [7]. Likewise, alkyl chloride-doped C4 alkylation over metal-exchanged 
Y-zeolite is reported to have significantly slower deactivation with the TMPs being 
produced at higher concentration in the product as compared to the H-form of the 
zeolite [100]. This is because of the formation of a metal halide and framework- 
bonded alkoxide in the presence of an alkyl halide and the Lewis acidity of the 
metal site present on the metal-exchanged zeolite. The alkoxide so formed acts as a 
carbocation to participate in the reaction as shown in Fig. 2 [7, 70, 71].

However, rapid deactivation of zeolite-based catalysts poses a challenge for the 
development of the commercial alkylation process. The limitations of zeolite-based 
catalysts are given in the following section.

1.1.4  Challenges of Zeolite-Based Catalysts: Deactivation

Based on the literature data, the formation of trimethyl pentanes (TMPs) over 
zeolite- based catalysts is often reported to decrease with an increase in the time of 
the reaction. This decrease in the formation of TMPs may be attributed to many fac-
tors such as the concentration of olefins in feed, feed rate, and reaction temperature. 
Moreover, it is also limited due to the framework acidity of zeolite. The lower 

Fig. 2 Formation of framework alkoxide on metal-exchanged zeolites in the presence of an alkyl 
chloride
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framework acidity of zeolite limits hydride transfer step; therefore, it is essential to 
tune the SAR ratio of the zeolite framework to maintain hydride transfer rate during 
reaction [70, 71, 101–103]. Such a feature is imparted to the zeolite catalyst by 
lowering the Si/Al ratio to an optimum level (Table 4). It is a well-known fact that 
zeolite catalysts undergo rapid deactivation due to coke formation [17, 36, 85] 
owing to the presence of olefinic precursors in constraint pore geometry. The deac-
tivation rate is influenced by the temperature of the reaction as it affects the oligo-
merization, sorption property, and diffusion phenomena, which are major factors for 
the formation of trimethyl pentanes (TMPs) in zeolite framework [7, 84, 104].

Reaction at low temperature favors the adsorption and oligomerization while 
coke formation occurs at higher temperature [21, 37, 105]. All the aforementioned 
side reactions occur along with alkylation and are unavoidable. Therefore, the acid-
ity and the pore structure of the catalyst are important to increase the extent of 
alkylation reactions and minimize side reactions over the zeolite catalyst [68, 106]. 
Therefore, the stability of the zeolite-based catalysts is a major hurdle toward the 
successful implementation of such processes. The regeneration of the catalyst can 
be done to overcome the loss due to catalyst deactivation. The literature suggests 
that for solid catalysts to be competitive with existing processes based on H2SO4 and 
HF, the catalyst must survive multiple regeneration (as many as several hundred) 
cycles [181]. To achieve this objective, the concept of wide pore and micro-meso 
zeolites have been effectively used in developing zeolite-based catalysts.

Thus, research on zeolites with extra-large pores and/or with shorter diffusion 
pathway is being carried out extensively. Frameworks like VPI-5, UTD-1, and 
ECR-34 containing rings of 18, as well as 14 T-atoms, have been synthesized 
[107–109]. However, these systems offer lower acidity, less thermal stability, and 

Table 4 Comparison of product selectivities of Y zeolites with different silica to alumina 
ratios [17]

Catalyst Y-1 Y-2 Y-3 Y-4

Si/Al 5.4 13.6 35.3 62.2
C5+(wt%)

C5-C7 24 19.2 10.5 13.3
C8 59.5 54.4 49.3 39.6
C9+ 16.5 26.4 39.8 47.1
C8(wt%)

TMP 70.0 63.0 11.9 18.2
DMH 23.1 30.6 55.3 55.2
Olefins 6.9 6.4 32.8 26.6
TMP/DMH ratio 3.03 2.06 0.22 0.22
TMPs (wt%)

2,2,4-TMP 34.2 32.9 22.6 26.3
2,2,3-TMP 7.4 6.3 18.1 15.3
2,3,4-TMP 28.3 31.6 36.8 36.2
2,3.3-TMP 30.1 29.2 22.5 22.2

Emerging Trends in Solid Acid Catalyst Alkylation Processes



118

unidirectional pore systems. Furthermore, unsuccessful attempts have been made to 
reduce the inter-crystalline diffusion path by tailoring morphology and crystal size 
of the zeolite.

The development of hierarchical zeolite systems might help to overcome the 
above synthetic limitations and to reduce the inter-crystalline diffusion path in zeo-
lite micropores [110–112]. Hierarchical zeolites couple within them the catalytic 
features provided by the micropores and the higher diffusivity provided by the large 
mesopores. However, the connectivity between the various levels of pores is vital to 
maximize the benefits of interconnected hierarchy, which refers to the voids net-
work generated within the crystal space by fragmentation of the microporous crys-
tal. Typically, hierarchical zeolite systems, also known as micro-meso zeolites, are 
extensively prepared by top-down and bottom-up approaches. The top-down 
approaches are based on postsynthetic treatments and easy to scale up and experi-
mentally simple [113, 114], as shown in Fig. 3. The concept of micro-meso zeolites 
is being investigated for the development of improved catalysts for the C4 alkylation 
process.

Based on the aforementioned solid acid catalysts developed/being developed, 
commercial processes are evolved. The details for the same are given in the follow-
ing section.

1.1.5  Zeolite-Based Commercial C4 Alkylation Processes: Key 
Feature Requirement

Owing to rapid deactivation due to coking, it is imperative to state that methodology 
for catalyst regeneration holds the key to the commercial success of the process. 
Commercial processes are being developed depending on three key regeneration 
methods, which are described below.

 1. Cyclic regeneration: The concept of fluid catalytic cracking has been exploited 
to carry out regeneration of zeolite-based catalysts. This requires zeolite with 
excellent thermal stability, which is usually demonstrated by ultrastable zeolite 

Fig. 3 Top-down approach to hierarchical zeolite
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Y.  However, it offers a challenge in its adoption for alkylation process 
 development due to the exothermic nature of the reaction, which in turn demands 
rapid cooling of regenerated catalyst to meet desired low to moderate tempera-
ture in the reaction zone.

 2. Solvent extraction: This concept employs solvent to extract hydrocarbon depos-
its from the spent catalyst but has limitations in extracting coke. In the alkylation 
process, solvents like isobutane and supercritical solvents have been tested for 
their effectiveness, but they all lead to only partial restoration of the activity.

 3. In situ regeneration in the presence of hydrogen: Hydrogen is also widely used 
in the regeneration of solid acid catalysts. The treatment is carried out at reaction 
as well as elevated temperatures. The catalyst is typically loaded with a hydroge-
nation function, for example, a nobel metal. The regeneration takes place through 
two mechanisms depending on the temperatures used. Hydrogenation of highly 
unsaturated species, which block the acid sites and not the pores, takes place at 
temperatures below 373 K. At higher temperatures, hydrocracking of the bulky 
long-chain alkanes, which block the pores, occurs, resulting in the regeneration 
of the catalyst.

Considering these facts, solid acid alkylation processes are developed as per 
details given below:

CB&I, Albemarle Corp., and Neste Corp. AlkyClean™ Process

The world’s first commercial-scale, solid acid catalyst-based alkylation unit with a 
capacity of 2700 barrels per day of alkylate production (100,000 tpy), based on the 
AlkyClean technology jointly developed by CB&I, Albemarle Corp., and Neste 
Corp., has been put on stream in 2015 at Zibo Haiyi Fine Chemical Co. Ltd., China 
[115]. The AlkyClean technology uses Pt/US-Y, a fixed-bed zeolite developed by 
Albemarle with the trade name of AlkyStar. The temperature of the operation is 
323–363 K, and the isobutane/alkene feed ratio is kept between 8 and 10 [116]. 
There are no stringent requirements for feed treatment as the catalyst is robust and 
insensitive to feed impurities. A high-quality alkylate product is produced by the 
AlkyClean process using the novel reactor scheme of CB&I, without the use of 
conventional liquid acid catalysts typical of conventional alkylation technologies, 
thus making the process inherently safer and cost effective. With the elimination of 
downstream treatment of waste streams such as acid soluble oils, the AlkyClean 
process is an efficient technology for the production of alkylate compared to min-
eral acid-based process. The process utilizes a series of reactors with distributed 
injection of olefin feed to achieve high isobutane/alkene ratios internally. It is 
claimed that the reactor configuration reduces the alkene gradients across the reac-
tor by achieving a high degree of mixing. Thus, the process operates with multiple 
reactors, which alternate between reaction and regeneration mode of operations. 
The regeneration is performed at reaction temperature and at an elevated tempera-
ture of 523  K.  In both cases, the regeneration is carried out in the hydrogen 
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atmosphere, and the catalyst is partially regenerated at low temperature and fully 
regenerated at high temperatures.

LURGI EUROFUEL® Process

A zeolite Y-catalyzed alkylation process termed as LURGI EUROFUEL® has been 
jointly developed by LURGI and Süd-Chemie AG. The reactor is based on the con-
cept of tray distillation towers. The catalyst is mixed with isobutane and fed at the 
top of the tower, and the alkene-isobutane mixture is introduced in stages (Fig. 4). 
The evaporation of the reaction mixture helps in the dissipation of the heat evolved 
during the reaction. Thus, overall pressure and the composition of the liquid control 
the process temperature. The agitation of the catalyst reactant mixture is achieved 
by the boiling mixture of alkylate and isobutane. The separation of the catalyst takes 
place at the bottom of the column, and most of the alkylate/isobutane mixture is 
taken to the separation section. The separated isobutane is recycled and taken to the 
top of the reaction column by mixing with the catalyst. The catalyst is intermittently 
exposed to high hydrogen levels in order to reduce the pile-up of unsaturated com-
pounds on the catalyst surface.

The zeolite Y-based catalyst employed in the process is tuned to achieve high 
concentration of Brønsted acid sites and lower concentration of Lewis acid sites 
along with hydrogenation function. The operating temperature of the process is in 
the range of 323–373 K with the ratio of i-butane/alkene maintained between 6 and 
12, and the space velocity of the alkene is higher than in the liquid acid-based pro-
cesses [117].

Fig. 4 Lurgi Eurofuel® solid acid-based alkylation process. (Adapted from [117])
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KBR K-SAAT™ Process

The K-SAAT next-generation solid acid alkylation technology is developed jointly 
by M/s KBR and Exelus. The key component of the K-SAAT technology is a highly 
engineered zeolite Y-based ExSact catalyst, which provides superior alkylation per-
formance by overcoming the occurrence of rapid deactivation in solid acid catalysts. 
This highly engineered catalyst with regard to pore architecture and framework 
acidity allows optimized reactions in the form of reduced mass transfer to prevent 
pore blockage while promoting alkylation over polymerization and favors the for-
mation of 2-butene from 1-butene and highly selective toward 2,2,3 and 
2,3,4- trimethylpentane. It is characterized by higher activity, 24 h of cycle time, 5 
years of catalyst life, high alkylate RON, and simplified process design. This 
K-SAAT process is a highly efficient, cost-effective, environmentally benign, and 
safe technology for production of higher quality alkylate as compared to the con-
ventional liquid acid catalysts or other solid acid catalysts (Table 5).

In view of the above, advances in solid acid catalysts have enabled the develop-
ment of robust and commercially viable catalyst systems, which now offer as an 
alternative for the traditional mineral acid-based alkylation process. The summary 
of developed alternative processes is given below in Table 6.

1.2  Aromatic Alkylation: Industrial Importance

Introduction of an alkyl group into the organic compound, through aromatic proton 
substitution, is often referred to as alkylation. Acidic catalyst plays a vital role in the 
alkylation reaction. In the case of acid-catalyzed alkylation, the alkyl group gener-
ally forms a stable carbocation intermediate, which is then inserted through pi- 
electron cloud of an electron-rich aromatic core by substituting a hydrogen atom. As 
an example, toluene alkylation with ethanol is given in Fig. 5.

Sometimes, the side chain attached to the aromatic core, for example, methyl 
group in toluene, can undergo deprotonation in the presence of basic catalysts and 
imparts electron-rich anionic centre to react with alkyl carbocation to form 

Table 5 Comparison of K-SAAT with mineral acid-based processes

K-SAAT
Mineral acid-based process
H2SO4 HF

Alkylate RON 99+ 98 95–96
Alkylate yield (vol/vol olefin) 1.88 1.77 1.78
Acid soluble oil formation 0% 1–1.5% 0.5%
CAPEX 1.0 1.2a –
OPEX (including maintainence) 1.0 1.4 1.6
Special metallurgy No Yes Yes

aExcludes the acid regeneration facility
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side-chain alkylation product. Thus, aromatic alkylation requires (a) alkylating 
agent, (b) acidic catalyst for ring alkylation, and (c) basic catalyst for side-chain 
alkylation. Refiners use benzene, toluene, and xylene as aromatic sources and meth-
anol, ethanol, ethylene, isopropanol, propylene, cyclohexene, etc. as alkylating 
agents. Depending on the source of aromatics and alkylating agents, several aro-
matic alkylation products such as xylene, ethylbenzene, cumene, and liner alkyl 
benzene are commercially available and are widely being used as vital petrochemi-
cal intermediates (Fig. 6).

In recent times, benzene alkylation with cyclohexene, which is produced in situ 
via partial hydrogenation of benzene’s double bonds, is bringing major attraction to 
researchers and technology developers. Such alkylation produces cyclohexyl 

Table 6 Summary of commercial alkylation technologies

Process Licensor Catalyst Reactor type Operating conditions

AlkyClean Akzo 
Nobel/
CBI

Pt/USY catalyst Multiple fixed-bed 
reactors in parallel for 
continuous regeneration

Temperature = 323–
363K

Alkylene UOP Proprietary 
catalyst

FCC-like reactor for 
continuous regeneration

Temperature = 283–
313K
P/O = 6–15

EUROFUEL Lurgi FAU-based 
catalyst

Reactive distillation Temperature = 323–
373K
P/O = 6–12

Fixed-bed 
alkylation 
(FBA)

Haldor 
Topsøe

Triflic acid 
supported on 
porous material

Fixed bed Temperature = 273–
293K

Fig. 5 Ring alkylation on aromatic compounds
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benzene (CHB) as a valuable product. CHB can be the potential replacement of 
cumene for the phenol production process.

Typically, Brönsted acids such as HF, H2SO4, and H3PO4 and Lewis acids such as 
AlCl3, AlMe3, and BF3 are the common acids for such alkylation. However, these 
acids are very strong in nature, and thus carbocations undergo various associations 
and dissociation reaction resulting in several byproducts. Furthermore, these acids 
are corrosive in nature and pose challenges in process operation and handling pro-
cess effluent. Therefore, solid acid catalysts have gained significant importance in 
developing eco-friendly alkylation processes. In this context, zeolites have gained 
significant attention owing to their nature, framework structure, and pore architec-
ture, which provide better product selectivity in comparison with conventional acid 
catalysts. Thus, zeolite-based catalysts are becoming one of the sustainable alterna-
tives for alkylation process development.

This section entails (a) benzene alkylation to CHB, a promising alternative to 
conventional cumene-based phenol production process and (b) toluene side-chain 
alkylation to styrene, a less energy consuming process than conventional styrene 
production through dehydrogenation route. Furthermore, it deals with the sustain-
able zeolite catalyst development on said alkylation processes with their emerging 
trend, commercial processes, and future prospect in commercial realization.

1.2.1  Hydroalkylation of Benzene to Cyclohexylbenzene (CHB)

CHB has a wide range of applications from solvents and plasticizer in plastics to the 
areas of coatings and adhesive [118]. In lithium-ion batteries, it is used as an over 
charge protecting agent, also as a starting material for synthesis of LCD derivatives. 

Fig. 6 Petrochemicals’ value chain

Emerging Trends in Solid Acid Catalyst Alkylation Processes



124

Biphenyl, which is produced by dehydrogenation of CHB, is mainly used in heat 
transfer applications and as a dye carrier in the textile industry [119]. The CHB 
value chain is depicted in Fig. 7.

CHB can also be used as an intermediate for the synthesis of phenol. Phenol is 
used in the synthesis of several industrially important products like bisphenol A, 
alkylphenols, phenolic resins, and caprolactam [120]. Currently, the Hock process 
is the most widely used technology for phenol production globally. This process is 
based on alkylation of benzene in the presence of propylene to produce cumene and 
subsequently its oxidation to cumene hydroperoxide and its further cleavage to phe-
nol and side product acetone [120, 121]. This process is economical when the 
demand for both phenol and acetone is proportionate to their production rate of 1:1 
molar ratio for phenol and acetone. However, the global phenol demand is increas-
ing at a much rapid rate than for acetone, making the Hock process less viable 
[120–122]. Therefore, there is a need to look for an alternative process for phenol 
production.

One of the potential attractive routes for phenol could be the synthesis of ben-
zylic hydroperoxide by oxidation of cyclohexylbenzene and splitting of the hydro-
peroxide to produce phenol and cyclohexanone, as shown in Fig. 8. Furthermore, 
the cyclohexanone co-produced in this alternate route is more valuable and is useful 
for the production of adipic acid, caprolactam, and nylon [123, 124]. This process 
does not utilize costly propylene as a raw material [120–122]. However, the 

Fig. 7 The CHB value chain
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commercial production of CHB will depend on the development of efficient cata-
lysts and economical process.

1.2.2  Conventional Process for Synthesis of CHB

The conventional route for production of CHB is direct alkylation of benzene with 
cyclohexene in the presence of aluminum chloride or sulfuric acid as catalysts. This 
route not only offers low selectivity (around 44%) for CHB but also uses catalysts 
that are hazardous in nature [125, 126]. Hence, it is essential to look for alternate 
environmentally benign routes to overcome the hazards associated with the conven-
tional route.

1.2.3  Alternative Route for Hydroalkylation of Benzene

Hydroalkylation of benzene involving partial hydrogenation of benzene followed 
by alkylation of benzene is a potential alternative route for CHB synthesis [123, 
127]. Bifunctional catalysts are required for hydroalkylation reaction where cyclo-
hexene is produced by partial hydrogenation of benzene on metal sites and 

Fig. 8 Synthesis of phenol from CHB
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alkylation of benzene with cyclohexene takes place on the acid site to produce CHB, 
as shown in Fig. 9.

During the reaction, side products like cyclohexane, dicyclohexylbenzene 
(DCHB), and methyl cyclopentane are reported to form, which affect the selectivity 
of CHB. It is further reported that formation of bicyclohexyl also takes place by 
hydrogenation of CHB under severe operating conditions [123, 127]. The literature 
reports the use of several bifunctional catalyst recipes based on metals like Ni, Co, 
Zn, Pd, Pt, Ru, Rh, Re, and Sn supported on SiO2, Al2O3, and zeolites like MOR, 
Beta, 13X, and MCM-22 for benzene hydroalkylation [120–122, 128, 129]. The 
production of CHB as a side product was first reported during the hydrogenation of 
benzene using nickel catalyst in the presence of phosphoric anhydride [130]. 
Subsequently, production of CHB was reported on solid catalysts through hydroge-
nation of benzene using alkali metal supported on Al2O3 as a catalyst and group VIII 
metal deposited on acid function like SiO2-Al2O3, AlCl3, and BF3 [126, 131]. Since 
then, several research articles and patent by prominent industrial companies like 
Shell, Phillips Petroleum, Universal Oil, Texaco, Total, and Exxon Mobil have been 
published/filed for the production of CHB [132–135].

The effect of catalyst pretreatment and operating conditions on the catalyst activ-
ity were studied for hydroalkylation of benzene on a series of nickel-supported sil-
ica-alumina catalysts in batch reactor [136]. This study reported that selectivity of 
CHB is proportional to the quantity of acid sites, and silica-alumina with 42 wt% of 
alumina was the best support for the hydroalkylation reaction due to higher acidity 
of the support . The author also studied the effect of catalyst metal content on the 
hydroalkylation selectivity and activity. The activity of the catalyst increased with 
nickel content; however, CHB selectivity decreased due to higher hydrogenation 

Fig. 9 Benzene hydroalkylation pathway for CHB
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activity with increased metal loading. Furthermore, an increase in reduction tem-
perature of the catalyst leads to an increase in the activity of the catalyst without 
affecting product selectivities. Nickel content of 3–5 wt%, catalyst reduction tem-
perature of 723–773 K, catalyst calcination temperature of 973–1073 K, and reac-
tion temperature of 473 K are found to be optimal. The best catalyst was 5 wt%Ni 
loaded on silica-alumina wherein selectivity of 64% was obtained for CHB at 35% 
conversion of benzene.

A four-component catalyst system consisting of zeolite 13X loaded with plati-
num, nickel, and rare-earth ions has been reported for benzene hydroalkylation 
[127]. The study reported the effect of Ni, Pt, and rare-earth metal content on the 
performance of the catalyst in terms of its activity and selectivity for benzene 
hydroalkylation. It has been reported that only Ni/13X favors the formation of 
cyclohexane during benzene hydroalkylation whereas by modification of the Ni/13X 
with rare-earth metals favors the formation of CHB by hydroalkylation route. This 
improvement in selectivity for rare-earth-modified Ni/13X is due to the reduction in 
adsorption strength of benzene by alteration in the electron transfer to the metal, 
which favors hydroalkylation over hydrogenation, thus improving the selectivity for 
CHB [127]. This study also claims that hydroalkylation is favored at lower tempera-
tures by addition of small quantity of platinum, which facilitates a better reduction 
of nickel. With the addition of 0.1  wt% platinum, the temperature required to 
achieve similar benzene conversion was reduced from 670 to 450 K. A selectivity of 
70% was obtained for CHB on the best catalyst, 5 wt%Ni/10 wt%Re/0.1 wt%Pt 
loaded on 13X zeolite at a benzene conversion of 20% [127].

Benzene hydroalkylation activity was also studied on palladium-supported beta 
zeolite in a batch process [128]. This study reported the effect of parameters like 
metal loading, type of metal, and zeolite silica to alumina ratio (25–200), on the 
performance of the catalyst. Zeolite beta with a low Si/Al ratio showed higher selec-
tivity for alkylation due to the presence of higher Brønsted acid sites. The nickel- 
loaded catalyst showed very low activity, whereas ruthenium and rhodium showed 
high activity with a benzene conversion of around 100%; however, the selectivity 
for CHB was very low (around 2%). On the other hand, the palladium-modified 
catalyst gave a selectivity of 67% at a benzene conversion of 28%. 0.2 wt% palla-
dium was reported to be optimal for achieving respectable CHB selectivity. With an 
increase in Pd loading beyond 0.2wt%, the activity of the catalyst increased, leading 
to higher benzene conversion. However, the CHB selectivity is reported to decrease 
due to increased hydrogenation activity leading to complete hydrogenation of the 
intermediate cyclohexene. This study also reported the effect of reaction conditions 
like temperature, pressure, and reaction time on the activity and selectivity of the 
catalyst. With an increase in reaction temperature, benzene conversion increased 
linearly; however, the selectivity of CHB decreased due to an increase in the selec-
tivity for cyclohexane and DCHB. A similar trend was seen with an increase in 
hydrogen pressure and reaction time. Based on the obtained results, it was con-
cluded that zeolite beta with a silica to alumina ratio of 25 and loaded with 0.2% Pd 
having an optimum ratio of metal active sites and acidic sites is a potential catalyst 
for benzene hydroalkylation and is the key for selectivity to CHB. This study also 
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investigated the effect of zeolite acidity, nature of metal, and metal wt% to derive 
optimum catalyst composition for hydroalkylation of benzene.

Hydroalkylation activity of mordenite and beta zeolites modified with 0.2 wt% 
of ruthenium has been performed in a batch reactor with cyclohexane as a solvent 
[137]. The study demonstrated that beta zeolite with 0.2 wt% Ru possessed higher 
activity than mordenite loaded with 0.2 wt% Ru due to easy access of acid sites for 
hydroalkylation, leading to the selectivities of 60–40% for CHB and DCHB cumu-
latively at a benzene conversion of 30 and 80%, respectively. Comparing the results 
at the same benzene conversion showed higher CHB selectivity using beta zeolite 
with 0.2 wt% Ru as compared to mordenite loaded with 0.2 wt% Ru.

More recently, hydroalkylation of benzene using more complex Pd/HBeta core–
shell catalyst with extra acid sites produced by coating Si-Al framework outside the 
conventional Pd/HBeta has been reported [138]. Thus, prepared zeolites were modi-
fied with Palladium metal 0.1–4.0 wt%) and evaluated for hydroalkylation of ben-
zene using a batch reactor. By employing the above approach, the Lewis and 
Bronsted acid sites of Pd/HBeta increased by 19 and 58%, respectively, as com-
pared to Pd/HBeta. Furthermore, Pd@HBeta showed 44% CHB selectivity at 85% 
conversion of benzene as compared to 25% CHB selectivity using Pd/HBeta at 
similar benzene conversion. The enhanced activity and CHB selectivity in the case 
of Pd@HBeta as compared to Pd/HBeta were attributed to the presence of higher 
Bronsted acidity in the case of Pd@HBeta. Additionally, increased Pd metal loading 
on Pd@HBeta and Pd/HBeta increased benzene conversion; however, CHB selec-
tivity decreased, thus confirming the fact that higher metal sites favor hydrogenation 
instead of hydroalkylation. Hydroalkylation performance of different metal- 
modified HBeta catalyst were also evaluated under similar operating conditions. 
Beta zeolite modified with 0.2 wt% Rh and Ru yielded benzene conversion of 85% 
followed by Pd with 56% benzene conversion. On the other hand, Ni-modified beta 
showed very low benzene conversion (1.3%) without any CHB yield. Among all the 
metal tested, CHB selectivity was the highest for Pd (25.1%), followed by Rh 
(18.3%) and Ru (15.8%) at the same benzene conversions of 85%. Similarly, the 
effect of support acidity on hydroalkylation performance was studied using differ-
ent catalyst supports (HY, HMCM-41, γ-Al2O3, and SiO2). Among all the catalysts 
tested, Pd/ SiO2 showed the least activity for benzene conversion as there are no acid 
sites present on the catalyst support followed by Pd/MCM-41, Pd/HY, and Pd/γ- -
Al2O3. However, on catalysts Pd/ SiO2, Pd/MCM-41 and Pd/γ-Al2O3 selectivity for 
CHB was insignificant, thus confirming the fact that Brönsted acid sites are vital for 
the hydroalkylation reaction. In addition to this, the effect of the ratio of Brönsted 
acid sites and Lewis acid (nB/nL) and Brönsted acid/metal sites (nB/nm) were also 
studied. As per obtained results, higher ratio of nB/nL is found to favor hydroalkyl-
ation. Furthermore, the effect of metal particle size has been investigated. The 
obtained results showed that catalysts with smaller metal particles showed margin-
ally higher benzene conversion with higher selectivity for cyclohexane, whereas 
catalysts with higher metal particle size favored hydroalkylation.

Summary of suitable features for the literature-reported bi-functional hydroal-
kylation catalysts is listed in Table  7. Several bifunctional catalyst recipes 
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comprising zeolites like MOR, beta, 13X, Y, and MCM-22 with metals like Pd, Ru, 
Ni, Pt, and Rh supported on them have been studied for hydroalkylation of benzene. 
There are several critical properties like metal type, metal content, zeolite type, acid 
site density, and acid to metal site molar ratio that affect the activity of the catalyst 
and selectivity of CHB during the hydroalkylation of benzene. Summary of prefer-
able operating conditions from literature reports for the hydroalkylation of benzene 
is reported in Table 8. An increase in the reaction temperature leads to an increase 
in the benzene conversion due to an increase in reaction rates at higher tempera-
tures; however, higher temperature leads to more side reactions leading to a drop in 
hydroalkylation selectivity. Furthermore, too much high temperature favors dehy-
drogenation reactions leading to a drop in hydrogenation activity as well. Similarly, 
hydrogen pressure has a positive influence on benzene conversions due to an 
increase in hydrogen availability on the catalyst surface at higher pressure. However, 
high pressure favors hydrogenation reactions leading to lower hydroalkylation 
selectivity. The same is the case with hydrogen to benzene ratio with higher hydro-
gen to benzene ratio favoring benzene conversion, and very high values of hydrogen 
to benzene ratio leads to lower CHB selectivity. In view of the above, there are 
optimum values for all these parameters where benzene conversion and CHB selec-
tivity are at commercially feasible values. The performance of benzene hydroalkyl-
ation catalysts mentioned in the literature is summarized in Table 8. A list of several 
catalyst formulations reported in the literature is described in Table 9, out of which 
catalysts 5, 6, and 8 have shown superior catalytic performance in hydroalkylation 
of benzene at reasonably higher benzene conversions and exhibited good selectivity 
for CHB [144].

Table 7 Summary of suitable features of reported bi-functional hydroalkylation catalyst

Features Purpose
Details from 
literature Reference

Metal type Hydrogenation of benzene to cyclohexene 
requires metal function

Pt, Pd, Ru, Rh, 
and Ni

[128, 139]

Metal content Metal site density affects the activity of the 
catalyst

0.2–5 wt% [136, 139, 
140]

Promoters Helps in desorption of cyclohexene from the 
catalyst surface. Upon desorption, cyclohexene 
alkylates with benzene to form CHB

Ca, Sn, Ni, and 
rare-earth 
metals

[127]

Promoters 
content

Important for increasing the hydroalkylation 
selectivity

0.1–10 wt% [127]

Zeolites type Provides the acid function for the catalyst and the 
acid function is required for the alkylation 
reaction

MOR, Beta, 
13X, Y, 
MCM-22

[137, 138]

Si/Al ratio of 
zeolites

Density of acid sites is critical for the catalyst 
performance in terms of activity and selectivity

1–100 [128, 141]

Acid to metal 
site molar 
ratio

The ratio of acid to metal site density of the 
catalyst influences the hydrogenation and 
alkylation reaction to happen in tandem, leading 
to higher selectivity for hydralkylation

20–120 [142, 143]
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1.3  Toluene Alkylation with Methanol to Styrene

Styrene is the most important part of the value chain of the modern petrochemical 
industry, and its market is continuously growing at a rate of 4% per year. Its demand 
has grown from around 20,000 kilotons in 2000 to around 28,000 kilotons in 2010 
[145]. The demand for synthetic styrene-butadiene rubber (SBR) increased during 
World War II, and this prompted the rapid development of technology and the 
expansion of its capacity. The process for styrene was first developed by Dow 
Chemical in the 1930s in the USA and BASF company in Germany, and this effort 
consummated in the commissioning of several large-scale production facilities and 
styrene became an important raw material in the chemical industry. Today, polysty-
rene is the most important polymer synthesized from polystyrene. Styrene is also 
the building block for several other polymers and co-polymers like styrene- butadiene 
rubber (SBR), styrene-acrylonitrile (SAN) plastic, acrylonitrile-butadiene-styrene 
(ABS) plastic, expanded polystyrene foam (EPS), and unsaturated polyester resins. 
A number of products are produced across a wide range of industries by using the 
aforementioned materials as there is no direct end use for styrene. Many of these 
products can be recycled and offer very good insulation qualities. These products 
can be used in packaging, electronics for consumer applications, construction, 
transportation, and medical applications. The conventional processes for styrene 
production are given below.

1.3.1  Conventional Process for Production of Styrene

Currently, styrene is produced on an industrial scale by employing two major pro-
cesses: (1) Dehydrogenation of ethylbenzene (EB) in an adiabatic system developed 
by ABBLummus/UOP, which is also known as the Classic SM™ process, and (2) 
SMPO process developed by SHELL.

The other processes for production of styrene are, e.g., STEX process by Toray 
in which styrene is extracted from pyrolysis gasoline and the isothermal dehydroge-
nation of ethyl benzene (EB) by Lurgi [146]. EB required for the dehydrogenation 
is produced by alkylation of benzene with ethylene in the liquid phase. Some of the 
EB producing processes are the EBMax™ by Mobil–Raytheon and EBOne™ by 
UOP (Fig. 10).

Table 8 Summary of suitable features of reported bi-functional hydroalkylation catalyst

Operating condition Benzene conversion CHB selectivity

Temperature Favorable Nonfavorable
Pressure Favorable Nonfavorable
Contact time Favorable Nonfavorable
Benzene to H2 mole ratio Favorable Nonfavorable

S. M. Pai et al.
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Dehydrogenation of Ethylbenzene Under Adiabatic Conditions

Styrene is commercially produced by the catalytic dehydrogenation of ethylben-
zene under adiabatic conditions. Globally, 75% of the styrene plants operate using 
this process. IG Farbe first discovered and developed this process in 1931. The 
technology for this process was further modified, and commercialization of the 
improved technology was done by an American styrene-producing company, 
ABBLummus/UOP under the name of Classic SM™ process. The catalyst for this 
reaction is the iron oxide promoted with potassium wherein the potassium-ferrite 
phase, KFeO2, is reported to be the active phase for the ethylbenzene dehydrogena-
tion [147, 148]. The average life of the catalyst is approximately 1–2 years [149]. 
Formation of coke takes place by the polymerization of the product styrene, which 
is promoted by the presence of Brönsted basic sites during the course of the reac-
tion, which subsequently decomposes to graphite-like structures via dehydrogena-
tion on the catalyst surface [150]. The catalyst is regenerated in the presence of 
steam wherein the gasification process of carbonaceous deposits is reported to take 
place in the presence of potassium. Carbon deposited on the catalyst surface forms 
carbon monoxide (CO) and carbon dioxide (CO2) in the presence of steam 
(C + H2O → CO + H2 followed by CO + H2O → CO2 + H2).

The flow scheme of a typical adiabatic EB dehydrogenation plant as used by, 
e.g., ABB Lummus/UOP is shown in Fig. 11 and contains the following process 
steps and units [151]: (1) a superheater up to a maximum temperature of ≈993 K for 
the generation of steam to achieve a temperature of 913 K required for the reaction. 
(2) Two adiabatic, fixed-bed, radial flow reactors, which comprise the dehydrogena-
tion unit, and the outlet stream of the first reactor is reheated before passing through 
the second reactor as there is a drop in the process temperature under adiabatic reac-
tion conditions. Steam is also used for dilution of the vaporized feed, which is a 
mixture of fresh ethylbenzene in combination with the recycled ethylbenzene from 
the distillation tower. The optimum styrene yield is achieved at the minimum cost of 
the utility by adjusting the feed ratio of steam to ethylbenzene. With this, the con-
version of ethylbenzene in the first reactor is about 35 and 65% overall.

As low pressures favor the reaction, the reactors are operated under a vacuum of 
0.5–0.8 atm. (3) An efficient heat recovery system is used to recover the heat from 
the reactor effluent to minimize the energy consumption. (4) The effluent from the 
reactor is condensed and (5) separated into vent (off) gas and (6) a stream of steam 
condensate. The off-gas stream (5) consisting mainly of hydrogen and carbon diox-
ide is used as fuel for generation of steam in the superheater or as a feed stream for 
generation of chemical hydrogen after compression and recovery of the aromatics 

Fig. 10 Conventional scheme for styrene production
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by passing through the off-gas recovery section. The steam condensate (6) is reused 
after steam-stripping and treatment. The separator (7) separates the hydrocarbon 
and water phases from the condenser (4) and off-gas recovery section (5). The sty-
rene monomer product (9), recycle ethylbenzene (10), and other aromatic byprod-
ucts like benzene, toluene, and α-methylstyrene (11) are recovered from the 
fractionator (8). Competing reactions that take place are the thermal dealkylation of 
ethylbenzene to benzene and the catalytic conversion of styrene to toluene [152]. 
The polymerization of styrene in the process equipment is prevented by addition of 
inhibitors like free radical scavengers. Typically, at 69% EB conversion, over 97 mol% 
selectivity to styrene is obtained along with 99.85 wt% purity of styrene monomer 
for this process. There are however several drawbacks in this process. The overall 
reaction of dehydrogenation of ethylbenzene is thermodynamically limited and 
endothermic in nature with ΔH = 124.9 kJ mol−1 at 873 K. The process requires 
steam to be generated at high temperatures and supplied to the adiabatic reactors for 
the reaction temperatures of above 873  K [148, 153]. However, the use of high 
quantity of steam acts as a feed diluent to shift the reaction to higher equilibrium 
conversions [148, 153] and also prevents catalyst deactivation by reducing coke 
formation. Further deactivation of the catalyst also takes place by other processes like 
(1) physical degradation, (2) change in oxidation state of the Fe2O3 due to metastable 
Fe-carbide formation, and (3) loss and/or redistribution of potassium promoters [153].

The plant producing styrene also has other disadvantages such as the reactor 
operating under low pressure/vacuum, the four-column separation unit, the require-
ments of superheated steam for the reaction, and the interstage reheater that is 
costly. Some of these disadvantages have been overcome with the development of 

Fig. 11 The process flow of a typical adiabatic ethylbenzene dehydrogenation plant. (Adapted 
from [151])
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the SMART SM™ process based on the Classic SM™ by ABBLummus/UOP 
[146]. In this process, ethylbenzene is dehydrogenated in the presence of molecular 
oxygen resulting in the formation of water and styrene. The heat required for the 
dehydrogenation reaction is supplied by the oxidative dehydrogenation reaction. 
This modification results in the reduction of the superheated steam requirements 
and eliminates the need for the costly interstage reheater and also results in EB 
conversion of higher than 80% with 99.85 wt% purity of styrene monomer.

Auto-oxidation of Ethylbenzene, Followed by Dehydration (SMPO Process)

The process developed and used by Royal Dutch SHELL is another major styrene 
production route and accounts for 15% of the styrene produced globally. It is an 
altogether different approach to styrene [151]. Propylene epoxide is coproduced 
along with styrene, starting from ethylbenzene [154]. The process comprises auto- 
oxidation of ethylbenzene to ethylbenzene hydroperoxide (90% selectivity) in the 
presence of air over a catalyst mixture consisting of zinc and copper oxides. The 
conversion of EB (13%) is kept low to minimize the formation of byproducts. The 
oxygen transfer between the ethylbenzene hydroperoxide and propene then leads to 
the formation of the corresponding 1-phenylethanol with >70% selectivity and 
propene- epoxide with 70–85% selectivity in the presence of a metallic catalyst 
along with acetophenone (5–7% selectivity). The metallic catalysts used are molyb-
denum in liquid-phase (ARCO) [147] or heterogeneous titanium catalyst (SHELL) 
[155]. The acetophenone co-produced in the oxygen transfer process is also hydro-
genated in the liquid phase to 1-phenylethanol to improve the yields. A selectivity 
of 92% for 1-phenylethanol is obtained at acetophenone conversion of 90%. 
Subsequently, styrene is formed by gas-phase dehydration of 1-phenylethanol over 
highly selective titania/silica catalyst at 573 K, after which styrene monomer purity 
of 99.7 wt% is typically obtained in the process. The ratio of styrene to propylene 
epoxide produced in this process is approximately 2–2.5. The description of the 
flow scheme of a typical ethylbenzene auto-oxidation plant containing the following 
process steps and units is given below [155], and the flow scheme is given in Fig. 12.

The plant consists of the auto-oxidation reactor, where the EB oxidation takes 
place in the presence of air or oxygen to produce ethylbenzene hydroperoxide, and 
the second reactor, an epoxidation reactor, where the transfer of oxygen from the 
obtained hydroperoxide to propene takes place to produce 1-phenyl ethanol and 
propylene oxide. Both reactors are maintained at a temperature of 373–403 K and 
pressure in the range of 20–50 bar. The effluent of the second reactor is sent to the 
first distillation column where the unreacted propylene is separated from the propyl-
ene epoxide/1-phenylethanol mixture, and this effluent from the first distillation 
column is subsequently fed to the second distillation column for the recovery of 
propylene epoxide. The last step is the conversion of 1-phenylethanol to styrene in 
the dehydration reactor. The SMPO is a “cleaner” and much less energy-intensive 
process as compared to the conventional dehydrogenation route (less by-products). 
However, the serious drawback of this combined reaction is that capacity of styrene 
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production is controlled by the demand for propylene epoxide required for the pro-
duction of propylene glycols and polyurethanes. Therefore, attempts are being made 
to carry out direct epoxidation of propene to propylene epoxide on catalysts based 
on silver and gold in the presence of propene, hydrogen, and oxygen [149]. SHELL 
is currently exploring another source of oxygen, cumene hydroperoxide from phe-
nol plants [149]. Another drawback in the SMPO production plant is the use of 
high-pressure reactors (20–50  bar). Hence, there is a need to develop energy- 
efficient and cost-effective process for styrene production, considering the afore-
mentioned limitations of currently practiced commercial processes.

1.3.2  Development of Alternate Process for Styrene Production

Toluene and methanol can be alkylated for the production of styrene as an alterna-
tive route based on the single-step side-chain alkylation to produce styrene directly 
with the formation of hydrogen and water as co-products. A great deal of research 
has been done in the last four to five decades in this area; however, the development 
of the catalyst to match the yields and selectivity of the commercial processes has 
been difficult. The advantages of this process are the use of cost-effective raw mate-
rials. In any process, about 90% of the operating cost comprises the raw materials 
used for production, and lower cost feedstocks can impact the economics of the 
process to a large extent. The raw material savings are obtained by replacing toluene 
and methanol with benzene and ethylene. The new process completely eliminates 
the highly energy-intensive EB dehydrogenation step and is one of the primary driv-
ers for research in this area. This step is a part of the conventional process that uses 
large amounts of superheated steam to provide the endothermic heat of reaction and 
is a significant addition to the operating cost of the plant. The endotherm is about 
half as large for the side-chain alkylation reaction, and this, combined with the 

Fig. 12 Simplified flow diagram of the SMPO process. ( Adapted from [154])
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reduced number of processing steps, leads to a substantial reduction in the cost of 
capital investment as compared to the existing technology.

1.3.3  Chemistry of Side-Chain Methylation of Toluene with Methanol

In the base-catalyzed alkylation of toluene with methanol, the addition of the methyl 
group takes place on the side chain attached to the ring, and hence the process is 
called side-chain alkylation of toluene. The main reaction products are ethyl ben-
zene and styrene, as shown in Fig. 13. The side-chain reaction of toluene with meth-
anol has received worldwide attention since it has the potential for a new novel route 
to styrene production. Conceptually, this reaction occurs in two parts: the formation 
of formaldehyde by endothermic dehydrogenation of methanol and the exothermic 
addition of formaldehyde to toluene to produce styrene and ethyl benzene. Both 
processes, when properly balanced, make the entire process of side-chain toluene 
methylation nearly thermodynamically zero [156].

This reaction was first reported over low Si/Al ratio X zeolites with moderate 
basicity wherein high selectivity of styrene and ethylbenzene was obtained in the 
toluene methylation [157]. After this work, many catalysts have been reported based 
on modified X, Y, and other zeolites. Styrene and ethylbenzene were the main prod-
ucts over Na-, K-, Rb-, and Cs-modified X and Y zeolites, while xylene was observed 
over Li-X and Li-Y zeolites during toluene alkylation with methanol [158]. Side- 
chain alkylation was favored over Cs- and B-modified zeolite 13X deposited with 
Cu and Ag in the presence of hydrogen as a carrier gas [152]. Binary zeolites pre-
pared using KX, KY, KM, and KZSM-5 showed higher activity as compared to the 
individual zeolites. The binary zeolites, when further modified with KOH and boric 
acid, showed improved selectivity to styrene, which implies that the optimum level 
of acid–base sites is essential for the reaction [159]. Further studies reinforced that 
the selectivity to side-chain alkylation improved with the addition of phosphoric 
and H3BO3 to ion exchange solution. High selectivity of >50% for styrene (SM) and 
EB calculated on the basis of methanol was observed on Cs-X zeolite modified with 
borate. The high selectivity for styrene over Cs-X could be explained on the basis of 
the adsorption of toluene among two or more large cations present in the X-zeolite 
super-cage with large number of cations in such a way that (1) the toluene molecule 
was at higher electrostatic potential than expected and (2) the methyl group only 
was easily accessible for alkylation (3) because of the strong interaction of cations 
with aromatic molecules. Also, incorporation of the borate in the super-cage slowed 
down the decomposition of the real alkylating agent, formaldehyde [160].

Fig. 13 Side-chain alkylation of toluene with methanol
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The Cs-X zeolite shows higher alkylation activity as compared to boron- 
impregnated Cs+ exchanged X, and this may be due to the increase in acidity of the 
boron-impregnated catalyst [161–164]. On the other hand, boron-impregnated cata-
lyst exhibited higher selectivity to toluene alkylation and activity compared to Cs-X 
zeolites impregnated with CsO since it increased the dehydrogenation activity for 
methanol [165]. This was because the incorporation of boron results in a lowering 
of the overall basic strength of the CsO cluster by producing B2Cs2O4 species inside 
the zeolite channels.

The primary aim of the addition of boron to Cs-X was to poison the higher 
strength basic sites in order to reduce the decomposition of formaldehyde to carbon 
monoxide during the side-chain toluene methylation without inhibiting the active 
sites required for alkylation [166]. In another study, it was reported that alkali- 
exchanged X and Y zeolites with high basicity were active for toluene alkylation but 
also caused decomposition of methanol to CO to a higher extent. However, the 
Cs-exchanged L and beta zeolites exhibited low formic acid decomposition to CO 
but required higher temperatures to attain similar aromatic yields during the side- 
chain alkylation compared to X and Y zeolites [167].

Theoretical studies involving quantum chemical calculation have suggested that 
the requirement of basic sites for side-chain alkylation is indispensable. However, 
specific combinations of acidic and basic sites promote side-chain alkylation to 
achieve better selectivity [168]. Rb-X promoted with a small amount of Li+ ions was 
more active as compared to Rb-X for p-xylene side-chain alkylation [169, 170] due 
to the presence of slightly stronger acid sites in Li-Rb-X. The decomposition of 
formic acid intermediate was suppressed due to the incorporation of Li+ ions.

It is reported that in toluene alkylation process, the ability to dehydrogenate 
methanol and the selectivity to side-chain methylation of toluene are directly pro-
portional to the basicity imposed by the alkali metal cation-exchanged zeolites. The 
topology of the zeolite and the Si/Al ratio are responsible for the proximity of acid–
base sites and the zeolite basicity. The introduction of metal oxide clusters into the 
zeolite pores imparts high basicity to the zeolite and can promote side-chain toluene 
alkylation with methanol [165, 171, 172]. However, large amounts of CO are formed 
from methanol decomposition over such strongly basic material.

It was reported that Fe-Mo dual catalyst oxide deposited over Cs+-exchanged 
zeolites leads to enhancement in the styrene/ethylbenzene ratio by a factor of 4.5. 
The Fe-Mo promoted zeolites were found to be active at 598 K [163] as against the 
requirement of temperatures higher than 648  K for the unpromoted single Cs+-
exchanged catalysts. This may be due to the concerted interaction of toluene with 
Cs+-exchanged zeolite and Fe-Mo oxide.

The use of layered double hydroxides (LDH) for side-chain toluene alkylation is 
also reported [173]. As shown in Table 10, Mg-Al-LDH was selective for toluene 
side-chain alkylation with methanol by mainly producing styrene and EB, while the 
other LDHs synthesized using Co, Ni, Cu, and Zn gave a mixture of side chain as 
well as ring-alkylated products, viz., xylene and mesitylene. The selectivity of sty-
rene was found to be higher over Mg-Al-LDHs with low Al content. Higher ethyl 
benzene formation was observed at 673 K.
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The effect of ZnO and other additives like Cs2O and ZrB2O5 on the side-chain 
methylation of toluene has been reported to substantially increase both toluene con-
version and styrene selectivity by promoting the formation of formaldehyde from 
methanol, which in turn increases styrene formation and reduces the transfer hydro-
genation of styrene to ethylbenzene [174]. High toluene conversion of 4.6% and 
styrene selectivity of 76.1% were obtained over ZnO/Cs-X and ZrB2O5/Cs-X, 
respectively.

1.3.4  Industrial Process for Toluene Alkylation with Methanol to Styrene: 
Exelus Process

The researchers at Exelus have developed a new process named ExSyM for produc-
ing styrene monomer from toluene and methanol. This has been accomplished by 
integrating principles of process design and reaction engineering with advances in 
zeolite catalyst science and has been instrumental in achieving significantly higher 
selectivities (>80%) for EB/SM at 698 K and 1 atm. pressure by reduction in metha-
nol decomposition rates and enhanced conversions. The flow scheme is shown in 
Fig. 14. Hence, the catalyst designed for the new ExSyM process system is much 
superior as compared to other catalyst systems designed for the side-chain alkyla-
tion reaction in terms of its performance. The developed catalyst is currently being 
tested for its long-term stability.

1.4  Future Prospective

The following section gives a way forward and proposes certain future directions 
for the process discussed in the aforementioned sections.

Table 10 The toluene side-chain alkylation on calcined LDHs: effect on conversion and 
product [173]

Catalysts Toluene conversion (wt%)
Product yield (mol%)
Ethylbenzene Styrene Xylene Mesitylene

Mg-Al (3.0) 36.4 22.3 9.6 3.0
Mg-Al (4.0) 34.7 19.2 12.0 2.1
Mg-Al (5.0) 28.1 14.6 11.3 1.2
Mg-Al (7.0) 21.0 10.2 9.1
Mg-Al (10.0) 17.6 7.0 8.9
Co-Al (3.0) 26.0 15.8 – 8.7
Ni-Al (3.0) 31.5 14.2 – 15.4 1.1
Cu-Al (3.0) 34.8 16.3 – 13.6
Zn-Al (3.0) 22.7 16.8 – 5.7 –
MgO 10.6 7.9 2.1 – –
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1.4.1  C4 Alkylation

The commercialization of solid acid-based catalysts for C4 alkylation has revolu-
tionized the process for alkylate production. It has altogether eliminated the safety 
and environmental concerns associated with the conventional mineral acid-based 
processes. However, another technology that is coming up as a greener alternative 
is the ionic liquid (IL)-based C4alkylation. Recently, mega oil firms M/s Chevron 
and M/s UOP-Honeywell have collaborated and replaced one of their existing alkyl-
ation plants using HF as the catalyst with ionic liquid-based catalysts. This is the 
best example of retrofitting the new technology with the conventional one. Therefore, 
it can be said that the ionic liquid-based technology can be best suited for retrofit-
ting with the conventional C4 alkylation technologies and easily adapted by compa-
nies who want to shift to greener alternatives with minimal capital expenditure. 
However, the issues associated with the use of ionic liquids are their cost, recy-
clability, and handling problems as the most active ionic liquids are moisture sensi-
tive, which leads to the formation of HCl and finally the deactivation of the ionic 
liquids. Unless these issues are addressed, the use of ionic liquid-based technology 
will lead to high operating costs. Nevertheless, one way for use of the IL-based 
technology is retrofitting with the existing HF/H2SO4-based plants while incurring 
minimal capital expenditure. On the other hand, the solid acid-based C4 alkylation 
technologies can be adapted by companies which are proposing to set up new plants 
for the production of alkylate. The solid acid catalyst-based C4 alkylation processes 
are economically feasible with lower operations cost as compared to the conven-
tional mineral acid and the new ionic liquid-based processes due to the excellent 
recyclability of the solid acid catalyst. In future, we can see both the solid acid and 
the ionic liquid-based C4 alkylation technology being adapted by companies, which 
eventually will lead to the phasing out of the conventional mineral acid-based 
technologies.

Fig. 14 Toluene alkylation with methanol to styrene: Exelus process
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1.4.2  Hydroalkylation of Benzene

In future, there are high chances of this process getting commercialized keeping in 
view of the applicative potential of CHB. The effluent stream of the hydroalkylation 
process can be separated into three fractions: (a) C6 stream consisting of benzene 
and cyclohexane, (b) cyclohexylbenzene, and (c) C18 stream consisting of dicyclo-
hexylbenzene (DCHB). As the raw material benzene is a stream from the refinery, 
the proposed process can be integrated with commonly practiced continuous cata-
lytic reforming (CCR) operation for naphtha up-gradation in refinery operation to 
produce high RON gasoline blendstock. The flow scheme of the process for such 
integration is shown below in Fig. 15.

The proposed scheme utilizes benzene from the BTX product stream of the CCR 
unit, which is subjected to hydroalkylation in the presence of hydrogen to produce 
CHB. After the separation of CHB, the fraction containing C6 hydrocarbons can be 
used as motor gasoline blendstock or can be recycled to the hydroalkylation reactor 
with the removal of purge stream to eliminate cyclohexane buildup in the C6 recycle 
streams or alternatively fraction containing C6 hydrocarbons can be blended with 
refinery CCR feedstock. In the CCR reactor, cyclohexane in the C6 fraction is con-
verted to benzene by dehydrogenation reaction, which can be recycled. The fraction 
containing dicyclohexylbenzene can be transalkylated using additional benzene to 
enhance the CHB yields using zeolite-based catalysts such as beta and 
Y-zeolites [175].

Fig. 15 Process scheme for integration of the CHBproduction with the existing refinery
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1.4.3  Toluene Alkylation with Methanol to Styrene

The novel route for producing styrene via side-chain toluene alkylation with metha-
nol appears to be a promising alternative technology. The main focus in the past 
decades has been on developing suitable catalysts for this reaction. To date, the 
model catalyst for the toluene side-chain alkylation has been the Cs-modified zeo-
lite X and has shown good catalytic performance. However, more intense research 
is required to develop highly active catalysts for styrene production by toluene side- 
chain alkylation. The catalytic conversion of toluene achieved until now is still 
unsatisfactory due to the difficulty in the activation of the C–H on the toluene side 
chain. In future, to achieve the activation of the C-H bond, low valent transition 
metal catalysts such as Pd, Rh, and Ru, which are used extensively in the formation 
of C–C bond via C–H activation, should be tested for toluene side-chain alkylation 
reaction [176–178]. Meanwhile, the work done on composite catalysts for dehydro-
genation of MeOH can shed some light on catalyst design and aid in coupling of the 
EB dehydrogenation and toluene side-chain alkylation to improve the selectivity to 
styrene [179, 180]. Additionally, the use of alternative reactants like formaldehyde 
and syngas (CO + H2) can be investigated instead of methanol. Specifically, formal-
dehyde looks promising as it is an intermediate of methanol dehydrogenation and 
could be a potential reactant for enhancing the conversion of toluene and selectivity 
to styrene.
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C3-Based Petrochemicals: Recent 
Advances in Processes and Catalysts

Chanchal Samanta and Raj Kumar Das

Abstract The petrochemical and chemical industries are key enablers of modern 
societies. Transportation, construction, packaging, food processing, textile, water 
distribution, medical equipment, and in various other sectors petrochemicals and 
chemicals are used in making products for improving the quality of our modern liv-
ing. Among the major five types of feedstocks (as listed below), light olefins are the 
most important chemical building blocks for the production of the various down-
stream petrochemicals.

• Light olefins: ethylene and propylene
• C4 hydrocarbons: Butanes, butenes, butadiene
• Aromatics: Benzene, toluene, and xylenes (BTX)
• Long-chain n-paraffin: Kerosene-derived C9-C17 paraffins
• Syngas: a mixture of carbon monoxide and hydrogen

Ethylene and propylene are two major light olefins, used as key petrochemical 
building blocks. Ethylene is used in the production of polyethylene, ethylene chlo-
ride, ethylene oxide, etc. These products are used in the construction and packaging, 
plastic processing, and textile industries, to name just a few examples. Similarly, 
propylene, the simplest C3 olefin, is used in making a number of useful derivatives 
such as polypropylene, propylene oxide, acrylonitrile, acrylic acid, cumene, isopro-
panol, etc. The global propylene demand was around 100 MMTA (million metric 
tons per annum) in 2015 which is expected to increase at a 3.6% CAGR (compound 
annual growth rate) to more than 140 MMTA by 2025 due to wider applications of 
the propylene derivatives in the consumer market. For instance, polypropylene, a 
key derivative of propylene, is one of the best-selling plastics, extensively used in 
automobiles and in the manufacturing  of packaging films. Acrylonitrile, another 
propylene derivative, is used in making acrylic fibers and coatings. Similarly, pro-
pylene oxide is used extensively for the manufacturing of polyurethanes and other 
chemicals, acrylic acid and oxo alcohols are employed in PVC plasticizers and 
coatings- based applications, cumene is used to make epoxy resins and polycarbon-
ate, and isopropyl alcohol is used as solvent, and so on. Not only plastic processing, 
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but also the packaging industry, the furnishing sector as well as the automotive 
industries are the major consumers of propylene derivatives.

Propylene is a highly activated synthetic molecule and thus it needs to be con-
verted selectively to its derivatives for their cost-effective production. Both propyl-
ene production and its selective conversion processes for the production of other 
chemicals have gone through important improvement in recent times. Thus, it is 
being felt that it would be interesting to capture the most recent advances in the 
processes and catalysts associated with propylene production and subsequent con-
version of propylene to important C3 chemicals to global readers. The main aim of 
this book chapter is to bring important aspects of various commercial processes and 
catalysts involved in the production of propylene and propylene- derived chemicals 
namely, propylene oxide, acrylonitrile, isopropanol, and acrylic acid. About two-
thirds of global propylene is consumed to make polypropylene (PP), which is one of 
the most versatile plastic materials with good mechanical and chemical properties. 
However, information related to polypropylene production technologies and associ-
ated catalysts is beyond the scope of this chapter.

Keywords Heterogeneous catalysts · Selective hydrogenation · Palladium 
catalysts · 1,3-Butadiene · 1-Butene · Density functional theory

Abbreviations

2-EHA 2-Ethyl hexyl acrylate
3-HP 3-Hydroxy propionic acid
ABS Acrylonitrile-butadiene styrene
ACN Acrylonitrile
atm.  Atmospheres (unit for pressure)
CAGR Compound annual growth rate
CARENA Catalytic reactors based on new materials
Conv. Conversion
DCC Deep catalytic cracking
DIPE Diisopropyl ether
DME Dimethyl ether
DTP Dominant technology for propylene production
EBHP Ethylbenzene hydroperoxide process
ECH Epichlorohydrin
EPS  Expanded polystyrene foam
FCC Fluid catalytic cracking
GTO Gas to oil
HPPO Hydrogen peroxide-to-propylene-oxide
IPA  Isopropyl alcohol
LPG Liquefied petroleum gas
MMTPA Million metric ton per annum
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MTO Methanol to olefin
MTP Methanol to propylene
OCP Olefin cracking process
OCT Olefin conversion technology
PDH Propane dehydrogenation
PEM Proton exchange membrane
PO  Propylene oxide
POC Propylene oxide cumene only
R2P  Residue to propylene
R2R Reactor-2-regenerators
RFCC Resid fluid catalytic cracking
SAN Styrene-acrylonitrile resin
SAP Super absorbent polymer
SOEC Solid oxide electrolyzer cell
T  Temperature
t  Time
TBHP Tertiary butyl hydroperoxide
TSC Thermal steam cracking
USY zeolite Ultra stable Y zeolite
wt% Weight percentage

1  Introduction

1.1  Natural Sources of C3 Molecule: Current Scenario

The simplest C3 molecule is propane. It is found in petroleum and natural gas 
deposits and is extracted as a by-product during the processing of natural gas. 
Although propane is widely available, until recently, it has limited applications in 
the production of C3-based chemicals. Propane is a thermodynamically stable mol-
ecule (∆fH° gas = −104.7 kJ/mol) and primarily being used as a heating source. On 
the other hand, its olefin counterpart propylene is a highly active molecule (∆fH° 
gas = 20.26 kJ/mol), is widely used as the feedstock for C3-based petrochemicals. 
Propylene derivative especially polypropylene offers superior performance than 
polyethylene with regard to the mechanical and chemical properties. Propylene con-
sumption has increased significantly over the last two decades because of the tre-
mendous growth in the polypropylene uses. In 2015, around 65–70% of global 
propylene was consumed in the manufacturing  of polypropylene [1]. Approximately 
7% of the propylene was consumed for the production of propylene oxide. The 
remaining propylene was used in the production of cumene, acrylonitrile, isopropyl 
alcohol, and acrylic acid.

In comparison to ethylene-derived chemicals, propylene-derived chemicals offer 
superior performance, which is driving demand for propylene in developed 
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countries. However, propylene demand has outpaced its supply from the conven-
tional sources because of the two major reasons: (a) steam cracker route mostly 
produce ethylene as a major product and (b) due to shift in the lighter feedstock in 
steam cracker after the advent of shale gas. Ethane has become an inexpensive 
source of steam cracker unit which limits the production of propylene [2]. Most of 
the recent crackers commissioned and some are under construction in the North 
America and Western Europe are using and expected to use ethane predominantly 
or exclusively. The changing scenarios of feedstock and the growing demand for 
propylene have forced petrochemicals manufacturers to build on-purpose plant and 
search for alternative options wherein crude can be processed directly for light ole-
fins production, such as crude to chemicals process.

Traditionally, two major sources of propylene supply come as by-product [3]. 
First one is the steam cracking of hydrocarbon feedstock (such as naphtha or butane) 
and the second one is fluid catalytic cracking (FCC) unit in refineries. Reminders of 
propylene supply comes from the on-purpose propylene production processes 
(Fig. 1).

Depending on the purity of propylene, propylene goes to downstream polymer 
and chemicals production. For example, polymer-grade propylene (≥99.5% purity) 
is extensively used in the production of polyolefins, acrylates, methacrylates, and 
acrylonitrile. On the other hand, chemical-grade propylene (93–94% purity) is used 
for the production of commodity chemicals such as oxo alcohols, propylene oxide, 
and phenol. The refinery grade propylene (60–70% purity) needs to be upgraded for 
the production of propylene-derived chemicals [5]. Because of this, on-purpose pro-
duction routes are taking center stage to make chemical/polymer grade propylene to 
supplement the deficit as well as to cater the need of growing demand for chemical 
and polymer-grade propylene.

Steam craking , 
naphtha & 

VGO 

Fluid/Deep 
catalytic 
cracking, 

Others (XTP, 
etc, 

8% 

5% 1%
Proopane Metathesis 

dehydrogenation 
5%

Steam cracking,
ethylene and LPG, 

39% 

42%

Fig. 1 Global propylene production by processes from hydrocarbon feedstock [4]
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2  Propylene Production

2.1  Traditional Sources

As per market research firm IHS Markit, in 2013, around 55% of propylene produc-
tion was based on the steam cracking process, 34% was from combined refinery 
processes such as FCC, RFCC, and DCC and the remaining 11% production was 
from on-purpose routes. This scenario is changing rapidly because of the growing 
demand for propylene and advancement in the catalytic technologies for on-purpose 
propylene production routes. It is estimated that by 2025, the contribution from on- 
purpose routes will rise significantly to 25–30%, while the steam cracking process 
will contribute 40–45% and combined refinery processes will contribute 30–35%. A 
schematic diagram of propylene value chain is provided in Fig. 2.

2.1.1  Non-catalytic Route: Thermal Steam Cracking (TSC) Process

The thermal steam cracking (TSC) process, designed to make ethylene as a major 
product, is one of the major sources of propylene where propylene is produced as a 
by-product. The reactions occuring in the thermal cracking are complex in nature 
and propagate via free radical. Essentially, two types of reactions occur in the TSC 
process:

Fig. 2 Propylene value chain through various processes [6]
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• Primary cracking: paraffin and olefins are formed initially.
• Secondary cracking: light products are formed that are rich in olefins.

Thermal steam cracking (TSC) process needs high energy; around 3.050 kcal/kg 
of energy is consumed for per kg of produced olefin [7]. In steam cracking, a liquid 
hydrocarbon (such as naphtha or gas oil) or a gaseous feedstock such as ethane, 
propane, or butane is mixed with steam and then introduced into a heated furnace at 
790–850 °C in the absence of oxygen [8]. The products composition depends on the 
properties of hydrocarbon feedstock, hydrocarbon to steam ratio, cracking tempera-
ture, and furnace residence time. In the modern cracking furnaces, the residence 
time is precisely controlled to improve the yield of desired products [9]. Steam 
cracking leads to the formation of small paraffin molecules through C–C bond 
breaking and alkenes through C–H bond breaking by radical mechanism. Alkene at 
high temperature undergoes side reactions and thus coke is also formed after cyclo- 
dehydrogenation. Propylene to ethylene ratio can be altered by changing feedstock 
and cracking severity [10]. Light hydrocarbon feedstocks (such as ethane, LPG, or 
light naphtha) predominantly produce ethylene, propylene, and butadiene. On the 
other hand, heavier feedstocks (such as heavy naphtha or gas oil) produce lighter 
olefins such as ethylene, propylene, butadiene as well as aromatic-rich hydrocarbon 
fractions suitable for gasoline blend or as fuel oil [9]. The higher cracking severity 
favors the production of ethylene and benzene, whereas lower severity favors rela-
tively higher amounts of propylene, C4-hydrocarbons, and liquid products. The 
decision of steam cracker configuration depends on the feedstock availability such 
as liquid feedstock is used predominately in the Europe and Asia but less so in the 
Middle East and North America [11]. Most of the recent gas crackers have been 
constructed and under construction are located in the North America and the Middle 
East because of the availability of shale gas and natural gas. A number of technol-
ogy licensors such as KBR, ABB Lummus, Technip, Linde AG, Stone & Webster 
offer steam cracking technology [12].

2.1.2  Catalytic Routes

The second-largest source of propylene is the refinery fluid catalytic cracking (FCC) 
unit. FCC is a major secondary refinery process and traditionally it has been oper-
ated either in gasoline or distillate mode. As the refining sector is facing various new 
challenges such as surplus refining capacity, competitive refinery margins, and 
lower demand of transportation fuels, refiners are paying more attention for the 
integration of petrochemicals production with refineries. As a result, refiners are 
focusing on improvement of the propylene yield in the traditional FCC and setting 
up Resid FCC (RFCC) units. RFCC process is a modified version of traditional 
FCC process and was conceptualized in the early 1980s [13]. Technip and Stone & 
Webster Process Technology formed an Alliance with Total, IFP, and Axens to 
develop a Resid FCC process which is known as R2R™ (Reactor-2-Regenerator). 
Since then, this Alliance has been the leader in the refining industry for RFCC 
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technology with more licensed units than all other licensors combined [13]. The 
Alliance is also a leader in the Resid-to-Propylene (R2P™) technology [14]. These 
technologies are based on modifying FCC technologies. Similarly, several FCC- 
based technologies have been developed and licensed by modifying catalyst’s for-
mulation—specifically the pore architecture of zeolite, changing hardware 
configuration, and finally by optimizing reaction parameters—by changing opera-
tional severity. For instance, ZSM-5 zeolite can be used along with conventional 
ultra-stable Y (USY) zeolite-based FCC catalyst in FCC units without changing 
much of the unit configuration for propylene yield maximization [15–17]. 
INDMAX–FCC process developed by Indian Oil/Lummus is one of such FCC tech-
nologies which does not require much change in hardware in FCC units. Deep cata-
lytic cracking (DCC) technology developed by SINOPEC uses entirely ZSM-5-based 
catalyst system for propylene maximization with high severity condition [18]. By 
changing ZSM-5 content in the FCC catalyst system from 0 to 20% (Fig. 3), propyl-
ene production yield can be maximized [20]. A comparison of various FCC-based 
technologies is provided in Table 1.

Other renowned technologies for propylene maximization are UOP’s petro FCC, 
KBR’s Maxofin process [22], and Axen/S&W’s HS-FCC process [23]. These tech-
nologies involve modification in the hardware of the reactor system along with pro-
prietary catalyst to increase the propylene selectivity. By employing, all these 
technologies, refinery streams comprising recoverable fractions of propylene are 
combined into a mixed C3 stream and then the mixture is subjected for propylene 
separation. Such a mixed stream is to be distilled out to obtain propylene 
(b.p.—47.7  °C) as the overhead product and as the bottom fraction propane 

zsm-5 Loading, wt%

0 10 20 30 40

0

5

10

15

20

25

Coke (wt%)

Propylene (wt%)

Dry gas (wt%) Ethylene (wt%)

Butylene (wt%)
Y

ie
ld

, w
t%

Fig. 3 ZSM-5 loading and its impact in propylene yield [19]

C3-Based Petrochemicals: Recent Advances in Processes and Catalysts



156

(b.p.—42.1 °C) along with traces of other heavier products [24]. However, propyl-
ene derived from such refinery processes needs to be purified/upgraded for the 
downstream production of propylene-based chemicals and polymers.

2.2  Alternative Sources/Processes: On-Purpose 
Propylene Production

On-purpose propylene production route is increasingly being relevant to fill the gap 
of growing demand for propylene (Fig. 4). The two major drivers behind the on- 
purpose routes are (a) higher demand for propylene than ethylene; and (b) construc-
tion of more new ethane crackers (which produces less propylene) than naphtha 
crackers. On-purpose production routes such as propane dehydrogenation (PDH), 
methanol-to-olefins (MTO), methanol-to-propylene (MTP), and olefin metathesis 
are gaining attention to fulfill the growing demand for propylene.

Table 1 Typical operating conditions and product yields for usual FCC and modified FCC-based 
process [21]

Parameters FCC DCC PetroFCC HS-FCC

Reaction temperature (°C) 530 580 550 600
Contact time (s) 2–5 10 2–5 0.5–1.0
Cat/oil ratio 5 15 10 25
Product yield (wt%)

Ethylene 1.5 5.4 6 2.3
Propylene 4.8 14.3 22 15.9
Mixed butanes 6.9 14.7 14 17.4
Gasoline 51.5 39 28 37.8
Heavy and light oils 21 15.6 14.5 9.9
Coke 4.5 4.3 5.5 6.5

34%

2013 propylene production ( ~ 80 MMTA)

11%

55%

 (Production from stream cracker)
  (Production from refineries FCC/RFCC/DCC)
 (On-purpose production)

30%

2020+ propylene production ( ~ 125 MMTA)

25%

45%

 (Production from stream cracker)
  (Production from refineries FCC/RFCC/DCC)
 (On-purpose production)

Fig. 4 Contribution of different technologies for global propylene production in the past and 
future. (Source: IHS Markit report 2013)
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2.2.1  Propane Dehydrogenation (PDH)

Gradually, PDH has become a preferred route for the on-purpose production of 
chemical grade propylene. Propane, the feedstock for PDH process, comes as by- 
product while processing of natural gas or from refinery liquefied petroleum gas 
(LPG). The recent discovery of shale gas in the North America and the vast reserve 
of natural gas in the Middle East have boosted the commercial prospect of PDH 
technology [25]. There are five major proven PDH technologies available in a com-
mercial scale, these include: (a) CATOFIN process by ABB Lummus Global, (b) 
OLEFLEX process by UOP (c) steam active reforming (STAR) by Krupp Udhe, (d) 
PDH by Linde-BASF-Statoil, and (e) fluidized bed dehydrogenation (FBD) by 
Snamprogetti. Each technology has its own merits and demerits. Major difference 
among all the PDH technologies comes from reactor technology, catalyst type, 
operating conditions, and performance of the catalyst (Table 2).

STAR process is based on fixed-bed reactor and Pt-Sn catalyst supported on 
zinc-aluminate and with calcium/magnesium aluminate as binder is used. The reac-
tion is operated at 500–600 °C at 5–6 bar pressure. Steam is co-fed with feed/pro-
pane for coke reduction and thus it is called steam-activated reforming (STAR) [27, 
28]. Snamprogetti and Yarsintez commercialized fluidized bed dehydrogenation 

Table 2 Commercial process for propane dehydrogenation (PDH) and process conditions [26]

S. 
no. Technology Licensor

Type of 
reactor

Catalyst 
formulation

Process 
condition

Performance of 
the catalyst

1 CB&I Lummus 
(Catofin)

Multiple 
parallel 
fixed-bed 
reactors

18–20 wt%
CrOx on Al2O3 
support, promoted 
by Na or K 
(1–2 wt%)

575 °C, 
0.2–
0.5 bar

Conversion >15%, 
C3 = selectivity: 
98%

2 UOP (Honeywell) 
Oleflex

Fluidized 
catalytic 
reactor

<1 wt% Pt and 
1–2 wt% Sn on 
Al2O3 support, 
promoted by Na or 
K (0–1 wt%)

525–
705 °C, 
0.2–
0.5 bar

Conversion >20%, 
C3 = selectivity: 
98%

3 Uhde (STAR: 
steam-activated 
reforming)

Fixed-bed 
reactor

Pt-Sn on zinc−
aluminate support 
and calcium/
magnesium–
aluminate binder

500–
600 °C, 
5–9 bar

Conversion >20%, 
C3 = selectivity: 
98%

4 Linde/BASF Fixed-bed 
reactor 
(similar like 
STAR 
process)

Pt-Sn supported on 
ZrO2

590 °C, 
5–9 bar

Conversion >20%, 
C3 = selectivity: 
98%

5 Snamrogetti/
Yarsintez (FBD: 
fluidized bed 
dehydrogenation)

Fluidized 
catalytic 
reactor

CrOx/Al2O3 
catalyst, with alkali 
metal promoter

550–
600 °C, 
1.1–
1.5 bar

Conversion >15%, 
C3 = selectivity: 
98%
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(FBD) process [29]. The reactor system is similar like cracking reactor. Alkane/
propane is fed to the reactor at 550–600 °C and at 1.1–1.5 bar with catalyst system 
of CrOx/Al2O3 with added alkaline metal-based promoter. Linde-BASF process [27, 
28] is mostly similar to STAR process with little different in catalyst system and 
operating condition. Pt-Sn-based catalyst with ZrO2 support is used for co- 
processing of feed/propane and steam (at 590 °C) for dehydrogenation reaction.

PDH technology is proven and reasonably well established. However, the main 
drawbacks of this route are relatively high capital costs due to multiple reactor sys-
tem, rapid deactivation of catalyst due to coke deposition, and importantly it needs 
for the long-term supply of low-cost propane which becomes region-specific such 
as propane is available in the Middle East. The advantage of the PDH process is that 
selectivity and yield of propylene can reach up to 95% and 90%, respectively. 
Among the five PDH technologies mentioned above, Catofin and Oleflex are the 
two major commercially proven PDH technologies and several plants are opera-
tional based on these technologies. Both technologies have a similar operating tem-
perature, pressure and offer propylene selectivity of ~90%. The per pass conversion 
of propane to propylene in the Catofin and Oleflex processes are 45–50% and 
35–40%, respectively (Table 3).

Catofin PDH process [33] uses multiple parallel adiabatic fixed-bed reactors and 
goes through multiple steps: dehydrogenation of propane to propylene, compres-
sion of reactor effluent, recovery, and purification of propylene product. Supported 

Table 3 Comparison of Catofin and Oleflex PDH processes [30–32]

Parameters Catofin PDH process Oleflex PDH process

Process type Semi-continuous Continuous
Reactor system Horizontal, fixed bed in parallel Vertical, catalyst moving bed 

in series
Catalyst type Cr-based Pt-based
Catalyst life 2–3 years 5–7 years
Type catalyst 
regeneration
Regeneration cycle 
time

In situ, cyclic regeneration
10–20 min

Continuous catalyst 
regeneration (CCR)
7 days

Reactor inlet 
temperature

600–610 °C 630–650 °C

Reactor pressure 0.3–1.0 bar 1.2–2.0 bar
Conversion per pass 45–50% 35–40%
Propylene selectivity 80–90% 80–90%
CO2 emissions High Low
Advantages • Lower C3 consumption

• Lower catalyst cost
• No H2 recycle gas
• No separate CCR facility required

• Safe and reliability in 
operation
• Longer catalyst life
• High on-stream operation

Disadvantages • Frequent reactor change by cycle 
operation (12 min)
• Cr-based catalyst

• Complicated rector internals 
design
• Higher capex and opex
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chromium-alumina catalyst (Cr2O3/Al2O3; with 18–20 wt% of Cr) is used for the 
PDH reaction. Efficient reactor system to drive selective dehydrogenation of pro-
pane to propylene and regeneration of the catalyst are the most critical parameters 
in designing Catofin PDH plants. Since the dehydrogenation reaction is endother-
mic, a high temperature is required to drive the reaction which leads to the coke 
deposition on the catalyst. Thus, dehydrogenation and catalyst regeneration steps 
are carried out in short intervals of every 10–12 min with short periods of purging 
and evacuation operations in-between. Coke deposition results in loss of catalyst 
activity and decrease bed temperature. Regeneration of the catalyst is achieved by 
burning deposited coke on the catalyst by blowing hot air on the catalyst bed which 
simultaneously recovers the bed temperature under oxidizing conditions. The aver-
age lifetime of the catalyst is 2–3 years in industrial operation and the catalyst activ-
ity gradually decreases over the time due to the loss of active metal and sintering of 
the active metal particles.

Another key feature of Catofin PDH technology is the use of heat generating 
material (HGM) [34] developed by Clariant. HGM is a proprietary metal-oxide 
material suitable to produce heat and drive the endothermic dehydrogenation reac-
tion to increase yields. HGM also reduces energy requirement and emissions. As a 
result, HGM enhances the performance advantages of Catofin technology and cata-
lysts. A number of (>10 Nos) Catofin PDH plants are operational in the world and 
INEOS, Europe’s largest petrochemicals company, is constructing one of the largest 
Catofin PDH plants (having capacity of 750,000  tons/year) at Antwerp, Belgium 
which is expected to come on stream in 2023 [35].

Oleflex ™ PDH process developed by UOP is a continuous catalytic dehydroge-
nation process. In Oleflex process, a fluidized bed reactor along with catalyst regen-
eration unit is used. Propane dehydrogenation is performed over Pt-Sn-based 
catalyst at the temperature range of 630–650 °C and 1–3 bar pressure. The catalyst 
is regenerated by burning coke and re-dispersing Pt by chlorine-air mixture. The life 
of the catalyst is 1–3 years. UOP has continuously improved catalyst performance 
for the Oleflex process since the arrival of the first-generation catalyst (DeH-6) in 
1990 followed by second Generation catalyst (DeH-8, in 1992), third Gen 
(DeH-10 in 1993), fourth Gen (DeH-12 in 1996), fifth Gen (DeH-14 in 2001), sixth 
Gen (DeH-16 in 2007), seventh Gen (DeH-18 in 2014), and further improvement to 
DeH-24 and DeH-26 [36]. The new generation DeH catalyst is based on alkaline 
metal-doped Pt/Al2O3 catalyst with 0.3–0.5 wt% Pt loading promoted with a second 
metal such as Sn, Zn, or Cu. The continuous improvement in the next generation 
catalyst performance indicates there is tremendous scope in improving the activity 
and stability of a catalyst system by optimizing metal loading, modifying synthesis 
parameters, and introducing a second metal to optimize the cost as well as the per-
formance of the catalyst. The new generation DeH catalyst provides 30% higher 
coking stability and has much higher attrition resistant while offering superior activ-
ity and selectivity. The superior performance and improved attrition resistance have 
helped UOP to design >1000 KTA PDH plant. The main advantages of the Oleflex 
process are the ability to continuously regenerate catalysts without interrupting pro-
pylene production and low energy consumption. Because of this, Oleflex process 
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has outsmarted other PDH technologies and 18 Oleflex units out of the 28 operating 
PDH units are currently running with world’s largest propylene Oleflex plant having 
production capacity of 750,000 tons/year [36].

2.2.2  Olefin Inter-conversion and Metathesis

Propylene production through olefin inter-conversion/metathesis techniques is a 
proven and emerging on-purpose propylene production process. It is obvious that 
the typical steam cracker which produced ethylene as a major product stream is not 
able to supply the necessary propylene demand. To some extent, propylene demand 
can be met through on-purpose and standalone propylene production facilities. 
Catalytic olefin inter-conversion and olefin metathesis technologies can provide a 
flexible option to the refiners to integrate existing cracker unit for augmenting net 
propylene production. CB&I Lummus developed olefin conversion technology 
(OCT) [37] which converts ethylene to propylene by employing two-step catalytic 
process which consists of bi-functional catalytic system (Fig. 5). Mixed feed stream 
of ethylene and 2-butene is used for the OCT reaction at 260 °C and 30–35 bar 
pressure. Two catalysts are used in the reactor (a) WO3/SiO2−based catalyst to carry 
out cross metathesis reaction [39] and (b) followed by MgO-based catalyst to drive 
isomerization reaction [40, 41] from 1-butene to 2-butene which is then used dur-
ing metathesis reaction. The OCT technology can be integrated with ethane cracker 
unit for propylene production from less expensive and more available ethylene 
feed. Such an integrated process was first developed by Lyondell Petrochemical 
Co. in Texas to produce 136,000 tons/year of propylene. The OCT technology was 
also integrated with ethane cracker unit through two-step transformation process in 
Abu Dhabi. At first, ethylene from ethane cracker is dimerized to obtain 
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Fig. 5 Process flow diagram of propylene production through OCT process [38]
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2-butene-dominated feed (90% 2-butene) in presence of Phillip’s nickel-based 
homogenous catalyst and then the 2-butene-rich feed is underwent metathesis reac-
tion in presence of Lummus’s WO3/SiO2 catalyst to produce propylene (Scheme 1). 
However, these units need access to large C4 streams that need to be free of isobu-
tylene and butadiene.

Superflex process, licensed by Kellogg Brown & Root, and developed by Arco 
chemical, is one of such olefin interconversion processes that converts light hydro-
carbons (in the range of C4 to C8) into a propylene-rich stream. However, the major 
problem with such units is the requirement of abundant supply of C4 stream which 
should not contain isobutylene and butadiene fractions. Another olefin inter- 
conversion technology developed by Exxon Mobil uses ZSM-5-based catalyst that 
converts C4 light pygas and light naphtha to propylene and ethylene stream [3].

2.2.3  Methanol to Olefins (MTO)/Methanol-to-Propylene (MTP) Process

On-purpose propylene production through MTO and MTP processes are currently 
being pursued in few countries where coal and natural gas source are abundant. 
Such processes are alternatively known as coal-to-olefins (CTO) and gas-to-olefins 
(GTO) processes. Both these routes go through the common route of syngas pro-
duction followed by the conversion of syngas to methanol and then methanol is used 
to produce propylene using commercial technologies known as MTO and MTP pro-
cess [43]. Four major methanol to olefin conversion technologies are commercially 
available [44] such as (a) S-MTO, (b) D-MTO/D-MTO-II, (c) UOP/Norsk Hydro’s 
MTO, and (d) Lurgi’s MTP [45, 46]. S-MTO process [47, 48] developed by Sinopec 
and is now one of the major licensing technologies in the MTO process in China. 
D-MTO/D-MTO-II technology was developed by Dalian Institute of Chemical 
Physics (DICP) and was commercialized by Sinopec. Currently, D-MTO/D-MTO-II 
technology has occupied 70% market share for MTO process in China. D-MTO-II 
technology [49] comprises three major sections: (a) fluidized reactor with catalyst 

Scheme 1 Mechanism of propylene production through OCT process (metathesis coupled with 
isomerization) [42]
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system, (b) catalyst regeneration section, and (c) production separation section for 
separating propylene from ethylene and heavier hydrocarbon (C4 or above). Catalyst 
in fluidized reactor undergoes an acid-catalyzed reaction at 400–500  °C and 
0.1–0.3 MPa pressure and the reaction is exothermic in nature. Both S-MTO and 
D-MTO/D-MTO-II technology uses SAPO-34-based zeolite catalyst system and 
the major difference in the technological front is that S-MTO process uses novel 
type of SAPO-34 which can maximize propylene over ethylene production by mod-
ifying the zeolite’s pore. About 43% of propylene yield can be achieved through 
S-MTO process. In UOP/Norsk Hydro MTO process [50–52], methanol is pre-
heated to its vapor phase before putting into the reactor (Fig. 6) for the conversion 
of methanol to dimethyl ether (DME). The vapor-phase reaction is carried out at 
350–540 °C and 0.1–0.3 MPa. Propylene is recovered in the product recovery sec-
tion and heavier hydrocarbon is cracked into C3 and C4 olefins.

In Lurgi’s MTP process [53] methanol is first passed through a pre-heating sys-
tem at 260 °C and then the vaporized feed is passed through a DME reactor in the 
presence of an acidic dehydration catalyst. In the DME reactor, about 75% of meth-
anol is converted to DME and then mixed feed (75% of DME and 25% of methanol) 
is passed through the MTP reactor (Fig. 7) where reaction occurs at 470 °C over a 
catalyst in the presence of steam (0.75–2 kmol steam/kmol reaction mixture). The 
conversion of DME/methanol to propylene in the first MTP reactor is around 90%. 
A series of MTP reactors are used for propylene yield maximization and catalyst 
regeneration in sequence. MTO process can handle crude methanol and more suit-
able for ethylene production; however, the flexibility in the process allows propyl-
ene production up to 45% of total output. UOP in association with total S.A [54] has 
further improved the MTO process to boost propylene output by integrating with an 

Fig. 6 Schematic process flow diagram of MTO process [6]
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olefin cracking process (OCP). OCP process takes the heavier olefins from the MTO 
unit and converts them into lighter olefins, particularly to propylene. UOP-Total has 
started licensing integrated MTO/OCP process. Various features of commercial 
MTO/MTP process, their operating conditions, reactor system, and catalyst system 
used are given in Table 4 [55]. MTP process has advantage of producing polymer 
grade propylene independent of feedstock, the process also allows in situ regenera-
tion of catalyst and thereby offers continuous operation and minimum downtime. 
MTP process generates valuable by-products such as ethylene, LPG, and gasoline. 
This process consumes around 3.5  tons of methanol for per ton of propylene 
production.

DTP® process, jointly developed by JGC and Mitsubishi Chemical, is another on-
purpose propylene technology, which offers high yield of propylene [56]. The pro-
cess uses dimethyl ether (DME) or methanol as a feed. In addition, olefins by- products 
from naphtha cracker can also be used as feed in the process. DTP process involves 
zeolite-based catalyst and a fixed-bed adiabatic reactor and offers high yield of 

Fig. 7 Schematic process flow diagram of MTP process [6]

Table 4 MTO/MTP-based commercial process and their operating conditions [55]

S. 
no. Technology Licensor

Reactor 
type Catalyst Process condition

1 UOP/hydro advanced MTO/OCT 
(Total S.A)

Fluidized SAPO-34 () T: 400–550 °C, P: 
1–4 atm.

2 D-MTO (Dalian Institute of 
Chemical Physics

Fluidized SAPO-34 T: 400–550 °C, P: 
4–5 atm.

3 S-MTO (Sinopec MTO) Fluidized SAPO-34 T: 400–550 °C, P: 
1–5 atm.

4 MTP (Lurgi) Fixed bed Modified 
ZSM-5

P: 1.3 bar, T: 480 °C
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propylene with hydrocarbon recycling. DTP® technology has been demonstrated at 
Mitsubishi Chemical’s Mizushima Plant. Various features of commercial MTO/MTP 
processes [57–59] and their operating condition are summarized in Table 4.

3  Commercial Propylene Production with Feed Suitability

In summary, all the propylene production processes have its own merits and demer-
its for producing propylene in commercial scale. Since the on-purpose production 
route is taking frontline to reduce the gap between the world propylene demand and 
its supply, various feedstocks such as naphtha, light olefins (ethylene and butene), 
propane, and methanol (oxygenates) are being valorized based on the availability of 
the feedstocks by various selective processes for high purity propylene production. 
Different feedstocks and associated suitable process technologies used in the pro-
duction of propylene are summarized in Table 5 [60, 61].

Table 5 Various parameters for selection of suitable process for commercial propylene production 
based on feedstock [60, 61]

Feedstock Process
Merits (a) and 
demerits (b)

Operating 
condition

Final yield of 
propylene

Paraffin/
naphtha

Steam cracking (a) Mature 
technology
(b) Propylene 
obtained as a 
by-product recovery, 
the process is 
energy-intensive, 
and economical only 
at large-scale 
production

750–900 °C, 
2–3 atm.

13–16%

Ethane Route-1: Steam 
cracking, ethylene 
dimerization, 
metathesis

(a) Technology is 
well-established and 
provides polymer 
grade propylene
(b) Requires high 
purity olefin 
(ethylene and 
2-butene) feedstock 
for metathesis

For olefin meta 
thesis 20–50 °C 
(re-alumina 
catalyst), 
300–375 °C 
(WO3-silica) and 
at 5–15 atm.

Ethane cracking: 
~80–85% 
dimerization and 
metathesis: 
90–95%

Propane Propane 
dehydrogenation 
(PDH)

(a) Proven 
technology, less 
process steps, 
chemical grade 
propylene
(b) Endothermic 
reaction, catalyst 
shows deactivation 
tendency

540–700 °C, 
0.1–4 atm.

80–85%

(continued)

C. Samanta and R. K. Das



165

Table 5 (continued)

Feedstock Process
Merits (a) and 
demerits (b)

Operating 
condition

Final yield of 
propylene

Ethylene 
and butene

Metathesis (a) Suitable where 
ethylene is abundant 
severe condition
(b) Feedstock 
specific, yields 
depend on feedstock 
purity

20–50 °C 
(re-alumina 
catalyst), 
300–375 °C

90–95%

C4 to C10 
olefins

Olefins interconversion 
using proprietary 
ZSM-5-based catalyst

(a) Operating and 
investment cost is 
low
(b) Yield is low

400–550 °C, 
1–2 atm.

40–50%

Gas oil Route-1: FCC unit 
(FCCU) with 
conventional operating 
condition

(a) Operational 
flexibility, propylene 
yield can be tuned 
using different 
catalyst
(b) Catalyst 
deactivation, large 
CO2 emission, low 
grade propylene, 
investment cost is 
very high

500–600 °C, 
1.7–2.4 atm.

For conventional 
FCC: 4–7%, 
FCC + ZSM-5: 
7–10%

Route-2: FCCU with 
high severity operating 
condition in presence 
of proprietary ZSM-5 
zeolite additive

(a) Yield improved 
over conventional 
FCC
(b) High operation 
cost and still 
propylene purity 
remains concern

>600 °C, 
1.7 atm.

15–25%

Coal Route-1: Gasification 
of coal to syngas, 
syngas to methanol 
and MTP

(a) Matured 
technology, 
chemical grade 
propylene, feedstock 
flexibility
(b) Multiple steps, 
endothermic SMR 
and gasification for 
syngas production

For MTO/MTP 
process: 
350–500 °C, 
0.1–4 atm.
For OCP: 
400–550 °C, 
1–2 atm.

MTO for 
propylene: 
80–85%

Route-2: Gasification 
of coal to syngas, 
syngas to methanol, 
MTO couple with 
olefin cracking process 
(OCP)

Natural 
gas

Reforming to syngas, 
methanol synthesis, 
MTO with OCP

C3-Based Petrochemicals: Recent Advances in Processes and Catalysts



166

4  Propylene Derivatives

Numerous propylene derivatives are produced based on the market demands. 
Among all the derivatives, a substantial increase in the consumption of polypropylene- 
based materials over the last two decades has been the key driver for the growing 
demand of propylene. As per IHS report, more than 65% of propylene was con-
sumed worldwide in 2015 for the production of polypropylene [1]. Approximately, 
7% of the propylene was employed in the production of propylene oxide, which is 
a key intermediate for the synthesis of propylene glycol and polyols. The rest of the 
propylene was utilized in the manufacture of cumene, and other important C3-based 
chemicals. Since this book chapter is intended not to cover polymerization chemis-
try, apart from polypropylene other valuable C3 chemicals derived from propylene 
such as propylene oxide, isopropyl alcohol, acrylonitrile, and acrylic acid have been 
covered with the relevant information entailing their recent advances in the com-
mercial as well as emerging processes and associated catalyst developments.

4.1  Propylene Oxide (PO)

Propylene oxide (PO) is one of the fastest-growing consumers of propylene and 
around ten million tons of PO production in the world justifies its impact in the 
chemical industry. PO is used in the production of various valuable products (Fig. 8) 
such as polyols, propylene glycol, propylene glycol ethers, and polyurethane. Polyol 
is one of the most important PO derivatives and its consumption is rising nearly 4% 
per year and is expected to continue the similar growth in the coming decade. Polyol 
is widely used in the production of polyurethane foams, by reactions with isocya-
nates, like methylene diphenyl diisocyanate (MDI) or toluene di-isocyanate (TDI). 
Polyurethanes are versatile material and used in making flexible foams, which are 
used in furniture, mattresses, and cushions for automobiles or rigid foams, which 
are mainly used for insulation for housing and construction. Other applications of 
PO include solvents and miscellaneous chemicals used in oil field drillings, flame 
retardants, synthetic lubricants, etc. Consequently, demand for PO is continuously 
increasing with a rate of 8% per annum especially in the Asia-Pacific region as the 
automobile industry is growing substantially.

4.1.1  Propylene Oxide (PO) Production: Commercial Processes

At present, there are five major industrial processes for the production of PO [63]. 
These are (a) chlorohydrin (CL) process, (b) tert-butyl hydroperoxide (TBHP) or 
PO/TBA (propylene oxide-tert-butyl alcohol) process, (c) ethyl benzyl hydroperox-
ide (EBHP) or PO/SM (propylene oxide-styrene monomer) process, (d) HPPO 
(hydrogen peroxide to propylene oxide) process, and (e) cumene hydroperoxide 
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(CHP) process. The global contribution of PO production by these processes is 
shown in Fig. 9.

Currently, cholorohydrin, EBHP, and TBHP have a combined PO production 
share of about 80%. However, this scenario is shifting toward more environmentally 
friendly and economical technology based on the CHP and HPPO processes. 
The drawbacks of cholorohydrin, EBHP, and TBHP processes are the generation of 
additional co-products. For instance, in the case of chlorohydin process [65–67], for 
each ton of PO production approximately 2.0  tons of CaCl2 is generated as by- 
product and the process consumes 1.4 ton of chlorine and 1.0 ton of calcium hydrox-
ide (Table 6). Additionally, the process consumes large volume of water which in 
turn generates CaCl2 or NaCl (NaOH is as neutralizing medium) containing 

Fig. 8 Applications of 
propylene oxide [62]

Fig. 9 Changing scenarios of global PO production by processes [63, 64]
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wastewater. Because of this chlorohydrin route is disfavored for new plant start-ups 
in most locations [68]. The environmental viability of a modern chlorohydrin plant 
depends on its scale of production, wherein large-scale plants can be fully integrated 
with chlorine/caustic plants.

In the PO/SM process (also known as EBHP process) [69–71] ethylbenzene is 
used as a feedstock which is oxidized in the presence of air to produce ethylbenzene 
hydroperoxide. Epoxidation of propylene with ethylbenzene hydroperoxide leads to 
the formation of propylene oxide and 1-phenyl ethanol as a co-product (Scheme 2). 
In the subsequent step, 1-phenyl ethanol is further dehydrated to form styrene using 
titania or alumina catalyst [72]. LyondellBasell and Shell are the two major global 
players for this process technology [66, 73].

In the EBHP process, every ton of PO production leads to approximately 2.5 tons 
of styrene co-production [74]. Co-produced styrene is a useful chemical and is 
employed as a valuable monomer in the production of a number of homopolymers 
such as polystyrene (PS), expandable polystyrene (EPS), and various copolymers 
such as acrylonitrile- butadiene- styrene (ABS) resins, styrene-acrylonitrile (SAN) 
resin, acrylonitrile-styrene-acrylate (ASA), styrene-butadiene (SB) latexes, styrene- 
butadiene rubber (SBR), and unsaturated polyester resins. These products have ver-
satile applications in packaging, construction, domestic appliances, home 
furnishings, and so on. Because of this, EBHP process continues to support the PO 
production.

In TBHP process [75–77] isobutane is used as a feedstock and tert-butyl alcohol 
(TBA) is generated as a co-product along with propylene oxide (Scheme 3).

By employing this process, approximately 2.1 tons of TBA is produced as by- 
product for each ton of PO [63]. TBA can be used in the production of two ether- 
based oxyfuels, methyl tertiary butyl ether (MTBE) and ethyl tertiary butyl ether 

Table 6 Industrial journey of commercial propylene oxidation processes [65]

Process
1st Gen 
(1910–)

2nd Gen (1960–) 3rd Gen 
(2003–)

4th Gen 
(2008–) 5th GenSM/PO PO/TBA

Feedstock Propylene Ethylbenzene 
and propylene

Isobutane 
and 
propylene

Cumene 
and 
propylene

Propylene Propylene 
or propane

Oxidation 
source

Cl2 and 
H2O

Air Air Air H2O2 Air or O2

Byproduct 
(t/t-PO)

CaCl2 
(2.0)

Styrene (2.5) TBA (2.1) – H2O –

Propylene 
selectivity

Low Medium Medium High High –

Sustainability 
index

Low Medium Medium Medium High High

First generation (1910–): chlorohydrin process
Second generation (1960–): (a) PO/SM co-production, (b) PO/TBA process
Third generation (2003–): Sumitomo PO only production
Fourth generation ((2008–): HPPO process
Fifth generation (under development): direct oxidation of propylene/propane to PO
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Scheme 2 Reactions associated with the EBHP process

Scheme 3 Reactions associated with the TBHP process

(ETBE). These ethers are used as octane-booster in gasoline that help gasoline burn 
cleaner and reduce emission from automobiles. MTBE has a number of advantages 
over other octane boosters such as lower content of benzene, formaldehyde, and 
volatile organic compounds. MTBE is used as gasoline octane booster additive in 
many parts of the world especially in India and China; however, its use in the USA 
and Europe has been banned by laws. MTBE has a negative health effect if contami-
nated with groundwater due to spillage at gasoline stations and transportation.
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The choice between EBHP and TBHP process largely depends on the utilization 
of co-product in the existing refinery complex and demand of the co-product, espe-
cially in the domestic market. If the refinery is intregated with downstream petro-
chemicals complex, EBHP is a preferred choice, while TBHP process is suitable for 
integrating with refineries since MTBE can be produced and utilized as gasoline 
octane booster additive. Interestingly, both EBHP and TBHP processes are attrac-
tive in China and India since there are high demand for both styrene and 
MTBE. However, cost of styrene and TBA are severely affected by market condi-
tions. Thus, PO production economics through THBP or EBHP process is not the 
optimal one and therefore companies have strategically shifted toward better 
alternatives.

An improved hydroperoxide process based on using cumene as a feedstock 
instead of ethylbenzene has been invented and commercialized by Sumitomo 
Chemical, Japan. This process is called as “Cumene PO-only” process and is funda-
mentally similar to EBHP and TBHP processes, but avoids the formation of by- 
products since the co-product is recycled back as feedstock (Scheme 4).

Three different types of reactions are involved in the overall cumene-PO only 
process [78]: (a) oxidation; (b) epoxidation; and (c) hydrogenation. Sumitomo 
Chemical has developed novel mesoporous titanium silicalite (TS-1)-based zeolite 
having pore diameter of 1–20 nm as compared to the classical microporous TS-1 
zeolite having pore size of 0.5–0.6  nm [78]. Sumitomo’s mesoporous TS-1 has 
higher surface area and superior performance in the epoxidation reaction.

Sumitomo Chemical commercialized the first PO-only (200,000 tons/year) plant 
in Japan in 2003. The second plant was built at Petro Rabigh, Saudi Arabia, and 
started production in 2009. The technology is also licensed to S-OIL Corp. of South 
Korea with a capacity of 300,000  tons/year, came on stream in 2018. Two more 

Scheme 4 Reactions associated with the Cumene “PO-only” process

C. Samanta and R. K. Das



171

plants will be constucted: a subsidiary of PTT Global Chemical Public Company 
Limited of Thailand is constructing a plant of 200,000 tons/year and is due to be 
completed in 2020. Bharat Petroleum Corporation Limited, India has entered into 
an agreement with Sumitomo Chemical to set up a 300,000  tons/year PO plant 
which is expected to come stream in 2022–2023 [79]. The new PO only cumene 
process offers higher yield of PO with only producing small amounts of by-products 
as well as environmentally superior than the conventional hydroperoxide pro-
cesses [80].

Fourth-generation PO-only process uses hydrogen peroxide as an oxidant. 
BASF-Dow and Evonik-Udhe both have developed their proprietary HPPO technol-
ogy [81]. This method produces only water as co-product and therefore has highest 
environmental footprints. The HPPO process [82] is revolutionizing the practical 
implementation of the sustainable catalytic oxidation using H2O2 as an oxidant. A 
number of HPPO plants have been commissioned in the last few years to cater the 
growing demand for PO [83]. The largest HPPO plant (390,000 tons/year) owned 
and operated by SCG-Dow is located in Map Ta Phut, Thailand, and producing PO 
since 2011. Two other HPPO plants are: (a) located at Antwerp, Belgium operated 
jointly by BASF-Dow (since 2008) with a capacity of 300,000 tons/year [84] and 
(b) operated by SKC (since 2008) with a capacity of 300,000 tons/year at Ulsan, 
South Korea and technology licensed by Evonik-Uhde [85]. In the BASF-Dow pro-
cess [86], PO production is performed in a fixed-bed reactor over a TS-1 catalyst 
[87–91]. Evonik-Uhde technology also uses a Ti-silicalite catalyst. In all the above- 
mentioned HPPO plants, H2O2 is produced from the classical anthraquinone oxida-
tion (AO) process for PO production. It is claimed by the companies that PO 
production based on the HPPO process is more economical compared to other PO 
production processes as HPPO plants require 25% less capital to build [92].

HPPO process produces water as only by-product along with PO as a major 
product. Apart from water, unlike other traditional processes, there is no other by- 
product formation and thus the process has the highest environmental footprints 
(Scheme 5). Traditional process generates styrene monomers and propylene dichlo-
ride as by-products which can be avoided in the HPPO process. In general, the 
HPPO process is environmentally superior in comparison to other conventional PO 
processes.

The other environmental benefits of the HPPO plant when compared to tradi-
tional PO production technologies include reduction in wastewater by about 80%, 
decrease in energy consumption by about 35%, and fewer requirements for physical 
footprint and infrastructure, and simpler raw material integration. Owing to such 
breakthrough process technology, BASF and Dow received together the Presidential 
Green Chemistry Challenge Award in 2010 from the US Environmental Protection 
Agency (EPA) [93]. This award is a great recognition and validates the greener 
environmental footprints of the HPPO technology.
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4.1.2  Future Outlook of PO Production

The most obvious choice for PO production would be based on the direct selective 
oxidation of propylene or propane using air or oxygen as an oxidizing agent [94]. 
The selective propylene oxidation using molecular oxygen for PO synthesis is often 
considered as the Holy Grail in catalysis research. A number of chemical companies 
and academic institutes have been working to develop this route for several years. 
However, because of the unsymmetrical nature of the propylene molecule, its selec-
tive oxidation to PO is severely limited by thermodynamics [95, 96]. Oxidation 
using molecular oxygen required high energy of 498 kJ/mol for dissociating O–O 
double bond. Once O–O bond is dissociated, oxygen tends to accumulate negative 
charge (O–), and thus preferentially attacks the weakly bound allylic hydrogen 
atoms (–CH3) of propylene resulting in the production of acrolein (Scheme 6).

On the other hand, overoxidation of propylene leads to thermodynamically 
favored CO2 and H2O molecules. Thus, to obtain industrially relevant selectivity for 
PO, the rate of side reactions has to be minimized with the help of highly selective 
oxidation catalyst.

AIST-Nippon Shokubai has made significant progress on the development of 
selective oxidation of propylene to PO by the reaction of propylene, O2 and H2 using 
nano gold catalyst in the same reactor [97]. As silver-based catalyst is used in the 
commercial ethylene oxide production, the silver catalyst had been also explored in 
the epoxidation of propylene. PO selectivity of 50–80% was achieved, while further 
improvement in terms of the catalytic performances for PO production was achieved 
using gold nanoparticles (NPs, 2.0–5.0 nm) [98] deposited on anatase TiO2 or meso-
porous titanium-silicate catalyst [99–101] owing to which the reductive activation 
of O2 with H2 is obtained at milder condition.

Scheme 5 Hydrogen peroxide propylene oxide (HPPO) process coupled with AO process
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4.2  Acrylonitrile (ACN)

Acrylonitrile (ACN) is a versatile chemical intermediate and annually more than 14 
billion pounds of ACN is produced worldwide. ACN has a unique chemical struc-
ture (CH2=CH–C≡N) containing nitrile (–C≡N) as well as C–C double bond in 
conjugation. Nitrile group can undergo hydrolysis to give acrylic acid and followed 
by acrylates by esterification with alcohol. The double bond in ACN can take part in 
various reactions such as Diels-Alder reaction, hydrogenation, cyanoethylation, 
hydroisomerization, and hydroformylation reactions. Thus various useful chemicals 
can be produced employing ACN as an intermediate (Fig. 10).

The primary end uses of acetonitrile are acrylonitrile-butadiene-styrene (ABS), 
styrene-acrylonitrile (SAN) resin, acrylic fiber, and acrylamide. As per IHS Markit 
data, the acrylonitrile market is expected to grow at a CAGR of over 3% during 
2019–2024. One of the major factors for this growth is the increasing demand for 
ABS which is a durable thermoplastic used in automotive components, telephone 
and computer casings, and sports equipment. Another material nitrile rubber is used 
in the manufacture of hoses for pumping fuel. Acrylonitrile is also used in the pro-
duction of plastic resins, paints, adhesives, and coatings. Owing to its protective 
property, high chemical strength, and resistance to bases, acids, and other corrosive 
compounds, acrylonitrile products are highly preferred for packaging in the elec-
tronic appliance and the food and beverage industries.

4.2.1  Acrylonitrile Production: Commercial Advancement

Acetylene Route

Charles Moureu, a French organic chemist, first synthesized acrylonitrile in 1893. 
However, it did not see commercial importance till the 1930s, when new applica-
tions of acrylic fibers started in textiles and synthetic rubber industries [103]. The 
early commercial production was based on the acetylene route (Scheme 7) and 
some of the major producers of acrylonitrile using this route were BASF, American 

Scheme 6 Various pathways for oxidation of propylene
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Cyanamid, Dupont, Union Carbide, and Monsanto. The process was the main route 
of ACN production before the arrival of ammoxidation process in the 1970s [104].

The reaction was performed in dilute hydrochloric acid at 80–90 °C and in the 
presence of cuprous chloride and ammonium chloride as catalysts. High molar yield 
of ACN (90%) was obtained with acetaldehyde, vinyl acetylene, divinylacetylene, 
vinyl chloride, cyano butane, lacto nitrile, and methyl vinyl ketone as minor by- 
products. Availability and high cost of acetylene, along with involvement of multiple 
steps for separation of catalysts as well as by-products were the major drawbacks of 
the acetylene-based process. During 1960s, annual production of ACN was around 
260 million pounds (125 KTA), and it was treated as a low-volume speciality chemi-
cal. However, a discovery of numerous applications of ACN derivatives propel its 
demand and thus, it was imperative to explore alternative routes based on cheaper 
feedstocks to make ACN production economically attractive. Methods such as addi-
tion of hydrocyanic acid to ethylene oxide (Scheme 8), addition of hydrocyanic acid 
to acetaldehyde (Scheme 9), nitrosation of propylene (Scheme 10), and dehydrogena-
tion of propionitrile (Scheme 11) were explored [105]. Later, ammoxidation of pro-
pylene (Scheme 12) also known as SOHIO process, displaced all the processes [7, 8].

ACN can be obtained from reactions of ethylene oxide with aqueous hydrocy-
anic acid at 60 °C and subsequent dehydration of ethylene cyanohydrin in the liquid 
phase at 200 °C. Ethylene cyanohydrin process was first produced acrylonitrile in 
Germany and on industrial-scale production in America.

Another process for ACN synthesis was based on the reaction of acetaldehyde 
with hydrocyanic acid (Scheme 9). However, such process did not reach the indus-
trial scale.

Nitrosation of propylene (Scheme 10) was another process exploited for acrylo-
nitrile synthesis, however the process never achieved commercial success.

Dehydrogenation of propionitrile (Scheme 11) is also reported in the literature 
for ACN synthesis. However, the method did not see commercial reality.

Fig. 10 Various applications of acrylonitrile and its derivatives [102]

Acetylene + HCN → CH2=CH–C≡N +  H0 298 = -175 kJ/mol

Scheme 7 Hydrocyanation of acetylene
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The arrival of SOHIO process in 1960s dramatically changed the scenario of the 
ACN production and annual worldwide production of acrylonitrile rapidly increased 
from 260 million pounds in 1960 to more than 11.4 billion pounds in 2005 [103].

Ammoxidation Route

Currently, the SOHIO process accounts for more than 95% of the world’s ACN 
production. SOHIO process was initially developed in 1957 by Standard Oil 
Company, or SOHIO which was later acquired by British Petroleum (BP) in 1978. 
Currently, the acrylonitrile technology licensing and catalyst businesses are part of 
INEOS. SOHIO process uses propylene, ammonia, and air (O2) as feeds. At present, 
the SOHIO process makes around 7 billion kg/year of acrylonitrile worldwide 
[106], which is equivalent to 1 kg/year per person on planet earth. The SOHIO pro-
cess entails the production of acrylonitrile through the direct gas-phase oxidation of 
propylene in the presence of a heterogeneous bismuth-phosphomolybdate-based 
catalyst with ammonia and oxygen (from air) as feed gases (Scheme 12).

As a result lower acrylonitrile yield is obtained in the SOHIO process if the cata-
lyst used is not highly selective. A schematic process flow diagram of commercial 
SOHIO process is shown in Fig. 11. The commercial SOHIO process uses fluid bed 
reactors (10–12 m dia) and with a large amount of catalyst (75,000 kg of catalyst/
reactor) and the particle size of the catalysts ranges between 40 and 100 μm for 
effective fluidization [104]. The reactors are operated in the temperature range of 
420–450 °C and 1.5–3 bar pressure. The residence time is kept low of 5–8 s and a 
superficial linear gas velocity between 0.2 and 0.5 m/s is used for effective opera-
tion. With this innovation, in 1960s, a plant having production capacity of 47.5 mil-
lion pounds/year was set up by Sohio Oil. The new process reduced the cost of the 
acrylonitrile production by half as compared to the acetylene-based production pro-
cess. Therefore, acetylene-based acrylonitrile production plant was gradually 
replaced by novel propylene ammoxidation process and most of the acrylonitrile 

C2H2O + HCN � HO-CH2-CH2-CN � CH2=CH-CN + H2O

Scheme 8 Hydrocyanation of acetaldehyde followed by dehydration

CH3CHO + HCN � CH3-CHOH-CN � CH3CHCN + H2O

Scheme 9 Dehydrogenation of propionitrile

CH2=CH-CH3 + NO � CH2=CH-CN + H2

Scheme 10 Nitrasation of propylene

CH3-CH2-CN � CH2=CH–C≡N + H2

Scheme 11 Dehydrogenation of propionitrile
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Fig. 11 Schematic process flow diagram of the commercial propylene ammoxidation pro-
cess [107]

Main reaction

(i)

Side Reactions 

(ii)

(iii)

(iv)

(v)

(vi)

(vii)

The reactions (ii to vii in Scheme 12) among propylene, ammonia and oxygen can lead to the
formation of a number of by-products as follows: 

H2C=CH-CH3+ 3/2O2+3/2NH3� 3/2CH3-CN + 3H2O   --

H2C=CH-CH3+ 9/2 O2� 3CO2+ 3H2O 

H2C=CH-CH3+ 3 O2� 3CO + 3H2O 

H2C=CH-CH3+ O2� CH2-CH-CHO +3H2O 

H2C=CH-CH3+ 3O2+3NH3� 3H-CN + 6H2O

H2C=CH-CH3+ 3/2O2+3/2NH3� 3/2CH3-CN + 3H2O

NH3+ 3/4O2� 1/2N2+ 3/2H2O

Scheme 12 Non-selective partial and complete oxidation of propylene and ammonia to 
by-products
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Table 7 Various molybdate-based commercial catalysts and their performance in acrylonitrile 
production

Improvement of 
catalyst’s version Catalyst formulation

Acrylonitrile yield 
(%)

1st generation 
(1960–1963)

Bi9PMo12O52 (50% support) 55

2nd generation 
(1963–1965)

Fe4.5Bi4.5PMo12O52-SiO2 (50% support) 65

Advanced multicomponent catalyst:

1. 1969–1970 1. K0.1(Ni, Co)9Fe3BiPMo12O3-SiO2 (50% 
support)

75

2. 1975–1991 2. (K, Cs)0.15(Ni, Co, Mn)8(Fe, Cr)2.5BiMo13.2Ox- 
SiO2 (50% support)

78–80

3. 1992–1995 3. (K, Cs)0.15(Ni, Mg, Mn)7.5(Fe, 
Cr)2.3Bi0.5Mo12Ox-SiO2 (50% support)

>80

Table 8 Various antimonate-based commercial catalyst and the yield of acrylonitrile

Improvement of 
catalyst’s version Catalyst formulation

Acrylonitrile 
yield (%)

Early catalyst Fe4.5Sb8.6Ox-supported with 40% SiO2 65
USb4.6Ox-supported with 40% SiO2 70

Advanced 
multicomponent catalyst

Na0.3 (Cu, Mg, Zn, Ni)0-4 (v, W)0.5-1Mo0.5–2.5Te0.2- 

5Fe10Sb13- 20Ox supported with 40% SiO2

75

plant was licensed by SOHIO process. From then, BP chemical developed several 
catalyst formulations for propylene ammoxidation (Fig. 11) with acrylonitrile yield 
improvement and few of them were commercialized (given in Tables 7 and 8). Till 
date, the most effective commercial ammoxidation catalyst is based on bismuth- 
molybdates which promote selective ammoxidation reaction through catalytic cycle 
as shown in Fig. 12.

4.2.2  Recent Advances in Ammoxidation Catalyst

The first-generation commercial ammoxidation catalyst which was discovered in 
the late 1950s by SOHIO after about 2  years of exploratory research was a 
Bi9PMo12O52 which offered 55% of acrylonitrile yield [104]. Although the catalyst 
life was about 2 years, it was sufficient to initiate commercial production of acrylo-
nitrile because of its high market demand. Since the SOHIO process is based on the 
fluidized bed reactor, attrition resistant catalyst was a prerequisite in the commercial 
operation. To impart attrition resistant catalyst, silica was mixed with metal oxides 
for offering mechanical strength while spherical particles were made through spray 
drying route. Since then, several catalyst formulations were developed by SOHIO 
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during 1960–1995 for improving the catalyst stability and ACN yield ranging from 
55% to 82%. In second-generation catalyst [112, 113], ACN yield was improved 
from 55% to 65% by introducing redox element Fe into the bi-phosphomolybdates 
(first- generation catalyst). Though ammoxidation yield improvement was signifi-
cant in second-generation catalyst, at high O2 partial pressure, Fe2Mo3O12 was pro-
duced from the catalyst system which promoted overoxidation of propylene 
(complete combustion to COx). To circumvent such an issue, redox chemistry was 
re-thought and divalent element such as Ni, Co, and alkali metal such as K was 
incorporated into the structure to prepare first multiphase catalyst system for ammo-
xidation reaction. The yield was improved significantly to 75–79% (commercial 
yield 75%). Fe(II) is stabilized in presence of divalent Ni(II) and Co(II) at oxidizing 
condition. From stabilized iron-molybdate, oxygen is dissociated, incorporated, and 
transmitted in lattice site for effective ammoxidation reaction. Alkali is incorporated 
to kill the surface acidity and thereby acrylonitrile selectivity improvement is 
achieved. Accordingly, several multicomponent mixed oxide catalyst developed by 
SOHIO from 1969 to 1995 and acrylonitrile yield reached to >80% [114–117]. 
Interestingly, the seventh and subsequent generation of catalysts are still based on 
Bi2O3·MoO3, but the catalyst system is much more complex than the first generation 
and are based on multicomponent, multiphase catalytic system, e.g., (K,Cs)
(Ni,Co,Mg,Mn)(Fe,Cr)BiMoO. The advanced catalysts can give about 83% acrylo-
nitrile yield and with catalyst life of about 10 years. It is interesting to mention that 
although the current catalyst can offer 83% yield of acrylonitrile, there is still room 
for further improvement since the thermodynamic limit can yield 100% acryloni-
trile [104].

Notably, most of the commercial catalyst comprises bi-phosphomolybdates as an 
active component. Without bismuth, catalytic activity was not obtained. Montedison 

Fig. 12 Mechanism of selective ammoxidation of propylene over molybdate catalyst [108–111]
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Corporation developed Te-molybdate-based catalyst [118–120]. However, the vola-
tility of Te made the catalyst system commercially less important [104].

Apart from molybdate, there is few commercial success with antimonite-based 
catalyst for propylene ammoxidation. Non-radioactive uranium-based antimonate 
catalyst system [121–124] was also developed by SOHIO in late 1960 and ACN 
yield was higher than firsst- and second-generation catalyst. However, the catalyst 
was phased out later in 1970 due to the residual radioactivity and heavy uranium 
contamination. Fe-based antimonate [125] is also somewhat successful commer-
cially; however, loss of antimony from the catalyst is the reason for the low popular-
ity. Another multicomponent antimonate-based ammoxidation catalyst [126] is 
used in commercial unit by Nitto Corporation. However, for SOHIO process (now 
BP), so far bi-phosphomolybdates remain the dominant ammoxidation catalyst. 
Even with the most sophisticated multicomponent Bi-Mo-Ox catalysts (SOHIO 
Catalyst-49 and C-49-C) the acrylonitrile yields lie between 80% and 82%, because 
of the unavoidable high number of by-products generated from the undesired reac-
tions at the complete conversion of propylene.

4.2.3  Emerging Alternatives: Propane Ammoxidation and Its Catalyst

Since propane is a readily available and inexpensive feedstock than propylene, the 
obvious choice for ACN production would be based on propane. However, propane 
is a thermodynamically stable molecule than propylene and requires improved cata-
lyst or higher operating temperature for its activation. Several companies such as 
Asahi, Mitsubishi, and BP chemicals have been developing the propane ammoxida-
tion process as a replacement to propylene ammoxidation process. Two routes can 
be employed for technological development for propane ammoxidation: (a) propane 
dehydrogenation followed by traditional ACN production through SOHIO process: 
integration of two-step process, (b) direct ammoxidation of propane. However, pro-
pane dehydrogenation is expensive and thus integration of dehydrogenation and 
ammoxidation is a major bottleneck to the solution. Naturally direct ammoxidation 
of propane is more attractive choice to the researcher across the globe.

BP commissioned a demonstration plant in 1997 for making acrylonitrile using 
propane as feedstock and as per the company’s estimation, it could reduce the pro-
duction cost further by at least 20% in comparison to propylene-based ammoxida-
tion [127]. The major limiting step for this process is to activate propane for 
ammoxidation reaction. Propane adsorption into the catalyst system is approxi-
mately ten times lower than its propylene counterpart.

Propane ammoxidation : CH CH CH NH 2O

CH CH C H O
3 2 3 3 2

2 2

− − + +
→ = − ≡ Ν + 4  

Propylene ammoxidation : CH CH NH 3 / 2O
CH CH 3H
3 2 3 2

2 2

− = + +
→ = ≡ +

CH
C N– OO
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In the last several years, tremendous efforts have been made for developing pro-
pane ammoxidation catalyst system and various multicomponent catalyst systems 
[128–130] have been explored. Mitsubishi/Asahi catalyst system based on 
MoV(Nb,Ta)(Te,Sb)O can give about 65% acrylonitrile yield. The catalytic system 
contains two distinct phases, M1- the paraffin-activating phase and M2- the propyl-
ene mop-up phase which acts synergistically. The active sites are isolated from each 
other by Nb- or Ta-containing pentagonal bipyramids and different elements offer 
unique catalytic functions to synergistically promote selectivity for desired product. 
The olefin- and paraffin-based ammoxidation reactions although relatively mature 
still present challenges to the physical, inorganic, and synthetic chemist, to further 
explore the development of new materials. It is also of scientific curiosity to inves-
tigate the nature of the catalytic active sites capable of the complex molecular trans-
formations required for the ammoxidation process. It would be also interesting to 
discover new and still more effective compositions for making acetonitrile produc-
tion with 100% yield as per the maximum theoretical thermodynamic limit [104]. 
Fe-Bi/SiO2-based catalyst system is examined at 500 °C for propane ammoxidation 
reaction which showed 49% yield of acrylonitrile at 36% propane conversion [131]. 
However, such acrylonitrile yield is not sufficient to replace propylene ammoxida-
tion method as far as techno-commercial feasibility is concerned.

Very recently, a novel method of acrylonitrile production from renewable feed-
stock such as 3-hydroxypropanoate (ethyl 3-HP), which can be made from 
3-hydroxypropionic acid (3-HP), has been established [132]. 3-HP can be produced 
from sugars catalyzed by the selective microbes. The process is based on two steps 
first being the dehydration of ethyl 3-HP (at 260 °C) over TiO2 catalyst to ethyl 
acrylate followed by nitrilation with ammonia to ACN over TiO2 catalyst at 
315  °C. Another promising renewable route is based on glycerol dehydration to 
propylene followed by ammoxidation of propylene to ACN. Thrust for renewable 
acrylonitrile from bio-based alternative sources will increase to avoid petroleum- 
based propylene price volatility and also for reducing the carbon footprint of the 
existing ACN process.

4.3  Acrylic Acid

4.3.1  Chemical and Technical Aspects of Acrylic Acid

Acrylic acid (CH2=CHCOOH) is one of the simplest unsaturated carboxylic acids. 
It has a unique chemical structure comprising of a vinyl group connected to a car-
boxylic acid. Due to the presence of C=C and C=O bond conjugation, acrylic acid 
can undergo both electrophilic addition and nucleophilic substitution reactions. 
Such a conjugated C–C double bond can stabilize free radical and thus undergo free 
radical polymerization reactions in presence of a suitable initiator. The carboxyl 
group later can allow nucleophilic displacement reactions as well as esterification 
reactions to incorporate the desired functional group into the polymer moiety. Crude 
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acrylic acid, obtained from plant, is later upgraded to two different grades of acrylic 
acids. Technical Grade or ester grade acrylic acid (94% purity and the remaining 6% 
comprises mainly maleic anhydride, propionic acid, acetic acid, and furfural) and 
glacial and polymer grade acrylic acid (98–99.7% purity) [133]. About 55% of the 
crude acrylic acid is used as ester grade acrylic acid. The remaining 45% is further 
purified to make glacial acrylic acid. Commodity acrylic esters are produced from 
ester or technical grade acrylic acid. Commodity acrylic esters are widely used for 
the production of surface coatings materials, sealants and adhesives, textiles, plastic 
additives, and paper treatments. Polyacrylic acid, polyacrylic acid copolymers, and 
anionic polyelectrolytes-based polymers are produced using highly purified acrylic 
acid, i.e., glacial acrylic acid. Polyacrylic acids are further modified to produce 
superabsorbent polymers (SAPs). Some other applications of homo and co- polymers 
of polyacrylic acid and acrylates are dispersants/antiscalants, anionic polyelectro-
lytes for water treatment, and rheology modifiers. The increasing area of applica-
tions for acrylic acid is superabsorbent polymers (SAPs) and detergent polymers. 
SAPs are cross-linked polyacrylates that have the ability to absorb more than 
100–200 times liquid of their own weight. Detergent polymers made from combina-
tion of homopolymer polyacrylates and copolymers of polyacrylic acid with maleic 
anhydride and then the combination are used both in zeolites and phosphates-based 
washing powder formulations. Increasing middle-class population, extending lifes-
pan and health awareness increasing demand, consumption, and growth for the 
acrylic acid (AA)-based superabsorbent polymer market [134].

4.3.2  Global Acrylic Acid Market Overview

Global acrylic acid market is expected to reach USD 22.6 billion by 2022. According 
to a new study by Grand View Research, Inc., the key driver for expecting market 
growth is the increasing demand of glacial acrylic acid in superabsorbent polymers 
(SAP) production. Versatile applications of SAP in niche segments such as water 
treatment chemicals and radiation-cured coatings in emerging markets of Asia 
Pacific and Central & South America are expected to contribute important role in 
high demand acrylic acid growth projection. Consumption of acrylate esters took an 
estimated 50% of demand share till 2014. Growing application of various acrylate 
derivatives such as ethyl acrylate, butyl acrylate, and 2-EHA for usage in paints, 
coatings, and textiles industry is expected to contribute to the product’s growth fur-
ther. As per the current glacial acrylic acid consumption, it is expected to witness 
the highest CAGR projection of 5.7% from 2015 to 2022 as per Fig. 13.

There are several key manufacturers of acrylic acid and acrylic-based derivatives 
for consumers products. Companies like Arkema (France), Evonik Industries 
(Germany), The Dow Chemical Company (U.S.), Hexion Inc. (U.S.), BASF SE 
(Germany), Nippon Shokubai Co. Ltd. (Japan), Mitsubishi Chemical Holdings 
Corporation (Japan), Holding (Russia), PJSC Sibur LG Chem Ltd., and Sasol 
Limited (South Africa) are leading the market shares.

C3-Based Petrochemicals: Recent Advances in Processes and Catalysts
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4.3.3  Acrylic Acid Production: Recent Trend vs. Conventional Production

Conventionally acrylic acid is produced using propylene. However, several other 
bio-based acrylic acid production is underway especially for polyacrylic acid poly-
mer production for disposable diaper application. Arkema has developed two-step 
process for acrylic acid production from glycerin which is the by-product of bio-
diesel manufacturing process. The first step is acrolein production, followed by 
acrolein oxidation to acrylic acid [136]. Though glycerin-based acrylic acid produc-
tion is ready for commercial production by Arkema, cost competitiveness with con-
ventional propylene-based acrylic acid process is holding back for commercialization. 
OPXBio, Cargill, Novozymes, and BASF are developing 3-hydroxypropionic acid 
(3-HP)-based process for acrylic acid production. Requisite R&D activities have 
been completed and it is now ready for commercial production. In similar line, 
Myriant has developed lactic acid-based acrylic acid production process in collabo-
ration with an academic institute such as MIT and Pennsylvania State University 
(especially for catalyst development for dehydration of lactic acid to acrylic acid at 
80% conversion and 90% selectivity) [137]. Various routes for acrylic acid produc-
tion are given in Fig. 14.

However, bio-based acrylic acid production is facing serious challenges in terms 
of cost competitiveness due to the advent of shale gas resource which makes pro-
pane as low cost and abundant material, and consequently energy companies are 
putting several on-purpose propane dehydrogenation plants for low-cost propylene 
and related chemical production at lower price. Also, on-purpose production of pro-
pylene based on methanol has increased significantly.

The prices of acrylic acid highly depends on the cost of propylene. With the 
continuous increase in the capacity of propylene production, some countries take 
advantage of being low-cost manufacturer of acrylic acid. For example, China is 
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C. Samanta and R. K. Das



183

producing large quantities of propylene from steam crackers and coal-based MTO/
MTP process and has increased production of acrylic acid for SAP production. 
BASF-YPC (a 50:50 joint venture of BASF and Sinopec) has constructed a new 
super-absorbent polymer (SAP) plant with a capacity of 60,000 mtpa [138].

4.3.4  Processes for the Production of Acrylic Acid: 
Commercial Perspective

The oxidation of acrolein is the earliest synthesis of acrylic acid and it was occurred 
in 1843. Since 1927, several commercial processes have come up for producing 
acrylic acid that include ethylene cyanohydrins process, the Reppe process, the 
β-propiolactone process, and the acrylonitrile hydrolysis. In recent time, the research 
effort has been put to develop microbe for producing 3-hydroxypropionic acid by 
fermentation. 3-Hydroxypropionic acid then underwent dehydration reaction to 
form acrylic acid.

Acrylic Acid Production from Propylene by Catalyzed Oxidation

Currently, the majority of acrylic acid is produced through two-step selective partial 
oxidation of propylene in presence of suitable catalytic system [139]. Two reactions 
happen in tubular fixed-bed reactor system connecting in series. Following two 
reactions occur in two reactors (Scheme 13).

Fig. 14 Various pathway for acrylic acid production [137]
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The first oxidation step employs highly active and very selective heterogeneous 
catalysts consisting of V- and Mo-based mixed metal system for oxidizing propyl-
ene to acrolein. In the second step, acrolein further undergoes selective oxidation to 
acrylic acid in presence of Co-Mo-based oxides at reaction temperatures of 
200–300 °C with short contact times (~2 s) [140]. The current process offers acrylic 
acid yields of around 80–90% considering water absorption in the first step of reac-
tion. Both the reactions are highly exothermic in nature and thus efficient heat 
removal from the reactors is necessary as per as operational point of view is con-
cerned. The heat liberated from the reaction is exploited to produce steam and also 
molten heat transfer salt is circulated through the reactors to maintain safe and 
desired reactor temperature. After the reaction, gaseous product from the reactor is 
then sent to a quench tower, where the majority of the acrylic acid is recovered. 
Thereafter, acrylic acid solution from quench tower is routed to an extractor. Small 
portion of acrylic acid is recovered from uncondensed gases in an offgas treater. Part 
of the residual gas obtained by the top of the quench tower is incinerated, with the 
balance being recycled to the first-step reactor. The aqueous solution is sent to 
downstream units for product recovery. A schematic diagram with process descrip-
tion for commercial acrylic acid production plant is given in Fig. 15.

In the next step, liquid-liquid extraction is employed to separate out water and 
the resulting crude acrylic acids is passed further into two columns to remove the 
solvent and acetic acid. Finally, the crude acrylic acid is purified to an ester grade 
acrylic acid through a column bed for obtaining an extremely pure acrylic acid. 
Since acrylic acid is prone to polymerize, an inhibitor has to be added at critical 
points in the plants. One-step acrylic acid production by propylene production is 
also one of the alternative options. However, one-step process offers significantly 
low acrylic acid yield in comparison to the two steps acrylic acid production process 
[139]. The required temperature for the first step for the two-step process is in the 
range of 320–330 °C and for the second step is 210–225 °C. It is clear from the 
temperature data that higher activation energy is required to convert propylene than 
acrolein for the oxidation reaction. As one-step acrylic acid production process 
requires higher temperature around 325–350  °C [142], control of selectivity by 
avoiding the formation of undesired side products is one of the key challenges in the 
direct process. Various mixed oxide-based commercial catalyst formulation and 

Step -1

Propylene Acrolein

Step -2

Acrolein Acrylic acid

∆ H = -340.8 kJ/mol  -----(i)

∆ H = -254.1 kJ/mol ------(ii)H2C=CH–CHO +0.5O2�H2C=CH–COOH   

H2C=CH–CH3+ O2�H2C=CH–CHO + H2O   

Scheme 13 Two steps process for conversion of propylene to acrylic acid via acrolein
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their performance in acrylic production for both one-step and two-step processes 
are given in Tables 9, 10 and 11.

It is evident from Table 11 that single-step propylene conversion to acrylic acid 
has a much lower yield as compared to two-step conversion process (Scheme 14).

Acrylic Acid from Propane

Since propylene is a synthetic molecule, the obvious economic choice for making 
acrylic acid would be from naturally occurring propane than propylene. However, 
propane (ΔfH°gas  = −104.7  kJ/mol) is thermodynamically much stable molecule 
than propylene (ΔfH°gas = 20.41 kJ/mol) and thus it has very low reactivity under 
various reaction condition. It has very high C–H bond strength at the terminal 
methyl position causing difficult to activate terminal position. The terminal C–H 
bond is even stronger than C–C bond and thus there is quite a high chance to obtain 
undesired side product while conducting partial propane oxidation to meaningful 
products. However, technical challenges are needed to overcome considering low-
cost propane availability and for utilizing this abundant source for high-value chem-
ical production (Scheme 15).

Even though tremendous research effort has been put for the development of 
one-step oxidation process for propane to acrylic acid production, the process is yet 
to see commercial success. Several catalyst systems such as vanadium phosphate 
[142], VPO/TiO2-SiO2, heteropolyacid compounds [175], and multicomponent 
metal oxides [176] have been explored for the single-step conversion of propane to 
acrylic acid. Among various catalyst systems, Mo-V-Te-Nb-O catalyst exhibits 
promising activity, wherein 70–80% of propane conversion with 50–60% of acrylic 
acid selectivity have been obtained.

Fig. 15 Schematic diagram for the production process of acrylic acid from propylene [141]
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Table 10 Second-stage catalyst of two-stage process and their performances

Company Catalyst composition

Operating condition (feed: 
acrolein, air and H2O) Results

ACR 
(%)

Air 
(%)

H2O 
(%)

Temp 
(°C)

Conv. 
(%)

AA 
(%)

AA 
yield 
(%)

TOSOH 
[153]

Mo-V/SiO2 (Mo/V = 2–8) 8 44 48 300 92 82 75.4

Rikagaku 
Res. Labs. 
[154]

Mo100V10Al3Cu10/Al sponge 4 30 40 320 98.4 97.6 96

Toagosei 
Chemical 
[155]

Mo17.7V0.3As1.43/SiO2 5.1 38.5 51.7 320 96.5 91 87.8

Nippon 
Kayaku 
[156]

Mo12V2W0.5/SiO2 5.9 58.8 35.3 220 97.8 89 87

Nippon 
Kayaku 
[157]

Mo12V3Cu2.5Fe1.25Mn0.1Mg0.1P0.1 2.8 24.2 73 210 99 98.5 97.5

Celanese 
[158]

Mo12V3W1.2Mn3 4.4 28.5 50 300 99 93 92

BASF [159] Mo12V2W2Fe3 3.1 27.5 43 230 99 91.9 91
Nippon 
Shokubai 
[160]

Mo12V4.8W2.4Cu2.2Sr0.5/Al2O3 4 51 45 255 100 97.5 97.5

SOHIO 
[161]

Mo12V5W1.2Ce3/SiO2 5.9 58.8 35.3 288 100 96.1 96.1

Sumitomo 
Chemical 
[162]

Mo12V3Cu3Zn1/SiO2 5 40 55 260 98.4 96.1 94.6

Mitsubishi 
Petrochem 
[163]

Mo100V20Cu2 4 50 46 290 99.5 95.3 94.8

AA% acrylic acid selectivity

C3H8 + 2O2 → CH2=CH–COOH + 2H2O ∆H = −715 kJ/mol (at catalytic reaction condition).

Scheme 15 One-step propane oxidation to acrylic acid

H2C CH–CH3 + 2O2 � H2C =CH–COOH + H2O; ∆Η = − 254 kJ/mol

Scheme 14 One-step propylene oxidation to acrylic acid

C3-Based Petrochemicals: Recent Advances in Processes and Catalysts
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Recently, a published article in futuristic research about acrylic acid production 
described about the activation of inert propane CARENA (CAtalytic membrane 
Reactors-based on New mAterials for C1-C4 valorization). It was an EU funded 
project carried out between 2011 and 2015 (Fig. 16). In this process, Mo/Bi-based 
mixed metal oxide was prepared by a sol-gel method which was employed for selec-
tive oxidation of propylene in a mixed propane feed with an increased catalytic 
performance over the standard catalytic system. Additionally, a Pd-loaded zeolite 
membrane catalyst was developed on the surface of 1 mm beads of γ-Al2O3 support 
for selective oxidation of CO in a propane-rich mixture.

By using this catalyst, a mild oxidation condition is achieved wherein selective 
CO oxidation temperature is around 65  °C. Propylene oxidation was carried out 
with pure oxygen in the presence of catalytic system in a pilot-scale unit (at a scale 
of about 1–3 kg h−1) wherein 95% of propylene conversion and 85% of acrylic acid 
yield were achieved.

Several other promising catalysts have been developed by inventors that provide 
reasonably good propane or propylene conversion and selectivity to acrylic acid 
(Table 12). Some of the catalyst system and its process technology are in commer-
cial practice.

Table 11 One-step oxidation of propylene to acrylic acid

Company
Composition of 
catalyst

Temperature 
(°C)

Conversion 
(%)

Acrylic 
acid yield 
(%)

Acrolein 
yield (%)

Nippon Shokubai 
[164, 165]

Mo-W-Te-Sn-Co 350 92.7 65 –
Nb-W-Co-Ni-Bi- -
Fe-Mn-Si-Z

325 99.6 73 11

Nippon Kayaku 
[166]

Ni-Co-Fe-Bi-
As- Mo

350 99.6 60 –

Mitsubishi Rayon 
[167, 168]

Mo-Bi-Te-P-Co, 
Sb

390 85 53 –

Mo-Ni-Co-Bi-Pd 355 72 50 –
Montecatini 
Edison [169]

Mo-V-Fe 400 84 61 –

BASF [170] Mo-W-Te-Fe-Mn 340 89 38 –
Mitsibishi 
Petrochemical 
[171]

Mo-Sn-Te-P-
Fe- Si

425 97 46 37

Asahi Glass [172] Mo-Co-Te-Si, 
Ge, Ti, Zr

400 99 49 24

TOSOH [173] Mo-Te-Co-Fe-P 370 87 34 35
Goodrich [174] Mo-Te-Th-P 345 90 36 24

C. Samanta and R. K. Das
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4.4  Isopropyl Alcohol (IPA) and Its Industrial Importance

Isopropyl alcohol (IPA), which is often called as the first modern synthetic petro-
chemical, is one of the important lower alcohols—ranked third in commercial pro-
duction behind methanol and ethanol [181]. IPA is widely used in hand sanitizer 
formulations and sold as rubbing alcohol in supermarkets and drugstores. IPA has 
similar physical characteristics with those of short-chains alcohols and mixes well 
with water. The major application of IPA is as solvent and used in various sectors 
such as paints, printing inks, in drug synthesis, and in the cosmetic and personal 
care products (Fig. 17). IPA is also used as a chemical intermediate in the produc-
tion of acetone and base chemicals used in the cosmetics and pesticide formula-
tions. Besides, IPA is also one of the most readily saleable chemicals and exempted 
from most of the government regulations and no special taxes are levied like ethanol 
selling [184].

Based on the end applications, several grades of IPA are produced and available 
in the market such as industrial/technical, cosmetic, pharmaceutical (USP), reagent, 
and electronic [182, 183]. End uses of various grades of IPA are given in Table 13.

Industrial-grade IPA is mostly consumed in the USA, Western Europe, China, 
Japan, and India as direct solvent applications. As per IHS Markit data, the global 
demand of IPA was around 2.60 million metric tons in 2018 and expected to grow 
at a CAGR of 2.6% to 2022 [185].

Fig. 16 Propane oxidation using membrane-oxidation catalyst in presence of CO [177]

C3-Based Petrochemicals: Recent Advances in Processes and Catalysts
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4.4.1  Industrial Journey of IPA Production Processes

Indirect Hydration of Propylene

The indirect hydration of propylene was the only process for IPA production until 
the first commercial direct-hydration process introduced in 1951 [186]. The indirect 
hydration process consists of two steps (Schemes 16 and 17). The first step is the 
reaction between propylene and sulfuric acid to produce monoisopropyl and diiso-
propyl sulfates followed by the reaction with water that hydrolyzes these intermedi-
ates into isopropyl alcohol. The first step involves the absorption of propylene-rich 
gases into 85% sulfuric acid at 20–25 °C to form isopropyl hydrogen sulfate via the 
addition of the acid across the double bond (Scheme 16).

In the indirect process, both reaction temperature and concentration of the acid 
play an important role for the selective production of IPA. Higher concentration of 
acid favors olefin absorption and higher temperature promote higher conversion. In 
the subsequent step, hydrolysis of the intermediate monoester with water gives iso-
propanol and diluted sulfuric acid (Scheme 17). The second step is carried out in a 
lead-lined vessel to counter corrosive nature of sulfuric acid.

The indirect hydration process has a serious operational and environmental 
impact. Almost all units of the plant are subjected to the highly corrosive sulfuric 

62%13%

7%

7%
4%7%

Applications of IPA by sector 

Direct Solvent

Chemical Intermediate

Cosmetic and personal care
products

Pharmaceuticals

Acetone

Others

Fig. 17 Applications of IPA by sectors [182, 183]

CH3−CH=CH2+ H2SO4.H2O � CH3C(H)(SO3H)CH3

Scheme 16 Sulphonation of propylene

CH3C(H)O(SO3H)CH3+ H2O(excess) � CH3CHOHCH3+ H2SO4(dil.)

Scheme 17 Hydrolysis of sulphonated adduct of propylene

C3-Based Petrochemicals: Recent Advances in Processes and Catalysts

https://www.sciencedirect.com/topics/earth-and-planetary-sciences/sulphuric-acid
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acid and the process suffers from low selectivity, i.e., the use of sulfuric acid as a 
catalyst leads to the formation of large amounts of secondary dialkyl ethers and 
oligomers. Moreover, with increasing temperature, olefin undergoes polymerization 
reaction which can seriously affect downstream operation. The other major limita-
tion of the process is the dilution of sulfuric acid with water which makes the recov-
ery of sulfuric acid from the diluted solution difficult and energy-intensive. Although 
the indirect process has several limitations, utilization of low alkene containing raf-
finate streams seems to be the only advantageous as compared to the direct hydra-
tion process which requires propylene rich steam [187].

Direct Hydration of Propylene

The acid-catalyzed direct hydration of propylene (Scheme 18) to IPA is an exother-
mic and equilibrium limited reaction. The equilibrium can be controlled to favor the 
desired product IPA at high pressures and low temperatures. However, at lower 
temperature reaction kinetics is not favored and the advantage of low temperature is 
difficult to utilize. On the other hand, high temperature favors subsequent etherifica-
tion reaction of IPA (Scheme 19) to diisopropylether (DIPE) which can lead to 
decreasing yield of IPA. Thus, most known catalysts require optimum temperature 
to be effective and productive.

The first small-scale direct hydration plant was built by ICI in 1951. The process 
used a WO3–ZnO supported on SiO2. The reactor was operated at 230–290 °C and 
20.3–25.3 MPa. Likewise, in the Veba-Chemie process, operational since 1966, a 
vaporized stream of propylene and water is passed through an acidic catalyst bed 
(H3PO4 supported on SiO2) at 180–260 °C and 2.5–2.6 MPa.

The first large-scale plant based on the direct hydration process was started in 
1972 by Deutsche Texaco AG in Meerbeck, Germany. The molar feed ratio of water 

Table 13 Applications of various grades of IPA

Sr 
no. Grade of IPA Applications

1 Technical grade Solvent for the extraction and purification of natural products such as 
vegetable oil and animal fats, as coolant in beer production, as 
polymerization modifier, as de-icing agent, as a preservative

2. Cosmetic grade Used in toiletries and rubbing alcohol
3. Pharmaceutical 

grade
Used in pharmaceutical products such as medicinal tablets, as 
disinfectants, sterilizers, and skin creams

4. Electronic grade As a cleaner for printed circuit boards (PCBs), flat panel displays, and 
other electronic devices

5. Industrial grade Production of important chemicals such as methyl isobutyl carbinol 
(MIBC), methyl isobutyl ketone (MIBK), isopropyl acetate, 
isoproylamine, diisopropyl ether, and tert-butyl isopropyl ether

CH3CH=CH2+H2O� (CH3)2CHOH ∆H =−50 kJ/mol

Scheme 18 Direct hydration of propylene

C. Samanta and R. K. Das
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to propylene was about 12.5:1 to 15:1 and the conversion of propylene was at least 
75% per pass. An acidic ion exchange resin was used to catalyze the process. Due 
to lower concentration of propylene in the feed, there is a complete conversion of 
organic phase, i.e., propylene. As a result, IPA is formed in a dilute aqueous phase 
(approx. 5–7 mol% of isopropyl alcohol). The diluted IPA containing aqueous phase 
needs to be concentrated to the near of the alcohol-water azeotrope by conventional 
distillation followed by an azeotropic distillation to recover dry isopropyl alcohol. 
Few limitations of Deutsche Texaco process were further improved in the Tokuyama 
Soda process. The disadvantages of the gas-phase processes are largely avoided by 
employing a weakly acidic aqueous catalyst solution of a silicotungstate (Table 14). 
In the Tokuyama process, catalyst is recycled and requires little replenishment as 
compared to other processes. Moreover, corrosion and environmental-related prob-
lems get minimized because of the use of less corrosive acid and completely closed 
reactor system. Additionally, on account of the low gas recycle ratio, regular com-
mercial propylene of 95% purity can be used as feedstock. The Tokuyama Soda 
process offers 60–70% per pass propylene conversion and 98–99 mol% selectivity 
for IPA based on converted propylene. Diisopropyl ether (DIPE) is the principal 
by- product in the acid-catalyzed direct hydration of propylene in the produc-
tion of IPA.

The principal difference between the direct and indirect processes is that much 
higher pressure is required for the direct hydration process. The slate and 

Etherification: 2 (CH3)2CHOH ↔ H2O + (CH3)2CHO-CH(CH3)2(Diisopropylether-DIPE)

Scheme 19 Etherification of isopropyl alcohol

Table 14 Comparison of various direct propylene hydration processes

Process type
Fixed bed 
vapor-phase

Mixed vapor 
liquid-phase Liquid phase

Manufacturer (production 
since)

Veba Chemie 
(1966)

Deutsche Texaco 
(1972)

Tokuyama Soda 
(1973)

Catalyst WO3-ZnO/H3PO4 Ion-exchange resin Aqueous 
silocotungstate

Propylene feed stream 
(wt%)

99 92 95

Operating pressure (MPa) 2.5–2.6 6–10 15–20
Operating temperature (°C) 180–260 130–150 240–270
Feed ratio (water/propylene) 1:4–10 12.5–15:1
Propylene recycle/feed mole 
ratio

94–95% 25% 30–40%

Water recycle/feed-mole 
ratio

40–80% 94–95%

Per pass propylene 
conversion

5–6% 75% 60–70%

IPA selectivity 96% 93% 98–99%
Reference [188] [189] [190, 191]

C3-Based Petrochemicals: Recent Advances in Processes and Catalysts
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distribution of products and by-products from each process are similar, and systems 
for refining IPA are essentially the same. Depends on the intended applications, IPA 
is upgraded through isotopic distillation. Other post purification steps such as aque-
ous extractive distillation or treatment by a fixed bed adsorption process using acti-
vated carbon or molecular sieves are employed to improve further quality of IPA for 
medical purposes.

Emerging Alternative: IPA from Acetone

Acetone hydrogenation is an emerging alternative route which is gaining popularity 
in recent times for IPA production [192]. This route accounted for only 2% of total 
global IPA production in 2000, which jumped to nearly 25% by 2018. This increase 
is attributed to the oversupply of acetone from the phenol production process. In the 
Hock phenol process (Scheme 20), 1 mol of acetone is produced per mole of phe-
nol. However, the demand for phenol is very different from that of acetone, which 
creates unfavorable demand/supply scenario for acetone. For example, in the syn-
thesis of bisphenol A, phenol and acetone are consumed in a molar ratio of 2:1, 
which leads to oversupply of acetone [193].

Mitsui Chemicals, Japan is a major producer of phenol using Hock phenol pro-
cess. Acetone is a cheaper chemical and its market price varies based on supply/
demand. Thus, depending on the market conditions, Mitsui converts co-product 
acetone to isopropanol [194], which can further be converted to propylene for use in 
the cumene production. Since 2010, Novapex, a subsidiary of Novacap Group (now 
Seqens) has been producing IPA (40,000 tons/year) from the plant located at 
Roussillon, France based on the Mitisui’s acetone hydrogenation technology [195]. 
Other companies have also been working on the development of the acetone to IPA 
process (Table 15).

Recently, a process based on high-temperature metal-supported “semi” hetero-
geneous catalysts for hydrogenation of acetone to IPA at 250 °C has been reported. 
A number of different catalyst systems such as Pd/silica, Au and Pt/Al2O3, Pt/ SiO2, 
Pt supported on TiO2 microspheres, and kaiselgur-supported Cu, Pt, Pd, and Rh 
were used in the process [200]. Another catalyst system based on semi-hollow 
porous nano-palladium grown on ITO substrate is reported to effectively hydroge-
nate acetone to isopropanol with a yield as high as 99.8% [201]. The semi-hollow 
and spongy structure with high porosity along with highly surface defect are reasons 
behind responsible key factors for the high performance of the nano catalyst in the 
hydrogenation reaction.

Cumene

Initiaror
O2

OOH

Cumenehydroperoxide
hydrolysis

Phenol Acetone

OH O+H3O+

Scheme 20 Cumene peroxidation and hydrolysis of cumenehydroperoxide
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Upcoming Trend with Respect to Current Research

As production of renewable electricity is increasing drastically because of world-
wide adoption of solar and wind energy to drive decarbonization of chemical, trans-
portation, and energy sectors, cost of electricity is coming down steadily. As a result, 
electrochemical processes are becoming popular and several big plants are coming 
up for the production of green hydrogen using renewable electricity. In this regard, 
electrochemical hydrogenation (ECH) of acetone is also being explored to produce 
isopropanol [202]. This route provides an alternative way of upgrading biofuels 
with less energy consumption and chemical waste as compared to conventional 
methods. Polymer electrolyte membrane fuel cell (PEMFC) hardware was used as 
an electrochemical reactor to hydrogenate acetone to produce isopropanol. The pro-
cess produces diisopropyl ether (DIPE) as a by-product. It is reported that when 
ECH was carried out at 65 °C and atmospheric pressure, selectivity (>90%) was 
achieved at a current efficiency of 59.7%.

5  Concluding Remarks and Industrial Outlook

Worldwide demand for propylene and propylene-derived chemicals is increasing to 
support economic development. This book chapter presents an overview of impor-
tant commercial technologies and catalysts used in the production of propylene in 
traditional and various emerging on-purpose production routes. The industrial 

Table 15 Various catalysts system explored for acetone hydrogenation to IPA

Assignee
Air Products and 
Chemicals, Inc.

Mitsui 
Petrochemical 
Industries

Arco Chemical 
Technology

Phenolchemie GmbH 
& Co. KG

Catalyst Ni-Cr, Co-Cr Ni/Al alloy Supported Ru Ni, Cu, Cr, Ru,  
α-Al2O3, TiO2, ZrO2, 
Muttilte

Process type Liquid phase Fixed bed Fixed Two stages: First 
stage: Circulator
Second stage: Tube 
reactor

Temperature 
(°C)

60–200 100 75–180 60–140

Pressure, bar 7–138 19.6 1–5 20–50
H2/acetone 
molar ratio

2.44 1–5 1–5

Acetone 
conversion, %

98.7 99.9 90 99.5

IPA selectivity 
%

99.0 99.6 90 99.9

Reference [196] [197] [198] [199]
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journey of commercial technologies of four important propylene-derived chemicals 
viz. propylene oxide, acrylonitrile, acrylic acid, and isopropanol, and recent 
advancement in regard to the processes and catalysts used in the production of these 
chemicals have been reviewed and presented. As chemical industries are looking for 
improving environmental footprints of the existing chemical production processes, 
a lot of thrust is now being given on the development of greener production routes 
for improving sustainability in the chemical industry. As demand for by-product 
free production routes is need of the hour, the chemical industry is putting greater 
efforts on the development of energy-efficient and environment-friendly processes. 
Stringent environment regulations and the need for reducing dependency on 
petroleum- based feedstock will drive use of alternative feedstock, chemicals, and 
new catalytic materials. The use of traditional refinery feedstock will see decline in 
the production of petrochemicals while gas and renewable hydrogen-based econ-
omy will take center stage at twenty-first century.

In the near future, a significant amount of propylene production will come from 
on-purpose routes using locally available sources such as natural gas and coal. 
Methanol produced from syngas through gasification of municipal solid waste and 
biomass, and its further conversion to propylene holds promise to partly reduce the 
carbon footprint of the propylene production. High severity FCC process will be 
used increasingly to produce more propylene as feedstock in the integrated petro-
chemicals complex as demand for liquid transportation fuel is expected to decline 
due to the advent of CNG, hybrid, and EVs. Also, lighter feedstocks such as pro-
pane, butane will be used for production of olefins in the short to medium term. In 
medium to long term, a significant amount of propylene production will come from 
methanol derived from biomass or hydrogenation of recycling CO2 when these tech-
nology mature. As the cost of renewable electricity is decreasing significantly, it 
will find greater applications in the production of renewable hydrogen through alka-
line water electrolysis, PEM (proton exchange membrane), and high temperature 
SOEC (solid oxide electrolyzer cell)-based processes, which in turn will be used in 
the chemicals production. Hydrogenation of CO and CO2 using renewable hydro-
gen is expected to play an important role in the production of various chemicals via 
syngas and methanol intermediates. The use of new types of feedstocks will demand 
new types of catalytic material with robust performance toward activity, selectivity, 
and stability.

By-product free processes with simpler process steps will attract more interest in 
the production of chemicals. The use of hydrogen peroxide and molecular oxygen 
as an environmental-friendly oxidant will find greater roles in the production of 
propylene oxide and other oxygenated chemicals. Research and developmental 
efforts toward the development of acrolein and acrylic acid production from bio- 
based renewable sources will attract more interest to counter the propylene price 
volatility and reduce environmental and carbon footprints. Two renewable feed-
stocks, glycerol and 3-hydroxyl propionic acid, hold promise for acrolein and 
acrylic acid production. The most efficient route for glycerol to acrylic acid would 
be based on one-step catalytic oxydehydration. The development of efficient and 
selective bi-functional catalyst containing both active acid and redox sites is 
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expected to drastically reduce the cost of acrylic acid production while improving 
the environmental footprint of the process in the future. However, the challenges 
associated with the catalyst deactivation and control of the selectivity are important 
factors that need to be solved for any successful implementation of single-step pro-
cess and use of the renewable feedstocks.

Circular and low carbon economy will drive the chemical and petrochemical 
industries of twenty-first century that will demand development of advanced materi-
als, intensified reactor technology, and distributed production based on small-scale 
modular and energy-efficient plants. In future, important C3-based chemicals have 
to be produced utilizing cheaper and alternative feedstocks such as propane, ace-
tone, renewable methanol, and bio-based sources with the continued advances in the 
catalytic technology.
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Abstract Catalytic hydrogenation of 1,3-butadiene to produce selectively 1-butene 
has considerable importance in the hydrocarbon industry and presents a significant 
challenge in tuning the catalyst selectivity towards 1-butene, understanding the 
reaction and kinetic mechanism. Selective hydrogenation over metal oxide- 
supported palladium catalysts is considered as a standard process; however, 
selectivity towards 1-butene is achieved by alloying palladium with other metals 
that facilitate the desorption of adsorbed alkene intermediate and limit further 
hydrogenation to form butane. In this book chapter, we summarize the current state 
of the art and perception of various factors that control the catalyst activity, 
adsorption of intermediates on the active sites and eventually the selectivity. In 
particular, we present a concise description of active metal dispersion, structure 
sensitivity, influence of support, promoter and their role in governing the selectivity 
of 1-butene from 1,3-butadiene hydrogenation. Then, this chapter highlights the 
detailed analysis of reaction kinetics and reaction mechanisms that are proposed 
clearly. Finally, a brief overview of the theoretical investigations for 1,3-butadiene 
hydrogenation using density functional theory (DFT) calculations has also been 
discussed for a variety of catalysts and followed discussion about summary and 
future outlook.
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1  Introduction

Hydrogenation processes of poly-unsaturated hydrocarbons to selectively produce 
alkenes have attracted significant interest since 1990s, due to the high demand of 
alkenes from the petrochemical and polymer industries. Initial work on the catalytic 
hydrogenation was developed considerably during early 1960s, particularly with the 
boom of olefin production by steam cracking. Majority of the catalytic hydrogenation 
processes are used in refining and petrochemical sector, specifically the downstream 
units of the mother plant, the cracker, e.g. selective hydrogenations of acetylenes, 
methyl acetylenes, propadienes, 1,3-butadienes, selective hydrogenations of C5 
unsaturates, etc. All of these molecules are produced in large scale due to their use 
as fuels, fuel precursors, polymerization precursors, etc. In particular, C4-rich 
streams consisting of 1-butene are currently used as precursors for the production of 
polybutene and co-monomer of low-density polyethylene. However, the presence of 
1,3-butadiene in the C4 stream blocks the active sites of the polymerization catalyst, 
which inhibit the polymerization kinetics. Thus, there is a wide scope for 
understanding and developing newer and improved active, selective and stable 
catalysts of industrial importance, which can convert 1,3-butadiene into 1-butene 
selectively. In addition, this specific hydrogenation reaction is considered as a model 
reaction to investigate the catalytic, structural and electronic properties of the 
catalyst. Due to these advantages, a continued research activity on hydrogenation of 
1,3-butadiene is significant from both fundamental and applied aspects, to achieve 
a better insight in the catalyst, process, and mechanism—key factors which control 
the catalyst performance as well as selectivity. Owing to the practical and theoretical 
importance, it is very important to collate the different aspects of this process from 
the existing literature to understand the reaction mechanism of hydrogenation 
reaction. Thus, this book chapter provides a detailed information of the selective 
catalytic hydrogenation of 1,3-butadiene, and summarizes the knowledge, 
significance and future scope of this heterogeneous catalytic process. Specifically, 
product selectivity and kinetics of this reaction, which were correlated to factors 
such as the effect of the support, the structure sensitivity, size of the active sites, 
metal dispersion, promoters and additives, are discussed in detail.

1.1  Significance and Background

To realize the potential of a model reaction to probe the catalyst structure, it is 
important to understand the hydrogenation reaction of 1,3-butadiene, physical 
properties of both 1,3-butadiene as well as the expected hydrogenated products 
from 1,3-butadiene (Table 1). Their chemical structures including the reactants and 
the products in this reaction sequence are also presented in Fig. 1, which clearly 
shows how the reaction kinetics on different catalyst can affect the product 
selectivity. From the data listed, the density of butane (2.480 g/cm3) is higher than 
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that of other products and 1,3-butadiene. No other significant differences in physical 
properties can be observed between the 1,3-butadiene and its products after 
hydrogenation.

As mentioned in the introduction, the 1-butene-rich cut, also known as C4 
alkenes cut, was available after butadiene and isobutene extraction at the downstream 
operation of cracker unit in any petrochemical industries and refineries [1, 2]. 
Further, the process of the selective hydrogenation of 1,3-butadiene in C4 alkenes 
cut could produce a linear low-density polyethylene (LLDPE) polymer [3]. 1-Butene 
was mainly used as a co-monomer and a trace quantity of 1,3-butadiene present in 
the feed, can adversely affect the polymerization (olefin) as well as durability of 
catalysts and this process can reduce the rate of total polymer production. In 
addition, 1-butene with 99  wt% purity and 1,3-butadiene residue (<10  ppm) are 
required for an LLDPE co-monomer [4].

Therefore, selective conversion of 1,3-butadiene into 1-butene is a key issue dur-
ing this hydrogenation process and this high selectivity is prominent for polymer 
quality [5]. The high selectivity can be achieved if the process overcomes the 
reaction steps of 1-butene isomerization (to form 2-butenes) and/or its subsequent 
hydrogenation (to form n-butane). Moreover, selective butadiene hydrogenation is 
an attractive model reaction, which permits investigation on both activity and 

Table 1 Comparison of physical properties of reactants and products

Compound/
property Formula

Molar mass (g/
mol)

Density (g/
cm3)

Melting point 
(°C)

Boiling point 
(°C)

1,3-Butadiene C4H6 54.09 0.614 −108.9 −4.4
1-Butene C4H8 56.11 0.620 −185.3 −6.4
Cis-2-butene C4H8 56.11 0.641 −138.9 3.7
Trans-2-butene C4H8 56.11 0.641 −138.9 3.7
Butane C4H10 58.12 2.480 −140.0 −1.0

Fig. 1 Chemical structures of reactant and products in 1,3-butadiene hydrogenation
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selectivity aspects on various catalysts, because there are four probable reaction 
products (1-butene, butane, cis- and trans-butene) [6].

In the case of 1,3-butadiene hydrogenation, selectivity can take mainly in the 
forms of regio-selectivity, where the reduction of one C=C bond is favoured over 
that of another in different surroundings (terminal C=C undergo faster reduction 
compared to the internal one). Regio-selective hydrogenation of a 1,3-butadiene is 
basically controlled by the same factors, which control the reactivity of alkenes, 
when a competitive hydrogenation occurs in binary mixtures. Compared to other 
substituted double bonds, a terminal C=C bond is preferentially hydrogenated on 
the active site of the catalyst. However, another kind of selectivity can be observed 
due to the competition between unreacted diene and intermediately formed monoene 
for the same active site. Moreover, the other intermediate (trans-2-butene) can be 
formed due to the isomerization of 1-butene (Scheme 1).

2  Selective Hydrogenation of 1,3-Butadiene: Key Factors 
in Catalysts Design

To gain a deeper insight into the design of catalysts for selective hydrogenation of 
1,3-butadiene, a detailed survey of the literature was carried out and the following 
key factors were identified. Supported metal catalysts are the main family of cata-
lysts that were tested for their reaction; therefore, their, size, morphology, disper-
sion, interaction with the support were studied and correlated with the activity of the 
catalyst and product selectivity. Kinetic study and reaction pathway, order of the 
reaction, adsorption on metallic surfaces, effect of support, structure sensitive and 
the effect of metal dispersion and the use of additives, ad-species, and promoters 
were the key parameters, which were identified as important parameters in control-
ling the catalyst activity and product selectivity. In the following sections, each of 

Scheme 1 Isomerization route of double bonds in butenes and subsequent hydrogenation step of 
butene to butane
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these parameters is discussed in detail; however, it should be noted that all these 
factors affect the reaction synergistically to control the activity and selectivity. 
Detailed analysis from the reported literature presented in this chapter is organized 
as follows.

2.1  Kinetic Study and Reaction Pathway

The selectivity of this hydrogenation reaction is an important parameter, therefore 
studying the reaction kinetics of this reaction on various catalysts and establishes a 
probable mechanism that can provide the bridge between the experimental results 
and theoretical prediction. In this specific heterogeneous catalytic hydrogenation 
process, reactants and protects are geometrical isomers, therefore the reaction 
kinetics also provide an insight into stereo/regio-selectivity. The adsorption kinetics 
of these isomers on the active sites of the catalysts was found to vary with isomer to 
isomer, therefore studying the kinetics can provide the information about stereo/
regio-selectivity on each catalyst. Over many years, the stereochemistry of different 
heterogeneous catalysts in selective hydrogenation reactions has been a substantially 
interesting subject [1, 7–17]. The kinetic investigations reported in the open 
literature are usually carried out in the gas phase or liquid phase (usually under 
industrial processing conditions: atmospheric pressures and low temperatures). The 
alkenes hydrogenation over the heterogeneous catalysts has been investigated for 
almost 80 years. In 1934, Horiuti and Polanyi [16] explained the hydrogenation of 
1,3-butadiene reaction mechanism, in which 1,2 and 1,4-addition of two conjugated 
C=C double bonds produced 1-butene and 2-butene, respectively. In addition, due 
to the existence of cis or trans isomers of 1,3-butadiene, the hydrogenation reaction 
can produce either cis- or trans-2-butene. Further hydrogenation of the cis or trans 
isomer products obviously produces butane [18, 19]. Well et al. investigated initially 
the 1,3-butadiene hydrogenation reaction over different metals (Ru, Ir, Fe, Pt, Co, 
Rh, Pd, Cu, Os, and Ni) supported by alumina (Al2O3) [18, 20–22]. It was proposed 
that the reaction mechanism exhibit two types of selective behaviours namely 1,2 
and 1,4 addition over alumina-supported metal catalysts (Scheme 1).

As shown, the formation of 1-butene was mainly responsible for 1,2 hydrogena-
tion pathway. Interestingly, 2-butene formation occurred on Pd through a 1,4-addi-
tion pathway. Moreover, the relative yields of cis- and trans-2-butene were 
dependent on the conformational characteristics of adsorbed precursors. On the 
other hand, Boitiaux et al. reported that 1-butene was formed through syn or anti-
adsorbed 1,3-butadiene on Pd, Pt and Rh metals, in which trans-butene and cis-
butene were formed through anti- and cis-configurations [8–10]. Among active 
metals, the behaviour of Pt and Rh for the purpose of 1,3-budadiene hydrogenation 
was found to be quite similar, and each of them nearly resembles to that of Pd, the 
only difference being in the initial butane formation. 1-Butene can undergo several 
other consecutive or parallel transformations to generate cis-2-butene, trans-2-bu-
tene and butane. Butane formation occurs through a semi-hydrogenated species, 
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generated from a syn-adsorbed 1,3-butadiene, from which cis-2-butenes are formed. 
Addition of hydrogen occurs mostly/largely in the 1,2 positions, and to some extent 
at the 1,4 position. Further hydrogenation of 1-butene starts only after a high con-
version of butadiene. Pradier et al. [23] reported the hydrogenation of 1,3-butadiene 
over Pt(110) and Pt(100) and it was found that the process to re-adsorb 1-butene at 
>50% conversion level, when desorption of a fraction of butadiene occurs, is likely 
to occur than the process of second hydrogenation of 1-butene in the adsorbate state 
before it leaves the surface. The proposed pathway was found to be similar to the 
earlier observation that 1-butene is more strongly bonded to transition metals as 
compared to that for 2-butenes. Butane formation by the readsorption of 2-butene 
on the metal site was not considered significant enough to be considered in the 
kinetics. Further, Boitiaux et al. [24, 25] proposed a mechanism of carbene formation 
(Scheme 2) on different metal sites, which can explain the selective formation of 
butane when the ratio of trans/cis-2-butene ratio was found to be low. Pt and Rh 
show entirely different results to that are obtained over the Pd due to the negligible 
selectivity towards butane and high ratio of trans/cis butenes over the Pd; the first 
two yield butane and a small trans/cis ratio. From these studies, it was concluded 
that the metal site, which would not facilitate carbene formation would not produce 
butane selectively. To find out the specificity of the hydrogenation process in detail, 
isotopic labelling studies were conducted, wherein deuterated 1,3-butadiene was 
used as a reaction. This reaction was investigated over the Al2O3-supported Ni, Cu, 
Pt, Pd, Rh and Co catalysts [18, 22, 26, 27]. The detailed compositional analysis of 
the products was studied as a function of different conversion [21] while keeping 

Scheme 2 Mechanism of 1,3-butadiene hydrogenation process via carbene formation mecha-
nism. (Adapted from [24, 25], Applied Catalysis J.P. Boitiaux et al. Copyright (1989) with permis-
sion from Elsevier)
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pressure and temperature constant. Earlier studies have demonstrated that these two 
variables including pressure and temperature have shown similar results for all the 
metal catalysts. These studies have shown that the deuterium distributions in the 
butenes were approximately the same. This could happen only when each of the 
butenes was an initial product, and not the result of the isomerization of any other 
as well as the absence of both the 1,2- and 1,4-addition processes. Another major 
conclusion drawn from this study was that there was limited but adjustable exchange 
of the hydrogen atoms of the reactant. Appearance of small amounts of hydrogen in 
the deuterated reactants and products shows that the concentration of atoms on the 
surface was small under prevailing experimental conditions [18, 21].

2.2  Reaction Order of Reactants: 1.3-Butadiene, Hydrogen, 
1-Butene

As the reactants and few products of this reaction have the tendency to competi-
tively adsorb on the catalytic sites, the reaction order was found to be different on 
different catalysts, therefore understanding the reaction order with respect to the 
reactants and products can provide valuable information about the product selectiv-
ity. The main parameters which characterize the hydrogenation process are (a) the 
sum of all three butenes (i.e. total butenes) selectivity and (b) individual butene 
isomer selectivity, i.e. the fraction of butenes that each isomer constitutes (trans, 
cis-2- butene and 1-butene). Over many of the metal catalysts from Groups 8 to 10, 
the selectivity to the sum of all three butenes was close to unity and the composition 
was unaffected until the complete consumption of reactant 1,3-butadiene; therefore, 
it was more strongly adsorbed than the products. Kinetics studies on hydrogenation 
of 1,3-butadiene in gas phase or liquid phase have shown that the intrinsic reaction 
rate was zero order with respect to the butadiene and approximately first order with 
respect to hydrogen [7–15, 17, 28–31]. Strong and preferential adsorption of 
1,3-butadiene over 1-butene were indicated from the measurements of reaction 
orders and activation energies. Moreover, each unsaturated compound has different 
adsorption strength and always selectivity for the hydrogenation reaction depends 
on these adsorption energies. Compared to n-butenes, 1,3-butadiene has high 
propensity to be hydrogenated. Only, when the concentration of 1,3-butadiene was 
lower in the mixture, n-butene was found to be hydrogenated preferentially to 
n-butane. Oudar et al. [32, 33] observed two kinetic regimes for the 1,3-butadiene 
hydrogenation and H2-D2 exchange over the Pt(110) surface and pressure conditions 
used for this reaction are 200–400 Torr. Reaction orders with respect to the hydrogen 
and butadiene were found to be 1 and 0, respectively at >130  Torr of hydrogen 
pressures. It was also observed that the selectivity was independent of the hydrogen 
pressure applied, and every two Pt atoms of the catalyst surface was covered by one 
butadiene molecule. Below critical hydrogen pressure (~125  Torr); the reaction 
order was 2 and 0 with respect to hydrogen and 1,3-butadiene, respectively. Another 
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important observation was the butane selectivity decreases with the hydrogen 
pressure. Yoon et al. [31] studied the isomerization and hydrogenation reactions of 
cis-2-butene and 1-butene on Pt foil and Pt(111), Pt(100), Pt(755) single-crystal 
surfaces and reported that the reaction selectivity was independent of reactant 
mixture but changes slightly with reaction temperature.

2.3  DFT Studies on Catalytic Hydrogenation of Butadiene

Catalytic hydrogenation of 1,3-butadiene is considered as a model catalytic process 
for olefin/diene hydrogenation in refining/petrochemical industry and adsorption 
studies of these unsaturated hydrocarbons on metallic surfaces are of basic and 
practical interest. Therefore, the majority of studies [19, 29, 34–41] have focused on 
the use of DFT calculations in comparison with experimental data to investigate the 
interaction of 1,3-butadiene, 2-cis/trans-butenes and 1-butene on various metal 
surfaces. Valcárcel et  al. first studied the interaction of different hydrocarbons 
(1,3-butadiene, 1-butene and 2-cis/trans-butenes) over various Pd(111) and Pt (111) 
surfaces using DFT calculations [41, 42].

Two different modes of 1,3-butadiene adsorption on these surfaces were sug-
gested [36, 37]. They are 1,2,3,4-tetra-σ adsorption and 1,4-metallacycle-type 
adsorption during the process as shown in Fig. 2, in which the first type adsorption 
was stable. This structure was consistent with the qualitative molecular orbital 
calculations[43] as well as the results from the electron energy loss spectroscopy 
(EELS) and thermal desorption spectroscopy (TDS) [44]. Among different pathways 
as discussed in Fig. 2, the di-σ-mode was the most stable adsorption structure for 
the formation of butene isomers [40], as suggested by NEXAFS, UPS, TDS and 
EELS results [44–46]. The experimental observations clearly evidenced the 
formation of butene over Pd surface with high selectivity. On the other hand, in case 

Fig. 2 Adsorption structures proposed for 1,3-butadiene. (Adapted with permission from [48]. 
Copyright 1989 American Chemical Society)
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of Pt surfaces, the dehydrogenation radical species formation was competitive with 
the butene, which obviously prefers low selectivity towards butene formation; 
thereby the butanes will be the primary products. Among the reaction pathways, 
di-σ mode of the interaction was further strongly supported by additional 
experimental [47] and theoretical [48] works (Fig. 2). Experimental results from 
other studies have also reported that 100% formation of 1-butene alone was occurred 
on Pd(111) surface, whereas 60% of formation was only observed on Pt(111) 
surface [23, 47, 49, 50]. This variation between the reaction on the Pd and Pt surfaces 
was mainly attributed to the differences in 1,3-butadiene and butenes adsorption 
strengths towards these two metal surfaces (Fig. 3). It was considered that the strong 
adsorption nature of 1,3-butadiene can easily replace the weakly adsorbed butene 
on Pd(111) surface, thereby higher selectivity obtained. However, in case of Pt(111) 
surface, equivalent strength of both 1,3-butadiene and butene, a lower selectivity 
was observed. This hypothesis was supported by extended Huckel theory calculations 
[48] and experimental studies [51].

However, Mittendorfer et al. [40] found that almost there were no significant dif-
ferences between Pt and Pd with respect to the relative adsorption energies of buta-
diene versus butene. These authors suggested that the higher activity over Pd most 
likely due to the ease of butene desorption from Pd(111) surface as compared with 
Pt(111) surface. Belelli [34] studied the adsorption of three butene isomers 
(cis/trans-2-butene and 1-butene) on a stepped Pd(422) surface using a DFT and 
compared with those found for a free defect surface as Pd(111). The 1-butene was 
predicted to be more stable on free defect surface when compared with the Pd(422) 
surface in contrast to the preference of cis/trans-2-butene to be adsorbed on the 
stepped surface. Yang et  al. [19] performed both theoretical calculations and 
catalytic experiments for the selectivity towards 1,3-butadiene hydrogenation in 
presence of Au nanoparticles.

Nano Au surfaces preferably produced the cis-form of 2-butene instead of trans- 
form. It was found that the Au nanoparticle size strongly influenced the cis-/trans 
ratio. Sheng Chen et al. [52] proposed adsorption configurations of different form of 
reactants and products over Au(211) surface. As shown in Fig. 4, the adsorption 
energies of cis/trans-2-butene, and 1-butene were similar, however weaker than 
those of cis/trans 1,3-butadiene. Due to these differences, the H atom and butadiene 

PtPt Pt Pd Pd Pd

1-ButeneButenes + Butane
1,3-Butadiene

Fig. 3 Product selectivity of 1,3-butadiene hydrogenation over Pd and Pt surfaces
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adsorbs at the bridge site along the step edges of Au(211) surface, and all the butenes 
produced adsorb at the step edges with a π-bonded configuration. Similar trend was 
also observed for Cu and Ag model nanoclusters, when they use theoretical 
calculations. Another interesting point observed for the case of Pt surfaces, butane 
formation was predominant from the beginning of the reaction [8–10]. Butane was 
formed in much higher proportion as compared to butenes and becomes the primary 
product. This different behaviour was not ascribed to a very low desorption rate of 
the intermediate olefin but to the nature of the partially hydrogenated species. 
Additionally, the reactivity of metallacyclic intermediates that could play a vital 
role in hydrogenation-dehydrogenation reactions has been reported in several 
reports [53–55]. Very recently, DFT calculations carried out by Hou et al. [38] and 
Gomez et  al. [36, 37] found that the Pd-terminated bimetallic surface is more 
reactive and selective to form 1-butene, which was also further supported by TPD 
experiments. On the Pd1Ni3(111) and PdNiPd(111) surface, a very low binding 
energy (BE) was seen for 1-butene, which was confirmed that it can readily desorb 
from the surface to form 1-butene rather than butane. This clearly showed that 
1,3-butadiene can be converted to 1-butene avoiding further hydrogenation to form 
butane. In summary, the structure and adsorption state of unsaturated hydrocarbons 
on metal surfaces strongly influenced the hydrogenation reactions. It was proved 
that the reaction of 1,3-butadiene on Pd surfaces selective towards butenes whereas 
on Pt surfaces it can be hydrogenated to butane along with butenes. The differences 
between Pd and Pt surfaces were assigned to the difference in adsorption state via 
the C=C double bonds present in butadiene. Furthermore, it was believed that the 
catalytic reaction was also influenced by the adsorption structure of the reactant 

Fig. 4 Adsorption configurations of trans-/cis-1,3-butadiene, trans-/cis-2-butene, 1-butene and H 
atoms on Au(211). The yellow, grey and white balls denote the gold, carbon and hydrogen atoms, 
respectively [52]. (Reprinted from [52], Catalysis Today Sheng Chen et al. Copyright (2018) with 
permission from Elsevier)
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[39]. It can be concluded that the key to the butene selectivity depended on the 
relative stability of radical intermediates over metal surfaces. This could explain 
why Pt surfaces always show poor selectivity for the formation of butene rather than 
it always exhibited high selectivity towards butanes.

2.4  Influence of the Support on Hydrogenation 
of 1,3-Butadiene

The different metal surfaces clearly showed various mechanisms and selectivities; 
further, the presence of support can influence the reaction pathway and selectivity 
towards butenes. There have been a number of studies carried out at investigating 
the support effects [56–61]. Primet et  al. [60] investigated various supported 
platinum catalysts with low metal loading (<1  wt%) for the hydrogenation of 
1,3-butadiene. It was found that the acidic sites presented on the support can cause 
an electron shift through the interface between meta-support interfaces. 
Consequently, the bond strength between unsaturated hydrocarbons and the metal 
active sites can be altered, thus changing the selectivity and reaction rate. In addition, 
the catalyst deactivation can also be affected by the other properties such as acidity 
of the support and the pore diffusion. Recent work by Pattamakomsan et al. [62] 
also revealed that the Pd/Al2O3 catalytic performance was improved when the mixed 
Al2O3 structure support consists of 80% θ- and 20% α-Al2O3 rather than pure Al2O3. 
The relatively high acidity and BET surface area of Al2O3 yielded higher dispersion 
of Pd and significantly enhanced rate of hydrogenation. Moreover, the bimodal pore 
distribution of the mixed-phase θ/α Al2O3 promoted butene desorption products to 
obtain a much lower formation of butane when compared to the pure θ-Al2O3 that 
had only small pores. It can be concluded that Al2O3 support with different phase 
compositions effected the selectivity towards 2-butene. Moreover, Hou et al. [63] 
investigated the influence of various supports such as Al2O3, SiO2, CeO2, ZrO2, and 
TiO2 on Pd-Ni surfaces for the selectivity butadiene hydrogenation towards different 
products. As discussed in Fig. 5, each support favoured different selectivity for the 
butenes. Among the expected products (1-butene, cis-2-butene, and trans-2-butene), 
alumina support showed highest selectivity towards 1-butene. The following is the 
order of selectivity towards 1-butene: Al2O3 > SiO2 > CeO2 ∼ ZrO2 > TiO2. It can be 
concluded that the strong metal-support interaction between Pd-Ni and alumina 
played a key role on 1-butene selectivity over other supports. Furthermore, Cukic 
et al. [56] used high-throughput experimentation for Pd/Al2O3 catalyst with different 
variables such as stirring rate, calcination temperature, the solution pH, and the time 
taken for impregnation, and heating rate. It was found that these parameters 
influenced the conversion of 1,3-butadiene significantly. For example, during the 
impregnation process, the use of excess solution caused a decrease in activity when 
compared to the incipient wetness impregnation. On the other hand, the ramping 
rate for drying, and the holding time for (both drying and calcination) did not show 
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any significant changes in the activity. Several studies also claim that using porous 
active site can influence the 1,3-butadiene hydrogenation process. It was explained 
that the hydrogen porous membrane catalyst can provide an independent control of 
the surface concentrations of hydrogen and other substances which can be readily 
hydrogenated. That means the membrane can be Pd itself or it may act as support 
material for the active species. Liu et al. [4] reported the use of mono- and bimetallic 
hollow-fibre catalytic reactor for the purification of 1-butene. Interestingly, the 
isomerization of 1-butene was significantly controlled due to the synergistic 
interaction between bimetals. Moreover, Ciebien et  al. [64] reported that Pd 
nanoclusters membrane catalyst synthesized within microphase-separated di-block 
copolymer films are active and selective catalysts for the selective hydrogenation of 
1,3-butadiene, although the clusters were completely surrounded by a bulk polymer 
matrix. It was observed that the selectivity was enhanced in case of Pd membranes 
while compared to non-membranes. The increase in selectivity can be due to the 
lower hydrogen pressure, which allowed steady-state concentration reactants away 
from equilibrium and consequently suppressed the side-reactions over the working 
catalyst. In summary, the above survey appraisal of variables makes evident that 
there were many important variables involved in the preparation of catalysts for the 

Fig. 5 Selectivities to (a) butenes, (b) 1-butene, (c) trans-2-butene and (d) cis-2-butene over Pd–
Ni bimetallic catalysts on different supports [63] (Reprinted from [63], Applied Catalysis A Hou, 
R et al. Copyright (2015) with permission from Elsevier)
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1,3-butadiene hydrogenation reaction. Particularly, acidic properties of the support, 
heating rate of calcination, stirring speed, impregnation time, pH of the solution, 
drying and calcination temperature were shown to play vital role in promoting the 
selective hydrogenation of butadiene into butene.

It was worthwhile to emphasize that the selective 1,3-butadiene hydrogenation 
can be significantly improved with palladium membrane.

2.5  Structure Sensitive and the Effect of Metal Dispersion

As discussed above, the 1,3-butadiene hydrogenation usually leads to the formation 
of many different products and the desired product selectivity relied on these 
molecules adsorption preferences towards metal sites. This structure sensitive 
reaction was first confirmed by Silvestre-Albero et al. [65–67]. They found through 
the kinetic measurements on Pd(110) and Pd(111) for their conversion and selectivity 
that the selective 1,3-butadiene hydrogenation on Pd catalysts was a structure- 
sensitive reaction (Fig.  6). The strong structure sensitivity was understood by 
evoking the unusual electronic structural properties of Pd nanoparticles. Due to the 
presence of unique electron-deficient Pd clusters, the electron-rich diene molecules 
can be chemisorbed, which lead to self-poisoning as compared to larger size 
nanoparticles [32, 33, 68, 69]. The catalytic properties of supported metal catalysts 
can also be influenced by the particle size, therefore the influence of particle size 
was studied systematically to understand their role on the activity and the product 
selectivity. Both activity (turnover frequency; TOF) and selectivity can be affected 
by the change in dispersion/particle size of the metal which are mostly due to 
geometric and electronic effects [70, 71]. When metal atoms replaced by other 
metal atoms through doping approach, the chemisorption nature of catalyst can be 
altered. This effect can also be called electronic or “ligand effect”.

The activity correlation with the Pd catalysts and its dispersion in the hydrogena-
tion of dienes was more straightforward, in which a strong conflicting behaviour is 
usually found [12, 13, 15, 72–75]. In many cases, the specific reactivity of Pd is 

Fig. 6 Proposed reaction schemes for the 1-butene isomerization and hydrogenation [65–67]. 
(Reprinted from [65], Silvestre-Albero, J. et al. Copyright (2005) with permission from Elsevier)
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unchanged until the dispersion amount is 20–35%; however, this might be different, 
when different supports used [72, 76]. However, the catalytic activity was decreased 
as the amount of Pd dispersion increased. Furthermore, as the number of active 
metal particles decreases, the electronic properties of metal particles were influ-
enced. Perfect explanation can be provided through the chemisorption of highly 
electron–rich diene molecules. If less number of active metal particles available, the 
selectivity towards 1,3-butadiene hydrogenation for the butene will be decreased. It 
was also observed that the metal atoms with high coordination number were 
characteristic of larger particles and whilst small particles possess crystals with 
atoms of low co-ordination number. Furthermore, the active nanoparticle size can 
also play a significant role in heterogeneous catalysis due to the unique properties at 
nanoscale. The utilization of transition metals with a 1–20 nm nanoparticles size in 
catalysis is vital as they mimic the activation of metal surface which lead to high 
selectivity and efficacy to the desired reaction. These small-sized nanoparticles can 
also be called as the clusters derived from metal atoms, and are usually stabilized by 
ligands, surfactants, and polymers/dendrimers protecting their surfaces with varying 
sizes (ranging from 10 to 100 nm). However, the most active nanoclusters are only 
few hundreds of atoms with one or a few nanometres in diameter. It is reported that 
the sizes of the noble-metal structures and specific crystal facets, such as Pd, Pt, Au 
and Ni [19, 62, 66–68, 73–75, 77–85] significantly influence on their chemisorption 
properties and hence, catalytic performance. Hence, special nanostructures with 
well-defined shapes and uniform sizes are highly needed to control their performance 
for the hydrogenation reaction. According to Piccolo et al. [86], the conversion rates 
of butadiene-to-butenes on the fresh model catalysts can be related as follows: 
Au(111) < Pd-Au(111) < Pd-Au(110) < Pd(111). Unlike on Pd(111), the butane 
production rate was very low and the butenes selectivity reached ~100% on 
Pd-Au(111). It should also be noted that the diffusion of hydrogen toward bulk of 
the Pd-based single-crystals seems to play a key role and the surface hybrid 
formation accounts for the Pd-Au surface activation. Michalak et al. [39] reported 
that the catalysts having ensembles of 1.8 and 0.9 nm in size of Pt enhanced 20 and 
30% of total hydrogenation of 1,3-butadiene to n-butane when compared to 6.7 and 
4.6 nm size of Pt. It can be concluded that the small-sized nanoparticles effected 
conversion rate. As shown in Fig. 7, the larger size (4.6 and 6.7 nm) Pt nanoparticles 
favour insertion of H-atom at the terminal site of carbon atom, which is similar to 
those observed for bulk Pt materials. In case of smaller sized (0.9 and 1.8 nm) Pt 
nanoparticles, the insertion H-atom occurred at two places, which includes at low 
coordination sites as well as at terminal carbon site. Moreover, Lucci et al. reported 
that isolated Pt atoms were responsible for the deactivation of catalyst, thereby less 
selectivity towards butene formation. This was due to the preferential hydrogen 
activation and unable to break the C-C bond [87]. In contrast, other researchers 
reported that the 1,3-butadiene hydrogenation reaction is in fact independent of the 
metal particle size [66, 67]. In particular, a study was focused on demonstrating the 
hydrogenation of 1,3-butadiene was independent on particle size (in spite of being 
structure sensitive) for the case of Pd/Al2O3 catalyst. The catalytic activity of 
different-sized Pd nanoparticles was correlated with the Pd(110) and Pd(111) 
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surfaces under similar reaction conditions. It was found that the 4  nm-sized Pd 
nanoparticles showed similar activity while compared to the larger size of Pd 
nanoparticles.

It was suggested that the author bridges the “materials gap” between the surface 
science studies on single crystals and heterogeneous catalysis on metal NPs. Besides 
using Pt and Pd as active sites, 1,3-butadiene hydrogenation reaction catalysed by 
gold has also received a significant attention due to its potential to catalyse the 
preferential oxidation and selectivity [88]. Bulk Au is chemically inert (as Au is one 
of the noble metals), and has seldom rarely been considered to be an effective 
catalyst. However, small-size gold nanoparticles have been reported to be remarkably 
selective towards partially hydrogenated product during hydrogenation of alkadienes 
[58, 75, 86, 88–90]. In contrast, the Au catalysts display low activity than that of the 
group VIII metals and is attributed to its limited capability to dissociate H2 [91]. The 
dissociation capacity of Au depends strongly on the amount of available low 
coordination sites on the Au nanoparticles and is thus facilitated with decrease in 
particle size. In summary, the smaller size metal nanoparticle and metal clusters that 
are having dynamic surface reorganization played a key role in adsorption and 
catalytic properties. In fact, Pd nanoparticles showed lateral flexibility, which was 
benefited for the breaking of olefinic bond in 1,3-butadiene and facilitated 
hydrogenation reaction for the formation of butene. This was proved from the 

Fig. 7 Proposed reaction pathways for Pt nanoparticles with different sizes. (Reprinted with per-
mission from [39]. Copyright 2013 American Chemical Society)
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preferential reaction to the unsaturated coordinated sites (corners and edges) of 
butadiene, which results in a local Pd lattice expansion and channels formation for 
barriers less hydrogen diffusion into the pore volume of Pd nanoparticles. Due to 
lower reaction barrier for H diffusion on Pd surface, the hydrogenation of C=C bond 
is easily shattered, which facilitated the hydrogenation reaction.

2.6  The Use of Additives, Adspecies and Promoters

Several authors have suggested adding alkali additives on catalyst surface could 
play a significant role in selective hydrogenation [28, 92]. Massardier [49] 
investigated the effect of K and Na on Pt single crystals to modify the metal 
electronic properties. It was found that the improved properties increased the 
selectivity towards 1,3-butadiene hydrogenation (Table 2). Alkali additives, up to an 
alkali coverage of 0.4, improved the activity and selectivity towards the 1,3-butadiene 
hydrogenation. Till this value (0.4), it acted as an electron donor and altered the 
relative energies of metal orbitals and adsorbate. The enhancement in catalytic 
activity noticed both on the more open structures and on K-promoted Pt, possibly be 
related to a weakening of bond strength of the hydrocarbon adsorption and (or) an 
increase in the H-metal bond strength. It was further proved by Song (2001) [93] 
that the K addition influenced the electron density around Ni, which increased the 
1-butene selectivity.

Fewer studies also have investigated the additive’s influence on competitive 
hydrogenation of alkenes and dienes and the factors influencing intrinsic selectivity. 
Pd is the major active metal which features in most of the industrial applications and 
many promoters have been tested with few being successful. Nitrogen or sulphur- 
containing organic molecules act as selective poisons, being more strongly held 
than alkenes but less strongly adsorbed than dienes. Boitiaux et al. investigated the 
effect of additives in the selective hydrogenation of dienes and alkynes [24, 25]. 
These work reported that the addition of a donor ligand (e.g., piperidine) and 

Table 2 Catalytic behaviour of low-index faces of Pt (Reprinted from[49], Journal of Catalysis 
Massardier, J. et al. Copyright (1988) with permission from Elsevier)

Catalysts
N at 298 Ka

(s−1)
S1

S2
b c

Pt(100) 4 0.54 0.50 0.55
Pt(110) 7 0.64 0.60 0.55
Pt(111) 2 0.58 0.55 0.50
Pt(100) + Kd 4 0.60 0.54 0.80

N turn over number; S1 = Σ butenes/Σ conversion; S2 = 1-butene/Σ butenes
apH2 ≃ 755 Torr, pC4H6 ≃ 5 Torr
bUp to 50% conversion
cAt 80% conversion
dK Coverage (ΘK) ≤ 0.43
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electron-attracting additives (e.g., phosphorus, oxygen, sulphur and chlorine) over 
Pt and Rh catalysts influenced the activity and selectivity. Piperidine modified metal 
site showed a decrease in the rate of hydrogenation of 1-butene and 1,3-butadiene 
over the pure Pt/Rh catalysts. Selectivity for olefin formation from 1,3-butadiene 
was increased on Pt surface, whereas selectivity change was negligible in case of Rh 
surface. In case of electron attracting additives, for example, nitrogen compounds 
increase the hydrogenation rate of 1,3-butadiene on an Rh catalyst. In case of Pt, an 
increase in the selectivity for l-butene was observed and the direct formation of 
butane is drastically reduced due to specific preference of 1,2-addition. In contrast 
with pure geometric effects, no correlation was obtained with the electronic 
properties of the additive. Sárkány (1995–1997) [69, 94, 95], in a series of 4 papers, 
investigated the hydrogenation of 1,3-butadiene on catalysts prepared from the 
different methods in the effects of various poisonings or adspecies. The presence 
and formation of polyenes in the vicinity of metallic sites was due to the unusual 
hydrogenation character of the Pd2Ni50Nb48 ribbon. It was further confirmed by 
Alves [28] that in the case of liquid-phase hydrogenation of 1,3-butadiene, 1-butene 
in the presence of isoprene on a commercial Pd/Al2O3 catalyst, concentration of 
1-butene practically remains unchanged even when the liquid was almost depleted 
from 1,3-butadiene. It was proven that the isoprene adsorption strength was higher 
than that of 1-butene and lower than that of 1,3-butadiene. Hence, it was clear that 
isoprene was a good option to use as an additive to improve the 1-butene selectivity 
in 1-butene purification processes. Adspecies formed from n-butylamine on Cu/
SiO2 seem to influence the competition between diene and n-butenes. The electronic 
effect of the adspecies can be emphasized by the variation in the intrinsic 
hydrogenation selectivity towards diene in presence of methanol. Preadsorption of 
methanol on Cu/SiO2 caused electronic modification of Cu sites (through 
decomposition of methoxy species), and this increased the cis 2-butene. Formation 
of 1-butene prevails on the sample reduced at 753 K, and this points to the facile 
1,2-addition of hydrogen atoms to adsorbed diene. Improved 2-butene formation 
rate over the Cu sites perturbed by alcohol appears to show that 1,4 addition 
mechanism is preferred. These finding points to the formation of π-allyl or π, σ 
bonded C4H7 species rather than 1-butene isomerization in the gas phase or adsorbed 
phase. Firmly held adspecies generated from butylamine or diene favour the 
formation of alkene by the adsorption of n-butene. The presence of carbonaceous or 
hydrocarbonaceous deposited on Pd/Ag catalyst increases the formation of butane. 
Several authors [68, 69, 96] have proposed that carbonaceous overlayers present on 
the catalyst surface play a key role in hydrogenation. Hydrocarbonaceous deposits 
affect the competition between diene and n-butenes and therefore increases the 
1-butene selectivity in the hydrogenation of 1,3-butadiene. Wu et al. [96] studied the 
selectivity in the hydrogenation of 1,3-butadiene on using molybdenum nitride 
catalyst and the observed high selectivity towards 1-butene is most likely due to the 
weak interaction between 1,3-butadiene and nitrogen atoms present in the 
molybdenum nitride catalyst surface. Silvestre-Albero and co-workers [65] reported 
that small quantities of CO addition dramatically altered the selectivity over the 
Pd(110) surface, i.e. the hydrogenation to n-butane was totally suppressed; however, 
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the butenes hydrogenation and isomerization (to cis- and trans-2-butene) were 
hardly affected. In addition, the presence of CO reduces the surface concentration 
of hydrogen which is also still adequate for hydrogenation (of 1,3-butadiene) and 
isomerization (of 1-butene) and is insufficient for butene hydrogenation. Further, 
Yardimci et al. [97] reported that the selectivity of n-butene goes up when the Rh is 
selectively poisoned with CO ligands (Scheme 3). The poisoning effect is more 
evident if the support act as the electron-donor (e.g. MgO) and the Rh is in the form 
of approximated dimer clusters. The selective Rh/MgO carbonyl dimers limits the 
activity for dissociation of H2 and thus avoid the formation of butane for controls the 
butane forming catalytic routes the catalytic routes that yield butane, limiting the 
activity for dissociation of hydrogen to avoid the formation of butane via primary 
reactions. This also favours the bonding of 1,3-butadiene over butenes to control 
secondary reactions giving butane. The selectivity to n-butene of >99% was obtained 
with 97% of 1,3-butadiene conversion over this catalyst. The catalytic performance 
of supported metal was influenced by the particle size as well as their interactions 
with the support material and any other active components (second metal and/or 
promoter). The promoter and/or the second metal can (a) influence the first metal 
through electronic interactions and (b) get involved in the reaction by directly 
bonding to reactants or intermediates. Sometimes, the interactions present between 
the metals are complex and mostly unidentified/mysterious. Consequently, there are 
many options to prepare bimetallic catalysts with different properties. One of the 
major themes of basic and fundamental research having a practical application has 
been the use of selective bimetallic catalysts for better selectivity as well as 
minimizing the undesirable side-reactions, i.e. isomerization and hydrogenation of 
the alkene. Many reported observations discussed the bimetallic catalysts, in which 
addition of other metal to Pd could selectively hydrogenate butadiene, and explained 
the high selectivity [6, 38, 58, 68, 79, 80, 82, 90, 98, 99]. Several reports were 
published, in which for Pd-Ag/Al2O3, Pd-Ag/SiO2, Pd-Au/SiO2 and Pd-Cu/Al2O3, it 
was found that 99% selectivity was observed without any isomerization of butene 

Scheme 3 Reaction pathways for 1,3-butadiene hydrogenation proposed by Yardimci, et  al. 
(Reprinted with permission from [97]. Copyright 2012 American Chemical Society)
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[58,100–102]. It can be concluded that the bimetallic catalysts showed highest 
selectivity when compared to monometallic catalyst; however, Pd-Au and Pd-Ag 
supported on SiO2 showed less selectivity when compared to Al2O3 support.

To summarize, for the selective hydrogenation reaction on metal surfaces, the 
selectivity towards 1-butene is tremendously dependent on the electronegativity- 
supported metal catalyst system, and hence, can be regulated either by modulating 
the properties of supported metal (by another metal/or promoter species?). Moreover, 
carbonaceous deposits formed on the surface of a catalyst during the reaction/
process under prevailing reaction/operation conditions (ratio of reactants, 
temperature, etc.) alter the catalyst surface characteristics, e.g. dispersion of 
metal(s), Promoters further modify the surface and disturb the electronic properties 
of Pd or metals. Additives affect the adsorption of reactants and formation of surface 
residues, as well. This knowledge facilitates one to have a better expertise of the 
overall process to improve the selectivity, by appropriately selected combination of 
catalysts, additives/promoters and fine tuning the reaction conditions.

3  Summary and Future Outlook

The major findings from the detailed literature review on 1,3-butadiene selective 
hydrogenation with heterogeneous catalysts are: (a) selectivity in this reaction relies 
upon the different adsorption strengths of the unsaturated reactants and products. 
Butadiene tends to be preferentially adsorbed on all active sites blocking the access 
of n-butenes, when it was present in excess. 1-Butene hydrogenation to butane and 
its isomerization to cis-butene was found to occur only, when butadiene concentration 
becomes low during the course of the reaction; (b) the acidity of the support plays a 
critical role in mediating electron transfer through the metal-support interface, that 
ultimately changes the bond strength between unsaturated hydrocarbons and the 
metal active sites which results in changing the selectivity and reaction rate; (c) 
changing the dispersion and the metal particle size may affect both activity and 
selectivity. Their role in tuning the activity and selectivity are attributed to their 
geometric and electronic effects; (d) hydrogenation of butadiene over metal 
catalysts, the selectivity for 1-butene formation is governed by the electronegativity 
of the catalyst. Hence, selectivity may be affected either by changing the supported 
metal and/or by the additive species; (e) the use of bimetallic catalysts has been 
proved that it is right approach for improved selectivity as well as minimizing the 
undesirable side-reactions of full isomerization and hydrogenation of the desired 
alkene. These observations foster the interest to develop bimetallic nanoparticles 
with well-defined geometric shapes and dimensions and are still continuing with the 
desire to regulate their performance for selective hydrogenation of 1,3-butadiene. 
The role of second metal in bimetallic catalysts, various additives and acidity of the 
supports in controlling the selectivity needs to be studied to gain further insight into 
the underlying mechanism.
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Abstract Requirement of efficient technologies to convert natural gas (methane) 
into value-added products such as ethylene, aromatics (BTX), methanol and DME 
is prompted due to recent discovery of large reserves of shale and natural gas. To 
date, different direct and indirect processes have been explored involving all oxida-
tive/non-oxidative routes. Direct conversion of methane into liquid aromatic hydro-
carbons under oxygen-free environment (non-oxidative routes) is one of the 
promising approaches for natural gas upgradation. Direct methane to aromatic con-
version which is also known as methane dehydroaromatization (MDA) reaction is 
performed at a temperature above 600 °C and atmospheric pressure producing ben-
zene as major product and hydrogen as by-product. Lower thermodynamic equilib-
rium conversion and fast catalyst deactivation are the major challenges with the 
reaction which restricts its commercialization. Mo/HZSM-5 and Mo/HMCM-22 
are the well-known catalysts used for this reaction showing >90% benzene selectiv-
ity with 11% methane conversion at 700 °C. Fast catalyst coking due to carbona-
ceous deposits results in a lower yield of aromatic products. This can be controlled 
via different experimental treatments such as tuning in catalytic constituents, co- 
feeding with H2 and oxygenates (CO2, CO, steam) and reactor design including 
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catalyst regeneration protocol. Mechanistic studies of MDA reaction also provide 
insights to control coke content by identifying active sites. With this purpose, here 
we intend to deliver insights on MDA reaction catalysed by zeolite-supported 
molybdenum catalyst and investigations on catalyst stability controlling coke depo-
sition by providing an overview of combined theoretical and experimental studies. 
In this book chapter, different ways to control the catalytic activity and stability 
have been discussed based on catalytic parameters and reactor configurations.

Keywords Natural gas · Methane dehydroaromatization · Molybdenum carbide · 
Mo/zeolite · Carburization

1  Introduction

Large reserves of natural gas, shale gas and methane hydrates worldwide are attract-
ing attention of industrial and academic community as a potential source of clean 
energy and feedstock for value-added chemicals. However, most of these reserves 
of methane are located in remote areas which impart gas transportation challenges 
over long distances to populated areas and hence economically not feasible. This 
emphasizes the development of technologies for onsite methane (major source of 
natural/shale gas) conversion into transportable liquid and other high-value chemi-
cals such as olefins, paraffins, aromatics and hydrogen. Methane, which is the major 
content of natural gas, is a thermodynamically stable molecule emerging challenges 
to the chemical community for its activation and direct conversion into useful chem-
icals. Schematic pathways, currently known, for methane utilization producing 
value-added chemicals are depicted in Fig. 1. From decades, routes for methane 
upgradation are explored which involves indirect pathway where methane is first 
reformed into a mixture of CO and H2 (synthesis gas), using steam or partial oxida-
tive reforming [1, 2]. From syn-gas (CO + H2), methanol, dimethyl ether (DME) 
and other high-value chemicals such as paraffins, olefins, gasoline and diesel can be 
produced using Fischer Tropsch (FT) process [3, 4]. Methane utilization via syn-gas 
route has been successfully commercialized and different plants are currently in 
operation [5]. However, reactions involving syn-gas route require severe high tem-
perature and high pressure conditions and hence the production of syn-gas and its 
compression typically accounts high capital costing and is energy-intensive for 
operating the plants [5]. Investigating other direct alternative routes to reduce econ-
omy and energy consumption relative to indirect syn-gas processing, it is expected 
that direct methane conversion route producing value-added chemicals also require 
high temperatures due to high chemical inertness of methane molecule. Direct 
methane conversion into chemicals without going through the intermediate step of 
syn-gas production involves oxidative or non-oxidative treatment. In direct routes of 
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methane conversion, processes such as partial oxidation of methane into methanol/
formaldehyde, oxidative coupling of methane-producing ethylene and MDA- 
producing aromatic compounds have been explored. Thermodynamically, direct 
conversion of methane into other commodity chemicals is favourable in presence of 
oxidants and hence methane oxidation has been widely studied in direct methane 
utilization. In this reference, methane oxidation to methanol, formaldehyde and 
other oxygenates constitutes an important thrust in the research area of petrochemi-
cal industries [6]. However, lower methane conversion with poor methanol yield is 
the major limitation which does not make this process successful in comparison to 
syn-gas route.

Another prominent route using methane oxidation was claimed by Lunsford in 
1985 reporting that methane could be converted into ethane/ethylene via oxidative 
coupling using magnesium oxide catalyst at 600 °C [7]. To date, oxidative coupling 
of methane (OCM) has been broadly studied and a maximum methane conversion 
up to 25% with 80% of C2 selectivity has been reported [8]. A major drawback with 
OCM observed is further oxidation of C2 hydrocarbons in the presence of oxygen- 
producing carbon dioxide, carbon monooxide and water which results in lower eth-
ylene selectivity at high conversion. These limitations restrict for OCM 
commercialization. In the pursuit to conduct direct methane upgradation, another 
route involves methane transformation into liquid aromatic hydrocarbons under 
non-oxidative conditions. Wang et al. in 1993 firstly investigated methane to aro-
matic reaction on ZSM-5-supported molybdenum catalyst producing mainly ben-
zene with hydrogen as by-product under oxygen-free environment [9]. As the 
process (later known as MDA) marks higher selectivity towards aromatic com-
pounds (mainly benzene) using direct methane activation, several investigations 
have been carried out on MDA reaction up to date [10]. Common challenges and 

Fig. 1 Different routes of methane conversion producing value-added chemicals
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observations resulted from previous studies in MDA reaction are fast catalyst deac-
tivation, lower per pas methane conversion, dependency on catalytic constituents 
and reactor configuration [10]. A variety of catalysts based on different 3d, 4d tran-
sition metal anchored inside microchannels of zeolite have been studied [5]. In the 
investigation, it has been observed that HZSM-5/HMCM-22-supported molybde-
num is the most selective catalyst for MDA reaction resulting in higher methane 
conversion and benzene yield at 700 °C [11]. Fast catalyst deactivation in MDA 
reaction is supposed to be due to severe coke deposits in the form of poly- aromatic- 
hydrocarbons (PAH) and/or graphitic carbon during the course of reaction [12]. 
This is the major limitation which restricts its commercialization. Nevertheless, 
research community working in the area of MDA process has incorporated remark-
able modifications in the process upgrading catalytic constituents, reactant feeding 
(oxygenates with methane) and reactor configurations, which significantly controls 
methane conversion, benzene yield and catalyst stability. This chapter discusses the 
current scenario in the development of the MDA process by providing molecular 
insights of catalytic constituents (Mo/Zeolite) which controls the key steps such as 
methane activation, aromatization and coking of MDA reaction. Simultaneously, 
reaction parameters and reactor configurations which direct the kinetics of the reac-
tion are also covered in this chapter.

1.1  Thermodynamics of MDA

Methane hydrocarbon is a stable molecule and exhibits high C–H bond dissociation 
energy (439 kJ/mol) [13]. In MDA reaction, methane conversion into benzene is 
thermodynamically unfavourable at lower temperatures. In addition, pyrolysis of 
methane at highly endothermic conditions (MDA reaction condition) results in coke 
formation which is a major side reaction, simultaneously occurring at MDA reac-
tion conditions [14]. Despite this, a considerable amount of benzene is formed 
between the temperature range 700–900  °C at atmospheric pressure. As per 
Z. R. Ismagilov and J.  J. Spivey reports in 2008 and 2014 respectively [14, 15], 
thermodynamics of MDA process along with side reaction is mentioned by Eqs. 
(1)–(3) as shown below;

 6 94 6 6 2CH g C H g H g( ) → ( ) + ( ) (1)

 ∆ ∆r rG kJ mol H kJ mol° °= + = +433 531/ , /  

 2 4 2 6 2CH g C H g H g( ) → ( ) + ( ) (2)

 ∆ ∆r rG kJ mol H kJ mol° °= + = +72 73/ , /  

 2 24 2 4 2CH g C H g H g( ) → ( ) + ( ) (3)

 ∆ ∆r rG kJ mol H kJ mol° °= + = +81 216/ , /  

S. Mishra et al.



233

In addition, equilibrium concentrations of the common products in MDA process 
have also been analysed in the temperature range of 800–1200 K based on thermo-
dynamic studies and are shown in Table 1 as per previous reports [14]. MDA reac-
tion is thermodynamically favourable than other side reactions such as methane to 
ethane and ethylene at 1000 K and results in 13.8% equilibrium conversion of meth-
ane into benzene (Table 1).

1.1.1  Effect of Co-feeding Agents

Addition of oxygenates, hydrogen and/or other light hydrocarbons as co-feed with 
methane drives the thermodynamic equilibrium and upgrades the methane conver-
sion in MDA reaction. Several experimental studies have been performed using 
different co-feeding agents with methane in view of advancing the MDA process. 
Catalyst deactivation due to severe coke formation is the major challenge with MDA 
reaction. To control the coke formation, oxygenates such as CO, CO2 and CH3OH 
have been used as co-feeding agent with methane [16]. Hydrogen has been also 
reported as co-feeding agent with methane controlling coke formation. As per 
P. M. Bijani report in 2012, increase in H2/CH4 ratio enhances the selectivity of light 
hydrocarbons but reduces coke selectivity [17]. Benzene selectivity has been 
observed maximum at 0.26 ratio of H2/CH4. Thermodynamics favours MDA reac-
tion in presence of oxygen (ΔrG° = −1624 kJ/mol, Eq. (4)) and other hydrocarbons 
(ΔrG973K = −36.2 kJ/mol, Eq. (5)) as per J. J. Spivey reports in 2014 [15]. Although 
the presence of oxygen (or other oxidants) favours the MDA thermodynamics, aro-
matic selectivity decreases due to further oxidation or decomposition of BTX prod-
ucts into carbonaceous deposits. Thermodynamic calculations on alkanes/alkenes 
as co-feeding agent with methane supports the experimental evidences as reported 
earlier; however, it limits in quantification with respect to methane conversion [15].

Table 1 Equilibrium composition of basic MDA products (benzene, ethane and ethylene) [14]

T/K CH4 conversion (%)
Equilibrium composition (wt%)
CH4 H2 C2H6 C2H4 C6H6

6CH4 = C6H6 + 9H2

800 2.5 97.5 0.5 2.0
1000 13.8 86.2 2.6 11.2
1200 40 60.0 7.4 32.6
2CH4 = C2H6 + H2

800 1.0 99.0 0.1 0.9
1000 3.0 97.0 0.2 2.8
1200 5.0 95.0 0.3 4.7
2CH4 = C2H4 + 2H2

800 1.0 99.0 0.1 0.9
1000 5.0 95.0 0.6 4.3
1200 20.0 80.0 2.5 17.5
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 6 9 2 94 2 6 6 2CH g O g C H g H O g( ) + ( ) → ( ) + ( )/  (4)

 ∆ ∆r rG kJ mol H kJ mol° °= − = −1624 1846/ , /  

 2 64 4 10 6 6 2CH g C H g C H g H g( ) + − ( ) → ( ) + ( )n  (5)

 ∆ ∆r
K

r
KG kJ mol H kJ mol973 97336 2 396= − = +. / , /  

1.1.2  Effect of Hydrogen Removal in MDA

In attempts of equilibrium shift of methane to benzene conversion in MDA reaction, 
in situ removal of hydrogen (H2) from the reaction mixture is an effective step to 
adjust thermodynamic conversion of methane. Hydrogen is the major by-product 
along with carbonaceous species at 973 K and atmosphere pressure in MDA reac-
tion. Increase in temperature does not affect the equilibrium constant of MDA reac-
tion which shows that MDA reaction is strongly limited by thermodynamics. 
Selective removal of H2 from the MDA reaction mixture shifts the chemical equilib-
rium towards the desired products as per previous reports [18, 19]. According to 
thermodynamic calculations, methane conversion in the MDA reaction towards 
C6H6 and H2 increases with the removal of H2 as marked by filled circles in Fig. 2 
[5]. Thus, thermodynamic study directs that H2 removal from reaction mixture sig-
nificantly upgrades the equilibrium methane conversion which can be experimen-
tally achieved with modified reactor configuration, e.g. membrane-type reactors can 
absorb or remove the in situ generated H2 and enhance the desired product selectivity.

Fig. 2 Equilibrium methane conversion with respect to H2 removal (%) during MDA reaction at 
883 K and 0.5 MPa. (Reproduced with permission from Journal of Energy Chemistry 22 (2013) 
1–20 [5])
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In summary, thermodynamic analysis corroborates that methane conversion into 
benzene and hydrogen in MDA process is thermodynamically favourable only at 
limited conditions, and is expected to be kinetically driven to undesired solid carbo-
naceous species. Addition of other oxygenates (O2, CO, CO2 and CH3OH) and light 
hydrocarbons with methane also controls thermodynamics and experimentally have 
been shown to drive the MDA reaction with certain limitations.

1.2  Catalysts for MDA Reaction

Basically, molybdenum-supported ZSM-5 is the well-known catalyst for methane 
dehydroaromatization reaction as firstly reported by Wang et al. in 1993 [9]. Being 
an important reaction, MDA was widely investigated for long time and different 
metals besides molybdenum (Mo) were tested with ZSM-5. Cr, W, Mn, Fe, Ni, Zn, 
Cu, Re, V and various other transition metals were analysed for MDA reaction and 
it was concluded that Mo supported over zeolite is the most active metal for meth-
ane aromatization reaction [5]. However transition metals such as Re, W and Cu 
supported over ZSM-5 have been reported with 7, 5.7 and 2.4 methane conversion 
having higher benzene selectivity (48% for Re, 94% for W and 70% for Cu) respec-
tively [10]. Zeolite support also controls the activity of Mo/Zeolite catalyst as it 
imparts bi-functionality for methane to aromatic reaction. Microporous and meso-
porous zeolites with unique framework structure, shape selectivity and strong acid-
ity tune the metal interaction and dispersion and thus affect the activity. Different 
types of zeolites along with molybdenum have been investigated showing activity 
towards MDA reaction [20]. ZSM-5 contains two-dimensional pore structures with 
10-membered rings and effective pore diameter (0.6 nm) equivalent to the kinetic 
diameter of benzene molecule which provides shape selectivity to aromatized prod-
ucts. Due to these characteristics and high thermal stability of ZSM-5, it has been 
frequently used for MDA reaction along with molybdenum to date [21]. In addition 
to ZSM-5, other zeolite supports such as HMCM-22, ZSM-11, H-β, H-Y, ZSM-8, 
HMCM-41, HMCM-36 and ITQ type zeolites have also been tested for MDA reac-
tion as per previous reports [5, 22]. Different outcomes and suggestions were made 
with these supports in reference to MDA activity and it was concluded that 
HMCM-22 and HMCM-49 besides ZSM-5 are also effective supports for the syn-
thesis of molybdenum-based catalyst for MDA activity. Basically, Mo/HZSM-5 and 
Mo/HMCM-22 are known as well-established catalysts showing similar MDA 
activity. However, reports for higher stability of Mo/HMCM-22 with high benzene 
selectivity in comparison to Mo/HZSM-5 are also claimed [23]. HMCM-22 has 
unique framework structure as compared to HZSM-5 zeolite support, due to which 
a better tolerance of coke deposits occurs in this zeolite and results in higher ben-
zene selectivity. HMCM-22 possesses a unique pore structural design with two 
independent pore systems: two-dimensional 10-ring sinusoidal pore system 
(4.1 × 5.1 Å), and a larger, three-dimensional 12-ring super-cage system intercon-
nected via 10-ring windows (4.0 × 5.5 Å). This type of pore structure and presence 
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of supercages are supposed to be responsible for high coke accumulation ability of 
HMCM-22 zeolite, while retaining shape selectivity is the necessity for aromatic 
formation. This combination promotes the selectivity of aromatic compounds and 
stabilizes the Mo/HMCM-22 catalyst under MDA reaction conditions [24]. Due to 
unique framework characteristics, zeolite support known as TNU-9 has been also 
used for Mo-based catalyst in MDA reaction and results in higher activity than con-
ventional ZSM-5 support [25]. In view of catalytic constituents of Mo/Zeolite cata-
lyst, both molybdenum and zeolite supports have their own characteristics in the 
MDA activity. In MDA reaction, methane C–H bond activation and C–C coupling 
occur at metallic (Mo) sites which provides ethylene intermediate. Ethylene is fur-
ther aromatized at acidic sites of zeolite support of the catalyst. Acidity of the cata-
lyst is tuned by varying Si/Al ratio zeolite support. Thus molybdenum concentration 
and zeolite acidity of the catalyst must be in trade off for effective MDA activity.

1.2.1  Effect of Mo Dispersion

Molybdenum loading over zeolite (HZSM-5/HMCM-22) support significantly 
affects the Mo dispersion which controls the MDA activity as studied in detail in the 
previous reports [26, 27]. In the earlier work, 2–6 wt% molybdenum loading has 
been optimized for MDA activity and it is found that higher Mo loading (>6 wt%) 
is not effective and results in lower benzene yield [28]. Lower Mo loading maintains 
the integrity of zeolite framework such as crystallinity and porosity and also pre-
vents extraction of framework Al species which results in Al2(MoO4)3 species [29]. 
Higher Mo loading shows large clusters of in situ generated molybdenum carbide 
(the active site for C–H activation and C–C coupling) which retards the catalytic 
activity as nano-cluster of molybdenum carbide have been reported as highly active 
centres [10]. In addition, Mo species interacts with the zeolite framework via its 
acidic sites, thus exchange of acidic protons with molybdenum occurs which 
reduces the acidity of zeolite support and hence reduces the total acidity of MDA 
catalyst. Reduction in acidity also affects the yield and conversion. Thus a trade off 
between molybdenum concentration and zeolite acidity must be maintained to 
achieve higher activity.

1.2.2  Effect of Zeolite Acidity

As per zeolite chemistry, negative charge at aluminium atoms in the framework is 
compensated by cations which are further exchanged with other required cations. 
The proton cation is incorporated via well-known ion exchange with NH4

+ ions fol-
lowed by calcinations at higher temperatures (450–550 °C) and provides Brønsted 
acid sites (BAS) [30]. This directs that Brønsted acid sites directly depend on Al 
concentration of zeolite framework and hence variation in Al content would change 
the Brønsted acidity over the framework. As per the mechanism of MDA reaction, 
firstly initial MoOx species grafted over zeolite framework is converted into active 
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MoxCy (Mo2C) at which methane dehydrogenation and coupling to ethylene occurs. 
In the second step, ethylene intermediate oligomerizes to benzene at the Brønsted 
acid sites (BAS) of the zeolites and hence the concentration of BAS plays a crucial 
role in MDA catalyst. In the previous reports, several studies on acidity effect by 
varying SiO2/Al2O3 (SAR) ratio of zeolite framework has been performed for MDA 
catalyst activity [31]. Lower SAR results in higher BAS concentration over the 
framework and has been reported most effective for MDA activity as compared to 
higher SAR value [32]. Different techniques such as NH3-TPD and pyridine FT-IR 
are the basic tools to analyse the acidity concentration and strength. In MDA reac-
tion, HZSM-5 and HMCM-22 with SiO2/Al2O3 = 30 (Si/Al = 15) have been widely 
studied showing high activity along with molybdenum [32, 33]. Besides acidity 
incorporation to the Mo/Zeolite catalyst, BAS controls MoOx diffusion and its 
anchoring inside the zeolite channels which affect the catalytic activity. According 
to Gao et al. reports in 2015, anchoring sites for MoOx species inside HZSM-5 zeo-
lite channels strongly depends on Si/Al ratio of HZSM-5 [34]. On varying the Si/Al 
ratio (from 15 to 140), MoOx anchoring site inside the zeolite framework is observed 
to change from double Al atom site to single Al atom sites and at higher Si/Al ratio 
(~140), it shifts to double Si atom sites at the outer surface of the zeolite framework 
as depicted in Fig. 3. This directs that at higher Si/Al ratio, most of the molybdenum 
oxide species interacts with Si atoms at the outer surface of zeolite framework due 
to lower Brønsted acid sites and results in lower activity of Mo/HZSM-5 catalyst. In 
a recent study of S. Mishra et al., (2020), it has been claimed that maximum trans-
formation of initial molybdenum oxide species into active molybdenum carbide/
oxycarbide occurs at lower Si/Al ratio (HMCM-22) during induction period/carbu-
rization which results in higher activity of Mo/HMCM-22 catalyst with low carbo-
naceous deposits [35]. Thus Si/Al ratio also controls the molybdenum carbide 
content which is related to initial MoOx anchoring inside the zeolite channels. The 
Si/Al ratio of zeolite sample can be tuned via initial synthetic routes or post- 
treatments such as dealumination/desilication in the thought of improving MDA 
catalyst activity [36].

Fig. 3 Anchoring of initial MoOx species over zeolite framework with respect to different Si/Al: 
(a) double Al atom site at lower Si/Al, (b) single Al atom site at moderate Si/Al, and (c) single Si 
atom site at high Si/Al
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1.2.3  Promoter Effect over MDA Catalyst

Besides controlling Mo concentration and Brønsted acidity of MDA catalyst (Mo/
Zeolite), attempts of promoter metal addition to Mo/Zeolite catalyst have also been 
performed in view of improving activity. In these attempts, different metals such as 
Ga, Zn, Cr, Cu, Ni, W, Pd, Pt, etc. have been studied as promoters for MDA catalyst 
and results in the positive effect on activity and stability [5, 37, 38]. Nevertheless, 
different observations have been seen in previous studies showing inconsistencies in 
results of metal-promoted Mo/Zeolite catalysts. As negative effect of promoter met-
als over Mo/Zeolite catalyst have also been claimed in previous reports [39]. This 
may be due to the different treatments used for catalyst preparation and different 
reaction conditions. In addition, due to complex insights of MDA catalyst activity, 
mechanistic understanding of various promoters’ effect over Mo/Zeolite catalyst 
has not been clearly stated. Promoter metals such as Ru improves the stability of 
Mo/HZSM-5 catalyst [40], Ni and Co have also been reported for improving the 
stability of Mo/HZSM-5 catalyst via preventing aggregation of Mo species as per 
recent studies of Sridhar et al. (2020) [41]. Ahmed K. Aboul-Gheit et al. in 2011 
have reported Zn as promoter over Mo/HZSM-5 for its lower carbon deposition 
which is advantageous in MDA reaction [42]. Victor Abdelsayed and co-workers in 
2015 have claimed increased benzene formation rate for Fe-Mo/ZSM-5 catalysts as 
compared to unpromoted Mo/ZSM-5 catalyst [43]. Cr incorporation over Mo/
ZSM-5 catalyst tunes the acidity which promotes the catalytic activity as per previ-
ous reports [38]; however, it remains contradictory whether Cr and Mo species 
simultaneously interact with acid sites or separately. Thus additive metals along 
with molybdenum significantly control the catalytic activity and stability; however, 
their interaction and incorporation over Mo/Zeolite catalyst is still debatable and 
thus needs more scientific investigations to study the bimetallic MDA catalyst.

1.2.4  Induction Effect: Carburization

In MDA reaction, Mo/Zeolite catalyst is firstly reduced or carburized to achieve its 
active phase for reaction progress. After calcination, oxide form of catalyst MoO3/
Zeolite is generally converted into its carbide or oxycarbide form (Mo2C/Zeolite) 
which is the active site for methane activation and C–C coupling reactions in MDA 
process [35]. During the transformation of MoO3/Zeolite to Mo2C/Zeolite phase, 
formation of oxygenates such as CO, CO2 and H2O occurs in the initial period which 
is known as induction or carburization period before aromatization reaction. 
Molybdenum carbide species (Mo2C) generated in the induction period has been 
confirmed using different techniques (XPS, XNASE) [44]. A mixture of H2 and CH4 
(3:1 or 4:1) or pure methane is used for carburization/reduction of MoO3/Zeolite 
which results in carbide or oxycarbide form of molybdenum [45]. As per reports of 
Lee et al. in 2000, during the transformation of MoO3 into Mo2C, mainly two steps 
occur in which the first is the reduction of initial MoO3 to MoO2 whereas the second 
step is the carburization of MoO2 resulting into molybdenum carbide (Mo2C) [33]. 
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In 1997, Wang et al. have claimed that during the induction period complete trans-
formation of MoOx into Mo2C does not occur and some oxide or oxycarbide forms 
of molybdenum remain over the catalyst which shows that nature of molybdenum 
species during the induction may be different [46]. In addition, different forms of 
molybdenum carbide such as β-Mo2C and α-MoC1−x have been also claimed in the 
induction period in which α-MoC1−x form is reported effective for higher activity 
and stability for MDA catalyst [47, 48]. Duration of induction period also affect the 
carburization depending on the carburizing agent (CO, light hydrocarbons) but is 
observed independent of temperature [49]. Catalytic constituent such as Mo loading 
and Si/Al ratio of Mo/Zeolite catalyst significantly affect the carburization process. 
Higher molybdenum loading results in higher reducibility due to formation of 
agglomerated MoOx species over zeolite surface. Variation in Si/Al ratio of zeolite 
not only tunes the acidity of Mo/Zeolite catalyst but also control the anchoring of 
initial MoOx species over zeolite framework as discussed in Sect. 1.2.2. Change in 
anchoring mode of MoOx species via Si/Al ratio variation controls the MoOx and 
zeolite interaction and thus affects the reducibility of MoOx species as also con-
firmed by recent studies of Zhao et al. [50].

1.3  Mechanistic Insights of MDA Reaction

Methane dehydroaromatization reaction occurs over bifunctional Mo/Zeolite cata-
lyst at which methane C–H activation and C–C coupling takes place on molybde-
num site whereas aromatization of intermediates occurs at Brønsted acid sites of the 
zeolite. Thus basically methane activation, ethylene formation via C–C coupling 
and aromatization by acidic sites control the methane conversion and benzene yield. 
Aromatization of intermediates is significantly controlled by zeolite shape selectiv-
ity and its acidity as discussed in Sect. 1.2.

In MDA reaction, methane C–H activation and C–C coupling are key steps and 
occurs over active phase of molybdenum species. Initial MoOx species are reduced 
or carburized to form molybdenum oxycarbide or carbide in the induction period as 
discussed in Sect. 1.2.4. Lunsford et al. in 1996 have firstly reported the induction 
period required in MDA reaction for Mo/HZSM-5 catalyst and claimed transforma-
tion of MoOx species into molybdenum carbide in the induction period using char-
acterization tools such as XPS and XRD [51]. In the induction period, no hydrocarbon 
with negligible coke deposits is formed except CO and water vapours (H2O) as 
major products. The active phase of molybdenum is rigorously debated in previous 
reports and is considered to be a carbidic or oxycarbidic [52]. As per experimental 
investigations of Weckhuysen et al. in 2016, methane activation starts over the oxy-
carbide phase of molybdenum [53]. Nevertheless, benzene formation starts only 
when MoOx is completely carburized/reduced into molybdenum carbide (MoxCy) 
species. Identification of molybdenum carbide structure has been a debatable dis-
cussion in reported theoretical and experimental studies. Experimentally, Mo2C 
clusters have been characterized as molybdenum carbide structure by XANES/
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EXAFS as per previous studies [53]. Gao et al. in 2015 have claimed Mo4C2 as the 
most stable Mo carbide nanocluster formed at MDA reaction conditions and reports 
theoretical calculations showing methane C–H activation barrier of 112 kJ/mol at 
Mo4C2 cluster grafter over ZSM-5 channels [34]. Other forms of molybdenum car-
bide phase have also been reported using genetic algorithms (GA) such as MoC3 
(Mo2C6) [54]. Pant and co-workers in 2018 have reported detailed theoretical calcu-
lations on Mo4C2 and Mo2C6 clusters showing results for C–H activation and C–C 
coupling reactions providing ethylene intermediate as depicted form Figs. 4, 5, 6, 
and 7 [55]. In Fig. 4a, Mo4C2cluster has been shown in which two types of Mo sites 
[Mo(1) and Mo(2)] coordinated with carbons are available for methane activation. In 
the study, C–H activation barrier has been reported to be lower at Mo(1) type sites 
(116 kJ/mol) as compared to that at Mo(2) type sites (151 kJ/mol) which directs that 
the first C–H activation of methane molecule is likely to occur on the Mo(1) type 
sites of Mo4C2 clusters. Geometries of reactant (a′), transition state (CH3–HTS), and 
product (b′) have been shown in Fig. 4b with bond length measurements in Å.

After performing calculations for second methane molecule activation at differ-
ent Mo sites, Mo(1) sites at which first methane activation was occurred are consid-
ered suitable site for second methane molecule activation and subsequent C–C 
coupling as depicted in reaction diagram shown in Fig. 5a, b. The second methane 
molecule has been activated at the same Mo(1) atom with an activation barrier of 
117 kJ/mol almost similar to first C–H activation barrier. After that different key 
elementary steps have been performed over Mo4C2 cluster to achieve the ethylene 
intermediate as per reports. Complete potential energy diagram for C–H activation 

Fig. 4 Geometry of (a) Mo4C2nanocluster and (b) reactant, transition and product states showing 
first C–H activation of methane over the Mo(1) site (bond lengths in Å). (Reproduced with permis-
sion from J. Phys. Chem. C 2018, 122, 11754–11764 [55]. Copyright (2018) American Chemical 
Society)
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and C–C coupling steps forming ethylene over Mo4C2 cluster has been shown 
in Fig. 6.

In addition, apart from Mo4C2 cluster, another Mo2C6 cluster (Fig. 7a) has also 
been studied for all the C–H activation and C–C coupling reaction steps. A 119 kJ/
mol of first methane activation barrier (slightly higher than that on Mo4C2) has been 
calculated over the Mo(1) site of Mo2C6 cluster. Reactant (a″), TS (CH3–HTS) and 
product (b″) geometries showing C–H activation over Mo(1)-CMo site have been 
depicted in Fig. 7b. In results, it has been observed that of the two clusters, Mo2C6 

Fig. 5 Geometry of the reactant, TS and product states for (a) CH3–CH3 coupling reaction and (b) 
H2 formation and desorption reaction steps over Mo4C2 nanocluster (bond lengths in Å). 
(Reproduced with permission from J. Phys. Chem. C 2018, 122, 11754–11764 [55]. Copyright 
(2018) American Chemical Society)

Fig. 6 Potential energy diagram for C–H activation and C–C coupling reaction steps to form 
ethylene over Mo4C2 nanocluster. (Reproduced with permission from J. Phys. Chem. C 2018, 122, 
11754–11764 [55]. Copyright (2018) American Chemical Society)
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results in significantly lower activation barriers for C–C coupling reaction step 
which directs that whereas methane may be activated on both Mo4C2 and Mo2C6 
clusters, the C–C coupling and subsequent higher coupling reactions to form aro-
matic product are likely to occur over Mo2C6 clusters anchored inside the zeolite 
channels. In the study, residual charge effect over the clusters which significantly 
affects the elementary reaction energy barriers confirms that the reducibility of the 
molybdenum carbide/oxycarbide is a key factor and controls the Mo/Zeolite activity 
[55]. A linear correlation has been obtained between cluster residual charge and first 
C–H activation barrier which directs that the lesser residual charge on MoxCy cluster 
results in lowering of methane dehydrogenation barrier as depicted in Fig. 8. Thus 
the overall mechanistic study correlates the effect of MoxCy clusters with charge to 
activity which may help in improving the MDA catalyst activity and stability via 
controlling the MoxCy structure.

In recent studies of Gao et al. (2019), a comparative mechanistic studies on oxy-
carbide and carbide form of molybdenum have been reported in which oxycarbide 
form is taken into account for effective MDA catalyst stability [56]. Generally, 
molybdenum carbide species agglomerate during the progress of reaction and accu-
mulate coke deposits which lead to deactivation. However, catalyst regeneration by 
oxygen pulsing treatments can recover these active species. The agglomeration of 
molybdenum species leading to coke formation can also be avoided by co-feeding 
with oxygenates (O2/CO/CO2) that partially transforms coked-Mo2C species into an 
oxycarbide form of molybdenum during the course of reaction and controls agglom-
eration and coking. Thus it will be desirable to control the molybdenum structure in 
an oxycarbide form instead of fully carbide structure of Mo which promotes 

Fig. 7 Geometry of (a) Mo2C6 nanocluster and (b) reactant, transition and product states showing 
first C–H activation of methane over Mo(1) site (bond lengths in Å). (Adapted with permission from 
J. Phys. Chem. C 2018, 122, 11754–11764 [55]. Copyright (2018) American Chemical Society)
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carbidic coke [56]. Different Mo4C2O (oxycarbide) clusters identified via genetic 
algorithm have been shown in Fig. 9. Theoretical calculations have been performed 
for oxycarbide clusters (Mo4C2O) grafted over ZSM-5 channels comparing with 
carbide clusters (Mo4C2) and it has been reported that presence of oxygen does not 
affect the activation energy and hence does not alter the rate of methane activation. 
In conclusion, it is suggested to maintain oxycarbide phase of molybdenum nano-
cluster as it controls undesirable coking and agglomeration without affecting the 
rate of methane activation. This can be achieved by co-feeding with oxygen contain-
ing molecules such as CO2 or CH3OH.

Fig. 8 Effect of cluster residual charge on first C–H activation energies over Mo4C2 (triangle) and 
Mo2C6 clusters (diamond). (Reproduced with permission from J.  Phys. Chem. C 2018, 122, 
11754–11764 [55]. Copyright (2018) American Chemical Society)

Fig. 9 Structure of Mo4C2O oxycarbide nanocluster identified with the genetic algorithm. 
(Reproduced with permission from J. Phys. Chem. C 2019, 123, 22281–22292 [56]. Copyright 
(2019) American Chemical Society)
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After methane activation and C–C coupling reactions over active molybdenum 
carbide or oxycarbide nanoclusters producing ethylene intermediate, in the second 
step of the MDA reaction, ethylene oligomerization occurs at BAS of zeolite sup-
port which results in final aromatic products (BTX). This is controlled by Si/Al ratio 
of zeolite support in Mo/Zeolite catalyst as discussed in Sect. 1.2.2. Major chal-
lenge with the reaction is to control over-aromatization of benzene and toluene 
products. Further aromatization leads to coke formation in the form of poly- 
aromatic- hydrocarbons (PAH) as per previous reports [15]. However, other forms of 
coke such as CHx type or molybdenum-associated carbide coke are also responsible 
for catalyst deactivation which can be controlled via optimizing the composition 
and size of active molybdenum carbide or oxycarbide nanocluster [15]. Contrary to 
this, there are various contradictions in mechanistic insights of chain elongation 
reactions producing aromatic product and coke formation after C–C coupling reac-
tions at Mo sites. Polyaromatic hydrocarbons can be controlled by optimizing Si/Al 
ratio and BAS strength inside the zeolite channels which triggers the oligomeriza-
tion reaction.

1.4  Reaction Parameters

1.4.1  Effect of Temperature

Methane dehydroaromatization is highly endothermic reaction limited by thermo-
dynamic equilibrium (Eq. (1)) as discussed in Sect. 1.1. It requires high tempera-
tures (973 K) to achieve remarkable methane conversion into aromatic hydrocarbons 
performed in a fixed-bed type reactor [57, 58]. As per previous reports, the methane 
conversion rate in MDA reaction is a function of temperature as supported by ther-
modynamics calculations which approve the need of high temperature in this case. 
However, high-temperature range causes fast catalyst deactivation by severe coke 
deposition and promote agglomeration of metallic particles reducing the active 
phases of MDA catalyst [58]. Different observations have been made in the previous 
experimental reports on optimization of temperature for MDA reaction and it has 
been concluded that 973–1073 K temperature range is the optimum range for meth-
ane conversion into aromatic hydrocarbons. Above these range of temperatures, 
decrease in benzene yield has been reported probably due to loss in the active phase 
of Mo/HZSM-5 catalyst resulting in severe coke formation. In addition, lower tem-
peratures range has also been claimed for MDA reaction as an alternative aspect of 
lower energy requirement which directly relates to the economy of the process 
[59, 60].
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1.4.2  Effect of Pressure

Thermodynamically, it has been shown that a decrease in pressure favours the con-
version rate; however, selectivity towards benzene is observed with a slight decrease 
in MDA reaction as per previous reports [17]. According to previous experimental 
report, at lower pressure range below 1  bar, the benzene formation rate rapidly 
decreases with time on stream, whereas at higher pressure (above 1 bar), the rate of 
benzene formation is observed to increase with time on stream achieving higher 
stability [61]. Generally, moderate pressure range (1–3 bar) applied to MDA reac-
tion results in higher stability and activity to the Mo/Zeolite catalyst [61]. In recent 
studies of Hensen et  al. (2019), the advantageous effect of high pressure (up to 
15 bar) has been claimed for Mo/ZSM-5 catalyst in MDA reaction [12]. Fast coke 
hydrogenation at higher pressure results in lower coke selectivity and retains active 
catalyst surface for further reaction. Thus modification in pressure range can 
improve benzene yield with lower coke deposition and can take the MDA process at 
the commercial level.

1.4.3  Effect of Space Velocity

Generally, increase in space velocity leads to decrease in conversion rate as per 
reaction engineering. Different experimental reports have been claimed on space 
velocity effect for the reaction and it has been observed that decrease in the space 
velocity increases the methane conversion to aromatic hydrocarbons at 873–998 K 
[27, 62] with increased duration of the induction period. In the product distribution, 
an increase in the space velocity results in higher ethylene selectivity whereas lower 
selectivity towards benzene [63]. Lower space velocity favours the catalyst deacti-
vation due to high residence time as also experimentally observed in earlier reports. 
Thus a rigorous optimization controlling temperature, pressure and space velocity 
can upgrade the MDA process.

1.5  Reactor Configuration

Reactor design is another major aspect in the MDA process which significantly 
controls methane conversion and product yield. Fixed-bed reactor is the most widely 
used setup for MDA reaction. For the industrial and academic community, MDA 
process is being a challenge for commercialization due to its thermodynamic and 
kinetic limitations. However, MDA process is upgraded via increase in temperature 
or decrease in pressure, but these parameters cannot take the process at the indus-
trial level. Reactor configuration considering different factors such as multiple pas 
conversion instead of single pas conversion, catalyst regeneration via in situ coke 
removal, in situ H2 removal from the reaction mixture, etc. can actually improve the 
technology for commercial purposes. Circulating fluidized-bed reactor setup and 
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membrane reactor units are the effective configuration for MDA process upgrada-
tion. Multiple fixed-bed reactors in parallel series can be another configuration in 
which some zones can be used for catalyst regeneration under the flow of 
 oxygenates/H2.

1.5.1  Circulating Fluidized-Bed Reactor Setup

In terms of heat dissipation, catalyst regeneration, uniform temperature, etc., fluid-
ized bed unit is advantageous in comparison to fixed-bed unit. Due to these positive 
factors, MDA reaction can be studied using bubbling and circulating fluidized bed 
reactors. In 2009, a comparative study of fixed and fluidized bed reactor for MDA 
reaction has been performed using Mo/HZSM-5 catalyst and higher yield of ben-
zene is claimed with fluidized bed unit having severe coke deposition [64]. Quartz 
fluidized bed reactor has been reported for methane conversion into aromatic hydro-
carbons under non-oxidative conditions by Wei and co-workers [65]. Similar results 
as observed in fixed-bed reactor have been claimed in the experimental studies high-
lighting the role of temperature, space velocity and partial pressure. Concept of 
circulating fluidized bed reactor for continuous periodic operation in case where 
high catalyst deactivation rate occurs has been proposed in previous reports [66]. 
This provides effective design for continuous periodic operations with proper heat 
transfer management resolving hot spot limitations as observed in fixed-bed unit. 
The schematic of two-bed type of circulating fluidized bed reactor has been shown 
in Fig. 10.

Figure 10 depicts the schematic design of circulating fluidized bed reactor unit in 
which methane to aromatic conversion reaction occurs in reactor unit having fresh 
Mo/Zeolite catalyst whereas regeneration unit is used to remove coke deposits over 
spent Mo/Zeolite catalyst using oxidants such as O2 and H2. Simultaneously, regen-
erated catalyst is circulated from regeneration unit to reactor unit for continuous 
operation and high catalytic activity. This reactor configuration can be effective for 
methane dehydroaromatization process at the industrial level.

In another configuration of reactor design, Menndez et al. in 2010 have proposed 
a two-zone fluidized bed reactor in view of resolving the fast catalyst deactivation 
issues [67]. In the reactor design, two different zones of reaction and catalyst regen-
eration are created making fluid bed by feeding reactant methane at an intermediate 
stage and oxidant inlets from the bottom of the reactor respectively. Authors have 
achieved 8% methane conversion with more than 90% aromatic selectivity at 700 °C 
using 6%Mo/HZSM-5 catalyst and 1% CO2 regenerating oxidant.

1.5.2  Membrane Reactor

As per thermodynamic studies (Sect. 1.1.2), in situ removal of hydrogen from the 
MDA reaction mixture shifts the chemical equilibrium towards the desired benzene 
product. This can be achieved with a suitable membrane-type reactor that has a 
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comparable H2 penetration rate to its formation rate in MDA process. For this mem-
brane type configuration, different reports are available performing MDA reaction. 
Ichikawa and co-workers [19] in 2003 have claimed that formation rates of desired 
aromatics products in MDA reaction with 3%Mo/ZSM-5 catalyst are improved 
2–10 times by removal of hydrogen by-product using a Pd membrane reactor. In 
overall 100 h of MDA reaction time, >60% of total H2 produced has been selectively 
removed by Pd membrane unit. Similarly, Grandjean et al. in 2003 have reported 
Pd–Ag membrane type reactor for H2 consumption in MDA reaction using 
0.5%Ru–3%Mo/HZSM-5 catalyst at 873 K [49]. Maximum of 8% methane conver-
sion was claimed which was observed to increase up to 17% at 973 K temperature 
due to higher formation rate of hydrogen. In 2002, Iglesia et  al. have claimed a 
dense SrCe0.95Yb0.05O3, a thin film (ca. 2 μm) as membrane unit to remove H2 
during the non-oxidative methane conversion into aromatic range of hydrocarbons 
over Mo/HZSM-5 catalyst [68]. It was observed that at 950 K, only 7% of hydrogen 
was consumed showing similar results of methane conversion and product 

Fig. 10 Schematic of 
circulating fluidized bed 
reactor unit
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selectivity as observed in fixed-bed unit. On increasing temperature, higher amount 
of H2 was released (16%) showing an improvement in conversion and benzene 
selectivity.

1.6  Summary

Non-oxidative methane conversion into higher hydrocarbons is of huge potential 
curiosity as emerging high-value aromatic compounds with pure hydrogen as side 
product direct from natural gas in one-step reaction. However, thermodynamic and 
kinetic based limitations in methane dehydroaromatization restrict its commercial-
ization. Besides aromatic compounds (benzene, toluene and xylene) and hydrogen 
in MDA reaction, carbonaceous species is another major product which is thermo-
dynamically favoured at MDA conditions and thus imparts fast catalytic deactiva-
tion which is a major challenge in the MDA process. To overcome these limitations, 
different experimental approaches such as the addition of oxygenates (CO2, CO, 
H2O and CH3OH) and light hydrocarbons (C2–C4) to methane feed, in situ H2 
removal using modified reactor configuration, incorporation of catalyst regenera-
tion protocol, etc. have been implemented by chemical community to control the 
thermodynamic and kinetic inertness of MDA reaction. High chemical inertness of 
methane molecule imparts certain limitations for its activation and coupling to 
higher hydrocarbons and thus requires high energy for the MDA process. Combined 
theoretical and experimental studies can control these kinds of limitations. Mo/
ZSM-5 is the best catalyst studied for the MDA reaction and results in higher meth-
ane conversion with remarkable benzene yield. Major constituents of MDA catalyst 
are active molybdenum carbide/oxycarbide (MoxCy) species and Brønsted acid sites 
of zeolite which controls the anchoring of active MoxCy species inside the zeolite 
channels. Theoretically, different molybdenum carbide/oxycarbide structure has 
been optimized and identified for MDA reaction analysis which directs that stable 
MoxCy nanocluster anchored at suitable site (Al site) inside the channel of zeolite 
framework significantly controls the overall activity of MDA catalyst. Thus, under-
standing the  mechanistic insights of MDA reaction and  modifications in reactor 
configuration can significantly upgrade the MDA process at industrial level.
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Abstract Over the recent past, the straight functionalization of inert C–H bond has 
already been identified as an advanced technique for the synthesis of organic mol-
ecules. It has provided a step-, pot- and atom-economic synthetic approach to attain 
structurally challenging organic scaffolds using simpler, pre-functionalized sub-
strates by single operation and thereby arisen as a sustainable substitution to tradi-
tional organic transformations. Regardless of the clear evolution and improvements 
in metal-catalysed C–H functionalization reactions, these kinds of conversions quiet 
face considerable restrictions with respect to green chemistry regarding the catalyst 
reusability, media, time efficiency, energy efficiency, byproducts, requirement of 
additives as well as oxidants. Encouraged with the necessity for green and sustain-
able chemistry, researchers attempt further effective routes in this area for the con-
struction of organic scaffolds. Recently, distinguished achievements were attained 
with the expansion of sustainable methodologies in C–H activation reactions. The 
attention of the book section is to summarize the progress of greener methodologies 
for C–H functionalization reactions which incorporate applications of greener sol-
vents, microwave irradiation, photocatalysis, homogeneous recyclable catalytic sys-
tems, heterogeneous catalysts, oxidizing directing groups, electrochemical methods, 
etc., during the past few years. The book chapter emphasizes selected fascinating 
and encouraging examples of greener methodologies in C–H activation approaches.
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1  Introduction

Various environmental threats as well as undesired, destructive side effects are 
being caused by the development of chemical processes [1]. Natural deposits that 
comprise massive quantities of non-renewables drive the existing economy [2] and 
economically expended material goes back to the environment by opposite flow [3]. 
This economy–ecosphere resources flow controls the chemical sustainability issues 
[4]. Recently, innovative dimensions were observed in the analysis of resources for 
energy and materials. The requirement to change these resources was intensified by 
the climate change and impact of carbon dioxide. A definite quantity of fossil 
resources will extinct after a certain period of time, suggested by the set theory. In 
this regard, the advancement of the technological aspect of a sustainable develop-
ment has become indispensable [5]. In order to conserve fossil resources and to 
control its increasing price, the scientific community has desire to expand the 
employment of renewables in the chemical and other fields. Also, methodologies 
that favour the synthesis of target-related end-products using simple and easily 
accessible precursors in a quick and cost-effective manner are willingly appealed by 
modern organic synthesis [6–8].

In chemical field, numerous environmental sensible terminologies were brought 
in during 1980s and 1990s, e.g. green chemistry, sustainable chemistry, environ-
mental chemistry, clean chemistry and benign chemistry. However, these terminolo-
gies are topic of argument for scientists as these are not well explicated [9, 10]. The 
expansion of the perceptions of the concept ‘green chemistry’ [11] has developed 
from the ambition of chemists to diminish synthetic steps and the quantity of harm-
ful waste generated, also, additionally, to discover benign and more selective con-
versions. Green chemistry, as the name implies, delivers the plan and advancement 
of consecutive methods that follows a set of assumptions that exclude or minimize 
harmful constituents within production, outline as well as employment of chemical 
products. It turns out profoundly efficient access for the inhibition of pollution and 
hence being one of the central themes of modern organic chemistry [12, 13]. Some 
significant green chemistry characteristics comprise (a) lessening the usage of 
harmful substances, (b) evolution of harmless reagents and solvents, (c) enhanced 
energy efficiency and atom economy of reactions, (d) investigating new multi- 
component reactions to reduce the reaction steps in a synthesis procedure, (e) less-
ening harmful waste generation, and (f) evolution of recyclable reagents and 
catalysts.

Following the green chemistry principles, synthetic chemists are taking efforts 
for the advancement of milder and selective reagents that necessitate ambient condi-
tions. One of the major considerations associated with them is the exclusion of 
harmful solvents. Curtailing the usage of such solvents as well as energy utilization 
is one of the most crucial barriers in evolving greener methodologies. Organic syn-
thesis with metal scavengers, solid-supported reagents, catalysts, microwave- 
strategy, electrochemical synthesis, reusable catalytic systems, oxidant-free 
conditions, and green solvents efficiently fulfils several above principles of green 
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chemistry. In this context, transition metal-catalysed C–H activation reactions fur-
ther have been arisen as a potent green chemistry approach recently. This is because 
such conversions offer several advantages like it avoids the necessity of prior efforts 
for activation of the starting substrates.

1.1  C–H Activation: A Green and Economical 
Synthetic Protocol

Depletable resources namely crude oil and natural gas are the source of most of 
organic molecules and materials [14, 15]. Utilization of such feedstocks to convert 
into another useful chemicals is the great opportunity as well as challenge for the 
chemists. This involves cleavage and construction of another C–C bonds and con-
verting C–H bonds into desired functional groups. This objective has been achieved 
by using most traditional pathways like initial C–H bond functionalization such as 
radical functionalization [16, 17] or partial aerobic oxidations [18]. Such function-
alization is then succeeded by an alterable order of steps to provide anticipated 
functional groups or C–C bonds in order to synthesize the targeted frameworks. 
This widely significant approach is referred as functional group interconversion 
strategy [19, 20].

Although functional group interconversion strategy has been established as a 
vital tool in organic transformations, it generally leads to highly wasteful method-
ologies as it requires multiple steps from unfunctionalized starting substrates to 
functionalized products, hence suffer from limitations. In this fashion, serious envi-
ronmental restrictions are being faced by fine chemical and pharmaceutical indus-
tries and hence they are attempting to diminish or exclude waste, and also harmful 
and tedious methods. In this regard, a modern chemistry has paid considerable atten-
tion towards the advancement of ideal synthetic methodologies which are potential, 
cost-effective and ecologically benign in order to synthesize complex moieties.

From the viewpoint of green chemistry, highly efficient and step economic 
metal-catalysed straight activation of C–H bonds has potential to replace traditional 
organic transformations in order to synthesize complex organic scaffolds. In con-
trast to conventional methodologies for such kind of bond construction, activation 
of C–H bond avoids the initial functionalization (for instance, halogenation or bory-
lation) of the target molecules that drops number of steps. Ideally, multiple step 
synthesis could thus be modulated into single-step synthesis permitting straight 
approach to anticipated frameworks, thereby decreasing the quantity of unwanted 
refuse of multistep transformations. Accordingly, through the enhanced step and 
atom economy, synthetic ‘shortcuts’ could be attained [21, 22]. Therefore, transi-
tion metal-catalysed C–H bond activation claims to be an ideal and influential 
approach to construct bonds and establish functional groups in a straight manner. 
This is frequently believed as a ‘Holy Grail’ in organic synthesis and has been 
widely studied over the past decades, leading to substantial progress in the area 
[23, 24].
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1.2  Challenges in C–H Activation Reactions

However, two major challenges must be conquered in order to develop transition 
metal-catalysed C–H activation as a practical tool in organic synthesis. C–H bond is 
inert by thermodynamic consideration, so challenging to break, particularly in the 
existence of some active functional groups which are higher in reactivity. Taking 
into consideration the substantial energies that are essential in regard to direct acti-
vation of C–H bonds, one can understand the magnitude of the challenge for these 
kinds of transformations. C–H bonds of modest hydrocarbons are most challenging 
to activate as they have bond dissociation energies (BDEs) within 96 and 105 kcal/
mol. On the other hand, the BDEs for Me–Cl and Me–Br are 83.7 and 72.1 kcal/
mol, respectively and hence possible to functionalize easily. Besides that, C–H bond 
functionalization is also kinetically difficult as compared to other C–X bond- 
breaking reactions as it does not contain suitable lone pairs for the coordination with 
transition metal catalyst [25]. Thus, inertness of C–H bonds become the first chal-
lenge. The second challenge is monitoring the site-selectivity. Out of several adja-
cent C–H bonds with comparable reactivity, functionalizing a specific C–H bond 
has long stood as a highly desirable goal.

In order to address the first challenge, various transition metals have been tested 
for the reaction with the C–H bonds to establish more labile C–M bonds which 
could be further converted into other desired functional groups. Whereas, develop-
ing various strategies like the utility of intrinsic electronic nature of substrates [26, 
27] and directing groups could be the solution for the second challenge [28, 29]. 
The catalytic systems for C–H bond functionalization, to be effective by synthesis 
point of view, furthermore would have to be (a) stabilized in the existence of the 
necessary oxidizing agents, (b) not disabled after coordination of another functional 
groups in the target product or solvent, (c) restrictive for a particular kind of C–H 
bond in a molecule, and (d) decelerate to catalyse the unnecessary reaction (over- 
oxidation) of the products. The development of novel efficient approaches for 
organic synthesis providing a consolidate solution for all these critical challenges 
applying mild/green methods is a valuable objective for organic chemistry research-
ers. On the other hand, the existing worldwide ecological and resource problems are 
inspiring for additional investigation and advancement of sustainable 
methodologies.

2  C–H Activations Using Heterogeneous Catalysis

Exploiting stoichiometric amount of reagents for organic transformations is now 
considered as an old-fashioned strategy. Nowadays, enhanced catalytic systems can 
boost the yield of product and reduce the energy and wealth expenditures that add 
to raised chemical costs. The last few decades have witnessed the advancement in 
the field of catalysis as several highly competent and selective catalysts have been 
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evolved. Today, the ideal catalytic systems should have characteristic common 
requirements like it should be highly active, selective, durable, recyclable, compat-
ible with practical reaction conditions, broadly applicable as well as cost, safety and 
environmentally benign. Conventionally, the phrase catalysis is generally divided 
into two divisions, i.e. homogeneous and heterogeneous catalysis which are just 
similar to a pair of twins with dissimilar features [30–32]. Among these, homoge-
neous catalysts, largely organometallics, possessed a substantial development and 
were utilized with varied reactive reagents to generate a huge amount of fine chemi-
cals. In these systems, the starting reactant and active centres of catalysts exist in the 
identical phase and because of clear availability of active centres to the reactant, 
high activity performance is obtained. Whereas, the active centres of catalysts and 
the reactants are in a distinct phase in case of heterogeneous catalysis.

The active site is recognized in homogeneous catalytic systems, and much that is 
appearing in catalysis is detectable and alterable. As a result of this, extensively 
used classical homogeneous catalysis has become an indispensable part of modern 
organic chemistry [33]. For instance, the development of C–C, C–N, C–O bonds 
using homogeneous catalysts with transition metals having extensive industrial uti-
lization which is creating interest to chemists [34, 35], due to its capability to 
accomplish the reaction under gentle conditions with improved selectivity as well as 
yields [36–39]. In this way, homogeneous catalytic systems have been extensively 
recognized as further efficient, selective as well as effortless for analysis and predic-
tion as compared to heterogeneous systems.

Though the huge number of homogeneous catalysts are extensively utilized in 
industries, the stability, cost, and availability of the catalysts (ligands and metal) are 
the key considerations restricting its utilization on the commercial scale [40, 41]. 
For example, rhodium catalysts have extensive application in organic chemistry 
[42–44], while a recent study exposes a severe hike in the market cost of rhodium 
so that it becomes the costliest transition metal [45]. Similarly, palladium has wide 
application as a catalyst in numerous C−C bond formations [46], which also exists 
as an endangered and expensive element. In this view, considerable recognition has 
been given for the advancement of methods for approximately quantitative recycle 
as well as reuse of these precious metals. Additionally, the serious resistance in the 
application of homogeneous catalytic systems exhibited by distinct disadvantages 
such as complications in isolation as well as the separation of the ultimate product 
from reaction media and reutilization of exhaustible valuable organometallic cata-
lysts or costly ligands. In many cases the overall product gets contaminated with a 
minute quantity of the metal catalyst (at ppm or at ppb level), so the total regaining 
of the metal catalysts from the reaction mixture becomes a challenging task. In the 
drug as well as pharmaceutical manufacturing, it is essential to eliminate the trace 
metal catalyst from ultimate pure product entirely as it can be responsible for crucial 
metal adulteration problem thus degrading the human health. According to guide-
lines by the European Medicines Agency, the acceptable oral exposure to such met-
als in a medicinal constituent is supposed to be usually not more than 10 ppm per 
day [47].
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Issue of isolation of catalyst and final products from the reaction medium makes 
the catalytic system non-reusable as well as the complete procedure difficult, which 
become the considerable threat in the progress of novel ambitious synthesis and 
methodologies. Genuinely, the generation of waste and accordingly a disadvantage 
in terms of chemical and ecological expenses is correlated with this process. In 
order to develop reusable catalytic systems for organic synthesis from both aca-
demic and industrial viewpoints, resource conservancy and ecological preservation 
are absolutely significant commercial and environmental motives. In this view, the 
advancement of an effective, eco-friendly, recyclable and reusable catalytic system 
has become indispensable for the tenable development of a chemical business [48, 
49]. Nevertheless, recycling of metals can be challenging which demands for scien-
tific investigation so that greater can be attained with a lesser amount of metals.

In this perception, heterogeneous catalysis can conquer the above shortcomings 
as it offers the vision for simplicity of separation and recycling of the metal-catalyst 
accompanied by easy product purification as well as possibly continuous or numer-
ous treatments of final products [50, 51], which signifies the primary advantage over 
homogeneous catalysis. Also, it possesses the similar reaction mechanisms with 
their homogeneous counterparts, accompanied by even considerable turnover num-
bers (TONs) and/or turnover frequencies (TOFs) [52, 53]. An additional fascinating 
feature is the feasibility to utilize heterogeneous catalytic systems to attain a precise 
selectivity in sites, or a shift in selectivity, and perhaps an enhancement in the cata-
lytic activity. This could in assumption be achieved by the development of hybrid 
molecular frameworks. Heterogeneous catalysis has become a key aspect in the 
progress of tenable procedures in fuel and fine chemical production, where chemi-
cal productivity has to be linked with financial and ecological requirements. Some 
of these procedures, for example, catalytic hydrogenations are one of the most prim-
itive reactions in this direction which are nowadays usually introduced as green 
chemistry [54]. Indeed, it has become one of the greenest sectors of the chemical 
manufacturing in the past decades. So, the progress of reusable heterogeneous cata-
lytic systems is immensely fascinating not only as such systems permit for an easy 
separation by filtration and therefore possible to recycle [50, 55], but also for design-
ing innovative chemical procedures.

Considering the above preferences and in order to promote more reasonable 
straight C–H activation reactions, the application of heterogeneous catalytic sys-
tems is notably appealing, even though the inactivity of the C–H bond has turned 
this auspicious execution somewhat challenging [56, 57]. In this section, we have 
provided certain instances of the expeditious current advancement in selective C–H 
activations using heterogeneous catalytic systems.

2.1  C–H Arylation

In 2014, Parsharamulu et  al. designed a three-dimensional mesoporous silica in 
combination with a highly diffused palladium nanoparticle composite catalyst 
(PS-3). The large surface area innovative heterogeneous PS-3 catalyst was employed 
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initially as a potential and recyclable catalyst for the construction of biphenyl-2- 
carboxamides using the ligand-free environment (Scheme 1) [58]. This protocol 
involves ortho sp2 C−H bond activation of benzamides accompanied by arylation 
using aryl iodides employing the straightforward CONH2 in the form of directing 
group. The methodology has additional advantages of outstanding site-selectivity, 
tolerance for various functional groups, predominance for the generation of mono-
arylated products, convenience to operate, recyclability for five successive runs 
without substantial loss in activity as well as selectivity, and stability of catalyst 
within the reaction standards.

Miura et al. developed a heterogeneous PPh3-modified Ru/CeO2catalyst which 
exhibited outstanding catalytic activity for the arylation of aromatic substrates using 
aryl halides in order to synthesize the arylated products with good selectivity as well 
as yields (Scheme 2) [59]. However, both mono- and diarylated products could be 
observed on performing the reaction with non-fused aromatic rings like 
2- phenylpyridine or 1-phenyl-2-pyrazol. The recycling study of the catalyst was 
performed and it was observed that this catalytic system found to be reusable with 
negligible substantial decrease in activity.

2.2  Addition of C–H Bond to Vinylsilanes

The similar catalytic system, ruthenium immobilized on CeO2 was then employed 
effectively by Wada and co-workers in order to add a C–H bond of various aromatic 
ketones to vinylsilanes (Scheme 3) [60]. For this, the main substrate was triethoxy(vinyl)
silane, despite ethoxydimethyl(vinyl)silane has also been described. This transforma-
tion could be carried out on a large amount under solvent less conditions to attain an 
improved turnover number. Efforts for the complete recyclability of this catalytic 
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Insights into Sustainable C–H Bond Activation



260

system were ineffective; however, the PPh3-modified Ru/CeO2catalyst exhibited fasci-
nating catalytic activity excluding any substantial leaching into the reaction mixture.

2.3  C–H Acylation

In the year 2013, Venugopal with co-workers employed the heterogeneous 
palladium(II)/magnesium–lanthanum mixed oxide (Pd(II)/Mg–La) as a potential 
catalytic system in favour of the oxidative straightforward acylation of sp2 C–H 
bonds of arene with alcohols (Scheme 4) [61]. For this, TBHP acts as an oxidant for 
the in situ generation of aldehydes from alcohols which is then followed by acylation 
with 2-aryl pyridines in order to generate aryl ketones. The catalyst could be easily 
recycled up to four runs successively with persistent activity as well as selectivity.

2.4  C–H Cyanation

The same research team later applied this reusable catalytic system also for the cyana-
tion of aromatic C–H bonds as well as tandem Suzuki–cyanation reactions (Scheme 5) 
[62]. NH4HCO3 and DMSO were used combinedly as the cyanation source and 
Cu(NO3)2·3H2O as an oxidant for the C–H bond cyanation in order to provide aromatic 
nitriles with an exceptional regioselectivity and moderate to good product yields. They 
have also designed a tandem methodology concerning Suzuki coupling reaction accom-
panied by a cyanation utilizing the similar heterogeneous catalytic system for the access 
of aromatic nitriles from simple 2-halopyridines. The catalyst reusability was verified, 
exhibiting almost persistent activity and selectivity with successive reaction runs.

2.5  C–H Oxygenation

In 2015, Cohen with co-worker designed a palladium-containing heterogeneous 
MOF UiO-66-PdTCAT and applied it efficiently in order to activate sp2 C–H bond 
regioselectively (Scheme 6) [63]. This metalated MOF could easily oxidize 

Ru/CeO2

(2.5 mol% Ru)

PPh3 (10 mol%)
170 oC, 

mesitylene

O

R2

SiR3

O

R2

SiR3

R1 R1

Scheme 3 Ru/CeO2 catalytic system for the addition of a C–H bond

D. S. Deshmukh et al.



261

aromatic compounds to convert sp2 C–H bonds to ethers and aryl halides. In this 
methodology, simple alcohols and (diacetoxyiodo) benzene were used as the oxi-
dizing agents for the alkoxylation reaction.

2.6  C–H Nitrogenation

Bai et al. prepared heterogeneous Co-based catalyst (Co9(BTC)6(TPT)2(H2O)15) by 
simply pyrolysing cobalt comprising MOF to acquire well-dispersed cobalt 
nanoparticles surrounded by carbonized organic ligands. The designed catalyst has 
a great potential in terms of oxidative C(sp2)–H bond amidation of a large number 
of aldehydes using formamides with the aim to synthesize benzamides with good to 
excellent yields and benign reaction conditions (Scheme 7) [64]. A broad array of 
aromatic and some aliphatic aldehydes were undergone amidation reaction with 
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formamides with the help of TBHP as an oxidizing agent. Furthermore, the devel-
oped catalyst perhaps readily reutilized repeatedly with merely a slight decrease in 
the product yield.

2.7  C–H Halogenation

Pascanu et  al. employed a heterogeneous Pd-containing Fe-based MOF [Pd@
MIL-88B-NH2(Fe)] and a Pd-containing Cr-based MOF [Pd@MIL-101-NH2(Cr)] 
catalysts to carry out the directed C−H activation followed by halogenation of an 
extensive array of aromatic substrates (Scheme 8) [65]. Pd@MOF nanocomposites 
were capable of controlling the selectivity among monoiodination or diiodination of 
the product 2-arylpyridines by regulating the reaction conditions. The MOFs exhibit 
fascinating efficiency with benign reaction conditions and shorter duration, also 
could be recycled for minimum five successive runs, preserving the activity.

2.8  Fujiwara–Moritani Reaction

In 2011, Ying group formulated an effective heterogeneous palladium- 
polyoxometalate nanomaterial Pd-PV3Mo9/C catalyst and applied it for carbon–car-
bon bond development through C–H activation and oxidative amination followed 
by C–N bond construction with the utilization of molecular oxygen in terms of ter-
minal oxidant (Scheme 9) [66]. The protocol explains the oxidative olefination of 
anilides with acrylates using comparatively benign reaction conditions with mini-
mum waste generation and catalyst recyclability.

2.9  Miscellaneous Reaction

Chen et al. proposed the Pd/CeO2-catalysed oxidative C–H functionalization proto-
col in order to synthesize indoles from anilines and internal alkynes (Scheme 10) 
[67]. The methodology necessitates just a catalytic quantity of copper(II) salt as 
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Scheme 10 Pd/CeO2-catalysed oxidative C–H functionalization to synthesize indoles

co-catalyst plus atmospheric oxygen as the terminal oxidizing agent; however, the 
catalyst was unable to recycle completely.

3  Homogeneous Reusable Media for C–H 
Functionalization Reactions

Homogeneous catalysis is extensively recognized because it is more efficient and 
selective. It has benefits such as the viability of predicting chemical conversions 
using spectroscopic techniques in order to acquire a knowledge of the real active 
species, transition states and mechanistic information. On the other hand, notably, 
the reactivity and selectivity of the heterogeneous catalysts are lesser than the 
homogeneous ones since the active sites in heterogeneous catalytic systems are dif-
ficult to access as compared to homogeneous systems. These are assumed as the 
result of steric of support template and mass transport impacts, resulting from the 
deep stash of active sites within these templates, thus restricting the approach of 

Insights into Sustainable C–H Bond Activation



264

reactants [68]. However, owing to the advantage of recyclability, few workers 
described the heterogeneous reusable catalytic systems in order to carry out C–H 
bond activation reactions [50, 51, 69]. Nevertheless, a critical obstacle in the appli-
cation of heterogeneous catalytic systems is the possible leaching of the catalyst 
into the reaction mixture, resulting into limitation of its employment. On the other 
hand, homogeneous catalysts possess additional improvements of significant turn-
over number (TON) and turnover frequency (TOF). In such systems, it is possible 
to achieve the anticipated chemo-, regio- and enantioselectivity of the final mole-
cules by merely transforming the catalytic active centre. On account of the great 
reactivity and selectivity, the homogeneous catalysts are mostly preferable com-
pared to the corresponding heterogeneous catalysts and established ample employ-
ment in the chemical enterprise [70].

Considering the recyclability issue of homogeneous catalysis, until now an 
extensive conclusion is yet to be attained that depicts a chief obstruction for its 
large-scale employment. Reusing the homogeneous catalytic systems decreases the 
total expense of the procedure and prevents the wastage production of the method 
and hence it performs a notably crucial function in the direction of the viable and 
massive manufacturing of fine chemicals. In this view, a replacement for catalyst 
recycling competitive with conventional homogeneous catalysis and heterogeneous 
catalysis is immensely anticipated. Thus, exhaustive investigation in the area of 
development of diverse approaches to merge the characteristics of homogeneous 
and heterogeneous catalysts is under progress. The key purpose is to develop the 
catalyst that is extremely reactive, principally reusable type, absolutely product 
selective and need to be persistent within specified reaction conditions. Designing 
of the catalytic system possessing such characteristics and fruitful employment at 
the laboratory as well as manufacturing scale will decrease the total expenditure of 
the reaction system.

Economic competence and reasonable metal contamination standards by chemi-
cal enterprises have an impact on a direction for the progress of recyclable, homo-
geneous catalysis to furnish better synthetically modifiable and feasible catalysts in 
order to optimize comfort in segregation from valuable end products [71]. 
Heterogenization of homogeneous catalysts belongs to the efficient techniques to 
resolve the trouble of separating and isolating the valuable homogeneous metal 
catalysts and generating a novel catalytic system [72–74]. This can be attained by 
the aggregation or immobilization of active molecules on the exterior of solid or 
inside the pores of the solid substance [75]. Although immobilizing strategy pro-
motes the reuse of catalyst, it eventually lowers down the performance of catalyst 
and/or selectiveness in reactions. On the other hand, such approach moreover 
increases the preliminary expenditure of the catalytic system and additionally sev-
eral similar anchored catalytic systems might be protected by patent protocol which 
would have its particular juridical and economic challenges for their financial 
exploitation.

Alternative strategies emphasized on the advancement of novel protocols that 
would enable the isolation of the catalysts from the reaction medium [76, 77]. 
Furthermore, the substantial attempt has been paid for the progress of catalytic 
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systems for biphasic reactions [78, 79]; regardless of that, rare commercially feasi-
ble instances have come to the forefront [80]. Moreover, easier and potential meth-
odologies, e.g. employment of supercritical carbon dioxide (CO2) [81, 82] and ionic 
liquids [83, 84] as solvents were suggested. Despite these approaches deliver distin-
guished significances, among them, supercritical CO2 operates under high pressure 
with discharge of CO2 gas. In contrast, ionic liquids are usually expensive, proce-
dures for their preparation are arduous, and their toxic nature and ecological stress 
are yet unidentified, particularly the first generation of ionic liquids are crucial with 
respect to their toxic nature [85, 86]. This perhaps turns out to be an obstacle in its 
evolution as a solvent for green synthesis. Also, different organic solvents are 
broadly employed in organic conversions and have been a reason for a major issue 
owing to their corresponding environmental threats. Thus, a visionary preference of 
the reaction medium performs a crucial function in the establishment of an area of 
growing viable organic transformations [87, 88] and considerable focus has been 
dedicated for the progress of the effective and reusable catalytic systems for C–H 
functionalizations.

In this view, conventional solvents in organic chemistry can be replaced by poly-
ethylene glycols (PEGs). On account of the characteristics such as lower vapour 
pressure, economical, thermal persistency, biodegradability, stability in both acidic 
and basic conditions, easily recoverable, and less toxic, these act as a suitable sol-
vent for ecologically favourable and harmless organic conversions [89–91]. 
Moreover, having certain characteristics, PEGs were served for catalyst immobili-
zation [92], nanoparticle stabilization [93], ligand stabilization [94] and as phase 
transfer catalysts [95].

In the light of the superiority shown by PEG, a green and sustainable solvent 
system, it has been fruitfully employed as a medium for the metal-catalysed cross- 
coupling transformations like Heck reaction [96], Suzuki reaction [97, 98], the 
homocoupling and cross-coupling of aryl halides [99], the straightforward arylation 
of 1,2,3-triazoles [100], carbonylative Suzuki [101], and carbonylative Sonogashira 
couplings [89], hydrosilylation of terminal alkynes [102] and C−H functionaliza-
tion [103] with easy reusability of solvents as well as precious metals. Illustrative 
examples and innovative features of the recycling approaches in C–H activation 
reactions considering sustainable chemistry, cost-effectiveness, technical useful-
ness and toxicity viewpoint have been concisely discussed here.

In 2015, Cai and co-workers proposed recyclable [RuCl2(p-cymene)]2/Cu(OAc)2/
PEG-400/H2O catalytic system for the efficient and green synthesis of phthalide 
derivatives (Scheme 11) [104]. The stated catalytic system demonstrated a higher 
efficiency to achieve the cascaded intermolecular oxidative C–H bond alkenylation/
oxa-Michael addition of benzoic acids with alkenes in order to attain desired prod-
ucts. The proposed catalytic system potentially reused up to sixth time with negli-
gible decrease in catalytic activity.

Encouraged by the work done by Cai group, Bhanage research group extensively 
explored the recyclability of Ru(II)/PEG-400 catalytic systems for C–H functional-
ization reactions [103]. First, highly efficient Ru(II)/PEG-400 catalytic system has 
been employed for the annulation reaction of N-methoxybenzamides, benzoic acids 
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and N-methoxy-N-methylbenzamides with alkynes for the synthesis of isoquinoli-
nones, isocoumarins and N-methyl isoquinolinones respectively (Scheme 12).

The same report suggests the application of similar catalyst on account of the 
olefination of Weinreb amides to get the respective products (Scheme 13). The pro-
posed protocol is competent for the regioselective and stereoselective development 
of C–C, C–O and C–N bonds by the single operation breaking of C–H, N–H, O–H 
and N–O bonds. Also, the methodology is recyclable, cost-effective, scalable, atom 
economic, and works under moderate reaction conditions with easy extraction pro-
cedure, thus environmentally benign.

In the next work, isocoumarin has been synthesized directly from 
N-methoxyaromatic amide by one-pot synthesis strategy employing tert-butyl 
nitrite in the form of an origin for oxygen [105]. The similar catalytic system, 
Ru(II)/PEG-400 was used in order to activate the ortho C−H bond of amides fol-
lowed by annulation reaction with alkynes. This method also had advantages of 
recyclability, non-hazardous side products and scale up to gram level.

Later, the same researchers identified a sustainable methodology in order to con-
struct isoquinolines with the help of Ru(II)/PEG-400, a reusable catalytic system 
[106]. Annulation reaction of N-tosylhydrazone with alkynes could be feasible 
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through C–H/N–N functionalization. The developed methodology is more cost- 
effective and greener due to reusability of catalytic system, easy extraction process, 
shorter reaction duration, biodegradable solvent, and adaptivity up to the gram scale.

Further, this catalytic system has been explored in order to activate ortho C–H 
bond of ketazines using microwave approach in favour of rapid, atom economic and 
sustainable synthesis of isoquinolines (Scheme 14) [107]. In the same report, the 
methodology has been extended successfully with the purpose of construction of 
isoquinolinones by ortho C–H functionalization of dibenzoylhydrazine. The proto-
col is highly atom economic as both the nitrogen atoms of directing groups could be 
incorporated to the anticipated products by annulation with alkynes through C–H/
N–N bond functionalization. In addition, the method is environmentally benign due 
to considerably reduced duration with easy extraction process, catalyst reusability, 
external oxidant and silver or antimony salt-free conditions, gram-scale synthesis 
and employment of biodegradable solvent.

Besides the extensive exploration of [RuCl2(p-cymene)]2 as homogeneous recy-
clable catalyst for C–H activation reactions, in 2017, Jian et al. employed the facile 
and reusable catalytic system for the straightforward arylation of heteroarenes by 
C–H bond activation utilizing reasonable aryl chlorides by means of electrophilic 
reagents (Scheme 15) [108]. A moderately economical catalyst RuCl3·xH2O and 
environmentally benign solvent PEG-400 have been utilized in presence of air 
excluding any additive or ligand. The protocol enables the control of proportion of 
mono- to diarylated products easily by modifying the reaction circumstances. 
Moreover, the catalyst could be recycled for six times and the methodology could 
be effortlessly scaled up to the gram level using 0.3 mol% Ru catalyst.

In 2019, Ackermann group applied the extensively appropriate oxidative 
palladium- catalyst for the formulation of an effective protocol for the aerobic 
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dehydrogenative C–H/C–H arylations of 1,2,3-triazoles (Scheme 16) [109]. A cata-
lyst consisting Pd(OAc)2 in PEG provided the exclusive construction of cyclodehy-
drogenative biheteroaryl, comprising the step-economical formation of bio-active 
derivatives in an aerobic manner. Moreover, the practicability of the aerobic C–H 
arylation was evidenced as the palladium in the PEG system perhaps reused up to 
the fourth cycle without substantial reduction in catalytic activity. Also, this recy-
clable system eliminates the employment of volatile and unsafe organic solvents as 
the reaction medium.

Recently, Tao et al. explored the recyclability of cost-effective first-row transi-
tion metal catalyst [110]. They have proposed environmentally mild and cost- 
effective Co/Cu/PEG-400 catalytic system for the oxidative cyclization of aromatic 
aldehydes in the combination of internal alkynes in favour of the access of isocou-
marins (Scheme 17). This could be accomplished by ortho C−H bond activation of 
aromatic aldehydes using Cp*Co(III) catalyst and PEG-400. The catalytic system 
could be reused up to the third cycle with constant high effectiveness.

4  Oxidizing Directing Groups for C–H Functionalizations

The fascination of chemists to reduce steps of synthesis as well as the quantity of 
noxious waste generated, and, additionally, to discover benign and higher selective 
conversions have resulted in the expansion of the perceptions of green chemistry 
[11]. In this context, transition metal-catalysed cross-coupling transformations 
using C–H bond functionalizations have come up in the last decade as these conver-
sions avoid the necessity for initial steps to activate the substrate. One of the most 

XN

N
N

R

Ar

n

XN
N

N

n

ArR

Pd(OAc)2 (5 mol%)
Cu(OAc)2  H2O

(20 mol%)
PivOH (1.5 equiv)

O2 (1 atm)
PEG 20000
140 oC, 16 hn = 0, 1

X = CH2, O, NHCO

Scheme 16 Oxidative palladium catalyst for construction of cyclodehydrogenative biheteroaryl

O

H
R1

Cp*Co(CO)I2 (10 mol%)
CuO (2.0 equiv), O2 (1 atm)

molecular sieves, PEG-400 (2 g),
100 oC, 24 h

R1

R1

R2

O

O

R2

R1

Scheme 17 Synthesis of isocoumarins by Cp*Co(III)-catalysed oxidative annulation of aromatic 
aldehydes

D. S. Deshmukh et al.



269

prominent approach in order to realize the selectivity and controllability in C–H 
functionalization is the insertion of a heteroatom-containing neighbouring directing 
group (DG) into the substrate. Directing groups not only act as a Lewis base for 
coordinating the transition metal [111, 112] but also can lead the metal catalyst to a 
desired and precise reactive position out of many available sites and therefore 
enhance the selectivity to a great extent [26, 113]. Nevertheless, the application of 
DGs still possesses certain shortcomings [114], for instance (1) at the C–H activa-
tion step, only directing role is played by the DGs and fragment of it leftovers in the 
target molecule, (2) the installation and elimination of the directing group adds to 
the total count of operations for the synthesis, and (3) additional modification of the 
directing group is ever problematic as well as unreasonable, that mostly restricts the 
framework diversification of the desired molecule.

Accordingly, employment of inventive DGs possessing enhanced directing 
potentials and so characterizing convenient functional groups that are tuneable and 
exhibit higher standards of reactivity and selectivity should be favourable. On the 
other hand, regarding the catalytic cycle, it mostly comprises a high-oxidation-state 
transition-metals in the form of endorser and produces the anticipated products 
along with low-oxidation-state metal species generated by reductive elimination. 
Thus, the catalysts need to be regenerated in their active oxidation state. As a con-
sequence of this, a general drawback in most of the transition metal-catalysed C–H 
functionalizations is the necessity of an equivalent or excessive amount of external 
oxidizing agents. These are mostly toxic metal salts like copper or silver salts, ben-
zoquinone or potassium persulphate which are used for the turnover of the expen-
sive transition-metal catalysts and to sustain the catalytic cycle. For instance, 
although conventional cross-coupling/cyclization reactions involving oxidation 
were extensively implemented for the formation of numerous heterocyclic com-
pounds, in particular indoles [115], pyrroles [116], pyridines [117], isoquinolines 
[118] and isoquinolines [119], the DG performs only a directing function, and an 
equivalent quantity of external oxidizing agents is necessary in order to regenerate 
the catalysts. This creates an equivalent quantity of unwanted side products and off- 
cycle side reactions which obviously provides lower atom economy and reduces the 
total ‘greenness’ of the procedure. In the oxidative ruthenium-catalysed C–H annu-
lation methodologies, air or molecular oxygen has even utilized as the oxidizing 
agent in the last few years [120, 121]. Thus, in the interest of conquering the short-
comings established by the external oxidizing agents, it would be superlative to 
endorse a technique for synthesis consisting ease, security, and environmental 
benignity along with superior selectivity as well as variety. The advancement of 
multiple role DGs could be among the best solutions to tackle this problem.

In order to regenerate the active transition-metal catalyst, a novel strategy was 
pioneered effectively by the researchers like Hartwig [122], Yu [123], Glorius [124], 
Guimond and Fagnou [125, 126] and Ackermann [127] individually. The employ-
ment of systems that serve together by means of DG as well as (internal) oxidizing 
agent simultaneously is an evolving tactic in the area of C–H functionalization 
chemistry [128]. This leads to enhanced levels of reactivity and additionally pos-
sesses obvious strengths of selectivity, yield and substrate scope. It also avoids the 
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necessity for an external oxidizing agent, furthermore developing the total ‘green-
ness’ of the method.

Directing group as an internal oxidant usually comprises a covalent bond, that is 
capable for oxidation of the metal with lower valency to sustain the turnover of the 
catalyst (for instance, via an oxidative addition), but is discrete from the C–H acti-
vated and functionalized position. The preliminary models of the internal oxidant 
applied an N–O bond of N-oxide, N-pivaloyloxy and N-methoxy functionality con-
sidering demanding shaft for C–N bond construction as well as catalyst turnover 
also. With the advancement of the internal oxidant approach, N–N, N–S, S–Cl and 
Si–H bonds were also recognized for this purpose. An initial emphasize by Patureau 
and Glorius [128] set attention for examining the merits proposed by redox-neutral 
tactic as compared to the analogous conversions which utilize external oxidants. 
The nitrogen-oxygen, nitrogen-nitrogen and oxygen-oxygen bonds are increasingly 
prevailing in the class of the established oxidative directing groups with the release 
of a small molecule like water, alcohol, carboxylic acid, and amide, that were 
employed for the turnover of Rh, Pd, Ru catalysts in redox-neutral coupling reac-
tions [129–136]. However, other covalent bonds comprising heteroatoms are less 
efficient in the redox-neutral C–H functionalization reactions [137]. In comparison 
with the application of external oxidants, this technique can induce enhanced stan-
dards of reactivity and selectivity in addition to a wider scope. The approach is 
expanding within the field of C–H activation and it is successfully recognized for 
benign conditions and higher selectivity, thus, being of great synthetic value. In this 
view, this segment of the book chapter emphasises on the progress of this modern 
approach with some established protocols.

4.1  N−O Bond as an Internal Oxidant

A novel conceptual protocol has been provided by Tan et  al. in 2010 for the 
palladium- catalysed straight amination of aromatic C–H bonds utilizing oxime 
esters as a directing group following redox-neutral strategy (Scheme 18) [122]. 
Using this methodology, indoles were synthesized effectively preventing disadvan-
tages of the common approaches involving an external oxidizing agent [138, 139] 
or a strongly reactive nitrene as nitrogen source [140, 141].

Next, Chiba and co-workers established a methodology with moderate reaction 
conditions for the development of pyridine derivatives using easily accessible α,β- 
unsaturated ketoximes and internal alkynes (Scheme 19) [142]. The α,β-unsaturated 
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Scheme 18 External oxidant-free Pd(0)-catalysed indole synthesis
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ketoximes undergo annulation reaction by activating vinylic C–H bond and devel-
oping C–N bond under redox-neutral conditions catalysed by [Cp*RhCl2]2–CsOPiv 
catalyst, in which the N–O bond of oximes is able to act as an internal oxidant.

Later, N-methoxybenzamides were explored in the form of an oxidizing direct-
ing group in favour of Rh(III)-catalysed olefination reaction via C–H bond function-
alization in order to achieve moderate, rational, selective, and efficient development 
of tetrahydroisoquinolinone derivatives (Scheme 20) [124]. Moreover, the selectiv-
ity of the anticipated target molecules could be attained by modifying the substitu-
ent of the directing group.

Then ortho-alkenylated tertiary anilines were prepared by significantly selective 
ortho C–H olefination of smoothly accessible tertiary aniline N-oxides as a novel 
oxidizing directing group (Scheme 21) [133]. N–O bond acts as an internal oxidant 
in the given Rh(III)-catalysed C–H functionalization protocol.

Zhang et al. in 2014 documented a rhodium(III)-catalysed access of substituted 
acetophenones by combination of quinoline N-oxide and internal alkynes (Scheme 
22) [143]. The process enabled the employment of the N–O bond as a directing 
group in order to activate C–H bond as well as acts as a source of an oxygen atom.

4.2  O−O Bond as an Internal Oxidant

Subsequently, the peresters have been also revealed itself effective in favour of the 
redox-neutral type of C–H activation reactions. In 2015, Cui with his colleagues 
established a moderate and effective Rh(III)-catalysed redox-neutral C–H function-
alization of peresters for the access of different isocoumarins by annulation with 
alkynes (Scheme 23) [130]. This methodology, for the first time, reports the splitting 
of an oxidizing O−O bond as an internal oxidant.

4.3  N–N Bond as an Internal Oxidant

The N–N bond has been also proved to have excellent potential for the redox- neutral 
kind of reactions. In 2013, Wang et  al. achieved annulation of N-substituted 
N-phenylnitrous amides with internal alkynes for the construction of N-alkyl indoles 
using Rh(III) catalyst excluding the use of any external oxidant or additive (Scheme 24) 
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Scheme 19 Oxime as an internal oxidant for the access of pyridines
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Scheme 20 Rh(III)-catalysed olefination using N-methoxybenzamides directing group
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Scheme 21 N-oxides assisted C–H olefination reaction
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Scheme 22 N–O bond as an internal oxidant for Rh(III)-catalysed access of substituted 
acetophenones
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[144]. The novel nitroso directing group acts as an internal oxidant for the redox-neutral 
type C–H functionalization reactions by cleaving N–N bond. The protocol highlighted 
a facilitating catalytic system and operational process with improved regioselectivity.

Later, Muralirajan et  al. generated hydrazones in situ from arylhydrazine and 
ketone for its Rh(III)-catalysed olefination by activating ortho C–H bond [145]. The 
methodology provides an external oxidant-free and easy access to unprotected 
2-vinylanilines by the application of ketazines as a directing group along with inter-
nal oxidant for catalyst turnover in C–H functionalization reaction (Scheme 25).

Further, symmetrical ketazines were explored in the form of an oxidizing direct-
ing group by Deshmukh et al. in order to access isoquinolines by C–H/N–N bond 
functionalization/annulation reaction (Scheme 26) [146]. The proposed methodol-
ogy works efficiently using air-stable Cp*Co(III), a first-row transition metal cata-
lyst having additional superiority of cost-effectiveness, atom economy and 
gram-scale synthesis.

4.4  N–S Bond as an Internal Oxidant

The N−S bond also proved to have application as an internal oxidant for redox- 
neutral reactions and this was claimed for the first time by Dong and co-workers in 
2014 (Scheme 27) [147].
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Scheme 26 Cp*Co(III)-catalysed C–H/N–N functionalization in order to synthesize 
isoquinolines
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Scheme 25 Access to 2-vinylanilines by rhodium(III)-catalysed olefination of hydrazones
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They have reported the first example of N–S bond of N-sulphonyl ketimines 
working as a discrete internal oxidizing agent in order to access highly functional-
ized pyridines by reaction with internal alkynes via rhodium(III)-catalysed C–H 
bond functionalization. This methodology comprises desulphonylation and C–C/
C–N bond development within moderate reaction circumstances.

4.5  N–C Bond as an Internal Oxidant

The application of N–C bond as an internal oxidant has been mentioned by Gogoi 
and co-workers. They constructed 8-amido isocoumarins using easily accessible 
isatins as the oxidizing directing group (Scheme 28) [148]. The Ru(II)-catalysed 
protocol follows the redox-neutral type annulation reaction with alkynes via C–H 
bond functionalization in which the C–N amide bond of isatins acts as an internal 
oxidant.

4.6  S–Cl Bond as an Internal Oxidant

The example of the S–Cl bond as an internal oxidant was explained by Wu and co- 
workers for the chemo- and regioselective development of sulphonylated quinoline 
N-oxides (Scheme 29) [149]. A convenient strategy was given for inexpensive 
copper(I)-catalysed direct C2-sulphonylation of quinoline N-oxides using commer-
cially accessible and cost-effective sulphonylation reagents by activating the C–H 
bond utilizing the sulphur–chlorine bond as an internal oxidant.

4.7  Si–H Bond as an Internal Oxidant

Ureshino et  al. in 2010 proposed rhodium-catalysed dual activation of Si–H and 
C–H bonds of biarylhydrosilanes in order to synthesize silafluorenes through dehy-
drogenation (Scheme 30) [150]. The methodology occurs by a fascinating internal 
oxidant approach in which the Si–H bond plays function of internal oxidant avoid-
ing the requirement of any external oxidant.
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Scheme 27 N–S bond as an internal oxidant for synthesis of pyridines
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Scheme 28 N–C bond as an internal oxidant for synthesis of isatins
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Scheme 30 Rh(I)-catalysed synthesis of silafluorenes

RhCl(cod)2 (0.5 mol%)
(R)-BINAP (1.2 mol%)

1,4-
dioxane, 
135 oC, 

3h

SiH2

R

R1

Si

R

R1

Scheme 31 Rh(I)-catalysed double dehydrogenative cyclization of bis(biphenyl)silanes

Afterwards, Takai research group again revealed the role of Si–H bond as an 
internal oxidant in the report of asymmetric access to chiral spirosilabifluorenes 
from bis(biphenyl)silanes catalysed by rhodium(I) metal along with a chiral phos-
phine ligand (Scheme 31) [151]. The protocol proceeds through double dehydroge-
native cyclization of bis(biphenyl)silanes and provides chiral products with 
improved yields as well as enantioselectivities.
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4.8  Other Internal Oxidizing Directing Groups

In addition to the above-mentioned bonds, some other functional groups are also 
known to possess the role of the internal oxidant (Scheme 32) [152]. For instance, 
nitrones were applied in the form of the oxidizing directing group for the 
rhodium(III)-catalysed activation of C–H bond succeeded by annulation with 
alkynes in order to synthesize indoles. The redox neutral tactic eliminates the neces-
sity of an external oxidizing agent as well as it also exhibits enhanced functional 
group toleration.

5  Synthesis in Green Solvents Using C–H Activation

C–H activation by transition metal catalysis has evolved as a significant methodol-
ogy in syntheses and developed as an alternative to the conventional way for cross- 
coupling methods. Given these significant achievements, the reaction solvents used 
for C−H activation reactions are a serious issue of concern from the environmental 
point of view. The most commonly used solvents viz. acetic acid (AcOH), toluene, 
trifluoroethanol (TFE), trifluoroacetic acid (TFA), dimethylacetamide (DMA), 
dichloromethane (DCM), tetrahydrofuran (THF), 1,4-dioxane, dichloroethane 
(DCE), methanol (MeOH), dimethylformamide (DMF), and N-methyl-2- 
pyrrolidone (NMP) are utilized for C–H activation processes possess toxic, volatile, 
explosive, and flammable nature. To overcome this issue, the green solvent concept 
has been evolved to build the sustainable approach towards C–H activation [153–
155]. Variety of solvents with bio-based, non-toxic and sustainability nature have 
been developed to minimize the organic pollution occurred as a result of chemical 
synthesis. Solvents derived from biomass sources are utilized for transition metal-
assisted C–H activation processes and a brief overview of these solvents is dis-
cussed in this section. Several review articles have presented an overview of 
reactions of C–H activations in green solvents [153–155].

In recent years, a major emphasis has been on further enhancing the sustainabil-
ity of the C–H activation strategy. Organic pollution is mainly founded by organic 
solvents used in the chemical reactions; hence, a variety of renewable, bio-based 
and non-hazardous solvents have been developed and used as subsidiary solvents in 
place of organic solvents. Bio-based solvents are commercially available and shows 
varied properties with high viscosity, solubility, melting point, low toxicity, 
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non- volatility and good biodegradability. The safe, readily available, cost-effective 
and non-flammable nature of bio-based solvent makes them as eco-friendly solvents 
in organic reactions. Herein, in this section, we have summarized representative 
illustrations of C–H activation of the well-known green solvents like water and bio- 
based solvents such as polyethylene glycols (PEG), gamma-valerolactone (GVL) or 
2-methyltetrahydrofuran (2-MeTHF).

5.1  Water

Many of the alternative solvents [156, 157] have demonstrated the purpose of green 
solvents for various organic transformations and to meet the green chemistry prin-
ciple of limiting the use of organic solvents to reduce chemical waste, but none of 
them are as green as water. Water acts as green solvent due to its various properties 
such as abundance, cost-efficiency, environment compatibility, non-toxicity and 
non-flammability.

Variety of examples of C–H activation using water as solvent have been reviewed 
in recent review articles [154, 158, 159]. Ackermann et al. established the ruthenium- 
catalysed C–H bond alkenylation of aromatic sulphonic acids, sulphonamides and 
sulphonyl chlorides in water as solvent (Scheme 33) [160]. The reaction proceeded 
without the addition of additive but addition of AgSbF6 led to a significant boost of 
reaction efficiency.

Upadhyay et al. developed a process for isoquinolines synthesis via C–H activa-
tion reaction of benzamides catalysed by Rh using water as solvent and air as a soli-
tary oxidant (Scheme 34) [161]. The developed protocol showed maximum yield of 
product and precipitation of product after completion of the reaction with the use of 
water as solvent and displayed different regioselectivities with substituted alkynes 
and meta-selectivity with meta-alkynes.
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Scheme 33 Ru-catalysed (a) C–H bond alkenylation of aromatic sulphonic acids and/sulphonyl 
chlorides and (b) C–H bond alkenylation of sulphonamides
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Li et al. for the first-time developed rhodium(I)-catalysed oxidative dimerization 
reaction of aromatic acids to obtain 2,2′-diaryl acids by two direct C–H bond activa-
tions in water (Scheme 35) [162]. Practical application of the developed procedure 
has demonstrated for the construction of the antitumor natural product ellagic acid 
in an effective and regiospecific manner.

Hu et al. developed Pd-catalysed β-C–H arylation reaction of ketones and aryl-
boronic acids in water with very mild reaction conditions. Arylboronic acids used as 
nucleophilic aryl sources and o-iodoxybenzoic acid as the oxidant have been used 
in this direct β-C–H arylation reaction (Scheme 36) [163]. This method offers a suc-
cinct pathway for the production of β-arylated ketones and direct asymmetric β-C–H 
arylation reaction of ketones could be performed.

Pu et al. explored the C–H alkylation reaction of maleimides and aromatic acids 
in water and reaction showed varying chemoselectivity with substituted benzoic 
acid (Scheme 37) [164]. In this reaction, the carboxyl group played an important 
role of a classical or traceless directing group and thereby generated two different 
products, i.e. 2-alkyl substituted benzoic acids and alkyl-substituted benzenes.

Recently in 2019, studies for Pd(II)-catalysed C(sp2)–H arylation and methyla-
tion of methyl, aryl, heteroaryl iodides, and sp2 carbons both at β- and γ-positions 
were performed by Mitra et al. (Scheme 38) [165]. Synthesis of pyridine and ary-
lated acid synthons was carried out with the use of 3-amino-1-methyl-1H-pyridin-2- 
one as bidentate N,O-directing group (DG) in the aqueous medium.

Maji et  al. for the first-time developed synthesis of chromones by means of 
Ir-catalysed C–H functionalization and annulation of salicylaldehyde and diazo- 
ketones (Scheme 39) [166]. This protocol afforded the C-3 substituted chromones 
in good yield by one-pot decarboxylation and employing tert-butyl diazoester.
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5.2  Polyethylene Glycols (PEGs)

With various important properties of polyethylene glycols (PEGs) such as non- 
corrosive and non-flammable nature and ready availability, and its easy availability 
in the varied array of molecular weights in the range of 300 to 10,000,000 g/mol, 
makes PEG as a green reaction media for various organic transformations [91, 167, 
168]. Results for this part of the work has been mentioned in the homogeneous reus-
able media for C–H activation reactions (please refer Sect. 3 of this chapter). Several 
review articles in the past years have reviewed the C–H activation research work 
performed in PEG solvent [168]. Ruthenium-catalysed isoquinolines synthesis were 
performed using PEG solvent [169, 170]. Ruthenium-catalysed synthesis of isoben-
zofuranones [120] was also developed in combination with Cu catalyst in PEG-400/
water (3:2) solvent system (Scheme 40) and afforded good yield with wide substrate 
scope for substituted benzoic acid and electron deficient alkenes [104].

Pd(bpy)Cl2 (5 mol%)
IBX (1.5 equiv)

TFA (1.0 equiv)/DMSO (10 equiv)
H2O, r.t., air

O O

Ar

ArB(OH)2
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Palladium-catalysed hydroxylation of 2-arylpyridines to monohydroxylated 
products (Scheme 41) were obtained in a combination of PEG-3400/t-BuOH by 
Kim et al. [171]. The Ackermann group explored the study of cobalt-catalysed C–H 
activation in PEG solvent for construction of isoindolinones from alkenes and aro-
matic amides [172] and later used this protocol along with AgOPiv and Co(OAc)2 
playing the role of an oxidant and the catalyst respectively (Scheme 42).

Cui and co-workers later on demonstrated the cobalt-catalysed C–H/N–N activa-
tion reaction to synthesize isoquinoline derivatives from alkynes and benzylamides 
in PEG-400 solvent (Scheme 43) [173]. This protocol led to the development of 
desired isoquinolines with successful participation of both internal and terminal 
alkynes in the activation reaction.

5.3  2-Methyltetrahydrofuran (2-MeTHF)

A cost-effective and readily available solvent, 2-methyltetrahydrofuran (2-MeTHF) 
is synthesized using sustainable sources of levulinic acid and furfural [174–178]. 
McMullin et al. detailed the ortho-C–H-alkenylation of N-aryloxazolidinones with 
the use of [RuCl2(p-cymene)]2, Cu (OAc)2 · H2O and AgSbF6, in 2-MeTHF as green 
solvent (Scheme 44a). Studies performed by Frost et  al. also demonstrated that 
Ruthenium catalysts were very effective in 2-MeTHF for structurally related N-aryl 
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Scheme 42 Co-catalysed isoindolinone synthesis in PEG-400/TFE

D. S. Deshmukh et al.



281

KPF6 (50 mol%)

PEG-400 
O2, 140 oC, 20 h

Co(OAc)2 4H2O (50 mol%)

Ar ArN
H

R1 O

N

R2

R3

N

R1

R2

R3

Scheme 43 Cobalt-catalysed C–H/N–N activation reaction for isoquinolines synthesis in PEG-400
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Scheme 44 2-MeTHF as a green solvent for Ru-catalyzed (a) alkenylation of oxazolidinones, (b) 
alkenylation of hydantoin, (c) alkenylation of succinimide, (d) alkylation of purines 

hydantoins and N-aryl succinimides (Scheme 44b, c). On the other hand, 
[Ru(OAc)2(PPh3)2] as the catalyst was utilized for meta-selective C–H alkylation of 
purines by Ackermann et al. (Scheme 44d) [178].

Insights into Sustainable C–H Bond Activation



282

Synthesis of novel bioactive compounds is achieved with direct C−H arylation 
polymerization using palladium catalysts. Sommer et  al. demonstrated the 
palladium- catalysed synthesis of PNDIT2 (n-type copolymer) in 2-MeTHF from 
unsubstituted bithiophene and 2,6-dibromonapthalene diimide (NDIBr2) and 
achieved 98% yield of PNDIT2 under optimized conditions (Scheme 45a) [179]. 
Recent work by Marks et  al. presented the palladium-catalysed DAP reaction in 
2-MeTHF for the synthesis of benzodithiopene-alt-diketopyrrolopyrrole (Scheme 
45b) [180].

Cook et  al. explored the iron-catalysed ortho-alkylation reaction of aromatic 
amides in 2-MeTHF [181, 182] and used 8-aminoquinolines as bidentate chelating 
aid with Fe(acac)3 as iron precursor catalyst and 1,2-dis(diphenylphosphino)ethane 
(dppe) as the ligand (Scheme 46a, b).

5.4  γ-Valerolactone (GVL)

γ-Valerolactone (GVL) is a completely degradable, bio-based aprotic solvent 
obtained from lignocellulosic biomass and carbohydrates [183–186]. Recently, 
Ackermann/Vaccaro reviewed the use of GVL as a green and eco-friendly reaction 
solvent for transition metal-assisted organic transformations [187, 188].

(a)

(b)

Scheme 45 2-MeTHF as a green solvent for Pd-catalyzed synthesis of (a) PNDIT2 and (b) 
benzodithiopene-alt-diketopyrrolopyrrole 
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Various palladium-catalysed C–H activation reactions using GVL as a green sol-
vent has been reported in the literature [185]. Few representative examples are men-
tioned here. In 2016, Ackermann and Vaccaro demonstrated the utilization of GVL 
as a green solvent for palladium-catalysed Catellani reaction and effectiveness of 
GVL was observed over other classical solvents like DMF, NMP and MeCN [189]. 
Use of two palladium sources viz. Pd EnCat 30 and Pd/Al2O3 was demonstrated for 
reaction (Scheme 47a) and the later found to be very robust in nature due to low 
leaching (~2 ppm) and recyclability of the catalyst. Direct arylation reaction of 
1,2,3-triazoles and aryl bromides was represented by the same groups using Pd/C 
catalyst and GVL as solvent (Scheme 47b) [190] and found to be effective for wide 
functional group tolerance and excellent position selectivity with high yields. 
Moreover, Ackermann and Vaccaro et al. explored the continuous flow C−H func-
tionalization of 1,2,3-triazoles with the use of Pd/C catalyst and organic base and 
GVL as a solvent (Scheme 47c) [191]. This demonstrated continuous flow strategy 
led to the great durability, efficient recovery and recyclability of the catalyst.

Very few examples of the Ruthenium-catalysed C–H functionalization methods 
using GVL as a reaction medium has been developed by Ackerman group (Scheme 
48) [183–188]. Ruthenium-catalysed oxidative alkenylation reaction to synthesize 
phthalide derivatives from alkenes and aryl carboxylic acids is reported using 
molecular oxygen playing a role of an oxidant and GVL as a reaction media (Scheme 
48a) [192]. Alkenylation of arylacetamide was performed in the GVL solvent by 
Ackerman’s group (Scheme 48b) [193].

GVL solvent found to be beneficial for cobalt-catalysed Himaya type C–H func-
tionalization involving arylation of interesting C(sp3)–H bond (Scheme 48c) [194].

dppe (15 mol%)

PhMgBr (3.45 equiv)
2-MeTHF 

65 oC, 9 min

Fe(acac)3 (10 mol%)
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ArN

H

O

N

N
H

O

Q
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a) primary alkylation

b) secondary alkylation

dppe (11 mol%)

PhMgBr (4.1 equiv)
BHT (1.0 equiv)

2-MeTHF 
65 oC, 5 min

Fe(acac)3 (10 mol%)

Br

O

N
H

Q

Scheme 46 2-MeTHF as a green solvent for iron catalyzed (a) primary alkylation and (b) second-
ary alkylation of aromatic amides
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6  Photocatalytic C–H Bond Activations

Heterocyclic compounds involving a variety of natural compounds and synthesized 
pharmaceutical moieties occur in a broad scope of biologically active molecules. In 
the course of the past decade, synthesis of heterocyclic compounds through C–H 
activation reaction has attracted increasing attention from organic chemists [23, 
153, 195–198]. Due to its eco-friendly and energy-conversant features, visible- 
light- mediated photoredoxcatalysis has experienced quick improvement over the 
previous decade. As of late, the utilization C–H functionalization by visible light- 
mediated photocatalysis [199–201] for the development of heterocyclic frameworks 
has risen as developing area in the organic synthesis [195–202]. Functionalization 
of different classes of organic compounds comprising ethers, alcohols, aldehydes, 
ketones, amides, esters, nitriles, alkyl aromatics, and alkanes could be performed by 
photocatalysed C–H functionalization [203–205]. This section of the book chapter 
gives an overview of the representative examples of C–H activations with the aid of 
photocatalysis.

a)

norbornene (65 mol%)

K2CO3 (1.7 equiv)
GVL

105 oC, 24 h

Pd EnCatTM 30 (5.0 mol%)CO2Me

I
R

CO2Me

R

MeO2C

b)

MesCO2H (30 mol%)

KTFA (3.0 equiv)
GVL

150 oC, 16 h

Pd/C (5.0 mol%)

N N
N

R2

R1
Br

Ar

N N
N

R2

R1

Ar

c)

MesCO2H (20 mol%)

TBAAc (2.0 equiv)
GVL

120 oC, 80 min

Pd/C

BrO
N

N
N

Bn

ON
N

N

Bn

Pd/C: packed in a coil flow reactor

Scheme 47 GVL as green reaction medium for palladium catalyzed (a) Catellani reaction, (b) 
direct arylation reaction of 1,2,3-triazoles and aryl bromides and (c) continuous flow approach for 
the C–H functionalization of 1,2,3-triazoles
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Stephenson’s group in 2010 demonstrated the visible-light-mediated α-amino 
C–H bond functionalization of tetrahydroisoquinoline using nitroalkanes along 
with tertiary N-arylamines through an oxidative approach of aza-Henry reaction 
(Scheme 49) [206]. This simple methodology afforded high chemical yield with 
very low catalytic amount 1 mol% Ir(III) catalyst with no usage of outside oxidant. 
Xiao’s group has demonstrated major contributions in the area of photocatalytic 
C(sp3)–H activation for the construction of heterocycles [207–211].

In 2011, Xiao et al. explored a photocatalytic strategy to synthesize pyrrolo[2,1-
 a] isoquinolines by visible-light-mediated oxidation reaction with [3 + 2] cycload-
dition reaction followed by aromatization with oxidative approach (Scheme 50) 
[207]. This novel strategy provided rapid access to different derivatives of 
pyrrolo[2,1-a] isoquinolines in a significant yield.

a)
O RuCl2(p-cymene) 2 (5.0 mol%)

KOAc (1.0 equiv)

HOAc (1.0 equiv)
O2, GVL

80 oC, 18 h

ROH O

O

R

Ar Ar

b)

CO2n-Bu

H
N

O

t-Bu

H
N

O

t-Bu

RuCl2(p-cymene) 2 (5.0 mol%)

AgSbF6 (20 mol%)

GVL, 110 oC, 24 h
Cu(OAc)2 H2O (2.0 equiv)

CO2n-Bu

c)

CsF (3.0 equiv)

CuF2 (2.0 equiv)
GVL

150 oC, 24 h

N
H

O

Q
Si(OMe)3

N
H
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Q
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Scheme 48 GVL as a green solvent for (a) Ruthenium catalyzed oxidative alkenylation reaction 
to synthesize phthalide derivatives, (b) Ruthenium catalyzed alkenylation of arylacetamide and (c) 
cobalt-catalyzed Himaya type C–H functionalization involving arylation

15 W fluorescent lamp
Ir(ppy)2(dtbbpy)PF6

CH3NO2, air, rt

R
N

Ar

NO2

R
N
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Scheme 49 Visible-light-induced Aza-Henry reaction of nitroalkanes and tertiary N-arylamines
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The same group discovered a methodology to develop diastereoselective tetrahy-
droimidazoles by cyclization of diamines via visiblelight-assisted C–H bond activa-
tion (Scheme 51) [211]. The developed strategy results in the production of 
diastereoselective products with good yields.

Rueping et al. in the same year demonstrated the construction of N-heterocycles 
through visible-light-assisted azomethine ylide formation using Ru catalyst (Scheme 
52) [212]. Cycloaddition reaction along with photoredox cycle has been merged for 
the first time to attain the simultaneous formation of two C–C bond in a diastereose-
lective manner.

Visible light photoredox-assisted C–H activation of tertiary amines for the con-
struction of tetrahydroquinoline derivatives (Scheme 53) has been developed by 
Rueping et al. [213]. In this inter- and intramolecular way of C–H activation reac-
tion, oxygen served the purpose of chemical shift to generate two different products 
from the similar starting material but with different pathways.

In 2014, Zhou et  al. [214] demonstrated the iridium-catalysed visible-light- 
induced synthesis of 3-acylindoles by oxidative cyclization reaction of o- alkynylated 
N,N-dialkylamines in good yields (Scheme 54). This particular strategy of an intra-
molecular oxidation allowed simultaneous construction of C–O and C–C bonds.

Different results have been published in the past for the photocatalytic sp2 C–H 
activation reactions for the reductive dehalogenation of activated carbon–halogen 
bond [215], formation of 2-substituted benzothiazole from thioamide [216], 
2,3-disubstituted indoles [217], formation of carbazole [218], synthesis of indole 
derivatives [211, 219], and good yield of product has been obtained with the pho-
toredox catalysis by avoiding harsh conditions, high temperatures and catalyst 
loadings.

Wu et  al. in 2015 demonstrated visible-light-assisted C–H bond activation of 
amino acid (Scheme 55) using Ru(bpy)3(PF6)2 as a photosensitizing agent and 
Co(dmgH)2pyCl as a catalyst [220]. Various indole moieties, β-keto esters and gly-
cine esters or indole derivatives were transformed to the expected products of cross- 
coupling reaction with great yields under visible light irradiation.

36 W fluorescent lamp

Ru(bpy)3Cl2 (5 mol%)

CH3CN, rt, O2
then 1.1 equiv NBS

R

R
N CO2Et

EWGEWG
N

CO2Et
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Scheme 50 Visible-light-mediated C–H bond functionalization for the synthesis of pyrrolo[2,1-a] 
isoquinolines
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Scheme 51 Ruthenium-catalysed visible-light-induced intramolecular cyclization of diamines
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Nickel-catalysed photochemical C–H arylation for coupling of benzylic 
C(sp3)−H bonds with (hetero)aryl bromides using Ir photocatalyst (Scheme 56) has 
been demonstrated by Heitz et al. [221]. Mechanistic investigation performed sug-
gested that excitation of nickel and generation of bromine radical are facilitated by 
energy transfer in triplet−triplet mode using iridium photocatalyst.
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Ru(dtbbpy)3(PF6)2 (1 mol%)

CH3CN, 
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CO2R1

NO O
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H

H

H

Scheme 52 Visible-light-assisted synthesis of N-heterocycles via ylide development and cycload-
dition reaction
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Scheme 53 Visible-light-catalysed C–H activation reaction of tertiary amine
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Scheme 54 Visible-light photoredox synthesis of 3-acylindoles from amines
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Scheme 55 Visible light-mediated C−H bond activation of amino acid for construction of indoles 
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Scheme 56 Photochemical Ni-catalysed C−H arylation of (hetero)aryl bromides
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Lee et al. in 2017 established the first protocol for cross-coupling of arene moiety 
through gold catalysed C–H activation by merging gold and photoredox dual cata-
lysts (Scheme 57) [222]. Major limitation encountered with the earlier gold- 
catalysed C–H activation owe to the usage of stoichiometric oxidants and generated 
waste [223].

This drawback is overcome via dual catalyst approach and also offered good 
regioselectivity with simple reaction protocol. By using conjugated N,O-bidentate 
copper (II) complexes as a novel photoinitiators, free radicals were generated by 
UV treatment and these free radicals were used for intramolecular imine C–H bond 
activation to construct cyclized products (Scheme 58) [224].

Combination of photocatalysis and organocatalysis carried out a selective C–H 
alkylation of alcohols to construct lactone derivatives (Scheme 59) by a group of 
Kokotos [225]. In this strategy, phenylglyoxylic acid was used as photocatalyst and 
household bulbs are utilized as a light source. Using this simple method, C–H 
activation- alkylation/lactonization of alcohols were performed with α, β-unsaturated 
esters to obtain γ-lactones in excellent yields.

Effective use of uranyl nitrate hexahydrate as a photocatalyst was performed 
under blue light irradiation for direct conversion of C–H bond to C–C bond via 
hydrogen atom transfer (HAT) [226].

This protocol offered smooth functionalization of unactivated (cyclo)alkanes 
with electrophilic olefins (Scheme 60).

Moreover, C(sp3)–H activation of allylic and benzylic hydrocarbons is a challenging 
task but this is achieved by Gong’s group [227] using a combined approach of a hydro-
gen atom transfer (HAT) organophotocatalyst and a chiral bisoxazoline (BOX) catalyst 
of a non-precious transition metal (Scheme 61). Rapid and low-cost strategy enabled to 
activate benzylic, allylic hydrocarbons unactivated alkanes moiety with excellent regi-
oselectivity (up to >50:1 r.r.) and stereoselectivity (up to 99.5% e.e.) in the products.

Another breakthrough achievement was established by Greaney et al. in visible 
light-induced C–H activation of arenes using dual-function ruthenium catalysis 
[228]. Developed reaction protocol operates at room temperature and provides a 
wide substrate range for a variety of heteroarenes when coupled with aliphatic 
halides affording C–C coupling products in good yield (Scheme 62).

On the other side, alkyl aminative defunctionalization of non-activated alkenes 
via radical pathways is still limited and performed with intramolecular versions 
[229–231]. However, the report by Li et al. demonstrated the aminative difunction-
alization reaction of non-activated alkenes using copper-catalyst with 
N-halodialkylamines as the terminal dialkylamino source (Scheme 63) [232]. With 

Blue LEDs
Ru(bpy)3(PF6)2 (2.5 mol%)
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MeCN, 16 h
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Scheme 57 Gold-catalysed photoredox C–H activation of arenes
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the use of this reaction protocol, intramolecular amoniohalogenation and a three- 
component aminoazidation reaction were conducted in a very efficient way with 
remarkable regioselectivity and stereoselectivity in the products.

Various recent articles in the literature presented the major significant contribu-
tions in C–H functionalization including radical addition to N-tosylimines using 
decatungstate photocatalyst [233], α-C–H alkynylation of ethers and alkynyl bro-
mides [234], metal-free alkylheteroarylation of unactivated olefins [235], difunc-
tionalizations of alkenes to synthesize fluoroalkyl ketones [236], nickel-catalysed 
photoredox C(sp3)–H activation of amides with thioethers [237] and for C(sp3)–H 
functionalization of glycine moieties to construct 1,3-oxazolidines [238].

Over the past few years, continuous flow microreactor technology has gained 
significant impact and has been recognized as permitting technology to avoid mass 
transfer issues occurred in various reactions. Continuous flow microreactor technol-
ogy is providing means to scale operationally complex transformations including 
photochemical reactions [239, 240]. Developments of C–H activation in the area of 
continuous flow microreactor has been carried out very recently for benzylic C–H 
oxidation [241], C(sp3)–H aerobic oxidation [242] and for C–H functionalization of 
heteroarenes [243]. These photochemical transformations in continuous flow micro-
reactor offered several advantages of low-cost operational simplicity, easy product 
separation and good yield of products.

7  Microwave-Assisted C–H Activation Reactions

Organic synthesis by microwave-assisted reactions has been emerged as a more 
straightforward and substantial platform in modern organic chemistry [244–246]. 
C–H activation reactions are often performed with high temperature and long reac-
tion times; the use of microwave irradiation offers several advantages as it produc-
tively attains the need of the high temperatures necessary to accomplish C–H 
activation. Hence microwave-assisted C–H activation is gaining popularity in 
laboratory- scale medicinal chemistry due to its rewarding advantages such as repro-
ducibility, operational simplicity, safety and simple scale up procedure [247–250]. 
Many microwave-assisted C–H activation reactions permit an efficient path to 
bi(hetero)aryl compounds having applications in medicinal chemistry and organic 
materials [251]. This section of book chapter gives an overview of some of the 
important accomplishments in the microwave-assisted C–H activation reactions.

When compared with other transition metal catalysis, palladium catalysts repre-
sented enormous applications in microwave-assisted C–H activation reactions. With 
this background, Baber et  al. demonstrated the synthesis of chiral complexes of 
palladium with bis(phosphite) PCP-pincer ligands via C–H activation of ligands by 
thermal heating and observed enormous enhancement in the reaction rate under 
microwave irradiation (Scheme 64) [252].

These complexes were utilized for allylation of aldehydes and offered promising 
enantioselectivity in resulting products. Microwave-mediated palladium-catalysed 
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intramolecular C–H bond activation of arylamines was performed to construct car-
bazole and carbazolequinone derivatives (Scheme 65) and this study reports the 
broad scope of oxidative biaryl coupling reactions with good yield of products [253].

Additionally, Jain et al. described the C5-H arylation of l-histidine in a regiose-
lective manner by using aryl iodides as coupling partners (Scheme 66) and reported 
good yield of N-benzylated imidazole while sustaining chirality [254]. Owing to the 
broad range of biological significance of arylated amino acids embedded in pep-
tides, arylation of amino acid was important.

Another accomplishment in the area of palladium-catalysed microwave-assisted 
polycondensation was achieved by Kanbara et  al. by arylation reaction between 
3,4-ethylenedioxythiophene and 9,9-dioctyl-2,7-dibromofluorene (Scheme 67) 
[255]. This effective protocol is found to be significant to construct π-conjugated 
polymers having optoelectronic properties under microwave irradiation with short 
reaction time and low Pd loading.

Microwave-assisted Pd-catalysed orthogonal regioselective C–H arylation reac-
tions of thiazole derivatives were carried out by Wünsch and Itami [256]. These 
thiazole derivatives act as potentially better σ1 receptor ligands. Regioselective ary-
lation of thiazole derivatives was enhanced under microwave irradiation and resulted 
in arylated product showed improved σ1 receptor affinity (Scheme 68).

Alkenylation of C2–H bond of the 3H-imidazo[4,5-b]pyridine via microwave 
heating was first time established by Piguel et al. [257]. This reaction protocol used 
combination of Pd and Cu catalysis and led to the construction of numerous 
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Scheme 65 Palladium-catalysed microwave-assisted C–H activation of arylamines
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thiophene and 9,9-dioctyl-2,7-dibromofluorene for synthesis of polymers

Pd(dppf)Cl2 CH2Cl2 (5 mol%)
PPh3 (10 mol%)

Ag2CO3 (2 equiv)
4-CH3C6H4I (3.0 equiv)

H2O

MW, 115 oC, 1.5 h
S

N NBnHO
S

N NBnHO

Scheme 68 Microwave-assisted Pd-catalysed C5–H arylation of thiazoles
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2-vinyl- 3H-imidazo[4,5-b]pyridine derivatives in high yields with formation of 
single E-stereoisomer (Scheme 69).

Pd-catalysed arylation of quinazolinones and pyrido-pyrimidinones with aryl 
halides were developed by Besson and Fruit et  al. via sequential C–H arylation 
[258]. Presented methodology reported regioselective C2 and C7 arylation to obtain 
diarylated compounds of high significance in drug discovery (Scheme 70).

Another study conducted by Besson et  al. using combined Cu/Pd catalysis 
reports the C2–H arylation of N-3 substituted quinazolin-4(3H)-ones and (hetero)
aryl chlorides (Scheme 71) [259]. Introduction of pyridine, diazines and thiophenes 
derivatives, at the 2-position of quinazolin-4(3H)-ones was performed very effec-
tively using this method with good yields in less reaction time. Hu et al. demon-
strated the palladium-catalysed and silver-assisted direct C-5–H arylation of 
1,2,4-oxadiazoles with aryl iodides under microwave irradiation (Scheme 72) [260]. 
This protocol reported the construction of 3,5-diaryl-1,2,4-oxadiazole moieties in 
good yields and practical demonstration of concise syntheses of a novel and potent 
RET inhibitor.

Effectiveness of microwave-assisted C–H activation reactions were also estab-
lished for the synthesis of platinum (II) and platinum (IV) complexes with diimid-
azolylidene ligands [261]. Additionally, microwave-assisted cross-coupling via 
C–H arylation was also conducted under catalyst-free system via SNAr of pentafluo-
robenzene compounds along with indole or azole derivatives [262]. Pd-catalysed 
site-specific C-8 arylation/reduction of quinoline N-oxides with aryl halides were 
reported by Larionov et al. via microwave irradiation [263]. Pd(OAc)2 in combina-
tion with Ag3PO4 salt and additive showed best C-8 selectivity (Scheme 73).

Arylation of quinoline via tandem approach (N-oxidation/C8–H arylation/reduc-
tion) by microwave heating was developed first [264] and later the same methodol-
ogy was successfully adopted to construct C-8-arylated compounds from quinaldic 
acid N-oxide in good yield (Scheme 74) [265]. Thus, microwave-assisted C–H ary-
lation has contributed for the development of very important scaffolds in medicinal 
chemistry.

Another noteworthy achievement in the microwave-assisted C–H alkylation of 
azoles involving three components was established by Van der Eycken et  al. by 
performing very demanding synthesis of amine tethered azole compounds [266]. 
Cu-catalysed C–H alkylation of azoles has been explored via three components 

LiOtBu (2 equiv)
CuI (10 mol%)

Pd(OAc)2 (5 mol%)
phenanthroline (20 mol%)

dioxane

MW, 120 oC, 30 minR2
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N
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N
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N

N
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N

R1
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Scheme 69 Pd-Cu-catalysed C2–H alkenylation reaction of imidazo[4,5-b]pyridines and 
bromostyrenes
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coupling reaction involving heteroarene–amine–aldehyde/ketone (Scheme 75). The 
synthesized amine tethered azole derivatives bearing alkylamine chain at C2 posi-
tion are considered as privileged substructure found in natural products possessing 
antibiotic action.

1) LiOtBu (2 equiv)
CuI (50 mol%), 10 min
2) Pd(OAc)2 (5 mol%)

ArI (3 equiv)

DMF

MW, 120 oC, 4 hN

N
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S
N

N

N

O

Bn

S
N

Ar

Ar

Scheme 70 Microwave-assisted C–H arylation reaction of thiazolo[5,4-f]quinazolin-9(8h)-one 
and aryl iodides
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Scheme 71 C2–H arylation reaction of N-3-substituted quinazolin-4(3H)-ones and (hetero)aryl 
chlorides
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Scheme 72 Palladium-catalysed direct C-5–H arylation of 1,2,4-oxadiazoles with aryl iodides
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Scheme 73 Pd-catalysed site-specific C-8 arylation/reduction of quinoline N-oxides with 
aryl halides
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Scheme 74 Synthesis of C-8-arylated quinoline oxides via sequential C8–H arylation and 
C2-decarboxylation reaction
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Scheme 75 Three-component C–H coupling reaction of 5-phenyloxadiazole with aldehydes 
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Scheme 76 Microwave-assisted direct C–H activation and C–N bond formation reaction

Chen et al. also reported microwave-mediated Cp*Co(III)-catalysed C–H activa-
tion and C–N bond development to obtain thiadiazine 1-oxide derivatives (Scheme 
76) [267]. The reaction system is effective for broad substrate category without 
external oxidant and leads to the synthesis of medicinally significant thiadiazine 
1-oxides in excellent yield.

Though microwave-assisted C–H functionalization was mostly performed with 
Pd and Cu catalysts but few noteworthy results of ruthenium-catalysed microwave 
aided C–H functionalization are also demonstrated in the literature. Van der Eycken 
et al. reported the microwave-assisted Ru-catalysed C–H activation of N-substituted 
α-amino ester molecules [268]. This microwave-assisted strategy presented an 
effective synthesis of isoquinolines with broad variety of N-benzoyl α-amino ester 
derivatives in moderate to outstanding yields (Scheme 77).

Tan et al. established significant and operationally easy cyclization method uti-
lizing C–H bond activation to rapidly access heterocyclic products (Scheme 78) that 
are currently difficult to obtain with alternative methods [269]. The procedure is 
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well applicable for the rapid synthesis of various heterocycles under optimized reac-
tion conditions. Ellman et  al. demonstrated the rhodium-catalysed arylation of 
azoles and aryl halides through C–H bond activation under microwave irradiation 
(Scheme 79) [270]. This method reported the tolerance of wide substrate scope and 
application of microwave radiation in this reaction led to the reduced reaction time.

Jun et al. reported the microwave-assisted Rh-catalysed N-annulation of ketones 
and alkynes (Scheme 80) [271]. This method afforded the quick synthesis of a wide 
array of isoquinoline and pyridine compounds in high yields under microwave irra-
diation. Four-component N-annulation reactions of alkyne with cycloalkanones was 
also presented to construct tetrahydroquinoline moiety. Recently, Van der Eycken 
et al. reported the microwave-assisted rhodium(III)-catalysed intramolecular annu-
lation to develop the synthesis of the indolizinone and quinolizinone moieties 
(Scheme 81) [272]. Microwave-assisted annulation via C(sp2)–H activation com-
bined with Ugi reaction demonstrated as the rapid approach for diversification of 
peptidomimetics and oligopeptides.
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Scheme 77 Ru-catalyzed ortho-C–H activation for synthesis of substituted isoquinolines
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Some of the noteworthy results of microwave-assisted Rh-catalysed C–H activa-
tion also reported for the Heck-type and [4 + 1] annulation coupling reaction [273] 
and synthesis of pyrazolo[1,5-a]pyrimidines derivatives [274] and presented the 
significant yield of products. Compilation of transition metal catalysis and micro-
wave radiation led to the significant advancements in the organic synthesis in the 
greener way. Taking into account the advantages offered by the microwave irradia-
tion technology, different potential medicinal and bioactive molecules could be pro-
duced in very short reaction time and in high yield.

8  Electrochemical C–H Functionalization

C–H bond functionalization has arisen as an innovative tool in organic synthesis for 
the synthesis of C–C bonds. Recently, oxidative C–H activation has largely 
employed stoichiometric amount of costly and harmful metal oxidants, bargaining 
the general economical nature of C–H activation science. On the other hand, elec-
trochemical C–H actuation is distinguished as a progressively effective system that 
uses storable electrical power. In this presentation, the significance of electrocata-
lytic C–H activation highlighting the recent developments will be discussed. Various 
review articles summarized the electrocatalytic C–H activations [275–277] in past 
decades and it was observed that this tool has gained significant achievements in 
C–H activation area. This section of the chapter will present an overview about the 
current progresses occurred in the electrocatalytic C–H activation.

Li et al. in 2015 demonstrated the first example of Friedel−Crafts alkylation via 
aryl C–H bond activation of N-vinylamides by electrochemical in situ generation of 
tris(p-bromophenyl)aminium (TBPA) radical cation [278]. The heterocyclic 
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Scheme 80 Microwave-assisted Rh(III)-catalysed, four-component N-annulation reaction
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Scheme 81 Rhodium(III)-catalysed annulation of oligopeptides
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products were obtained in an excellent yield of good yield (Scheme 82). This work 
represents an excellent example of combination of electrochemically generated 
TBPA radical cation and an easily recyclable polymeric ionic liquid−carbon black 
(PIL−CB) as a supporting electrolyte for catalytic electrosynthesis.

Further in 2017, Ma et al. established the first illustration of palladium-catalysed 
C–H activation reactions via anodic oxidation [279]. Decarboxylative couplings of 
various oxime ethers with MeBF3K and phenyl glyoxylic acid were performed dif-
ferently and observed that acylation took place very efficiently with good yields of 
products (Scheme 83). The use of electrochemical process represents an effective 
alternative for the conventional processes having the limitation of using harsh 
chemical oxidants.

Another significant achievement in the arena of electrocatalytic C–H functional-
ization was discovered by Ackermann et al. by performing Co-catalysed C–H oxy-
genation reaction with very mild reaction setup via electrochemical reaction 
(Scheme 84) [280]. Valued functional groups including ester, nitrile, thioether, ter-
tiary amines, ketone and halide substituents tested for Co-catalysed electrochemical 
C–H activation regime and resulted in an excellent yield of products.

Later in 2018, Zeng et  al. demonstrated the dehydrogenative lactonization of 
C–H bond via electrochemical pathway to obtain different lactone and coumarin 
derivatives [281]. Another study conducted by Zeng et al. reported the oxidative 
α-C–H thiocyanation reaction of ketones and sulphenylation of ketones by electro-
chemical approach using redox catalyst NaI and proton catalyst Amberlyst-15(H)® 
[or A-15(H)] of heterogeneous salt structure (Scheme 85) [282]. Under constant 
current conditions, the electrochemistry was performed in a simple complete cell 
prepared with simple graphite plate electrodes.

First study of rhodium-catalysed electrooxidative twofold C–H/C–H alkenyl-
ation was conducted by Ackermann et al. with benzamides and benzoic acids as 
coupling partners and electricity as the terminal oxidant (Scheme 86) and afforded 
products in reasonably good yields [283].

Also, the first study of nickel-catalysed electrooxidative C–H amination reaction 
was conducted by Ackermann et al. (Scheme 87) [284]. Variety of substrates along 
with electron-deficient arenes were efficiently tolerated for C–H nitrogenation reac-
tions with very high chemo- and position-selectivity using the developed nickel 
electro-regime. The same group explored the first report of the Ir-catalysed C–H 
activation via electrooxidative approach along with redox-catalyst (Scheme 88) 
[285]. This synergistic iridium electrocatalysis strategy is applicable for wide sub-
strate scope and produced products C–H annulation products with great chemose-
lectivity and excellent yields.

TBPA (5 mol%)

LiClO4/CH3CN
CPE at 0.9 V vs Ag/AgNO3

N

O

Ar H
N

OAr

Scheme 82 Friedel−Crafts alkylation reaction with vinylpyrrolidin-2-one mediated by electro-
chemically preprepared TBPA
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Transition-metal-catalysed oxidative C(X)–H and C–H carbonylation using car-
bon monoxide stands as one of the most used methods to develop carbonyl com-
pounds. However, the drawbacks associated with this method such as expensive 
nature of method, unwanted generation of chemical waste renders it be a less effec-
tive method and thus the scope for most effective method to avoid these drawbacks 
is encouraged. Lei et al. developed an electrochemical strategy to overcome these 
issues and reported C–H/N–H carbonylation reaction with H2 generation via anodic 
oxidation (Scheme 89) [286]. With this strategy, different amide products with 
intra- and intermolecular carbonylation were constructed having good functional 
group scope in 31–99% yields.

Zhao et al. developed C–H activation reaction of biaryl ketoximes via electroca-
talysis for the synthesis of polycyclic N-heteroaromatic compounds and their cor-
responding N-oxides [287]. Dehydrogenative cyclization of oximes was performed 
using Pt cathode to construct a wide range in chemo- and regioselective formation 
of N-heteroaromatic N-oxides in excellent yield (Scheme 90).

Ackermann et  al. reported the study of Ru-catalysed annulation of alkyne by 
C–H/N–H and C–H/O–H activation of phenols or aryl carbamates via electrochemi-
cal process (Scheme 91) [288]. This highly sustainable Ru(II)-electrocatalytic 
method was conducted in a protic solvent such as alcohol/H2O and afforded out-
standing regio-, chemo-, and position-selectivity in the formed products.

In a similar manner, C−H/N−H activations by electrochemical oxidative 
approach were performed using cobalt catalyst for internal alkyne annulation [289]. 
First, example of electrochemical induced allene annulations with Co-catalysed 
C–H activation was discovered by Ackermann group (Scheme 92) [290]. The 
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Scheme 93 Electrochemically enabled dual C−H activation of amides

sturdiness and flexibility of the designed electrochemical C–H annulation strategy 
were reproduced for different allene moieties in significant yields. Similarly, C−H/
N−H functionalization with allenes was demonstrated by the same group using 
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cobalt- catalysed electrooxidative annulation with hydrazide as a directing 
group [291].

Recently, Tang et al. accomplished the first illustration of electrochemical double 
C–H functionalization of amides and alkynes by dehydrogenative annulation to 
develop polycyclic isoquinolinones (Scheme 93) [292]. This strategy without any 
oxidant delivered the products with improved chemo and regioselectivity and was 
found to be very competent as compared to other traditional methods using strong 
oxidant conditions. Ackermann et  al. in 2019 demonstrated the first report of 
rhodaelectro- catalysed C–H activation of imidate and unsymmetrical alkyne in elec-
trochemical flow reactor (Scheme 94) [293]. This electrochemical-flow annulation 
reaction was recognized to be operative for both intra- and intermolecular annulation 
with a variety of substrates and led to the synthesis of isoquinoline products with 
excellent chemoselectivity. The concept of rhodaelectro-catalysed C–H bond activa-
tion was again combined with [2 + 2 + 2] alkyne annulation of boronic acids and 
cyclodehydrogenation to construct the varyingly substituted polycyclic aromatic 
hydrocarbons (PAHs) (Scheme 95) [294]. This concept offers several advantages of 
being green and sustainable over conventional chemical oxidants with the use of 
electricity as a green oxidant, wide substrate scope and easy operational set up.

Huang et al. demonstrated mild and oxidant-free electrochemical protocol for 
C–H phosphorylation of secondary amine with diethyl phosphate (Scheme 96) 
[295]. This approach was effective to tolerate wide functionality of a series of cyclic 
and chain secondary amines and produced products with satisfactory yields.

Fine chemicals with nitrile group incorporated in it is of specific interest using 
C–H activation of alkyl nitriles as it offers high economy. Noteworthy achievement 
in the extent of electrochemical C–H bond functionalization was accomplished 
recently by He et al. [296] to synthesize sulphur-comprising β-enaminonitrile mol-
ecules in a stereoselective manner via Csp3–H oxidative activation of acetonitrile by 
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Scheme 94 Flow-rhodaelectro-enabled C–H bond activation of imidates and alkynes
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Scheme 97 Electrooxidative Csp3–H bond activation of acetonitrile

electrochemical process (Scheme 97). This strategy involved the radical-induced 
C(sp3)–H oxidative activation of acetonitrile via KI-mediated anodic oxidation. 
Different sulphur-containing β-enaminonitrile products with various functional 
groups were formed with (Z)-tetrasubstituated olefins in good stereoselectivity.

Rueping et  al. developed the first electrocatalytic approach for Ni-catalysed 
cross-coupling of electrophiles for the construction of 1,1-diarylalkane derivatives 
from aryl and alkyl halides (Scheme 98) [297]. The protocol was applicable for 
wide substrate group tolerance of various alkyl halides and achieved excellent regi-
oselectivities of products under mild reaction conditions.

Biomass-derived renewable solvents are alternative resources of energies and it 
can be used in molecular catalysis and organic synthesis reactions. In this area, 
Ackermann et al. achieved the C–H activation of benzamides with alkynes through 
cobalt-electrocatalysis in biomass-derived glycerol by utilizing renewable wind and 
solar energy [298].

Electrochemistry serving as operationally easy platform for performing organic 
reactions wherein electron being the only reagents and helping to reduce the energy 
consumption by minimizing the reagent waste. Hence, electrochemical organic syn-
thesis is gaining massive impact in the modern organic chemistry. The strategies 
discussed herein give access to the challenging and weakly coordinating functional-
ities in high yields through electrochemical C–H activation with the advantages of 
electricity as green oxidant, mild reaction conditions and user-friendly set up. 
Considering these unique features of electrochemical C–H activations, it is believed 
that this will be a great reliable and adaptable platform for the various bond con-
struction to the upcoming era of the scientific community in organic chemistry.
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9  Conclusions

The development of greener methodologies for the access of organic scaffolds has 
been considerably focused by the modern organic chemistry over the last decades. 
Also, C–H functionalization technique has been considered as a sustainable 
approach with the potential to replace traditional organic conversions for the access 
of complex organic scaffolds. In this context, protocols combining the advantages 
of greener methodologies and C–H activation strategy appear very attractive, as 
these approaches offer more sustainable alternatives to conventional organic trans-
formations. This chapter demonstrated the development of greener methodologies 
for C–H activation reactions which include use of greener solvents, microwave irra-
diation, photocatalysis, homogeneous recyclable catalytic systems, heterogeneous 
catalysts, oxidizing directing groups, electrochemical methods, etc. during the past 
few years. The book chapter highlighted selective most fascinating and inspiriting 
examples of greener methodologies in C–H functionalization protocols. These 
methodologies attempted to resolve the issues of catalyst reusability, reaction media, 
time efficiency, energy efficiency, byproducts, requirement of additives as well as 
oxidants. The target products are extensively significant in various sectors with 
higher commercial value. Respective development of these chemical products is 
greatly favourable both economically and ecologically. Moreover, most of the high-
lighted systems lay the foundation for the initiation of novel viewpoints in the 
advancement of methodologies which leads the ‘green chemistry’ principles.
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Abstract Flue gas emission from coal-fired power plants is a major pollutant hav-
ing constituents, which have a significant role in global warming. Currently, pro-
cesses to sequester carbon dioxide from flue gas are not cost-effective. Thus, there 
is a need to develop an alternative process where we can utilize CO2 in flue gas, 
producing useful energy-containing or petrochemical products. Dry reforming of 
methane is one such process in which carbon dioxide can be used. Carbon dioxide 
serves as an oxidizer of methane, producing a mixture of hydrogen and carbon 
monoxide. Water is also a product. However, at present, this process has several 
challenges. The challenges include improving the H2/CO ratio and decreasing 
catalyst coking. This is especially true for low-cost catalysts. Coking and H2/CO 
ratios in the product are thermodynamically inter-related thus bringing kinetics and 
aspects of catalyst design into the equation to achieve economically desirable  
H2/CO ratios, while not having forbidden rates of carbon deposition. Here, we dis-
cuss the thermodynamic and kinetic aspect of this reaction to achieve a low rate of 
carbon deposition. Further, we discuss various aspects of catalyst design and pro-
cess changes to achieve low carbon deposition. We also discuss current kinetic mod-
els of this reaction and compare them since the kinetics will have an effect on reactor 
design. Finally, we conclude this chapter by discussing various constraints currently 
faced towards the industrial use of dry reforming of methane using flue gas and 
suggest remedial steps.
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1  Introduction

Flue gases are produced from the exhaust of combustion units, which include those 
from coal-fired and natural gas-fired burners. The main constituents of flue gas are 
N2, CO2, H2O and O2, with a trace amount of SO2 and NOx. Typical compositions of 
flue gas from coal-fired and natural gas-fired burners are given in Table 1.

The flue gas composition in mol percentage based on the typical composition of 
Indian coal and an air to fuel ratio of 1.3 is CO2 = 12.840, O2 = 4.527, H2O = 7.5576 
and N2 = 75.032. The CO2 emitted from these burners is a greenhouse gas (GHG), 
which has been linked to global warming [2]. The CO2 emitted by India is about 1.6 
tonnes of CO2 per capita, which is well below the global average of 4.4 tonnes [2]. 
However, the population of India plays a big role and the global share of 
CO2emissions by India is about 6.4%.

Considering that the energy requirement of India is increasing, it is expected that 
the amount of CO2 emitted by India will further increase. The government has 
initiated several alternatives that do not involve coal, natural gas and other fossil 
fuels to decrease the amount of CO2 emitted. Despite these considerations, it is 
expected that the CO2 amount in the atmosphere will continue to be a concern.

One of the alternatives being recently examined is to use the flue gas from the 
burners to produce chemicals. For example, the flue gas composition is a potent 
source of chemicals once methane (CH4), another GHG, is added. It has been 
proposed that the mixture of CO2, O2 and H2O, with N2 as a diluent, can be reacted 
with CH4 to produce syngas. Syngas is a mixture of CO and H2, which can be used 
to produce several C1-chemicals, which include methanol, aldehydes and others [3]. 
Flue gas also has small amounts of impurities present, such as oxides of sulphur and 
nitrogen. It is likely that these impurities need to be separated before the flue gas can 
be processed. Thus, instead of separating CO2 from flue gas, the flue gas itself can 
be used as the raw material along with CH4 for syngas production.

Due to the combined presence of CO2, O2 and H2O, the combined conversion of 
flue gas with CH4 is commonly referred to as the tri-reforming of methane. The “tri” 
refers to the combination of steam reforming of methane (SRM), dry reforming of 
methane (DRM) and partial oxidation of methane (POX). Other combinations of 
reactions have also been proposed. Also important during the tri-reforming reaction 
is the water gas shift reaction (WGS), or its reverse (RWGS). The WGS or RWGS 

Table 1 Typical composition 
of flue gas [1]

Gas
Natural gas-fired burners

Coal-fired 
burners

mol (%)

CO2 9.0 13.0
O2 2.5 4.0
H2O 19.0 9.0
N2 69.5 74.0
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reactions have been proposed to be at equilibrium under normal operating condi-
tions [4]. These four reactions are stoichiometrically represented in Table 2.

To effectively carry out these reactions so that syngas is produced, a suitable 
catalyst is required.

In what follows, we have first investigated the thermodynamics of the DRM 
reaction in terms of equilibrium conversions and product yields. The DRM reaction 
is then extended to include the effect of O2 and H2O on the conversions and H2/CO 
ratio at different temperatures. Critical in this analysis is to consider the formation 
of carbon as a product. Following the thermodynamic analysis, we present, as an 
example, some of our results on the effect of O2 addition on the conversions, H2/CO 
ratio, and carbon deposition at two reaction temperatures. Since operating conditions 
and catalyst design are some of the degrees of freedom to achieve the desired 
composition of the syngas, we have taken up catalyst improvement strategies to 
alleviate coking next. Then, we have discussed kinetics of DRM reaction, wherein, 
various mechanisms have been discussed and compared. Finally, analysis of a 
proposed process of the tri-reforming reaction has been carried out in the process 
modelling section, and a review of catalyst improvement strategies for tri-reforming 
is presented.

2  Thermodynamics Equilibrium Aspects 
of the DRM Reaction

Operating conditions, such as temperature and feed composition, have an effect on 
the CH4 and CO2 conversions, H2/CO ratio and carbon formation. These effects 
need to be analysed using thermodynamics so that the limits of the process can be 
recognized, and it is possible to identify regions of high conversion and H2/CO ratio, 
and low carbon formation. Thermodynamic or equilibrium calculations can be 
conveniently carried out by minimizing the Gibbs free energy of the process instead 
of having to limit ourselves to the minimum number of reactions involved. Gibbs 
free energy minimization routines are readily available on standard software, such 
as ASPEN PLUS™, and have been used by a number of investigations [5–7].

Table 2 Stoichiometry of the 
four main reactions involved 
in tri-reforming of methane

Process Reaction Reaction number

SRM H2O + CH4 → 3H2 + CO 1
DRM CO2 + CH4 → 2H2 + 2 CO 2
POX O2 + 2CH4 → 2CO + 4H2 3
WGS CO + H2O → CO2 + H2 4

Flue Gas Treatment via Dry Reforming of Methane
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2.1  Temperature Has an Effect on Methane Conversion 
at Equilibrium

Using the Gibbs free energy minimization routine and considering CO, H2, H2O and 
solid-carbon as the products, we found that as the temperature increases from 0 °C 
the equilibrium conversion of methane decreases, and reaches a minimum at 
approximately 340 °C. A further increase in temperature increases the conversion of 
methane. A similar trend is observed for CO2 conversion, except that the lowest 
conversion is achieved at around 550  °C.  The H2/CO ratio, on the other hand, 
decreases monotonically as the temperature increases, and asymptotically 
approaches a value of unity as the temperature reaches about 900  °C (Fig.  1). 
Usually, low temperature studies are avoided due to the small rates and often high- 
temperature studies, greater than 500 °C, are examined.

2.2  Temperature Also Has an Effect on Product Yield 
at Equilibrium

Assuming CO, H2, H2O and solid-carbon as the only products, the equilibrium 
amount of H2 and CO formed follows a sigmoidal curve, asymptotically reaching 
the highest value at temperatures more than 1000 °C, where complete conversion of 

Fig. 1 Effect of temperature on equilibrium conversion of CH4, CO2 and H2/CO ratio. The DRM 
and carbon formation reactions have been modelled in ASPEN PLUS™. Inlet moles: FCH4 = 1 mol/h 
and FCO4 = 1 mol/h
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the reactants takes place. At temperatures of 1000 °C and above the stoichiometric 
formation of H2 and CO by the DRM reaction, given by reaction number 2  in 
Table  2, is achieved. In contrast, the undesirable carbon yield decreases with 
increase in temperature and so does the yield of water (Fig.  2). To explain the 
variations of H2, CO, H2O and solid-carbon with temperature, at temperatures lower 
than 1000 °C, we need to consider at least three independent reactions, which may 
include the DRM reaction, a reaction involving H2O (e.g. WGS or RWGS) and one 
involving solid-carbon (e.g. methane cracking). Our results shown in Figs. 1 and 2 
are in agreement with those of Pakhare and Spivey [8].

Though coke is produced in significant amounts at temperatures less than 
1000 °C, it is possible to decrease its presence by considering different reactor set-
ups. For example, coke formation and its removal can be stoichiometrically 
represented by reactions 5 and 6 below (Table 3).

Thus, for lower coking rate, reactions 5 and 6 should proceed, such that the net 
rate of coke formation is very small or negligible. This suggests that reaction 5 
should proceed at a rate equal to reaction 6. Interestingly, experimental results 
validate this prediction. Ginsburg et al. studied dry reforming of methane in a CREC 
riser over 20 wt% Ni/USY-zeolite catalyst and found that as CH4/CO2 ratio increases, 
the moles of coke formed per mole of methane converted increases [9]. An increase 
in the CH4/CO2 reaction is expected to increase reaction 5 relative to 6.

One possibility to overcome carbon deposition is to carry out the reaction in a 
recycle reactor with low per pass conversion to lower coke formation. In the recycle 

Fig. 2 Effect of temperature on product distribution of DRM at thermodynamics equilibrium 
condition. The DRM and carbon formation reactions have been modelled in ASPEN PLUS™. 
Inlet moles: FCH4 = 1 mol/h and FCO4 = 1 mol/h
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reactor, excess of CO2 may be used. The unused CO2 should be separated and recy-
cled to achieve high overall conversions of methane. An alternative reactor system 
shown in Fig. 3 may be one that introduces multiple side-streams of CH4 with excess 
CO2, which is also recycled.

Higher H2/CO ratio in the product may be required for different final products in 
the petrochemical industry in which H2 and CO are provided by DRM. Equilibrium 
analysis of the DRM reaction showed that as the CH4/CO2 ratio in feed increases, 
the H2/CO ratio in the product increases for a fixed operating temperature [10]. In 
contrast, for a fixed CH4/CO2 ratio as the operating temperature decreases, the H2/
CO ratio increases and reaches a limiting value of the fixed H2/CO ratio as given in 
the feed. Consequently, a high CH4/CO2 ratio and lower operating temperature 
should be preferred for a high H2/CO ratio in the product. However, these two 
requirements also cause higher coke formation. Thus, there exists an optimum 
operating temperature and feed ratio that minimizes coke formation while satisfying 
the requirement of H2/CO ratio in the product stream of that DRM reaction, which 
can then be used as a feed for a specific petrochemical product.

In this section on thermodynamic analysis, we observed that as the temperature 
increases the methane conversion increases while H2/CO ratio and carbon formation 
decrease. In the next section, we present our experimental data examining the effect 
of temperature on the conversions, H2/CO ratio and carbon formation. We also add 
oxygen, another component of flue gas, to the reactants and show its effect on the 
three output parameters of the product.

Table 3 Reactions showing 
carbon formation and 
removal during DRM

Process Reaction Reaction number

Coke formation CH4 → C + 2H2 5
Coke removal CO2 + C → 2CO 6

Fig. 3 Schematic of a reactor system for the DRM reaction
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3  Effect of Changing Operating Conditions of the Reactor 
on Conversions, H2/CO Ratio and Carbon Deposition 
from Experimental Observations Using a Ni/
MgAl2O4 Catalyst

A 10% Ni/MgAl2O4 catalyst (surface area  =  62  m2/g) was synthesized using an 
incipient wetness impregnations technique [11]. The catalyst was calcined at 850 °C 
and then reduced in hydrogen at 752 °C. Using H2-chemisorption and temperature- 
programmed reduction, the effective dispersion of this Ni/MgAl2O4 catalyst was 
determined to be 5.3%. This catalyst was then tested for the variation of operating 
conditions of a DRM reaction carried out in a down-flow fixed-bed reactor.

3.1  Increasing Reactor Temperature Increases Conversion

Temperature increases the conversions, provided the conversions are below the 
equilibrium conversions at that particular temperature. For the Ni/MgAl2O4 catalysts 
synthesized above, increasing the reaction temperature from 600 to 750 °C increases 
the CH4 and CO2 conversions of the DRM reaction, as shown in Figs. 4 and 5. The 
choice of these two temperatures is such that we operate the reactor at a temperature 
where carbon deposition is favoured (600  °C) and where the carbon amount is 
lowered (750  °C) as per the equilibrium values shown in Fig.  2. Based on the 

Fig. 4 Variation of % CH4 during 4 h TOS for DRM (CH4:CO2:N2 = 1:1:1) at 1 atm. over 10% Ni/
MgAl2O4 at 600 and 750 °C
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equilibrium data the conversions at 600  °C are significantly lower than the 
equilibrium conversion values, whereas the conversions are closer to equilibrium at 
750 °C (Figs. 4 and 5). Since the conversions are not much affected by the time-on- 
stream (TOS) up to 4 hr., the catalyst does not get significantly deactivated during 
this limited time period. Furthermore, the conversions of CH4 are larger than those 
observed for CO2, which is consistent with high contact time data used in the present 
study. At high contact time, the conversions are expected to approach equilibrium. 
At low contact times, the CH4conversions have been reported to be lower than CO2 
conversions due to the presence of the RWGS reaction, which consumes additional 
CO2 [12].

3.2  Increasing Reactor Temperature Marginally Increases 
the H2/CO Ratio

Attaining higher H2/CO ratio is desirable for further processing of products of the 
DRM reaction. Although equilibrium H2/CO ratios decrease significantly as the 
temperature of the reactor increases, we found a small increase in actual H2/CO 
ratio from 0.64 to 0.73 as the reactor temperature was increased (Fig. 6). An increase 
in H2/CO ratio indicates that the reactor was operating under the kinetic regime.

Fig. 5 Variation of %CO2 conversion during 4 h time on stream for DRM (CH4:CO2:N2 = 1:1:1) 
at 1 atm. over 10%Ni/MgAl2O4 at 600 and 750 °C
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3.3  More Carbon Formed on Catalyst at Low Temperature

Solid-carbon is often detected on Ni-based catalysts [12]. To qualitatively analyse the 
carbon formed, the FESEM image of the fresh and spent catalysts after 4 h of TOS 
were obtained. Images show a significantly higher amount of carbon formation at 
600 °C than at 750 °C (Fig. 7). Furthermore, the solid-carbon formed was whisker 
type. Quantitative TGA and CHN/O analysis of the spent catalyst (Table 4) also con-
firms that higher amounts of carbon were formed at lower temperatures for 4 h TOS.

3.4  Adding O2 Reduces CO2 Conversion Without Affecting CH4 
Conversion Significantly

Another strategy to decrease the amount of solid-carbon deposited on the catalyst is 
the use of oxygen as a co-feed along with the reactants (CH4 and CO2). Such an 
operation is referred to as oxidative dry reforming of methane (ODRM). Oxygen 
and carbon dioxide can both oxidize methane by two different reactions. It is 
desirable that oxygen preferably oxidizes the solid-carbon so that the solid-carbon 
formed would decrease. Adding O2 slightly increases the methane conversion, and 
this conversion continues to increase as the oxygen amount in the feed increases 
though the initial increase is insignificant (Figs.  8 and 9). In contrast, the 
CO2conversion decreases since it appears that the presence of oxygen facilitates 
methane complete combustion instead of partial oxidation (Figs.  10 and 11). 
However, the oxidation of solid-carbon would also give rise to a decrease in CO2 
conversion and is discussed below.

Fig. 6 Variation of H2/CO ratio during 4 h time on stream for DRM (CH4:CO2:N2 = 1:1:1) at 
1 atm. over 10% Ni/MgAl2O4 at 600 and 750 °C
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Fig. 7 FESEM images of the spent catalyst for DRM reaction over Ni/MgAl2O4 after 4 h of reac-
tion in (a) fresh calcined catalyst, (b) DRM at 600 °C, and (c) DRM at 750 °C

Table 4 CHN/O and TGA analysis for elemental carbon on 10% Ni/MgAl2O4 during DRM at 600 
and 750 °C after 4 h TOS

Reaction temperature 
(°C)

% Carbon deposited on the spent catalyst 
by CHN/O

TGA analysis (total % 
weight loss)

600 53.28 58.30
750 2.43 13.18
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Fig. 8 Variation of % CH4conversion for (2.6, 5.0 and 7.5) ODRM during 4 h TOS over 10% Ni/
MgAl2O4 catalyst at 600 °C

Fig. 9 Variation of % CH4conversion for (2.6, 5.0 and 7.5) ODRM during 4 h TOS over 10% Ni/
MgAl2O4 catalyst at 750 °C
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Fig. 10 Variation of % CO2conversion for (2.6, 5.0 and 7.5) ODRM during 4 h TOS over 10% Ni/
MgAl2O4 catalyst at 600 °C

Fig. 11 Variation of % CO2conversion for (2.6, 5.0 and 7.5) ODRM during 4 h TOS over 10% Ni/
MgAl2O4 catalyst at 750 °C
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3.5  H2/CO Ratio Marginally Increases with Increase 
in O2 Concentration

The H2/CO ratio at equilibrium decreases with increase in O2 concentration. 
However, in the fixed-bed reactor studies, the H2/CO ratio increases slightly with 
increase in O2concentration at both reaction temperatures (Figs.  12 and 13). It 
appears that the effect of O2 has a similar trend as the effect of temperature on H2/
CO ratio (Fig. 6).

Fig. 12 Variation of H2/CO ratio for (2.6, 5.0 and 7.5) ODRM during 4 h TOS over 10% Ni/
MgAl2O4 catalyst at 600 °C

Fig. 13 Variation of H2/CO ratio for (2.6, 5.0 and 7.5) ODRM during 4 h TOS over 10% Ni/
MgAl2O4 catalyst at 750 °C
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3.6  O2 Reduces Carbon Deposition on the Catalyst

Similar to the effect of temperature, adding O2 also reduces the carbon deposited on 
the catalyst (Fig. 14 and Table 5). However, a significant amount of solid-carbon is 
still present on the catalyst at a reaction temperature of 600 °C. The decrease in 

Fig. 14 FESEM images of the spent Ni/MgAl2O4 catalyst for ODRM reactions after 4 h of TOS 
for: (a) 2.6 ODRM at 600 °C, (b) 5.0 ODRM at 600 °C, (c) 7.5 ODRM at 600 °C, (d) 2.6 ODRM 
at 750 °C, (e) 5.0 ODRM at 750 °C, and (f) 7.5 ODRM at 750 °C
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solid-carbon in the spent catalyst may also contribute partially to the decrease in 
CO2 conversion as observed above.

3.7  XPS Analysis of the Spent Catalyst

Different types of carbon have been detected during the DRM reaction over sup-
ported nickel catalysts [11, 13, 14]. These carbonaceous species are classified as 
carbidic carbon, graphitic carbon and carbon associated with oxygenated species. 
Furthermore, these carbonaceous species are identified by the binding energy of C1s 
in the XPS as shown in Fig. 15. The presence of the different type of carbonaceous 
species appears to depend on the temperature and presence of oxygen. With 
increasing temperature and with oxygen present in the feed, the carbon associated 
with oxygenated species, such as alcohol or ether groups, significantly decrease. 
This is evident when one compares Fig. 15a with c, or Fig. 15a with b, or Fig. 15c 
with d. Thus, operating conditions such as a temperature of 750  °C rather than 
600 °C and addition of oxygen help reduce carbon formation.

4  Catalyst Improvement Strategies to Alleviate Coking

The catalyst composition itself can be tuned to attain coking resistance. In what fol-
lows, we present observations on the design of catalyst to reduce carbon deposi-
tion on it.

4.1  Adding Basic Component to Ni Catalyst System May 
Reduce Coke Deposition

Structure and composition of catalyst play an important role in determining the 
amount of carbon formed on the catalysts during DRM and associated reactions. An 
ultrasound-assisted co-precipitation method showed that increasing Ni content in 

Table 5 CHN/O and TGA analysis for elemental carbon on 10% Ni/MgAl2O4 during ODRM at 
600 and 750 °C after 4 h TOS

Reaction 
condition

Reaction 
temperature (°C)

% Carbon deposited on the 
spent catalyst by CHN/O

TGA analysis (total % 
weight loss)

2.6ODRM
5.0ODRM
7.5ODRM

600 51.2
49.3
29.4

57.4
Not determined
Not determined

2.6ODRM
5.0ODRM
7.5ODRM

750 1.4
0.6
0.6

10.1
Not determined
Not determined
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the mesoporous structure increases catalytic activity and carbon deposition [15]. 
While Ni loading increases carbon deposition, the addition of hydroxyapatite and 
fluoroapatite stabilized the catalyst. This is likely due to their basic property and 
ability to chemisorb CO2 [16]. Adding Mg and Co to over alumina-supported Ni 
catalyst increased both the activity and coke resistance in comparison to supported 
Ni alone or Ni/Co [17]. In addition, variation in support has also shown an effect on 
carbon deposition. For example, MgO-γ-Al2O3 and MgAl2O4 supports compared to 
alumina alone have shown better coke resistance and sintering resistance due to 
better interaction between Ni and Mg, which gave rise to highly dispersed Ni active 
metal [18]. Since hydroxyapatite, fluoroapatite, and magnesium oxide are bases, it 
can be concluded that adding a basic component to the catalyst may enhance its 
coke resistance property. However, several properties of catalyst are coupled. For 
example, a base may have an effect on the: (i) the electronic property of Ni, (ii) 
interaction of the catalyst with CO2, (iii) the dispersion of Ni, or (iv) interaction of 
carbon with Ni and the support. It is also possible that the base may have an effect 

Fig. 15 XPS spectra in the C1s region for the spent Ni/MgAl2O4 catalyst after 4 h of TOS for the: 
(a) DRM reaction, (b) 2.6ODRM reaction, (c) DRM reaction, and (d) 2.6ODRM reaction. Reaction 
conditions: pressure = 1 bar, temperature = 600 °C for (a) and (b) and 750 °C for (c) and (d)
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on several of these properties simultaneously, resulting in changes in both conversion 
and coke deposition. For example, we have seen that alumina-supported nickel 
catalysts possessing strong metal support interactions showed better carbon 
resistance compared to MgAl2O4-supported nickel at comparable conversions [11]. 
Thus, more carefully controlled experiments are required to quantify the effect of 
base addition and to clearly delineate the mechanism of carbon deposition on 
catalyst.

4.2  Potassium Aluminate Shown to Enhance Coke Resistance 
Property of NiAl2O4

Formation of nickel aluminate has been shown to increase coke resistance charac-
teristics of Ni/Al2O3 catalyst [19]. Nickel aluminate, NiAl2O4, is usually formed by 
calcining the Ni/Al2O3 catalyst at high temperature. The formation of nickel alumi-
nate is readily detected using UV–Vis spectroscopy as shown in Fig. 16. In Fig. 16, 
an elbow at 550 nm and peaks at 596 and 632 nm correspond to nickel aluminate 
[12]. In contrast, similar peaks in Ni/MgAl2O4 preparation are largely absent likely 
due to better stability of magnesium aluminate over nickel aluminate as shown in 
Fig.  17. Among aluminates, Ni aluminate has been shown to have several fold 
higher activity and significantly less coke formation in comparison to Ni-Co alumi-
nates together [20]. The increase in activity of Ni aluminate was attributed to better 
interaction between active Ni and nickel aluminate, while a decrease in coking was 

Fig. 16 UV–Vis spectra obtained under ambient conditions of 10%Ni/Al2O3 calcined at: (a) 
500 °C, (b) 600 °C, (c) 650 °C, (d) 700 °C, and (e) 800 °C
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attributed to filamentous carbon formation. The filamentous carbon can readily 
react with CO2 [20]. In another study, a Ni/Al2O3 catalyst, calcined to 850 °C for 
10 h to increase NiAl2O4 content, was modified with addition of K, Mn, Sn and Ca 
[21]. Modification with K showed a decrease in coking while modification with 
other metals showed an increase in carbon deposition [21]. The order of coke for-
mation using different type of modifiers was K < Ni < Ca < Sn < Mn [21]. Although 
other possibilities exist, it is also likely that these modifiers replace Ni in NiAl2O4 
affecting coking characteristics of the catalyst. Proper catalyst characterization 
might provide additional insight into the possibility of replacement of Ni in NiAl2O4 
with these modifiers. Further, Juan et  al. serially increased K/Ni ratio from 0 to 
0.69 in catalyst calcined to 500 °C for 2 h, and found that while the conversions of 
CH4 and CO2 decreased by less than 40%, the carbon deposition decreased from 
275 mg of C/g of catalyst to almost 0 mg of C/g of catalyst [22]. Since 2 h may not 
be enough for completing the aluminate formation, it is likely that the effect of K on 
coke resistance of Ni/Al2O3 catalyst is more complex and may also involve better 
dispersion of Ni and enhancement of its electronic properties in the presence of 
potassium. Similarly, Frusteri et  al. found that addition of K in Ni/MgO system 
decreased carbon deposition markedly [23]. Furthermore, addition of K changed the 
electronic and geometric property of the catalyst, supporting the above conclusion 
that the role of potassium on the stability of catalyst may be more complex [23].

Fig. 17 UV–Vis spectra obtained under ambient conditions of 10% Ni/MgAl2O4calcined at: (a) 
600 °C, (b) 700 °C, (c) 800 °C, (d) 850 °C and (e) 1000 °C
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4.3  Ceria, Zirconia and Their Combinations Are 
Useful Supports

Several recent studies have focussed on using ceria, zirconia or their combinations 
for the dry reforming of methane. In this context, ceria has been shown to improve 
coking resistance in comparison to Ni/Al2O3 system [24, 25]. Ceria provides the 
lattice oxygen that, through redox reactions, prevents the formation of carbon 
species from the methane decomposition and Boudard reactions [24]. In the Ni/
CeO2 system, the addition of zirconia improved the activity of the catalyst, which 
was attributed to the higher surface density of active sites [26]. Zirconia also 
improved the resistance to coking [26]. Interestingly, coking resistance was 
attributed to the formation of filamentous carbon, which was not seen in pure CeO2- 
supported catalyst [26]. On the other hand, addition of CeO2 in Ni/ZrO2 catalyst 
reduced the formation of filamentous carbon, improving coking resistance without 
affecting the activity [27]. Thus, it appears that zirconia improves both coking 
resistance and activity, and ceria improves the resistance to coking. In contrast, 
addition of CeO2 in Ni/SiO2 system improved both the activity and coking resistance 
[28]. Further, the effect of ZrO2 has been studied for two different catalysts (Ni/
Al2O3 and Pt/Al2O3) [29]. In both systems, adding zirconia reduced carbon 
deposition, suggesting that zirconia induced gasification of carbon-containing 
intermediates adsorbed in the catalyst [29].

4.4  Different Supports and Promoters Are Also Used

Different supports and trace additives may also affect carbon deposition on catalyst. 
Nagaoka et  al. studied ruthenium catalyst with different supports (SiO2, Al2O3, 
MgO, TiO2) and found that the order of coke deposition is Al2O3 > SiO2 > MgO > TiO2 
with TiO2 having non-detectable amounts of coke deposited [30]. Similarly, Alipour 
et al. studied the effect of alkaline promoters (MgO, CaO and BaO) on coking in Ni/
Al2O3 system. The authors found that the highest amount of carbon deposited was 
that of filamentous carbon, and concluded that the amount of filamentous carbon 
decreased with addition of alkaline promoters and was in the order 
MgO > CaO > BaO, which was the same order as their decreasing basicity [31]. 
However, no reduction was observed in the case of amorphous carbon, except for 
CaO, which gave the same amount of amorphous carbon as unpromoted Ni/Al2O3 
system [31]. Similarly, no reduction was observed in the case of active carbon 
species, except in the case of MgO [31]. Thus, while filamentous carbon reduces in 
the order of basicity of alkaline promoters, no clear pattern could be observed in 
case of amorphous carbon and active carbon species and more studies are needed to 
classify the effect of alkaline promoters on gasification of these carbonaceous 
species.
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Doping Ni with other elements has also shown varying effects on the coking 
property of catalysts. For example, adding Ce in case of a modified mineral clay 
support has shown beneficial effect on activity while reducing the carbon deposition 
by half [32, 33]. On the other hand, adding Co in alumina-supported Ni catalyst 
increased the activity, but produced larger amounts of carbon [34]. However, the 
carbon deposited was of non-deactivating type and did not affect the stability of the 
catalyst. A similar increase in activity and amount of deactivation were shown by us 
when Co was added to an alumina-supported Ni catalyst [12]. In contrast, adding Fe 
to an alumina-supported Ni catalyst improved the stability of the catalyst while 
maintaining similar conversion levels as the unpromoted alumina-supported Ni 
catalyst [35]. In these studies, done by us, the amount of carbon deposited was not 
determined. However, the stability of the catalyst was assumed to be related to the 
amount of carbon deposited. Adding praseodymium (Pr) in Ni/delaminated clay 
catalyst reduced the carbon deposition for catalyst calcined at 500  °C [36]. 
Interestingly, no carbon deposition was found for catalysts calcined at 800 °C [36]. 
Thus, like alkali metal, adding lanthanides may also improve the coke-resistant 
property of Ni catalyst. It is important to note that carbon build up in a reactor is 
detrimental to its continuous operation. Furthermore, analysis of carbon is critical 
for judging the suitability of a catalyst since carbon formation and stability may not 
be directly related.

5  Kinetics: Mechanisms and Models

The DRM reaction proceeds in presence of the reverse water gas shift reaction 
(RWGS) given by the reverse of reaction, i.e.

 H CO CO H O2 2 2+ → +  

Often, RWGS reaction is at equilibrium under typical operating conditions of the 
DRM reaction [4]. Wei et  al. [4] experimentally determined that kinetics of the 
forward DRM reaction to be first-order in methane and zero-order in carbon dioxide. 
The authors proposed the following rate expression for this reaction:

 r kPCH CH4 4
1= −( )η  

where η =
P P

P P K
CO H

CH CO eq

2 2

2

4 2

1
where Keq is the equilibrium constant of the DRM reaction.

Two types of mechanism have been often proposed [37] for the DRM reaction. 
These are:

 1. Eley-Rideal (ER) model
 2. Langmuir Hinshelwood–Hougen Watson

Some of the mechanisms describe only the forward reaction and we have included 
the (1 − η) term proposed by Wei et al. to describe the reversible reaction.
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5.1  Eley-Rideal Model (ER)

In the ER model, it is assumed that one reactant is adsorbed on the surface while the 
second reactant remains in the gas phase, reacting with the adsorbed species [37]. 
The adsorption step is assumed to be fast, while reaction of the second reactant is 
assumed to be the rate-determining step [37]. There are two kinds of mechanism 
proposed by Kathiraser et al. [37]. They are characterized as ER-I and ER-II.

For ER I, the reaction steps and rate expression are given below:

CH4 +  ∗  ↔ CHx − ∗ Equilibrium constant = KCH4

CH4 ∗  + CO2 ↔ 2CO + 2H2 + ∗ Forward reaction rate constant = kf1, and this step is the RDS
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For ER-II, the reaction steps and rate expression are given below:

CO2 +  ∗  ↔ CO2∗ Equilibrium constant = KCO2

CH4 + CO2 ∗  ↔ 2CO + 2H2 + ∗ Forward reaction rate constant = kf2, and this step is the RDS
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Akpan et  al. [38] studied the DRM reaction on a Ni/CeO2-ZrO2 catalyst. The 
CeO2-ZrO2support has a high capacity to store oxygen and is highly reducible. 
Based on this, Akpan et al. proposed following steps of the DRM reaction:

 (i) Adsorption and dissociation of CH4 into various carbon species:

CH4 +  ∗  ↔ C ∗  + 4H∗ Forward rate constant = k1 and backward rate 
constant = k−1

 (ii) Reaction of carbon species with lattice oxygen coming from the support

C ∗  + Ox ↔ CO + Ox − 1 + ∗ Forward rate constant = k2 and backward rate 
constant = k−2

Flue Gas Treatment via Dry Reforming of Methane



340

 (iii) Reaction of CO2 with reduced site of the catalyst

CO2 + Ox − 1 ↔ CO + Ox Forward rate constant = k3 and backward rate 
constant = k−3

 (iv) Reaction of adsorbed hydrogen atom

4H ∗  ↔ 2H2 + 4∗ Forward rate constant = k4 and backward rate 
constant = k−4

 (v) Water is produced by reverse water gas shift reaction

H2 + Ox ↔ H2O + Ox − 1 Forward rate constant = k5 and backward rate 
constant = k−5

Authors have assumed each of the first four reactions (i) to (iv) as rate-determining 
step and have derived following rate expressions (models 1–4, respectively):

Model 1: RDS: equation (i)
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Model 2: RDS: equation (ii)
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Model 3: RDS: equation (iii)
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Model 4: RDS: equation (iv)
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In Fig. 18, we modelled the four ER kinetics given by Akpan et al. The figure shows 
that the initial rate given by the first model is the slowest. However, the rate given 
by the first model reduces gradually with conversion. On the other hand, for other 
models, the rate starts off faster but it decreases suddenly, achieving lower conversion 
than model 1. Akpan et al. [38] compared experimental data with their models and 
found that model 1 best represents the experimental data followed by model 4. In 
Fig. 18, we find that models 1 and 4 are close. Similarly models 2 and 3 are close 
but deviate significantly from models 1 and 4.

5.2  Langmuir Hinshelwood Kinetics

In this model, one or more surface reactions are assumed to be the rate-determining 
steps while others are at equilibrium. Kinetics is derived using rate-determining 
steps and substituting intermediate species in terms of the reactants and products. 
Two representative mechanisms are discussed below.

Fig. 18 Comparison of the Eley-Rideal models of Akpan et al.
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5.2.1  Bradford Mechanism

After analysing available data on DRM reaction, Bradford et al. [39] propose the 
following mechanism of this reaction for Ni/MgO and Ni/TiO2catalysts:

(i)

CH CH H4 2

4

2
+∗↔ ∗+

−





x

x
Rate constants = k1 and k−1

(ii) 2[CO2 +  ∗  ↔ CO2∗] Equilibrium constant = K2

(iii) H2 + 2 ∗  ↔ 2H∗ Equilibrium constant = K3

(iv) 2[CO2 ∗  + H ∗  ↔ CO ∗  + OH∗] Equilibrium constant = K4

(v) OH ∗  + H ∗  ↔ H2O + 2∗ Equilibrium constant = K5

(vi) CHx ∗  + OH ∗  ↔ CHxO ∗  + H∗ Equilibrium constant = K6

(vii)

CH O CO Hx

x
∗→ ∗+






2 2

Rate constant = k7

(viii) 3[CO ∗  ↔ CO + ∗] Equilibrium constant = 1/K8

The first reaction is methane cracking, while reactions (ii) and (iii) are adsorption 
of CO2 and dissociative adsorption of H2 on active sites. Reaction (iv) and (v) are 
RWGS, while (vi), (vii) and (viii) are product formation from active carbon species. 
It is assumed that reaction (i) and (vii) are rate-determining steps. Accumulation of 
active carbon species on the surface gives rise to coking.

The above reaction mechanism has been assumed to be valid if surface carbon 
formation is at steady state, i.e. the rate of CH4 dissociation equals the rate of CHxO 
decomposition, i.e. rate of reaction (i) =  rate of reaction (vii) [39]. Further, it is 
assumed that the most abundant reaction intermediate is CHxO [39]. With the above 
assumptions in place, it can be derived that the rate of CH4conversion, rCH4

 is [39]
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where k k Li i= , L = total number of active sites = [*] + [CHxO∗] and
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A reasonable value of x is 2 [39].
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The proposed kinetic model fits the experimental data very well. It can be seen 
from the rate expression that for low PCO and PH2

 values or high values of PCO2
, the 

rate is independent of CO2 concentration.

5.2.2  Tsipouriari Mechanism

On the other hand, Tsipouriari et al. [40] propose a different mechanism for Ni/
La2O3 catalyst based on the observation that while the rate of reaction decreases 
with time for reactions over many supports (Al2O3, YSZ, SiO2 and CaO), it shows a 
reverse trend for La2O3, suggesting that La2O3 somehow stabilizes the Ni catalyst. It 
was proposed that LaOx forms at the catalyst surface which reacts with CO2 to form 
carbonates and oxycarbonates. The carbonates and oxycarbonates react with 
deposited carbon, freeing the active sites [40]. This hypothesis was supported by the 
observation of La2O2CO3 species by Zhang et al. [41]. Further, it was observed that 
the rate of dissociation of CH4 is much higher than that of CO2 and active carbon 
species consist of carbon only [40]. Furthermore, oxygen for the formation of CO 
comes from La2O2CO3 [42] and methane cracking on Ni/La2O3 is a slow step [43]. 
Based on the above observations, the mechanism proposed by Tsipouriari et  al. 
consists of following steps [40]:

 1. Reversible adsorption of methane (fast) followed by its slow cracking:

CH4 +  ∗  ↔ CH4∗ Equilibrium constant = K1

CH4 ∗  → C ∗  + 2H2 Rate constant = k2 (RDS)

 2. Formation of La2O2CO3 (fast)

CO2 + La2O3 ↔ La2O2CO3 Equilibrium constant = K3

 3. La2O2CO3reacts with carbon deposited on active sites, forming CO and restoring 
the active site (slow):

La2O2CO3 + C ∗  → La2O3 + 2CO + ∗ RDS; rate constant = k4

 4. H2 may also get adsorbed at the active sites:

 H H2 2 2+ ∗↔ ∗ 

 5. La2O2CO3 may provide oxygen to adsorbed hydrogen (fast) and carbon (fast)

 La O CO H La O CO OH2 2 3 2 3+ ∗↔ + + ∗ 

 OH C CO H∗+ ∗↔ ∗+ ∗ 

Flue Gas Treatment via Dry Reforming of Methane



344

 OH H H O∗+ ∗↔ + ∗2 2  

 CO CO∗↔ +∗ 

 6. Reverse water gas shift reaction also takes places as described by the follow-
ing steps:

 CO CO2 2∗↔ ∗ 

 CO H CO OH slow2 ∗+ ∗↔ ∗+ ∗ ( ) 
 OH H H O∗+ ∗↔ + ∗2 2  

The rate expression [40] developed using above steps is:
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In the above rate expression, one can see that for the high value of CO2 and low 
CO, the rate of reaction is a constant, predicting that the initial rate of reaction for 
excess CO2 is of zero order. Expression by Bradford et al., on the other hand, pre-
dicts that the initial rate of reaction will be dependent on CH4 concentration only 
and will be of zero-order of very high concentration of CH4, when active sites get 
saturated by CH4. Thus, the two mechanisms presented above show different pre-
diction of the rate far away from equilibrium. Our modelling in an ideal plug flow 
reactor shows that the initial rate of Bradford kinetics is lower than that of Tsipouriari 
kinetics (Fig. 19). Comparing steps in the mechanisms described by two studies, we 
find that while the first study assumes active carbon species of CHx types, the second 
study assumes that of only C-containing type. Further, while the first study assumes 
that CO2 also gets adsorbed at the active site, the second study assumes that CO2 not 
only does not occupy the active site but also frees them through La2O2CO3. The dif-
ference in two mechanism and rates may be due to the difference in the support used 
in studies.

6  Process Modelling

DRM reaction causes carbon formation, which is a serious problem towards the 
development of a process. Carbon can be oxidized with a stronger oxidizer like 
oxygen. However, oxygen can also oxidize methane-producing CO2. Formation of 
CO2 is undesirable since the net CO2 converted would be affected. Using equilibrium 
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calculations, we modelled the oxidative reforming and optimized the reactor 
temperature and O2 concentration in the feed. Optimization revealed that at 
temperatures below 750 °C, no amount of O2 will eliminate carbon formation (data 
not shown). At 750 °C, adding O2 lowers both carbon formation and H2/CO ratio 
(Fig.  20). Since the goal is to achieve high H2/CO along with low or no carbon 
formation oxidative reforming alone is not sufficient. Thus, equilibrium calculations 
suggest that we need to modify the process further. By adding H2O to the feed we 
found that the H2/CO ratio increases, while carbon formation decreases (Fig. 21). 
These results suggest that carbon formation can be eliminated at lower temperatures, 
for example, 550 °C, with the addition of water and oxygen in the feed. The presence 
of water and oxygen in the feed corresponds to the tri-reforming reaction. Thus, tri- 
reforming has the potential to achieve the objective of no carbon formation and a 
value of H2/CO ratio that is sufficient for further effective utilization of the syngas.

To achieve carbonless operation and sufficient H2/CO ratio, Zhang et al. [44], 
through thermodynamic analysis, found that while excessive H2O and O2 amount 
results in lower H2 yield, low concentrations of these reactants in feed causes 
excessive carbon formation. The authors [44] further found an optimum reactant 
ratio in the feed to have methanol production from syngas, while eliminating carbon 
formation. Garcia-Vargas et  al. experimentally found that H2O and O2 have a 
positive effect on the H2/CO ratio [45], in agreement with our experimental and 
theoretical findings above. Song et al. [46] modelled the tri-reforming reaction of 
methane to achieve high conversion and H2/CO ratio. They considered various 
ratios of reactants in the feed and found that a ratio of CH4:CO2:H2O:O2 = 1:0.45:

Fig. 19 Comparison of Tsipouriari and Bradford kinetics
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0.45:0.2 gives high conversion of CO2 at temperature higher than 800 °C with no 
carbon formation and a H2/CO ratio close to 1.8. Increasing the amount of water 
(CH4:CO2:H2O:O2  =  1:0.3:0.6:0.2), increased the H2/CO ratio and decreased the 
temperature above which carbon formation was absent. However, the CO2conversion 
was significantly lowered. Similarly, increasing oxygen ratio (CH4:CO2:H2O:O2 = 
1:0.25:0.5:0.5) worsened the CO2 conversion. In case of low CO2 conversion, net 
CO2 may not be consumed and the objective of CO2 utilization may not meet. Net 
CO2 conversion analysis is important since some CO2 will be produced to maintain 
the reactor at the required temperature since the reactions are mostly endothermic. 
Thus, the addition of H2O and O2 has limitations and further innovation of tri- 
reforming is warranted.

In this direction, we have added CO2 separation and recycle to the reactor system 
as shown in Fig. 22. As the recycle ratio increases, net carbon fixation increases. In 
contrast, the H2/CO ratio decreases with increase in recycle ratio. Thus, there lies an 
optimum recycle ratio at which the objective of CO2fixation along with sufficient 
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H2/CO can be achieved. Figure 23 shows that at 80% recycle there is a net carbon 
dioxide fixation, which includes the CO2 that may be produced to fulfil the energy 
requirement of the reactor with H2/CO ratio of 1.8. Further towards innovation in 
tri-reforming, Noureldin et al. [47] studied various process options, such as com-
bined dry and steam reforming (CDSR), steam reforming (SR), partial oxidation 
(POX), and autothermal reforming (ATR) and found that the most optimum unit to 
achieve maximum CO2 fixation while achieving a specific value of H2/CO ratio is 
CDSR. The authors further found an inverse correlation between CO2 fixation and 
H2/CO ratio [47].

6.1  Catalyst Improvement Strategies for Tri-Reforming 
of Methane

In tri-reforming, besides the process innovation given above to achieve desired syn-
gas parameters, improvement of catalyst can be considered for decreasing the 
amount of carbon deposited. Towards this end, Kumar et al. [48] studied the effect 
of different support in Ni-based catalyst and found that while catalyst activity was 

Fig. 22 Schematic diagram of ASPEN PLUS™ Process model

Fig. 23 CO2fixation and H2/CO ratio as a function of percentage recycle of CO2
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in the order: Ni/Al2O3 > Ni/SBA-15 > Ni/ZrO2 > Ni/CeO2-ZrO2 > Ni/TiO2 > Ni/
MgO, the stability and the coking resistance of SBA-15 and ZrO2 catalyst was the 
highest [48]. High coking resistance of Ni/ZrO2 catalyst has also been observed by 
Singha et al. [49] and Lino et al. [50]. Similarly, it was found that a NiO–YSZ–CeO2 
catalyst had better stability than commercial Holder Topsoe and Imperial Chemical 
Industries catalysts [51]. On the other hand, Pino et al. observed activity enhance-
ment on Ni/CeO2 catalyst which was doped with La [52]. Further, Majewski et al. 
[53] studied the effect on O2 and H2O over Ni/SiO2 catalyst and found that while 
oxygen increases methane conversion and reduces coke deposition in agreement 
with our study, water reduces H2/CO ratio, in contrast to equilibrium predictions. 
Furthermore, Garcia-Vargas et al. [54] compared the CeO2 support with β-SiC for 
Ni-based catalyst and observed that lower H2/CO ratio for ceria support was due to 
more basic sites in a ceria-supported catalyst. Thus, in addition to the feed composi-
tion and operating conditions, catalyst design plays an important role in achieving 
higher methane conversion and H2/CO ratio, while having less carbon deposition on 
the catalyst, for the tri-reforming reaction.

7  Conclusion

It has been observed that adding oxygen to DRM reaction reduces carbon deposi-
tion and does not affect methane conversion significantly. Although theoretically, O2 
reduces H2/CO ratio, our experimental results show a marginal increase in this ratio 
due to O2. Nevertheless, H2/CO ratio is not sufficient and warrants further addition 
of water to the reaction mixture. Thus, in principle flue gas can be used to reform 
methane. However, in order to achieve net CO2 consumption further improvement 
of tri-reforming process is required. In this direction, we modelled the tri-reforming 
using flue gas as the feed. In the model, we implemented CO2 separation and recycle 
to the reactor, achieving an H2/CO ratio in the syngas that can be used for the 
production of petrochemicals while attaining a net CO2 fixation. Thus, components 
of flue gas help improve properties of syngas and with an innovative process design, 
and a net CO2 consumption can be attained.
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downstream operations for chemicals along with fuel has catapulted the researchers 
to investigate new and cheaper feedstocks. Olefins act as primary precursors to mul-
tifarious commercial products meeting the demand of modern lifestyle such as 
polymers, fine chemicals, adhesives, additives, etc. The emergence of shale gas pro-
duction and new sources of C1 species (syngas) from biomass, coal, and coal bed 
methane have pushed the need for deriving value-added products commensurate 
with the upfront demand of petrochemical industries. To this end, the development 
of methanol-to-hydrocarbon (MTH) gave rise to new chemistry of converting meth-
anol to gasoline-range hydrocarbons, in turn providing pathways for C–C bond for-
mation. With the lapse of time, the process acquired special interest from the 
research community owing to the efficient conversion of methanol to lighter olefins 
(MTO) such as ethene, propene, and butenes. Currently, advanced studies are aimed 
at understanding the reaction mechanism for the first C–C bond formation and prop-
agation thereafter. Major constraints to optimum performance converge to the ratio-
nal design of the catalyst with enhanced selectivity toward ethene or propene 
without compromising the lifetime of the catalyst. Here, we will paint the complex 
blueprint of the MTO process because of the multitude of interacting control param-
eters determining the desired output. Observations further strengthen the need for 
symbiotic nature of investigations where the findings must be exchanged continu-
ously among material scientists, simulation experts, and reaction engineers to for-
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1  Introduction

The developmental footprint of catalysts and catalysis and their usage trace a long 
time back in history alleviating the daily experience of life. Among many success 
stories, sources of energy have been key movers and shakers of modern civilization, 
and subsequently, the petroleum and petrochemical sectors have been key players. 
A bird’s eye view of the processes involved in these sectors quickly establishes the 
critical role of catalysts, and subsequently the need for innovation. These quests led 
to the inception of new chemistry that started in the lab of ExxonMobil in the 
mid- 1970s when a coincidence led to the discovery of new species in reaction prod-
uct leading to the emergence of methanol to hydrocarbons (commonly known as 
MTH) chemistry. The novelty of this process emerged from the product distribution 
which contained aromatics, alkanes, and alkenes providing high octane gasoline 
from methanol. The advent led to the licensing of methanol-to-gasoline (MTG) pro-
cesses [1]. Interestingly, these facets of catalysis emerged from the exploratory 
work of newly found ZSM-5 aluminosilicate catalyst to gauge its potential. While 
the findings were fascinating, but the questions about different aspects of chemistry 
pertaining to the mechanism, catalyst role and design, and scale-up were still elu-
sive. In the meantime, it became evident that aromatics in the product pose an envi-
ronmental challenge; and hence the norms from the regulatory agencies become 
strict. Additionally, there was a decline in the petrochemical industries in the 1990s. 
It required the tuning of product selectivity toward more valuable products by re- 
routing of reaction pathways. Figure 1 demonstrates the economical pathways of 
chemical transformation by stepwise value addition.

Fig. 1 Life cycle of 
chemical transformation 
from sources of C1 
(methane/syngas) species 
to value-products with high 
commercial viability. 
Upgraded chemicals feed 
as precursors to thriving 
petrochemical industries
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Over the last two decades, there has been a turnaround in this sector because of 
a surge in shale gas production [2] along with various other new sources of methane/
methanol such as natural gas, coal, coal bed methane, and others. These develop-
ments ensured the streamlined production of methanol for which the commercially 
viable Fischer-Tropsch process exists. The availability of methanol opened the pos-
sibility for the huge source of petrochemical feedstocks by making the MTH pro-
cess efficient for light olefin production. These small molecules act as a major 
precursor for a wide range of useful products relevant to polymers, petrochemicals, 
fuels, commodities, fine chemicals, and others [2]. Current trends suggest the huge 
possibility for ethene (C2

=), polypropylene (C3
=), and 1-butene (C4

=). The global 
market sizes are 146 billion [Polaris Market research report, 2020–2026], 116 bil-
lion [Grand View research, 2020–2027], and 2 billion [Report Buyer, Report ID: 
5820653, Feb 2020], respectively, with an anticipated compounded growth rate of 
9.8%, 3.1%, and 6.8% for 2019. Current global demands for olefins are met by 
steam cracking of Naptha or heavier hydrocarbons which might be challenging in 
the future. It requires an effort to boost the growth of the methanol-to-olefin (MTO) 
process as another vertical to circumvent the supply-demand gap. This has led to a 
significant interest in the research community to focus on making the process eco-
nomically viable by resolving intriguing dynamics of classical catalysis triad, 
namely, Structure-Property-Performance. The commercial feasibility of the MTO 
process is heavily dependent on the performance which is evaluated by conversion 
of reactant, selectivity toward the desired product, and a lifetime of the catalyst. 
Overwhelmingly, nanoporous zeolite catalysts emerged as a material of interest and 
extensive work is under progress to improve the holistic efficacy of the process. A 
comprehensive view of the current state-of-art in the MTO process suggests that a 
synergistic and symbiotic approach by scientists from a varied background such as 
material design, reaction engineering, and mathematical computation is required to 
resolve the challenge. Here, we will layout the typical heuristics of exploring design 
principles involved in the MTO process that are complex and intriguing.

The catalytic life cycle of the MTO process requires optimization at three different 
fronts. These include catalyst design, reaction intermediate control, and product distri-
bution. These disparate facets are interconnected and need simultaneous multipronged 
approach to obtain the best results. However, it pins down to designing a catalyst that 
controls the intermediates to produce the desired product. For the same, a detailed 
understanding of the intermediates and products dynamics in relation to catalyst prop-
erties becomes an absolute necessity. To this end, we will explore heuristics which 
impacts MTO reaction and can be tuned to obtain better performance.

2  Catalyst Synthesis and Design

Aluminosilicate molecular sieves have occupied center stage as an MTO catalyst. 
High thermal stability, shape selectivity owing to the confined space, and tunable 
acid sites offer attractive opportunities to explore vast design space for 
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these materials. Typical frameworks such as SAPO-34 [3, 4] and ZSM-5 [5, 6] have 
been extensively explored due to the inherent advantages of crystalline structure and 
desired product selectivity. Dalian Institute of Chemical Physics has reached a new 
height by establishing a commercial MTO plant of 600 kiloton /annum using 
SAPO-34 [7]. We will explore the challenges and possibilities of MTO catalyst 
from the prism of catalyst triad.

2.1  Structure

Physical attributes of zeolite crystallites such as pores and channels act as a gateway 
to the reactants (i.e., methanol), intermediates, and products for MTO reactions dur-
ing their complete lifecycle. These dynamic species interact differently with differ-
ent sites of these rigid architectures of catalyst particles. It begins with external 
surfaces of crystals and pore-mouth of channels within these particles. Subsequently, 
the path is more tortuous with changing diffusing diameter and chemical environ-
ment along the maze of channels. Reactants are screened early on at the crystallite 
surface. After reaction activates, the shapes and sizes of intermediates and products 
along the course of diffusion depend strongly on cage topology along with the 
molecular arrangement of atomic species within these cavities. In this section, we 
will discuss attributes pertaining to MTO and way forward for new potentials path-
ways for rational design.

2.1.1  Pore Size

It refers to the size of openings on the terminating crystalline planes or diffusing 
diameter of channels running through the crystallites. These aluminosilicate frame-
works are classified into the small-pore (8-MR), medium-pore (10-MR), and large- 
pore (12-MR) zeolite that acts as a screening sieve for reactants and products. 
Methanol has a kinetic diameter of 3.6 Å and faces little barrier while diffusing 
inside the channel, but the product speciation is significantly impacted by the pore 
size. Stocker et al [8]. summarized the evolution of different zeolite structures for 
MTO reaction, promoting different conversion and selectivity of products. The 
review outlines the preferable use of small-pore zeolite for higher yield of light 
olefins and medium- and large-pore zeolite for aromatic, and larger alkenes and 
alkanes. It should be noted that larger pore zeolites have correspondingly larger 
cages/cavities. Hence, it will be difficult to deconvolute the exact effect of pore size 
and cage on intermediates and hence products. However, small-pore zeolites sup-
press the transfer of branched aliphatic and heavy aromatic hydrocarbons, thus 
impeding the exit of aromatic species and higher alkenes in the product stream and 
thereby promoting the selectivity of lighter olefins [9]. A dramatic effect of pore 
size was illustrated by song group [10] where a small variation in pore size by 0.3 Å 
resulted in no activity for MTO reactions in H-ZSM-22 compared to H-ZSM-12. 

M. Kumar



357

Among the small pore zeolite family, silicoaluminophosphate SAPO-34 (CHA 
framework) [7, 11, 12] (structural analogue SSZ-13) has gained commercial popu-
larity for MTO reactions owing to lighter olefin selectivity. To explore other possi-
bilities, research groups are looking for other small-pore zeolites (RUB, KFI, DNL, 
etc.) for better efficacy and commercial viability. To this end, the variation of small- 
pore SAPOs was explored by Hong group [13]. They obtained similar performance 
for STA-7 (SAV) and poor performance with STA-14 (KFI) attributed to the pore 
topology and connectivity. Other small-pore zeolites have been studied by various 
other groups for MTO activity such as Weckhuysen [14], Zheng [15], Corma [16–
18], and Davis [19] which might pave a path for a new and more efficient catalyst 
for MTO. On the other hand, medium- and large-pore zeolites (i.e., ZSM-5, FER, 
BEA, MOR, Zeolite-Y) [8, 20] provide a conduit to aromatics and higher alkenes 
which is desirable for MTG or GTL processes. There are extensive studies [20–23] 
establishing the comparative product speciation for different pore zeolites. We 
escaped the topology in the discussion, but it is well established that the same pore 
size zeolite with 1D, 2D, and 3D geometry has a significant impact on the lifetime 
of catalyst and product distribution. However, it must be noted that a major role in 
controlling or activating reaction pathways is played by the cage explained in the 
next section.

2.1.2  Cage/Cavity/Pockets Shape and Size

Cages, cavities, or pockets are the inherent attributes of crystallite which is formed 
by ordered molecular arrangement along the channels or intersection of multidi-
mensional channels within zeolite structure. Different frameworks with the same 
pore size can present different shapes and sizes of these cages/cavities [24] as shown 
in Table 1. Typically, pockets are referred to as regions that are formed by intersect-
ing channels. Extensive investigations [18, 25–27] point toward the primary role of 

Table 1 Differentiation of cage architecture with pore size

 Frameworks with 8-MR pore size present different cage sizes along the channel. Intersecting chan-
nels with similar size and varying topology generate cavities with different shape and size (adapted 
from reference [24])
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these features compared to other physicochemical properties on the nature of inter-
mediate and correspondingly the selectivity of products and lifetime of the catalyst. 
Elementary steps in reaction pathways such as alkylation, deprotonation, dealkyl-
ation, cracking, etc., depend significantly on the topological arrangement of con-
fined spaces during the initiation, propagation, and termination of typical 
double-cycle hydrogen pool mechanism. While the reactivity and intermediate will 
depend on the molecular arrangement of acidic sites as well, however, frameworks 
with similar acid strength and distribution show varied intermediate depending 
upon cavity shape and size [28]. To this end, comparative review [20] of product 
speciation was shown using H-SAPO-34, H-ZSM-5, and H-FER having different 
cages and topology. Similarly, a study [29] on SSZ-13 and H-UTM-1 shows that 
MTO reaction cannot activate because of smaller cavity not promoting intermediate 
such as polymethylbenzene. Supercages in MCM-22 (10-MR) with 2D sinusoidal 
channels and delaminated ITQ-2 were evaluated for MTO reactions [30]. It was 
shown that supercage helps with slow deactivation, but sinusoidal channels help 
with higher propene selectivity compared to ethene. While SAPO-34 has estab-
lished dominance for high light olefins selectivity, ZSM-58 (DDR Topology, 8-MR 
pore) [31] has proved to be another candidate with similar selectivity but better 
thermal stability. Separate studies by Liu et al. have explored disparate 8-MR-SAPO 
zeolite to assess the effect of pore cavities. Using SAPO-34, SAPO-18, and 
SAPO-35, group [32] has shown higher selectivity for propene and butenes for for-
mer two frameworks while SAPO-35 generated ethene predominantly along with 
some propene. To ascertain the role of intermediates in product selectivity, they fur-
ther investigated the SAPO-35, SAPO-34, and DNL-6 [33] with different cavities 
but the same pore size. These frameworks showed the highest selectivity toward 
ethene, propene, and butene in order respectively. Commensurate with product dis-
tribution, cages of varied size stabilized different intermediates and transition states 
such as DNL-6 supported carbenium cation with bulkier (butyl) side chain contrary 
to SAPO-34 with carbenium ion with shorter (methyl and ethyl) side chain due to 
steric hindrance. SAPO-35 prefers even smaller intermediates such as methylbenze-
nium (1,2,2,3,5-pentaMB+) and methylcyclopentadienium cations producing eth-
ene. Another interesting study [34] considered three different cavities such as cha, 
lta, and lev, and  simulated side chain mechanism to estimate energy barriers. 
Observations complied with prior understanding of depicting minima with cha cavi-
ties of suitable cage size compared to lta and lev of being either too small or too big. 
These observations got further strengthened by experimental studies on an extended 
list of small pore zeolite (SSZ-13, SAPO-34, SAPO-39, MCM-35, ERS-7, and 
RUB-37) by Davis group [19, 35]. Framework with CHA topology showed the 
MTO activation while rest failed to activate due to small-size cavities. Some studies 
are looking at the preferential diversion of reaction pathways to generate ethene or 
propene selectively. To this end, two small-pore zeolites, H-RUB-50 [36], and 
SAPO-14 [37] (AFN topology) have shown higher yield of ethene and propene, 
respectively. These observations can be reverse engineered where catalysts can be 
crystallized using organic mimicking reaction intermediates which can promote 
desired pathways leading to selective products. Recent work from the Corma group 
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[38] established this principle by synthesizing RTH which favors the paring route of 
hydrogen pool mechanism, thereby increasing the yield of propylene over conven-
tional CHA framework. Cage size not only impacts the activity of catalysts and 
selectivity of the product but the deactivation rate as well. Olsbye and coworkers 
[39] show that the topological maneuvering emerging out of channel intersection 
for 10 MR-ringed zeolites (i.e., IM-5, TNU-9, ZSM-11, and ZSM-5) has signifi-
cantly different lifetime owing to complex polyaromatic naphthene intermediates 
promoted inside the cage. Diffusion pathways were investigated with multi-level 
and multi-dimensional zeolite frameworks and established the stability order (1L, 
2D H-SAPO-35 < 2L, 2D H-SAPO-57 < 3L, 2D H-SAPO-59 < 3D H-SAPO-34) 
[40] depicting the role of pore dimensionality and cage size. Another study investi-
gated small-pore zeolites frameworks (CHA, DDR, LEV) [14] with large cages 
interconnected by 8-MR channels for deactivation mechanism during MTO using 
the nature of reaction intermediates. Observations were interesting not only because 
there were different aromatic species causing deactivation but their location varied 
with the framework. In this end, it is quite evident that the cage shape and size play 
a primary role in activating MTO reaction, generating suitable intermediates, pro-
ducing desired products, and finally sustaining catalyst activation.

2.1.3  Crystallinity and Defects

Catalyst synthesis is the first portal where major intervention can be introduced to 
modulate the course of MTO reaction. The understanding of zeolite crystallization 
is a holy grail to MTO catalysis, but it is still elusive. Limitations emerge from the 
lack of in situ analytic tools, enough computing power, and siloes in the research 
community. The overall goal of zeolite synthesis is to tune the physicochemical 
properties of catalyst amenable to MTO reaction. It involves controlling the crystal-
linity, external/internal defects, elemental distribution, phase uniformity, surface 
architecture, and crystal shape and size. Here, we will explore the crystallinity of the 
zeolite structure and internal/external silanol defects (as shown in Table  2). The 
presence of a disordered phase in the catalyst particle compromises the stability and 
integrity of structure which promotes coking and leaching of the ordered phase. 
Reaction species face extra mass transfer limitations due to the loss of micropore 
connectivity [41] and intra-crystalline structural defects. A study by Feng group 
[42] shows that lower crystallinity causes a lower life of the catalyst. A superior 
catalyst with higher efficiency was synthesized by Yu group [43] using seeds with 
differing crystallinity. Lower acidity and improved ordered phase ensured a better 
lifetime compared to convention SAPO-34. Another study used a combination of 
three organic templates [44] to generate high purity and crystalline particles which 
showed enhanced light olefin yield. A similar study by Wu group [45] showed high 
conversion and olefin selectivity (100% and 87.9% respectively) because of small 
catalyst size and highly crystalline structure. Loss of crystallinity and large pore 
architecture (such as meso- and macropore) promotes the severe presence of inter-
nal isolated and nested silanol (T-OH where T = P, Si, and Al) defects which reduces 
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the activity and accelerates the catalyst deactivation in MTO reaction. A case in 
point was presented by the Beato group [46] and others [42, 47, 48] who correlated 
defects with the lower activity and higher deactivation of the catalyst. A systematic 
study was presented on ZSM-5 by Gonsiorová [49] and Louis [50] where product 
selectivity and deactivation were studied. The defective framework results in more 
of paraffins and C6+ species with shorter lifetime while pure phase promotes pro-
pene, ethene, and butenes with slower deactivation. There is an extensive body of 
work where the defects were healed using secondary growth [51], F− ion treatment 
[7, 52], NaOH/CTAB treatment [47], resulting in a longer lifetime of the catalyst. 
At times, these defects were used as precursors for generating the mesopores and 
thereby creating a better performing catalyst [4].

2.1.4  Crystal Size

Zeolite crystallization is a complex phenomenon. The most pertinent question 
toward rational design has been aimed at controlling the crystal size. Reduction in 
the size of catalyst particles results in the increase of effective active sites and a 
reduction in mass transfer limitation. It has a direct impact on the efficacy by 
increasing the conversion, selectivity, and lifetime of the catalyst. While this is com-
monly true, but there is a need to have a relook. A common perception that smaller 
particles are always better catalysts can be challenged depending upon the reaction 
system of interest. At times, higher selectivity toward particular product requires 
longer residence time such as MTH [53], and hence redefinition of the rational 
design is required which should include developing deterministic pathways of mod-
ulating catalyst size based on reaction under consideration. These concepts have 
been visualized in Fig. 2. Even the catalyst particle produced from the same batch 
behaves differently [54]. Continuing on the same thought, Holmen group [55] 

Table 2 Nature and molecular arrangement of defect sites and acid sites within the crystallite

M. Kumar

https://www.mendeley.com/authors/6507374965


361

showed that small (0.2μm) and larger (2.5μm) particles were less active and selec-
tive but olefin yield increased for medium-size crystallite (0.4–0.5μm) with average 
activity. It was also observed that the coking rate increased with crystal size. Despite 
faster coking rate, smaller particles plateau with higher coke content compared to 
larger particles. Olsbye and coworker [56] showed the same effect using different 
sized catalyst particles. Interestingly, coke build-up promotes the product selectivity 
toward lighter ethene or ethane. There is extensive study [57–60] showing the 
impact of crystal size on an increased lifetime. Among other factors, the short diffu-
sion path length is a key determinant. BET surface area qualitatively corresponds to 
the size of catalyst particle and hence catalyst lifetime. Lu group [61] showed a 
similar order by synthesizing zeolite with varied sizes using a different combination 
of organics. A systematic investigation of size vs. lifetime was presented by Xu and 
coworker [62]. They synthesized four varied size crystallites (from 20 nm to 8μm) 
with different morphology (nanoflakes to cubic) and studied deactivation phenom-
enon using MTO reaction. Nanosized flake showed the longest lifetime compared to 
cubic 8μm crystals. Particles of an intermediate size such as 80 nm (spheroidal) and 
1μm (cubic) fell in between. It should be noted that crystal morphology plays a big 
role but we will skip the discussion here. To rationally design the catalyst, different 
synthesis strategies have been explored. It is most common to vary the composition 
[63], organic phase [44, 64–67], or growth protocol [68] of mother liquor used for 
synthesis [4]. Hunger group [69] used different structure-directing agents to obtain 
the three different crystallite sizes referred to as small (S), medium (M), large (L). 
Catalytic studies showed the anticipated trend as SAPO-34-S > SAPO-34-M > SA
PO- 34- L because longer residence time promotes higher methylation eventually 
clogging the cage with polyaromatics and highly branched methylbenzene. Coking 
does not only reduce the lifetime but decrease the catalyst utilization efficiency. 

Fig. 2 Product speciation and lifetime control with crystallite size. Depending upon the selectivity 
toward desired product, crystallite size can be optimized. Optimal size is the function of reaction 
system under study and product of interest. Different colors refer to different product distribution 
but not depicting species in any order. However, smaller catalyst particles tend to provide smaller 
residence for coking phenomena to occur and thereby increasing the lifetime of catalyst
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Varied size shows non-uniform spatial distribution [70] of coke leaving the core of 
catalyst under-utilized. Collectively, reduced crystallite size is an important deter-
minant for the lifetime of the catalyst.

2.2  Property

The inherent structural features discussed in the earlier section imparts the physico-
chemical properties to make an efficient catalyst. These properties control the whole 
catalytic lifecycle from the entry of reactant to the exit of the product. Physical 
transport of reactant/intermediate/product species is controlled by pore and cage 
size distribution and arrangement. Micropore arrangement is determined by the 
crystalline phase which is inherent in nature. On the other hand, a new set of larger 
pore systems can be introduced through the invasive method alleviating challenges 
associated with mass transport limitation. Another critical paradigm is the chemical 
attributes that are dictated by the elemental arrangement of constituent species. 
These properties are dependent on the topological arrangement within the crystallite 
such as confinement effect and spatial distance owing to cage/cavity shape and size. 
These factors play a significant role in determining the reaction pathways which we 
will discuss below.

2.2.1  Acid Site Density, Strength, Type, and Distribution

These parameters have been studied to significantly impact the methanol-to-olefin 
reaction pathways, but details and clear-cut understanding are still elusive. Here, we 
will explore how they impact the performance and discuss the pathways to tune 
these properties. Acid density is typically quantified as silicon-to-aluminum ratio 
(SAR) which is an average value depicting the activity of the catalyst. The density 
can vary across the crystallite, leading to the phenomenon of “Al zoning.” Depending 
upon the density, the acid strength varies. The isolated bridged hydroxyl group (–
Si–OH–Al–) presents the strongest acidity compared to Si(0Al), Si (2Al), Si(3Al), 
and Si(4Al) [71] as shown in Table 2. Higher acid density gives rise to weaker acid 
sites. It is well known that a decrease in acid density and site strength reduces the 
chances of polyaromatics generation and hence slower deactivation [72]. A study by 
Tatsumi group [73] looks at the lifetime of catalyst as a function of Al content. 
These acid sites’ strength was further manipulated by inserting gallium [74] in the 
framework resulting in higher stability. Li group [75] looked at four different alumi-
nosilicate frameworks and showed that higher acid sites ensure the higher adsorp-
tion of methanol and activation of hydrocarbon pool mechanism. At the same time, 
high density starts to behave antagonistically by condensing the species from the 
pool to produce polyaromatic hydrocarbon. Hunger group [76] synthesized low- 
density isolated acid sites responsible for activating MTO, olefins selectivity, and 
higher lifetime in AlPO-34. Their study confirms that a low silica framework 
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produces low coke content. To get lower Brӧnsted acid sites and defects, Louis 
group [50] synthesized fluoride-mediated ZSM-5 to selectively increase propene 
yield. The role of paired Al sites was explored by Davis group [77]. Like earlier 
observation, increasing SAR value for SSZ-13 helped in obtaining lighter olefins 
with better lifetime; however, decreasing in SAR led to the pairing of Al sites which 
promoted selectivity toward propane. Analysis of deactivating species was interest-
ing as the nature varied with Al content. Low SAR resulted in less branched aro-
matic like naphthalene while high SAR caused highly alkylated species. Framework 
analogue of SSZ-13, SAPO-34 showed pyrenes as occluded species. Another inter-
esting perspective on acid sites is their locations in the cage and channels. A study 
by Wang group [78] shows that these locations impact the intermediate species and 
hence the product selectivity. Al siting in channels promotes olefinic cycle; how-
ever, the same species in cages promote aromatic cycle. Accordingly, propene is 
promoted over ethene by Al in channels compared to cage, resulting in product 
speciation. More aromatic species are clogged in crystallite having acid sites in a 
cage compared to channels. They extended the work further to preferentially shift 
the acid sites by introducing alkali metal in synthesis [79]. By biasing acid sites, 
they drifted reaction mechanism to yield either ethene or propene. Acid sites are 
further differentiated in Lewis and Brӧnsted acid sites. Lercher group [80] studied 
their mechanistic impact where they ascertained that Lewis sites supported hydride 
transfer and Brӧnsted sites led to aromatization. High SAR values also ensure less 
diffusion limitation due to a lack of active sites. Chemical species can traverse mul-
tiple channels without interacting with acid sites and hence creating product selec-
tivities [81]. The synergistic effect of both types of acid sites (Lewis and Brӧnsted) 
[82] was illustrated which gives details about first C–C bond formation which is still 
elusive. However, these attributes are highly dependent on the synthesis mixture 
composition and protocol. For instance, the silicon-to-aluminum ratio of mother 
liquor and the presence of stabilizing structure-directing agent among others are 
some critical parameters which ascertain the final incorporation of elemental spe-
cies in the framework, thereby controlling the density, strength, type, and distribu-
tion. Other invasive techniques [83–87] have been developed using steam and/or 
alkali solutions to facilitate the altercation in these physicochemical properties of 
catalysts.

2.2.2  Hydrothermal Stability

Structural integrity of the zeolite structure determine the lifetime of catalyst and 
usage viability. Deactivated coked catalysts can be regenerated but the loss in the 
ordered crystalline phase is difficult to recover in the continuous process. The pres-
ence of water at high temperatures plays a detrimental role in collapsing the zeolite 
framework. The interaction of water with the surfaces can be modulated by chang-
ing hydrophobicity or hydrophilicity of crystallite. Pure siliceous zeolites are hydro-
phobic in nature and hence present higher stability. Hydrophilic moieties introduced 
by the presence of framework or extra-framework aluminum and silanol defects 
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make them susceptible to attack by water molecules. To this end, SAR and silanol 
density are used as quantifiable parameters to ascertain the hydrothermal stability of 
the structure. Higher SAR values ensure a higher resistance to decay under harsh 
operating conditions. As discussed earlier, usage of OSDA, growth mixture compo-
sition, synthesis protocol, and photosynthesis treatment can be used to improve the 
SAR values [88, 89] and hence the thermal stability. Resasco group [90] and others 
[91] have performed extensive body of research work studying the impact above 
mentioned parameter to improve and understand the mechanistic principle of struc-
ture loss. In his seminal work, he showed higher resistance to water attack by sur-
face modification of external sites with silanes. Incorporation of metal such as Ni 
[92] has shown to increase the stability in the harsh condition of higher water con-
tent. Corma group [93] improved the resistance to water exposure by steaming the 
catalyst at 550 °C because of Si migration from isolated place to Si islands without 
generating any defects. Another interesting synthesis path was developed by Liu 
group [94] where they synthesized mesopores maintaining hydrothermal stability 
by the introduction of seed and mesoporogen by reconstructing the disordered chan-
nel wall. This attribute makes SAPO-34 a desirable framework for MTO and critical 
to avoid irreversible damage in general.

2.2.3  Mesoporosity

Pore size and cage/cavity sizes are the inherent property of the crystalline zeolite 
structure as discussed earlier. However, these features do not facilitate enough 
mobility to the reaction intermediates or products which lead to final metamorpho-
sis to the coking agent. Broadly, there are two major barriers that restrict the free 
movement of chemical species through these catalyst particles. Firstly, reactants 
face challenges at the entry of pore mouth either because of size or blockage due to 
dangling hydroxyl groups. Later, bulkier intermediates and products find diffusion 
resistance through the channels. These resistances can be alleviated by introducing 
mesopores (2–50 nm) within the crystallite. Channel interconnectivity and diffusive 
transport phenomenon depend on the quality and quantity of mesopores. This helps 
in increasing the lifetime of catalyst by reducing the coke build-up on the external 
surface and inside the channel and cage. It contributes to product speciation by 
allowing better and quick expulsion of desired species. There are detailed reviews 
[95, 96] elsewhere that have discussed protocol for generating mesopores and their 
advantages. The research groups have explored various in situ or post-synthesis 
approaches to introduce mesopores. The general protocol includes the use of soft 
template [97], hard template [98, 99], additives [100–105], composition [43, 106, 
107], chemical treatment [108–110], or synthetic method [111]. While there exist 
several techniques to generate the mesopores, the quality of the new catalyst varies 
based on the methodology adopted. One must be mindful of the fact that the genera-
tion of mesopores impacts the nature of acid sites, internal/external defects, and 
orderliness of pore and channel. To this end, assessment pertaining to the 
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mesoporosity effect must be carefully studied. Overall, these approaches help in 
increasing catalyst utilization with a better lifetime, and at times better product 
selectivity.

2.3  Performance

The performance of catalysts in delivering the desired product with a sustainable 
and economically viable process is the ultimate test for any technology and innova-
tion. For the firsthand feasibility analysis, we look at the conversion of limiting 
reactants, the selectivity of the desired product, and the lifetime of the catalyst. 
Under various circumstances, these parameters are antagonistic in nature with each 
other. The success lies in finding a sweet spot of the optimal structural features and 
corresponding physicochemical properties of the catalyst which eventually mani-
fests into efficient performance. Figure 3 encapsulates the holistic nature of chal-
lenge and demonstrates the complexity of multivariable problem at hand. Notably, 
commercial process intensification looks at many more critical parameters such as 
reaction conditions, reactor design, particle mechanical strength, hydrodynamics, 
among others, that have the potential of making or breaking of a technology.

Zeolites have proved to be a highly active catalyst for MTO/MTH reactions. It 
attains a 100% conversion in the temperature range of 350–450 °C. In the case of 
lower conversion or lack of activity, it is easily compensated by an increased amount 
of catalyst and/or raised reaction temperature incurring a commercial penalty. What 
becomes critical henceforth is selectivity and lifetime of catalyst for industrial rel-
evance. As discussed in the introduction, the goal post for the desired products has 
been changing. At the start of MTH studies, high-quality gasoline was of interest. 
Medium- (ZSM-5, ZSM-11) and large-pore (BEA, MOR, FAU) catalysts [112] 
played a key role to this end. Increased regulatory norms toward aromatics shifted 

Fig. 3 Scheme depicts life cycle of MTO reaction system. It highlights the interconnectedness 
among different parameters realizing the multifaceted nature of unanswered questions pertinent to 
MTO. Moreover, it suggests the need of collaborative research to solve the problem of energy and 
chemicals for future modern society
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the focus toward olefins such as ethene, propene, and butene. While ethene occupies 
the highest market share, there is thrust to increase the selectivity towards propene 
[11, 38, 113] and butene placed at the bottom of pyramid. Here, we will refer lighter 
olefins for the combined amount of ethene and propene as MTO products. Selectivity 
toward propene compared to ethene is represented by the P/E ratio. Product distri-
bution significantly depends on the physicochemical properties of zeolite discussed 
earlier. Briefly, small-pore zeolites (8MR) with suitable cage size promote the light 
olefins. CHA framework zeolite such as SAPO-34 has been very successful in 
obtaining high C2 and C3 yield along with better hydrothermal stability. Reported 
yield has varied from 85 to 90%. It suffers from the problem of higher coking rate 
compared to ZSM-5; but lots of efforts have been made to increase the lifetime by 
modulating acidity, mesoporosity, crystal size, and crystal defects. Several small- 
pore zeolites with varied cage sizes have shown promise for olefinic products with 
different product distribution [18, 114]. Relatively meek acid site density and low- 
to- medium range acid strength of this framework have been key contributing param-
eters. Still, there is a need to develop a multifaceted approach for optimal catalyst 
synthesis which is facile and economical. As we move toward medium-pore zeolites 
such as ZSM-5 and ZSM-11, we still obtain a higher yield of olefins with products 
rich in propene compared to ethylene. These catalyst starts forming some aromatics 
and other higher alkene such as butenes. It should be noted that the overall yield of 
lighter olefins is less compared to small-pore zeolites. However, mesoporosity 
development in the medium-pore zeolite, isolating Brӧnsted acidity, and decreasing 
crystal size have shown improved selectivity toward commercially attractive pro-
pylene [115–118]. Bigger pore size and cage size stabilizes larger intermediates and 
accelerate reaction pathways via side chain and olefinic reaction pathways leading 
to aromatics and higher olefins [119]. Moving further to large pore zeolites such as 
MOR and BEA, they produce more aromatics and higher alkenes. Mechanism path-
ways show evidence of different intermediates and products. Each framework can 
further be optimized to tune the selectivity toward given products by promoting 
desired reaction pathways.

Another critical dimension of performance analysis is the lifetime of the catalyst. 
It is assessed by studying the mechanism of deactivation and measuring the deacti-
vation rate which plays the key role for industrial application [120, 121]. These 
investigations in turn determine the reactor types and regeneration process depend-
ing upon the nature of deactivation. These processes can be reversible and irrevers-
ible. Here, MTO presents coking as a major challenge that can be recovered by 
high-temperature treatment. The molecular structure of these hydrocarbons resem-
bles polycyclic aromatic rings that get captured within the cage. It is the desired 
reaction intermediates that transform into larger aromatic structures under suitable 
conditions, thus blocking the access of active sites. These challenges are alleviated 
by providing an exit strategy from the cage or modulating the acid strength to con-
trol the metamorphosis of the desired intermediate. The comparative study clearly 
shows that the larger pore size of ZSM-5 sustains for a longer time compared to 
small pore SAPO-34 [122]. These inherent challenges are being tackled by intro-
ducing mesopore suitably to reduce diffusion barriers and thereby increasing the 

M. Kumar



367

lifetime. Another approach includes modulating the acid site strength along the dif-
fusing path of intermediates, reactants, and products. Strong acid sites promote 
cracking and aromatization, leading to the formation of deactivating species. To 
alleviate this problem, modification procedures such as incorporation, ion-exchange, 
and impregnation have been proposed [123–125]. Boron incorporation results in 
smaller [B]-H-ZSM-5 crystal size, reduced strong/mild acid sites ratio, and shows 
decreased coke formation rates, thus ensuring longer catalytic lifetime [125]. At 
times, it requires controlling the distribution [7, 126–128] and location [78] of acid 
density as well. Typically, there is lower acid density on the periphery of crystals 
which makes stronger acid sites. This results in the higher coking on the external 
surface and underutilization of catalyst and smaller catalyst lifetime. This can be 
reduced by avoiding aluminum zoning by making smaller crystallites or controlling 
the release of aluminum species in the manner that uniformity is maintained. 
Overall, a quick exit strategy and controlled active sites are the prime drivers of a 
catalyst lifetime. Recently more mechanistic studies are available that predict the 
role of formaldehyde in deactivation by Bhan Group [129, 130]. The group [131] 
has suggested an approach to enhance lifetime by scavenging the coke promoting 
reagents such as formaldehyde. Overall, control over the structure and physico-
chemical properties of zeolite in conjunction with the understanding of reaction 
mechanism help optimize the performance parameters with higher efficacy.

3  Reaction Mechanism and Intermediates

There is a significant body of work done that explores the underpinnings of MTO 
reactions. These mechanistic know-hows truly help us to design catalysts and reac-
tions conditions for optimum performance. A detailed review can be found in else-
where [8, 20, 132–137] but Table 3 shows the major steps and typical chemical 
species involved during the reaction. For completeness purposes, we will discuss 
the major understanding of the MTO reaction mechanism. There are two important 
questions that all researchers are chasing: (I) How does the first C–C bond form? 
and (II) How does the reaction proceed resulting in different products and deactiva-
tion? While the mechanism of C–C bond formation is still intriguing, there is a good 
understanding of reaction mechanism progression post-induction period. Consensus 
gravitates toward the hydrogen pool mechanism which encapsulates the dual-aro-
matic cycle and olefinic cycle. The latter cycle predominantly generates propylene 
and butenes. It propagates via the multiple methylations of olefins and subsequent 
cracking. On the other hand, the hydrocarbon pool mechanism has a complex prod-
uct distribution. It can proceed via either paring mechanism which allows contrac-
tion and expansion of ring or side chain mechanism with a fixed ring structure. 
Major precursors for these pathways can be polymethyl cyclopentadiene or poly-
methyl benzene which gets protonated to generate cation and start the autocatalytic 
cycle for hydrogen pool mechanism. Sparsely methylated species generate ethene 
while the higher density of methyl group promotes propene. The nature and 
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propagation of intermediates are controlled by the confinement effect of pore and 
cage structure. These features result in product speciation. For instance, larger side 
chains on the benzene in a larger cage will allow more of propylene compared to 
ethene. Similarly, the larger diffusing diameter will allow more aromatics to exit 
along with higher alkenes and alkanes. Apart from the physical structural effect, 
acid density and strength play a significant role.

4  Conclusion

The chapter was aimed at developing the general perspective toward design-impact- 
effect analysis for the methanol-to-olefins reaction system. The rationality of this 
study emerges from the growing role of petrochemical industries for improving the 
daily life experience. Keeping the final product speciation in mind, we discussed 
various facets of control parameters relevant to catalyst design to increase their 

Table 3 Chemical species during the life cycle of MTO reaction

It illustrates the complexity of reaction pathways and need for understanding the mechanism for 
better catalyst design. Species adapted from references [6, 130, 136, 137]
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efficiency. While process intensification from an industrial point of view needs 
more efforts to tackle the problems of scaling up among others, but holy grail to the 
current challenge lies in increasing the lifetime of catalyst and product selectivity by 
tuning the physicochemical properties of nanoporous zeolite/zeotype frameworks. 
Surely, the problem is complex owing to many parameters affecting the synthesis 
and subsequently obtaining details of molecular dynamics occurring within the 
pores, channels, and cages. It hints toward developing the synergistic approach of 
research to find a commercially viable catalyst for the problem of interest. To this 
end, the discussion in the chapter will help readers to gain the perspective necessary 
for catalyst design for MTO which pervades other reaction systems as well. The aim 
was to envision the discussion from the prism of catalyst triad—structure-property- 
performance—and bring a unison in thought process towards the rational design of 
MTO catalysts.

Acknowledgments I am grateful for discussion with Humam Faruqi, Aditya Pandit, and Kunika 
Nasier which proved prudent for this book chapter.

Additional Information Publisher’s note: Springer Nature remains neutral regarding jurisdic-
tional claims in published maps and institutional affiliations. Correspondence and requests for 
materials should be addressed to Manjesh Kumar (manjeshkumar@chemical.iitd.ac.in).

Competing Financial Interests The authors declare no competing financial interests.

References

 1. Kvisle S et al (2008) Methanol-to-hydrocarbons. In: Handbook of heterogeneous catalysis. 
Wiley-VCH Verlag GmbH & Co. KGaA https://doi.org/10.1002/9783527610044.hetcat0149

 2. (2016) The changing landscape of hydrocarbon feedstocks for chemical production: implica-
tions for catalysis. Focus Catal 2016:7. https://doi.org/10.1016/j.focat.2016.08.041

 3. Yang M, Fan D, Wei Y, Tian P, Liu Z (2019) Recent progress in methanol-to-olefins (MTO) 
catalysts. Adv Mater 31:1902181. https://doi.org/10.1002/adma.201902181

 4. Sun Q, Xie Z, Yu J (2018) The state-of-the-art synthetic strategies for SAPO-34 zeolite 
catalysts in methanol-to-olefin conversion. Natl Sci Rev 5:542. https://doi.org/10.1093/
nsr/nwx103

 5. Chae HJ, Song YH, Jeong KE, Kim CU, Jeong SY (2010) Physicochemical characteristics of 
ZSM-5/SAPO-34 composite catalyst for MTO reaction. J Phys Chem Solids 71:600. https://
doi.org/10.1016/j.jpcs.2009.12.046

 6. Xu S et  al (2017) Advances in catalysis for methanol-to-olefins conversion. Adv Catal. 
https://doi.org/10.1016/bs.acat.2017.10.002

 7. Tian P, Wei Y, Ye M, Liu Z (2015) Methanol to olefins (MTO): from fundamentals to com-
mercialization. ACS Catal 5:1922. https://doi.org/10.1021/acscatal.5b00007

 8. Stöcker M (1999) Methanol-to-hydrocarbons: catalytic materials and their behavior. 
Microporous Mesoporous Mater 29:3–48

 9. Zhu LT, Ma WY, Luo ZH (2018) Influence of distributed pore size and porosity on MTO 
catalyst particle performance: modeling and simulation. Chem Eng Res Des 137:141. https://
doi.org/10.1016/j.cherd.2018.07.005

Shifting Trend of Rational Design Heuristics for Methanol-to-Olefins (MTO) Catalysts

https://doi.org/10.1002/9783527610044.hetcat0149
https://doi.org/10.1016/j.focat.2016.08.041
https://doi.org/10.1002/adma.201902181
https://doi.org/10.1093/nsr/nwx103
https://doi.org/10.1093/nsr/nwx103
https://doi.org/10.1016/j.jpcs.2009.12.046
https://doi.org/10.1016/j.jpcs.2009.12.046
https://doi.org/10.1016/bs.acat.2017.10.002
https://doi.org/10.1021/acscatal.5b00007
https://doi.org/10.1016/j.cherd.2018.07.005
https://doi.org/10.1016/j.cherd.2018.07.005


370

 10. Wang Q, Cui ZM, Cao CY, Song WG (2011) 0.3 Å makes the difference: dramatic changes 
in methanol-to-olefin activities between H-ZSM-12 and H-ZSM-22 zeolites. J Phys Chem C 
115:24987. https://doi.org/10.1021/jp209182u

 11. Chen JQ, Bozzano A, Glover B, Fuglerud T, Kvisle S (2005) Recent advancements in eth-
ylene and propylene production using the UOP/hydro MTO process. Catal Today 106:103. 
https://doi.org/10.1016/j.cattod.2005.07.178

 12. Yarulina I, Chowdhury AD, Meirer F, Weckhuysen BM, Gascon J (2018) Recent trends and 
fundamental insights in the methanol-to-hydrocarbons process. Nat Catal 1:398. https://doi.
org/10.1038/s41929- 018- 0078- 5

 13. Castro M et al (2009) Silicoaluminophosphate molecular sieves STA-7 and STA-14 and their 
structure-dependent catalytic performance in the conversion of methanol to olefins. J Phys 
Chem C 113:15731. https://doi.org/10.1021/jp904623a

 14. Goetze J et al (2017) Insights into the activity and deactivation of the methanol-to-olefins 
process over different small-pore zeolites as studied with operando UV-vis spectroscopy. 
ACS Catal 7:4033. https://doi.org/10.1021/acscatal.6b03677

 15. Li X, Shen W, Zheng A (2019) The influence of acid strength and pore size effect on pro-
pene elimination reaction over zeolites: a theoretical study. Microporous Mesoporous Mater. 
https://doi.org/10.1016/j.micromeso.2018.11.026

 16. Boruntea CR, Sastre G, Lundegaard LF, Corma A, Vennestrøm PNR (2019) Synthesis of 
high-silica erionite driven by computational screening of hypothetical zeolites. Chem Mater 
31:9268. https://doi.org/10.1021/acs.chemmater.9b01229

 17. Martínez-Franco R, Paris C, Martínez-Triguero J, Moliner M, Corma A (2017) Direct syn-
thesis of the aluminosilicate form of the small pore CDO zeolite with novel OSDAs and the 
expanded polymorphs. Microporous Mesoporous Mater 246:147. https://doi.org/10.1016/j.
micromeso.2017.03.014

 18. Ferri P et al (2019) Chemical and structural parameter connecting cavity architecture, con-
fined hydrocarbon Pool species, and MTO product selectivity in small-pore cage-based zeo-
lites. ACS Catal 9:11542. https://doi.org/10.1021/acscatal.9b04588

 19. Deimund MA, Schmidt JE, Davis ME (2015) Effect of pore and cage size on the formation 
of aromatic intermediates during the methanol-to-olefins reaction. Top Catal 58:416. https://
doi.org/10.1007/s11244- 015- 0384- y

 20. Haw JF, Song W, Marcus DM, Nicholas JB (2003) The mechanism of methanol to hydrocar-
bon catalysis. Acc Chem Res 36:317. https://doi.org/10.1021/ar020006o

 21. Jing B et al (2017) Comparative study of methanol to olefins over ZSM-5, ZSM-11, ZSM-22 
and EU-1: Dependence of catalytic performance on the zeolite framework structure. Journal 
of Nanoscience and Nanotechnology 17, 3680–3688,https://doi.org/10.1166/jnn.2017.13986

 22. Dyballa M et  al (2018) Tuning the material and catalytic properties of SUZ-4 zeolites 
for the conversion of methanol or methane. Microporous Mesoporous Mater. https://doi.
org/10.1016/j.micromeso.2018.02.004

 23. Teketel S et al (2012) Shape selectivity in the conversion of methanol to hydrocarbons: the 
catalytic performance of one-dimensional 10-ring zeolites: ZSM-22, ZSM-23, ZSM-48, and 
EU-1. ACS Catal. https://doi.org/10.1021/cs200517u

 24. Wang S et al (2018) Relation of catalytic performance to the aluminum siting of acidic zeo-
lites in the conversion of methanol to olefins, viewed via a comparison between ZSM-5 and 
ZSM-11. ACS Catal 8:5485. https://doi.org/10.1021/acscatal.8b01054

 25. Sastre G (2016) Confinement effects in methanol to olefins catalysed by zeolites: a computa-
tional review. Front Chem Sci Eng 10:76. https://doi.org/10.1007/s11705- 016- 1557- 3

 26. Li X, Jiang J (2018) Methanol-to-olefin conversion in ABC-6 zeolite cavities: unravelling the 
role of cavity shape and size from density functional theory calculations. Phys Chem Chem 
Phys 20:14322. https://doi.org/10.1039/c8cp00572a

 27. Bhawe Y et al (2012) Effect of cage size on the selective conversion of methanol to light 
olefins. ACS Catal 2:2490. https://doi.org/10.1021/cs300558x

M. Kumar

https://doi.org/10.1021/jp209182u
https://doi.org/10.1016/j.cattod.2005.07.178
https://doi.org/10.1038/s41929-018-0078-5
https://doi.org/10.1038/s41929-018-0078-5
https://doi.org/10.1021/jp904623a
https://doi.org/10.1021/acscatal.6b03677
https://doi.org/10.1016/j.micromeso.2018.11.026
https://doi.org/10.1021/acs.chemmater.9b01229
https://doi.org/10.1016/j.micromeso.2017.03.014
https://doi.org/10.1016/j.micromeso.2017.03.014
https://doi.org/10.1021/acscatal.9b04588
https://doi.org/10.1007/s11244-015-0384-y
https://doi.org/10.1007/s11244-015-0384-y
https://doi.org/10.1021/ar020006o
https://doi.org/10.1016/j.micromeso.2018.02.004
https://doi.org/10.1016/j.micromeso.2018.02.004
https://doi.org/10.1021/cs200517u
https://doi.org/10.1021/acscatal.8b01054
https://doi.org/10.1007/s11705-016-1557-3
https://doi.org/10.1039/c8cp00572a
https://doi.org/10.1021/cs300558x


371

 28. Park JW, Seo G (2009) IR study on methanol-to-olefin reaction over zeolites with differ-
ent pore structures and acidities. Appl Catal A Gen 356:180. https://doi.org/10.1016/j.
apcata.2009.01.001

 29. Zhu Q et al (2007) A comparative study of methanol to olefin over CHA and MTF zeolites. J 
Phys Chem C 111:5409. https://doi.org/10.1021/jp063172c

 30. Min HK, Park MB, Hong SB (2010) Methanol-to-olefin conversion over H-MCM-22 and 
H-ITQ-2 zeolites. J Catal 271:186. https://doi.org/10.1016/j.jcat.2010.01.012

 31. Kumita Y, Gascon J, Stavitski E, Moulijn JA, Kapteijn F (2011) Shape selective methanol 
to olefins over highly thermostable DDR catalysts. Appl Catal A Gen 391:234. https://doi.
org/10.1016/j.apcata.2010.07.023

 32. Chen J et al (2014) Spatial confinement effects of cage-type SAPO molecular sieves on prod-
uct distribution and coke formation in methanol-to-olefin reaction. Catal Commun 46:36. 
https://doi.org/10.1016/j.catcom.2013.11.016

 33. Li J et al (2015) Cavity controls the selectivity: insights of confinement effects on MTO reac-
tion. ACS Catal 5:661. https://doi.org/10.1021/cs501669k

 34. Li X et al (2014) Confinement effect of zeolite cavities on methanol-to-olefin conversion: 
a density functional theory study. J Phys Chem C 118:24935. https://doi.org/10.1021/
jp505696m

 35. Kang JH, Alshafei FH, Zones SI, Davis ME (2019) Cage-defining ring: a molecular sieve 
structural Indicator for light olefin product distribution from the methanol-to-olefins reaction. 
ACS Catal 9:6012. https://doi.org/10.1021/acscatal.9b00746

 36. Zhang W et al (2018) Methanol to olefins reaction over cavity-type zeolite: cavity controls 
the critical intermediates and product selectivity. ACS Catal 8:10950. https://doi.org/10.1021/
acscatal.8b02164

 37. Yang M et al (2020) High propylene selectivity in methanol conversion over a small-pore 
SAPO molecular sieve with ultra-small cage. ACS Catal 10:3741. https://doi.org/10.1021/
acscatal.9b04703

 38. Li C et al (2018) Synthesis of reaction-adapted zeolites as methanol-to-olefins catalysts with 
mimics of reaction intermediates as organic structure-directing agents. Nat Catal 1:547. 
https://doi.org/10.1038/s41929- 018- 0104- 7

 39. Bleken F et al (2011) Conversion of methanol over 10-ring zeolites with differing volumes at 
channel intersections: comparison of TNU-9, IM-5, ZSM-11 and ZSM-5. Phys Chem Chem 
Phys 13:2539. https://doi.org/10.1039/c0cp01982h

 40. Ahn NH, Seo S, Hong SB (2016) Small-pore molecular sieves SAPO-57 and SAPO-59: 
synthesis, characterization, and catalytic properties in methanol-to-olefins conversion. Cat 
Sci Technol 6:2725. https://doi.org/10.1039/c5cy02103k

 41. Rahimi K, Towfighi J, Sedighi M, Masoumi S, Kooshki Z (2016) The effects of SiO2/
Al2O3 and H2O/Al2O3 molar ratios on SAPO-34 catalysts in methanol to olefins (MTO) 
process using experimental design. J Ind Eng Chem 35:123. https://doi.org/10.1016/j.
jiec.2015.12.015

 42. Izadbakhsh A et al (2009) Effect of SAPO-34’s composition on its physico-chemical proper-
ties and deactivation in MTO process. Appl Catal A Gen 364:48. https://doi.org/10.1016/j.
apcata.2009.05.022

 43. Sun Q, Wang N, Bai R, Chen X, Yu J (2016) Seeding induced nano-sized hierarchical 
SAPO-34 zeolites: cost-effective synthesis and superior MTO performance. J Mater Chem A 
4:14978. https://doi.org/10.1039/c6ta06613e

 44. Masoumi S, Towfighi J, Mohamadalizadeh A, Kooshki Z, Rahimi K (2015) Tri-templates 
synthesis of SAPO-34 and its performance in MTO reaction by statistical design of experi-
ments. Appl Catal A Gen 493:103. https://doi.org/10.1016/j.apcata.2014.12.033

 45. Li J, Li Z, Han D, Wu J (2014) Facile synthesis of SAPO-34 with small crystal size for 
conversion of methanol to olefins. Powder Technol 262:177. https://doi.org/10.1016/j.
powtec.2014.04.082

Shifting Trend of Rational Design Heuristics for Methanol-to-Olefins (MTO) Catalysts

https://doi.org/10.1016/j.apcata.2009.01.001
https://doi.org/10.1016/j.apcata.2009.01.001
https://doi.org/10.1021/jp063172c
https://doi.org/10.1016/j.jcat.2010.01.012
https://doi.org/10.1016/j.apcata.2010.07.023
https://doi.org/10.1016/j.apcata.2010.07.023
https://doi.org/10.1016/j.catcom.2013.11.016
https://doi.org/10.1021/cs501669k
https://doi.org/10.1021/jp505696m
https://doi.org/10.1021/jp505696m
https://doi.org/10.1021/acscatal.9b00746
https://doi.org/10.1021/acscatal.8b02164
https://doi.org/10.1021/acscatal.8b02164
https://doi.org/10.1021/acscatal.9b04703
https://doi.org/10.1021/acscatal.9b04703
https://doi.org/10.1038/s41929-018-0104-7
https://doi.org/10.1039/c0cp01982h
https://doi.org/10.1039/c5cy02103k
https://doi.org/10.1016/j.jiec.2015.12.015
https://doi.org/10.1016/j.jiec.2015.12.015
https://doi.org/10.1016/j.apcata.2009.05.022
https://doi.org/10.1016/j.apcata.2009.05.022
https://doi.org/10.1039/c6ta06613e
https://doi.org/10.1016/j.apcata.2014.12.033
https://doi.org/10.1016/j.powtec.2014.04.082
https://doi.org/10.1016/j.powtec.2014.04.082


372

 46. Barbera K, Bonino F, Bordiga S, Janssens TVW, Beato P (2011) Structure-deactivation rela-
tionship for ZSM-5 catalysts governed by framework defects. J Catal 280:196. https://doi.
org/10.1016/j.jcat.2011.03.016

 47. Yarulina I et al (2016) Methanol-to-olefins process over zeolite catalysts with DDR topol-
ogy: effect of composition and structural defects on catalytic performance. Cat Sci Technol 
6:2663. https://doi.org/10.1039/c5cy02140e

 48. Palčić A, Ordomsky VV, Qin Z, Georgieva V, Valtchev V (2018) Tuning zeolite properties for 
a highly efficient synthesis of propylene from methanol. Chem A Eur J 24:13136. https://doi.
org/10.1002/chem.201803136

 49. Sazama P et  al (2011) FTIR and 27Al MAS NMR analysis of the effect of framework 
Al- and Si-defects in micro- and micro-mesoporous H-ZSM-5 on conversion of metha-
nol to hydrocarbons. Microporous Mesoporous Mater 143:87. https://doi.org/10.1016/j.
micromeso.2011.02.013

 50. Bleken FL et al (2012) Conversion of methanol into light olefins over ZSM-5 zeolite: strategy 
to enhance propene selectivity. Appl Catal A Gen 447–448:178. https://doi.org/10.1016/j.
apcata.2012.09.025

 51. Liu X et al (2016) Coke suppression in MTO over hierarchical SAPO-34 zeolites. RSC Adv 
6:28787. https://doi.org/10.1039/c6ra02282k

 52. Chen X et  al (2016) The preparation of hierarchical SAPO-34 crystals via post-synthesis 
fluoride etching. Chem Commun 52:3512. https://doi.org/10.1039/c5cc09498d

 53. Khare R, Millar D, Bhan A (2015) A mechanistic basis for the effects of crystallite size 
on light olefin selectivity in methanol-to-hydrocarbons conversion on MFI. J Catal 321:23. 
https://doi.org/10.1016/j.jcat.2014.10.016

 54. Remi JCS et al (2016) The role of crystal diversity in understanding mass transfer in nanopo-
rous materials. Nat Mater 15:401. https://doi.org/10.1038/nmat4510

 55. Chen D, Moljord K, Fuglerud T, Holmen A (1999) The effect of crystal size of SAPO-34 
on the selectivity and deactivation of the MTO reaction. Microporous Mesoporous Mater 
29:191. https://doi.org/10.1016/S1387- 1811(98)00331- X

 56. Hereijgers BPC et  al (2009) Product shape selectivity dominates the methanol-to-olefins 
(MTO) reaction over H-SAPO-34 catalysts. J Catal 264:77. https://doi.org/10.1016/j.
jcat.2009.03.009

 57. Hirota Y, Murata K, Miyamoto M, Egashira Y, Nishiyama N (2010) Light olefins synthesis 
from methanol and dimethylether over SAPO-34 nanocrystals. Catal Lett 140:22. https://doi.
org/10.1007/s10562- 010- 0421- 1

 58. Álvaro-Muñoz T, Márquez-Álvarez C, Sastre E (2012) Use of different templates on 
SAPO-34 synthesis: effect on the acidity and catalytic activity in the MTO reaction. Catal 
Today 179:27. https://doi.org/10.1016/j.cattod.2011.07.038

 59. Lefevere J, Mullens S, Meynen V, Van Noyen J (2014) Structured catalysts for methanol-to- 
olefins conversion: a review. Chem Pap 68. https://doi.org/10.2478/s11696- 014- 0568- 0

 60. Gao M et  al (2019) A modeling study on reaction and diffusion in MTO process over 
SAPO-34 zeolites. Chem Eng J 377:119668. https://doi.org/10.1016/j.cej.2018.08.054

 61. Wang P, Lv A, Hu J, Xu J, Lu G (2012) The synthesis of SAPO-34 with mixed template and 
its catalytic performance for methanol to olefins reaction. Microporous Mesoporous Mater. 
https://doi.org/10.1016/j.micromeso.2011.11.037

 62. Yang G et al (2013) Nanosize-enhanced lifetime of SAPO-34 catalysts in methanol-to-olefin 
reactions. J Phys Chem C 117:8214. https://doi.org/10.1021/jp312857p

 63. Jiang Y et  al (2016) Effect of (Si+Al)/CTAB ratio on crystal size of mesoporous ZSM-5 
structure over methanol-to-olefin reactions. J.  Taiwan Inst Chem Eng 61:234. https://doi.
org/10.1016/j.jtice.2015.12.017

 64. Martínez-Franco R, Li Z, Martínez-Triguero J, Moliner M, Corma A (2016) Improving the 
catalytic performance of SAPO-18 for the methanol-to-olefins (MTO) reaction by control-
ling the Si distribution and crystal size. Cat Sci Technol 6:2796. https://doi.org/10.1039/
c5cy02298c

M. Kumar

https://doi.org/10.1016/j.jcat.2011.03.016
https://doi.org/10.1016/j.jcat.2011.03.016
https://doi.org/10.1039/c5cy02140e
https://doi.org/10.1002/chem.201803136
https://doi.org/10.1002/chem.201803136
https://doi.org/10.1016/j.micromeso.2011.02.013
https://doi.org/10.1016/j.micromeso.2011.02.013
https://doi.org/10.1016/j.apcata.2012.09.025
https://doi.org/10.1016/j.apcata.2012.09.025
https://doi.org/10.1039/c6ra02282k
https://doi.org/10.1039/c5cc09498d
https://doi.org/10.1016/j.jcat.2014.10.016
https://doi.org/10.1038/nmat4510
https://doi.org/10.1016/S1387-1811(98)00331-X
https://doi.org/10.1016/j.jcat.2009.03.009
https://doi.org/10.1016/j.jcat.2009.03.009
https://doi.org/10.1007/s10562-010-0421-1
https://doi.org/10.1007/s10562-010-0421-1
https://doi.org/10.1016/j.cattod.2011.07.038
https://doi.org/10.2478/s11696-014-0568-0
https://doi.org/10.1016/j.cej.2018.08.054
https://doi.org/10.1016/j.micromeso.2011.11.037
https://doi.org/10.1021/jp312857p
https://doi.org/10.1016/j.jtice.2015.12.017
https://doi.org/10.1016/j.jtice.2015.12.017
https://doi.org/10.1039/c5cy02298c
https://doi.org/10.1039/c5cy02298c


373

 65. Bakhtiar SUH et  al (2018) CTAB-assisted size controlled synthesis of SAPO-34 and its 
contribution toward MTO performance. Dalton Trans 47:9861. https://doi.org/10.1039/
c8dt01811a

 66. Xu Z et al (2019) Size control of SSZ-13 crystals with APAM and its influence on the coking 
behaviour during MTO reaction. Cat Sci Technol 9:2888. https://doi.org/10.1039/c9cy00412b

 67. Ma M et al (2020) Synthesis of small-sized SAPO-34 assisted by pluronic F127 nonionic 
surfactant and its catalytic performance for methanol to olefins (MTO). Catal Commun 
133:105839. https://doi.org/10.1016/j.catcom.2019.105839

 68. Li M et al (2017) Solvent-free synthesis of SAPO-34 nanocrystals with reduced template 
consumption for methanol-to-olefins process. Appl Catal A Gen 531:203. https://doi.
org/10.1016/j.apcata.2016.11.005

 69. Dai W, Wu G, Li L, Guan N, Hunger M (2013) Mechanisms of the deactivation of SAPO-34 
materials with different crystal sizes applied as MTO catalysts. ACS Catal 3:588. https://doi.
org/10.1021/cs400007v

 70. Gao S et  al (2018) Insight into the deactivation mode of methanol-to-olefins conversion 
over SAPO-34: coke, diffusion, and acidic site accessibility. J Catal 367:306. https://doi.
org/10.1016/j.jcat.2018.09.010

 71. Xu B, Bordiga S, Prins R, van Bokhoven JA (2007) Effect of framework Si/Al ratio and 
extra-framework aluminum on the catalytic activity of Y zeolite. Appl Catal A Gen 333:245. 
https://doi.org/10.1016/j.apcata.2007.09.018

 72. Aguayo AT, Gayubo AG, Vivanco R, Olazar M, Bilbao J (2005) Role of acidity and micro-
porous structure in alternative catalysts for the transformation of methanol into olefins. Appl 
Catal A Gen 283:197. https://doi.org/10.1016/j.apcata.2005.01.006

 73. Zhu Q et  al (2008) The study of methanol-to-olefin over proton type aluminosili-
cate CHA zeolites. Microporous Mesoporous Mater 112:153. https://doi.org/10.1016/j.
micromeso.2007.09.026

 74. Zhu Q et  al (2008) Methanol-to-olefin over gallosilicate analogues of chabazite zeolite. 
Microporous Mesoporous Mater 116:253. https://doi.org/10.1016/j.micromeso.2008.04.017

 75. Dai W et al (2011) Methanol-to-olefin conversion on silicoaluminophosphate catalysts: effect 
of brønsted acid sites and framework structures. ACS Catal 1:292. https://doi.org/10.1021/
cs200016u

 76. Dai W et al (2012) Methanol-to-olefin conversion catalyzed by low-silica AlPO-34 with traces 
of Brønsted acid sites: combined catalytic and spectroscopic investigations. ChemCatChem 
4:1428. https://doi.org/10.1002/cctc.201100503

 77. Deimund MA et al (2016) Effect of heteroatom concentration in SSZ-13 on the methanol-to- 
olefins reaction. ACS Catal 6:542. https://doi.org/10.1021/acscatal.5b01450

 78. Liang T et al (2016) Conversion of methanol to olefins over H-ZSM-5 zeolite: reaction path-
way is related to the framework aluminum siting. ACS Catal 6:7311. https://doi.org/10.1021/
acscatal.6b01771

 79. Wang S et  al (2019) Tuning the siting of aluminum in ZSM-11 zeolite and regulating its 
catalytic performance in the conversion of methanol to olefins. J Catal 377:81. https://doi.
org/10.1016/j.jcat.2019.07.028

 80. Müller S et al (2016) Hydrogen transfer pathways during zeolite catalyzed methanol conver-
sion to hydrocarbons. J Am Chem Soc 138:15994. https://doi.org/10.1021/jacs.6b09605

 81. Losch P et al (2017) H-ZSM-5 zeolite model crystals: structure-diffusion-activity relationship 
in methanol-to-olefins catalysis. J Catal 345:11. https://doi.org/10.1016/j.jcat.2016.11.005

 82. Chu Y, Yi X, Li C, Sun X, Zheng A (2018) Brønsted/Lewis acid sites synergistically pro-
mote the initial C-C bond formation in the MTO reaction. Chem Sci 9:6470. https://doi.
org/10.1039/c8sc02302f

 83. Wilson S, Barger P (1999) The characteristics of SAPO-34 which influence the conversion of 
methanol to light olefins. Microporous Mesoporous Mater 29:117–126

 84. Mitchell S et al (2015) Aluminum redistribution during the preparation of hierarchical zeo-
lites by Desilication. Chem A Eur J 21:14156. https://doi.org/10.1002/chem.201500992

Shifting Trend of Rational Design Heuristics for Methanol-to-Olefins (MTO) Catalysts

https://doi.org/10.1039/c8dt01811a
https://doi.org/10.1039/c8dt01811a
https://doi.org/10.1039/c9cy00412b
https://doi.org/10.1016/j.catcom.2019.105839
https://doi.org/10.1016/j.apcata.2016.11.005
https://doi.org/10.1016/j.apcata.2016.11.005
https://doi.org/10.1021/cs400007v
https://doi.org/10.1021/cs400007v
https://doi.org/10.1016/j.jcat.2018.09.010
https://doi.org/10.1016/j.jcat.2018.09.010
https://doi.org/10.1016/j.apcata.2007.09.018
https://doi.org/10.1016/j.apcata.2005.01.006
https://doi.org/10.1016/j.micromeso.2007.09.026
https://doi.org/10.1016/j.micromeso.2007.09.026
https://doi.org/10.1016/j.micromeso.2008.04.017
https://doi.org/10.1021/cs200016u
https://doi.org/10.1021/cs200016u
https://doi.org/10.1002/cctc.201100503
https://doi.org/10.1021/acscatal.5b01450
https://doi.org/10.1021/acscatal.6b01771
https://doi.org/10.1021/acscatal.6b01771
https://doi.org/10.1016/j.jcat.2019.07.028
https://doi.org/10.1016/j.jcat.2019.07.028
https://doi.org/10.1021/jacs.6b09605
https://doi.org/10.1016/j.jcat.2016.11.005
https://doi.org/10.1039/c8sc02302f
https://doi.org/10.1039/c8sc02302f
https://doi.org/10.1002/chem.201500992


374

 85. Fjermestad T, Svelle S, Swang O (2013) Mechanistic comparison of the dealumination in 
SSZ-13 and the desilication in SAPO-34. J Phys Chem C 117:13442. https://doi.org/10.1021/
jp4028468

 86. Ji Y, Deimund MA, Bhawe Y, Davis ME (2015) Organic-free synthesis of CHA-type zeo-
lite catalysts for the methanol-to-olefins reaction. ACS Catal 5:4456. https://doi.org/10.1021/
acscatal.5b00404

 87. Ji Y, Birmingham J, Deimund MA, Brand SK, Davis ME (2016) Steam-dealuminated, 
OSDA-free RHO and KFI-type zeolites as catalysts for the methanol-to-olefins reaction. 
Microporous Mesoporous Mater. https://doi.org/10.1016/j.micromeso.2016.06.012

 88. Dusselier M, Deimund MA, Schmidt JE, Davis ME (2015) Methanol-to-olefins catalysis 
with hydrothermally treated zeolite SSZ-39. ACS Catal 5:6078. https://doi.org/10.1021/
acscatal.5b01577

 89. Kong C, Zhu J, Liu S, Wang Y (2017) SAPO-34 with a low acidity outer layer by epitaxial 
growth and its improved MTO performance. RSC Adv 7:39889. https://doi.org/10.1039/
c7ra06488h

 90. Zhang L, Chen K, Chen B, White JL, Resasco DE (2015) Factors that determine zeolite sta-
bility in hot liquid water. J Am Chem Soc 137:11810. https://doi.org/10.1021/jacs.5b07398

 91. Jamil AK et al (2016) Hydrothermal stability of one-dimensional pore ZSM-22 zeolite in hot 
water. J Phys Chem C 120:22918. https://doi.org/10.1021/acs.jpcc.6b04980

 92. Valle B, Alonso A, Atutxa A, Gayubo AG, Bilbao J (2005) Effect of nickel incorporation on 
the acidity and stability of HZSM-5 zeolite in the MTO process. Catal Today 106:118. https://
doi.org/10.1016/j.cattod.2005.07.132

 93. Li Z, Martínez-Triguero J, Yu J, Corma A (2015) Conversion of methanol to olefins: sta-
bilization of nanosized SAPO-34 by hydrothermal treatment. J Catal 329:379. https://doi.
org/10.1016/j.jcat.2015.05.025

 94. Wang C et al (2016) A reconstruction strategy to synthesize mesoporous SAPO molecular 
sieve single crystals with high MTO catalytic activity. Chem Commun 52:6463. https://doi.
org/10.1039/c6cc01834c

 95. Lopez-Orozco S, Inayat A, Schwab A, Selvam T, Schwieger W (2011) Zeolitic materials with 
hierarchical porous structures. Adv Mater 23:2602. https://doi.org/10.1002/adma.201100462

 96. Dugkhuntod P, Wattanakit C (2020) A comprehensive review of the applications of hierar-
chical zeolite nanosheets and nanoparticle assemblies in light olefin production. Catalysts 
10:245. https://doi.org/10.3390/catal10020245

 97. Wang F et al (2014) Polyethyleneimine templated synthesis of hierarchical SAPO-34 zeolites 
with uniform mesopores. RSC Adv 4:46093. https://doi.org/10.1039/c4ra08199d

 98. Varzaneh AZ, Towfighi J, Sahebdelfar S, Bahrami H (2016) Carbon nanotube templated 
synthesis of hierarchical SAPO-34 catalysts with different structure directing agents for 
catalytic conversion of methanol to light olefins. J Anal Appl Pyrolysis 121:11. https://doi.
org/10.1016/j.jaap.2016.06.007

 99. Wang J et  al (2017) Synthesis, characterization, and catalytic application of hierarchi-
cal SAPO-34 zeolite with three-dimensionally ordered mesoporous-imprinted structure. 
Microporous Mesoporous Mater. https://doi.org/10.1016/j.micromeso.2017.06.012

 100. Wu L, Degirmenci V, Magusin PCMM, Lousberg NJHGM, Hensen EJM (2013) Mesoporous 
SSZ-13 zeolite prepared by a dual-template method with improved performance in the 
methanol- to-olefins reaction. J Catal. https://doi.org/10.1016/j.jcat.2012.10.029

 101. Xi D et al (2014) In situ growth-etching approach to the preparation of hierarchically mac-
roporous zeolites with high MTO catalytic activity and selectivity. J Mater Chem A 2:17994. 
https://doi.org/10.1039/c4ta03030c

 102. Wu L, Hensen EJM (2014) Comparison of mesoporous SSZ-13 and SAPO-34 zeolite cata-
lysts for the methanol-to-olefins reaction. Catal Today 235:160. https://doi.org/10.1016/j.
cattod.2014.02.057

M. Kumar

https://doi.org/10.1021/jp4028468
https://doi.org/10.1021/jp4028468
https://doi.org/10.1021/acscatal.5b00404
https://doi.org/10.1021/acscatal.5b00404
https://doi.org/10.1016/j.micromeso.2016.06.012
https://doi.org/10.1021/acscatal.5b01577
https://doi.org/10.1021/acscatal.5b01577
https://doi.org/10.1039/c7ra06488h
https://doi.org/10.1039/c7ra06488h
https://doi.org/10.1021/jacs.5b07398
https://doi.org/10.1021/acs.jpcc.6b04980
https://doi.org/10.1016/j.cattod.2005.07.132
https://doi.org/10.1016/j.cattod.2005.07.132
https://doi.org/10.1016/j.jcat.2015.05.025
https://doi.org/10.1016/j.jcat.2015.05.025
https://doi.org/10.1039/c6cc01834c
https://doi.org/10.1039/c6cc01834c
https://doi.org/10.1002/adma.201100462
https://doi.org/10.3390/catal10020245
https://doi.org/10.1039/c4ra08199d
https://doi.org/10.1016/j.jaap.2016.06.007
https://doi.org/10.1016/j.jaap.2016.06.007
https://doi.org/10.1016/j.micromeso.2017.06.012
https://doi.org/10.1016/j.jcat.2012.10.029
https://doi.org/10.1039/c4ta03030c
https://doi.org/10.1016/j.cattod.2014.02.057
https://doi.org/10.1016/j.cattod.2014.02.057


375

 103. Sharifi Pajaie H, Taghizadeh M (2016) Methanol conversion to light olefins over surfactant- 
modified nanosized SAPO-34. React Kinet Mech Catal 118:701. https://doi.org/10.1007/
s11144- 016- 1023- 8

 104. Zhu X et  al (2016) Trimodal porous hierarchical SSZ-13 zeolite with improved catalytic 
performance in the methanol-to-olefins reaction. ACS Catal 6:2163. https://doi.org/10.1021/
acscatal.5b02480

 105. Chen H et  al (2019) Organosilane surfactant-directed synthesis of nanosheet-assembled 
SAPO-34 zeolites with improved MTO catalytic performance. J Mater Sci 54:8202. https://
doi.org/10.1007/s10853- 019- 03485- w

 106. Kang EA et  al (2013) Synthesis of mesoporous SAPO-34 zeolite from mesoporous sil-
ica materials for methanol to light olefins. J Nanosci Nanotechnol 13:7498. https://doi.
org/10.1166/jnn.2013.7905

 107. Li Y et al (2014) Hierarchical SAPO-34/18 zeolite with low acid site density for converting 
methanol to olefins. Catal Today 233:2. https://doi.org/10.1016/j.cattod.2014.03.038

 108. Chen X et al (2016) A top-down approach to hierarchical SAPO-34 zeolites with improved 
selectivity of olefin. Microporous Mesoporous Mater 234:401. https://doi.org/10.1016/j.
micromeso.2016.07.045

 109. Jin W et al (2018) Selective Desilication, Mesopores formation, and MTO reaction enhance-
ment via citric acid treatment of zeolite SAPO-34. Ind Eng Chem Res 57:4231. https://doi.
org/10.1021/acs.iecr.8b00632

 110. Liu Z et  al (2018) Melting-assisted solvent-free synthesis of hierarchical SAPO-34 with 
enhanced methanol to olefins (MTO) performance. Cat Sci Technol 8:423. https://doi.
org/10.1039/c7cy02283b

 111. Yang ST et al (2012) Microwave synthesis of mesoporous SAPO-34 with a hierarchical pore 
structure. Mater Res Bull 47:3888. https://doi.org/10.1016/j.materresbull.2012.08.041

 112. Galadima A, Muraza O (2015) From synthesis gas production to methanol synthesis and 
potential upgrade to gasoline range hydrocarbons: a review. J Nat Gas Sci Eng 25:303. 
https://doi.org/10.1016/j.jngse.2015.05.012

 113. Jasper S, El-Halwagi MM (2015) A techno-economic comparison between two methanol-to- 
propylene processes. PRO 3:684. https://doi.org/10.3390/pr3030684

 114. Dusselier M, Davis ME (2018) Small-pore zeolites: synthesis and catalysis. Chem Rev 
118:5265. https://doi.org/10.1021/acs.chemrev.7b00738

 115. Mei C et al (2008) Selective production of propylene from methanol: Mesoporosity develop-
ment in high silica HZSM-5. J Catal 258:243. https://doi.org/10.1016/j.jcat.2008.06.019

 116. Yarulina I et  al (2018) Structure–performance descriptors and the role of Lewis acid-
ity in the methanol-to-propylene process. Nat Chem 10:804. https://doi.org/10.1038/
s41557- 018- 0081- 0

 117. Rownaghi AA, Hedlund J (2011) Methanol to gasoline-range hydrocarbons: influence of 
nanocrystal size and mesoporosity on catalytic performance and product distribution of 
ZSM-5. Ind Eng Chem Res 50:11872. https://doi.org/10.1021/ie201549j

 118. Jang HG, Min HK, Lee JK, Hong SB, Seo G (2012) SAPO-34 and ZSM-5 nanocrystals’ size 
effects on their catalysis of methanol-to-olefin reactions. Appl Catal A Gen 437-438:120. 
https://doi.org/10.1016/j.apcata.2012.06.023

 119. Wang CM, Wang YD, Du YJ, Yang G, Xie ZK (2016) Computational insights into the reac-
tion mechanism of methanol-to-olefins conversion in H-ZSM-5: nature of hydrocarbon pool. 
Cat Sci Technol 6:3279. https://doi.org/10.1039/c5cy01419k

 120. Müller S et al (2015) Coke formation and deactivation pathways on H-ZSM-5 in the conver-
sion of methanol to olefins. J Catal 325:48. https://doi.org/10.1016/j.jcat.2015.02.013

 121. Sun X et al (2014) On reaction pathways in the conversion of methanol to hydrocarbons on 
HZSM-5. J Catal 317:185. https://doi.org/10.1016/j.jcat.2014.06.017

 122. Li J et  al (2011) Comparative study of MTO conversion over SAPO-34, H-ZSM-5 and 
H-ZSM-22: correlating catalytic performance and reaction mechanism to zeolite topology. 
Catal Today 171:221. https://doi.org/10.1016/j.cattod.2011.02.027

Shifting Trend of Rational Design Heuristics for Methanol-to-Olefins (MTO) Catalysts

https://doi.org/10.1007/s11144-016-1023-8
https://doi.org/10.1007/s11144-016-1023-8
https://doi.org/10.1021/acscatal.5b02480
https://doi.org/10.1021/acscatal.5b02480
https://doi.org/10.1007/s10853-019-03485-w
https://doi.org/10.1007/s10853-019-03485-w
https://doi.org/10.1166/jnn.2013.7905
https://doi.org/10.1166/jnn.2013.7905
https://doi.org/10.1016/j.cattod.2014.03.038
https://doi.org/10.1016/j.micromeso.2016.07.045
https://doi.org/10.1016/j.micromeso.2016.07.045
https://doi.org/10.1021/acs.iecr.8b00632
https://doi.org/10.1021/acs.iecr.8b00632
https://doi.org/10.1039/c7cy02283b
https://doi.org/10.1039/c7cy02283b
https://doi.org/10.1016/j.materresbull.2012.08.041
https://doi.org/10.1016/j.jngse.2015.05.012
https://doi.org/10.3390/pr3030684
https://doi.org/10.1021/acs.chemrev.7b00738
https://doi.org/10.1016/j.jcat.2008.06.019
https://doi.org/10.1038/s41557-018-0081-0
https://doi.org/10.1038/s41557-018-0081-0
https://doi.org/10.1021/ie201549j
https://doi.org/10.1016/j.apcata.2012.06.023
https://doi.org/10.1039/c5cy01419k
https://doi.org/10.1016/j.jcat.2015.02.013
https://doi.org/10.1016/j.jcat.2014.06.017
https://doi.org/10.1016/j.cattod.2011.02.027


376

 123. Yang Y et  al (2012) The synthesis of endurable B-Al-ZSM-5 catalysts with tunable acid-
ity for methanol to propylene reaction. Catal Commun 24:44. https://doi.org/10.1016/j.
catcom.2012.03.013

 124. Zhang HR et al (2017) A durable and highly selective PbO/HZSM-5 catalyst for methanol 
to propylene (MTP) conversion. Microporous Mesoporous Mater. https://doi.org/10.1016/j.
micromeso.2017.04.031

 125. Yaripour F, Shariatinia Z, Sahebdelfar S, Irandoukht A (2015) Effect of boron incorporation 
on the structure, products selectivities and lifetime of H-ZSM-5 nanocatalyst designed for 
application in methanol-to-olefins (MTO) reaction. Microporous Mesoporous Mater. https://
doi.org/10.1016/j.micromeso.2014.10.024

 126. Knott BC et al (2018) Consideration of the aluminum distribution in zeolites in theoretical and 
experimental catalysis research. ACS Catal 8:770. https://doi.org/10.1021/acscatal.7b03676

 127. Dědeček J, Tabor E, Sklenak S (2019) Tuning the aluminum distribution in zeolites to 
increase their performance in acid-catalyzed reactions. ChemSusChem 12:556. https://doi.
org/10.1002/cssc.201801959

 128. Nordvang EC, Borodina E, Ruiz-Martínez J, Fehrmann R, Weckhuysen BM (2015) Effects 
of coke deposits on the catalytic performance of large zeolite H-ZSM-5 crystals during 
alcohol- to-hydrocarbon reactions as investigated by a combination of optical spectroscopy 
and microscopy. Chem A Eur J 21:17324. https://doi.org/10.1002/chem.201503136

 129. Hwang A, Kumar M, Rimer JD, Bhan A (2017) Implications of methanol disproportionation 
on catalyst lifetime for methanol-to-olefins conversion by HSSZ-13. J Catal 346:154. https://
doi.org/10.1016/j.jcat.2016.12.003

 130. Hwang A, Bhan A (2019) Deactivation of zeolites and Zeotypes in methanol-to-hydrocarbons 
catalysis: mechanisms and circumvention. Acc Chem Res 52:2647. https://doi.org/10.1021/
acs.accounts.9b00204

 131. Hwang A, Bhan A (2017) Bifunctional strategy coupling Y2O3-catalyzed Alkanal decompo-
sition with methanol-to-olefins catalysis for enhanced lifetime. ACS Catal 7:4417. https://doi.
org/10.1021/acscatal.7b00894

 132. Olsbye U et  al (2012) Conversion of methanol to hydrocarbons: how zeolite cavity and 
pore size controls product selectivity. Angew Chem Int Ed 51:5810. https://doi.org/10.1002/
anie.201103657

 133. Svelle S et al (2006) Conversion of methanol into hydrocarbons over zeolite H-ZSM-5: eth-
ene formation is mechanistically separated from the formation of higher alkenes. J Am Chem 
Soc 128:14770. https://doi.org/10.1021/ja065810a

 134. Dahl IM, Kolboe S (1996) On the reaction mechanism for hydrocarbon formation from meth-
anol over SAPO-34: 2. Isotopic labeling studies of the co-reaction of propene and methanol. 
J Catal 161:304. https://doi.org/10.1006/jcat.1996.0188

 135. Schulz H (2010) ‘Coking’ of zeolites during methanol conversion: basic reactions of 
the MTO-, MTP- and MTG processes. Catal Today 154:183. https://doi.org/10.1016/j.
cattod.2010.05.012

 136. Van Speybroeck V et al (2011) First principle kinetic studies of zeolite-catalyzed methylation 
reactions. J Am Chem Soc 133:888. https://doi.org/10.1021/ja1073992

 137. Hemelsoet K, Van Der Mynsbrugge J, De Wispelaere K, Waroquier M, Van Speybroeck V 
(2013) Unraveling the reaction mechanisms governing methanol-to-olefins catalysis by the-
ory and experiment. ChemPhysChem 14:1526. https://doi.org/10.1002/cphc.201201023

M. Kumar

https://doi.org/10.1016/j.catcom.2012.03.013
https://doi.org/10.1016/j.catcom.2012.03.013
https://doi.org/10.1016/j.micromeso.2017.04.031
https://doi.org/10.1016/j.micromeso.2017.04.031
https://doi.org/10.1016/j.micromeso.2014.10.024
https://doi.org/10.1016/j.micromeso.2014.10.024
https://doi.org/10.1021/acscatal.7b03676
https://doi.org/10.1002/cssc.201801959
https://doi.org/10.1002/cssc.201801959
https://doi.org/10.1002/chem.201503136
https://doi.org/10.1016/j.jcat.2016.12.003
https://doi.org/10.1016/j.jcat.2016.12.003
https://doi.org/10.1021/acs.accounts.9b00204
https://doi.org/10.1021/acs.accounts.9b00204
https://doi.org/10.1021/acscatal.7b00894
https://doi.org/10.1021/acscatal.7b00894
https://doi.org/10.1002/anie.201103657
https://doi.org/10.1002/anie.201103657
https://doi.org/10.1021/ja065810a
https://doi.org/10.1006/jcat.1996.0188
https://doi.org/10.1016/j.cattod.2010.05.012
https://doi.org/10.1016/j.cattod.2010.05.012
https://doi.org/10.1021/ja1073992
https://doi.org/10.1002/cphc.201201023


377© Springer Nature Switzerland AG 2021
K. K. Pant et al. (eds.), Catalysis for Clean Energy and Environmental 
Sustainability, https://doi.org/10.1007/978-3-030-65021-6_11

Non-conventional Catalytic Materials 
for Refining and Petrochemicals

Subhashini and Tarak Mondal

Abstract Over decades, oil refineries have been one of the major energy sources to 
meet the growing energy demands of world. This extensive dependency will extend 
for next few decades due to the comprehensive research and development in the 
evolution of oil refineries. The special achievement of researchers of using zeolites 
as catalysts in the sector of oil refining and petrochemistry has led to a whole new 
subdivision in the twentieth century. In this chapter, the introductory part briefly 
describes about the composition of crude oil and various separation processes 
involved in its extraction in oil refineries and petrochemical industries. The main 
body of the chapter focuses on the description of refining processes using various 
catalysts and later adapting the zeolites as catalysts due to their extraordinary prop-
erties and features. The final section contains the brief introduction of MOFs, a new 
member of crystalline materials, and also the scope of their usage in oil refineries 
and petrochemical industries.

Keywords Non conventional catalysis · Refining · Petrochemicals · Catalytic 
cracking · Hydroprocessing · Metal organic frameworks

Petroleum is a complex mixture of hydrocarbons found in vast underground pockets 
called reservoirs, in various forms of matter such as gaseous, liquid, or solid. 
Although the word “petroleum” means it is in liquid form, it also appeared in gas-
eous form (natural gas) and solid form (solid bitumen). Petroleum was formed from 
the buried ancient marine organisms such as plants, algae, and bacteria underneath 
sedimentary rocks at high pressure and temperature conditions. Long ago plants and 
animals lived in shallow seas. The organic material (plants and animals) mixed with 
other sediments was buried after dying and sinking to the seafloor. In the absence of 
plentiful oxygen, the aerobic bacteria were not able to decompose the organic 
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matter. However, under such conditions of oxygen level, anaerobic bacteria prevail, 
which reduces the organic matter and transforms it into fossil fuels. Thus, petroleum 
reservoirs are the locations where ancient seas existed. Petroleum reservoirs can be 
found beneath land or the ocean floor.

Petroleum is also used as a synonym for crude oil, but it is a widely defined class 
of hydrocarbon mixtures in liquid state. The components of petroleum are crude oil, 
lease condensate, unfinished oils, refined products, and natural gas plant liquids. 
Out of all, crude oil is the most significant component of petroleum which is the 
origin of energy for the world’s human race existence. The crude oil of petroleum 
reservoirs is extracted with giant drilling machines of the refineries. Naturally 
occurring crude oil is insignificant to consumers and thereby needs to be converted 
into useful products. This transformation was carried out through a series of various 
physical and chemical methods; this process is called refining. By refining pro-
cesses, crude oil is converted into a variety of desired products such as fuels, gases, 
lube oils, and solvents. These products are obtained from crude oil by applying vari-
ous process variables such as heat, pressure, catalysts, and chemicals [1]. Crude oil 
is composed of hydrocarbons (HC) having a wide variety of C/H ratio and molecu-
lar structures. It also contains other heteroatoms such as sulfur (S), oxygen (O), 
nitrogen (N), and heavy metals, e.g., iron, nickel, and vanadium.

Crude oils are classified as follows (Table 1):

• Specific gravity or API gravity—very light, light, medium, heavy, and extra heavy
• Physical appearance—varies from see-through liquids (light) to black solids 

(heavy crude)
• Chemical composition:

 – Sour crude oils having high acidity
 – Paraffinic (mostly paraffin)
 – Naphthenic
 – Aromatic (mostly cyclic or aromatic compounds)

Crude oils go through various separation processes in refining, distillation being 
the primary operation of separation by boiling crude oil into different fractions or 
cuts. After the primary separation of crude oil through distillation, each fraction 
stream is further converted into useful products through:

Table 1 Petroleum products 
from crude oil [2]

Cut Carbon chain length Boiling range (°C)

Petroleum gases 1–4 <5
Naphtha 5–10 20–200
Kerosene 10–16 180–260
Gas oil (diesel oil) 14–20 260–340
Lubricating oil 20–50 370–600
Fuel oil 20–70 330 upwards
Residue >70 Non-distillable
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• Cracking(FCC)—conversion of larger molecules into smaller by the cleavage of 
C−C bonds

• Reforming—a combination of reactions leading to the formation of aromatic 
compounds (e.g., dehydrogenation, isomerization, cyclization, aromatiza-
tion, etc.)

• Hydroprocessing—inducing certain reactions (based on hydrogenation and 
hydrogenolysis) by addition of hydrogen

• Isomerization—molecular conversion from one isomer to another isomer
• Coking—conversion of fluid hydrocarbon into coke
• Alkylation—reaction between an olefin and a paraffin to produce larger paraffin

All the above processes are various treatment and separation processes used to 
improve product quality by removing undesirable constituents (Fig. 1).

The operations and processes occurred in petroleum refinery are classified into 
five basic types:

• Distillation—In this process crude oil is separated into different groups of hydro-
carbon compounds based on their boiling-point ranges in two separate sections 
working under atmospheric pressure and vacuum.

• Conversion processes—In this process the structure and size of hydrocarbon 
molecules are changed by:

 – Decomposition—large molecules are converted into smaller molecules 
through cracking and related processes.

Fig. 1 Refining processes in refinery [1]
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 – Unification—small molecules are converted into larger molecules through 
alkylation, polymerization, and related processes.

 – Reforming—molecules are rearranged into different geometric structures by 
processes like catalytic reforming, isomerization, etc.

• Treatment processes—processes such as hydrodesulphurization, desalting, sol-
vent refining, solvent extraction, sweetening, and dewaxing to get finished 
products.

• Blending—to meet the specific performance properties of the finished products 
by mixing and combining hydrocarbon fractions, additives, and other components.

• Otherrefining operations—These include various components water stripping, 
recovery, product storage and handling, waste treatment, and acid-tail gas treat-
ment [1].

Dynamic market demands and governmental policies and regulations regulate 
the number and quality of manufactured products from crude oil. Therefore, refin-
ing is considered to be a complex dynamic process which requires periodic modern-
ization and revitalizing. Ever since the first oil refinery was opened at Ploiesti, 
Romania, in 1856, refining technology has evolved from simple distillation tech-
nique into a more sophisticated and advanced cascade of processes in order to trans-
form crude oil into various fractions. The number of processes needed to produce 
any fuel of a given set of specifications depends on the specifications as well as the 
quality of the oil used as feedstock.

1  Refinery Processes

Since the composition of two crude oils is not identical, the refineries require differ-
ent separating operations and processes to treat different crude oils. The various 
processes used in the refineries are:

• Distillation—atmospheric and vacuum distillation
• Catalytic cracking
• Catalytic hydrocracking
• Hydroprocessing and resid processing
• Hydrotreating
• Catalytic reforming and isomerization
• Alkylation and polymerization
• Coking and thermal processes
• Blending
• Supporting processes—gas processing unit, hydrogen production-purification, 

acid gas removal, sulfur recovery processes, etc.

Let us discuss each of these processes briefly.
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1.1  Distillation

It is the foremost process in the refining industry. It fractionates the crude stills into 
different crude oil cuts which can be used as feedstock in successive refining pro-
cesses to meet their particular specifications (Fig. 2).

Effective fractionation into simpler cuts with higher efficiencies and lower costs 
is achieved by performing atmospheric distillation followed by vacuum distillation. 
Distillation column consists of a set of trays, which collects the vapor at different 
levels obtained according to their boiling point. Thereafter, lighter components of 
the crude still, i.e., high volatile vapors, are collected in the upper trays whereas the 
heavier components or the less volatile compounds are collected in the bottom tray. 
The high boiling bottom cuts (heavier fractions) are fed into the vacuum tower dis-
tillation unit and further are reduced into simpler and smaller cuts. The model frac-
tions obtained from the distillation column in ascending boiling points are as 
follows:

• Fuel gas(dry gas)—it mainly consists of methane and ethane. In certain refiner-
ies, propane is also obtained with methane and ethane in the fuel gas stream.

• Wet gas—The wet gas stream consists of methane and ethane along with propane 
and butane. These propane and butane are used for LPG after being separated 
from methane and ethane. Moreover, butane is used in gasoline admix and alkyl-
ation unit feed.

• LSR naphtha—The LSR naphtha or LSR gasoline stream is used in gasoline 
blending after removing sulfur from it. Prior to blending, it is also processed in 
an isomerization unit to improve its octane number.

• HSR naphtha or HSR gasoline—HSR naphtha are generally used to produce 
high-octane reformate for gasoline blending and aromatics.

Fig. 2 Atmospheric distillation tower (open internet source)

Non-conventional Catalytic Materials for Refining and Petrochemicals



382

• Gas oils—The gas oils are used to produce gasoline, diesel, and jet fuels in a 
hydrocracker/catalytic cracker unit. In addition, the lubricating oils producing 
processing units use heavier vacuum gas oils as their feedstocks.

• Residuum—The lube base stocks and heavy fuel oil are obtained from vacuum 
still bottoms by further processing them in various units like visbreaker, deas-
phalting, or coker. The deasphalting unit’s product can be further processed to 
obtain different grades of asphalt crudes. These asphalt crudes can be used in 
roads and roofing.

The model fraction cut points and their boiling ranges for atmospheric and vac-
uum distillation are given in the Table 2:

Desalting of the crude oil is required to minimize the scaling and corrosion on 
the reactor surfaces if the salt content exceeds 10 lb./1000 bbl (expressed as NaCl). 
In addition to the removal of the salts present in the crude oil, desalting also helps 
in removing certain metals which causes catalyst deactivation in catalytic processes. 
Depending on the concentration of salts and metals present in the crude oil, desalt-
ing can be done in the two-stage or three-stage method. Desalting process also 
removes the suspended solids present in the crude oil. Usually these suspended 
solids act as contaminants like clay, soil and very fine sand particles, iron oxide, 
sulfides, etc. The various analytical methods used for determining the salt content of 
crude oils are discussed as follows:

• HACH titration with mercuric nitrate
• Potentiometric titration
• Mohr titration with silver nitrate
• Potentiometric titration in a mixed solvent
• Conductivity

1.2  Coking and Thermal Processes

Due to severe environmental restrictions and regulations, the refineries have to 
switch to the production of more and more lighter fractions. The bottom products of 
distillation units are heavier fractions, which usually serve as the feedstock for 

Table 2 Boiling ranges of typical crude oil fractions [1]

Fraction
Boiling ranges (°C)
ASM TBP

Butanes and light straight run-naphtha (LSR) 90–220 90–190
Heavy straight-run naphtha (HSR) 180–400 190–380
Kerosine 330–540 380–520
Light gas oil (LGO) 420–640 520–610
Atmospheric gas oil (AGO) 550–830 610–800
Vacuum gas oil (VGO) 750–1050 800–1050
Vacuum-reduced crude (VRC) 1050+ 1050+
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energy and electric supply for heavy industries. Due to the various limitations of 
heavier fraction feedstocks, these industries have also initiated to shift towards 
lighter fraction feedstock such as natural gas. Hence, heavier fractions obtained 
from distillation are further processed to convert into lighter fractions. This conver-
sion of heavier fractions into lighter fractions is aided by the cooking process. The 
by-product of the coking process is coke formation that primarily contains carbon. 
Coking is generally used to pre-treat vacuum residuals to prepare them a suitable 
feedstock for catalytic crackers and hydrocrackers. There are different types of 
cokes obtained during delayed coking process:

• Sponge coke—it is hard, porous, asymmetrical shaped lumps with particles size 
ranging from 20 in. to fine dust. Since it looks like a black sponge, it is called 
sponge coke.

• Needle coke—it is obtained from feedstocks with high aromatic content under 
high pressure (100 psig) and high recycle ratios (1:1). Since it appears to be an 
elongated crystalline structure, it is called needle coke. Needle coke shows lower 
electrical resistivity and has a lower thermal expansion coefficient; therefore, it 
is preferred over sponge coke by electrode manufacturing industries.

• Shot coke—it is produced while processing very heavy residuals or during opera-
tional upsets. It has a characteristic shape of clusters of shot sized pellets.

The petroleum cokes are mainly used for as follows (Fig. 3):

• Fuel
• Manufacture of electrodes
• Manufacturing elemental calcium carbide, phosphorus, and silicon carbide
• Manufacturing graphite

Fig. 3 Delayed coking unit [1]
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1.3  Catalytic Cracking

The conversion of heavy oils into valuable and lighter products like gasoline is done 
by catalytic cracking [3]. The term cracking means breaking down the long chain 
and heavier hydrocarbon molecules into smaller and more useful molecules (Fig. 4).

Earlier thermal cracking was accomplished, but it is being thoroughly replaced 
by catalytic cracking because catalytic cracking yields more gasoline and light 
gases. These light gases consist of more olefins in comparison with those obtained 
from thermal cracking.

Catalytic cracking involves catalyst application for breakdown of the heavier 
hydrocarbons into lighter. These catalysts do not alter the rate of the reaction. There 
has been a trend in the development of these catalysts; presently zeolites are the 
most promising catalysts compared to amorphous catalysts. Zeolites have been used 
in FCC (fluid catalytic cracking) over 50  years because they have much higher 
cracking activity, shorter residence times that prevent over cracking of the gasoline 
to gas and coke. Various advantages of zeolites above natural and synthetic amor-
phous catalysts are (Table 3):

• Higher activity
• Higher gasoline yields
• Lower coke yield
• Production of gasoline with more paraffinic and aromatic hydrocarbons
• Enhanced isobutene yield
• Perform higher conversion rates without over cracking

1.4  Catalytic Hydrocracking

One of the most historic catalytic processes in petroleum refining is hydrogenation. 
Since the 1960s it has remarkably matured to a huge extent. Several factors as listed 
below have engrafted to the significant development of hydrocracking:

Fig. 4 Catalytic cracking [1]
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• Higher demand for lighter petroleum products, i.e., gasoline and jet fuel instead 
of diesel fuel and home heating oils

• Availability of cheaper hydrogen production in large amounts from catalytic 
reforming

• New environmental regulations demanding lower limits of sulfur and aromatic 
contents in motor fuels

Various process conditions such as operations at lower pressure, desired product 
specifications, and catalysts are under continuous evolving stage to bring out the 
required conversion of higher-boiling fractions.

A few advantages of hydrocracking process are:

• Improved gasoline yield
• Improved octane quality and sensitivity of gasoline pool
• Higher yield of isobutane in butane fraction
• Substitute to the fluid catalytic cracking for upgradation of heavy cracking cuts 

into valuable gasoline and lighter fuel oils

Catalytic cracking and hydrocracking are considered to be the two sides of a coin 
in modern refineries. The catalytic cracking uses atmospheric cracked paraffin and 
vacuum gas oils for their feedstock. However, in case of hydrocracking, the feed-
stocks are aromatic cycle oils and coking unit distillates. The aromatic cycle oils 
and coker distillates resist catalytic cracking. But these can be hydrocracked very 
easily under higher pressures and hydrogen atmosphere (Fig. 5).

1.5  Hydroprocessing and Resid Processing

The atmospheric tower bottoms and vacuum tower bottoms with their initial boiling 
points as 343 °C and 566 °C respectively are called “resids.” The resids contain 
sulfur, nitrogen, and metals in greater concentrations as compared with that con-
tained in the feedstock crude oil, and contain hydrocarbons in very much lower 
ratios. The concentrations of sulfur, nitrogen, and metals are even higher in the 
vacuum-reduced crude (VRC) as compared to atmospheric reduced crude (ARC). 
Stern environmental regulations and emission norms have made the application of 
heavy oils for fuels very tough and expensive. Therefore, the heavy oils must be 
converted into feedstocks for several refining processes that will supplement their 

Table 3 Comparison of 
amorphous and zeolite 
catalysts [1]

Amorphous Zeolite

Coke, wt.% 4 4
Conversion, vol.% 55 65
C5+ gasoline, vol.% 38 51
C3− gas, wt.% 7 6
C4’s, vol.% 17 16

Non-conventional Catalytic Materials for Refining and Petrochemicals



386

further conversion into transportation fuel blending stocks. The ARC undergoes 
extended processing in catalytic cracking units and hydroprocessing units, whereas 
the delayed coking and solvent extraction (or Flexicoking) are certain thermal 
cracking processes used for converting VRC feedstocks into more simpler and 
desired range products (Fig. 6).

1.6  Hydrotreating

The process of treating petroleum products with hydrogen to make them catalyti-
cally stable and/or removing the contaminant is known as hydrotreating. Petroleum 
products are stabilized by converting the unstable double bonds (C=C) and triple 
bonds (C≡C) into stable single (C–C) bonds, for example, converting alkenes and 
gum-forming unstable diolefins to paraffin. Sulfur, nitrogen, oxygen, halides, and 
certain trace metals are some of the impurities removed by hydrotreating [16]. 
A broad domain of feedstocks like from naphtha to reduced crude can be treated by 
hydrotreating. Employing a hydrotreating process specifically for sulfur removal 
from crude is known as hydrodesulphurization(HDS). Usually the aromatic content 
present in crude causes environmental pollution; hence their concentration must be 
controlled. These limitations make it necessary to hydrogenate aromatic rings pres-
ent in crude oil and thereby reduce the aromatic content of crude oil by converting 
aromatics to paraffin. Hydrotreating uses different catalysts for catalytically stabi-
lizing the various feedstocks. A few examples of hydrotreating catalysts are oxides 
of cobalt and molybdenum on alumina, oxide of nickel and vanadium, nickel 
thiomolybdate, sulfides of tungsten and nickel, and vanadium oxide [4]. The cobalt 
and molybdenum oxides on alumina catalysts are commonly used hydrotreating 
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Fig. 5 Two-staged hydrocracker [1]
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catalysts because they are extremely selective, easily regenerated, and resistant to 
poisons (Fig. 7).

1.7  Catalytic Reforming and Isomerization

Reforming involves rearranging the naphtha hydrocarbons to manufacture gasoline 
molecules. This process was developed to increase both the quality and volume of 
the gasoline produced by refiners. In the reforming process, the substances which 
have higher octane number than paraffin and naphthenes are converted into aromat-
ics and isomers with the help of catalysts. This conversion is usually accompanied 
by the hydrogen formation, which can be used in other refining processes like 
hydrotreating. Reforming produces higher octane reformates which gives cleaner 
burning fuels (Fig. 8).

A catalytic reformer promotes the formation of aromatics and isoparaffins as via 
the following desirable reactions:

• Paraffin are isomerized to form naphthenes (to certain extent), then subsequently 
converted to aromatics.

• Olefins are saturated to form paraffin.
• Naphthenes are converted to aromatics.
• Aromatics remain unchanged.
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Platinum is the most active material among catalytic reforming catalysts. 
However, it is deactivated by compounds like hydrogen sulfide, sulfur compounds, 
ammonia, and organic nitrogen [1]. Therefore pre-treatment of the feedstock by 
hydrotreating process is required to remove these unwanted materials (Fig. 9).

1.8  Alkylation and Polymerization

The reaction to form heavier isoparaffins by reacting low-molecular-weight olefins 
with isoparaffins is termed as alkylation. Concentrated acids such as sulfuric and 
hydrofluoric acids are the sole catalysts used for the production of high octane 
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alkylate gasoline commercially. But various other catalysts are employed in the 
commercial production of ethylbenzene, cumene, and long-chain (C12 to C16) 
alkylated benzenes.

1.9  Blending

The last major step in the refining process is blending of various streams together to 
obtain desired finished petroleum products. As an example, reformate, alkylate, and 
catalytically cracked gasoline are blended into different fractions to produce the 
various grades of motor fuels. The refineries blend different fractions for meeting 
the required specifications for acceptable motor fuel performance. Refiners can also 
mix in the various property-enhancing materials like octane enhancers, anti- 
oxidants, anti-knock agents, metal deactivators, and rust inhibitors in their hydro-
carbon streams.

2  Zeolites

Over 50 years, zeolites are the backbone of the petrochemical and refining industry. 
These have been exploited prominently as heterogeneous catalysts and separation 
materials in refineries. But still their applications continue to expand due to their 
extraordinary flexibility of pore size distribution, shape selectivity, stability, etc 
[25]. To meet present environmental policy and regulations, the refining and petro-
chemical industries have focused on the production of cleaner and higher quality 
oils and lubricants, and cheaper petrochemicals by using new zeolites and mesopo-
rous materials as well as on the improvements of the conventional zeolites. 
Advancements of the zeolitic materials can be attained by enhancing the 
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conventional zeolites properties such as the compositional range, matrix-zeolite 
interactions quality, exterior activity of zeolite, or by focusing on the synthesis, 
advancement, and commercialization of pristine materials to suit particular selectiv-
ity, catalytic activity, and durability. Consequently, industrial research and develop-
ment are engrossed in developing extremely selective catalysts that can function for 
longer periods and stand for the presence of trace contaminants.

2.1  Zeolitic Catalysts Used in Various Processes

The advancement of pristine zeolite catalysts have influenced the core catalytic pro-
cesses of petroleum refining such as FCC, hydrocracking, and hydroprocessing [28].

2.1.1  FCC Catalysts

FCC catalyst like ZSM-5 focuses on bottoms upgrading, light olefin production, 
yield improvement, and desulfurization. For achieving the main objective of FCC 
process, associated research continued to focus on the development of ZSM-5 
activity and hydrothermal stability by including phosphorus and other elements 
[5]. Decade’s long research have led to synthesis of non-organic forms of ZSM-5 
and various improvements in the zeolite, additive matrix, and binder formula-
tions. These optimizations have also reduced cost and improved the effectiveness. 
FCC catalyst mainly focuses on the production of propylene and butylene with 
the help of conventional ZSM-5. But none of the alternative catalysts was compa-
rable to ZSM-5 in terms of specific selectivity, activity, and hydrothermally stable 
(Fig. 10).
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2.1.2  Zeolitic Hydrocracking Catalysts

The conventional catalysts used in hydrocracking processes are bifunctional in 
nature. Since the process demands simultaneous hydrogenation and dehydrogena-
tion the refineries have focused on converting bifunctional catalysts from amor-
phous to zeolite-based catalysts. The various advantages of zeolite-based 
hydrocracking catalysts are higher activity, specific selectivity, thermal stability, 
resistance to poisons and impurities, and lower coking rate [23]. Recently the use of 
supremely dealuminated USY zeolites and NiMo/MCM-41 has allowed the zeolites 
to nudge the desired distillate selectivity along with better nitrogen tolerance and 
cycle lengths as compared with that of the conventional amorphous hydrocracking 
catalysts [24]. Other catalysts like NiMo- or NiW/dealuminated USY have moti-
vated the refineries to focus on the development of moderate pressure hydrocrack-
ing due to their stability under lower hydrogen partial pressures (Table 4).

2.1.3  Fuel Hydroprocessing

Hydroprcessing focuses on distillate dewaxing to improve the flow characteristics 
of diesel fuel. Earlier hydroprocessing had used supported metal catalysts and bulk 
metal catalysts for carrying out this process, but recently this has been replaced by 
the use of zeolites. For instance, a zeolite catalyzed process called Mobil’s 
Isomerization DeWaxing (MIDW) converts vacuum gas oil into diesel (<10 ppm 
sulfur content) having lower pour point and cloud point [7, 8].

2.1.4  Lubes Hydroprocessing

Lubricating oils are also called lubricants or “Lubes.” These are used in machinery 
and motorized vehicles to reduce friction, heat, and wear between the mechanical 
components. These have two categories: (1) mineral oils obtained from naturally 
occurring crude oil and (2) synthetic oils manufactured artificially. In the production 
of mineral oils from refineries, various conventional catalysts were used but recently 
the refinery research and development has emphasized on the development of 
zeolite- based catalysts. Due to the advantageous properties of zeolites, they help in 
producing better lube yields and products having maintained viscosity over 

Table 4 One-stage hydrocracking of vacuum gas oil over Nimo catalysts supported on MCM-41, 
USY, and amorphous silica-alumina (ASA) [6]

Catalyst Conversion at 400 °C
Product distribution at 50% conversion (wt.)
Gases Naphtha Middle distillates

NiMo/MCM-41 48 16.2 25.8 58.0
NiMo/ASA 35 18.9 23.1 57.9
NiMo/USY 27 19.7 27.3 52.0
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elongated temperature ranges. Basically the new zeolitic catalysts are an evolution-
ized form of novel bifunctional shape selective catalysts. These highly engineered 
zeolites have been successful in replacing the conventional catalyst, i.e., ZSM-5 
used in MLDW.

Zeolite catalyst advances continue to improve remarkably the critical petrochem-
ical processes including lighter alkenes production, aromatics isomerization, and 
alkylation processes. In order to meet new industrial challenges, bureaucratic ordi-
nance, and environmental concern, the development of new eco-friendly materials 
which can perform better and faster is being focused recently [4].

The classical definition of zeolite is “a crystalline, porous aluminosilicate built of 
adjacent tetrahedral metal atoms (called T atoms) surrounded by four oxygen anions 
to form an approximate tetrahedron.”[15] Zeolites are microporous in nature. 
According to The International Union of Pure and Applied Chemistry (IUPAC), 
porous solids are categorized into following categories: microporous (pore size 
<2 nm), mesoporous (pore size 2–50 nm), and macroporous (pore size 50–1000 nm). 
Usually these T atoms are of either Si or Al. The Si/Al ratio varies 1–5 in natural 
zeolites. This Si/Al ratio was further worked upon and led to the synthetic zeolite 
formation with greater Silica content in it. The first high silica zeolite was manufac-
tured in the 1960s, and called “Beta.” The continuous quest for porous materials 
resulted in the formation of the all-silica zeolite in the 1970s. Likewise, the dynamic 
nature of zeolites attracted many researchers’ interest which resulted in periodic 
development of the zeolites. In the 1980s, aluminophosphate molecular sieves were 
discovered followed by ordered mesoporous materials (OMM). However, all these 
forms of zeolite came with their own disadvantages and limitations. The major limi-
tations observed with zeolites were their relatively small pore diameter and low acid 
strength. These limitations could not fulfil the required expectations of refineries to 
convert the crude oil into desired lighter fractions. Therefore, the investigation of 
pristine materials in having improved structure variety, morphology and composi-
tion of framework is an area to be looked upon.

2.2  Preparation of Zeolites

Zeolites are formed from a hydrogel rich with alkaline aluminosilicate under hydro-
thermal conditions. In this process, water acts as a reactant as well as reaction 
medium. The alkaline solution helps in dispersion and transportation of material 
from the aluminosilicate gel to growing crystals. This dissolution and transportation 
of aluminosilicate precursors leads to super saturation, causing nucleation in par-
ticular zones of the system (Fig. 11, Table 5).

Zeolite nucleation is a spontaneous process. There are various controlling param-
eters of the zeolite nucleation process, such as: gel composition, reactants purity, 
aging time, rate of formation of number of nuclei, crystal size, and crystallization 
temperature. The unit cell formula of zeolites is usually written as:
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 M AlO SiO H Ox n x y z/ •2 2 2( ) ( )éë ùû  (1)

where M represents the cation (alkali or alkaline earth metal), n is the charge of 
the cation, x, y, and z represent the number of Al per unit cell, the number of Si, and 
water molecules entrapped in the channel system, respectively. Here, the cation 
counterbalances the negative charge correlated to framework aluminium ions.

2.3  Zeolites: Exceptional Heterogeneous Catalysts

The significant traits that make zeolites outstanding heterogeneous catalysts, molec-
ular sieves, and ion exchangers [20] are:

• Crystalline porous structure with varying dimensions, geometry, and pore 
connectivity.

• Dynamic chemical composition that can be varied in any desired ratio of Si/Al 
ranging from 1 to infinity. In addition to their vast applications in wide-ranging 

D6Rs Can-cage LTL

D4Rs

TO4 Linked TO4

Sod-cage LTA

Fig. 11 Schematic representation of the formation of zeolite building units and the resultant zeo-
lite structures [4]

Table 5 Chemical ingredients involved in the zeolite synthesis [9]

Source Function

SiO2 Building the primary units of the framework
AlO2

− Creating the negative charge
OH−, F− Mineralizer
Alkali cation: Na+, K+ Compensating the charge while avoiding Si 

polymerization
Template: TPA+, TEA+ Directing crystallization
Water Solvent, guest molecule
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chemical processes, lately zeolites are also employed in various other applica-
tions, e.g., electronic, optical, and medical.

• Inorganic nature with robust frameworks.
• High stability at elevated temperatures and harsh chemical environments.
• Strong acid/base properties.
• Exceptional selectivity.

Although the zeolites have been considered the backbone of refineries, still they 
encounter various limitations and disadvantages like smaller pore size, pore vol-
ume, and specific surface area. Hence, discovery of new materials to overcome the 
limitations of zeolites in refineries is very much necessary.

3  MOFs: Metal Organic Frameworks

MOFs are considered as metal-organic hybrid materials imitating classical inor-
ganic zeolites. Since both of them offer flexible synthesis processes and structural 
diversity, the researchers are engrossed in the development of new zeolites and 
MOFs. Recently the modifications and development of MOFs are comparatively 
targeted more due to the ease of tailoring properties for using them in the targeted 
applications. They differ from zeolites only by their large surface area, higher pore 
sizes, and higher pore-specific volumes. MOFs are synthetic materials; according to 
Cambridge Crystal Database, more than 50,000 structures have been reported. The 
pliability in preparation methods of MOFs offers greater scope of their 
diversification.

3.1  Structure and Nomenclature

A coordination polymer is an inorganic or organometallic polymer structure 
 containing metal cation centers linked by ligands extending in 1, 2, or 3 dimensions. 
A subclass of these are the metal-organic frameworks, or MOFs, that are coordina-
tion networks with organic ligands containing potential voids [17, 21]. MOFs are 
hybrid crystalline porous materials in which inorganic building units are connected 
to organic linkers by coordination bonds of moderate strength. MOFs consist of 
positively charged metal ions being coordination centers, linked by a diversity of 
polyatomic organic linking ligands. This kind of structure of MOFs has resulted in 
3D cage-like porous materials with high thermal and mechanical stability. Their 
nomenclature follows the similar format as that of zeolites, i.e., three letters fol-
lowed by a number, e.g., MIL-47 and MOF-48. The three letters used for represent-
ing the new solid can selected accordingly:

• Briefing the geographic origin of new solid
• Kind of solid material component, e.g., MOF-n, COF-n30 (covalent organic 

framework), RPF-n (rare-earth polymeric framework)

Subhashini and T. Mondal



395

• Structure type, e.g., ZMOF-n (zeolite-like metal organic framework), ZIFn (zeo-
litic imidazolate framework), or mesoMOF-n (mesoporous metal organic 
framework)

• Detailing about the group or laboratory or institute where it was synthesized

Whereas, the trailing number roughly represents the chronological order of the 
preparation of the porous solids in that series. The MOFs display explicit active 
sites (isolated metal sites), and reactive functional (inorganic or organic) groups, 
that enhance the feasibility of different types of reactions to occur. Therefore, they 
have been exclusively studied as heterogeneous catalysts. The examples are: (1) 
vanadium-based MOFs (MIL-47, MOF-48) are more active and extremely selective 
in the transformation of CH4 and CO to acetic acid, (2) ceria-based MOFs help to 
catalyze water oxidation reactions and gas-phase reactions, etc. These frameworks 
also offer new materials with a vast degree of crystallinity, chemical nature, and 
porosity. The building blocks resulting in 3D-skeletons of MOFs are called second-
ary building units (SBU). A SBU consists of organic linkers bonded covalently to a 
positively charged metal center. The type and size of the SBU engaged is the domi-
nating parameter which needs to be controlled to obtain the desired porosity with 
optimum openness of the framework. It is observed that larger organic linkers 
depress the 3D structure or reduce the porosity through lattice self-interpenetration, 
whereas the stability of MOFs is affected by various factors such as pKa values of 
ligands, reduction potential, oxidation state, ionic radius of the metal ions, metal- 
ligand coordination structure, and its hydrophobicity [11]. However, metal-linker 
coordination bond is the weakest spot of MOFs. Therefore, in aqueous medium, it 
hydrolyzed to form a protonated linker and a de-ligated inorganic moiety. Thus, 
both acidic and basic solutions hasten the disintegration of MOF structures. 
Modulated synthesis, isoreticular expansion, and topology-governed layout are 
various kinds of preparation mechanisms for the synthesis of stable MOFs [10]. 
Thus obtained well-defined crystalline structures of MOFs are characterized by 
various characterization techniques such as XRD, SEM, TEM, NMR, UV-vis, and 
Raman spectroscopy. Recently the MOFs crystalline structures are also determined 
by computational chemistry [11] (Fig. 12).

3.2  Advantages of MOFs

MOFs usually exhibit a number of exceptional properties like higher thermal stabil-
ity, perpetual porosity, and structural toughness which makes them very promising 
for future applications. In comparison with zeolites, MOFs allow a proper control of 
its pore size, shape, and functionalities which makes the more suitable porous mate-
rials beyond that of zeolites [18]. For example, the surface area MOF-177 and 
MIL-101 found to be 5640 and 5900 m2/g, respectively. Since one of the major 
advantages of MOFs lies within the diversity of their designing principles which 
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includes the judicial selection of metal centere and ligands, a variety of new porous 
materials can be synthesized endlessly.

3.3  Application of MOFs

Various organic linkers and metal nodes can be combined in a number of ways in 
order to improve its selectivity and sensitivity toward particular applications. 
Potential applications of MOFs in various fields are as follows:

• Storage of energy-relevant gases (especially hydrogen)
• Gas separation
• Luminescence
• Chemical sensors
• Adsorbents
• Electrochemistry (coated on positive electrodes as corrosion inhibitors of metal 

surfaces)
• Biological applications (controlled delivery of drugs)

Porosity of MOFs makes them exceptional adsorbents due to the availability of 
higher pore volume [19]. Higher porosity of MOFs also favors them to be used as 
chemical sensors and adsorbents. Recently various membrane separation applica-
tions like steam separation, desalination, pervaporation, and wastewater treatment 
have incorporated water-stable MOFs extensively. Water-stable MOFs are also 
employed in taking gases under moist conditions. The liberty of tailoring the prop-
erties of MOFs to desired level makes them significant catalysts in various impor-
tant reactions of chemical industries. Mostly, the MOFs are used as oxidizing 
catalysts with the incorporation of various transition metals like Cr, Mn, Fe, Co, Cu, 
and Ti into their framework. These MOFs-based oxidizing catalysts support selec-
tive oxidation reactions by functionalization of C–C bonds. This selective oxidation 
reaction can occur in two ways:

Coordinaling
molecule

Metal ions

Functionalized linker

Metal Organic Framework (MOF)

Fig. 12 Schematic representation of the formation of a MOF structure. [12]
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• Homolytic where oxidation occurs outside the metal coordination sphere via a 
radical chain mechanism

• Heterolytic in which activation of substrate or oxidizing reagent for the nucleo-
philic attack occurs by coordination to the metal clusters [13]

Recently researchers have been focusing on utilizing the exceptional separation 
ability of MOFs in petroleum refineries to meet the environmental and governmen-
tal policies and regulations. MOFs’ tailored topology endures them to execute com-
plex separations far more cheaply than standard oil-refining techniques. More 
specifically in refineries, the MOFs are used as substances that are capable of sepa-
rating individual hydrocarbons from various mixtures of organic molecules pro-
duced by refining processes. This separation of components from the soup of 
organic molecules in an energy potent approach is the most challenging task in the 
petrochemical and chemical industries. Although the refineries constitute various 
complex operations and complex catalytic reactions, the high energy demand is 
restraining their advance blooming. It is observed that the separation processes 
solely account for approximately 40% of the total energy consumed by refineries. 
Therefore the discovery of using MOFs in separation processes turns out to be a 
quantum leap for refineries and petrochemical industries [22].

Propylene is one of the most important products obtained from the petrochemical 
industry. Its production is a very energy-intensive process because it includes sepa-
ration of propylene from other hydrocarbons. Presently this separation is achieved 
by cryogenic distillation in which two gases are liquefied at sub-zero temperatures. 
MOFs which are porous, crystalline polymers have emerged to be a promising alter-
native to this high energy demanding separation process. The higher surface area 
and pore volume of MOFs enhances its capturing efficiency of desired molecules. 
This attracted the interest of researchers toward the evolution of MOFs having vari-
ous pore shapes and topology and making them the prime candidates in the carbon-
capture process. Thus MOFs-based membranes were developed. These are 
considered to be the best material for separating the molecules with greater effi-
ciency. For example, ZIF-8 MOF allows propylene to diffuse through its pore more 
potently instead of propane at 30 °C [14].

3.4  Disadvantages of MOFs

There are many disadvantages with MOFs apart from their exceptional properties. 
The major limitations related with the MOFs are:

• Lower framework density, as low as 0.13 g cm−3

• Lower stability
• Lower selectivity and acid/base properties as compared to zeolites
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Due to these limitations the applications of most of the current MOFs are mainly 
conceptual. Also, the insufficiency of collected data from experiments performed 
only under ideal conditions restricts them from approving their economically suc-
cessful application.

4  Conclusion

The present trend of technological and environmental challenges faced by refineries 
and petrochemical industries was briefly overviewed in this chapter. In order to 
meet the various governmental regulations and policies regarding the refining prod-
ucts profile, the refineries are stressed to concentrate on the development of either 
new technologies or improving the conventional processes by incorporating new 
materials. Since petroleum refining is a well-developed and mature field in itself; 
hence, researchers have shifted their focus on the improvement of conventional zeo-
lites and development of new porous crystalline materials especially MOFs. MOFs 
are a resemblance of zeolites with few advantages over them like higher pore size, 
higher pore specific area, and pore volume, offering better topology and ease in 
modulating their surface chemistry. Irrespective of their various advantages, the 
MOFs failed to be suitable for industrial applications because of their limitations 
like stability, longevity, and higher production cost.
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Petcoke Gasification: Challenges 
and Future Prospects
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Abstract Gasification is a mature technology to convert carbonaceous materials 
into valuable chemicals, fuel, or power. The technology of coal gasification is well- 
established; however, it has some inherent drawbacks like high ash content in Indian 
coal, slagging, and tar formation. Biomass gasification is a promising area, though 
sustainable and economic supply of raw material, low calorific value, high moisture 
content, etc. remain challenging issues. On the other hand, there is a considerable 
production of petcoke from different refineries, which may be used for different 
purposes including gasification. Petcoke is rich in carbon; hence, it will yield high 
concentration of syngas (a mixture of hydrogen and carbon monoxide) in the total 
gaseous product. This syngas can be used to generate electricity or produce liquid 
fuels or chemicals. In this chapter, petcoke gasification technology and the associ-
ated issues and challenges are discussed. Some novel ideas as well as future pros-
pects are also discussed.

Keywords Petcoke · Gasification · Fixed bed gasification · Entrained flow gasifier 
· Bubbling fluidized bed gasifiers · Downdraft gasifiers

1  Introduction

Gasification of hydrocarbon materials is a promising thermochemical technology 
where the carbonaceous material is heated at around 700–1200 °C in the presence 
of limited supply of air or oxygen. The product consists mainly of hydrogen and 
carbon monoxide, and this mixture is popularly known as syngas. There may be 
numerous benefits of using this syngas. The thermal energy of syngas may be uti-
lized to produce electricity by using a turbine. Using Fischer-Tropsch synthesis, this 
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gas mixture may be converted to gasoline range fuels also. It may be pointed out 
that the technology of coal gasification is fairly matured. However, coal is slowly 
being discarded by many countries because of enormous emission of carbon diox-
ide, a greenhouse gas (GHG) during electricity production in pulverized coal-fired 
thermal power plants. On the other hand, petcoke is a solid residue obtained mainly 
from the vacuum distillation tower in a petroleum refinery. With the discovery of 
shale oil and new discovery of crude petroleum oil, it is logical to corroborate that 
there will be no supply issue of crude oil in the refinery in near future. However, 
development of technology for the valorization of petcoke has not matured due to 
various reasons. One problem is reluctance from the refiners to further process it at 
their location. It has been easy for them to sell it at a cheaper price to local people, 
who utilize petcoke for heat requirements during winter seasons and unknowingly 
suffer from lung infections due to the presence of sulfur in petcoke. Gasification of 
petcoke at an industrial scale offers many solutions like enhanced production of 
syngas, waste minimization, and mitigation of atmospheric pollution. Hence, if 
implemented, the benefits will outweigh the investment in the field of energy and 
environment. Moreover, there will be low emission of SOx, NOx, as well as low solid 
residue production during gasification which makes it an attractive technology to 
process carbonaceous materials.

2  Gasification of Carbonaceous Materials

Gasification is defined as the reaction between a carbonaceous material and air or 
oxygen at elevated temperatures. The amount of air or oxygen should be less than 
the stoichiometric amount required for complete combustion. The product is syngas 
as already mentioned. In the absence of oxygen, the reaction is known as pyrolysis 
or thermal decomposition where the product vapor is condensed and termed as bio- 
oil or pyrolysis oil. Other products are biochar and non-condensable gases. This 
bio-oil contains water and, hence, needs upgrading by catalytic hydrodeoxygen-
ation, before it may be used as a drop-in fuel. On the other hand, air-fuel ratio more 
than the stoichiometric amount will allow combustion where the major product will 
be carbon dioxide, a greenhouse gas. Hence, the equivalence ratio, defined as the 
ratio of actual air-fuel ratio and stoichiometric air-fuel ratio, should vary between 0 
and 1 so that gasification may occur with the formation of syngas. It is to be noted 
that the selection of raw material for efficient production of syngas through gasifica-
tion is a very important step. Hence, the physicochemical characterization of feed-
stock is of utmost importance. Table  1 presents the proximate analysis of three 
potential raw materials for gasification, e.g., coal, biomass, and petcoke.

It is important to discuss the influence of compositions of these important carbo-
naceous feedstocks on the quantity and quality of products from gasification as well 
as the challenges associated with smooth operation of the process. A low moisture 
content, preferably below 10 wt% is always preferable for thermochemical opera-
tion like pyrolysis and gasification as the energy needed to raise the temperature of 
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moisture is significant. Feedstock with high moisture content may be suitable for 
liquid phase reactions like fermentation, etc., where there is no need to remove or 
reduce moisture before actual operation. It has been observed that a high volatile 
matter generally produces liquid product (bio-oil, etc.) with higher yield. On the 
contrary, a high fixed carbon will give more syngas at high temperature, or enhanced 
formation of biochar in case of slow pyrolysis. Hence, from the above table, it may 
be pointed out that petcoke is a very good candidate for gasification. It is also impor-
tant, besides the proximate analysis, to know the elemental composition, through 
ultimate or elemental analysis, so that product composition may be predicted and 
emission characteristics may be finalized. The ultimate analysis gives, on wt% 
basis, the composition of carbon, hydrogen, nitrogen, sulfur. The oxygen composi-
tion is calculated by difference. Table  2 lists the elemental composition of coal, 
biomass, and petcoke on wt% basis.

Higher heating value (HHV) or gross calorific value (GCV) of any combustible 
material is another parameter which indicates the amount of thermal energy that 
will be released per unit mass when the material is combusted. HHV of fuel grade 
petcoke is approximately 35  MJ/kg, whereas that of bituminous coal is around 
27–30 MJ/kg. For biomass, it varies within 15–20 MJ/kg. Hence, it can be seen that 
gasification of petcoke is going to be an energetically efficient process.

3  Gasification of Petcoke

Gasification of petcoke has been carried out under different environment and reac-
tor configurations and interesting results were obtained. Nagpal et al. [6] studied the 
simulation of petcoke gasification in slagging moving bed reactors. The model is 

Table 1 Proximate analysis (wt%)

Wt% dry basis constituent Coal [1] Biomass [2] Petcoke [3]

Moisture 11.12 5.43 9.3
Volatile matter 34.99 82.12 9.6
Fixed carbon 44.19 10.96 80.6
Ash 9.70 1.49 0.5

Table 2 Elemental analysis (wt%)

Constituent Coal [4] Biomass [2] Petcoke [5]

C 69.3 46.12 84.1
H 4.9 6.73 3.8
N 1.6 0.73 1.8
S 3.7 –a 6.5
O (by difference) 20.5 46.42 3.8

aBelow detection limit (not a problem as most of the biomass has very low sulfur content which is 
a very good characteristics of biomass)
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validated using experimental data obtained for a slagging gasifier. The effect of feed 
oxygen/coke and steam/coke ratios feed coke rates on gasification performance was 
carried out. High petcoke conversion was achieved and peak gas temperature 
exceeded 1500 °C. Besides, moving bed gasifier operation in slagging zone with 
high petcoke flux of over 4000  kg/m2/h was obtained. The moving bed gasifier 
(MBG) exhibited better performance than an entrained flow gasifier (EFG) while 
considering energy efficiency and oxygen consumption. Two different empirical 
molecular formulae were deduced for fixed carbon and volatile carbon, e.g., 
CHxSzsNzn and CHyOzo, respectively; and it worked satisfactorily for the simulation 
of petcoke gasification. Trommer et al. [7] used concentrated solar power for the 
production of hydrogen by steam-gasification of petcoke. The benefits with this 
process are as follows: (1) enhancement of calorific value of feedstock, (2) gaseous 
products are not contaminated, and (3) discharge of pollutant to the environment is 
avoided. Two feedstocks were used, e.g., flexicoke and delayed coke. The net pro-
cess was endothermic by approximately 50% of the lower calorific value of feed-
stock. An equimolar mixture of H2 and CO was produced at equilibrium, at above 
1300 K. According to a second law analysis, this syngas may be converted to H2 
using water-gas shift reaction followed by H2/CO2 separation and then the produced 
H2 may be utilized in a fuel cell for power generation, thus doubling the specific 
electrical output and halving CO2 emission. Li et  al. [8] studied non-isothermal 
thermogravimetric analysis (TGA) of petcoke gasification. The catalytic effects of 
FeCl3, CaCl2, KCl, K2CO3, K2SO4, KAC, and KNO3 were studied. It was observed 
that noncatalytic gasification was inefficient below 1000 °C. The rate of gasifica-
tion, however, increased rapidly upon the addition of catalyst. K2CO3 appeared to be 
a very efficient catalyst as with this catalyst, the gasification reaction was complete 
within 10 min and at a temperature of 900 °C. The catalytic mechanism was studied 
in detail by performing Raman spectroscopy and X-ray diffraction (XRD) studies of 
char samples collected at different conversion levels. XRD analysis suggested that 
the degree of graphitization decreased with K2CO3 addition which was favorable for 
char gasification. Zou et al. [9] studied gasification of petcoke in the presence of 
CO2 using a pressurized TGA, at a temperature range of 1248–1323  K.  It was 
observed that the rate of gasification increased with increasing conversion up to 
x = 0.3, then it decreased. A normal distribution function model was proposed to fit 
the kinetic data. The rate of reaction followed Arrhenius law. The activation energy 
obtained during petcoke gasification in the presence of CO2 was 198 kJ mol−1, and 
the reaction order was 0.54–0.88. These results were comparable with previously 
published data. Zou et al. [10] studied the effect of mechanochemical treatment dur-
ing CO2 gasification of petroleum coke. A mechanochemical treatment during 
grinding of petcoke was applied. An additive was derived by drying black liquor 
obtained from paper industry and it was used in the grinding process. Results 
showed that grinding improved gasification and wet grinding had more pronounced 
effect than dry grinding. When wet grinding of petcoke and additive took place 
together, the active metals in additive were retained in the solid phase, thereby caus-
ing a high catalytic reactivity to the coke-CO2 reaction. It has been observed that 
long time mechanical grinding is usually responsible for crystalline-amorphous 
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phase transition. Huo et al. [11] applied TGA to study CO2 gasification reactivity of 
biomass, petcoke, and coal chars. Physical structures and chemical components of 
various chars were examined. The reactivity of char largely depends on crystallinity. 
Diffusion effects were different for different chars. This was due to difference in 
intrinsic reactivity and physical properties of chars. Sudiro et al. [12] simulated a 
process which may be an alternative to conventional coal gasification. They wanted 
to minimize the use of pure oxygen and also to minimize carbon dioxide emission. 
They considered simulating an integrated gasification combined cycle (IGCC)plant 
for power generation. They also considered synfuel production via Fischer-Tropsch 
(FT) synthesis. They suggested to thermally couple a gasifier fed with coal and 
steam, and a combustor where coal is burnt with air, which might overcome the 
need to use pure oxygen, an expensive feedstock. Hence, amount of nitrogen in 
syngas would be minimal. Besides, the required heat in the gasifier would be sup-
plied from the combustor by means of inert solids. A thermodynamic study of the 
dual-bed gasification was carried out first; then it was simulated by Aspen Plus. 
Finally the dual-bed system was coupled with an IGCC process. The simulation 
results were compared with that of an IGCC system fed with pure oxygen. The 
global plant efficiency increased by 27.9% and CO2 emission decreased by 21.8%. 
In the next part of the study, this dual-bed was integrated with a liquid-to-coal (LTC) 
process to transform syngas to synthetic fuels by an FT reactor. When compared to 
a conventional LTC plant, the yield of synthetic fuel increased by 39.4% and energy 
efficiency improved by about 70%. Sudiro et al. [3] have addressed some of the 
problems related to modeling the dual-bed system, in their previous study [12]. 
They have considered both mass transfer and chemical kinetics between char par-
ticles and gas phase, to model the coal gasification reactor. The model was validated 
for both fluid-bed and entrained-flow gasifiers. Sensitivity analysis was performed 
with regard to a conventional gasifier fed by petcoke. The effect of residence time 
and oxygen/carbon mass ratio in the feed was studied on process variables like char 
conversion at gasifier exit, temperature at gasifier exit, and amount of useful syngas 
produced. Malekshahian and Hill [5] pyrolysis and CO2 gasification of petcoke.

4  Reactor Configurations

Based on the geometrical configurations and flow geometry, the gasifiers can be 
mainly divided into three categories as fluidized bed, fixed bed, and entrained flow. 
However, the fluidized and fixed bed is not suitable for the gasification of petcoke 
due to the following reasons:

• Both types of gasifiers operate at a relatively lower temperature as compared to 
entrained flow gasifier which results in a lesser carbon conversion for a low reac-
tive petcoke [13].

• Fixed bed and fluidized bed gasifiers have less efficiency, less syngas production, 
and lesser carbon conversion as compared to entrained flow gasifier operating on 
petcoke as a feed.
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• While using the petcoke as a feed for the fixed bed gasifier, maintaining the per-
meability of the bed becomes extremely difficult [14].

• Agglomeration of ash is more prominent in both types of the gasifiers as com-
pared to entrained flow gasifier [15].

In fixed-bed reactors the fuels move either concurrent or countercurrent to the 
flow of gasification medium (steam, oxygen, or air). Figure 1 represents a fixed bed 
gasification unit with dry bottom. The operation is not very complicated and erosion 
in reactor wall is minimum. Important fixed-bed designs include updraft, down-
draft, and cross-draft gasifiers. Fuel and gases flow countercurrent to each other in 
an updraft gasifier. Petcoke is introduced at the top and air or steam is injected at the 
bottom. Syngas and tar are taken out at the top whereas ash gets deposited at the 
reactor bottom. Petcoke passes through drying, pyrolysis, reduction, and combus-
tion zones, while experiencing gradual enhancement in temperature. The tar content 
in syngas is relatively high. Updraft gasifiers generally use steam as reactive agents. 
If the feed contains high ash, slagging may be severe.

In a downdraft gasifier as presented in Fig.2, feed enters from the top and syngas, 
tar, etc., are taken out at the bottom. Air or oxygen is introduced through a set of 
nozzles on the side of the reactor, specifically after the pyrolysis zone. Hence, prod-
ucts from pyrolysis are allowed further decomposition. Moisture evaporated from 
the feedstock acts as a reactive agent. One big advantage is that the syngas contains 
considerably less tar. Hence, a downdraft gasifier may be employed in various 
applications.

Fig. 1 Fixed-bed 
gasification unit with 
dry bottom
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The operating characteristics of cross-draft gasifiers are similar to downdraft 
gasifiers. Air or air/steam mixtures enter through the side of the reactor and syngas 
is drawn from the opposite side. These types of gasifiers respond rapidly to load 
changes. The construction is not very complicated and high-quality syngas is pro-
duced. Cross-draft gasifiers are sensitive to changes in fuel composition and mois-
ture content.

A typical entrained flow gasifier is represented in Fig. 3. Duchesne et al. [16] 
used an inorganic element partitioning model to predict the performance of 
entrained-flow petroleum coke gasification. They concluded that for higher O/C 
ratio the carbon conversion increased significantly and the CO/CO2 molar ratio of 
syngas was sensitive toward O/C molar ratio. However, the CO/H2 molar ratio of 
syngas was sensitive toward operating temperature. The study also showed that the 
ash output for the petroleum coke entrained flow gasification was less as compared 
to that of coal feed. Zhang et al. [17] performed the statistical analysis and optimiza-
tion of a entrained flow co-gasification of petcoke with coal. They studied the effect 
of variation of steam and oxygen concentrations syngas (CO + H2) and hydrogen 
production. The study revealed that with an increase in oxygen concentration the 
average production of hydrogen and syngas increases while for an increase in steam 
concentration the production of syngas and hydrogen decreases. Also, for the higher 
oxygen concentration fluctuation in the production of syngas and hydrogen inhibits 
while for higher steam concentration their fluctuation becomes significant. The 
optimum condition based on maximum syngas production with minimum fluctua-
tion was obtained at 1.56% oxygen concentration with 50% steam concentration.

Rana et al. [18] performed the supercritical and subcritical water gasification of 
asphaltene and petcoke in a hydrothermal reactor with varying reaction times 

Fig. 2 A sketch of a typical fixed bed downdraft gasifier
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(15–60  min), operating temperatures (350–650  °C), and feed concentrations 
(15–30 wt%). They also used nickel-impregnated activated carbon catalyst for the 
enhancement of syngas production at the optimum condition (60 min, 650 °C and 
15 wt%). The use of catalyst showed an encouraging results in the enhancement of 
the syngas production for asphaltene (total syngas yield was 11.97 mmol/g) as com-
pared to that of petcoke (8.04 mmol/g of total syngas yield). The supercritical water 
gasification operated at the optimum condition coupled with 5 wt% Ni/AC catalyst 
had the total hydrogen yield of 2.98 mmol/g for petcoke while 4.17 mmol/g for 
asphaltene. However, the catalytic gasification of petcoke and asphaltene at the 
same operating condition had the yield of 1.07 and 2.54 mmol/g, respectively, for 
the methane (CH4) production. Azargohar et al. [19] studied the co-gasification of 
petcoke with lignite coal in a fluidized bed reactor. They studied the effect of aver-
age particle size, feed ratio, and equivalence ratio on the production of syngas. The 
central composite model (CCD) in response to surface methodology was used to 
study the effect of operating parameters on the response. There was a positive syn-
ergistic effect of petcoke with lignite coal on syngas yield with carbon efficiency 
reaching up to 70.2% and H2 + CO yield being 33.2 mol/kg of feed. Improvement 
in the gasification performance was observed with an increase in equivalence ratio, 
and at the same time reduction in heating value of syngas was observed.

A fluidized bed gasifier has a bed consisting of inert materials like sand, char, etc. 
The bed material is used to transport heat to petcoke or other feedstock being gas-
ified. Air or air/steam mixture is blown through a distributor plate at a controlled 
rate. In fluidized bed there is no distinct reaction zone; hence drying, pyrolysis, and 
reduction occur simultaneously. Some of the advantages of this design are: good 

Fig. 3 Basic features of an 
entrained flow gasifier
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heat transfer characteristics, excellent gas-to-solids contact, better temperature con-
trol, high volumetric capacity, etc. They operate at pressure more than atmospheric. 
They are commercially viable at higher capacities, more than 30 MW, because of 
the need to have expensive control systems and not-so-simple design. Fluidized bed 
gasifiers are classified as bubbling, circulating, and spouted beds.

In a bubbling fluidized bed (BFB) gasifier as presented in Fig. 4, air or steam is 
fed from the bottom and maintains adequate pressure to keep feedstock particles in 
suspension. Air or steam flows through the bed as bubbles and ultimately burst 
when they reach the surface of the bed. This type of design is available as either 
single or dual fluidized beds. The single bed reactor involves simpler design, lower 
cost, and less maintenance. The energy content of syngas is lower than its counter-
part from dual-bed gasifiers. In a dual-bed gasifier, inorganic materials in the feed-
stock may be separated. Besides, the thermal energy of pyrolysis is evenly 
distributed. In this design, the construction cost is high and greater maintenance is 
required.

In a circulating fluidized bed (CFB) gasifier, the design is like a bubbling fluid-
ized bed; however, the solids leaving the reactor are returned through an external 
collection system. It achieves a better gas-solid contact and the processing capacity 
is also higher. The cost of a CFB increases with its height.

The third type is a spouted fluidized bed (SFB) gasifier where the bed is partly 
filled with coarse particles. For gas injection, there is a large opening at the bottom. 
When the flow rate of gas is sufficiently high, particles within the bed may be made 
to rise like a fountain in the center of the bed and will develop a circling motion on 
the bed. This design is mostly used for gasification of coal.

Fig. 4 A typical bubbling 
fluidized bed (BFB) 
gasifier
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5  Kinetic Analysis

The kinetics of various carbonaceous solid fuels such as biomass, coal, and their 
char have been extensively studied [20–23]. However, the study of kinetics related 
to the gasification of petcoke has been limited due to the fact that many reaction 
models related to the gasification of biomass or coal are not universally acceptable 
in the case of petcoke gasification [14]. However, in the present section we have 
tried to cover few studies related to the gasification of the petcoke under various 
operating conditions.

Zhang et al. [14] studied the kinetics and reactivity of the petcoke steam gasifica-
tion in a micro-fluidized bed. They used the homogenous model and the shrinking 
core model for predicting the kinetic parameters related to the petcoke gasification. 
The shrinking core model showed better results in establishing correlations with the 
experimental data as compared to the homogeneous model. The activation energy of 
a 10 wt% blending of black liquor with petcoke had a much lesser value of 77 kJ/
mol as compared to that of only petcoke gasification (120 kJ/mol). The activation 
energy got further decreased to 63 kJ/mol on introducing 5% oxygen with steam 
suggesting that synergistic effect was present between the black liquor and oxygen. 
Zou et al. [9] carried out the kinetic modeling of petcoke gasification where CO2 
was used at 0.1 MPa and 1248–1323 K. The activation energy of petcoke CO2 gas-
ification was 198 kJ/mol with the order of reaction falling between 0.54 and 0.88 
within the operated temperature range.

The study of kinetics of co-gasification of petcoke containing high sulfur and 
biomass (rice husk) were carried by Gajera et al. [24]. They carried out thermo-
gravimetric analysis at three different heating rates (10, 20, and 30  °C/min) and 
used the TGA data in isoconversional methods such as Flynn-Wall-Ozawa (FWO) 
and Kissinger-Akahira-Sunose (KAS) for estimating the kinetic parameters. The 
activation energy for petcoke gasification were 128.3, and 126.75 kJ/mol, for FWO 
and KAS method, respectively, while it decreased to 87.84, and 86.85  kJ/mol, 
respectively, for the 1:3 ratio blending of petcoke to biomass. They also stated that 
during the co-gasification process the reactivity of petcoke increased significantly 
with presence of rice husk. Wang et al. [25] did the kinetic study of co-gasification 
for the petcoke and biomass char. They used the TGA data in the three different nth 
order gas-solid models (unreaction core model (URCM), volume reaction model 
(VRM), and random pore model (RPM)) to intercept the data of carbon conversion. 
The activation energy of bio-char (corncob) and petcoke were 243.3 and  
203.2 kJ/mol, respectively, while for the co-gasification of petcoke/bio-char ratio of 
4:1 was 197.8 kJ/mol.

Edreis et al. [26] studied the kinetic and the synergistic behavior the water co- 
gasification of petcoke with biomass. There was a significant interaction prevailing 
between blending ration and H2O concentration when the value was less than 50%. 
They also observed only single char gasification stage above 700 °C and at 75% 
H2O.  The boundary reaction model used for kinetic parameter estimation of 
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pyrolysis and char gasification showed lowest activation energy of 33.65 and 
47.15 kJ/mol, respectively, at 25% H2O; and these values increased with the increase 
in petcoke and H2O concentration. Table 3 represents a brief summary of petcoke 
gasification under different conditions as reported by other investigators.

6  Challenges

The main challenge with petcoke gasification is sulfur content in this raw material, 
as opposed to coal or biomass. There is a possibility of formation of H2S, SOx, etc., 
which need to be removed from syngas stream so that corrosion may be minimized. 
Another important aspect is integration of petcoke gasification system with the 
petroleum refinery and detailed life cycle analysis. The recommendations of these 
studies should be incorporated to obtain a sustainable solution.

Table 3 Summary of petcoke gasification reported in various studies

Reference Experimental details Conclusions

Ren et al. 
[27]

• Co-gasification of petcoke with coal 
and coal liquefaction residue
• Sample placed in an open quartz 
reactor (135 × 24 × 10 mm) kept in a 
tube reactor
• CO2 was used as a gasifying medium

• Reactivity of petcoke was the leas
• Synergistic effect was observed on 
syngas production
• Significant concentration of active ca 
and Fe in coal and its residue led to high 
co-gasification reactivity

Nakano et al. 
[28]

• Entrained bed slagging gasifier was 
used
• Feed consisted of petcoke, coal, or 
combination of both
• Slag flow study

• Addition of petcoke ash to coal ash 
promoted crystallization in the slag
• The mineral impurities which liquefy 
during gasification interacted with the 
refractory liner

Fermoso 
et al. [29]

• Feed as petcoke, coal, biomass or 
combination of any two
• Fixed bed gasifier

• Blending of 10% biomass in 1:1 ratio 
mixture of petcoke and coal led to 
increase in syngas production

Shen et al. 
[30]

• Feed as petcoke and two types of 
coal
• Fixed bed gasifier

• High slag formation due high ash 
content in bituminous coal during 
co-gasification with petcoke

Huo et al. 
[11]

• Petcoke and biomass
• Fixed bed gasifier

• During co-gasification heating value of 
syngas increased to 5.19 MJ/m3

Watkinson 
et al. [31]

• Feed as fluid coke and delayed coke 
from oil
• Spouted bed and fluidised bed

• 85% carbon conversion at 1223 K
• Producer gas concentration (vol%) was 
24% CO, 34% hydrogen, 39% CO2 and 
3% H2S

Revankar 
et al. [32]

• Petcoke as a feed
• Tubular furnace
• Catalytic and non-catalytic 
gasification
• Kinetic analysis of gasification

• Order of reaction increased for all the 
cases with increase in particle size
• However, variation in particle size did 
not have any appreciable effect on 
activation energy
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7  Future Prospects

There is availability of huge quantities of high sulfur heavy crude throughout the 
world. Hence, it is imperative that there will be significant production of petcoke 
and it should not be wasted. Valuable products should be formed from this petcoke 
via gasification. Product syngas may be utilized to produce gasoline range fuels, or 
used to produce electricity in an IGCC system.
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Steam Reforming Catalysts for Membrane 
Reformer

Rajesh Kumar Upadhyay

Abstract Hydrogen can be used as a clean energy carrier to generate power for 
both stationary and mobile applications when integrated with the PEM fuel cell. 
However, the high-purity hydrogen requirement of PEM fuel cell and safety hazard 
in hydrogen storage and transportation limit the use of the technology. Membrane 
reformers have the potential to solve these challenges. Generally, alcohols are used 
as a feed to the membrane reformer, considering their safe storage and easy trans-
portation. However, the membrane reformers are still in the development stage and 
require numerous systematic studies on different components involved in it to stan-
dardize its performance before it can be commercialized. One of the critical compo-
nents of the membrane reformer is the catalyst used for the steam reforming of 
alcohol, which is used as a feed to the reformer. In this chapter, different catalysts 
used for steam reforming of methanol, ethanol, and glycerol are discussed. The 
advantages and disadvantages of each catalyst concerning their use in membrane 
reformer are presented. Finally, a broad summary is given regarding the qualities of 
the catalyst, which are needed for successful integration with high hydrogen- 
selective membranes in a single unit called membrane reformer.

Keywords Steam reforming · Membrane reformer · PEMFC · Hydrogen 
generation · Dry reforming · Reforming catalysts

1  Introduction

The continuing rise in energy demands directs the current power scenario of the coun-
try, with contributions of coal 55%, hydro 20%, renewables 11%, gas 10%, nuclear 
3%, and diesel 1% [1]. This 11% renewable has emerged as one of the major advance-
ments in recent years. In order to narrow the gap between demand and supply of 
energy, conservation and efficient utilization of resources have been given huge 
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recognition. “Hydrogen” yet leads to be a driving force toward a potential replace-
ment to fossil fuels, complemented with high energy content and also as a clean-effi-
cient energy carrier [1]. It can be utilized as a power source (feed) to proton exchange 
membrane fuel cells (PEMFC), to meet most of the necessary energy needs for the 
stationary power, automobiles, industrial, and residential sectors. Compared to the 
conventional internal combustion engine, other benefits of hydrogen utilization in 
PEMFCs are low noise, no formation of particulate matter, and no NOx and SOx emis-
sion. Hence, the use of hydrogen as an energy career helps in providing a clean envi-
ronment that greatly impacts human life and health. However, the “holy grail” of 
hydrogen usage as an energy carrier lies in its storage and transportation. Traditionally 
stored in compressed cylinders or as a liquid in cryogenic containers, hydrogen poses 
a safety threat due to its low volumetric density. Besides, it is highly challenging to 
compress hydrogen gas from 5000 to 10,000 psi which is required for liquefying it 
[2]. Hydrogen combustion though does not release any carbon dioxide; but it brings 
high capital costs, low energy content per unit volume, elevated storage vessel weights, 
and high storage pressures. To abate these, on- board/on-site generation of hydrogen 
using lightweight, high energy density alcohols seems to provide a feasible solution to 
storage problems as well as effective utilization of these alcohols. Negligible depen-
dence on any fossil fuel, these alcohols can be easily produced using any biological 
matter usually known as fermented wastes “molasses” from sugarcane, corn, wheat 
straw, etc. The problem with these biofuels is its heavy content of sulfur and other 
impurities that need to be processed before being used for hydrogen generation. It 
should be noted that along with increasing hydrogen generation with higher hydrocar-
bons, the amount of carbon formation also increases in the same proportion. It can 
also be pointed out that amongst the processes used for hydrogen generation, steam 
reforming is affected by its strong endothermic nature and its by-product formation 
[3], while cracking, on the other hand, is highly expensive with the standard by-prod-
uct distribution as in the case of steam reforming. Coking also forms the bases of 
unalterable damage to the process and system, thereby causing difficulty to sustain the 
system as well as auxiliaries such as fuel cells it is connected with. But with all its pros 
and cons, steam reforming yet remains the only process that can provide high hydro-
gen yield [3–5]. However, as PEMFC required ultra-pure hydrogen (purity greater 
than 99.999%) and CO content less than 1 ppm, separation of hydrogen from refor-
mate gases is inevitable.

Separation of hydrogen from the reformate mixture underlines the root of any pro-
cess in terms of efficiency, yield, and thereby applicability. Talking of higher yield, 
adsorption-based techniques such as pressure swing adsorption and temperature swing 
adsorption are widely applied on an industrial scale but show a varying selectivity chart. 
Besides, it is a highly expensive and bulky process to be handled for on-board applica-
tions. Membrane separation nonetheless shows higher selectivity corresponding to the 
membrane and operating conditions applied. To be precise, dense (non-porous) mem-
branes are the ones with enhanced selectivity to hydrogen over increasing pressure gra-
dients [4–8]. Therefore, balanced synchrony of operating conditions with the catalyst 
for reforming and membranes for separation purposes is of utmost importance.
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Many companies like Daimler AG, General Motors, Hyundai are either already 
launched their PEMFC-based car or planning to launch it soon. PEMFC is concep-
tually only an electrochemical device that takes in oxygen and hydrogen which then 
reacts to produce electric power and water vapor. Although, few companies have 
come up with a solution to remove water vapor from the system by continuing to run 
the cell’s exhaust for a minute or two but storing gaseous hydrogen on-board per-
sists to be a problem. For liquid hydrogen, the case is even more complex since it 
would have to be stored at −253  °C in a carefully insulated tank which would 
increase the weight, design complexity, and expense. Hence, the only solution to the 
defined issues can hereby be suggested using an on-board ultra-pure hydrogen gen-
erator with integrated reforming and separation units.

Membrane reformers are being popular from the last two decades to use as a 
device to produce the ultra-pure hydrogen for on-site/on-board applications [3–11]. 
However, it is still far from commercialization due to its low hydrogen recovery. 
The low hydrogen recovery is mainly caused because of inappropriate integration of 
hydrogen production catalysts with membrane separation units (dense palladium- 
based membranes). For better integration with the membranes used in membrane 
reformer, one needs to modify the traditional steam reforming process to fulfill the 
requirement of membrane separation unit [6, 12]. Similarly, the membrane separa-
tion unit also needs to be modified to accommodate the requirements of the steam 
reforming reaction.

2  Membrane Reformer

A membrane reformer is a process-intensified reactor in which generation and sepa-
ration of hydrogen take place in a single unit. Generally, a membrane reformer is 
comprised of a reforming catalyst for hydrogen generation and palladium-based 
membranes for selective separation of hydrogen. A typical schematic of membrane 
reformer is shown in Fig. 1. Continuous transfer of hydrogen moves the equilibrium 
toward the forward direction which ultimately results in increased conversion as per 
the Le Chatelier’s principle. Hence, through the membrane reformer, thermody-
namic limits can be modified and higher hydrogen yield can be obtained [9–12]. 
This is the major advantage of membrane reformer over the traditional reformer. 
Further, membrane reformer does not require traditional hydrogen separation units 
like pressure swing adsorption, cryogenic distillation, etc. Hence, it is very compact 
and ideal for the production of fuel cell grade ultra-pure hydrogen for on-site/on- 
board applications [10–13]. However, the contrary requirement of steam reforming 
reaction and membrane separation makes the integration of these two processes in 
a single unit more challenging [9, 12]. Steam reforming being an endothermic reac-
tion requires high temperature and low pressure while for high hydrogen recovery 
membrane requires high pressure and low temperature. There are certain other chal-
lenges too which need to be overcome for the successful operation of membrane 
reformer. These are as follows: (1) production of thin dense membranes having high 
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hydrogen perm selectivities and high hydrogen flux, (2) synthesis of the highly 
active reforming catalyst with low CO selectivity even at high temperatures, (3) 
low-temperature reforming catalysts for better integration of membrane reformer 
with PEMFC, and (4) optimal arrangements of membrane and catalysts inside the 
membrane reformer to achieve the desired performance. However, even after two 
decades, most of these challenges are still unresolved and one needs to revisit and 
modify all these steps for the commercialization of the membrane reformer. In this 
book chapter, the focus is on required modification in traditional steam reforming 
catalysts used for steam reforming of alcohols for their application in membrane 
reformer.

3  Hydrogen Generation

Until the beginning of the renewable revolution, hydrogen has been typically recov-
ered from gas streams where hydrogen presence is more such as gas streams at 
refineries, petrochemicals plants, and ammonia plants. Normally, energy carriers 
are not sources. They are produced from a primary energy source (feedstock) using 
a technology. Hydrogen is a carrier; and its generation is usually accomplished 
using natural gas, gasoline, methane, methanol, ethanol, and glycerol as feedstock, 
by processes such as steam reforming, dry reforming, auto-thermal reforming, elec-
trolysis, partial oxidation, cracking, etc. These processes are carried out in their 
respective operating conditions, depending on their stoichiometry to produce H2 
accompanied with by-products such as CO, CO2, O2, C2H4, or CH3CHO, etc. [14]. 
Electrolysis dates back to the late 1920s when water as feedstock was first electro-
lyzed to produce hydrogen industrially; later water was replaced with fossil-based 
feed. This process does not much have commercial impact due to the high electric-
ity consumption (4.5–5 kW/m3H2) [15] hindering its cost-effectiveness and carbon 
formation in this process too continues to create a hazard. The reaction of primary 
fuel with a quantity of oxygen inadequate for the fuel complete oxidation is referred 
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Fig. 1 Schematic of membrane reformer
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to as partial oxidation [16]. With waste heat generation, this process is inefficient. 
Steam reforming combined with oxidation where oxidation reaction provides the 
energy required for steam reforming, this process is referred to as auto thermal 
reforming. However, by reacting to a hydrocarbon with a mixture of steam and 
oxygen/air, careful control of oxygen content is essential to maintain the proper 
reacting temperatures [16] which may be challenging for on-board applications. 
Dry (CO2) reforming results in the formation of either syngas (CO and H2) or car-
bon nanofilaments which is a marketable product as “reinforcing fillers” [17]. 
However, such products can hamper the performance as well as the life of the mem-
brane. Hence, it is not suitable for membrane reformer. In comparison to all these 
processes, steam reforming is an established technology known for efficient hydro-
gen generation [3, 18–20].

Steam reforming reactions are endothermic which proceed under increased vol-
ume and therefore require high temperature and low pressure for maximum feed 
conversion. On the other hand, water-gas shift reaction is an exothermic reaction 
that proceeds simultaneously with most of the alcohol’s steam reforming and with 
no volume change as stated in reaction (1) [20]:

 CO H O CO H kJ molK+ « + = -2 2 2 298 41, /DH  (1)

 CH OH CO H kJ molK3 2 2982 90« + =, /DH  (2)

 CH OH H O CO H kJ molK3 2 2 2 2983 49+ « + =, /DH  (3)

 C H OH CO CH H kJ molK2 5 4 2 298 33« + + =, /DH  (4)

 C H OH H O CO H kJ molK2 5 2 2 2982 4 256+ « + =, /DH  (5)

 C H OH H O CO H kJ molK2 5 2 2 2 298
03 2 6 174+ ® + =, /DH  (6)

 C H O H O CO H3 8 3 2 23 4+ ® +  (7)

 C H O g H O H g CO3 8 3 2 2 23 7 3( ) + ® ( ) +  (8)

3.1  Partial Oxidation

 CH OH O H CO kJ molK3 2 2 2 2981 2 3 49 4+ « + =/ , . /DH  (9)

3.2  Oxidative SR

 

CH OH H O O H CO
kJ mo

K3 2 2 2 2 2981 0 5 3
241 8 49 5

+ -( ) + « -( ) +
= - +

p p p H
p

. ,
. . /

D
ll  (10)
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3.3  Dry Reforming

 CH CO H CO kJ molK4 2 2 2982 2 247 3+ « + =; . /DH  (11)

Reactions (2) and (3) state methanol decomposition and methanol steam reform-
ing. This is followed by ethanol decomposition and steam reforming in reactions (4) 
and (5). The desirable ethanol steam reforming reaction is considered with ethanol: 
water ratio as 1:3 as presented in reaction (6). Similarly, glycerol steam reforming 
general reactions are presented by reactions (7) and (8). In these entire reactions, 
one thing that is prominently observed is the case of hydrocarbons decomposition 
which will only lead to carbon formation. So, concerning this, excess water is added 
to remove CO in the form of CO2 and H2 by a known mechanism called the “water- 
gas shift” reaction. Hydrogen generation also includes processes such as partial 
oxidation (reaction 9), oxidative steam reforming (reaction 10), dry reforming 
(reaction 11), and steam reforming (reactions 3, 5, 6, and 7). However, steam 
reforming remains to be the most economic and efficient (maximum H2 generation 
up to 75%) [18] mode for a wide range of hydrocarbon feedstocks, e.g., methanol, 
ethanol, and glycerol. Partial oxidation (reaction 9) is an exothermic reaction reveal-
ing rapid start and response times, which makes it suitable for compact reactor 
design. However, it suffers from the likelihood of the formation of hot spots making 
it difficult to control the reaction and low H2 yield [17]. Oxidative or auto-thermal 
reforming is the simultaneous performing of partial oxidation and steam reforming. 
It is energetically efficient (adiabatic) and fast process; but this process is also 
affected by coking. Coking is a function of temperature. Therefore, its formation 
increases with progressing temperature and contact time [18]. Hence, steam reform-
ing is preferred over all other processes for on-board/on-site generation of hydrogen.

Based on the application, one type of alcohol may dominate over the other, but 
the steam reforming process for all the alcohols undergoes several simultaneous 
reactions depending on the operating conditions (temperature, and pressure) and the 
catalyst used. The reactions mentioned above are just typical reactions that may fol-
low several parallel or series reactions and a differing product distribution based on 
the operating conditions, active metals, nature of the support, and metal loading. All 
these affect the performance of MR. Therefore, for MR application a highly selec-
tive and efficient catalyst is vital.

4  Reforming Catalysts and Supports for Ethanol, Methanol, 
and Glycerol

The catalyst’s role in augmenting H2 generation has been studied in depth over the 
centuries. Its domain includes noble active metal catalysts like Ir, Au, Ru, Pd, Pt, and 
Rh; non-noble metal catalysts like Cu, Ni and Co; oxide catalysts such as Al2O3, MgO, 
ZnO, CeO2, V2O5, TiO2, La2O3, Sm2O3, and mixed oxide catalysts like La2O3-Al2O3, 

R. K. Upadhyay



421

CeO2-Al2O3, MgO-Al2O3, etc. Here, the oxide catalysts mentioned are majorly used as 
supports. Supports are thermally more stable and provide high surface area. The metal 
particles are doped over the support to achieve high mechanical and thermal strength; 
however, it comes at the cost of reduced metal dispersion and stability. Therefore, the 
functionality of the catalyst also depends on the interaction mechanism between the 
metal and the support [21]. Various supports are proposed by researchers depending 
on their respective properties. For example, Frusteri et al. [22] postulated that CeO2 or 
MgO supports should not help the coke formation by ethylene production as dehydro-
genation to acetaldehyde or dehydration to ethylene occurs depending on the nature 
of support. It was also reported that if support has a high basic sites, and high elec-
tronic polarizability, it favors dehydrogenation over dehydration.

A few significant features of these supports can be mentioned as the following:

 (a) ϒ-Al2O3 has a high surface area and is widely used due to its thermal and mechan-
ical stability. However, the acidic property of ϒ-Al2O3 favors dehydration of alco-
hol to alkene which acts as a precursor to form coke on the catalyst surface. This 
is completely undesirable and is more harmful to membrane reformer as coke can 
be deposited on the membranes. This can affect the performance and life of the 
membrane and hence the overall efficiency of the membrane reformer. To attenu-
ate coking on the catalyst surface incorporation of various alkali metals such as K, 
Li Ca, and Na is reported [23]. These basic sites not only act to eliminate acidity 
but also favors the carbon oxidation and reduction in coke deposition by enhanc-
ing water adsorption and –OH mobility on the surface [24].

 (b) Elias et al. [25] reported an increase in H2 selectivity for ethanol steam reform-
ing with increasing Ca content which leads to decreasing alkenes (like C2H4) 
selectivity and thereby coking. Ca also enhances the stability of the catalysts 
against the oxidation process. However, the decrease in acidity was more prom-
inent for impregnation-based catalysts.

 (c) MgO, ZnO, and CeO2 too have basic properties that minimize the coke formation 
on the surface of the catalyst and hence preferred for membrane reformer applica-
tions. Llorca et al. [26] proposed that increasing the basicity of the system might 
also increase the selectivity of acetaldehyde for ethanol steam reforming. Amongst 
the supports mentioned above, ZnO was reported to be one of the best oxide sup-
ports for the Co-based catalyst used for ethanol steam reforming.

 (d) The size of cerium oxide crystallites plays a determinant role in increasing the 
interaction with the noble metals. It promotes CO oxidation and water gas shift 
(WGS) reaction and promotes the stability of the catalyst due to its higher 
reducibility and oxygen storage-release capacity [17]. Addition of zirconium 
enhances the redox property and oxygen adsorption capacity of the CeO2 [27]. 
Srinivas et al. [28] have reported that even after several successive cycles of 
reduction and re-oxidation, the mixed oxides of ceria-zirconia was thermally 
stable. Such catalysts are preferred; however, the re-oxidation step in the case 
of membrane reformer is quite challenging.

 (e) Y2O3 and La2O3 have weak acidic and basic properties and exhibit long-term 
stability to the process.
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Along with supports, the preparation method also affects the catalyst perfor-
mance based on the difference in surface area. The two widely applied techniques 
for catalyst preparation include co-precipitation and impregnation [29]. 
Co-precipitation provides high metal dispersion with high attainable metal loading 
up to 60–80%, because of which catalysts prepared by this method are also termed 
as bulk catalysts. However, this process creates a lot of problems with its super- 
saturation conditions above which the product is to be separated from the large 
quantities of waste salt generation. Impregnation, on the other hand, is a widely 
applied process not only on a lab scale but also industrially. In impregnation, liquid 
phase gets adsorbed on the solid phase. However, the contacting of liquid and solid 
phase is critical to achieve uniform metal dispersion. Dry incipient wetness refers to 
the impregnation of the previously dried support with a solution containing a pre-
cursor of the active phase, i.e., V=Vpore. The solution gets sucked in the pores by 
capillary action and no excess solution is left in case of the proper wetness, hence-
forth called dry or incipient wetness [30].

Either prepared by impregnation or co-precipitation, the specific surface area 
values for co-precipitation are proposed to be higher than impregnation due to ther-
mal treatment which releases the gases because of the decomposition of the precur-
sor and provides high catalyst porosity [25]. Besides, co-precipitation is a fast 
precipitation process occurring in super-saturation conditions. Faster nucleation 
than crystal growth results in an amorphous precipitate with a large disorder prompt-
ing a higher surface area. However, reduced acidity of the system was reported for 
the catalysts synthesized through impregnation method. Active metals, be it noble 
or non-noble, are normally chosen based on the reaction as well as the basic inher-
ent property it must possess for H2 generation. These properties comprise C–C bond 
cleavage, its stability, and activity in the desired reaction conditions, and its resis-
tance to coke, generated during the reaction [21]. Ni shows high selectivity to 
hydrogen generation. The low cost of Ni and has high C–C bond cleavage activity 
makes it more attractive. Haryanto et al. [23] compared Ni/ϒ-Al2O3, Ni/La2O3, Ni/
La2O3-Al2O3, Ni/MgO, and found La2O3-Al2O3 as the best support. Sun et al. [31] 
proposed that “La” promotes dehydrogenation of alcohols, thereby reducing the 
formation of alkenes. The order of H2 selectivity and activity of Ni by Sun et al. [31] 
was reported as Ni/La2O3 > Ni/Y2O3 > Ni/Al2O3 for ethanol steam reforming. Rh 
and Co-based catalysts are also proposed to be promising in terms of activity and 
selectivity. Likewise, Pt, Ni, NiPt/Al2O3 were examined by Sanchez et al. [24] and 
suggested the reaction pathway over these catalysts by ethanol dehydrogenation and 
subsequent acetaldehyde decomposition. A complete conversion during 45  h on 
stream was also reported by Cai et al. [32] using Ir/Ce700 with 59% H2, 19% CO2, 
17%CO, and 5%CH4 selectivity. Cavallaro and Freni [33] illustrated the occurrence 
of intermediates such as acetic acid, ethyl acetate, and acetaldehyde below 325 °C 
when selectivity of H2 and CO2 is very low at 1 atm pressure; water: ethanol 6:1 & 
10:1 using catalysts CuO/ZnO/Al2O3, NiO/CuO/SiO2, Pt/Al2O3, etc. It was also 
identified that selectivity toward H2, CO, and CO2 increases with an increase in 
temperature and that all catalysts shift the system toward equilibrium above 360 °C 
[34]. Aupretre et al. [35] tested a wide range of active metals (Rh, Pt, Pd, Ru, Ni, Cu, 
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Zn, Fe) and oxide support (Al2O3, 12% CeO2-Al2O3, CeO2, CeO2-ZrO2, ZrO2) com-
binations and found Rh, Ni giving the best performance with CeO2-ZrO2 support for 
ethanol steam reforming. They also reported that the degree of mobility of surface 
OH-groups with ceria-based supports directly affects the steam reforming activity.

Noble metal–based catalysts are believed to be stable catalysts as they are recog-
nized for breaking the C–C bond which results in less carbonaceous deposits. The 
activity of noble metal catalysts to get a reduction in the C–C bond is of the follow-
ing order Rh > Co > Ni > Pd [33]. In various oxides supported metal catalysts stud-
ied in the literature, Breen et  al. [36] proposed that Al2O3-supported catalysts 
promote dehydration of ethanol to ethylene while for CeO2/ZrO2-supported cata-
lysts no formation of ethylene was observed. Also the combination of CeO2/ZrO2- 
supported catalysts with alumina will inhibit ethylene, thereby coking in high 
temperatures. Ru-catalyzed ethanol steam reforming studied in the range of 
600–850 °C and found that 5% Ru was comparable to the performance of rhodium 
with a marked increase in conversion and selectivity to H2. For low-temperature 
steam reforming (300–450 °C) Panagiotopoulou et al. [37] found that catalytic per-
formance for better selectivity to H2 is varied in the order of Pt > Pd > Rh > Ru. The 
effect of CeO2, ZrO2, and Al2O3 support conducted on Pt catalyst in the range of 
350–450 °C showed the highest performance of Pt/ZrO2 followed by Pt/Al2O3 and 
lastly Pt/CeO2 for better selectivity to H2. Compared with other literature it was also 
reported that WGS reaction for Pt-supported catalysts occurs with high rates at tem-
peratures above 350 °C. Apart from this, the selectivity of acetaldehyde at 320 °C 
was reported to decrease in the order ZrO2 > CeO2 > Al2O3, while the selectivity of 
CO was affected in the manner CeO2 > Al2O3 > ZrO2. This unexpected behavior 
compared to alumina was attributed by low specific surface area which thereby 
affects reducibility and hence WGS activity [37]. Most of these catalysts tested for 
ethanol steam reforming are high-temperature catalysts. These catalysts reported 
low hydrogen yield at a temperature of less than 350 °C. This makes the integration 
of these catalysts with membrane followed by PEMFC (which operates at around 
60–100 °C) very challenging. Further, the CO selectivity is also high at the higher 
temperature. Hence, a low-temperature catalyst is needed.

The transition metal (member of the group 8–10) is used as a catalyst for metha-
nol steam reforming. These metals have multiple oxidation states and can provide a 
lower activation energy path which makes them attractive and enhances their cata-
lytic active. Similar to ethanol reforming, noble metal catalysts show adequate 
reforming activity for methanol too for a wide temperature range. However, their 
high cost limits their use particularly for large-scale implementation. Pd and Ru are 
considered as active catalysts amongst the noble metal for the methanol steam 
reforming. However, both show high CO selectivity [38, 39] due to the increased 
methanol decomposition which is not suitable for membrane reformer application 
[39]. Cu, Ni, Au, Fe are also used as a non-precious metal catalyst for methanol 
steam reforming. Among them, copper is a highly abundant low-cost metal which is 
used for both methanol synthesis and methanol steam reforming. It is mainly pre-
ferred because of its high activity at a lower temperature. Further, it can catalyze 
both oxidation-reduction reactions and shows high hydrogen selectivity. The 
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addition of zinc on the Cu-Al2O3 catalyst reduces the metal size and increases the 
metal dispersion [40, 41]. This increases the Cu catalyst activity, hence preferred 
over the Ni-based catalyst [40]. The addition of ZrO2 on Cu/Zn/Al2O3 catalyst 
reduces the CO yield [40, 42] which is desirable for membrane reformer applica-
tion. To reduce the CO selectivity, other supports such as CeO2 [43], ZnO-Al2O3 /
CeO2-ZnO [39, 41, 43], ZrO2 [44], and MgO [45] are also studied extensively. As 
stated earlier it is important to understand the interaction between the impregnated 
metal and support to determine complete functionality of any catalyst. The physio-
chemical property of the combined support and metal significantly affects the sur-
face reaction. It either modifies the electrical property of the metal or promotes the 
intermediate formation. In Cu and Ni monometallic catalysts with different support, 
CO formation is observed in the range of 3–18%. The same was around 25–35% for 
Pd- and Ru-based catalyst supported on Alumina, zirconia, or ceria support. 
However, Pd supported on In2O3, ZnO, and Ga2O3 shows less than 5% CO selectiv-
ity [39]. The alloy formation was mainly responsible for such a vast change in CO 
selectivity.

Recently, Bimetallic catalysts have gained more attention for methanol steam 
reforming. Due to the formation of alloy, the bimetallic catalyst shows diverse elec-
trical and chemical properties in comparison to their base metals. Based on the 
metal properties, temperature, support, and oxidative or reductive environment dif-
ferent structure of bimetallic catalysts can be observed. Mostly hetero-atom and 
nano-alloys structures are reported in the literature [40] which shows the distinct 
property. It is reported that the addition of Cu in Ni-based catalysts can reduce the 
coking and metal sintering [42]. The addition of Fe in Ni-CeO2 catalyst is also stud-
ied and found that the addition of Fe reduces the CO formation. Recently, Sharma 
et al. [46] have shown that the addition of Fe to Cu on Alumina-zinc-zirconia sup-
port shows no CO till 400 °C temperature at atmospheric pressure. Such a catalyst 
is quite suitable for the membrane reformer application. However, the life and per-
formance of such catalyst at high pressure need to be rigorously tested.

The metal-supported catalyst normally used for glycerol steam reforming 
includes Ir [47], Ru [48], Pt [49], Ni [50], and Pd [51]. Zhang et al. [47] obtained 
the complete conversion of glycerol at 400 °C using Ir/CeO2 with 85% H2 selectiv-
ity, while selectivity with Co/CeO2 and Ni/CeO2 were observed 88% and 75% at 
425 and 450 °C respectively. They have also verified the presence of a small amount 
of CH4 at the outlet. For each catalyst, maximum hydrogen selectivity was obtained 
at the highest temperature of 550 °C. Dave and Pant [52] reported H2 yield 3.7–3.9 
with increasing temperatures from 600 to 700 °C by steam reforming at 82% and 
100% conversion, respectively, using Ni/CeO2 and Ni-ZrO2/CeO2. Adhikari et al. 
[53] synthesized the Ni-based catalyst on different supports: MgO, CeO2, and TiO2. 
They have studied the effect of support on hydrogen selectivity at 600  °C and 
WGFR of 9. The order for H2 selectivity was observed as follows: CeO2 
(70%) > 4MgO (40%) > 4TiO2 (15%). Chiodo et al. [54] compared the performance 
of Rh- and Ni-based catalyst supported on γ-alumina. It was found that the Rh-based 
catalyst was more active compared to the Ni-based catalyst. However, for both the 
catalysts (Rh/Al2O3 and Ni/Al2O3) coke formation was observed at all the 
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temperature. The thermal decomposition of glycerol to olefins was mainly respon-
sible for the coking which severely affects the performance and is not suitable for 
membrane reformer application.

Similar to ethanol, for glycerol too hydrogen yield at low temperature is very 
low. Hence, for better integration, it is desirable to develop a low-temperature cata-
lyst that can provide acceptable hydrogen flux for membrane reformer application.

5  Summary and Future Aspects

The focus of this chapter was mainly on providing an overview of the development 
of membrane reformer concerning reforming catalyst for ethanol, methanol, and 
glycerol steam reforming. The membrane reformer has the potential to be commer-
cialized for on-board/on-site production of ultra-pure hydrogen. It can provide clean 
energy when integrated with PEMFC and can reduce the dependency on fossil fuel. 
However, the major challenge in commercializing the membrane reformer is its low 
hydrogen recovery. This is linked to the performance of membrane used for selec-
tive hydrogen separation, the catalyst which is used for hydrogen generation, and 
the way these two are integrated into a single assembly. Hence, it is required to 
improve all these aspects to make on-board/on-site generation of hydrogen through 
MR a reality. Here, I have discussed the reforming catalysts for different alcohols 
which compete with each other based on application. The chapter highlights the 
different catalysts used or tested for ethanol, methanol, and glycerol steam reform-
ing and their suitability for membrane reformer application. Though several cata-
lysts are available for ethanol steam reforming, mostly ceria-supported catalysts are 
preferred as they provide low CO selectivity. Ni, Co along with some noble metal 
like Ru, Rh are preferred as they reduce the coking. However, all these catalysts 
provide high conversion and high hydrogen production at a higher temperature 
(>450 °C). Therefore, their integration with the membrane is challenging as such a 
temperature membrane may develop the leaks at the joints (particularly the ceramic 
supported membranes). Further, in the case of methanol steam reforming various 
support and metal combinations are tested. AZZ support and Cu metal are found to 
be suitable. However, they provide high CO content. A recent study shows that 
Cu-Fe supported on AZZ supports provide No CO till 450 °C which looks promis-
ing. However, the performance and life of this catalyst under high pressure needs to 
be tested. Further, this catalyst also provides a high hydrogen production rate only 
above 300 °C. Similarly, for glycerol steam reforming Ni-based catalysts (which 
have high C–C bond cleavage) supported on alumina or ceria-zirconia support are 
preferred. However, these catalysts also performed well at a higher temperature and 
both CO and CH4 contents are observed in the reformate which is not desirable. 
Therefore, most of the available catalysts are not suitable for the membrane reformer 
application. Hence, there is an urgent need to develop a low temperature and high 
hydrogen-selective catalyst to achieve the desired performance from the membrane 
reformer.
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Abstract In recent years, environmental challenges have led to a focus on the pro-
duction of clean synthetic fuels from different carbon sources using Fischer-Tropsch 
(FT) synthesis. Catalyst development and reactor improvements are the major 
points of interest to obtain high selectivity toward desired hydrocarbons in FT syn-
thesis. The first part of this chapter summarizes the fundamentals of FT synthesis, 
catalysts, and possible reaction mechanisms, the drawbacks of present synthesis 
reactors, and how microchannel microreactor (specified as microreactor in this 
chapter) technology addresses them with its unique characteristics. Two case stud-
ies are presented to describe catalyst screening for FT synthesis in two types of 
microreactors: Silicon (Si) microreactors are fabricated using conventional micro-
fabrication techniques with dimensions 1.6 cm × 50 μm × 100 μm. Stainless steel 
(SS) 3D printed microreactors of dimensions 2.4 cm × 500 μm × 500 μm are fabri-
cated by direct metal laser sintering method. The FT studies with Si and SS micro-
reactors coated with different catalysts/supports and temperature-programmed 
reduction (TPR) experiments with H2 not only provide insight into metal-support 
interactions but also catalyst performance in terms of kinetics, selectivity, CO con-
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version, and stability. Conversion of syngas enriched with CO2 and CO2 utilization 
in FT synthesis are the key factors in the production of next-generation biofuels. A 
case study on the effect of silica and alumina promoters on Co-Fe-K precipitated 
catalysts in a lab-scale reactor to enhance CO2 utilization in FT synthesis is also 
included.

Keywords Fischer-Tropsch synthesis · Syngas conversion · Microreactors 
fabrication · Microchannel reactors · Microreactor 3D printing

1  Introduction

1.1  Fischer-Tropsch Synthesis

Fischer-Tropsch (FT) synthesis enables the conversion of carbon-containing 
resources, such as coal, biomass, and natural gas into value-added chemicals and 
fuels. In this process, syngas, which is a mixture of CO and H2, catalytically reacts 
to generate primarily linear alkanes and alkenes. Significant details discussing the 
FT process and economics have been discussed extensively elsewhere [1, 2]. The 
overall FT process involves three major steps: (1) conversion of hydrocarbon con-
taining resource to generate syngas, (2) syngas conversion into hydrocarbons via the 
FT process, and (3) upgrading of the generated hydrocarbons to the final products. 
Figure 1 provides a schematic overview of the process.

Syngas generation is achieved by coal/biomass gasification, steam reforming, 
CO2 reforming, or partial oxidation of CH4 as shown in Eqs. (1)–(3) [3]. The choice 
of technology depends on the nature of the feedstock, in addition to process and 
economic parameters, and has been discussed extensively elsewhere [4, 5]:

Fig. 1 Overall Fischer-Tropsch process schematic
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 Steam reforming CH H O CO H4 2 23+ « +  (1)

 CO reforming CH CO CO H2 4 2 22 2+ « +  (2)

 Partial oxidation CH O CO H4 2 20 5 2+ « +.  (3)

 Coal gasification C H O CO H+ « +2 2 (4)

The generated syngas is then passed on to the FT synthesis reactor in which alkanes, 
alkenes, and alcohols are formed, as shown in Eqs. (5)–(7); and they are highly 
exothermic. The reaction rates and product compositions are determined by the 
H2:CO ratio of the syngas, the catalyst type, in addition to the operating temperature 
and pressure:

 Formation of alkanes H CO C H H O2 1 2 2 2 2n n nn n+( ) + ® ++  (5)

 Formation of alkenes H C H H O2 2 2 2n nCO nn n( ) + ® +  (6)

 Formation of alcohols H CO C H O H O2 12 2 2 2n n nn n+ ® + -( )+  (7)

The water gas shift (WGS) reaction, where CO reacts with steam to generate CO2 
and H2 as shown in Eq. (8), commonly occurs in the presence of a catalyst during 
FT synthesis. It is typically used to adjust the H2/CO ratio in the syngas for some FT 
plant configurations by introducing a Nickel catalyst [6, 7]:

 Water gas shift WGS reaction CO H O CO H( ) + « +2 2 2 (8)

Another common FT side reaction is the Boudouard reaction, in which CO 
decomposes into carbon dioxide and graphite, as shown in Eq. (9). It leads to the 
strong chemisorbed coke deposition on the active sites of a catalyst and hinders the 
catalytic reaction. This is also termed as catalyst poisoning as it deactivates the cata-
lyst during the FT synthesis:

 Boudouard reaction CO C CO2 2® +  (9)

1.2  FT Reaction Mechanisms

The choice of catalyst dictates the mechanisms or reaction pathways governing the 
Fischer-Tropsch synthesis. It is a surface polymerization reaction to form longer 
hydrocarbons which typically involves: (1) adsorption of gases on the catalyst, (2) 
chain initiation by CO dissociation and hydrogenation, (3) chain growth by CO 
insertion and hydrogenation, (4) chain growth termination, and (5) desorption of 
hydrocarbon products from the catalyst surface [8]. The three major mechanisms, 
namely, the carbide mechanism, the CO insertion mechanism, and the hydroxy car-
bene mechanism [3], are summarized below.
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• Carbide Mechanism: This mechanism initiates FT reaction by the adsorption of 
carbon monoxide gas on the surface of the active metal catalyst that results in the 
formation a metal carbide on the catalyst surface. This chemisorbed carbon mon-
oxide, a C–O bond bridged between metal carbide nodes on the catalyst surface, 
dissociates into C and O species. In the next step, hydrogen molecules (H–H) 
dissociate to form H atoms which are used in the hydrogenation of the carbide 
groups to produce the first C1 intermediate methyl species (–CH2–). The methyl 
species can react with hydrogen atoms to form methane gas or act as alkyl chain 
extenders (monomeric units) to form the final product. The formation of this 
intermediate removes oxygen in the form of water and has been assumed to be 
the suitable mechanism for oxygen removal since the FT synthesis was first 
demonstrated.

• CO-Insertion Mechanism: In this mechanism, a second carbon monoxide mol-
ecule inserts between the metal and initially chemisorbed carbon monoxide mol-
ecule, i.e., metal-alkyl bond. This step is the key process in forming C–C 
intermediate which then undergoes hydrogenation and polymerization to form 
an alkyl chain. This mechanism mostly explains FT synthesis carried out by iron 
and ruthenium-based catalysts.

• Hydroxy-Carbene Mechanism: As the name implies, this mechanism proceeds 
via a hydroxy carbene (CHOH) intermediate formed during the chain growth 
process in the reaction. The first chemisorbed CO on the metal will undergo a 
hydrogenation reaction to form the hydroxy carbene intermediate. Condensation 
of two intermediates removes oxygen as water in the coupling reaction to form a 
C–C bond. The surface oxidation of this intermediate propagates chain growth in 
the reaction. The chain growth termination of this reaction pathway consequently 
produces mostly oxygenated hydrocarbons such as aldehydes, ketones, ethers, 
and alcohols.

1.2.1  Adsorption Mechanisms in FT Reaction Kinetics

It is worth noting that different mechanisms have been proposed to predict the pos-
sible routes by which the FT reaction could proceed. The desired product selectivity 
and optimal reactor design require an in-depth understanding of reaction kinetics. 
However, an understanding of the kinetics of this complex reaction system is fairly 
difficult, and not much kinetic studies for FT synthesis in microreactors have been 
reported. The kinetic performance evaluation of the catalyst requires rate expression 
models that account for the consumption of reactants considering product distribu-
tion in the reaction system. The Anderson-Schulz-Flory (ASF) model,  which is 
based on the statistical distribution of the FT products, as governed by the chain 
growth probability, is typically used to predict the product distribution of the FT 
reaction. These kinetic models are usually developed by collecting extensive experi-
mentation data by varying conditions like space velocity, temperature, pressure, 
reactant flowrates, type of catalyst, syngas molar ratio with eliminating heat and 
mass transfer losses. All the kinetic models based on the chain propagation and 
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chain termination reactions are presumed to proceed by a solid-surface phenome-
non, whereby reactant gases are adsorbed onto the catalyst surface to initiate the 
reaction. The section below gives a very brief understanding of the adsorption of 
reactants, i.e., CO, H2, or both which initiates the FT synthesis [9, 10].

• H2 Adsorption: Most of the supported transition metal catalysts are able to dis-
sociate the molecular hydrogen to more reactive hydrogen atoms on the catalyst 
surface [10, 11]. This enhances the quick adsorption of hydrogen onto the cata-
lyst surface (S) forming a metal surface-hydrogen (H-S) intermediate/complex 
as shown below. This is more favored when the metal catalyst is in its pure form 
(zero oxidation state). However, all the FT synthesis reactions are carried out 
with unsupported bulk metal or metal oxides immobilized on suitable supports. 
Derivation of the kinetic rate equations of hydrogen adsorption depends on the 
type of catalyst, support reaction conditions, and the rate of CO adsorption on the 
catalyst surface [9].

 H S H S2 2 2+ « ×  (10)

• CO Adsorption: CO is adsorbed more strongly than H2 on transition metals [12, 
13], and the type of the adsorption (associative or dissociative) on the catalyst 
active site is governed by the temperature range and the surface properties of the 
catalyst used for the FT synthesis.

The adsorption of CO occurs by both associative adsorption on free active cata-
lyst site and dissociative surface interaction between the CO and catalyst active site. 
This is the most common type of mechanistic consideration while developing 
kinetic models for the FT synthesis. The equations below show the associative (11) 
and dissociative (12) schemes of the adsorption mechanism for the CO on the cata-
lyst with support having active sites in the reaction:

 CO S CO S+ « ×  (11)

 CO S C S O S× « × + ×  (12)

2  Microreactor Technology for FT Synthesis

Recently, more attention has been focused on finding pathways and methods to 
reduce the physical dimensions of unit operations, such as separators and reactors, 
which are typically referred to as process modularization or process intensification. 
Reducing the physical dimensions allows for substantial increases in transport rates, 
which can be leveraged to significantly reduce overall plant capital cost [14], 
enhance reliability and response to market and feed fluctuations, facilitate plant 
deployability, reduce the overall footprint, enable more robust control, [15] and 
simplify scale-up [16].
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Milli- and micro-scale reactors have been a focal interest in process modulariza-
tion, as they allow better control of the reaction and product distribution by enhanc-
ing transport, increasing residence time, and mixing for continuous reactions and 
allow for inherently safe operations [17, 18]. The fundamental advantage of micro-
reactors is the significant enhancement of heat and mass transfer rates per unit vol-
ume when compared to traditional chemical reactors. Typically, microreactor has a 
minimum feature size in the range of 50–500 μm, which enhances heat transfer 
coefficients by orders of magnitude, up to 25 kW/m2 K [19]. Such reactors are typi-
cally designed to include parallel arrays of vertical channels that are packed or 
coated with a catalyst, and cross-flow horizontal cooling channels, which enables 
the significant reduction of the overall reactor volume and an increase in the overall 
productivity [20].

From a commercial perspective, a major motivation for utilizing micro-reactor 
technology for FT synthesis is that it enables the utilization of smaller point sources, 
without significant commercial or operational risk. The conventional FT technology 
requires about 50 MMSCF/d of the feed gas over a 30-year period in order to achieve 
the minimal acceptable production capacity of 50,000 barrels per day, in order to 
lower the capital cost per barrel to an acceptable level [21].

2.1  Microreactor Fabrication Methods and Materials

Microreactors are typically fabricated using conventional techniques in micro−/
nanotechnology and precision engineering. The internal structure of the microreac-
tor, such as channels (referred to as reaction zone), has characteristic dimensions 
ranging from sub-millimeter to micrometer range. These internal microstructures 
are constructed hierarchically, usually parallel channels in an array system (reaction 
or mixing zone) containing an inlet and an outlet. In this chapter, we use the term 
“microreactor” for all the devices where the characteristic dimension will be in the 
range of nanometers-sub-micrometer to sub-millimeter.

The design and configuration of microreactors are based on its applications. 
Structural hierarchy varies based on the type of reactor and unit operation, in addi-
tion to the operation mode (continuous flow or batch type processes). Some of the 
microdevices investigated, previously, are micromixers [22, 23], microreactors [24, 
25], micro heat exchangers [26, 27], micro separators [28], and microturbines [29]. 
The main focus of this chapter is the application of microreactors for FTS.

Microreactors can be fabricated using a variety of materials, the most common 
of which are silicon, glass, polymer, and metals (316 stainless steel). The selection 
of the materials depends on the intended application, reaction type, operating condi-
tions, the physical and chemical properties of reactants, reaction complexity, and 
cost. Table 1 highlights the advantages and disadvantages of common fabrication 
materials for microreactor applications.

The limitations of polymer and glass materials make them unsuitable to fabricate 
microreactors for high-temperature and high-pressure reaction systems. The section 
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below explains the fabrication of silicon and 3D printed stainless steel microreac-
tors used for our research to screen catalysts for FT synthesis.

2.2  Fabrication of Silicon Microreactor

The fabrication process of a Si-microreactor has been discussed extensively else-
where [30, 31]. To fabricate a microdevice on a silicon wafer, a photomask needs to 
be designed. A photomask is an opaque chromium plate with clear features called 
transparencies that let light (UV-light) pass through to transfer the pattern onto the 
photoresist layer. This is generally termed as photolithography. Figure 2 shows two 

Table 1 Advantages and disadvantages of different materials for microreactor fabrication

Material Advantages Disadvantages Dimensions

Silicon − Production of complex 
and 3-dimensional 
microchannel network
− Good mechanical 
strength and temperature 
control
− Good heat and mass 
transfer
− Good chemical 
compatibility

− Large fabrication 
infrastructure
− Brittle nature of silicon leads 
to difficult sealing especially for 
gas-phase high-pressure 
reactions

Nanometer to 
sub-micrometer

Polymer − Easy to manufacture
− Low-cost production
− Disposable devices for 
biocompatible reactions

− Limited chemical 
compatibility
− Poor thermal stability

Typically sub- 
micrometer range

Glass − Good thermal stability
− Favorable for 
photochemical reactions
− Reactions are visible 
due to reactor 
transparency
− Offers highest chemical 
compatibility

− Large infrastructure to 
fabricate dimensions in the 
nanometer range
− Leak tight connections for 
very high-temperature 
applications

Nanometer to 
sub-micrometer

Stainless 
steel

− No need for large 
infrastructure (cleanroom)
− Easy to design and 
fabricate, for example, 3D 
printing technique
− Favorable for 
high-pressure and 
temperature reaction 
systems
− Good sealing capability 
for high-pressure 
gas-phase reactions

− Feature size less than 500 μm 
is challenging to fabricate
− Limited applications

Typically few 
hundreds of 
micrometers to 
sub-millimeter
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types of photomasks, Fig. 2a shows the eight microreactor devices that are designed 
in AutoCAD, and Fig.  2b shows three microreactors devices designed on a 
4-in. wafer.

A single microreactor device in Fig. 2a shows inlet, outlet, and the reaction zone. 
The reaction zone has 118 microchannels of 1.3 cm in length. Each microchannel is 
50 μm wide and 100 μm deep. The design of the microreactor is based on the reac-
tant split and product recombination principle. Basically, a typical photomask is 
fabricated on chromium-deposited glass plate. A 300  nm chromium thin film is 
deposited on a rectangular glass plate. A photoresist is coated on this chromium- 
deposited glass plate. The AutoCAD file of the photomask is sent to a laser-assisted 
mask writing equipment like Heidelberg mask writer. The photoresist is developed 
in a developer, and the chromium film is wet etched in perchloric acid to transfer the 
pattern from photoresist to chromium mask.

The fabrication of microreactors shown in Fig. 2a and b is based on the previous 
research performed at Louisiana Tech University with some modifications in the 
process flow to gain high aspect ratios. The process flow diagram for the present 
fabrication process of the microreactor is a little bit different and schematically 
shown in Fig. 3. In brief, the fabrication of microreactor involves the deposition of 
titanium (15 nm) and the aluminium thin film of 150 nm using e-beam or magnetron 
sputtering physical deposition method on a clean 4-in. silicon wafer. Then the wafer 
is rinsed with acetone, methanol, IPA, water and dried with a nitrogen gun. The 
wafer is spin-coated with hexamethyldisiloxane and SPR 220 3.0 positive photore-
sist. The wafer is allowed to soft bake for 115 °C for 90 s and exposed to UV light 
with a contact gap of 50 μm. A post-baking process is performed in which the wafer 
is heated to 115 °C for 90 s before developing it in Microposit ® MF® 319 for 2 min. 
The pattern is transferred from photoresist to metal by wet etching of aluminum and 
titanium. They are etched to 100 μm deep using Deep Reactive Ion Etching (DRIE) 
technique. Once the required depth is obtained, the photoresist, aluminum and tita-
nium are stripped off the wafer. Figure 3 shows typical final devices fabricated on 
the silicon wafer.

Fig. 2 Types of microreactor design on a 4-in. ch wafer
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These devices are diced into individual microreactors and are anodically bonded 
to Pyrex glass plate which is plasma cleaned to remove all the inorganic impurities 
on the glass plate. The final anodically bonded microreactor, shown in Fig. 3, is used 
for Fischer-Trospch synthesis, and it is discussed in the later section of this chapter.

The silicon microreactors, well known for excellent heat and mass transfer char-
acteristics, are used for FT synthesis. However, it requires a very huge fabrication 
infrastructure and optimization of each microfabrication technique like deposition, 
photolithography, dry etching, etc., with extensive characterization every time to 
ensure the fabricated device does not have any defects. Another important challenge 
to use these silicon microreactors for FT synthesis is the extreme difficulty of creat-
ing a leak-proof environment for gaseous reactants while assembling into the high- 
pressure and high-temperature reaction line. Microreactor fabricated with a material 
with low-cost fabrication techniques in these complex operating conditions can be 
an interesting research area to address these limitations.

2.3  3D Printed 316 Stainless Steel Microreactors

The second type of microreactors used to evaluate catalyst screening for FT synthe-
sis is a 3D printed 316 stainless steel microreactor. The stainless steel microreactor 
was procured from Proto Labs Inc. A stainless-steel metal microreactor fabricated 

Fig. 3 The process flow diagram of a microreactor fabrication and the final microdevice for FT 
synthesis
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using 3D printing technology having a minimum feature size of 500  μm was 
designed in AutoCAD and used for catalyst screening in FT synthesis. An example 
of AutoCAD design of the microreactor is shown in Fig. 4a. The design consists of 
11 channels as reaction zones with split and recombination principle. The cover 
plate has inlet and outlet poles that can fit into the reactor block to handle very high- 
pressure reaction conditions and maintain a leakage-free environment for reactants. 
Figure 4b shows the final 3D printed stainless steel microreactor fabricated by a 
direct metal laser sintering process.

2.3.1  Design Optimization of Microchannel Reactor Using 
Computational Fluid Dynamics Modeling

A multi-phase CFD model was built and used to optimize the design of the micro-
channel reactor. The details of the CFD model, closure models, and boundary con-
ditions are similar to those previously developed [32–34]. Preliminary results 
showing the velocity contour and velocity vector profiles are shown in Fig. 5a and b, 
respectively. The current design exhibits inefficiency in mixing, with significant 
velocity gradients and dead zones in several parts of the reactor, which would ulti-
mately reduce the overall reactor efficiency and productivity. Therefore, a design 
optimization analysis was carried out with the primary objectives of: (1) eliminating 
dead flow zones in the reactor, while maintaining a free flow area of 57.5% or 
higher, (2) enhancing mixing throughout the reactor, (3) enhancing heat dissipation, 
and ultimately (4) maximizing reactor yield. The design analysis focused on two 
primary aspects, the gas distribution inlet and the channel design. For the inlet 
design, both T- and V-shaped inlet distributors were investigated, with the objective 
of breaking the flow at the inlet to prevent zipping and to generate eddies. With 

Fig. 4 AutoCAD design of (a) microreactor (b) final 3D printed SS microreactor
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regard to the channel design, eight different channel designs were investigated, as 
shown in Fig. 6. The objective was to maximize mixing, avoid zero-velocity regions, 
maximize heat dissipation, and enhance mixing quality.

Sample results for the effect of different inlet distributor and channel designs are 
shown in Figs. 7 and 8, respectively. As can be seen in these figures, changing the 
inlet to a T or V shape helps enhance feed distribution and reduce feed zipping 
through the reactors, whereas changing the channel design to a more tortuous path 
enhances mixing and reduces dead zones, which is intuitive. Therefore, the effects 
of the different designs on both the flow quality and heat dissipation were quanti-
fied. Two main parameters were used to determine the effects of channel design on 
flow, the dead zone % and the quality index factor, and results are shown in Tables 
2 and 3, respectively. A lower dead zone indicates better utilization of the coated 
catalyst surface, and ultimately a higher reactor efficiency and productivity, whereas 
a higher quality index factor, as defined in Eq. (13), determines the relative gradient 
in mass flow rate along the reactor, a lower quality index indicates better mixing 
throughout the reactor. As can be seen in the results, channel designs 5–9, coupled 
with T and V inlets, perform significantly better than other configurations, and 
should be considered for further reactor optimization. Similarly, two main parame-
ters were used to determine the effect of channel design on the heat dissipation 
within the reactor: cooling requirement (J), and maximum dimensionless tempera-
ture increase, and results are shown in Tables 4 and 5, respectively. A higher cooling 
requirement indicates a higher catalyst utilization rate and subsequently higher 
reactive productivity, whereas the maximum dimensionless temperature increase, as 
defined in Eq. (14), is a measure of the temperature gradients throughout the reactor, 

Fig. 5 Velocity contour (a) and velocity vector profiles (b) of the original microchannel reac-
tor design
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higher temperature gradients typically result in operational challenges and therefore 
lower values are desired. As can be seen in the results, channel designs 7–9, coupled 
with T and V inlet, perform better than the other configurations, and will be consid-
ered further in future.

Fig. 6 Micro-reactor channel design investigated in this work. (Adapted from Shaker et al. [35])

Fig. 7 Preliminary results of the effect of the inlet distributor on the velocity contours and velocity 
vector profiles in the microchannel reactor
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Fig. 8 Preliminary results of the effect of the channel design on the velocity contours and velocity 
vector profiles in the microchannel reactor

Table 2 Effect of different channel designs on the dead zone % in the reactor

Inlet design
Channel design (%)
S 1 2 3 4 5 6 7 8 9

Straight inlet 24.7 16.3 11.9 19.0 9.9 8.4 6.9 8.2 7.4 6.4
T-inlet 22.1 13.7 9.7 17.0 10.6 8.0 6.6 6.2 8.8 8.6
V-inlet 22.8 16.6 11.4 16.4 10.7 8.9 6.2 6.6 9.1 6.8

Table 3 Effect of different channel designs on the quality index factor in the reactor

Inlet design
Channel design
S 1 2 3 4 5 6 7 8 9

Straight inlet 0.6 0.48 0.318 0.456 0.288 0.24 0.23 0.16 0.2 0.22
T-inlet 0.35 0.252 0.168 0.294 0.137 0.11 0.09 0.14 0.1 0.1
V-inlet 0.28 0.21 0.101 0.204 0.132 0.12 0.08 0.09 0.12 0.09

Table 4 Effect of different channel designs on the cooling requirement (J) in the reactor

Inlet design
Channel design
S 1 2 3 4 5 6 7 8 9

Straight inlet 6.97 7.32 4.36 6.45 5.23 8.19 12.7 8.02 13.4 17.4
T-inlet 4.7 4.7 4.54 4.2 8.23 7.9 11.3 8.9 10.8 16.8
V-inlet 6.2 7.61 4.96 6.2 6.71 6.73 12.2 6.9 12.9 17.7
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Future work will investigate flow and heat effects in systems involving multiple 
microreactors, with the aim of identifying the best overall configuration to number 
up the microreactors into a standalone FT unit.
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3  Catalysts Development for Fischer-Tropsch Synthesis 
in a Microreactor

3.1  Experimental Setup and Approach

Experiments for FT synthesis are performed in an in-house custom set up with 
LabVIEW automation and accurate control over a wide range of operating condi-
tions. Figure 9 shows the experimental setup at North Carolina Agricultural and 
Technical State University. The flow rate of the reactants (hydrogen and carbon 
monoxide) was monitored and controlled using Cole Palmer mass flow controllers 
with a range of 0.01–1  sccm. The carrier gas used in this process was nitrogen, 
which was controlled using an Aalborg mass flow controller (maximum 10 sccm). 
The upstream and downstream pressures are monitored using Cole-Parmer digital 
pressure gauges and are fed to the LabVIEW system to control the reaction pressure 
using a solenoid valve. The products are analyzed by an online GCMS from Agilent 
Technologies.

The catalyst coating method is different depending on the reactor type. This will 
be discussed in the catalyst development in later sections. Before experimentation, 
the coated microreactors are reduced ex-situ under the flow of 10% H2. To compen-
sate reduction losses while transferring to the reactor line, the reactors are assem-
bled into the reactor block and then again reduced in-situ at 350 °C for 6 h. The FT 
reactions were performed after the reduction of catalyst, the catalyst performance 
like selectivity, activity, kinetics, and stability was evaluated by changing operating 
conditions like temperatures, gas hour space velocities, etc.

Table 5 Effect of different channel designs on the maximum dimensionless temperature increase 
in the reactor

Inlet design
Channel design
S 1 2 3 4 5 6 7 8 9

Straight inlet 0.312 0.209 0.144 0.256 0.144 0.13 0.12 0.1 0.1 0.11
T-inlet 0.243 0.175 0.104 0.16 0.092 0.12 0.06 0.06 0.07 0.09
V-inlet 0.271 0.217 0.133 0.23 0.13 0.1 0.11 0.09 0.08 0.08
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3.2  Catalysts for Fischer-Tropsch Studies

The four metals of group 8—ruthenium, iron, cobalt and nickel—possess high 
activities for Fischer-Tropsch synthesis and are best known catalysts in the industry 
and research [36]. The use of these transition metals as catalysts for FT synthesis is 
widely reported in the literature. The activity for ruthenium for carbon monoxide 
hydrogenation is much higher when compared to the other three metals; due to very 
high cost, it has limited industrial applications [3]. However, many research studies 
on both lab-scale and pilot-scale were performed using Ru as a promoter with ab 
iron- or cobalt-based catalyst for FT synthesis [37–39]. On the other hand, nickel 
being the more active catalyst for CO hydrogenation favors the formation of meth-
ane, i.e., methanation reaction, thereby lacking selectivity toward higher hydrocar-
bons [40, 41]. In addition, nickel carbonyls are volatile and lead to quick deactivation 
of the catalyst over the range of FT operating conditions [40]. Thus, cobalt and iron 
are the best suitable industrial catalysts for FT synthesis and are adopted globally by 
some of the commercial FT plants. For example, Sasol, a South African based FT 
plant, uses iron as a catalyst in three of their commercial plants, whereas a Shell- 
based FT plant in Malaysia produces 12,000 barrels per day using a cobalt catalyst 
for the hydrocarbon production [42].

Iron- and cobalt-based catalysts are the target for the catalyst design over the 
times to obtain more selectivity toward the desired products [43]. The optimum 
performance for Fischer-Tropsch synthesis is obtained by tailoring chemical, 
mechanical, and physical properties of catalysts during design and synthesis. The 
optimization of these properties enhances the catalyst performance in terms of 
activity, stability, and selectivity toward the desired hydrocarbons. The factors like 

Fig. 9 LabVIEW automated experimental setup showing all the devices on the optical table for 
FT synthesis in microreactor [24]
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activity, size, shape, and degree of crystallinity play a major role in overall catalyst 
design for Fischer-Tropsch synthesis [44]. These factors can be achieved by select-
ing suitable support materials. The support materials generally improve the catalyst 
activity by providing mechanical resistance to the catalyst. For example, supports 
provide porosity with high surface areas and uniform morphology with strong 
mechanical resistance. As a result, these support materials retain Fe or Co as 
nanoparticles in its framework and improve the dispersion of metals (Fe, Co or 
promoters like Ru, K, etc.) that help catalysts to be active and stable during the 
Fischer-Tropsch synthesis for longer time on stream. Supports such as Al2O3, TiO2, 
SiO2, ZrO2, zeolite, and carbon nanofibers are generally used for heterogeneous 
catalysis because of their high surface areas and excellent mechanical strength [45].

Metal-support interactions play an important role in catalyst development in 
terms of activity and selectivity. The study of these interactions is a key factor for 
the catalyst development for the Fischer-Tropsch synthesis is are presented in two 
case studies below. Case study-1 describes the catalyst screening in the silicon 
microreactors fabricated by conventional microfabrication techniques discussed in 
the previous section. The second case study describes the catalyst screening in the 
3D printed stainless steel microreactor.

3.2.1  Case Study-1: Catalyst Screening for FT Synthesis 
in Silicon Microreactor

The reactions are carried out by aligning the silicon microreactor in the reaction line 
without breaking and ensuring that the graphite gasket perfectly seals the inlets and 
outlets in the reactor. The catalyst to be used for FT synthesis is coated into the 
microchannels. The small microchannel features in the reaction zone play an impor-
tant and challenging role during experiments for FT synthesis. The methods like dip 
coating, incineration, and in-situ catalyst growth are few coating techniques that are 
generally used in FT studies.

Our studies in Si-microreactor published in 2010 [46] covered different methods 
for the deposition of catalysts in the channels of Si-microreactor. Zhao et al. [30] 
studied the effect of ruthenium, ~0.4% by weight, as a promoter on silica-supported 
iron- and cobalt-based catalysts synthesized by sol-gel technique for FT synthesis 
in silicon microreactor. The addition of Ru to Fe-Co-SiO2 increased the CO conver-
sion by 16% at 200 °C at 1 atm with a syngas ratio of 3:1.

In order to understand how each metal interacts with SiO2 in terms of 
CO-conversion and selectivity of hydrocarbons, Mehta et al. [31] used a silica sol- 
gel- based catalyst coated into the microchannels with a modified closed channel 
infiltration method called mCCI for FT synthesis. Figure 10 shows the SEM image 
of the microchannels in the silicon microreactor coated with the FT catalyst. The FT 
experiments with Fe-SiO2, Co-SiO2, and Ru-SiO2 catalysts, prepared by sol-gel 
technique (see Table 2 below), were conducted at different temperatures to find the 
optimum performance of each catalyst with syngas molar ratio (H2:CO) of 2:1 and 
3:1 at atmospheric pressure. As shown in Fig. 11, the metal type, temperature, and 
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the syngas mole ratio showed a significant effect on the FT reaction. The highest FT 
reactivity was observed for Ru-SiO2 with 5% selectivity toward butane. A 90% CO 
conversion was obtained for Co-SiO2 with 44% selectivity toward propane. More 
significantly, Co-SiO2 showed the highest resistance to stability followed by Fe-SiO2 
and Ru-SiO2.

Table 6 shows the surface areas, intended and actual metal loadings from EDX, 
optimum reaction temperature and conversion of catalysts used for FT synthesis in 
silicon microreactor.

These results are consistent with that reported in literature. Cobalt is indeed 
widely used in the industry for FT synthesis. These studies show that the SiO2 sup-
port has control over metal, particle size, and the degree of reduction.

In order to investigate the effect of support and metal-support interaction on FT 
synthesis, silica was replaced with TiO2. Abrokwah et al. [25] prepared TiO2 as sup-
port for metals Fe, Co, and Ru and carried out FT synthesis in the range of 
150–300  °C at 1  atm in a silicon microreactor. TPR profiles show the reduction 
profiles with strong metal-support interaction with the Co and Fe than that of Ru. 
The rutile phase of TiO2 increased the stability of Ru-TiO2 which was not observed 
in the case of Fe-TiO2 and Co-TiO2, causing quick deactivation of these catalysts. 
The optimum stability and the selectivity toward hydrocarbons were dependent on 
the reaction temperature for the different metals in the TiO2 support. Based on deac-
tivation studies, Ru-TiO2  >  Fe-TiO2  >  Co-TiO2. However, these results from FT 
studies with TiO2 support are in sharp contrast from that with SiO2. It has been 
reported in the literature that the rutile phase is important for FT activity of the cata-
lysts. After careful examination of the XRD data, we noticed that Ru-TiO2 also has 
a rutile phase in contrast to its absence in Co-TiO2 and Fe-TiO2. Our results are 
consistent that are reported in literature. Thus, the presence of the rutile phase in 
Ru-TiO2 suggests its higher stability and activity compared to its lower activity 
observed in silica.

Fig. 10 SEM image of microchannels in silicon microreactor coated with sol-gel FT catalyst

Fischer-Tropsch Synthesis in Silicon and 3D Printed Stainless Steel Microchannel…



446

Fig. 11 Effect of temperature on CO conversion and hydrocarbon selectivity of (a) Fe-SiO2 (b) 
Co-SiO2 (c) Ru-SiO2 during FT synthesis in silicon microreactor at p = 1 bar and H2:CO = 3:1

Table 6 Intended and actual metal loadings, surface areas, optimized reaction conditions of 
different catalysts used for FT synthesis in silicon microchannel microreactor

Catalyst with intended 
metal loadings

Surface 
area (m2/g) Actual metal loading

Optimum reaction 
temperature (°C)

CO 
(%) Refs

FeCo-SiO2 325 2.6%Fe 2.7%Co-SiO2 220 62 [30]
Ru-Fe-Co-SiO2 325 0.4%Ru-1.9%Fe 

2.2%Co-SiO2

220 77

12%Fe-SiO2 53.6 9.8%Fe-SiO2 200 81 [31]
12%Co-SiO2 56.3 10.4%Co-SiO2 250 90
12%Ru-SiO2 61.1 4.3%Ru-SiO2 250 62
12%Ru-TiO2 118.4 8.78% Ru-TiO2 220 and 250 – [25]
12%Fe-TiO2 117. 8.34% Fe-TiO2 300 –
12%Co-TiO2 48.1 6.44% Ru-TiO2 220 –
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3.2.2  Case Study 2: Catalyst Screening for FT Synthesis in 3D Printed 
SS Microreactor Using Mesoporous Support

One of the problems with Si-microreactors is that it breaks easily and also there is a 
problem to seal the microreactor with glass to create a leak-proof reaction environ-
ment. Also, as indicated in Table 6, the surface areas of sol-gel-coated catalysts are 
much smaller than the mesoporous supports for heterogeneous catalysts [47, 48]. It 
was also observed that intended metal wt% did not match with actual metal load-
ings. To address these problems, mesoporous supports synthesized by one-pot 
hydrothermal method with very high surface area were used to screen catalysts for 
FT synthesis in 316 stainless steel (SS) microreactors.

This case study gives a comprehensive understanding of various catalysts func-
tionalized on different types of mesoporous support and the FT studies were carried 
out in a 3D printed stainless steel microreactor. The kinetics of the catalytic reac-
tions were also investigated. Figure 12 shows the schematic FT process conducted 
in a microreactor.

Sub-case-1: Cobalt-Based Bimetallic Silica Mesoporous Catalyst for FT 
Synthesis in 3D Printed Microreactor

Mohammad et al. [45] studied the effect of 5% by weight of Co, Fe, Ru, and Ni 
incorporated into 10%Co-MCM-41catalyst, which were synthesized using a one- 
pot hydrothermal process. These powdered catalysts were uniformly coated into the 
reactor channels using 4% by weight of PVA slurry. The SEM image in Fig. 13 
shows the coated microchannels in SS microreactor. The FT experiments were car-
ried out at temperatures between 180 and 325 °C using a syngas molar ratio (H2:CO) 
of 3. Results indicated that the inclusion of the second metal into the Co-MCM-41 
framework had a significant effect on the CO conversion, C1-C4 selectivity toward 
and the catalyst stability in FT synthesis. The metal loadings calculated by EDX, 
BET surface area, conversion and selectivity of these catalysts are presented in 
Table 7.

Fig. 12 Schematic FT synthesis in 3D printed stainless steel microreactors

Fischer-Tropsch Synthesis in Silicon and 3D Printed Stainless Steel Microchannel…



448

All the catalysts showed significant selectivity toward methane, but the highest 
selectivity toward butane (11%) and propane (39%) was observed for CoRu- 
MCM- 41 at 240 °C and CoFe-MCM-41 at 210 °C, respectively. Figure 14 shows 
the effect of temperature on CO conversion and the selectivity to hydrocarbons in 
FT synthesis using four catalysts in a 3D printed stainless steel microreactor with 
H2:CO molar ratio of 3:1. Deactivation studies performed at 240 °C show that CoFe- 
MCM- 41 is more stable and it is followed by Co-MCM-41 and CoNi-MCM-41. 
CoRu-MCM-41 was found to have the least resistance to catalyst deactivation; how-
ever, it showed the highest selectivity towards propane and butane of all the four 
catalysts. Results show that the selectivity toward hydrocarbons for each catalyst 
was greatly dependent on metal-support interactions as supported by various char-
acterizations studies such as TPR and XPS.

Fig. 13 SEM image of microchannels coated with the catalyst in SS microreactor

Table 7 Metal loadings, surface areas, and optimum reaction temperatures for FT synthesis in 3D 
printed SS microreactor using MCM-41 supported catalysts

Catalyst EDX loadings
Surface area 
(m2/g)

CO 
(%)

Optimum reaction 
temperature (°C) Refs

15%Co MCM-41 14.33% Co-MCM-41 820.5 64 240 [45]

10%Co5%Ru 
MCM-41

9%Co4%Ru 
MCM-41

1025.3 77.4 240

10%Co5%Fe 
MCM-41

10.2%Co6.8%Fe 
MCM-41

574 65.5 210

10%Co5%Ni 
MCM-41

9.1%Co5.5%Ni 
MCM-41

434 72 240
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Fig. 14 Effect of temperature on CO conversion and hydrocarbon selectivity in FT synthesis using 
3D printed stainless steel microreactor: (a) Co-MCM041, (b) CoRu-MCM-41, (c) CoFe-MCM-41, 
(d) CoNi-MCM-41; p = 1 bar and H2:CO = 3:1

Fig. 15 H2 TPR (temperature-programmed reduction) profiles of (a) MCM-41-based catalysts (b) 
CoRu-S (S = MCM-41, KIT-6 and SBA-15)
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For example, the temperature-programmed studies (TPR) shown in Fig.  15a 
indicate that reduction temperature of cobalt is ~800 °C, forming very stable cobalt 
silicates and this is consistent with the results from XPS studies [45].

The studies with MCM-41 support resulted in very low selectivity toward higher 
hydrocarbons despite showing the highest stability over a longer time on stream 
(TOS). This prompted us to investigate different types of mesoporous silica sup-
ports to gain an in-depth understanding of the influence of the structure of mesopo-
rous silica material and its role in the reaction kinetics of FT synthesis.

The kinetic studies for FT synthesis were conducted with three different types of 
mesoporous silica (MCM-41, SBA-15, and KIT-6) supports having 10% Co and 5% 
Ru in the support framework [24]. A one-pot hydrothermal process was used to 
synthesize CoRu-MCM-41, CoRu-KIT-6, and CoRu-SBA-15, in order to study the 
effect of these long-range ordered mesoporous catalysts on the kinetics of FT reac-
tion. The catalysts were coated in the microchannels of microreactor with 4% PVA 
catalyst slurry and the kinetic performances were evaluated at three different tem-
peratures based on our previous studies with MCM-41-supported catalysts. The 
reactions were performed at 210, 240, and 270 °C at different weight hourly space 
velocities (WHSV = 2.15–25.2 kgcat  h/kmol) with 2:1 (H2:CO) constant syngas 
ratio. The theoretical kinetic models were proposed based on the Langmuir- 
Hinshelwood and the Eley-Rideal mechanisms. Table 8 shows the proposed six FT 
mechanisms, FT 1–6 with elementary reactions, and kinetic eqs. FT-1, FT-2, FT-4, 
and FT-5 are based on the Eley-Rideal-type mechanism and FT-3 and FT-6 are 
based on the Langmuir-Hinshelwood mechanism.

All the six FT mechanistic models were fitted against the experimental data to 
get the best-fitted model for each catalyst. The type of silica support has a signifi-
cant effect on the kinetic studies. FT-3 was the best kinetic model to fit the data for 
the CoRu-MCM-41 catalyst, whereas, for CoRu-SBA-15 and CoRu-KIT-6, FT-2 
and FT-6 were found to be statistically relevant to the experimental kinetic data. 
Deactivation studies show that the CoRu-KIT-6 is more stable and active than that 
of the other two catalysts in terms of CO conversion and activation energy, respec-
tively. The type of mesoporous silica material clearly shows the difference in the 
kinetic performance of the catalyst which is consistent with the differences shown 
in extensive characterization of the materials. For example, the TPR studies indicate 
that the metals Co and Ru on these three supports have different hydrogen consump-
tion temperatures to get active metal into the support framework. Figure 15b shows 
the TPR profiles of CoRu-MCM-41, CoRu-KIT-6, and CORu-SBA-15. The reduc-
tion temperature of cobalt in MCM-41 is around 780 °C, whereas, in Co- KIT-6 and 
Co-SBA-15, the total hydrogen consumption is observed at much lower 
temperature.

Sun et al. studied the kinetics of FT synthesis in a reactor having channels of 
1 × 1 × 40 mm on 8 × 8 cm stainless steel metal plate with Co-Ni bimetallic catalyst 
on SiO2 support. They investigated FT kinetics over a wide range of operating con-
ditions: T = 280–320 °C, 10–50 bar pressure varying syngas (H2:CO) ratio from 1 
to 3 [49]. The comprehensive theoretical kinetic model based on the Langmuir- 
Hinshelwood- Hougen-Watson carbide mechanism was derived and compared with 
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experimental data obtained in the microreactor using Co-Ni-SiO2 catalyst. They 
observed that the activation energy of Co-Ni-SiO2 was around 84 kJ mol−1 using a 
tubular reactor. The single support system has disadvantages of the high surface 
area and lacks catalyst activity and reactivity; therefore the composite support may 
be an option to enhance the FT activity

Sub-case-2: Composite Oxide Support Catalysts for FT Synthesis in 3D Printed 
Stainless Steel Microreactor

In order to investigate the effect of mixed-oxide supports on FT synthesis, a binary 
support with a combination of silica, titania, and alumina was synthesized. Bepari 
et al. [50] synthesized 10% Fe, 10%Fe 5%Co, 10%Fe 5%Ru impregnated on SiO2- 
Al2O3 mixed support prepared one-pot hydrothermal method. The H2-TPR studies 
show much lower reduction temperatures for Co and Fe in binary supports when 
compared to the catalysts with a single support. The low-angle X-ray diffraction 
studies showed that the mesoporous structure of impregnated catalysts was con-
served after the incorporation of Fe, Co, and Ru metals. The composite oxides mes-
oporous support have surface areas in the range of 380–650 m2/g with improved 
metal dispersion. The surface areas, intended and actual metal loadings and the CO 
conversion at 300 °C of all the three catalysts, are presented in Table 9. The pres-
ence of Co or Ru in Fe-SiO2-Al2O3 improved selectivity toward higher hydrocar-
bons and also has a remarkable effect on the catalyst activity when compared to 
that of Fe.

Case-study-3. Iron-Based Catalysts with Various Promoters for the Increase 
of CO2 Utilization During Fischer-Tropsch Synthesis

One of our goals at the NSF-CREST Bioenergy center is to carry out FT synthesis 
using syngas enriched with CO2 in microreactors at higher pressure to mimic that 
done in a lab reactor. In parallel to our research with microreactors, FT synthesis in 
a tubular reactor was carried out by Wang and his coworkers. The co-precipitated 
Fe-Cu-K catalysts were further promoted with silica (Si) and alumina (Al) to 
enhance its catalytic activity for the hydrogenation of CO2 and CO during 

Table 9 Metal loading, surface area, and CO conversion of different mixed oxide support for FT 
synthesis

Catalyst with intended metal 
loadings

Surface area 
(m2/g) Actual metal loading

CO 
(%) Ref

10%Fe-SiO2-Al2O3 479 9.25%Fe-SiO2-Al2O3 96 [50]

10%Fe 5% Co-SiO2-Al2O3 382 8.94%Fe 4.15% 
Co-SiO2-Al2O3

62

10%Fe 5%Ru-SiO2-Al2O3 101 10.54%Fe 
6.26%Ru-SiO2-Al2O3

71
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Fischer- Tropsch (FT) synthesis. The performance of the catalysts with and without 
the structural promoters of Al and Si was evaluated in a tubular reactor with 7.8 mm 
inside diameter and 15.2 mm length. Each catalyst was mixed with SiC at 1:6 volu-
metric ratio of catalyst to SiC to achieve an isothermal condition along the reaction 
bed during the experiments. A model syngas at a composition of 
54%H2/10%CO/29%CO2/7%N2 was used during the experiments. The model syn-
gas represented typical syngas produced by oxygen/steam gasification of biomass 
with the composition reported in literature [51]. N2 was used as an internal standard 
for the GC analysis and the representative of inert components in the syngas. The 
feed gas was introduced into the reactor at 30 mL/(h⋅g-cat) STP. The reaction was 
carried out at 300 °C and 2 MPa for 72 h [52].

The use of double promoters of Al and Si on the Fe-Cu-K achieved higher con-
version efficiencies of CO and CO2 than the original Fe-Cu-K catalyst and the 
Fe-Cu-K catalysts promoted by either Al or Si. The doubly promoted catalyst could 
hydrogenate 89.6% CO and 25.2% CO2 in the model syngas, compared to 81.8% 
and 18.5% for the Fe-Cu-K catalyst without the promoters of Al and Si. Potassium 
is known to improve the catalytic activity of Fe-based catalysts for the reverse 
water-gas shift (RWGS) reaction. The double structural promoters of Al and Si 
could improve the dispersion of potassium on a Fe-based catalyst, resulting in the 
increase of CO2 hydrogenation via the RWGS reaction. The selectivity to the C5+ 
hydrocarbons for the Fe-Cu-K catalyst doubly promoted with Al and Si was 71.9%, 
which was slightly lower than 75.5% for the Fe-Cu-K catalyst without the structural 
promoters [52] (Table 10).

4  Conclusion and Future Work

In this chapter, we have primarily focused on the basic understanding of microreac-
tor research with a goal towards the development of catalysts for effective Fischer- 
Tropsch synthesis.

Table 10 FT synthesis over iron-based catalysts with biomass-derived syngas [52]

Catalyst
CO conversion 
(%)

CO2 conversion 
(%)

Hydrocarbon selectivitya 
(mole-C %)

Olefin 
selectivity %

CH4 C2–C4 C5+ C2–C4 C5

Fe-Cu-K 81.8 18.5 5.9 18.6 75.5 89.0 81.0
Fe-Cu-K-Al 88.3 12.5 6.9 25.4 67.7 90.0 81.0
Fe-Cu-K- 
Si-Al

89.6 25.2 7.6 20.5 71.9 81.8 77.3

Fe-Cu-K-Si 67.1 13.2 13.9 18.6 67.4 89.0 82.6
aAn CO2-free basis
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• This book chapter covers mostly our recent research on the design and applica-
tion of silicon and stainless steel microreactors for the conversion of syngas and 
syngas enriched with CO2 into fuels. The current process intensification chal-
lenges in adopting microreactor technology to enable modular reactor models to 
transfer laboratory research to industry are supported by three case studies.

• The microreactors fabricated using silicon and 3D printed stainless steel offer 
impressive catalytic performance in terms of CO conversion and hydrocarbon 
selectivity. Further research is necessary to gain an in-depth knowledge of the 
reaction mechanism and efficiency to improve the process.

• The choice of FT reactors is usually based on the economics of the entire FT 
process, not in terms of product selectivity and catalyst performance. Therefore, 
much research attention in conducting techno-economic analysis of these scale-
 up of microreactor models will help to understand the FT synthesis in microreac-
tors from the economic viewpoint.

• The study of metal and support interaction is crucial in developing robust cata-
lysts for FT synthesis. The utilization of microreactors consisting of microstruc-
tures enables ease of understanding of this metal-metal-support interaction for 
the effective catalyst development in FT synthesis. Some silica supports like 
MCM-41, with very high surface area with long-range ordered structures, lack 
the catalyst activity in terms of selectivity and stability. In contrast, different 
types of mesoporous supports synthesized from silica have a profound effect on 
FT synthesis, selectivity, and kinetics of the reaction as evidenced by extensive 
characterization from TPR and XPS experiments.

• The study of complex reaction kinetics and mechanism is still needed to address 
the dissociation and addition of reactants on catalyst active surface for chain 
growth and termination, thereby favoring the desired FT products using modu-
lar units.

• Deactivation of the catalyst also depends very much on the metal-support inter-
actions. Therefore, in situ catalyst regeneration during FT synthesis can be a 
viable option for a longer time on stream in microreactors without losing FT 
efficiency.
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Abstract Currently, there is a renewed interest in producing liquid fuel from fossil 
and renewable feedstocks such as coal and biomass via gasification followed by 
liquefaction, and the processes are CTL (coal to liquid) and BTL (biomass to liq-
uid). Fischer-Tropsch (FT) synthesis has been applied extensively in this process 
and is considered as the major route for the direct conversion of syngas into liquid 
fuel employing suitable catalyst systems and conditions. Kinetic study of the syngas 
conversion process is a prerequisite for the reactor design, optimization, and scale-
 up study of the process. Therefore, a clear understanding of the kinetics of the pro-
cess, which includes the rate of feed consumption as well as the rate of product 
formation, is an ultimate requirement. However, a huge number of simultaneous 
chain reactions and the complicated reaction network of the FT process make it very 
stimulating to develop the kinetic model for the system. The detailed mechanistic 
modeling of FT reactions needs an understanding of complex reaction mechanisms. 
The knowledge is employed as a bridge to connect the experimental results with a 
complex mechanistic reaction network to predict the quantitative values of product 
formation rate and syngas consumption rate. The kinetics of the FT process always 
remains the topic of debate; however, continuous improvement has been observed 
in the models and their results. Still, substantial diversity is observed in the devel-
oped models. In the present chapter, recent knowledge addition and advancement in 
the kinetic modeling have been demonstrated. The step-wise development in the 
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kinetic models and improvements in the results have been discussed. Mainly, the 
chapter presents a detailed review of the current status of FT kinetics and its link to 
the various prevailing mechanisms responsible for a wide range of FT products.

Keywords Fischer-Tropsch synthesis · Syngas conversion · FTS kinetics · FTS 
mechanism · Anderson-Schulz-Flory (ASF) model · Non-ASF model

1  Introduction

The rapid growth of population and the demand for liquid transportation fuels 
necessitates the search for its alternative production routes via non-oil-based pro-
cesses. Limited oil reserves and their rapid depletion is also a major driving force to 
turn the research toward the sustainable route to produce liquid fuels. Strong interest 
has been received to revisit the X (gas to liquid process) to liquid (XTL) process. 
The XTL process can utilize any available hydrocarbon source material such as 
coal, natural gas, biomass, and waste material for the production of liquid energy 
carriers. The two-step XTL process includes feed to syngas conversion and subse-
quent conversion of syngas into liquid fuel. Fischer-Tropsch (FT) synthesis is a 
well-known and commercially viable process to convert syngas into a range of gas-
eous and liquid hydrocarbons. The huge spectrum of products makes the analysis of 
the process complex and cumbersome. A very simplistic form of a reaction network 
is shown below, indicating the formation of a range of hydrocarbons:

 Paraffin CO H C H H O: n n nn n+ +( ) → ++2 1 2 2 2 2  (1)

 Olefin CO H C H H O: n n nn n+ → +2 2 2 2  (2)

 Alcohols CO H C H OH H O: n n nn n+ → + −( )+2 12 2 1 2  (3)

 Aldehydes CO H C H O H O: n n nn n+ −( ) → +2 1 2 2 2  (4)

 Carboxylic acids CO H C H O H O: n n nn n+ −( ) → + −( )2 2 22 2 2 2  (5)

 Water gas shift CO H O CO H– : + → +2 2 2  (6)

In the FT synthesis, the product selectivity depends on the reaction conditions and 
the catalyst selection. Immense research has been conducted and various catalysts 
have been studied on a laboratory scale for syngas conversion under the Fischer- 
Tropsch synthesis (FTS). However, only iron- and cobalt-based catalysts have qual-
ified to be implemented at the commercial level. Iron-based catalysts are active for 
FTS as well as water gas shift reaction and hence can be implemented to convert 
syngas with low H2/CO ratio. At the same time, iron is significantly cheaper than 
cobalt but has an attrition problem in the presence of water. On the contrary, 
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cobalt- based catalysts are highly active toward FTS reaction, and presence of water 
in the reaction does not strongly inhibit the FTS reaction. However, the cobalt-based 
catalyst is not active toward water gas shift reaction, hence requiring a stoichiomet-
ric ratio of H2/CO (molar ratio ~ 2.0) for efficient conversion of syngas over the 
cobalt- based catalysts. The water-gas shift reaction (Eq. 6) is important in FTS syn-
thesis, and the extent of reaction affects the overall distribution of H2 and CO in the 
reactor. In the gas-to-liquid process, the molar ratio of H2/CO of syngas is signifi-
cant for efficient syngas conversion; therefore, the H2 produced via water gas shift 
reaction is undesirable. On the contrary, syngas coming from carbon-rich sources, 
viz., coal, biomass, have a low H2/CO ratio, and therefore, a H2 booster reaction 
(WGS) is required in the reactor to maintain the required stoichiometric ratio. Thus, 
many commercial FTS plants based on natural gas (Shell and Sasol in Qatar) are 
using cobalt-based catalysts and coal-based plants are using iron-based catalysts [1, 
2]. The selection of iron and cobalt catalysts also depends on the temperature of the 
FT reaction. Both iron and cobalt catalysts have been implemented in a low- 
temperature (180–260 °C) FT (LTFT) process and their major products are long-
chain hydrocarbons and wax, whereas the products of a high-temperature 
(290–360 °C) FT (HTFT) process are short-chain hydrocarbons and gases. Iron is 
frequently used as a commercial catalyst for HTFT.

Kinetic modeling of the FTS process is an integral part of the analysis, and it is 
essential for reactor design, scale-up, and catalyst design for the process. Several 
kinetic models of the FTS reaction on iron and cobalt catalysts have been proposed 
and gained serious attention. The models were either empirical or based on different 
proposed mechanisms. However, the ambiguity was always there as the several rate 
expressions were conflicting and unacceptable. The reason was a multiple proposed 
mechanism and a complex reaction system. As discussed, the FT process has a large 
number of products wherein multiple reactions occur simultaneously and are sensi-
tive to the reaction temperature, pressure, H2/CO ratio, and catalyst selection. The 
detailed review of the kinetic models of the FTS reaction reported till date is essen-
tial to understand the ambiguity and to figure out the root cause of the prevailing 
conflict in the modeling path. Mainly, two approaches are chosen by various authors 
while performing FT kinetics. The first approach describes only the rate of con-
sumption of reactants (syngas) either by implementing some empirical model or by 
applying mechanism derived lumped modeling [3–11]. The other approach aimed at 
the rate of formation of hydrocarbon or selectivity of products. In that regard, vari-
ous selectivity models were proposed, and the term “chain growth probability” was 
introduced [12–19]. However, even though some researchers were able to predict 
the product distribution successfully, some classical models lacked in the accuracy 
or quantitative prediction with respect to actual experimental data. Overall, the reac-
tion mechanism plays a vital role in the kinetic modeling of the FTS reaction.

The Fischer-Tropsch synthesis is considered as a polymerization reaction, in 
which the monomers in the form of CHx (x = 1, 2 or 3) are produced as intermediate 
species. The proposed reaction pathways as found in literature mainly consisted of 
three different reactions, i.e., CO activation for the formation of chain initiator, 
chain growth or propagation, and chain-growth termination or desorption [20]. The 
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FT synthesis process is a complex reaction system yielding a spectrum of products 
and is difficult to predict a certain pathway of product formation. It differs along 
with the catalyst selection, physicochemical properties of the catalyst, and reaction 
conditions. Therefore, for each of the three steps, various mechanisms have been 
proposed and are chosen for model derivation based on catalyst selection and reac-
tion condition (Fig. 1). As shown in Fig. 1, the two different approaches for kinetic 
model development are linked with the reaction mechanism. For example, the CO 
activation step or initiation step can be ascribed to an enol mechanism or carbide 
mechanism, wherein adsorbed CO reacts with hydrogen to form a chain initiator 
and intermediate species. The CO can be adsorbed associatively or dissociatively, 
and the dissociation can occur with the assistance or without the assistance of 
hydrogen. Also, the reaction of carbon monoxide with hydrogen occurs on the cata-
lyst surface, wherein CO is in the adsorbed state. The state of hydrogen at the time 
of interaction with CO remains an open question. Depending on the catalyst and the 
process conditions, hydrogen may react from both being in the gas phase and 
adsorbed state on the catalyst surface. Similarly, the chain propagation steps can 
occur via alkenyl, alkyl, or CO insertion mechanisms.

The chapter presents an extensive review of the various pathways of model 
development to identify the rationale behind the selection of a particular reaction 
mechanism. It can also help to understand the link between various reaction mecha-
nisms and the proposed kinetic models, which in turn can provide an opportunity for 
future research and development in the current field. The chapter will start with the 
detailed insights of various proposed mechanisms followed by the different 
approaches of kinetic modeling of FT reaction, viz., rate of consumption of CO, 
hydrocarbon selectivity models, and comprehensive kinetic models. The focus will 
also be on the limitation of the models and the approach. The chapter will conclude 

Fig. 1 Reaction mechanism
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some recent implications of various model results, the shortcomings, and the advan-
tage of the general mechanistic modeling approach of the Fischer-Tropsch reaction.

2  FTS Mechanism

Over the years, authors have proposed various mechanisms for the FTS process. In 
1926, Fischer et  al. proposed the carbide mechanism (Fig.  2) wherein the metal 
carbide was assumed to be intermediate. In this early mechanism, it was proposed 
that the carbon in the metal carbide phase hydrogenated to form CH2 species, which 
further polymerized. Iron-based catalysts form stable carbides under the Fischer- 
Tropsch synthesis, but other metals active in the FT synthesis, such as cobalt and 
ruthenium, are not known to form carbides under typical FT synthesis conditions. 
Furthermore, a study by Kummer et  al. [21] showed, using an iron catalyst pre- 
carbide with radioactively labeled 14CO, that only a small fraction of the products 
were in the gasoil range (less than 4.2%). This indicates that the carbide phase might 
be dynamically involved in the FT synthesis, but that carbon in the product com-
pounds does not solely originate from carbide. Hence, this mechanism was subse-
quently rejected. To justify the alcohol and aldehyde formation, Storch et al. [22] 
proposed the enol mechanism where hydrogen addition into adsorbed CO forms 
oxymethylene. In 1970, Pichler and Schulz [23] proposed the CO insertion theory, 
where CO was inserted to the growing alkyl chain, and =CH2 was the chain growth 
intermediate. The alkyl theory is an extension of the carbide theory where CH3 is the 
chain initiator, and CH2 is an intermediate that is added to the growing chain succes-
sively. The detailed descriptions of the four most discussed mechanisms are 
explained in the next sections.

Fig. 2 Carbide mechanism
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2.1  Alkyl Mechanism

The Alkyl mechanism is accepted by a large number of the research groups and has 
been used for deriving rate expressions for FTS reaction. The reaction initiation 
starts with the dissociative adsorption of CO where the generated surface oxygen is 
rejected as either water on reacting with hydrogen or CO2 on reacting with CO. The 
surface carbon indulges in the formation of the CHX intermediates, viz., CH–, 
CH2–, CH3–, in the consecutive steps. Here –CH3 is the chain initiator, and –CH2– is 
chain propagation monomer. Hydrocarbons form via the successive insertion of 
these intermediates. In the next step, the growing chain terminates either via 
β-hydrogen elimination, yielding α-olefins, or hydrogenation producing alkanes 
[20, 24]. The hydrogen removal is a reversible reaction that enables the olefins to 
re-adsorb in the growing chain and takes part in the secondary product formation 
(Fig. 3).

The alkyl mechanism was a continuation of the carbide mechanism, and Brady 
and Pettit [20] experimentally confirmed the presence of the intermediates of the 
proposed mechanism. The authors tried to convert diazomethane (CH2N2) both in 
the presence and absence of hydrogen and found that ethene was the only product 
in case of conversion without hydrogen and that the presence of hydrogen yielded a 
spectrum of hydrocarbons similar to that of FTS reaction products. This, in turn, 
confirms that –CH2– acts as a monomer in the polymerization process and is 
involved in long-chain hydrocarbon formation. The results also reveal that the 
hydrogenation step is important to form chain starter species –CH3. The absence of 
long-chained hydrocarbons in the earlier case where hydrogen was not in the feed 
indicates that the CH to –CH2– formation is an irreversible step; otherwise, the 
decomposition of adsorbed CH2 species would yield CH and H, and the adsorbed H 
could be further used as a hydrogenating agent to facilitate the long change hydro-
carbon. However, this was not evident in the product of the first case; hence, the 
transformation of CH to –CH2– can be taken as an irreversible step.

The FT synthesis reaction also produces some amount of branched alkane and 
oxygenates. In the alkyl mechanism, the steps related to the branched alkanes and 
alcohols formation were not considered. Initially, it was proposed that the branched 
hydrocarbons result from olefin such as propene reinsertion; however, later, it was 
concluded that the amount of branched hydrocarbons from experimental results is 
more than expected from olefin reinsertion [20]. So the modification in the alkyl 
mechanism was incorporated by Schulz et al. [25] by the addition of some separate 
pathways. The additional path includes the reaction between surface methyl species 
(–CH3) with alkylidene species (R-HC=), which was responsible for branched 
alkane formation. The probable formation path of alkylidene species is via the reac-
tion of the alkyl group with surface methylidyne (≡CH). For the oxygenate forma-
tion, Johnston and Joyner [26] proposed the involvement of surface hydroxyl 
groups. They reported that the surface hydroxyl group reacts with an alkyl group to 
form the alcohols. However, there was a lack of experimental evidence for the same, 
i.e., the participation of surface hydroxyl groups in the formation of oxygenates.
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2.2  Alkenyl Mechanism

In an alternative pathway to predict the olefin formation in the Fischer-Tropsch 
synthesis, Maitlis and co-workers [27–29] proposed negating the sp3–sp3 coupling 
of methylene species with methyl species as suggested in the “alkyl”-mechanism. 
The initial activation of CO is similar to the alkyl mechanism where carbon monox-
ide transforms into CH– surface species  (Fig. 4). The vinyl group (CH=CH2) is 
considered as a chain initiator, which is assumed to be formed through the connec-
tion of methylidyne (≡CH) and methylene (=CH2). As the chain reaction proceeds, 
a surface allyl species (–CH2CH=CH2) forms via coupling of a methylene species 

Fig. 3 Alkyl mechanism
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into a surface alkenyl-species (vinyl species). Further, the reaction proceeds by an 
allyl-vinyl isomerization forming an alkenyl species (–CH=CHCH3) [30]. The 
product desorbs through hydrogen addition into an alkenyl, which ultimately forms 
α-olefins [31]. A very important product n-paraffin cannot be explained by this 
mechanism; therefore, the path for progression of linear chain paraffin is required as 
an alternative chain growth pathway.

Fig. 4 Alkenyl mechanism
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2.3  Enol Mechanism

Storch et al. [32, 33] proposed the enol mechanism as an alternative path for product 
formation wherein oxygen-containing species called enol were involved in the 
mechanism. In the proposed mechanism, enol species form through hydrogenation 
of adsorbed CO.  Chain growth occurs through a condensation reaction between 
oxygen-containing species (=CROH & = CHOH) with the release of a water mole-
cule (Fig. 5). The occurrence of branched hydrocarbons is proposed to form with 
the involvement of branched alcohol –CHROH surface species [5, 34]. In the final 
step of chain growth, i.e., termination step, oxygenates (aldehydes and alcohols), 
and α-olefins are formed through desorption. From the theory of the mechanism, 
n- paraffin is not the primary product; it is a secondary product which forms by the 
hydrogenation of primarily formed olefins. The primary formation of n-paraffin 
would require an alternative reaction pathway. The mechanism gained strong sup-
port from Emmett et  al. [35–39] through their results by detailed studies using 
14C-labeled alcohol in FT synthesis reaction. The 14C-labeled alcohol was co-fed 
with syngas, and the distribution of isotopically labeled product confirms that the 
co-fed alcohol was able to initiate the chain growth.

2.4  CO Insertion Mechanism

The CO insertion mechanism was fully developed by Pichler, and Schulz [23], in 
which adsorbed CO is proposed to be a monomer of the reaction. The chain initi-
ates through the surface methyl group. The step of oxygen elimination from the 
surface of oxygen-containing species is the crucial point at which it differentiates 
the CO insertion mechanism from the alkyl mechanism. The chain propagates via 
the CO insertion into the metal alkyl bond, yielding a surface acyl species (–C–
OR). Oxygen is eliminated from the acyl species in the form of water and enlarged 
alkyl species (Fig. 6). The products, viz., n-paraffin and α-olefins paths are similar 
to those proposed in the alkyl mechanism, i.e., hydrogenation or β-hydrogen elim-
ination. Oxygen-containing species terminate directly to form alcohols and alde-
hydes. Hydrogen addition to an acyl species will lead to aldehyde formation. The 
formation of ketones is proposed to occur through the addition of a surface alky 
group to the acyl species. Many researchers reported the “CO insertion” mecha-
nism as the particular pathway responsible for the formation of oxygenates 
[40, 41].

Recent Advancements and Detailed Understanding of Kinetics for Synthesis Gas…



468

3  FT Synthesis Kinetics

Due to the complex reaction network, various groups of researchers have taken a 
different approach in describing the kinetic model for the system with decreased 
intricacy. As discussed earlier, mainly, two approaches were taken for the FT syn-
thesis kinetics, which leads to various empirical, semi-empirical, mechanistic, and 
semi-mechanistic rate expressions. The mechanistic approach, models, was devel-
oped using the LHHW method, and the focus was mainly to predict the rate of 
consumption of feed gas. FT synthesis mechanism explained in Sect. 2 is selected 
to derive the model based on the results of best-fitted models. Most of the reported 

Fig. 5 Enol mechanism
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mechanistic and semi-mechanistic modeling focuses on the rate of syngas conver-
sion. Moreover, the recently reported studies have a detailed, comprehensive kinetic 
model that was able to predict the syngas consumption rate as well as the rate of 
formation of products. The next section will present a detailed insight into both the 
approaches.

3.1  FT Kinetic for the Rate of Syngas Consumption

Since the 1950s, various studies have been published related to kinetic study over 
iron [3–5, 7, 28, 42–54] and cobalt [10, 29, 50, 55–64] catalysts. Some proposed 
mechanisms have been found in literature, and there is a lack of consensus among 
the authors. In a majority of the kinetics works over iron catalysts, the rate expres-
sion is represented as a function of the concentration of CO and H2. Moreover, the 
discrepancy related to the inhibition term (H2O and CO2) always remained there. 

Fig. 6 CO insertion mechanism
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The dissimilarities among the rate expressions existed due to some major reasons, 
viz., use of the different catalyst systems and a wide range of operating conditions. 
Also, the selection of catalyst severely affects the rate of CO consumption and the 
product selectivity, which eventually affects the kinetics of the whole process. For 
example, iron and cobalt catalysts show a different mechanism for CO activation. In 
addition to this, a high affinity of iron catalysts for the WGS reaction leads to the 
inclusion of H2O and/or CO2 as an inhibition term in the developed model. In the 
present chapter, the synergetic effect of the selection of iron, cobalt, or bimetallic 
catalysts for the kinetics of the FT synthesis reaction is summarized. The objective 
is to select the prevailing mechanisms through detailed kinetic modeling of the reac-
tion over different catalysts. Table 1 summarizes the current knowledge of kinetic 
modeling on the Fe, Co catalysts in order to understand the strengths and weak-
nesses of works, which includes the mechanistic path for CO activation, the effect 
of CO2 or H2O inhibition, and the WGS activity of the catalyst.

3.1.1  CO Activation Path over Iron and Cobalt Catalyst

A series of reactions occur in the FT synthesis process, which follows various routes 
to produce a series of products. There is a significant role of reaction mechanism in 
the prediction of a more accurate and reliable rate model. The FT reaction is a 
structure-sensitive reaction, and it is connected to the structural properties of the 
catalysts. The FT synthesis reactions and product formation occur via three con-
secutive steps, viz., CO activation, chain propagation, and chain termination. There 
are several proposed mechanisms for these steps. However, the selection of more 
accurate mechanisms over the selected catalysts (Fe-Co) is required to perform the 
kinetic study. The CO gets consumed in the initial stage of reaction, i.e., activation 
step wherein CO adsorption, dissociation, and monomer formation occur. Various 
reported literature confirmed that CO activation is slowest among all steps and 
hence can be used for the kinetic modeling [80]. The desorption step is liable to 
control the chain length, i.e., the product distribution [50]. The initiation of reaction 
is fueled by dissociative or associative CO adsorption over the site. Table 1 repre-
sents a collective description of the various developed models and their selected CO 
activation mechanism for model derivation. The detailed analysis (Table 1) reveals 
that over the cobalt surface, the CO activation takes place via a dissociative path and 
then interacts with either molecular hydrogen or adsorbed hydrogen [9, 10, 29, 50, 
62, 70, 72, 81], whereas iron [4, 42, 54, 66, 68, 82] favors hydrogen-assisted CO 
adsorption. A density functional theory (DFT)–based study reported that direct CO 
dissociation is a favored mechanism at corrugated or stepped cobalt surfaces. And 
H2-assisted CO dissociation and adsorption is facilitated over a low reactive site like 
iron carbide, which is a proven active site for FT synthesis [83, 84]. Van Dijk [85] 
reported the evidence of the formation of C1 intermediate over cobalt, which polym-
erizes to form long-chain hydrocarbons. However, there was always some disagree-
ment among the authors over the CO activation path over a similar catalyst (i.e., iron 
or cobalt based). For example, Okeson et al. [69] revealed in their study that the 
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mechanism-based on H2-unassisted CO activation and adsorption used to develop 
the rate model and the model gave satisfactory results with the data over iron-based 
catalyst. On the other hand, Fazlollahi et al. [71] reported an opposite result over a 
cobalt-based catalyst. According to the author, the model based on hydrogen- 
assisted CO dissociation significantly fits the experimental data. Various reported 
rate models based on the Langmuir–Hinshelwood–Hougen–Watson (LHHW) 
approach and some empirical rate models were validated by Keyser et al. [57]. Their 
study revealed that the model based on the enolic mechanism was a more significant 
result and fitted the data more accurately than the models based on the carbide 
mechanism. Hence, the selection of the CO activation path for model derivation is a 
crucial step while modeling the development of the rate of CO consumption. Table 1 
represents a fair idea of the selected reaction path for model development over iron 
and cobalt catalysts.

3.1.2  H2O and CO2 Inhibition

It is evident in Table 1 that H2O inhibition is present in almost all the previous mod-
els derived for the iron catalyst. However, some authors [4] tried to include the CO2 
inhibition term, and a few models [54, 69] included none of them (neither CO2 nor 
H2O). Anderson et al. [86] related the rate of FT synthesis reaction to a function of 
PH2 and PCO with the reasoning that CO and H2O compete for the active sites and 
ultimately saturate the catalyst surface. Here H2 reacts in molecular form. Attwood 
et al. [67] used their data to illustrate Anderson’s model and found that H2O works 
as an inhibiting term at a higher temperature. Van Steen et al. [50] also used the H2O 
inhibition term and derived a model with a second-order denominator, which indi-
cates the implication of vacant sites in the kinetics. Van der Laan et al. [87] derived 
some rate equation considering mechanistic insights of adsorption of CO and H2, 
and observed that the water and vacant sites are equally important when the catalyst 
is iron-based (Fe/Cu/K). In their Langmuir–Hinshelwood–Hougen–Watson 
(LHHW)–type model, the rate was observed to be half or first order in H2. However, 
few researchers emphasized the importance of CO2 inhibition when the catalyst is 
iron-based [4, 54, 68]. Ledakowicz et al. [4] added the CO2 inhibition term in the 
extended model of Huff and Anderson with the reason that over Fe/K catalysts, the 
water-gas shift (WGS) reaction is so high that the most of the H2O is converted into 
CO2. They concluded that a significant CO2 inhibition effect was present over 
K-promoted iron catalysts, and the order of the adsorption coefficient of CO2 was 
similar to that of CO (KCO2/KCO ~ 1.1 at 220 °C). Later Deckwer et al. [68] illus-
trated that the model by Ledakowicz et al. is valid when the H2O concentration is 
low or H2/CO is less than 0.8. Zhou et al. [54] developed the model for the Fe cata-
lyst considering hydrogen-assisted CO dissociation and emphasized the importance 
of site balance. They tried to incorporate the CO2 inhibition term along with 
H2O.  However, they confirmed that the H2O and CO2 inhibition terms could be 
ignored even if the concentration of CO2 is high, and the concentration of CO and 
vacant sites are most important parameters while deriving the model. On the same 
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note, Yates et al. [88] also examined the effect of CO2 concentration on the kinetics 
of the FT reaction by adding 20–50% CO2 in the feed gas and observed that the data 
is well fitted with a model consisting of the H2O inhibition term but not for CO2. 
Botes et al. [42] also attempted to clarify the ambiguity related to the inhibition term 
in the kinetic study over the iron catalyst. Their model consists of water, CO, and 
vacant sites in the squared denominator, which implicated the assumption of a dual 
site mechanism. However, while validating the model with historical data, the effect 
of water was observed to be statistically insignificant.

Kinetic studies over cobalt-based catalysts have also received significant atten-
tion and are available in the open literature [10, 29, 50, 55–64, 73]. Most of the 
kinetic rate expressions derived for cobalt came from regression analysis of simple 
power-law expressions [9, 60, 61]. However, some of them were derived, incorpo-
rating the mechanistic pathway with the assumption made regarding the rate- 
determining step. Unlike Fe catalysts where generally water is accepted as an 
inhibitor, there is an ambiguity about the role of water over cobalt catalysts. In most 
of the models (Table 2), the rate of consumption of CO is a function of the partial 
pressures of CO and H2 [9, 29, 62, 70–72, 81]. Sari et al. [29] tested five important 
models (empirical and mechanistic) in which all have incorporated CO inhibition 
term due to strong CO adsorption on Co–Ru/γ-Al2O3 catalysts. The model devel-
oped by Sarup and Wojciechowski was found to be a best-fitted model among all the 
five models and concluded that −RFT = −Rco because of the trivial contribution of the 
WGS reaction. While investigating the kinetics of FT synthesis on commercial 
cobalt with syngas containing CO, CO2, H2, and H2O, Kaisar et al. [56] observed 
that CO2 and H2O showed negligible or minor influence on the reaction rate. Some 
authors [10, 57, 73] noted that in the case of cobalt, water also plays an equally 
important role as CO and H2. Keyser et al. [57] investigated to establish an integral 
reactor model involving both the Fischer-Tropsch and the water-gas shift reaction 
kinetics over Co-MnO catalysts. They claimed that the Co-MnO behaves like a 
precipitated iron catalyst, and an empirical rate equation for the water-gas shift reac-
tion showed the first-order dependence for CO2 and H2O. Das et al. [73] investigated 
the effects of water on the kinetics of the FT synthesis reaction by adding external 
water with the feed (<25 vol%) over Co/Al2O3 catalysts in a CSTR. Regarding the 
negative reversible effect of water in the kinetics, their kinetic data was reasonably 
fitted by a semi-empirical power-law expression with the water inhibition term. 
Very recently, Ma et al. [74] reviewed the previous kinetic studies done in the last 
three decades over iron and cobalt catalysts and proposed a generalized model. 
They argued that the data point at low (<70%) and high conversion level (>70%) 
was used to fit the models differently and should be treated separately. They tried to 
fit their 83 sets of data points on the previous as well as this generalized kinetic 
model and found that the different kinetic parameters were obtained for lower and 
higher conversion data. Again, their reasoning for this was based on the inhibition 
effects of CO2 and H2O, which are different at two-levels of conversions. Also, the 
strong water absorption and the presence of CO2 as the most abundant species can-
not be ignored. Other important and contradictory observations were made, and the 
water inhibition on the FT synthesis rate was insignificant over the entire range of 
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CO conversion (3–91%). However, CO2 inhibition was significant and different for 
different conversion levels. Although several studies have been reported over Fe or 
Co catalysts, very few kinetic studies have been done for Fe-Co bimetallic catalysts 
till date. A wide range of bimetallic catalysts have been tested in kinetic modeling 
by Mirzaei and co-workers, viz., Fe-Co-Mn, Fe-Co-Ni, and Co-Ni catalysts [71, 77, 
78, 94, 95]. Various routes for monomer formation and carbon chain propagation 
paths were exercised for FT synthesis kinetic model development. They reported 
that the different values of the kinetic parameters and activation energies could be 
attributed to catalyst preparation methods and the formation of active phases of a 
metal catalyst. However, the detailed explanation and the effect of bimetallic phase 
formation on kinetics were lacking in their study.

Pant et al. [79] investigated the synergistic effect of Fe-Co bimetallic catalyst on 
the kinetics of FT synthesis reactions. The rate model for the rate of CO consump-
tion was developed using Langmuir–Hinshelwood–Hougen–Watson (LHHW) 
approach under the hypothesis that the CO consumption is occurring via enol mech-
anism/carbide mechanism or combination of both mechanisms. A couple of pro-
posed reaction networks for CO consumption were shown in Fig. 7, wherein the 
hydrogen-assisted and hydrogen-unassisted CO activation is occurring. The models 
were validated against experimental data to choose the prevailing mechanism for 
CO activation over Fe-Co bimetallic catalyst. The model (Eq. 7) based on enol and 
carbide mechanism wherein CO dissociation occurs with the assistance of hydrogen 
was found to be best-fitted model. The paths for the −CH2− formation were differ-
ent in all cases.

Fig. 7 Elementary reaction for model development
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3.2  FT Synthesis Kinetics for the Rate of Product Formation 
and Product Distribution

The model developed for the prediction of FT synthesis product distribution has 
been practiced for a very long time. It can be widely categorized into three different 
approaches, which progressed with time. These phenomenological models are 
widely reported into three categories: Anderson-Schulz-Flory (ASF) models [33, 
65, 86, 96], non-ASF models or hydrocarbon selectivity models [12, 15, 47, 97–
101], and Langmuir–Hinshelwood–Hougen–Watson (LHHW) comprehensive 
kinetic models [28, 51, 53, 89, 91, 92, 102, 103].

3.2.1  Anderson–Schulz–Flory (ASF) Model

Anderson–Schulz–Flory (ASF) distribution model was the first model for the pre-
diction of product distribution in terms of hydrocarbon carbon numbers in the FT 
synthesis process. This is the oldest hydrocarbon selectivity model and was initially 
described by Anderson–Schulz and Flory, wherein the distribution of products fol-
lows a conventional ASF law [96]. The chain formation is governed by chain growth 
probability factor α and it is independent of carbon number. The chain growth prob-
ability factor is defined as the ratio of the rate of chain propagation to the rate of 
chain termination plus the rate of chain propagation (Eq. 8):

 
α =

+

r

r r
n p

n t n p

,

, ,  
(8)

The relationship between carbon number distribution and chain growth probability 
α is described on the basis of stepwise polymerization reaction where chain growth 
takes place via stepwise addition of intermediate. The probability of forming a 
product with carbon number n (Fig. 8) will be related to the molar fraction of that 
product as follow (Eq. 9):

 Mn
n= −( ) −( )1 1α α  (9)

where Mn is the molar fraction of the product with the carbon number n. The equa-
tion is called Anderson–Schulz–Flory (ASF) distribution and can be used to calcu-
late the chain growth probability factor α for each carbon number through their 
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molar fraction value. The logarithmic form of Eq. (9) is a more generalized form of 
the ASF distribution model and as shown below (Eq.10):

 
log log logM nn = ⋅ +

−( )







α

α
α

1

 
(10)

The value of the chain growth probability factor can also be determined from the 
ratio of the molar fraction of the two products with different carbon numbers using 
experimental data (Eq. 11):

 

M

M
n

k

n k= −( )α
 

(11)

Figure 8a, b (dotted lines) show the variation of α and Mn with carbon number, 
respectively, and is compared with the experimental trends (solid line). It also 
reveals that, in ASF distribution model, the value of chain growth probability factor 
α is independent of carbon number. Despite the fact that the ASF distribution model 
was based on a well-explained polymerization theory, deviations from the ASF 
model of product distribution are observed by various researchers [80, 105, 106]. 
The deviations, such as high C1 yield, low C2 production and different slopes in the 
ASF diagram, i.e., changing chain growth probability with carbon number are evi-
dent. Also, a widely observed anomaly is related to higher α-olefin production, 
which causes a decreasing trend in olefin to paraffin ratio with carbon number.

Fig. 8 ASF distribution plots. (▬) the deviated ASF distribution, (---) the ideal ASF distribu-
tion [104]

Sonal et al.
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3.2.2  High C1 Selectivity

The higher yield of methane than the predicted from the ASF law in the FT synthe-
sis product stream has been reported many times and is also evident in Fig. 8 [17, 
107, 108]. However, various reasoning has been proposed to explain this anomaly. 
Schulz et al. [107, 108] suggested some specific sites exist in the FT synthesis reac-
tion environment to promote methane formation only; however, the author could not 
verify it experimentally. The other theory relates to the presence of secondary reac-
tions such as hydrogenolysis to the excess methane formation [12, 109]. Again, the 
explanation related to thermodynamics suggests that the heat and mass transfer 
limitation increase the methane formation, which seems unreasonable as the cases 
where these limitations were absent the methane yield was still high [110]. The high 
yield of methane than expected from the ASF model can be explained by using alkyl 
and carbide mechanism. The chain initiation is more difficult than the chain propa-
gation as the initiation involves two molecules H2 and CO. Now, the likelihood of 
desorption step after hydrogenation of M=CH2 intermediate is higher than the 
desorption of M=CH2-R.  Henceforth the hydrogenation and desorption of =CH2 
intermediate as methane increases the selectivity of methane as well as decreases 
the probability of chain growth to adjacently adsorbed intermediate.

3.2.3  Low C2 Selectivity

The C2 hydrocarbon selectivity is predicted by the ASF distribution model to be 
much higher than the actual experimental value of C2 selectivity. Also, the ratio of 
ethene to ethane yield is lower and does not fit in the trend for the ratio of alkane to 
alkene for other higher carbon number. The higher adsorption rate of ethylene than 
other higher olefins can be ascribed to the significantly lower yield of C2 in the 
product [13, 15]. On the detailed investigation on the issue, Cheng et al. reported 
that the significantly high chemisorption energy of ethylene is the cause of the C2 
anomaly [104]. The proposed reaction mechanism (Fig. 2) can be a good explana-
tion for this anomaly. The secondary reaction of ethene can increase when reab-
sorbed in the form of M-CH2–CH2-M.  Henceforth, the adsorbed intermediate 
increases the chain growth probability two times as it has two ends to propagate the 
chain. The low ratio of ethene to ethane can be attributed to the re-adsorption of 
ethene and the relative rate of hydrogenation and desorption.

3.2.4  Variation in Value of α with Carbon Number

Several reported experimental results for FT synthesis confirm the variation in the 
value of α with the carbon number [106, 111–115]. A general trend of α is shown in 
Fig. 8, wherein the value of α remains almost constant for long-chained hydrocar-
bon (n > 10). The value α decreases with decreasing chain length for carbon number 
10 > n > 3. Also, for lower chain length, the erratic nature of α can be attributed to 

Recent Advancements and Detailed Understanding of Kinetics for Synthesis Gas…



488

a higher yield of methane and lower yield of C2 fraction. The two models were 
derived based on the assumption that the entire range of FT products was a combi-
nation of two ASF product distribution with two different chain growth factors. The 
theory was supported by the experimental results where the occurrence of two active 
sites or two parallel mechanisms were verified [111, 112, 114]. The two α models 
were not able to explain the relationship between decreasing olefin/paraffin ratio 
with carbon number and the two different values of α [111, 115]. Also, the two α 
product distribution model gives the best results for carbon number n > 3. The devi-
ation in C1 and C2 yields in the distribution cannot be explained using the model. 
Patzlaff et al. [112, 114] used two α model (Eq. 12) by superimposing two distinct 
ASF model having two different value of α (α1 and α2). As discussed above, the two 
α distribution model is able to predict the distribution for carbon number higher than 
two (n > 2) (Fig. 9). Figure 9 shows the logarithmic plot for the molar fractions of 
hydrocarbons formed over a potassium promoted iron catalyst (T  =  493  K, 
pot = 750 kPa, P PH CO2

2/ = ) vs. carbon number. For the carbon number n < 8, chain 
growth probability is α1, and for n > 12, the value is α2. The middle region is a transi-
tion region wherein the contribution of both α1 and α2 is present in a fraction of A 
and B, respectively (Eq. 12). The slope of the two different lines fitting to the experi-
mental data provides the value of two chain growth probability α1 and α2 in terms of 
ln α1 and ln α2:

 x A Bi
i i= +− −α α1
1

2
1
 (12)

Fig. 9 Carbon number distribution of hydrocarbons formed over a potassium promoted iron cata-
lyst (T = 493 K, ptot = 750 kPa, P PH CO2

2/ = ) [112]
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3.2.5  Non-ASF Model for Hydrocarbon Selectivity

The deviation from the ASF distribution reported in the literature can be attributed 
to secondary reactions after chain terminations. Chain terminates via β-hydrogen 
elimination or α-hydrogenation yielding alkene and alkanes, respectively. Secondary 
reactions are mainly hydrogenation, hydrogenolysis of the primary product, or the 
re-insertion into the growing chain. It has been previously reported that the rate of 
re-insertion and hydrogenation increases with chain length and alter the distribu-
tions of higher hydrocarbon [116]. A number of product selectivity models are pro-
posed to describe the varied FT product spectrum [28, 47, 51, 53, 54, 89, 92, 112, 
117]. However, the basis of the modeling is divided over the secondary reaction of 
α-olefin. The first argument is that the primarily formed α-olefins readsorb and 
hydrogenate to form alkane. Some researcher has observed that the re-adsorbed 
α-olefin re-inserted in growing chain to form longer chain hydrocarbon. The 
researchers have presented three different explanations for the enhanced probability 
of re-insertion of α-olefin with chain length. The increased reinsertion can be attrib-
uted to enhanced diffusivity [15, 18, 100, 118, 119] effect, chain length–dependent 
solubility [120, 121] and/or physisorption effect [12, 99, 122]. The physisorption 
effect has been reported as a primary reason for the decreased olefin to paraffin ratio 
with chain length. In order to address the effect, an exponential term has been 
included in most of the models related to the rate of α-olefin desorption [15, 100, 
118]. Various non-ASF product distribution models were developed based on each 
explanation.

The deviation from ASF distributions was firstly addressed by Van der Laan [47, 
122] and co-workers. They introduce the concept of α-olefin re-adsorption during 
the reaction, and it depends on the chain length. They reported that the olefin read-
sorption rate increases with the chain length because the strength of the physisorbed 
molecule on the catalyst active site and solubility in the liquid medium of long- 
chain molecules increases with chain length, henceforth, their probability of read-
sorption increases. They proposed the α-olefin re-adsorption product distribution 
model (ORPDM). In the ORPDM model (Eq.  13), the chain growth probability 
factor αn includes an exponential term with a constant c. It was assumed that the 
decrease of olefin to paraffin ratio with chain length followed an exponential trend 
and was determined by the introduction of constant c, which is a function of nature 
of the catalyst and the temperature:

 

θ
θ

θ

θ θ θ
αn

n
n

k

k k e k k−

=
+( ) + +

=
1 1

p m

t o v R
cn

t p H P m, ,/  

(13)

In Eq. (13), kp is the reaction rate constant of chain propagation, kR is the reaction 
rate constant of re-adsorption of olefins, kt,o, and kt,p are the rate constants for chain 
termination of olefin and paraffin, respectively. The model successfully predicted 
the selectivity of the entire range of hydrocarbon with marginal deviations.
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Kuipers et al. [12, 99] reported from their detailed FT studies that α-olefin hydro-
genates at one site and then reinserted into another site the vicinity. Prior to the re- 
insertion on a particular site, the olefin long-chain breaks the bond from its origin 
and remains attached to the catalyst surface with the weak van der Waals forces, 
which increases the probability of re-insertion than the desorption. The rate of re- 
insertion compared to desorption increases with chain length; however, the small 
chain length α-olefin prefer to desorb in the vapor phase or can adhere to the next 
vicinal site for the hydrogenation reaction, which aids to the hydrogenation of these 
components. Their model (Eq. 14) was used to explain the major influence among 
the three most probable reactions, olefin reinsertion, hydrogenolysis, and hydroge-
nation. The model suggested the major influence of olefin re-insertion and hydroge-
nolysis on the product distribution, which changes with chain length and resulting 
in a sigmoidal curve of distribution showing a peak at middle range hydrocarbon 
(carbon number 6–16). On and Pn in the model (Eq. 14) represents the net rate of 
production of olefin and paraffin per m2 of catalyst per second:

 

O T I T T n

P T I T

n n
n

m

n n
n

m

= ⋅ ⋅ ∏ − −( ) ≥

= ⋅ ⋅ ∏ −

−

=

−

=
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2

2
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1 3
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(14)

Here I2 is constant,Tn
ol is net termination probability as an α-olefin with chain length 

n,Tn
paris net termination probability as paraffin with chain length n, Tpartermination 

probability as paraffin, Tol is termination probability as α-olefin.
Botes [106] argument was in line with the Kuipers [12] findings. He observed 

that the lower olefins except ethylene do not prefer to readsorb and secondary reac-
tion to such a great extent, which causes an effect on product distributions. The 
added chain length–dependent α-olefin desorption in their selectivity model (Eq. 15) 
claims to describe the C3–C10 range olefin distribution successfully. The model rep-
resents the relation of the chain growth probability factor with olefin and paraffin 
production rates:

 α τ τn k n= + + ⋅ − ⋅( ) 
−

1
1

p o exp  (15)

where parameter τ p
h

g

=
k

k
 is the production rate of paraffin, represented as the ratio 

of the rate of hydrogenation to the rate of chain growth. Similarly, τ o
h

g

=
k

k
 is the 

production rate of olefin and is represented as the ratio of the rate of the desorption 
to ratio of the chain growth. As the chain length increases, olefin’s increased interac-
tion with the catalyst surface can be explained by inheriting an exponential term to 
the rate equation of olefin formation, and this was able to relate the relationship 
between the rate of desorption of α-olefin and the carbon number even at a higher 
value of carbon number. The model also predicts the olefin to paraffin ratio for each 
carbon number (Eq. 16):
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Iron and cobalt catalyst surfaces show different activities for the α-olefin re- insertion 
and re-adsorption reactions [115, 120, 123–125]. Schulz [125] found a positive 
effect of secondary reaction on the product distribution over the cobalt catalyst, 
which was evident in the form of more fraction of higher hydrocarbon. The alkali- 
promoted iron catalyst showed the opposite behavior. By alkene co-feeding study, it 
was suggested by researchers [120, 124] that CO partial pressure plays a crucial role 
in the occurrence of secondary reaction over iron catalysts. A very less amount of 
CO has to be present to enhance the secondary hydrogenation or reinsertion to a 
significant level over alkali-promoted iron catalyst. Other researchers [115, 123] 
have also concluded that the amount of α-olefins that hydrogenated in the FT syn-
thesis was not significant.

3.2.6  Comprehensive Kinetic Model

Hydrocarbon selectivity models [12, 47, 80, 112, 126–128] were used frequently to 
interpret the product distribution, and they succeed well; however, they fail to 
explain the complicated reaction network and related mechanism of product forma-
tion. The shortcomings of old approaches have been addressed in the form of com-
prehensive kinetic models based on Langmuir–Hinshelwood–Hougen–Watson 
(LHHW) postulating various reaction mechanism one by one. The advantage of 
taking the detailed mechanistic path for the kinetics of product formation is its more 
realistic approach regarding the FTS mechanism. The detailed mechanistic model-
ing has been performed over both iron [28, 51, 53, 89, 92] and cobalt [91, 93, 103, 
129] catalysts, including all three key elementary reaction steps, viz., chain initia-
tion (CO dissociation and adsorption), chain propagation by forming monomer, and 
chain termination. Researchers have proposed various models for product formation 
rate implementing various reaction mechanisms enol/carbide, alkyl, alkenyl, 
CO-insertion, etc. However, the importance of secondary reactions such as α-olefin 
re-adsorption was considered in all the models. The assumptions were made for the 
effect of physisorption of olefins, the solubility of α-olefin, and the ability of olefin’s 
re-insertion in growing chain. Hydrogenation of α-olefin into paraffin on a separate 
site does not take part in growing chain. The major discrepancy among the models 
was observed due to the assumption related to the α-olefin desorption step. Few 
authors [51, 92, 119, 130] assumed that the α-olefin desorption and re-adsorption is 
reversible reaction whereas others [90, 91, 103, 106] consider the α-olefin desorp-
tion as chain length–dependent irreversible reaction. Figure 10a and b shows the 
reaction network explaining both the assumption related to the α-olefin desorption 
step. α-olefin can desorb from the catalyst site without readsorption, and the rate of 
desorption is the function of hydrocarbon chain length n (Fig. 10a). On the other 
hand, α-olefin can re-adsorb after desorption in a reversible manner (Fig. 10b).
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Table 2 summarizes the various comprehensive kinetic model developed over 
iron and cobalt catalysts. The comprehensive model development can be traced 
from the initial work of Lox and Froment [131], who derived the kinetic model 
without α-olefin re-adsorption kinetics. Following this, Wang et al. [51] and Yang 
et al. [53] expanded the work by utilizing the α-olefin re-adsorption steps in the 
LHHW approach. The model was derived with the addition of the steps such as 
α-olefin adsorption and desorption in the elementary reaction assuming that these 
steps are reversible. However, the decreasing trend in olefin to paraffin ratio with 
increasing chain length was not able to accommodate by the predicted trends from 
the model. In Addition, Zhang et al. [92] started with the assumption of the presence 
of two growth intermediate over the catalyst surface, and the developed model gave 
significant results with experimental data for product distribution over Cu-K pro-
moted iron catalyst. Qian et al. [93] started with the CO insertion mechanism for the 
derivation of the model. They also added the alkene re-adsorption as the primary 
secondary reaction and ignored the presence of water gas shift reaction over the Co 
supported on an activated carbon catalyst. The major products in consideration were 
paraffin, α-olefin, and alcohol, and olefins. It is important to note that all the above 

Fig. 10 (a) Reaction path for chain growth (kg), hydrogenation and desorption to paraffin (kd,a), 
olefin desorption (kd,o) (b)olefin desorption(kd,o), and re-adsorption(kad,o)
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493

comprehensive kinetic models have been done either on an cobalt-based or iron- 
based catalyst. The major similarity among the model was the selection of α-olefin 
re-adsorption as a secondary reaction. As discussed above and shown in Table 2, 
although the models are complicated and the model development and validation is 
a cumbersome task, the results are significantly good.

In a slightly different approach of comprehensive kinetic modeling, Botes et al. 
[106] introduced the exponential relationship of the rate of formation of olefins with 
the carbon number. They implemented the theory of physisorption of long-chained 
olefin on the catalyst surface after the detachment of the catalyst site. And the affin-
ity of olefin with surface increases with the carbon number in the chain, which in 
turn decreases the probability of its desorption from the surface to the gas phase. 
The intact olefin re-inserts into another growing chain. The effect of physisorption 
and the chain length was incorporated through the addition of exponential terms in 
the models. Based on this assumption, Todic et al. [91] developed the comprehen-
sive kinetic model, combining CO insertion mechanism and chain length–depen-
dent α-olefin desorption over an alumina-based cobalt catalyst. The model 
successfully addresses the various shortcomings of earlier selectivity models, such 
as a significant decrease in olefin to paraffin ratio with chain length and changing 
the value of α. While deriving the model, they did not consider the reversibility of 
secondary reaction as taken up by others [99, 100, 119]. In a road of extension of 
this work, Bhatelia and co-worker [103] also applied CO insertion mechanism as 
CO activation and α-olefin re-adsorption and chain length–dependent desorption 
mechanism for model derivation over Co–Ru–La/Al2O3. They added an exponential 
term in the olefin desorption reaction, and the term βn was added to incorporate the 
re-adsorption of α-olefin. The model described its product distribution well. 
However, the result does not differ much from the results by the model of Todic 
et al. [91]. At the same time, simultaneous consideration of both chain length depen-
dency and α-olefin readsorption increase the intricacy of the model, which increased 
the time for the computation and affected the accuracy of results. In a similar line, 
Pant et al. [90] performed detailed kinetic study over Fe-Co bimetallic catalyst to 
determine the product formation rate. The models were developed considering both 
chain length–dependent α-olefin desorption and α-olefin re-adsorption as a second-
ary reaction which was coupled with alky or alkenyl mechanism for chain propaga-
tion. Both the proposals of secondary reaction were tested and compared with the 
experimental data over Fe-Co bimetallic catalyst to choose a more suitable model.

4  Conclusion

The complex chain reaction and related mechanism resulted in complexity in the 
kinetics of the reaction. It always remains debated since several kinetic and mecha-
nistic factors are involved, and the physio-chemical phenomena governing the 
mechanism is still a topic of debate. The FT synthesis kinetic has been approached 
by different pathways. In the first one, the simplification was made by using 
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empirical correlation for the overall rate model. Also, a large number of reported 
studies have focused on lumped kinetics wherein the rate of CO or syngas consump-
tion was modeled based on chain initiation reaction mechanism. The method 
neglected the product distribution calculations, which consists of a large number of 
products. Since the method did not involve long and complex FT reaction networks 
or, in some cases, the reaction was lumped, the results seem to be more accurate and 
robust. However, the differences among the rate expressions were evident due to the 
change in reactor condition viz. present and absence of mass transfer limitation, and 
the selection of catalyst. In the case of iron catalyst, most of the rate expressions 
consist of CO2 and H2O as inhibition terms due to its good activity toward water gas 
shift reaction. It also suggests strong competition of CO and H2O over adsorption on 
a single site. In the case of cobalt-based FT catalysts, there was no significant role 
of CO2 and H2O in the rate expression as the catalyst was inactive for the water gas 
shift reactions. The difference between rate expression for iron- and cobalt-based 
catalysts can also be attributed to the mechanistic approach selected for both. It was 
observed that a cobalt-based catalyst favors direct dissociation and adsorption of 
CO before interaction with H2, whereas iron favors hydrogen-assisted CO 
dissociation.

In the parallel approach, hydrocarbon selectivity models were proposed, which 
showed significant deviation from the observed experimental trends due to the pres-
ence of secondary reactions. Therefore, the segregation of the syngas conversion 
model from the product formation rate model gives rise to a significant amount of 
error in the results. However, this does not signify that the approach is erroneous. 
Nevertheless, the product distribution models and syngas conversion models were 
examined over a large number of catalysts by the various researchers. In recent stud-
ies, a detailed, comprehensive approach was undertaken to describe the product 
formation rate considering each elementary reaction. The method was able to 
explain the syngas conversion rate as well as the product formation rate simultane-
ously and was more accurate compared to the previous approach of segregated mod-
els. Although, the comprehensive modeling is a cumbersome approach wherein the 
model development is a complicated task, and the solution is time taking, yet the 
accuracy of the results made the approach more acceptable than the other approaches. 
Hence, while selecting any of these approaches or the model for kinetic study of FT 
reaction, one has to take care of the correlation that has been used to develop the 
model, and the condition should be closest to the condition at which the simulation 
has been done.
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Abstract Aluminophosphate (AlPO) materials are analogous to zeolites, and pos-
sess wide application in catalysis, sorption, ion-exchange, etc. The advantage of 
AlPOs over zeolites is that they hold flexible framework and offer different metal 
ions to be incorporated into their framework. Consequently, their acidity can be 
tuned or altered. The addition of silica in AlPO framework results in the formation 
of silicoaluminophosphate (SAPO); the substitution of ions Si4+ with P5+ leads to the 
acidic sites in the catalyst. Various types of pore openings ranging from small, 
medium, to large diameters along with their multidimensional apertures make them 
unique in catalysis in refineries, petrochemicals, and organic transformations. The 
most explored SAPO materials for fuel production includes SAPO-11, SAPO-34, 
SAPO-5, and SAPO-31. Methanol to olefins (MTO) is one of the promising ways to 
catalytically convert natural gas to lower olefins via methanol. MTO reactions are 
mostly studied over SAPO-34 molecular sieve. SAPO-34 molecular sieve possesses 
chabazite (CHA) topology with 3D-8 pore opening. Hydrogenation of CO2 to light 
olefins with C2–C4 selectivity over bifunctional catalysts is a promising route in 
checking climate change and meeting fuel demand. The production of diesel is 
reported over SAPO-11 molecular sieves using soybean oil and palm oil as feed. 
SAPO-11 molecular sieves possess AEL topology with 1D-10 pore opening. 
Similarly, SAPO-31 catalyst has been reported for hydro-treating of sunflower oil. 
The preliminary studies of addition of vegetable oil into petroleum feedstock in 
small quantities for co-hydro processing showed a promising result by improving 
fuel product yields.

The current book chapter aims to delineate about the different pathways to pro-
duce clean fuel over different SAPO molecular sieves. Highlights have been made 
on underlying mechanism involved in the catalytic pathways followed during the 
process. It also encompasses some insights into future significance of the catalysts 
that could lead to the implementation of a sustainable fuel production.
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1  Introduction

Zeolites are crystalline, caged, tetrahedron framework molecular sieves comprising 
(SiO4)4− and (AlO4)5− units, attached three dimensionally by Si-O-Al linkages. 
Owing to their high acidic strength, thermal and mechanical stability, they have 
been one of the most extensively studied and utilized solid acid catalysts till date. 
Their unique pore apertures (<2 nm) set up a well-defined selectivity rules with 
provisions of shape as well as size of the reactant and products at a molecular level. 
Aluminophosphates, a novel class of crystalline microporous materials without sil-
ica, were firstly reported by Wilson et al. at Union Carbide [1, 2]. Often termed as 
AlPO-n (n refers to a distinct structure type), their framework has alternating AlO4 
and PO4 tetrahedra, cross-linked via O bridges. They have general formula [(AlO2)
x(PO2)x]·yH2O. Regardless of the structural analogy to zeolites, aluminophosphates 
differ considerably from aluminosilicates. The first difference is the negatively 
charged framework of aluminosilicates, compared to the electroneutrality of the 
AlPO framework. Secondly, Al in aluminosilicate is always Td coordinated, whereas 
in the AlPO framework, it may exhibit higher coordination (e.g., penta and hexa- 
coordination), in addition to tetrahedral coordination. The framework of AlPO is 
flexible compared to the rigid zeolite framework. Structural flexibility of AlPO 
results in structural and compositional diversity, as aluminium and/or phosphorous 
in the lattice framework can be isomorphously substituted by ions of similar charge 
and size [2–4]. Incorporation of Si or any other metal (M) in the framework leads to 
formation of silicoaluminophosphate molecular sieves, SAPO-n, and metal (M) alu-
minophosphates MAPO-n or MAPSO-n, respectively [2–7]. The introduction of 
hetero-atoms in the aluminophosphates changes its acidic properties without alter-
ing the pore shape or size.

In the current book chapter, we summarize some important applications of these 
silicoaluminophasphate (SAPO) materials for hydrocarbon conversions, and clean 
fuel production from biomass/vegetable oil, and carbon dioxide.

2  Synthesis Methodology of SAPO-n

Conventional hydrothermal synthesis of SAPO involves the presence of inorganic 
precursors particularly Si, Al, and P. These precursors in the presence of suitable 
structure directing agents (SDAs) like alkali/ammonium cations and organic amines 
at different crystallization hours lead to various-sized SAPO frameworks with mul-
tiple pore entrances.

Figure 1 illustrates how various factors like molar ratio of inorganic precursors, 
nature of aluminium/silica source, choice of SDAs, crystallization temperature, 
duration, etc., may lead to different topological frameworks. The framework topol-
ogy has been broadly categorized as small (8-membered ring of T atoms (Si, Al, P 
in case of SAPO), where T atoms are connected to each other via O), medium 
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(10-membered ring), and large (12-membered ring) pore systems [8]. Some extra- 
large pore topology, with more than 12-membered ring (14–18) pore openings, also 
exists [8]. Among the small-pore SAPO molecular sieves, SAPO-34, possessing 
chabazite (CHA) topology is most widely explored in methanol-to-olefin (MTO) 
reaction [9, 10]. It has mild acidic strength, with three-dimensional 8-ring channels 
having a pore diameter of 0.38 nm and ellipsoidal cages of 0.67 nm × 1 nm [10]. 
Such kind of CHA topology generally arises at high crystallization temperatures. 

Small Pore

Temperature : 200 °C

Temperature : 160 - 200 °C

Duration : 24 - 48 h

Duration : 20 - 48 h

Temperature : 150 - 200 °C

Duration : 24 - 144 h

Temperature : 130 - 150 °C

Duration : 4 - 215 h

Extra Large Pore

Large Pore

Medium Pore

Precursors of
Si + Al + P

SDA: DPA, DIPA,

SDA: TEAOH, DPA,
Isopropylamine Morpholie,

TEA, DEA, Piperidine

SDA: DPA, TEA, Cyclohexylamine,
N,N dimethylbenzylamine

SDA: DPA, TEOA, TBAOH,
TIPOA, Cyclohexylamine

Fig. 1 Synthesis conditions of various framework silicoaluminophosphate molecular sieves
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Different amines, viz., triethylammonium hydroxide (TEAOH), dipropylamine 
(DPA) isopropylamine, morpholie, triethylamine (TEA), diethyl amine(DEA), and 
piperidine [9–14], have been reported for its synthesis. SAPO-11 (medium-pore 
molecular sieve) is usually synthesized in the presence of DPA and DIPA from the 
temperature range of 160–220 °C for 20–28 h [15, 16]. It shows structural analogy 
with AEL-type zeolite having one-dimensional 10-ring pore structure 
(0.4 × 0.65 nm). It exhibits good thermal stability and surface acidity which makes 
it a prominent catalyst in alkane isomerization/hydroisomerization and dewaxing 
processes [15, 16].

SAPO-5 has AFI topology with large-pore (0.73 nm × 0.73 nm) one-dimensional 
framework. It consists of repetitive connection of double four-membered ring (D4R) 
and double six-membered ring (D6R) as secondary building units (SBUs) frame-
work with 12-membered pore opening [17, 18]. It is synthesized at various tempera-
tures from 150 to 200 °C for 24–144 h. DPA, TEA, cyclohexylamine, and N, N, 
dimethylbenzylamine have been successfully employed in its synthesis [19–22]. 
SAPO-5 finds extensive application in xylene isomerization, benzene alkylation, 
cumene synthesis, transalkylation of toluene with trimethylbenzene, etc. [23–27]. 
One template can direct the synthesis of multiple structures and also multiple tem-
plates may lead to formation of same framework. For example, dipropyl amine 
(DPA) has versatile application in the synthesis of almost all types of framework as 
shown in Fig. 1. The extra-large pore system, VPI-5 (18 rings) can be synthesized in 
the presence of triple helical periphery created by hydrogen bonded amine with 
water [28]. Other amines used for its synthesis are tetrabutylammonium hydroxide 
(TBAOH) [29, 30], di-n-pentylamine (DPeA), triethanolamine (TEOA), triisopro-
panolamine (TIPOA), cyclopentylamineand cyclohexylamine [31]. The vast variety 
of organics employed in VPI-5 synthesis not only act as SDAs but also serve the 
purpose of pH moderators. [31].

The catalytic performance of these solid acid catalysts has been employed in the 
generation of clean fuels from various sources like hydrocarbons, CO2, biological 
feedstocks as well as by increasing the octane count of the petroleum products. The 
following sections highlight the insights of the various SAPOs in clean fuel 
production.

3  Catalytic Applications of Molecular Sieves in Clean 
Fuel Production

3.1  Fuels from Hydrocarbons

Hydrocarbons are ubiquitous in nature. Broadly they have been grouped as aliphatic 
and aromatic compounds. They range from simplest methane to complex catenated 
and polymeric sugars with other functionalities. When we talk about the natural 
sources of hydrocarbons, they are chiefly in the form of coal, petroleum, and natural 

R. Yadav and A. K. Singh



507

gases. However, their crude nature, complex structure, and associated impurities 
make them less suitable for direct use as fuel sources. The industrial refining and 
processing makes them ideal fuel with excellent calorific values. In this regard, in 
the industries several solid acid catalysts with desired pore apertures have been 
utilized to enhance the fuel quality. The rampant increasing crude oil cost and their 
depleting resources in coming future compel the researchers to adopt alternative 
pathways to produce light olefins. Methanol-to-olefin (MTO) reaction established 
by Mobil researchers in 1977 is the best example in this course [32]. It is the most 
important process technology to produce light olefins, especially C2–C4olefins from 
nonpetroleum feedstock of coal, natural gas, and biomass [33].

3.1.1  Studies over SAPO-34

Small–pore-sized solid acid catalysts in their H form, i.e., HSAPO-34 and HZSM-5, 
have been the most explored catalysts in MTO reaction [34]. However, the product 
selectivity in both differs remarkably. SAPO-34 has exclusive selectivity (>80%) 
for C2–C3olefins on the other hand in ZSM-5, C4 olefins have higher selectivity [35]. 
The products are often accompanied with various side products like, H2O, H2, COX, 
higher paraffins, aromatics cokes, etc. [34, 35]. The occurrence of these side prod-
ucts imposes barrier in understanding the exact underlying reaction mechanism and 
rational design of catalyst synthesis for product selectivity [36–38]. The major steps 
involved in MTO reaction can be divided into following steps:

 1. Dehydration of methanol to give equilibrium mixture of methanol and dimethyl 
ether (DME). This step also involves the formation of electron deficient free 
radical and carbonation intermediate.

 2. Dehydration of resultant DME to give lighter olefin particularly ethylene, the C2 
product.

 3. The addition reaction between the carbocation intermediate formed in the first 
step with the C2 olefin of the second step to give C3 olefin.

 4. The oligomerization of olefinic products to give C4 and higher homologues.
 5. Dimerization of various cationic species and olefin intermediates to give differ-

ent paraffin, aromatic products, which ultimately with time on stream get oligo-
merized, leading to coke formation.

Collectively these steps have been termed as hydrocarbon pool mechanism [33] as 
shown in Fig. 2. The circular cavity in the figure is analogous to three-dimensional 
cavity of catalyst where various steps (1–5) involved in MTO reaction take place. 
More than 20 reaction mechanism pathways have been proposed to describe various 
possible product formations in the process [33]. Among several mechanistic routes, 
the oxonium ylide mechanism proposed by Van den Berg et  al. [39] is widely 
accepted. They proposed that dimethyl ether (DME) species obtained by the dehy-
dration of methanol reacts with the methanol attached to the Brӧnsted acid sites of 
catalyst. It results in the formation of trimethyl oxonium ion (TMO) intermediate. 
This TMO species forms trimethyloxonium ylide, which undergoes intramolecular 
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Stevens rearrangement to form a methylethyl oxonium ion. This intermediate fur-
ther leads to formation of ethylene and methanol. However, if the resultant ethylene 
reacts with the methyl carbocation, it results in propylene formation as depicted in 
Scheme 1.

It is noteworthy to account here that apart from olefins, the aromatics like methyl 
benzenes are also predominant reactive species in the hydrocarbon pool mechanism 
[40]. Hence later, based on the evidences of isotopic leveling experimental results, 
a dual cyclic mechanism in which both methyl benzene (MB route)–based reaction 
pathway and olefin-based route run parallel has been established [40, 41]. Recently 
with the help of DFT calculations, certain authors have reported MB-based and 
olefin-based dual cycle mechanism routes run simultaneously in MTO reaction and 
formation of ethane occurs through the MB-based route [42]. Rapid coking and 
exothermic nature of MTO reaction over SAPO-34 catalyst are the major concern 
for better catalytic performance. Hence the advance technology with efficient heat 
and mass transfer characteristics is a desirable aspect to attain better quality fuel 
with excellent selectivity. In this context world’s first commercial MTO unit was 
successfully commissioned in Baotou, China, by DICP (named DMTO technology) 
in 2010 [43]. The technology involves use of fluidized bed reactors, which permits 
efficient heat transfer and enables the continuous regeneration of the catalyst [43]. 
Recently, the synthesis of nanosized SAPO-34 and hierarchical SAPO-34 has 
attracted attention in MTO reaction [44, 45].

Fig. 2 Hydrocarbon pool mechanism involved in MTO reaction
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3.1.2  Studies over SAPO-11

SAPO-11 is a medium-pore molecular sieve with AEL topology, and it has been 
extensively used for fuel production from hydrocarbons (see Table 1). Geng et al. 
[52] studied different reaction parameters such as temperature, pressure, WHSV, 
and H2/HC ratio for hydroisomerization of n-tetradecane over 0.4 wt% Pt-supported 
SAPO-11 catalyst. The increase in temperature from 593 to 653 K resulted in esca-
lation in conversion from 10 to 80% with (pressure = 3 MPa, WHSV = 1 h−1) with 
a slight decrease toward isomer selectivity. To study the effect of pressure, the 
authors varied the pressure from 0.5 to 4.5 MPa at 633 K (WHSV = 2 h−1). The 
increasing pressure decreased the conversion with almost stable selectivity toward 
isomerized products. The decrease in the conversion was reported due to negative 
reaction order with respect to H2. Variation in WHSV did not show any change 
toward the selectivity of isomers due to decrease in the contact time of feed with 
catalyst surface. With decrease in partial pressure of H2 in H2/HC ratio from 8.5 to 
45, a slight decrease in conversion was reported. Hence optimum temperature, pres-
sure, and WHSV resulted in higher conversion; also very slight or no effect was 
observed on product distribution. Nieminen et al. [53] studied the effect of source of 
silica and synthesis time on 1-butene isomerization. Tridymite phase was obtained 

Scheme 1 Oxonium ylide mechanism in MTO reaction
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when watch glass silica was used whereas with colloidal silica and aluminum oxide 
SAPO-11 phase was obtained with tridymite as impurity. The increase in the syn-
thesis time resulted in more acidic SAPO-11 phase due to incorporation of more Si 
in framework. The high selectivity of iso-butene was obtained on higher crystalline 
catalyst which provided more stable catalytic sites. Lee et al. [54] studied the effects 
of metal loading methods and an optimum amount of platinum on the hydroisomer-
ization of n-dodecane.

Different metal loading methods such as incipient wetness (IW), ion exchange 
(IE), or atomic layer deposition (ALD) were used to load Pt on SAPO-11. The metal 
distribution was found to be very high in case of ion exchange and atomic layer 
deposition. However, a catalyst prepared with incipient wetness showed highest 
conversion as well as selectivity. The low activity in case of IE and ALD samples 
might be due to the presence of active metals inside the pores of catalyst which are 
not accessible. Liu et al. [46] applied NiP/SAPO-11 prepared using nickel impreg-
nation on SAPO-11, for catalytic hydrodeoxygenation of fatty acid methyl oleate 
(85%) and isomerization of consecutive paraffin (15% methyl stearate) on a fixed- 
bed continuous-flow reactor. The catalyst with 3 wt% Ni loading obtained the high 
conversion of 97.8% with C15–18 yield of 84.5%. The decrease in conversion with an 
increase in Ni content is attributed to blocking of active sites by high Ni content. 
The catalyst 3 wt% Ni showed 14% isomerization rate which is low due to steric 
hindrance of reactants. Without Ni content also, the catalyst showed 5% isomeriza-
tion rate which is due to the Brönsted acidic sites of the catalyst.

The synthetic conditions can affect its catalytic activities. Sinha et  al. [47] 
reported two different synthesis routes first using aqueous medium (SAPO-11(a)) 
and other using non-aqueous medium, i.e., ethylene glycol (SAPO (na)). The cata-
lytic activities of the catalysts are compared with SAPO-31 (1D-12) synthesized 
similar to SAPO-11. The acidity of the materials was reported in the order SAPO- 3
1(na) > SAPO-11(na) > SAPO-31(a) > SAPO-11(a). The high acidity in non-aque-
ous samples might be due to higher substitution of P5+ by Si4+, resulting in less silica 

Table 1 Reaction conditions used for hydrocarbon conversion over SAPO-11

Reactant
Temperature 
(K)

WHSV 
(h−1) Metal Others References

85% methyl oleate and 
15% methyl stearate

613 2.5 3 wt% Ni – Liu et al. [46]

n-hexane, n-octane, 
and n-hexadecane

548–648 1.0 0.5 wt% Pt H2/
HC = 5.0

Sinha et al. 
[47]

n-dodecane 623 2.0 3 wt% Ni & P 
(different ratio)

H2/
HC = 19

Tian et al. 
[48]

n-tetradecane 553–613 2.0 0.36 wt% Pt H2/
HC = 36

Ping et al. 
[49]

n-pentane 473–673 2.3 0.5 wt% Pt H2/
HC = 2.75

López et al. 
[50]

n-heptane 573–653 2.0 0.2 wt% La or 
Ce and 0.2 wt% 
Pt

H2/
HC = 36

Liu et al. [51]
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islands. 0.5 wt% Pt loaded samples were utilized for isomerization of n-hexane, 
n-octane, and n-hexadecane over a temperature range of 548–648 K in presence of 
H2. The hydroconversion follows the order Pt-SAPO-31(na)  >  Pt- 
SAPO- 31(a) > Pt-SAPO-11(na) > Pt-SAPO-11(a). A slight high activity of SAPO-31 
was reported which might be due to the large pore of SAPO-31. Among all the 
hydrocarbons n-hexadecane showed highest conversion on all catalysts over the 
entire temperature range and n-hexane showed the least. Also the authors reported 
more reactions at the pore mouth and the external surface in the case of SAPO-31 
compared to SAPO-11. Wu et  al. [55] varied the synthetic conditions (including 
templates) of SAPO-11  and studied for dehydration of ethanol to ethylene. The 
synthesized SAPO-11 was compared with commercial SAPO-11. Synthesized 
SAPO-11 showed 99% conversion of ethanol to ethylene at 280 °C, whereas the 
commercial catalyst needed 300 °C to reach the conversion. The selectivity of prod-
ucts in both the cases remained same. The study showed that tuning the catalyst 
synthesis conditions and precursors selection can have a huge impact on its catalytic 
activity. Tian et al. [48] prepared Ni phosphide-supported SAPO-11 and utilize it for 
hydroisomerization of n-dodecane. During the preparation of catalysts, different 
Ni/P ratios were used with 3  wt% of nominal Ni. The catalytic activity of NiP/
SAPO-11was reported higher compared to Ni/SAPO-11 and SAPO-11. Maximum 
selectivity of iso-dodecane was reported with Ni/P ratio of 1; however with increase 
in Ni/P ratio, increase in conversion was reported. The high conversion and selectiv-
ity was reported on the catalyst with medium acidic sites; the synergic effect of 
acidic sites and Ni sites resulted in high selectivity of the product. At 623 K, 2%NiP 
(1/1)/SAPO-11 and 3%NiP (1/1)/SAPO-11 are reported to yield above 70% and 
65%, respectively. The conversion showed increasing trend with rise in temperature 
and WHSV (from 1.5 to 6.0  h−1) with lower selectivity toward iso-dodecane, 
whereas H2 pressure beyond 2.0 MPa was reported unfavorable to alkene intermedi-
ate formation.

Not only the synthesis medium, but also the template used in the synthesis can 
alter catalyst properties. The change in template has an influence on Si distribution, 
acidity as well as on crystallinity. Ping et al. [49] synthesized SAPO-11 using mixed 
template of di-n-propylamine (DPA) and di-iso-propylamine (DIPA) by varying the 
template content ratio of DPA/DIPA. Catalyst prepared with DPA/DIPA ratio of 1.5 
and 0.36% Pt showed the highest number of acidic sites. When applied for n- 
tetradecane isomerization, the catalyst with 1.5 template ratio showed higher con-
version of 82% with 94.5% selectivity toward isomerized products at 593 K with 
WHSV of 2.0 h−1. The higher conversion was reported due to uniform distribution 
of Si which resulted in small silicon domains and high acidity.

Promoters on a metal-loaded catalyst play a positive role in catalysis by enhanc-
ing the synergistic effect between the metal sites and acidic sites of catalysts. Liu 
et al. [56] studied the effect of Sn as a promotor on the Pt/SAPO-11 catalyst for 
hydroconversion of n-dodecane. The conversion of 91.1% and 90.5% was reported 
on Sn-Pt/SAPO-11 and Pt/SAPO-11, respectively. The conversion is almost similar 
in both cases; however, an increase in 10% selectivity toward mono-branched prod-
ucts with a decrease in cracked products was reported. The increased Sn content 
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(0.5–2 wt%) resulted in decreased conversion from 91.0 to 83.0% with higher iso-
mers selectivity from 91.4 to 94.3%. The decrease in the conversion was reported 
due to masking of active acidic sites whereas an increase in selectivity is due to high 
metal dispersion.

López et al. [50] studied the hydroisomerization of n-pentane over 0.5 wt% Pt/
SAPO-11 and compared its catalytic activity with zeolites (0.5  wt% Pt loaded 
HZSM-5 and acid treated HBEA). Rise in temperature from 523 to 673 K resulted 
an increase in the conversion for all the catalysts. However, 0.5 wt% Pt/SAPO-11 
showed least conversion among all the catalysts. The Pt/HBEA catalyst showed 
about 95% selectivity toward iso-pentane, whereas it is 60–80% in the case of 
0.5  wt% Pt/HZSM-5 and nearly 60% for 0.5  wt% Pt/SAPO-11 which is due to 
higher acidity in the case of zeolite catalysts. Liu et al. [51] studied the effect of 
addition of rare earth metals (La and Ce) as promoters over 0.2 wt% Pt/SAPO-11 
and studied it for hydroisomerization of n-heptane. The bimetallic catalysts 0.2 wt% 
La 0.2 wt% Pt/SAPO-11 and 0.2 wt% Ce 0.2 wt% Pt/SAPO-11 were prepared by 
the impregnation method. These additive additions could lead to an increase in the 
amount of Lewis acid. LaPt/SAPO-11 and CePt/SAPO-11 showed good conversion 
of about 77–78% with i-C7 yield of 67–68% whereas Pt/SAPO-37 showed a conver-
sion of 65% with i-C7 yield of 62%. The higher conversion in the case of rare earth 
metal-–promoted catalyst was reported due to higher Pt dispersion.

Pölczmann et al. [57] compared microporous and mesoporous molecular sieves 
for the isomerization and hydrocracking of Fischer–Tropsch wax (C20–C60). The 
isomerization of wax produces base oil and hydrocracking gives fuel. The authors 
found that 0.5 wt% Pt/AlSBA-15 catalyst over the temperature range of 548–623 K 
showed higher isomer content (about 70% at 623  K) compared to 0.5  wt% Pt/
SAPO-11 (about 40% at 623 K) which might be due to higher concentration of 
Brönsted acidic sites on 0.5 wt% Pt/AlSBA-15. Fan et al. [58] reported aluminosili-
cate/silicoaluminophosphate composite zeolite ZSM-5/SAPO-11 for fluid catalytic 
cracking (FCC). The composite was prepared by adding pre-formed ZSM-5 to 
SAPO-11 synthesis gel followed by hydrothermal treatment. The obtained catalyst 
was calcined and Ni-Mo was added to it using ion exchange. The obtained catalyst 
showed better catalytic activity compared to physical mixture of ZSM-5 and 
SAPO-11 due to the synergic effect between the acidic sites.

3.1.3  Studies over SAPO-5

Different reaction conditions for hydrocarbon conversion over SAPO-5 are sum-
marized in Table 2. Hajfarajollah et al. [59] compared SAPO-34 and SAPO-5 and 
varied the silica source in the catalysts preparation. The SAPO-34 catalyst pos-
sessed a high number of strong acidic sites essential for methanol conversion. The 
crystallite size played the main role in role in the selectivity and conversion. 
SAPO-34 synthesized using tetraethyl orthosilicate (TEOS) obtained small crystal-
lite size compared to catalyst synthesized with fumed silica. The catalyst with small 
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crystallite size showed lesser deactivation due to easy diffusion whereas the other 
catalyst showed hindered diffusion of reactant molecules.

Kumar et al. [60] studied the effect on the alumina source in the synthesis of 
SAPO-5. The different alumina sources used were aluminium sulphate, sodium alu-
minate, aluminium oxide, and pseudo-boehmite. The use of aluminium phosphate 
or sodium aluminate yielded only quartz and berlinite forms whereas the purest 
structure was obtained with pseudo-boehmite and possessed the highest number of 
Lewis and Brönsted acidic sites. To study the catalytic activity, i.e., isomerization of 
n-butane, the catalyst was loaded with 2 wt% Pt using impregnation methods. For 
temperature from 673 to 723 K, 5% increase in the conversion was reported with a 
slight decrease in the selectivity towards product. However increased WHSV 
showed a decrease in the conversion which was due to a decrease in the contact time 
of reactant with the catalyst surface.

To alter the acidic properties of molecular sieves, the amount of silica in the 
molecular sieves composition can be adjusted. Wang et al. [61] reported SAPO-5 
with Si/Al ratio of 0.25 and 0.42. The catalyst with Si/Al of 0.25 showed higher 
total acidity of 0.54 mmol/g whereas the other catalyst showed 0.48 mmol/g. The 
decrease in the acidity with an increase in the molar ratio was reported due to the 
replacement of P and Al with Si as reported by 29Si MAS NMR spectra. To study the 
catalytic activity, the catalyst (1 wt% Pd/SAPO-5) was applied to hydroconversion 
of n-C7, n-C8, n-C10, n-C12, n-C16 over the temperature range of 550–625 K. The 
catalytic activity increases with an increase in temperature and carbon chain respec-
tively. At 598 K and above 100% conversion and selectivity was recorded for n- 
C12, n-C16.

Hulea at al [27] studied the trans-alkylation of toluene with different trimethyl-
benzenes (TMB). Among all the reactions with 1,2,3-TMB, 1,2,4-TMB, and 1,3,5- 
TMB as alkylation agents, 1,2,3-TMB showed the highest conversion over SAPO-5 
prepared with lower silica content. All different reactions including trans-alkylation, 
isomerization, and disproportionation were reported; and the catalyst was active 
with all alkylating agents. Also at 548  K, 1,2,4-TMB was reported with highest 
yield of xylenes.

Table 2 Reaction conditions used for hydrocarbon conversion over SAPO-5

Reactant
Temperature 
(K)

WHSV 
(h−1) Metal Others References

Methanol  673 7.87 – Feed = 0.29 mL/min Hajfarajollah 
et al. [59]

n-Butane 673–723 1.5–5.5 2 wt% 
Pt

H2/HC = 4 Kumar et al. [60]

n-C7, n-C8, n-C10, 
n-C12, n-C16

550–625 – 1 wt% 
Pd

H2 = 40 mL/min Wang et al. [61]

Synthesis gas 533 – – GHSV = 3000 mL/
gcat

H2/CO = 2

Yoo et al. [62]

1-Octene 473–723 8,12, 20 – H2 = 25 mL/min Singh at al [63]
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Erichsen et al. [64] studied the SAPO-5 for methanol to hydrocarbons and effect 
of adding benzene as co-reactant. The study showed that most of the products are in 
C3–C5 range. The authors reported that the conversion and selectivity of the reactant 
depended on the temperature of reaction and not on the feed rate and catalyst deac-
tivation. The authors performed a steady-state isotope transient experiments by 
switching the 12CH3OH feed to 13CH3OH after 18 minutes on stream, at time of 
switch, methanol conversion was reported as 75%. The study reported immediate 
incorporation of 13C in the alkene products, whereas it took time to incorporate 13C 
in the polymethylated benzenes (polyMBs). Hence polyMBs were not the major 
reactant intermediates in the formation of alkenes. When benzene was used as co- 
feed with methanol, product selectivity toward C2–C3 products increased. When the 
co-feeding was added with 13CH3OH, C2–C3 were reported as predominant products 
in 12C.  On the other hand, iso-butene and iso-pentene molecules showed larger 
amounts of 13C, indicating two different mechanisms taking place on the catalysts.

Yoo et al. [62] studied the conversion of synthesis gas to dimethyl ether (DME) 
over SAPO-5 admixed with Cu/ZnO/Al2O3 catalyst. The admixed SAPO-5 and 
SAPO-11 (10% of SAPO composition) showed 55% conversion and 45% stability 
toward DME, whereas pure SAPO-5 and SAPO-11 showed 36% and 33% of CO 
conversion at 12 h on time of stream.

Jin et al. [65] compared small-, medium-, or large-pore-sized zeolites and SAPO 
for methanol to LPG (liquefied petroleum gas) conversions. The catalytic activities 
were found in the order ZSM-5 > SAPO-5 > SAPO-34 with respective fields of LPG 
fractions as 54.5%, 10.4%, and 3.9%. The selectivity toward alkene was highest for 
ZSM-5 (64.3%) compared SAPO-5 (56.2%). The lower activity of SAPO-34 might 
be due to pore blocking during the course of reaction.

Frietas et  al. [66] studied dodecanoic acid decomposed over microporous 
(SAPO-5) and mesoporous (Al-MCM-41) catalysts. The reaction is important 
because the pyrolysis or thermal cracking of the oil results in fuel components. The 
NH3 TPD studies on both catalysts showed that SAPO-5 contained more number of 
acidic sites compared to Al-MCM-41. Total conversion of dodecanoic acid was 
achieved with 78% of aromatics over Al-MCM-41. The high conversion with meso-
porous molecular sieve is reported due to accessible pore size and optimum acidity.

Zhang et al. [67] prepared a composite catalyst to utilize the properties of more 
than one catalyst, the core/shell structure comprised of ZSM-5 core and SAPO-5 
shell. The SEM and TEM images of catalyst showed the presence of both phases. 
The catalytic activity of the material was tested on heavy crude oil cracking. The 
conversions of heavy oil over ZSM-5, mechanical mixture (SAPO-5 and ZSM-5), 
and ZSM-5/SAPO-5 was 76.78%, 77.44%, and 80.03%, respectively. Also ZSM-5/
SAPO-5 showed high selectivity toward ethene, propene, butane, and LPG, indicat-
ing that the pores of ZSM-5 and SAPO-5 were well connected and allowed passage 
of molecules.

Singh at al [63] prepared composite materials using SAPO-5 secondary building 
units (SBU) as precursors. The composite materials showed surface area in the mes-
oporous range, with the distinct acidity pattern compared to SAPO-5. The catalyst 
was tested for 1-octene hydroisomerization in the vapor phase. Above 673 K, the 
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catalyst showed >90% conversion of 1-octene; however, the product distribution 
remained same irrespective of the reaction temperature.

3.1.4  Comparison of Activity Between SAPO-5 and SAPO-11

The catalytic activities of medium-pore and large-pore SAPOs for hydrocarbons 
conversion have been compared (see Table 3); the following section discusses a few 
of them. Höchtl et al. [68] studied 1-pentene isomerization of 1-pentene over AEL- 
and AFI-type structure (for both SAPO and CoAPO). The acidic strengths followed 
the order SAPO-5 < CoAPO-5 < SAPO-11 < CoAPO-11. The equilibrium distribu-
tion between the linear and branched products was achieved except at lower tem-
peratures. The SAPO-5 showed higher deactivation due to coking on stronger 
acidic sites.

The hydroisomerization and hydrocracking of n-Octane was studied by Campelo 
et al. [69] using 0.5 wt% Pt/SAPO-5 and 0.5 wt% Pt/SAPO-11. Both the catalysts 
showed good activity in n-octane conversion; the aromatic products obtained over 
SAPO-5 catalyst were p- and m-xylene which are expected to be formed from cycli-
zation of C8-isoalkanes. However, over  Pt/SAPO-11 ethylbenzene and o-xylene 
were reported  as dominant products which are formed by direct cyclization of 
n-octane. The selectivity of the products varies due to steric hindrance showed by 
SAPO-11. The same group studied the hydroisomerization and hydrocracking of 
n-hexane [70]. The authors reported Pt/SAPO-5 to be more active with high selec-
tivity toward iso-hexane which might be due to its optimum pore and acidity.

Wang et  al. [71] studied the shape-selective properties of SAPO-11 and 
SAPO-5  in methylation of naphthalene using methanol (methylation agent) and 
mesitylene (solvent). The acidity studies showed that the SAPO-5 possessed only 
weak acidic sites whereas SAPO-11 possessed both weak acidic sites as well as 
moderate acidic sites. SAPO-11 and SAPO-5 showed conversion of 55.2 and 26.1%, 

Table 3 Reaction conditions used for hydrocarbon conversion over SAPO-11 and SAPO-5

Reactant
Temperature 
(K)

WHSV 
(h−1) Metal Others References

1-pentene 523–823 – – P = 0.1 MPa Höchtl et al. 
[68]

n-octene 573–708 – 0.5 wt% Pt P = 3–5 bar
H2 = 25 mL/min

Campelo et al. 
[69]

n-hexane 573–708 – 0.5 wt% Pt P = 3–5 bar
H2 = 25 mL/min

Campelo et al. 
[70]

Naphthalene: 
methanol: 
mesitylene (1: 
5: 3.5)

623 0.19 – – Wang et al. [71]

n-hexane 498–648 – 0.2 wt% Pt 
and Ni (0, 0.2, 
0.4 and 
0.6 wt%)

LHSV = 1.0 h−1 Eswaramoorthi 
et al. [72]
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respectively. The product mixture shows the presence of ethylnaphthalene (EN), 
methylnaphthalene (MN), dimethylnaphthalene (DMN), and trimethylnaphthalene 
(TMN). SAPO-11 showed higher selectivity toward 2,6-dimethylnaphthalene (2,6- 
DMN) and 2,6−/2,7-DMN ratio than SAPO-5 which was attributed to the pore size 
of SAPO-11 molecular sieve.

Eswaramoorthi et al. [72] studied 0.2 wt% Pt and a varying amount (0, 0.2, 0.4 
and 0.6 wt%) of Ni containing SAPO-11 and SAPO-5 for n-hexane isomerization. 
A decrease in the acidity of catalyst was observed with the addition of Ni. 2-methyl 
pentane (2MP), 3-methyl pentane (3MP), 2,3-dimethyl butane (23DMB), and 
2,2-dimethyl butane (22DMB) were major products obtained in the reaction. 
0.2 wt% Pt-0.4 wt% Ni/SAPO-11 showed higher selectivity toward mono and di- 
branched products.

Bandyopadhyay et al. [73] prepared SAPO-5 and SAPO-11 by the dry-gel con-
version (DGC) method. SAPO-5 and SAPO-11 were applied for iso-propylation of 
biphenyl. SAPO-5 was reported more active with higher selectively toward 
4,4′-diisopropylbiphenyl.

3.2  Fuel from Vegetable Oils/Biomass

The prevailing worldwide energy crisis, particularly exhausting non-renewable 
energy sources like coal, petroleum, has shifted the growing interest of researchers 
toward the development of biofuels. Biodiesel, mixture of mono-alkyl esters of 
higher fatty acids, is obtained via trans-esterification of triglycerides from vegetable 
oils with ethanol or methanol. Industries use alkalies (NaOH, KOH) in general prac-
tice for biodiesel production. However, the process suffers toxic waste generation, 
product separation, and purification issues. The use of the heterogeneous catalyst 
for green materials, biofuels, and sustainable chemicals is growing interest in chem-
ical industries day by day. Different zeolite and zeo-type catalysts blended with 
active metals like Zn, Ca, Ru, Mg have been successfully used in the trans- 
esterification process [74].

3.2.1  Studies over SAPO-34

Abdulkadir et al. [74] have reported transesterification of rambutan seed oil over 
15  wt%  Mg/SAPO-34 (15  Mg/SAPO-34) catalyst. The catalyst has showed 
improved catalytic activity at a reaction temperature of 80 °C for 100 min with high 
fatty acid methyl ester (FAME) yield of 90.7%[74]. Zirconium sulphate (ZS)–sup-
ported SAPO-34 has been successfully employed in the esterification process. It 
was observed that 30wt%ZS/SAPO-34 catalysts display the property of superacid 
irrespective of calcinations temperature [75]. Ni-supported Ni/SAPO-34 and Ni/
SAPO-11 have been used in hydrocracking of palm oil to jet biofuel. The Ni/
SAPO-34 catalyst exhibited the highest alkane selectivity (65%) and lowest arene 
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selectivity (11%), owing to its constraint pore opening suitable for smaller molecu-
lar diffusion [76]. The application of SAPOs is not only limited to biofuel produc-
tion but also in the synthesis of platform chemicals like xylene and furan [77, 78]. 
Hierarchical SAPO-34 has been used for p-xylene production from biomass-derived 
2, 5-dimethylfuran (DMF) and ethylene, with a good selectivity (~75%). Similar 
trends have been reported for SAPO-11, the large-pore system [77].

3.2.2  Studies over SAPO-11

Xing et al. [79] studied the effect of Si/Al ratio of SAPO-11 for isomerization and 
cracking of n-alkanes (castor oil, C15–C18). SAPO-11 with different Si/Al molar 
ratio of 0.2, 0.4, 0.6 were synthesized and wet impregnated using 15 wt% Ni and 
5 wt% Mo. The catalyst Ni-Mo/SAPO-11 with 0.4 Si/Al showed optimum conver-
sion of 97.2% and jet fuel selectivity of 81.6%. The catalyst Ni-Mo/SAPO-11(0.4) 
was further explored to study the effect of temperature on conversion and selectivity 
of long-chain n-alkanes. It is reported that with an increase in temperature from 583 
to 623 K, the conversion and selectivity of C15 increases compared to higher hydro-
carbon chain.

Yang et  al. [80] studied the effect of Ni loading on SAPO-11 for the hydroi-
somerization of oleic acid to iso-alkanes. The acidity of the catalyst was decreased 
with an increase in Ni loading. Among all the catalysts, catalysts with 7 wt% Ni 
showed the highest conversion and 67.3 mol% of iso-alkanes. The high amount of 
hydroisomerized products were obtained due to synergic effect between the metal 
center and Lewis/Brönsted acid sites.

Herskowitz et al. [81] studied conversion of soybean oil to green diesel over 1 
wt% Pt/SAPO-11(to increase the surface area the catalyst, catalyst pellets were pre-
pared by combining it with alumina binder). During the catalytic activity, no gas 
products were recorded only liquid phase products were obtained. The product con-
tained branched paraffins, naphthenes, and mono-aromatics which qualified for die-
sel fuel blends. Rabaev et al. [82] reported >99% deoxygenation of soybean oil over 
Pt/ SAPO-11–Al2O3.

Rabaev et al. [83] studied 0.5 wt% Pt/SAPO-11 for vegetable oils conversion to 
diesel and jet fuels. The steady-state performance of the catalyst was studied after 
200 h on stream rather than its initial activity. The authors reported three-stage pro-
cesses to produce drop-in diesel and jet fuel. This stage followed are fractionation, 
mild hydrocracking on Ni2P/HY catalyst followed by isomerization on 0.5%Pt/
Al2O3/SAPO-11. The fractionation 42–48 wt% of jet fuel with >12% aromatics was 
obtained with C14–16% monoaromatic and >60% iso-paraffinic compounds.

Hancsók et al. [84] studied the oleic acid hydroisomerization over 0.5 wt% Pt/
SAPO-11 in detail and found that the addition of a small amount of oxygenic com-
pounds (0.06–0.5%) yielded high isomer concentration in products. Further the 
decrease in the catalytic activity was due to structure collapse as a result of water 
formation during conversion. In a similar study the catalyst was found active for the 
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isomerization of pre-hydrogenated sunflower oils [85]. Under optimum conditions 
the yield of biogas oils was >88% with i-/n-paraffins ratio of 3.2–6.8.

Pérez et al. [86] studied hydroisomerization of palm oil over Pt/SAPO-11. Before 
applying palm oil to isomerization its desoxygenated was produced over the sul-
phided NiMo/Al2O3 catalyst. Under optimum conditions 71% of iso-desoxygenated 
palm oil (i-HDO) and 29% of HDO were reported which possessed cetane index 
of 92.4.

Liu et al. [87] varied the structure-directing agent (SDA) to prepare nano-sized 
SAPO-11. The SDA used in synthesis are di-n-propylamine (DPA) mixed with 
n-tetradecanoamine–n-propanol–H2O medium. Ni/SAPO-11 was tested for hydro-
deoxygenation (HDO) of palm oil. Due to large surface of nano-sized SAPO-11, 
high yield (80%) of liquid hydrocarbons with 80% isomerization selectivity was 
reported. The same group reported that Ni dispersion on SAPO-11 blocks some of 
the pores [88]. Also the weak and moderate acidic sites on SAPO-11 are primary 
reasons for good catalytic activity. Different pathways like hydrodeoxygenation and 
decarbonylation via the corresponding carboxylic acid intermediates are active on 
catalyst and the distribution of liquid alkanes depends on it.

Verma et al. [89] studied hydroconversion of non-edible jatropha oil over Ni-W 
catalyst supported over sulphided NiMo and NiW SAPO-11. About 84 wt% of liq-
uid hydrocarbon with about 40% diesel and about 40% aviation kerosene was 
obtained. The variation of Si content in a catalyst did not alter the conversion and 
product distribution.

Kasza et al. [90] studied the application of 0.4 wt%Pt/SAPO-11 in the isomeriza-
tion of rapeseed oil (C12–C20 paraffin). Under optimum conditions T = 623 K, LHSV 
1.0–1.5 h−1 high amount of branched products were obtained. Liquid yield of >90% 
iso-paraffin was reported.

Zhao et al. [91] studied bifunctional Ni2P/SAPO-11 for the hydroconversion of 
methyl laurate. Methyl laurate was reported to have nearly 100% conversion with 
the highest total selectivity to iso-undecane and iso-dodecane 36.9%. However, the 
catalyst deactivated after 10 h of time on stream. The carbon deposits during the 
course of reaction led to the deactivation.

Chen et  al. [92] studied the same reaction on non-sulfide and sulfide NiMo/
SAPO-11, reduced NiO/SAPO-11 and MoO3/SAPO-11. On non-sulfide NiMo/
SAPO-11 at 648 K, almost 100% conversion was achieved. The selectivity of isom-
erized products decreased with an increase in reaction temperature. The high activ-
ity of the catalyst was attributed to active metal phase Mo4+ and Mo5+.

Gong et al. [93] studied the effect of active metal (Pd, Ni, Ru, Pt) on SAPO-11 
for the isomerization of hydrodeoxygenated jatropha oil. The catalytic activity of 
catalysts decreased in the order of Pt/SAPO-11 > Pd/SAPO-11 > Ni/SAPO-11 > Ru/
SAPO-11, which might be attributable to the difference of hydrogenation–dehydro-
genation activity of these metals. Pt/SAPO-11 catalyst showed high yield of 79.4% 
toward iso-C10–18 which might be due to appropriate acidic sites present on the cata-
lyst. The increase in temperature favored multi-branched isomer formation from 
mono-branched isomers.
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Zhang et al. [94] studied the size and acidity of pore in SAPO-11 by introducing 
surfactant cetyltrimethylammonium bromide (CTAB), nonionic copolymer 
poly(ethyleneoxide) block poly(propylene oxide)-block-poly(ethylene oxide) 
(F127), and both in synthesis. 0.5 wt% Pt/SAPO-11 (synthesized with CTAB+F127) 
was studied for 86.9% with 97.2% selectivity toward C8isomers. The increase in 
isomerization yield was due to large pores formed in SAPO-11 (synthesized in pres-
ence of both CTAB and F127) which resists cracking of di-branched products and 
reduces probability of coke formation.

3.2.3  Studies over SAPO-5

Katikaneni et al. [95] studied the performance of aluminophosphate molecular sieve 
catalysts for the production of hydrocarbons from wood-derived and vegetable oils. 
The reaction was carried out over temperature range of 330–410 °C, with WHSV of 
3.6  h-1. SAPO-5 and SAPO-11 showed highest selectivity toward the aromatic 
hydrocarbons compared to MgAPO-36. Both the SAPO catalysts were highly selec-
tive for benzene formation. SAPO-5 in particular was selective for ethylene and 
propylene, SAPO-11 for propylene and MgAPO-36 for iso-butane.

3.3  Fuels from CO2

Increasing CO2concentration causes global rise in atmospheric temperature, ocean 
acidification, and climate change. Hence the scientific community is making efforts 
for CO2 utilization [96]. There are two main reaction paths for the CO2 hydrogena-
tion to lower olefins: (1) a two-step process, with initial reduction of CO2 to CO via 
the reverse water gas shift (RWGS) reaction followed by the conversion of CO to 
lower olefins via a Fischer-Tropsch; (2) lower olefins production from CO2 and H2 
by two consecutive processes, viz., methanol synthesis and methanol-to-olefin 
(MTO) reaction [97, 98]. The use of a bifunctional catalyst (i.e., metal oxides/zeo-
lites) for CO2 conversion to light olefins is a promising approach to tackle CO2 
emissions [99, 100]. Ramirez et al. [99] have reported the synthesis of coated sul-
fated zirconia/SAPO-34 (ZrS/SAPO-34) for the direct conversion of CO2 to light 
olefins. SAPO-34 causes light olefin selectivity, while ZrS layer allows the cracking 
of C5

+ heavy hydrocarbons. Similarly, Li et al. [100] developed bifunctional ZnO- 
Y2O3 oxide and SAPO-34 zeolite, which catalyzes the selective hydrogenation of 
CO2 to light olefins with a selectivity of 83.9% and conversion of 27.6% at 
390 °C. Several other composite catalysts such as In2O3-ZnZrOx/SAPO-34 [101], 
CuO-ZnO)-kaolin/SAPO-34 [102], ZnGa2O4, and SAPO-34 [103], ZnO-ZrO2 and 
SAPO-34 [104] have been reported in CO2 to hydrocarbons conversion with high 
light olefin selectivity.
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Not only SAPO-34 but SAPO-5 has also been explored for CO2conversion to 
fuels. Zhu et  al. [105] prepared 2-dimensional SAPO-5 nanosheets (3.0  nm in 
thickness) and applied for photocatalytic reduction of CO2 into CH4. The nanosheets 
showed high CO2 absorption capacity of 12.9 cm3g−1 with 8.6 μLg−1 h−1 as rate of 
production of CH4. The research can be a milestone considering the high 
global warming potential of CO2.

4  Conclusion

Silicoaluminophosphates analogous to zeolites have exhibited paramount applica-
tions in petrochemical industries. Their framework can be tailored to unique pore 
apertures and acidity according to need. Three-dimensional small pores with 8-ring 
channels having a pore diameter of 0.38 nm, in SAPO-34, serve excellent selectivity 
for C2–C4 alkenes in MTO reactions. The hydrocarbon pool mechanism coupled 
with methyl benzene (MB route) describes the underlying chemistry in MTO reac-
tions. The olefin conversion and lower olefin selectivity are chiefly controlled by the 
combined effect of surface acidity and pore size diameter of the catalyst. 
Consequently, selectivity for C2–C4 alkenes follows the trend as small-pore 
SAPO34  >  medium-pore SAPO-11  >  large-pore SAPO-5. Active metal loading 
such as Mg, Zn, Ni, and hierarchical mesoporosity over these systems extends their 
application in trans-esterification and platform chemical synthesis. The use of 
bifunctional catalysts like ZrS/SAPO-34, In2O3-ZnZrOx/SAPO-34, etc., have been 
successfully employed in selective hydrogenation of CO2 to light olefins, serving 
the dual purpose of checking greenhouse emission and clean fuel production. 
SAPO-5 is mainly utilized in hydrocarbon isomerization reactions. The absence of 
very strong acidity makes it good candidate in hydroisomerization reactions. 
SAPO-11 on other hand possesses potential to be industrial catalyst, most of the 
vegetable oil/ biomass conversions are successfully studied over it. They possess 
optimum acidity and active sites for biomass conversion.
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Abstract This chapter is a description of methodologies for the conversion of car-
bon dioxide to products of value using catalytic processes. Accumulation of carbon 
dioxide in the atmosphere is a major problem and an optimal solution is to capture 
and convert it to useful products. In this chapter, first, the climate challenges due to 
increasing carbon dioxide emissions, the earth’s carbon cycle, sources of carbon 
dioxide emissions and carbon dioxide capture are discussed. Second, carbon diox-
ide utilization processes such as enhanced oil recovery, and conversion methodolo-
gies including photo-conversion, bio-conversion and catalytic conversion processes 
are discussed. Third, the importance of scale for carbon dioxide utilization is dis-
cussed, and the catalytic conversion pathway is identified as a potential route for 
utilization in large scales. Wet and gas phase aerosol synthesis methods for catalysts 
are discussed followed by characterization methods. And finally, a futuristic appli-
cation on the potential for utilization of carbon dioxide via reforming processes on 
Mars is presented.

Keywords Carbon cycle · CO2 emission · CO2 capture · CO2 conversion · CO2 
reforming in space · Aerosol catalysts

1  Introduction

Carbon dioxide (CO2) in the atmosphere is receiving significant attention lately, 
primarily due to increasing levels in the atmosphere and its impact on global climate 
change. Anthropogenic sources are a major contributor, and approaches to prevent 
the release should be explored and implemented. Due to the continued dependence 
on fossil fuels, a very large volume is released to the atmosphere. While 
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sequestration by burying in sub-surface environments is being explored, a better 
alternative would be to convert the carbon dioxide to value added materials. In the-
ory, carbon dioxide (CO2) can be converted into several chemicals and fuels. 
However, the relative unreactivity and very low Gibbs energy of carbon dioxide 
makes it energetically unfavourable to convert CO2 into fuel and chemical products 
of higher value. The large volumes of CO2 emitted also pose a challenge at doing 
this at the scales to be dealt with. However, the need to reduce CO2emissions to the 
atmosphere demands that CO2 be treated as a commodity chemical instead of a 
waste. This perspective will transform CO2 into an asset as it is considered a pri-
mary feedstock to the chemical industry. This chapter provides a background and 
challenges associated with this proposition. As human exploration of other planets 
and outer space continues, we also propose the utilization of carbon dioxide by 
reforming on extra- terrestrial planets, especially Mars.

1.1  Climate Challenges with CO2

In 2018, the globally averaged carbon dioxide (CO2) concentration at the earth sur-
face was 407.4 ppm which is a 46% increase of CO2 levels since pre-industrial times 
[1]. Over the past decade, CO2 concentration in the atmosphere increased at the rate 
of 2 ppm/year, resulting in serious global threats to human life and the environ-
ment—global warming and the concomitant effects of climate change [2, 3]. The 
International Energy Agency’s (IEA), global energy and CO2 status report indicates 
that there has been a 1 °C increase in global average annual surface temperature 
above pre-industrial levels [4].

The emissions of CO2 influence the climate causing global warming via the 
greenhouse effect. The greenhouse effect is the trapping of solar radiation in the 
earth’s atmosphere as heat by greenhouse gases. Solar radiation, with wavelengths 
ranging from 0.3 to 5 μm, incident on earth surface is radiated back into space dur-
ing the night with wavelengths at the infra-red region. The natural frequency of the 
bonds of the greenhouse gases is within the infra-red frequency of the re-radiated 
energy, thereby causing resonance in the greenhouse gas molecules. The increased 
vibration due to resonance heats up the greenhouse gas molecules. Furthermore, the 
heat is transferred to other gases in the atmosphere, effectively trapping the re- 
radiated energy as heat in the atmosphere [5].

Major greenhouse gases in the atmosphere include CO2, water (H2O) vapour, 
methane (CH4), dinitrogen oxide (N2O) and chlorinated hydrocarbons. Water vapour 
has been shown to be a more effective greenhouse gas than CO2, and its concentra-
tion in the atmosphere is orders of magnitude higher than carbon dioxide. However, 
the concentration of water vapour is controlled by temperature. An increase in CO2 
in the atmosphere will increase the atmosphere’s temperature slightly which is 
enough to increase the concentration of water vapour in the atmosphere by evapora-
tion from the oceans. It is this feedback mechanism that has the greatest influence 
on global temperature. In a sense, paradoxically, the concentration of CO2 acts as a 
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regulator for water vapour in the atmosphere and is thus the determining factor in 
the equilibrium temperature of the earth and therefore global warming [5].

The gradual increase in the overall temperature of the atmosphere (global warm-
ing) has led to the following changes in the earth’s climate conditions [6]:

• Increase in temperature of the upper layers of the oceans.
• Increase in sea levels.
• Decrease in oxygen (O2) concentration in the oceans.
• Increased acidification of surface waters.
• Increased loss of ice from glaciers.
• Increased incidence of extreme weather and climate events such as heat waves, 

flooding, storms.

All these observations and trends emphasize the need to deal with the carbon 
dioxide being emitted into the atmosphere. We need to understand the earth’s car-
bon cycle and carbon dioxide emission sources. Although eliminating anthropo-
genic sources of CO2 emissions by eliminating fossil fuel usage is the best alternative, 
by all practical estimations the transition to renewable sources of energy will take at 
least a decade. The carbon cycle and CO2 emission sources are subsequently 
discussed.

1.2  Carbon Cycle on Earth

The global carbon cycle can be viewed as a series of reservoirs of carbon in the earth 
system, which are connected by exchange fluxes of carbon [3]. Figure 1 shows the 
global carbon cycle in the earth system. The earth system consists of three reser-
voirs: ocean, land, and atmosphere. CO2 is the dominant carbon species in the atmo-
sphere. On the land reservoir, carbon is found as organic compounds in vegetation, 
dead organic matter in soils and fossil fuel reserves in the subsurface. In the ocean, 
carbon occurs predominantly as dissolved inorganic carbon, dissolved organic car-
bon and in ocean floor sediments. The marine biota, predominantly phytoplankton, 
and other microorganisms represent a small organic carbon pool. Carbon is trans-
ferred from one reservoir to another through carbon fluxes denoted by arrows 
in Fig. 1.

Carbon fluxes between the atmosphere and the ocean surface (ocean atmosphere 
gas exchange) arise by the partial CO2 pressure difference between the air and the 
sea while carbon fluxes between the atmosphere and land are mainly due to photo-
synthesis, respiration, and in the industrial era, fossil fuel combustion and net land 
use change.

Figure 1 clearly shows that before the industrial era, the carbon fluxes between 
the atmosphere and the other reservoirs (land and ocean) were essentially in balance 
such that on the average carbon dioxide concentration in the atmosphere was steady. 
Before the industrial era, the carbon fluxes were only by natural processes. In the 
industrial era, new sources of CO2 emission (fossil fuel combustion and net land use 
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change) are introduced into the global carbon cycle with no corresponding new CO2 
removal process, leading to a disruption in the pre-existing balance in the global 
carbon cycle. This disruption leads to the transfer of carbon stocks from the land 
reservoir to the atmosphere and ocean.

Therefore, the additional CO2flux into the atmosphere in the industrial era (fossil 
fuel combustion, net land use change) has led to increases in the natural CO2 fluxes 
(respiration, photosynthesis, and ocean gas exchanges), and subsequently, the accu-
mulation of carbon in the atmosphere and the oceans, and the depletion of carbon in 
land as depicted in Fig. 1.

1.3  Sources of CO2 Emissions

CO2emissions come from natural and anthropogenic sources as shown in Fig. 1. 
Natural sources of CO2 emissions total about 726 Gt/year include mainly respiration 
from vegetation (59.9%) and ocean outgassing (40%). Other natural sources of CO2 
emissions which account for about 0.1% emissions include volcanic eruptions, for-
est fires and decomposition of organic matter [3]. Anthropogenic sources of carbon 

Fig. 1 Illustration of the global carbon cycle with numbers representing reservoir mass or carbon 
stock, in GtC and annual carbon exchange fluxes (in GtC/year). Reservoir mass and fluxes are 
denoted by boxes and arrows, respectively. Black numbers denote pre-industrial era reservoir mass 
and fluxes. Red numbers in the reservoirs denote cumulative changes of anthropogenic carbon over 
the Industrial Period 1750–2011. Red numbers for the fluxes denote average annual anthropogenic 
fluxes over the period 2000–2009. CO2 is the dominant carbon species in the atmosphere. (1GtC 
equivalent to 3.67 Gt CO2). Data obtained from Ciais et al. [3]
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dioxide emissions, which have become significant from the industrial times, total 
about 33 Gt/year with contributions from fossil fuel (coal, oil, natural gas) combus-
tion (88%) and net land use change—including deforestation (12%) [3]. Therefore, 
CO2 emissions from natural and anthropogenic sources sum up to about 759 Gt/year.

Natural processes remove CO2 from the atmosphere at a rate of about 745 Gt/
year include photosynthesis (60%), dissolution of CO2 in oceans (39%) and rock 
weathering (1%) [3]. Presently, no anthropogenic process significantly removes 
CO2 from the atmosphere. Consequently, CO2 accumulates in the atmosphere at the 
rate of 14 Gt CO2/year due to the current imbalance between CO2 emission and 
removal rates. This accumulation of CO2 has been linked to anthropogenic CO2 
emissions (mainly fossil fuel combustion) as before pre-industrial times the carbon 
dioxide emission and removal processes were in balance [2, 3, 7].

Amongst the anthropogenic sources, industrial point sources utilizing fossil fuels 
contribute 36%, transportation sector 25%, buildings 27% and other sources 12% of 
the total CO2 emissions [8]. Industrial point sources emit significant amounts of 
carbon dioxide at individual emission points unlike highly distributed emissions 
obtained in transport and building. Table 1 provides a summary listing these indus-
trial point sources and their characteristics. Power plants and various industries pro-
duce CO2 streams with different compositions ranging from a few percent to over 
99%. Natural gas processing, ammonia, hydrogen and ethanol production give the 
highest concentrations of carbon dioxide while conventional power plants yield the 
least concentrations of CO2 [9].

As shown in Table 1, carbon dioxide is typically emitted in association with other 
gases. Even in the air, carbon dioxide is in mixture with oxygen, nitrogen and water 
vapour. These other gases are undesirable in the CO2 utilization processes as they 
often act as a diluent. Hence approaches for CO2 capture to increase its concentra-
tion in flow streams need to be explored.

1.4  Carbon Dioxide Capture

Carbon dioxide capture is a terminology used to describe processes that not only 
trap but also increase the concentration by separation from other gases in the mix-
ture. Thus, a stream of carbon dioxide with high enough concentration is produced 
so that effective utilization or conversion processes can be used. Carbon dioxide 
presently can be captured at scale from air and other industrial point sources.

1.4.1  Direct CO2 Capture from Air

In 2018, carbon dioxide concentration in the atmosphere was determined to be 
407.4 ppm. Plants have successfully captured carbon dioxide from air via photosyn-
thesis. Photosynthesis currently account for the capture and conversion of about 
450  Gt CO2/year. However, CO2 capture by natural photosynthesis requires 
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Table 1 Characteristics of industrial CO2streams [9]

Industrial CO2 
source CO2 content (%) Process unit Flue gas component

US CO2 
emissiona 
(MMT/
year)

Petroleum 
power plant

3–8 Furnace CO2, NOx, SOx, O2, 
N2, H2O

20

Natural gas 
power plant

3–5 Gas turbine CO2, NOx, SOx, O2, 
N2, H2O

589

Coal power 
plant

10–15 Steam boiler furnace CO2, NOx, SOx, 
CO, O2, N2, Hg, As, 
Se

1151

Cement 
production

30
14–33

Precalciner
High T Kiln 
(calcination)

CO2, H2O, N2, HC, 
volatiles (K2O, 
Na2O, S, Cl)

65

Petroleum 
refineries

8–10
3–5
10–20
30–45, 98–100

Process heaters
Utilities (steam, 
electricity)
Fluid catalytic cracker 
(FCC regenerator)
H2 purification

Depends on fuel 
used
Depends on fuel 
used
O2, CO2, H2O, N2, 
CO, NOx, SOx

CO2, H2, CO, CH4

54

Iron and steel 
manufacturing

20–27
16–42

Blast furnace (high 
CO2 if BFG is burned)
Basic O2 furnace (high 
CO2 from burning 
BOF gas)

H2, N2, CO, CO2, 
H2S
H2, N2, CO, CO2, 
H2S

29

Ethylene 
production

7–12 Steam cracking H2O, N2, CO, CO2, 
NOx, SOx, O2

18.8

Ethylene oxide 
production

~30, 98–100 Absorption unit to 
purify EO (lower end 
is air oxidation; higher 
end is O2 oxidation)

Mainly CO2, H2O, 
N2, CH4, EO

2.6b

Ammonia 
production

98–100 H2 purification CO2, H2, CH4 21

Natural gas 
processing

96–99% Acid gas removal/CO2 
absorption (low P 
striper)

96–99% CO2, 
1–4% CHx (mainly 
methane), H2O, N2

16

Hydrogen 
production

30–45, 98–100 
(15–20% in 
stream before 
purification)

H2 purification (lower 
end is PSA; higher 
end is CO2 specific 
separation)

CO2, H2, CO, CH4

After 
chemisorption 
100% CO2

44

Ethanol 
production

98–99 Fermentation CO2, ethanol, 
methanol, H2S, 
acetaldehyde, ethyl 
acetate

40.1

aData obtained from US GHGRP 2018 FLIGHT database. Process emissions reported for all 
industry except for the power plants
bEthylene oxide (EO) US CO2 emission was estimated using an emission factor of 0.88 kg CO2/kg 
EO [10]; and the American Chemistry Council estimate of 2.92 MMT US EO production in 
2018 [11]

O. Okonkwo and P. Biswas



533

afforestation/reforestation. Natural photosynthesis is a very slow process and affor-
estation/ reforestation requires conversion of large land mass to forests.

Absorption of CO2 in alkaline-based solutions such as sodium hydroxide solu-
tions has been proposed and investigated for direct air capture of CO2. The process 
involves contacting of air with a sodium hydroxide solution in a tower. The CO2 is 
absorbed in the sodium hydroxide solution and is converted to sodium carbonate. 
The sodium carbonate is regenerated in a closed loop process and converted again 
into sodium hydroxide, via the causticization process using lime. The CO2 evolved 
in the regeneration process is the captured CO2 from the atmosphere [12, 13].

While this is thermodynamically feasible, the low concentrations in the atmo-
sphere make it impractical for large-scale use.

1.4.2  CO2 Capture from Industrial Point Sources

Industrial process emissions, on the other hand, have high carbon dioxide concentra-
tions (ethanol production, natural gas processing, ethylene oxide production), and it 
can be utilized directly. Depending on the composition of CO2 in the exhaust stream, 
CO2 capture may require the use of conventional separation processes such as absorp-
tion and adsorption for the capture of carbon dioxide. Most carbon dioxide emissions 
from industrial sources are from power plants and therefore significant efforts have 
been expended in carbon dioxide capture from power plants. The main processes for 
CO2 capture from power plants include pre-combustion capture processes, post-com-
bustion capture processes and oxy-combustion capture processes [14].

Pre-combustion CO2capture involves the conversion of fuels (gasification of coal, 
reforming of natural gas and liquid fuels) into synthesis gas and further conversion 
of synthesis gas into hydrogen via the water gas shift reaction. The CO2 separated 
from the H2 is the captured CO2, while the H2 is combusted for provide power. Post-
combustion capture processes involve the separation of CO2 from the exhaust gases 
in a conventional fossil fuel power plant. Oxy-combustion capture process involves 
the combustion of fuels with high-purity oxygen instead of air to provide an exhaust 
gas with high-purity carbon dioxide which can be easily separated.

Carbon dioxide capture results in the production of a highly concentrated CO2 
stream. In the next section, we explore various utilization options for captured CO2.

2  Carbon Dioxide Utilization

Captured carbon dioxide can be either sequestered or utilised. Carbon sequestration 
involves the long-term storage of captured CO2 in suitable underground rock forma-
tions. While appropriate choice of injection areas will ensure the safety of the 
sequestration process, it is associated with inherent risks. Furthermore, it represents 
the conventional method of treating by-products as waste, and no economic gains 
result from such processes. Carbon dioxide utilization on the other hand describes 
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processes that transform carbon dioxide from an energy or industrial sector by- 
product to a useful commodity. When compared to capture and sequestration, CO2 
utilization for chemical synthesis presents several benefits beyond the reduction of 
emissions. These benefits include the recycle of CO2 as a feedstock for synthesis, 
the reduction in the depletion of fossil fuels, possible reduction in other environ-
mental impact categories (eutrophication, terrestrial acidification, photochemical 
oxidant formation, particulate matter formation) for the process, and increased prof-
itability from synthesised products [15, 16]. Several processes are presently avail-
able for the utilization of captured carbon dioxide.

2.1  Enhanced Oil Recovery

Captured CO2 is compressed and injected into depleted oil and gas reservoirs where 
they facilitate the recovery of residual oil and gas by providing the driving force for 
oil and gas recovery. The carbon dioxide displaces the hydrocarbons from the reser-
voir, and the CO2 is safely sequestered in the reservoir. Carbon dioxide has been 
used for enhanced oil recovery for many decades, and several large-scale EOR proj-
ects are in operation in North America [14].

2.2  Photo-Catalytic Conversion of CO2

This process is also referred to as artificial photosynthesis as it has similarities with 
natural photosynthesis in plants as it is based on using solar energy to reduce CO2 
into various chemical products and fuels. Photocatalytic CO2conversion makes use 
of semi-conductors to promote reactions in the presence of light irradiation. 
Photocatalytic materials that have been explored as catalysts include metal oxides 
and metal organic frameworks (MOF). The basic process can be summarized into 
three steps: (1) generation of charge carriers (electron–hole pairs) upon absorption 
of photons with suitable energy from light irradiation, (2) charge carrier separation 
and transportation, (3) chemical reactions between surface species and charge car-
riers. Photo-catalytic conversion of CO2 has been shown to yield hydrocarbons such 
methane, synthesis gas, formaldehyde, formic acid and methanol [17, 18].

2.3  Bio-conversion of CO2

These processes involve the use of micro-organisms such as algae to convert CO2 
into biofuels. Algae require CO2 to grow and many algae species produce oil and 
other bio-refinable products which can be used as bio-fuels. In algae, the fixation of 
CO2 occurs due to two separate reaction steps. In the light-dependent set of 
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reactions, photoexcited electrons are used to reduce the coenzyme NADP+ to 
NADPH as well as create the high-energy molecule ATP. In the second set of reac-
tions, called the light-independent reactions, these reduced molecules are used to 
convert CO2 to organic compounds that can then be used by algae as a source of 
energy. The oils produced by algae which are used for biofuel production contain 
the carbon that was fixed in the Calvin cycle. [17].

2.4  Catalytic Conversion of CO2

Synthesis routes involving CO2 have been developed for the catalytic conversion to 
methanol, methane, formaldehyde, formic acid, synthesis gas and polymers [16]. In 
general, these processes involve the reduction of carbon dioxide at high tempera-
tures over a catalyst. The catalytic conversion mainly involves the conversion into 
polymers and reduction of carbon dioxide into higher valued products or intermedi-
ate (synthesis gas) using hydrogen or methane. Carbon dioxide reduction to synthe-
sis gas or other higher valued products are energy-intensive processes due to the 
very low energy content and stable nature of CO2. A significant amount of energy is 
required to activate carbon dioxide for subsequent reaction. The intermediate, syn-
thesis gas is further used for the synthesis of commodity or fine chemicals. Major 
routes for CO2 catalytic conversion involve the hydrogenation of CO2 and the 
reforming of methane with CO2.

Carbon dioxide utilization by conversion into chemicals and fuels has immense 
potential to transform CO2 into an important feedstock for the chemical industry. 
However, this can only be realised if these processes can be implemented in large 
industrial scales.

3  Importance of Scale for CO2 Sources and Conversion

Sources of CO2 include point sources from industrial processes, and distributed 
sources such as from the transportation sector and agriculture. Distributed sources 
of carbon dioxide do not provide a continuous, high-volume and reliable supply of 
carbon dioxide and are not effective sources for large-scale CO2 utilization projects. 
Even though the atmosphere is ubiquitous and free, the concentration of CO2 in the 
atmosphere is very low (400 ppm) which significantly increases the cost and energy 
penalty associated with CO2 capture to obtain concentrated streams. Pilot plant 
studies have shown that the cost of CO2 capture from atmospheric air can range 
from USD94 to USD232 per ton [19]. Industrial sources of CO2 provide reliable 
supply of CO2 at much lower cost (USD14 to USD51 per ton) depending on stream 
purity [9]. The focus of the rest of this section is therefore on the utilization of CO2 
captured from industrial point sources.
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The carbon dioxide utilization technologies that will have an impact by reducing 
emissions must be done at large scale. A large-scale implementation of CO2 utiliza-
tion technologies is necessary because current anthropogenic emissions are at the 
giga ton scale and it enables the leverage of economies of scale. Table 1 shows the 
emission rate of CO2 from various industrial sources in the United States. 
Requirements for economical large-scale implementation of CO2utilization to miti-
gate carbon dioxide emissions include

• High reaction rates and CO2 conversion efficiencies
• Net reduction in CO2 emitted when compared to conventional processes
• Low cost of operation
• High demand for product
• Low-cost and reliable supply of carbon dioxide

High reaction rates and CO2 conversion efficiencies are required for reasonable 
sizes of an industrial-scale plant and to reduce energy requirement for separation 
and recycle of unreacted reactants. To achieve a net reduction in CO2 emissions, the 
utilization process should emit less CO2 per unit of product when compared to the 
conventional process. Low cost of operation for CO2 utilization processes is essen-
tial to ensure the cost of products is comparable to that of the conventional process. 
For economic justification of high production rates, typically obtained in industrial 
scales, there should be at least an equivalently high demand for the product. A low- 
cost and reliable supply of carbon dioxide is necessary for CO2 utilization processes 
to ensure high on-stream time for the process at industrial scales.

Photocatalytic conversion of CO2 avoids the energy penalty associated with 
high-temperature catalytic conversion processes, but studies have shown that it is 
highly kinetically limited with very low photoconversion efficiencies [17, 20–25]. 
This severely limits the effectiveness of photo-catalytic processes as high reaction 
rates are required for reasonable sizes for an industrial plant.

Although conversion rates for algae-based processes are marginally more than 
photocatalytic processes, they are still very low and their cost of operation can be 
very high. A lot of space and water resources are required to get optimal perfor-
mance, and frequent tank cleaning will be required to ensure light penetration. Also, 
algae systems are less robust requiring a narrow range of operating conditions for 
optimal performance and usually produce a mixture of various products which can 
add complexity to downstream separations processes [17].

A major route for the catalytic conversion is the hydrogenation of CO2 to pro-
duce fuels and chemical products such as methanol, methane, formaldehyde, formic 
acid and others [26, 27]. However, hydrogen production via electrolysis or reform-
ing processes is highly energy intensive and can impact negatively on hydrogena-
tion processes [28, 29]. For example, the CAMERE process has not been 
commercialized despite its development in 1999 and its successful pilot-scale dem-
onstration (100 kg methanol/day) in 2004 [30, 31]. In the CAMERE process, CO2 
is hydrogenated in two steps to produce methanol. In the first reactor, CO2 and H2 
are converted to CO via the reverse water gas shift reaction using a zinc aluminate- 
based catalyst at about 60% conversion per pass. By-product water is separated and 
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the mixture of CO, H2 and unreacted CO2 is sent to the methanol reactor where 
methanol is produced over a Cu/ZnO/ZrO2/Ga2O3 catalyst.

Generally, hydrogenation of CO2 requires the use of renewable energy for hydro-
gen production to ensure that the overall process results in a net reduction of carbon 
dioxide when compared to conventional fossil energy–driven processes. For exam-
ple, the George Olah renewable methanol plant in Iceland is the first commercial- 
scale CO2 hydrogenation plant to methanol with a capacity of about 4000 tons/year 
of methanol [16]. The process uses industrial CO2 streams and hydrogen which is 
generated by electrolysis of water. This process is feasible only in Iceland due to the 
availability of cheap renewable Icelandic geothermal power [16, 32]. Opportunities 
also exist for hydrogenation of CO2 in scale when waste hydrogen from the chlor- 
alkali industry is used [33].

Industrial-scale CO2incorporation into polymers has been achieved. The Asahi 
kasei process [34, 35] incorporates CO2 into bisphenol A polycarbonate product in 
three steps. In the first step, CO2 reacts with ethylene oxide to produce ethylene 
carbonate. Ethylene carbonate is subsequently reacted with methanol to produce 
dimethyl carbonate and ethylene glycol. In the third step, dimethyl carbonate is 
reacted with phenol to produce diphenyl carbonate. In a final polymerisation step, 
bisphenol A polycarbonate is produced by the reaction of bisphenol A and diphenyl 
carbonate. A 50,000 ton/year polycarbonate plant based on the Asahi Kasei process 
has been successfully constructed and commissioned in Taiwan since June 2002.

Another major route for the catalytic conversion of CO2 is by the reforming of 
methane with carbon dioxide to produce synthesis gas (a mixture of H2 and CO). 
Reforming processes involving CO2 include dry reforming and tri-reforming. The 
reaction of methane and carbon dioxide is called dry reforming of methane. When 
steam and oxygen are added to dry reforming, it is termed tri-reforming. Methane 
as a raw material is readily sourced from natural gas, bio-gas and land fill gas, and 
is relatively inexpensive. Synthesis gas is an intermediate which is utilized in sev-
eral downstream processes depending on its CO to H2 ratio [36]. Catalyst stability 
due to coking remains a persistent challenge for dry reforming but tri-reforming 
minimizes the incidence of coking, making tri-reforming a more practical conver-
sion process at scale [37].

Direct reduction of CO2 with CH4 into a variety of gaseous and liquid products 
via plasma-catalysis has been reported recently [38]. However, this process is still 
under development in the lab scale and energy requirement for maintaining a plasma 
may be prohibitive for large-scale implementation of this process.

Among the different approaches for CO2 conversion into products of value, cata-
lytic conversion has the potential for implementation at scale. Compared to hydro-
genation processes that rely on relatively expensive hydrogen, reforming processes 
with CO2 have better prospects for industrial-scale implementation. Generally, 
reforming processes require three major steps for CO2 conversion into high value 
products: carbon dioxide capture, reforming, and synthesis gas conversion as shown 
in Fig. 2.

Carbon dioxide capture has been discussed in Sect. 1.4. Captured CO2 is mixed 
with compressed methane, preheated, and sent to the CO2 reformer where reforming 
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reactions occur. Reactions that occur in CO2reforming processes are shown in 
Table 2 [39]. In the overall sense, the reforming reaction is highly endothermic and 
subsequently reforming is implemented at high temperatures (800–1000  °C) to 
attain high conversions of CO2 and CH4. Also, high temperatures are required to 
minimize coking [39]. Although the reforming reactions are more efficient at lower 
pressures, reforming is typically implemented at intermediate pressures to optimize 
the compression power required to compress synthesis gas for the downstream syn-
thesis gas conversion process. The synthesis gas effluent is cooled, and water is 
separated by condensation. The synthesis gas is subsequently compressed and sent 
for further conversion to higher value products. Synthesis gas conversion processes 
include methanol synthesis for the production of methanol, Fischer-Tropsch synthe-
sis for the production of liquid fuels, hydroformylation with olefins for the produc-
tion of aldehydes and alcohols, isosynthesis for the production of branched 
hydrocarbons predominantly isobutane and isobutene, and Syngas to olefins (STO) 
for the production of C2–C4 olefins [36].

Large-scale application of the reforming process with CO2 has been imple-
mented. Linde AG has developed a licenced technology, Dryref™, which is based 
on reforming methane with CO2 and steam after commercial demonstration of the 
process in an industrial-scale syngas plant with full product utilization in 2018. T2C 
Energy has developed a proprietary process, TriFTS™, to convert landfill gas to 
liquid fuels via tri-reforming of landfill gas to synthesis gas and subsequent conver-
sion to liquid hydrocarbon fuels via the Fischer-Tropsch synthesis [40]. A demon-
stration unit based on TriFTS™ technology capable of converting 25 scfm (1000 m3/
day) of crude biogas into diesel fuel has been built in Florida in 2018.

CO2 reforming reactions are gas phase reactions promoted by heterogeneous 
catalysts. The nature of the catalyst is critical for reforming reactions. The proper-
ties of a catalyst which impact its effectiveness are determined by its synthesis 
method. The next sections will focus on catalyst synthesis, characterization and 
performance.

Fig. 2 Schematic diagram for CO2 conversion into high-value products via reforming processes
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3.1  Synthesis of Catalyst: Importance of Aerosol Routes

Heterogeneous catalysts may be broadly divided into bulk catalysts and supported 
catalysts. Bulk catalysts consist mainly of the active catalytic material (inert binders 
may be added to aid the forming processes) while supported catalysts consists of 
active catalytic materials dispersed on the surface of a support material. Table 3 
shows bulk and supported catalysts used in industry.

Table 2 CO2 Reforming reactions

S/N Reaction ∆H298
a (kJ/mole) Description

1 CH4 + CO2 = 2CO + 2H2 +247 Dry reforming
2 CH4 + H2O = CO + 3H2 +206 Steam reforming
3 CH4 + ½ O2 = CO + 2H2 −36 Partial oxidation
4 CH4 + 2O2 = CO2 + 2H2O −880 Methane combustion
5 CO2 + H2 = CO + H2O +41.1 Reverse water gas shift
6 CH4 = C + 2H2 +75 Methane cracking
7 2CO = C + CO2 −172.4 Boudouard reaction
8 C + H2O = CO + H2 +131.3 Water gas reaction
9 C + O2 = CO2 −393.5 Coke combustion

a∆H298 is the heat of reaction at 298 K

Table 3 Bulk and supported catalyst used in the industry

Industrial processes

Bulk catalyst
Al2O3 Claus process, dehydration of alcohols to olefins and 

ethers
Al2O3/SiO2 Fluid catalytic cracking, acid-catalyzed reactions
Fe-Molybdate Selective oxidation (methanol to formaldehyde)
Bi-Molybdate Selective oxidation (propene to acrolein)
Vanadyl pyrophosphate Selective oxidation (butane to maleic anhydride)
Fe2O3-Cr2O3 High temperature water gas shift
Supported catalyst
Cu/ZnO-Al2O3 Methanol synthesis
Ag/α-Al2O3 Selective oxidation (ethylene to ethylene oxide)
Pt-Re/Al2O3 Catalytic naphtha reforming
Cr2O3/Al2O3 Toulene dehydroalkylation
Pt/Al2O3 Propane dehydrogenation
Ni/Al2O3 Steam methane reforming
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3.1.1  Catalysts Synthesis by Wet Synthesis Methods

Conventionally catalysts are synthesized by wet synthesis methods. These methods 
include precipitation, co-precipitation, impregnation, sol gel, incipient wetness and 
hydrothermal synthesis. The precipitation method of catalyst manufacture involves 
the formation of a new solid phase (catalyst particle precipitate) from a homoge-
neous liquid solution by nucleation and subsequent agglomeration of particles. The 
precursor (usually nitrate salts of the active metal) is dissolved in a solvent (usually 
deionised water) to form a homogeneous solution. The predominant methods 
employed to create supersaturation conditions necessary to form catalyst particle 
precipitates include change in pH by addition of acids or bases, addition of com-
plexing agents and solvent evaporation [41, 42]. The co-precipitation method refers 
to the preparation of multi-component precipitates from a homogeneous solution of 
several precursors. The precipitate obtained can be a single solid compound consist-
ing of the several metallic components in the precursor solution which may be the 
active catalyst or the precursor to the active catalyst which is formed by subsequent 
treatment [41, 42]. Several component precipitates which are highly inter-dispersed 
in a homogeneous solid phase (solid solution) are also formed by co- precipitation [43].

Impregnation involves the deposition of dissolved aqueous precursors on a pre-
formed support by contacting the preformed support and the active component pre-
cursor solution. This can be achieved by immersion of the catalyst support in the 
precursor solution or spraying of the precursor solution onto the catalyst support. 
After some contact time, the support is separated from the precursor solution and 
the excess solvent imbibed by the support is removed by drying. When the volume 
of the precursor solution contacted with the porous support is equal or less than the 
pore volume of the porous support, the catalyst preparation method is called incipi-
ent wetness method [41, 42].

In contrast with the co-precipitation method, which is a discontinuous transfor-
mation, the sol-gel method is a homogeneous process which results in a continuous 
transformation of a precursor solution into a hydrated porous solid structure. The 
sol-gel method is based on the controlled hydrolysis and condensation of typically 
metal alkoxide precursors in an organic medium, usually, by addition of water and 
carefully controlling pH and temperature to form a sol, and subsequent polymerisa-
tion to form a porous solid gel with entrapped solutions of condensation by- products 
(typically water or alcohol) [41, 44–46]. The gel is further treated to obtain the cata-
lytic material.

The hydrothermal synthesis method involves precipitate or gel formation from a 
mixture of dissolved precursors with additives such as structure directing agents at 
elevated temperatures under autogenous pressure in an autoclave for a determined 
time. This method is successful for the synthesis of metal oxides, mixed metal oxide 
and zeolite catalysts [47, 48].

Subsequent treatment steps which may include ageing, filtration, washing, dry-
ing, forming and calcination are implemented to obtain the catalytic material in its 
useful form. These final treatment steps also impact useful characteristics to the 
catalyst. Ageing involves stirring the precipitate or the gel in its mother liquor 
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(precipitating solution) for a fixed time. Ageing impacts the final morphology of the 
catalyst as agglomeration and structural changes occur. The precipitate/gel is fil-
tered to separate it from its precipitating solution and typically washed with deion-
ized water to remove unwanted occluded ions. Subsequently it is dried and formed 
by processes such as palletisation, extrusion or spray drying. And finally, the cata-
lyst is calcined by relatively high temperature treatment. The calcination step 
improves the physical properties of the catalyst and may impact phase transitions to 
desirable catalytic phase.

3.1.2  Catalyst Synthesis by Aerosol Synthesis Methods

In general, the wet synthesis method leads to the synthesis of different types of cata-
lytic materials with desirable properties. However, wet synthesis methods are typi-
cally multi-step, batch processes with significant waste treatment requirements and 
present scale-up challenges for continuous catalyst production at industrial scales. 
The novel catalyst synthesis technique by aerosol processes is an easily scalable, 
continuous, one-step synthesis method for catalyst synthesis [49–51]. Another 
advantage of flame synthesis is the manufacture of nano-sized particles with high- 
purity, well-controlled crystallinity and narrow size distribution [52]. High-purity 
catalysts obtained from flame synthesis technique may minimize waste generation 
in reactors from side reactions. The flame synthesis technique has been shown to 
produce catalysts with well-controlled size, morphology, high dispersion, surface 
area, strong metal support interaction and therefore good catalytic properties [53–
56]. In some cases, flame-made catalysts have been shown to have better catalytic 
performance compared to conventionally synthesized catalysts by wet methods 
[57–60].

The aerosol synthesis method describes synthesis methods to produce solid cata-
lyst particles from droplets of liquid precursor solution. Aerosol synthesis methods 
for catalyst production include flame synthesis and spray pyrolysis. In flame synthe-
sis, the precursor is introduced into a flame while in spray pyrolysis, the precursor 
is introduced as droplets into a controlled high-temperature tubular reactor.

In aerosol synthesis processes catalyst particle formation mechanism can be 
either gas to particle conversion mechanism or droplet to particle conversion mech-
anism. In the gas to particle conversion mechanism, the active component (metal 
oxide) is first formed in the gaseous phase; and subsequently by nucleation, conden-
sation, coagulation and agglomeration, a solid catalyst material is produced. In the 
droplet to particle conversion (intraparticle reaction) mechanism, catalyst particles 
are formed by solvent evaporation, precipitation and thermal decomposition of the 
precursor to form the active component in the solid phase with subsequent coagula-
tion and agglomeration [52]. A schematic diagram showing the particle formation 
process in aerosol processes is shown in Fig. 3.

Flame synthesis is further divided based on the method of introduction of the 
precursor into the flame into vapour-fed flame synthesis and liquid-fed flame syn-
thesis. In vapour-fed flame synthesis, gaseous precursors are fed into typically 
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hydrocarbon, hydrogen and/ halide flames where combustion, decomposition or 
hydrolysis of the precursor takes place to produce the catalytic component in the gas 
phase and subsequent catalyst particle formation is by the gas to particle conversion 
route. In the liquid-fed flame synthesis, precursor liquid is first aerosolized to form 
fine liquid droplets and then introduced into the flame. Depending on whether suf-
ficient energy is available in the flame for complete evaporation of the precursor, 
catalyst particle formation can be either through the gas to particle conversion route 
or the droplet to particle conversion route [49, 52, 61].

The liquid-fed flame synthesis is divided into flame spray pyrolysis (FSP) and 
flame-assisted spray pyrolysis (FASP) depending on whether the liquid precursor 
solution drives the combustion process. In flame spray pyrolysis the precursor is 
dissolved in a combustible solvent and therefore drives the combustion process [49, 
52, 61]. Figure  4 shows different flame aerosol reactors (burner set-up) used in 
flame synthesis. The coflow diffusion flame and the flame spray pyrolysis aerosol 
reactors are easily scalable to industrial scales while the others are limited to labora-
tory scale. The coflow diffusion flame aerosol reactor is typically used for vapour- 
fed flame synthesis while the flame spray pyrolysis is used for liquid-fed flame 
synthesis.

In the flame spary pyrolysis burner, the liquid precursor mixture is delivered 
through the central capillary tube. Oxygen or air used as the dispersion gas is intro-
duced at the annular region around capillary, and it serves to break up the liquid 
precursor mixture into micron size droplets. The sprayed droplets are ignited by 
methane flamelets which serve as pilot flames for stabilizing combustion. In the 
coflow diffusion flame aerosol reactor, the vapourized precursor is introduced at the 
central nozzle while the oxidant (typically O2 or air) and fuel are introduced in the 
annular regions as shown in Fig. 3a. In aerosol reactors, the synthesized catalyst 
morphology and catalytic properties are determined by the residence time of the 
catalyst particles in the flame and the temperature profile of the flame.

Fig. 3 Schematic of particle formation processes in aerosol processes [52]. Reproduced with per-
mission from Elsevier
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Precursor solution composition, flow rate and concentration, fuel and oxidant 
flow rates are process parameters that affect catalyst properties synthesized by flame 
synthesis. These parameters influence the combustion characteristics, temperature 
profile and residence time of the catalyst particles in the flame and therefore deter-
mine the catalyst particle size, crystallinity, crystal phase and morphology which 
impact its catalytic activity. For further details the reader is referred to the following 
papers [51, 61–65]. Table 4 shows various catalysts that have been made by flame 
synthesis.

Catalyst synthesis methods are optimized using feedback from synthesised cata-
lyst characterisation and performance. Catalyst performance is evaluated in a lab- 
scale reactor system while catalysts are characterised using several available 
characterization methods.

3.2  Catalyst Characterization Methods

The three main descriptors for the performance of a catalyst are activity, selectivity 
and stability. Activity refers to the ability of the catalyst to convert feedstock into 
products usually measured in terms of conversion and turn over number or fre-
quency. Selectivity is the ability of the catalyst to give a desired product out of all 
possible product and stability refers to ability of the catalyst to maintain sufficient 
level of activity and selectivity at the reaction conditions with time [73].

Catalysts are characterized to determine bulk, surface and chemical properties of 
the catalyst material which influences the performance of a given catalyst for a reac-
tion [74]. The characterization of catalyst also ensures consistent synthesis of the 

Fig. 4 Burner set-up used in flame synthesis [52]. Reproduced with permission from Elsevier
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desirable catalyst material with identical properties and helps to develop new cata-
lytic materials. Catalyst characterisation can also provide insight into the mecha-
nism of reactions taking place at the catalyst surface [75, 76].

Catalysis is a surface phenomenon. The surface area of a catalyst influences the 
catalyst activity as there are more exposed active sites for the catalytic reaction to 
occur. Surface area of catalyst is characterized typically by N2 physiosorption using 
the BET method. The surface species present on the surface of a catalyst influence 
metal support interactions for supported catalysts and the interaction occurring on 
the catalyst active sites with reactant molecules. These interactions can affect the 
activity, selectivity and stability of the catalyst [77]. Available surface species are 
typically characterised using X-ray photoelectron spectroscopy (XPS). For metal 
supported catalyst, the fraction of metal atoms on the catalyst surface to the total 
metal loaded on the catalyst is the metal dispersion. The exposed metal atoms are 
important for catalysis as catalysis occurs on the surface atoms. The metal disper-
sion is usually obtained by chemisorption methods such as H2 chemisorption.

Well-controlled pore sizes provide the confinement effect which can stabilize 
catalyst against sintering [78, 79] and hence affect catalyst stability. Also, pore size 
distribution in catalysts has been shown to influence selectivity by the shape selec-
tivity effect [80, 81] and metal dispersion [82]. Pore size distribution is typically 
characterized by N2 physisorption using the BJH method. Temperature-programmed 
reduction (TPR) of supported metal catalyst is used to characterize the reduction 
properties of catalyst which is indicative of the strength of the metal support 

Table 4 Examples of catalyst synthesised by flame synthesis technique

Catalyst Reaction Reaction condition Optimal performance

Rh/Al2O3 [66] CH4 steam 
reforming

600 °C, 100 kPa, H2O/
CH4 = 4, GHSV = 60 L 
CH4/gcath

69% CH4 conversion, 
TOF = 22/s

Co3O4/CoAl2O4 
[67]

CO2 reforming of 
methane

700 °C, 1 atm, 
N2:CH4:CO2 = 1:1:1, 
WHSV = 144 L/gcath

83% CH4 conversion, 
H2/CO ratio = 1.1

Cu/ZnO/
Al2O3 + HZSM-5 
[68]

Direct dimethyl 
ether (DME) 
synthesis

260 °C, 40 bar, 
H2:CO:CO2 = 16:8:1, 10% 
N2, GHSV = 0.9 L/gcath

91% CO conversion, 
62% DME selectivity

AuPd/TiO2 [69] C2H2 
hydrogenation

40 °C, 1 atm, 1.5% C2H2, 
2% H2 in C2H4; 
GHSV = 7640/h

46% C2H2 conversion, 
96% C2H4 selectivity

Ru/CeO2 [70] CO2 methanation 300 °C, 1 atm, 22% H2, 
4.6% CO2 in Ar, 
GHSV = 7640/h

83% CO2 conversion, 
99% CH4 selectivity

Co/SiO2 [71] Fischer-Tropsch 
synthesis

260 °C, 20 bar, H2/CO = 2, 
GHSV = 3 L/gcath

98% CO conversion, 
selectivity = 11% CH4, 
10% < C7, 73% > C7

Pd/CeO2-TiO2 [72] Catalytic CH4 
combustion

470 °C, 1 atm, 8% O2, 
2%CH4 in N2; 
GHSV = 260 L/gcath

100% CH4 conversion
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interaction. Depending on the reaction, concentration of acid sites and basic sites on 
the catalyst surface can influence the activity of the catalyst as it impacts adsorption 
and activation of reactant species and coke formation [74]. Concentration of acid 
and basic sites is characterized using NH3 and CO2 temperature-programmed 
desorption (TPD).

The morphology of synthesized catalyst can be characterized using electron 
microscopic methods such as transmission electron microscopy (TEM) and scan-
ning electron microscopy (SEM). For more in-depth discussion of catalyst charac-
terisation techniques, the reader is referred to Che and Vedrine [83]. Table 5 gives a 
brief overview of catalyst characterization techniques.

Considering that tri-reforming is predicted to be the more practical reforming 
process incorporating CO2, when compared to other reforming processes, because 
of lesser severity of catalyst deactivation in tri-reforming, the next section will focus 
on the performance and kinetics of tri-reforming.

3.3  Tri-reforming Catalyst Performance and Kinetics

Generally, the catalysts used for reforming reactions are categorized into two 
groups; supported noble metals and non-noble transition metals [37]. Significant 
research has been focussed on the development of non-noble metal-based catalyst 
(mainly Nickel) for tri-reforming. However, nickel-based catalysts have continued 
to suffer from severe deactivation [37, 84]. Noble metal-based catalysts, even 

Table 5 Catalyst characterization methods

Technique Properties determined

X-ray diffraction Crystallinity, crystalline phases present, crystallite size
N2 physiosorption (BET, BJH) Surface area, pore volume, pore size distribution
Temperature-programmed reduction Size and temperature ranges of reduction stages
CO2 temperature-programmed 
desorption

Basic sites

NH3 temperature-programmed 
desorption

Acid sites

H2 pulse chemisorption Metal dispersion
Transmission electron microscopy Particle size, particle size distribution, morphology
Scanning electron microscopy Morphology, particle size, particle size distribution
Photo electron spectroscopy Surface elemental concentrations, distribution of 

active species on catalyst surface
Diffuse reflectance infrared Fourier 
transform spectroscopy

Chemical nature of surface groups

Energy dispersive X-ray spectroscopy Elemental composition and spatial distribution
Nuclear magnetic resonance Chemical environment of elements
Thermo gravimetric analysis Change in weight of catalyst due to reaction, e.g., 

carbon deposition, metal oxidation
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though more expensive, have been shown to have high activity and resist deactiva-
tion in steam reforming [85, 86], dry reforming [87] and partial oxidation [88] 
which are the main reforming reactions.

The three main descriptors for the performance of a catalyst are activity, selectiv-
ity and stability. Activity refers to the ability of the catalyst to convert feedstock into 
products usually measured in terms of conversion and turn over number or fre-
quency. Selectivity is the ability of the catalyst to give a desired product out of all 
possible product, and stability refers to the ability of the catalyst to maintain the 
sufficient level of activity and selectivity at the reaction conditions with time [73].

For high activity and selectivity, reforming catalysts should absorb and activate 
CO2, CH4, H2O and O2 efficiently [74]. Surface acidic and basic sites are essential 
for CO2 absorption and activation [74]. Supports for reforming catalyst should have 
high hydrothermal stability and surface area [74]. Studies have shown that high 
metal dispersion, stronger metal support interaction, smaller particle size improve 
catalytic activity [37, 74, 87].

Deactivation mechanisms for reforming catalysts include coking, sintering, 
metal re-oxidation or irreversible reactions with support [74, 87, 89]. The nature of 
the catalyst support has been shown to strongly influence catalyst deactivation [74, 
89, 90] and hence the stability of the catalyst. Redox, oxygen storage and oxophillic 
properties of supports have been shown to promote coke gasification and minimize 
metal oxidation while strong metal support interaction limits sintering [74]. The 
design of reforming catalysts to ensure stable operation is still an active area of 
research [91].

Tri-reforming reaction is a complex reaction system which is a combination of 
several reactions occurring simultaneously. While the kinetics of the individual 
reactions have been investigated, there are presently few studies that have investi-
gated the kinetics of the combined effects of tri-reforming. In a recent study [92], 
the kinetics of tri-reforming was developed for a Ni-Mg/β-SiC catalyst, based on the 
assumption that the relevant reactions are the dry reforming, steam reforming and 
water gas shift reactions (Table 2, reaction 1, 2 and 5). The rate expressions for the 
reactions are given as follows:

 

r k P
P P

P P Ksr CH

CO H

CH H O sr

= -
æ

è
çç

ö

ø
÷÷1

3

4

2

4 2

1

 

(1)

 

r k P
P P

P P Kdr CH

CO H

CH CO dr

= -
æ

è
çç

ö

ø
÷÷2

2 2

4

2

4 2

1

 

(2)

 
r k

P P

P

P

Kwgs

CO H O

H

CO

wgs

= -
æ

è
çç

ö

ø
÷÷3

2

2

2

 
(3)

where rsr, rdr, rwgs are the rate of the steam reforming, dry reforming and the water 
gas shift reaction (mol/s), respectively. k1, k2, k3 are the apparent forward rate 
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constants of the steam reforming, dry reforming and the water gas shift reactions 
(mol/s  kPa), respectively. Ksr, Kdr, Kwgs are the equilibrium constants for steam 
reforming, dry reforming and water gas shift reactions, respectively. 
P P P P PCO CH H O CO H, , , ,

4 2 2 2
 are the partial pressures of CO, CH4, H2O, CO2 and H2, 

respectively.
The Arrhenius expression for the forward rate constants is given as follows:
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where R is the universal gas constant (kJmol−1 K−1) and T is temperature (K).
The equilibrium constants can be estimated as follows:
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where T is temperature (K).
Clearly, future research is needed to further elucidate the kinetics of tri- reforming. 

The oxidation, coke formation and removal reactions should be considered. And a 
more appropriate Hougen–Watson kinetic model for heterogeneous reactions can be 
adapted.

Applications for reforming processes for CO2utilization is not limited to the 
earth. The Martian atmosphere is predominantly CO2. In the next section, a futuris-
tic potential application for reforming with CO2 in Mars is discussed.

4  Potential for CO2 Reforming in Extra-Terrestrial 
Space: Mars

The exploration of outer space is now being extended to create habitation on the 
Moon and other nearby planets such as Mars. In addition to the adventures of explo-
ration, many of these outer space bodies are rich in resources. In addition to sustain-
ing humans in these environments, technological innovations can be used to produce 
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a range of products. While carbon dioxide has become problematic on Earth, it 
offers potential as a resource in other planetary systems. This is enhanced by the 
availability of methane in addition. The prospect for establishing a sustainable 
human settlement in planets such as Mars requires opportunities for the utilization 
of extra-planetary resources by the development and deployment of technologies. 
This is also referred to as in situ resource utilization (ISRU) which is defined as the 
as the conversion of local resources at a space destination to provide useful infra-
structure and commodities [93]. In situ resource utilization was first proposed in 
1978 to produce rocket fuel on Mars for refuelling of an empty ascent vehicle for 
the return flight [94]. Utilization of Martian resources for life support and explora-
tion will significantly reduce the costs of human missions and support for human 
settlements in Mars by reducing launch mass and cost of storage of consumables 
(O2, food, fuel, H2O). A recent study shows that ISRU for propellant and oxygen 
production results in about a 95% reduction in mass of the Mars ascent vehicle 
(MAV) [95]. Also, the availability of Mars-generated consumables could signifi-
cantly extend the duration and range of crew operations and greatly enhance the 
science returns of missions to Mars.

The atmosphere of Mars is the most significant natural resource on the planet. It 
consists about 96% CO2, 1.9% Ar, 1.9% N2, 0.014% O2 and 30 ppm H2O with an 
atmospheric pressure of 700 Pa and average temperature of 220 K [93]. The Martian 
atmosphere will be the principal source of carbon and oxygen. Also, the highest 
potential sources of water include Martian regolith (hydrated minerals and clays) 
[96] within the top surface of Mars and ice [97] at the subsurface. Several minerals 
including oxides, chlorides, perchlorates, sulphates, sulphides, carbonates and sili-
cates of Fe, Mg. Al, Ca, Na, K have been detected in Mars [98].

Oxygen and water are essential for life in Mars. Methane has been identified as 
an optimal rocket fuel which can be produced in Mars because of its relative ease of 
production using Martian resources, high specific impulse, low refrigeration power 
requirement with boiling point similar to oxygen and reduced risk of metal embrit-
tlement in storage [94, 99]. The Sabatier/water electrolysis process has been dem-
onstrated to produce oxygen and methane. In 2011, the Sabatier reactor was 
integrated into the international space station water recovery system [99].

In the Sabatier/electrolysis process, hydrogen is reacted with compressed CO2 in 
a heated chemical reactor to yield methane and water. Ruthenium and Nickel on 
alumina catalysts have been found very effective for the Sabatier reaction with CO2 
conversion and yield greater than 99% at temperatures between 300 and 400 °C and 
pressure of 1 atm [100]:

 CO H CH H O2 2 4 24 2+ = +  (10)

The methane water mixture is separated in a condenser. While methane is dried and 
stored for use as a propellant, water is collected, deionized, and electrolyzed in a 
standard electrolysis cell;

 2 22 2 2H O H O= +  (11)
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The oxygen can be used as a propellant or life support while the hydrogen is recy-
cled back to the Sabatier reactor. An external source of H2 is required for continuous 
operation, as only half the amount of H2 utilised by the Sabatier process is generated 
by electrolysis. Electrolysis of water obtained from Mars can be used to provide the 
additional hydrogen required while producing oxygen at the right ratio (3.4:1 O2/
methane mass ratio) for the combustion of methane as rocket fuel [101].

Dry reforming has the potential to improve space missions and human colonisa-
tion of Mars in two distinct ways.

 1. In life support systems, based on the Sabatier/electrolysis process, produced 
methane can be reformed with carbon dioxide to produce hydrogen which will 
close the loop and potentially eliminate the need for additional hydrogen for the 
Sabatier reaction

 CH CO CO H4 2 22 2+ = +  (12)

The combination of reactions (10), (11) and (12) gives the overall reaction:

 2 22 2CO CO O= +  (13)

 2. For human colonisation of Mars, reforming of methane produced via the Sabatier 
process with the Martian atmospheric carbon dioxide will yield synthesis gas 
which is an important intermediate to produce downstream chemicals and fuels 
[36]. Dry reforming usually yields a synthesis gas with a H2/CO ratio close to 1; 
however preferential separation of CO from the synthesis gas mixture can be 
used to obtain any desired H2/CO ratio.

Reforming of methane with carbon dioxide is a feasible process although the heat 
requirement is significant [39]. Using regenerative heat recuperation where the exit 
gases from the reactor heat the incoming gases can be used to reduce the heating 
requirement. High-temperature heating can be potentially provided by radioisotope 
thermal generators as they operate by converting high-temperature heat (up to 
1300 K) emitted by radioactive sources into electricity based on the Seebeck effect 
[102, 103].

A schematic diagram showing the integration of the dry reforming process to the 
Sabatier/electrolysis is shown in Fig. 5. CO2 captured from the Martian atmosphere 
and H2 produced from the electrolysis of water obtained from Martian soil or sub-
surface ice deposits [101] are sent to the Sabatier reactor where they are converted 
to CH4 and H2O. Water is separated from the Sabatier reactor effluent by condensa-
tion and sent into the electrolyser where water is decomposed into hydrogen and 
oxygen by electrolysis. Typically, the water is purified to electrolysis grade water by 
ion exchange, but this may not be applicable in Mars as large amounts of consum-
ables are required [101]. Membrane processes including forward osmosis can 
potentially be used instead [101, 104, 105]. Methane is separated from hydrogen 
and any unreacted CO2 by a membrane separation process [106]. The H2 and any 
unreacted CO2 are recycled to the Sabatier reactor. The methane is sent to the dry 

Synthesis of Novel Catalysts for Carbon Dioxide Conversion to Products of Value



550

reforming reactor where it reacts with compressed CO2 to produce synthesis gas. 
Any water that may exist in the reaction product is separated by condensation. 
Unreacted CO2 and H2 which are recycled to the Sabatier reactor are separated from 
CO which is vented. When the goal is to produce synthesis gas, which will be fur-
ther used for downstream chemical/fuels manufacture in Mars, then only unreacted 
CO2 is separated from the gas mixture.

5  Conclusions

As sequestered carbon over geological time scales is depleted on land at a faster rate 
by fossil fuel use via combustion, carbon dioxide is accumulating in the atmosphere 
and oceans, resulting in its increased concentration. To remediate this, carbon diox-
ide utilization can transform it from a waste and problematic product to a valuable 
feedstock for the chemical industry. At industrial scales, catalytic conversion via 
reforming processes is predicted to be a feasible approach for carbon dioxide utili-
zation. As catalysts are the heart of catalytic processes, synthesis methods are 
important as they influence properties and therefore their performance. The gas 
phase aerosol flame synthesis method was described as a viable method for the 
production of functional catalysts. This is a single-step easily scalable method for 
catalyst manufacture unlike conventional the wet synthesis methods. Advances in 
CO2 utilization technologies such as the Asahi Kasei process, Dryref™, TriFTS™ 
and the Camere process were discussed. With human interest in exploration and 
human settlement of planets such as Mars, there is a potential for extending reform-
ing technologies for future production of chemicals in outer space.

Fig. 5 Schematic diagram of the integration of CO2 reforming to the Sabatier/electrolysis process
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1  Introduction

The current human activities depend largely on energy, and their annual consump-
tion of crude oil is expected to be 68% higher by 2030. The recent IEA (International 
Energy Agency) reported the worldwide oil demand averaged 96.9 million barrels a 
day previous year and will hike to 105.4 million a day in 2030 as projected. Demand 
will reach 106.4 million barrels a day in 2040 [1]. Steady energy supply from 
numerous energy sources and moves to renewable energies are essential to sustain 
the activities of mankind. Concurrently, solutions to global environmental problems 
are needed. With mounting concerns on energy safety, environmental pollution, and 
potential oil supplies, the universal community is in quest of nonpetroleum-based 
alternative fuels, along with more sophisticated energy technologies (e.g., fuel cells) 
to increase the competence of energy usage. The most promising alternative fuel 
will be having the supreme impact on the society. The major affected areas comprise 
well-to-wheel greenhouse gas emissions, fuel versatility, non-petroleum feedstocks, 
infrastructure, economics, safety, and availability.

The energy demand is rapidly increasing on the global platform because of the 
fast economic growth. In order to pacify this growing demand, a plentiful quantity 
of fossil fuel (coal, natural gas, and oil) is needed. India, with its abundant coal 
reserves, projects a substantial potential to meet this energy demand. However, 
combustion of coal poses a significant problem of NOx, SOx, and particulate matter 
emissions [2]. Also, the high ash content (35–40% of the total weight) of Indian coal 
affects the thermal power plants efficiency [3]. Moreover, CO2emission from direct 
coal combustion is a major challenge for sustainability of coal-fired power plants 
[4]. Thus, there is an immediate need for development of alternative technologies 
for electricity generation from the coal. The history of synthetic fuel is long, begin-
ning in the 1930s with the creation of artificial petroleum from coal and continuing 
into the present day as GTL (gas to liquid)/CTL (coal to liquid) technology. 
Recently, coal gasification to syngas (a mixture of CO, CO2, and H2) has drawn 
significant attention over coal combustion of research community worldwide by 
suppressing pollutant emissions [5, 6].

Research on conversion of syngas to value-added fuels and chemicals secures the 
ability of future generations to meet their energy demands. The use of syngas as an 
intermediate in the production of many compounds is presented in the Fig.  1. 
Among these products, methanol has potential to replace fossil fuels (diesel, petrol) 
for transportation use and thus plays a prominent role in our future economy [7, 8].

Over the past several years, enormous efforts have been put into the improve-
ment of stable and active heterogeneous catalysts for carbon oxides hydrogenation 
to methanol. A number of prominent publications have reviewed the technical 
aspects related to the catalysis for methanol [9]. Apart from heterogeneous cataly-
sis, many other approaches such as homogeneous catalysis, thermocatalytic, photo-
catalytic, biocatalytic, electrocatalytic, and photo-electrocatalytic have been used 
for carbon oxide conversion to value-added product. However, the challenge in each 
approach is the activation of linear CO/CO2 molecule due to its very high stability. 
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These processes require high energy for carbon oxide reduction; hence, utilization 
of nonrenewable sources of energy such as sunlight can be considered as one of the 
alternative approaches for carbon oxide conversion process. There exist a lot of 
other reduction techniques that could be implemented on various scales [10]. 
However, the main aim of all these techniques should focus on reducing the carbon 
footprints in the environment. Conversion of these carbon oxides follows “two flies 
with one flap” approach so that energy scarcity and environmental security can be 
tackled at the same platform.

In view of this, the subsequent sections of this chapter provides a brief overview 
about all the technical aspects related to the synthesis process of methanol and DME 
from the carbon-rich source gases, viz., CO and CO2 together known as carbon 
oxides. Also, a small description of methanol history is included.

1.1  Methanol: Historical Background

Many processes have been established in the past decades for production of metha-
nol from different carbon source feedstocks such as natural gas, coal, biomass, cata-
lytic hydrogenation of carbon oxides, etc. During the growing industrial era before 
the 1600s, methanol was discovered as “wood spirit.” This was synthesized by heat-
ing of wood in the lack of free oxygen atoms, a process called wood distillation. 
Wood spirit consisted of many impurities along with the methanol. In the 1660s, Sir 
Robert Boyle attempted to separate methanol from the impurities, and pure metha-
nol was known as “wood vinegar.” However, wood vinegar was not known in the 
market for about two centuries; until in the 1800sss, methanol was identified by 
Liebig and J.B.A.  Dumas. During the same time, chemical name of methanol 
“methyl alcohol” was recognized.

Fig. 1 Syngas as an intermediate for various applications
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A fundamental approach for the catalytic synthesis of methanol was given by 
Paul Sabatier in the 1920s. According to Sabatier and group, methanol was synthe-
sized over Ni-based catalyst by hydrogenation of functional groups [11]. Thereafter, 
breakthrough catalyst was developed, and first industrial process for methanol pro-
duction was established by BASF in Germany [12]. Catalyst used in the same pro-
cess was of zinc oxide and chromate based. This catalyst was not that active and 
thus required a very high temperature (300–400 °C). This is a high-pressure favor-
able reaction due to exothermic and compressing volume nature of reaction. Pressure 
required was 250–350  bar along with high temperature of 300–400  °C [13–16]. 
This breakthrough technology was dominated in the market over 50  years, and 
exportation of process was started by DuPont and commercial solvents corporation 
in the United States. Besides, improvements in the operating conditions (tempera-
ture, pressure) have sought the attention of research community worldwide. In the 
1940s, the Swiss Lonza Company started the methanol formation from electrolytic 
hydrogen and carbon oxides. Following this, Prof. Natta suggested catalytic hydro-
genation of purified syngas over ZnO-based catalyst. Feedstocks (CO, CO2, and H2) 
were purified by vapors of calcium nitrates to increase the production and selectiv-
ity of methanol [17].

In the 1966s, important discovery was found in imperial chemical industries. 
According to this, drastic change was observed in the catalyst formulation, operat-
ing conditions, and quality of syngas. Catalyst was copper based and was found 
more efficient than ZnO-based catalyst but even more prone to deactivation by sul-
fur impurities present in the coal-gasified syngas. Operating conditions were 
reduced up to 300 °C and 100 bar, and purer syngas was obtained from the steam 
reforming of methane or from natural gas and naphtha feedstocks. Since then, the 
so-called low-temperature, low-pressure ICI process was applied for methanol syn-
thesis in industries [10]. On this basis, in the 1970s, many plants such as Lurgi, 
Haldor Topsoe, and Linde have been established for methanol production from puri-
fied syngas. A lot of investigations and efforts have been done for developing even 
lower temperature and pressure process. All the abovementioned plants are cur-
rently running at 250–300 °C and 50 bar over Cu-/ZnO-based catalyst [18] (Fig. 2). 
A consolidated quick description of how methanol synthesis has evolved over a 
period of time has been given in Table 1.

1.2  Primary Reactions for Methanol Synthesis

Methanol is one of the utmost essential commodities and building block chemicals 
in today’s world. Since 1960, more than 90 production plants with production 
capacity of 110 metric tons (MTs) have been established to meet the rise in global 
demand of 70 MTs [10]. Apart from being used as a fuel, methanol can also be used 
as a raw material for the production of olefins and paraffins and serves as a key 
intermediate for production of many other industrially relevant chemicals like form-
aldehyde, methyl tert-butyl ether, and acetic acid [19]. It also finds application as a 
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blender in gasoline, methanol-based fuel cells, and many household purposes. 
Methanol synthesis reaction is an exothermic and equilibrium-restricted reaction 
[20, 21]. To circumvent the accumulation of large amount of reaction heat, per pass 
conversion of the reactant is limited to 15–25%. The following reactions occur in 
overall methanol synthesis process:

 CO H CH OH kJ mol+ ↔ = −°2 912 3 ∆H /  (1)

 CO H O CO H kJ mol+ ↔ + = −°
2 2 2 41∆H /  (2)

 CO H CH OH H O kJ mol2 2 3 23 49+ ↔ + = −°∆H /  (3)

Reaction (3) of methanol synthesis from CO2 hydrogenation takes place with the 
combination of the above two reactions, which are methanol synthesis reaction (1) 
from CO hydrogenation and water gas shift reaction (2). In the instance when water 
gas shift reaction does not occur, reactions (1) and (3) propagate independently 
when both CO and CO2 are in the same feed stream. Both of the reactions (1) and 
(3) involve compression in moles of the products as compared to that of the reac-
tants, increasing the process pressure and decrease in the overall entropy of the 
reaction. This leads to higher conversion, thereby making the reaction favorable at 

Fig. 2 Evolution of methanol synthesis process over a period of 400 years
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Table 1 Historical reconstruction of methanol synthesis [18]

Time period Description Source/conditions Key features

Before the 
1600s

Known as wood spirit/
wood distillation process

Wood heating in 
anaerobic conditions

The wood distillates extract 
contained many impurities 
besides methyl alcohol

1660s Termed as wood vinegar, 
developed by sir Robert 
Boyle

Distillation of buxus 
(boxwood), the 
obtained extract was 
subjected to 
purification by 
reacting it with milk 
of lime

• Identification of methanol 
was attempted for the first 
time
• However, the technology 
was not marketed for about 
two centuries

1800s Exact composition of wood 
vinegar remained 
unknown; J. V. Liebig and 
J. B. A dumas attempted to 
isolate methanol molecule

Dry distillation of 
wood

• Elemental composition of 
methanol was determined
• Term “methyl” was 
formally introduced into 
chemistry
• In the same period, 
methanol began to be 
commercialized

1920s Paul Sabatier tried to 
hydrogenate large variety 
of functional groups by 
metal-based catalysis

Dry distillation of 
wood, high pressure/
high temperature

• Numerous metal 
compounds were studied
• Ni-based catalyst allowed 
CO hydrogenation to obtain 
methyl alcohol

First breakthrough
1923s German company BASF 

developed metal-based 
catalytic hydrogenation 
over ZnO/Cr2O3 catalyst

High pressure-high 
temperature 
(300–400 °C, 
250–350 bar)

• First catalyst-based HTHP 
process for methanol 
synthesis
• Remained dominant 
technology for the next 
45 years
• Introduced by both 
DuPont and commercial 
solvents Corporation in the 
United States

Reduction in operating parameters
1940s Industrial methanol 

synthesis was carried out 
by Swiss Lonza Company 
from electrolytic H2 and 
CO2 (derived from 
Ca(NO3)2). ZnO-based 
catalyst was used which 
was developed by Prof. 
Giulio Natta in Italy

– • Gases were purified from 
nitrous vapors for the first 
time
• Industrial methanol 
synthesis was carried out

(continued)
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Table 1 (continued)

Time period Description Source/conditions Key features

Another breakthrough
1966s Hydrogenation of purified 

syngas over Cu/ZnO 
catalyst was carried out by 
ICI industries

300 °C, 100 bar • For the first time, 
methanol synthesis was 
carried out at such low 
operating conditions
• Many new industrial 
plants adapted the 
technology like Lurgi, 
Haldor Topsoe, Linde

1970s–2000s Improvements and development of novel catalysts
2000s–till 
date

Nanocatalysts and liquid methanol production in slurry reactors

high pressure and low temperature. As far as water gas shift reaction (2) is consid-
ered, it is independent of the pressure variation and also becomes independent of 
temperature variation above 200°C. Since methanol synthesis process is conducted 
in the temperature range of 250–300°C, water gas shift reaction becomes inevitable. 
However, it helps in maintaining the desired H2/CO ratio; therefore, it is partially 
beneficial for the synthesis process.

1.3  Thermodynamics

Activation of carbon oxides (CO/CO2) is challenging because of the stability of the 
molecules. Out of these two, CO2 is a more stable (ΔG0

f = −394.0 kJ/mol) linear 
molecule. The oxidation state of carbon is +4 which is the most stable configura-
tion; in contrast, carbon in methanol has oxidation state −2. Since, methanol syn-
thesis is an energy-driven process and requires 228 KJ of energy and six electrons 
to reduce the oxidation state of carbon (−2) for conversion of one mole of CO2 to 
methanol. The linear and small bond length (116.3 pm) of carbon oxygen bond in 
CO2 makes it highly inert and is a barrier for economic conversion to different prod-
ucts [22]. The major reactions that took in methanol synthesis are mentioned in the 
previous section.

Maximum conversion is limited in these types of reactions because desired direc-
tion of the reaction is thermodynamically not favored. Overall rate of reaction is 
controlled chemically due to which net reaction rate becomes low because of high 
kinetic resistances or low kinetic driving forces at operating conditions. Maximum 
possible conversion of the reactants is limited and equivalent to equilibrium conver-
sion. Enthalpies and Gibbs free energies [23] of the various products from carbon 
oxide conversions are described here (Eqs. 4–9). Feasibilities of the product forma-
tion are decided according to the free energy values. Enthalpy values of same 
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product obtained from CO and CO2 conversions are comparable, while Gibbs free 
energy values show that CO hydrogenation is more spontaneous than CO2.

 CO H CH H O kJ mol kJ mol2 2 4 24 2 259 9 132 4+ ↔ + = − = −° °∆ ∆H G. / . /  
(4)

 CO H CH H O kJ mol kJ mol+ ↔ + = − = −° °3 205 9 141 92 4 2 ∆ ∆H G. / . /  
(5)

 2 6 3 173 8 65 72 2 2 5 2CO H C H OH H O kJ mol kJ mol+ ↔ + = − = −° °∆ ∆H G. / . /  
(6)

 
2 4 256 1 122 72 2 5 2CO H C H OH H O kJ mol kJ mol+ ↔ + = − = −° °∆ ∆H G. / . /  

(7)

 

CO H CH OH CH COOH H O kJ mol

kJ mol

2 2 3 3 2
135 4

63 6

+ + ↔ + = −
= −

° °∆ ∆H G. /

. /  (8)

 CO CH OH CH COOH kJ mol kJ mol+ ↔ = − = −° °
3 3 129 2 82 8∆ ∆H G. / . /  

(9)

Graaf et al. [24] measured and modelled equilibrium of methanol synthesis reac-
tion (1–8 Mpa, 473–543 K) using Soave-Redlich-Kwong (SRK)equation of state 
(EOS). Skrzypek et al. [25] modelled equilibrium for high-pressure methanol syn-
thesis (5–30 Mpa, 425–675 K) without considering condensation. The use of Peng 
Robinson and SRK EOS for equilibrium modelling of methanol synthesis reaction 
does not provide results at 473 K and 30 Mpa. The probable reason for this devia-
tion was condensation [26]. Many models with Gibbs free energy minimization 
approach and tangent plane criterion for checking phase stability has been reported.

Heeres and co-workers suggested thermodynamic model for methanol synthesis 
at elevated pressure (20 Mpa, 190–280 °C) with modified SRK EOS. The use of 
modified SRK EOS allows the calculation of chemical and phase equilibria through-
out high-pressure methanol synthesis. The dew point was formulated as function of 
temperature and conversion [27]. Later theoretical results were confirmed by the 
experimental results that condensation of methanol and water improved methanol 
synthesis with higher carbon dioxide conversion in comparison with single gas- 
phase chemical equilibrium [28].

DME is formed over solid acid catalyst by dehydration of methanol. The reaction 
is mildly exothermic. The one pot DME synthesis reaction is closely related to 
methanol synthesis as methanol is an intermediate to the DME synthesis (Eqs. 10 
and 11).

 2 23 43 3 3 2CH OH CH OCH H O kJ mol↔ + = −°∆H . /  (10)
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 2 6 3 123 02 2 3 3 2CO H CH OCH H O kJ mol+ ↔ + = −°∆H . /  (11)

Shen et al. [29] reported higher CO2 equilibrium conversion for single step CO2 
conversion to DME than CO2 conversion to methanol. The equilibrium DME yield 
decreased with temperature and increased with pressure in accordance to Le 
Chatelier’s principle. Aguayo et  al. [30] proposed a kinetic model for single pot 
DME synthesis using conventional Cu-ZnO-Al2O3/γ-Al2O3 hybrid bifunctional cat-
alyst with CO/H2 and CO2/H2 as feed. In their proposed model, the main reactions 
that were considered are methanol synthesis, its subsequent dehydration, hydrocar-
bon synthesis, and water gas shift reaction. Similar results were also reported for 
Cu–Fe2O3–ZrO2/H-ZSM-5 catalyst using intrinsic kinetic model for single step CO2 
hydrogenation to DME [31]. The above studies show that single step DME synthe-
sis has the thermodynamic advantages in terms of CO2 conversion, methanol, and 
DME yield.

1.4  Methanol Chemistry

1.4.1  Catalysts

In the early 1920s and 1930s, more active copper-based catalysts were studied and 
described. Copper was identified as a quite active metal for synthesis of methanol in 
these early studies. The activity was found to be increased when it was used along 
with the ZnO and stabilized with Al2O3. Workers at ICI pioneered the efforts in the 
area of methanol synthesis [32, 33], and by now, the Cu/ZnO/Al2O3 catalyst is 
almost exclusively used. Few formulations for state of the art/commercial methanol 
synthesis catalyst are briefly described in the following Table 2.

The catalyst for methanol synthesis is combined with solid acid (for methanol 
dehydration) for making the hybrid bifunctional catalyst for DME synthesis by vari-
ous methods, viz., physical mixing, ball milling, impregnation, etc. The prevailing 
combination method is physical mixing of powder or granules of each component. 
The catalytic entity for DME synthesis contains dual active sites, one for methanol 

Table 2 Commercial methanol synthesis catalyst formulations [10]

Manufacturer→
Description↓ BASF DuPont Haldor Topsoe ICI

Copper 38.5 50 >55 20–35
Zinc 48.8 19 21–25 15–50
Aluminium 12.9 17 8–10 4–20
Others Rare earth oxides – – Mg
Feedstock Syngas Syngas Syngas Carbonaceous
Yield (tons/year) 28.82 41.61 87.6 × 104 91.25 × 104

Patent date 1978 – – 1965
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synthesis and other for methanol dehydration. Coprecipitation of Cu and Zn salts 
using sodium carbonate was reported to yield active catalysts. Solid acids such as 
γ-Al2O3 and HZSM-5 were used as they are or often modified by basic oxides in 
order to optimize the acidity and to attain high selectivity for DME [34].

1.4.2  Promoters

Since methanol synthesis is a structural sensitive reaction, many associated prob-
lems come along in realistic operating conditions such as agglomeration of the 
metal particles, sintering, rapid deactivation, etc. To handle these problems, the role 
of promoters comes into existence. Many promoters can be used along with Cu and 
ZnO to modify the methanol synthesis component, viz., divalent cations Mg2+, 
Mn2+, and Ca2+; trivalent cations Al3+, Cr3+, La3+ and Ga3+; and tetravalent cations 
Ce4+ and Zr4+. Alkali metals such as K and Cs can also be used to promote the cata-
lyst. These promoters can be used to modify the physicochemical characteristics of 
the catalyst like acidity, basicity, surface area, uniform dispersion of the active 
metal, etc. Also, the synergy between the Cu and ZnO can be enhanced using differ-
ent promoters.

Out of all these promoters, Al2O3 is the most popular and industrially relevant 
component that is used as a promoter for methanol synthesis reaction. It is a triva-
lent refractory oxide that can induce monovalent cationic defects in the catalytic 
entity because of its dissimilar trivalent cationic charge (with Cu2+, Zn2+). Al2O3 
forms a spinel with ZnO known as zinc aluminate (ZnAl2O4) which accelerates the 
adsorption as well as activation of CO molecule. These defective sites may serve as 
the sites for adsorption of the intermediate species produced during the reaction and 
can be converted into the product.

1.4.3  Carbon Source

It is still debated intensively whether the carbon of methanol is derived from CO or 
CO2 and what is the reaction mechanism corridor through which the reaction propa-
gates [35–39]. Copper based which are used for methanol synthesis are also active 
for the water gas shift (WGS) and reverse water gas shift reactions [35] (RWGS).

 
CO H O CO H WGS+ → + ( )2 2 2  

 
CO H CO H O RWGS2 2 2+ → + ( )  

Since both CO and CO2 are present as reactants as well as products, they created 
a perplexed inference about the major carbon source for methanol. At present, it is 
acknowledged that methanol is mainly formed through CO2 hydrogenation at the 
typical operating industrial process [40, 41]. However, CO hydrogenation was 
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assumed to be the main reaction pathway for methanol synthesis [42, 43], whereas 
CO2 modulates the surface composition, oxidation state of metal, and dispersion of 
Cu as a passive reactant [43]. This was considered as the main mechanism until the 
isotopic labelling experiments were performed first time by Chinchen et al. [44], 
where CO2 was found to be the main source of methanol as per the reaction.

 CO H CH OH H O2 2 3 23+ → +  

In another study conducted by Zhang et al., different feed components CO/H2, 
CO2/H2, and CO/CO2/H2 were used to investigate the primary carbon source. It was 
found that MeOH formation rate was highest in case of CO/CO2/H2 feed. Also, 
higher methanol formation was observed in CO2/H2 feed as compared to CO/H2. It 
signifies that the CO2 hydrogenation was the dominant reaction, whereas presence 
of CO facilitates the adsorption phenomenon of the reactant feed.

However, many studies conducted in the recent past indicated that the major 
carbon source for methanol synthesis is dependent upon the reaction conditions [45] 
used. Even after four decades of debate on carbon source, still a disagreement exists 
in the literature about the most reliable kinetic track for methanol synthesis. 
However, a majority of the research groups are in agreement that methanol synthe-
sis via CO2hydrogenation is the main reaction which provides the carbon of 
methanol.

1.4.4  Reaction Mechanism Pathways

Methanol synthesis reaction is accomplished by the propagation of three reactions 
which are CO hydrogenation, CO2 hydrogenation, and water gas shift. All these 
reactions proceed through particular pathways. Many mechanism pathways are 
devised in the literature by various research groups using rigorous DFT studies [35, 
45, 46]. All the engaged reactions involve the formation of various reaction interme-
diates which can also get converted into various by-products like formaldehyde, 
formic acid, methyl formate, etc.

Methanol Synthesis via CO Hydrogenation

Considering the methanol synthesis from CO hydrogenation, the mechanism can 
follow two competitive pathways depending upon the reaction barrier (activation 
energy [Ea]) of the initial step. The mechanism of CO hydrogenation to methanol is 
depicted in Fig. 3. As it can be observed, after adsorbing and activating on the sur-
face, CO reacts with H+ ions to form aldehyde isomers (one binding through C end 
and other through O end). The pathway (left) involving intermediates formed by 
binding through C end is more spontaneous as compared to the other route (right). 
This can be explained on the basis of the activation energy which is lower for the 
former route as compared to the latter. Furthermore, the concentration of the 
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adsorbed HCO* species is mainly responsible for the methanol yield, and the con-
version of H3CO* species to CH3OH is the rate-determining step.

Methanol Synthesis via CO2 Hydrogenation

The catalytic hydrogenation of CO2 to methanol/DME is accepted to be the most 
promising route for CO2 fixation and reducing its atmospheric concentration. The 
process of CO2 conversion to methanol/DME can proceed directly or indirectly. 
According to the key surface intermediates formed during the reaction, two differ-
ent mechanistic approaches are being proposed: the hydrocarboxylic (COOH*) 
pathway and the formate (HCOO*) pathway. Many studies have proposed the meth-
anol synthesis process via HCOO-mediated mechanism because of the lower activa-
tion energy for HCOO* formation as compared to that of the COOH*. Also, HCOO* 
is a highly stable surface intermediate which is found on the catalyst surface in 
abundance. Also TOFs for methanol synthesis are found to be linearly proportional 
to the surface coverage of the catalyst Zn/Cu (111) by HCOO* species as observed 
in the micro kinetic model developed by Grabow et al. [35] using DFT studies. In 
further steps, hydrogenation of HCOO* species to form H2CO2* or HCOOH* at 
either C atom or O atom, respectively, takes place. The hydrogenation through O 
atom end possesses low activation barrier thereby is more thermodynamically stable 
[35]. The reverse of this is applicable for CO hydrogenation in which C atom end 
possesses lower activation barrier. The subsequent CO2 hydrogenation steps yield 
intermediates CH3O2*, CH2O*, CH3O*, and CH3OH*. A brief comparison of the 
reaction pathways of CO and CO2 hydrogenation is presented in Fig. 4 [45–60].

Fig. 3 Mechanistic view of competitive pathways of CO hydrogenation of methanol [35]
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Although higher activation barrier was found when the reaction proceeds through 
CO2 hydrogenation individually as compared to CO hydrogenation, co-feeding CO2 
with CO (even in small amount) results in lowering down of this activation barrier 
[43]. This demonstrates the promotional effect of using CO in the CO2-rich feed. A 
brief comparison of CO2 vs. CO2/CO feed related to the activation energy of the 
surface reaction steps has been provided in Table 3 [35].

Fig. 4 Comparison between the hydrogenation pathways of CO and CO2 [45]

Table 3 A comparative analysis of CO2 vs. CO/CO2 feed in relation to the activation energy of 
different mechanism steps [35]

Surface reaction 
steps

Activation energy (Ea) for only CO2 
as a feed

Activation energy (Ea) for CO/CO2 
as a feed

CO*→HCO* 0.99 0.99
O*→OH* 0.96 Spontaneous
OH*→H2O* 1.18 0.30
HCOO*→HCOOH* 0.91 0.60
HCOO*→H2CO2* 1.59 0.80
HCOOH*→CH3O2* 1.04 0.42
CH2O*→CH3O* 0.24 Spontaneous
CH3O*→CH3OH* 1.17 0.38
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Water Gas Shift Reaction

The description of mechanism for methanol synthesis is incomplete without men-
tioning the mechanism for inevitable water gas shift reaction. WGS is an essential 
part of methanol synthesis process which involves consumption of water produced 
during hydrogenation reaction. The combination of WGS and hydrogenation reac-
tion provides a strong driving force, thereby increasing the syngas conversion dra-
matically. Water gas shift reaction proceeds through carboxylic path which can 
undergo three main reactions as follows [45, 61–66].

As depicted in the Fig. 5, WGS reaction can follow the three paths which are 
surface adsorption of CO* and OH* species to form trans- and cis-COOH* carbox-
ylic group intermediates and HCOO* formate group intermediate. Out of these 
three, the preferential pathway for WGS reaction to occur is through cis-COOH* 
intermediate. This may be because of the low activation energy needed for this path-
way at Cu+surface.

1.4.5  Active Sites

Although methanol synthesis has been a subject of research for hundreds of years, 
the views regarding the commanding active site for the methanol synthesis are still 
controversial [67–69]. Some studies conducted by the researchers in the past have 
suggested Cu+ ions to be the active centers for the reaction [43, 70], whereas some 
experimental evidences support the linear relation between the amount of surface 
metallic copper (Cu0) and catalytic activity [71]. Further experiments [35] on single 
crystal Cu (100) [72, 73], Cu (110) [74], and polycrystalline Cu films with exposed 
Cu (111) facet suggested that the reaction is facilitated by metallic Cu [75]. Most of 
the kinetic models are developed considering the Cu (111) facet because it is the 
most thermodynamically stable phase and under reducing conditions (like methanol 
synthesis) this phase is predominantly exposed to the reactants. Also, the observed 
kinetic reaction rates on polycrystalline Cu exposing mostly Cu (111) are found in 
line with the reaction rates derived from realistic experimental data performed under 
kinetic regime using Cu/ZnO catalyst [35]. On the other hand, Chen et al. reported 
that the coexistence of Cu0/Cu+ on the catalyst surface can also serve as the active 
site for the reaction to occur. Apart from this, a variety of views regarding the nature 
of active sites exist in the literature. The major thoughts can be divided as follows 
[51, 52]:

Fig. 5 Water gas shift (WGS) reaction pathways
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Cu-Zn alloy on Zn/Cu (111) surface

• Existence of Cu+ monovalent cations in ZnO matrix
• Stabilized Cu ions in morphologically active ZnO
• Formation of Cu-ZnO interface through oxygen (Cu-O-Zn)

1.4.6  Importance of ZnO

The significance of ZnO in methanol synthesis catalyst could be realized by the fact 
that Cu metal alone is not able to provide active centers for the reaction to occur. In 
fact, a study conducted by Herman et al. signifies the co-existence of ZnO in the 
catalyst as the activity of the binary catalyst (Cu/ZnO) increased by three orders of 
magnitude as compared to that of pure Cu metal. From the early findings of the 
methanol synthesis catalysts to the present stage of the catalytic platform, the role 
of ZnO to facilitate the easy reaction propagation has remained contrasting. A few 
important roles of ZnO, as identified from literature, are as follows:

• ZnO is reported to enhance Cu dispersion, thereby elucidating a synergistic 
effect with Cu species [76].

• Promotes the stability of active Cu+ sites in the catalyst by allowing the incorpo-
ration of Cu+ into the crystal lattice of ZnO [74].

• The main function of ZnO was identified to facilitate heterogeneous H2 splitting 
(Hδ+/Hδ−) and spillover which involves the migration of H+/OH− species over the 
catalyst surface.

• Incorporation of ZnO in the catalyst matrix induces the shape changes in Cu 
particles impregnated on the support depending upon the redox potential of sur-
rounding gas phase as identified by atom-resolved TEM [77]. These changes in 
shape of the particle results in irregularities on the surface which enhances the 
catalytic activity.

Table 4 demonstrates the exemplary behavior of ZnO when exposed to different 
feed streams. On the other hand, some studies demonstrated the negative or neutral 
effect of ZnO addition into the Cu-based catalytic system. Chinchen et al. empha-
sized that there does not exist any significant difference in catalytic activity between 
the Cu-supported catalyst on SiO2 and MgO as compared to that supported on ZnO, 
thereby totally denying the well-known Cu-ZnO synergy. Another controversial dis-
cussion related to Cu-ZnO interaction exists in the explanation of the Schottky junc-
tion effect existing between these two. The effect is known to increase the oxygen 
vacancies in ZnO thrice when used alone, but no reaction intermediates were 
observed when Cu is present along with ZnO. This suggests that the theory fails to 
explain the increased activity of Cu-ZnO catalyst [78].
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1.5  Deactivation and Remedies

There are a variety of deactivation factors towards which Cu-based methanol cata-
lysts are sensitive enough. Since Cu is the second last metal (above Ag only) in the 
list of thermal stability, exposure to high temperature (>300 °C) can lead to drastic 
irreversible effects on its properties [79]. The major problems faced by these cata-
lysts are easy sintering, swift agglomeration, and rapid deactivation. Hence, in order 
to make catalyst resistant towards these factors and to increase the shelf life of the 
catalyst, it is essential to add a suitable promoter to enhance its thermal stability. 
Some of the major reasons of catalyst deactivation are:

• Non-uniform distribution of Cu metal particles on the catalyst surface resulting 
in metal sintering [80].

• Presence of poisonous compounds like sulfur and chlorine in the feed stream.
• Conducting the reaction at higher pressure that aids in increasing deactiva-

tion rate.
• Deposition of carbon and other species on the catalyst surface as a result of side 

reactions like boudouard reaction and methanation reaction.
• Formation of water resulting from the unavoidable water gas shift reaction.

After identifying the primary causes for the catalyst deactivation, it has been 
observed that there does not exist any guaranteed solution that can prevent the cata-
lyst from getting deactivated. However, the deactivation phenomenon can be 
delayed or controlled up to some extent. The major remedies that can be executed 
to increase the shelf life of the catalyst are as follows:

• Incorporate co-promoters like ZnO and Al2O3 in the catalyst so as to increase the 
active metal dispersion and to stabilize dispersed Cu crystals, thereby making it 
reluctant to sintering and agglomeration.

• ZnO reacts with sulfur poison present in the feed gas to form ZnS and Zn(SO4) 
(favorable thermodynamic reaction in methanol synthesis conditions), thus 
inhibiting sulfur to react with active Cu metal.

Table 4 Promotional effect of ZnO for different feedstock [46]

Feed 
stream Cu Industrial catalyst (Cu/ZnO)

CO • Low overall energy barrier
• Fast CO hydrogenation

• Zn addition increases the energy barrier of 
first few reaction intermediates
• Slow CO hydrogenation

CO + CO2 • Significant formate coverage
• CO hydrogenation blocked
• CO2 major carbon source
• CO2 hydrogenation has high barrier, 
overall reaction rate slow

• High formate coverage
• CO hydrogenation blocked
• CO2 major carbon source
• CO2 hydrogenation fast, overall reaction 
rate fast
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• Addition of metal oxide in the form spinel or doping it with other non-refractory 
oxide can permit the catalyst to get operated at higher pressures without compro-
mising its activity for a longer duration of time.

• Use of hydrophobic oxide promoters so that the accumulation of water at the 
catalyst surface can be avoided.

2  Novel Catalyst Approaches for CO2 Hydrogenation

After the discovery of Cu/ZnO/Al2O3catalyst, low-pressure methanol synthesis 
units are established all around the globe as the operating cost was significantly 
reduced by low-pressure process. The research paradigm shifted to development of 
Cu-based catalyst with suitable metal oxide (ZnO, ZrO2, CeO2, MgO) and structural 
promoters (ternary metal oxide) like Al2O3, ZrO2, and CeO2. The novel catalyst 
synthesis approaches and parameters like pH, temperature, and composition are the 
prime focus for catalyst development. Jadhav et al. [81] and Álvarez et al. [82] com-
plied literature on Cu-based catalytic system. Besides, Pd is the second most 
reported metal for methanol synthesis via CO2hydrogenation. The bimetallic sites 
of Pd with Ga, In, and Zn formed on catalyst reduction were explored for the reac-
tion. Li et al. [83] complied the literature reports on bimetallic catalyst used for the 
reaction system. Here we elaborate application of In2O3-based catalyst, metal car-
bides, and MOF for the hydrogenation of CO2.

The DFT calculations on defective [84] and non-defective [85] In2O3(110) 
revealed that oxygen vacancy on the In2O3 surface is helpful for methanol synthesis. 
The methanol synthesis mechanism over In2O3 comprises of cyclic creation and 
annihilation of oxygen vacancies. The main challenge for methanol synthesis from 
CO2 hydrogenation is selective dissociation one of the C=O bonds. The C=O bonds 
in reported Cu-based catalytic systems break only by dissociation of intermediates 
formed during reaction [84], whereas, for In2O3, one oxygen atom of the intermedi-
ate fills the vacancy on the surface, and cleavage of C=O occurs. The DFT results 
were experimentally verified with application of commercial In2O3 as catalyst. 
Methanol selectivity of 54.9% with methanol production rate 3.69 mol h−1 kgcat−1 
at 330 °C and 4 MPa [86]. Martin et al. [87] reported 99.8% methanol selectivity at 
573 K and 50 bar over ZrO2 supported In2O3 catalyst. The interaction ZrO2 with 
In2O3 increased number of the active sites on the surface. The supported  In2O3/
ZrO2catalyst was stable for run time of 1000 h [87]. The existence of ZrO2 under the 
In2O3 overlayer obstructs CO2 dissociation to CO and improved the concentration of 
oxygen vacancies on In2O3 catalytic surface [88]. Moreover, incorporation of Ga 
ions into the lattice of In2O3 improved the physicochemical properties and desorp-
tion temperature of CO2 for Gax/InxOn-2 catalyst. However, strong adsorption of CO2 
results to CH4 synthesis, and significant reduction in CO yield was noticed over Gax/
InxOn-2 catalyst [89]. Additionally, Chou [90] et al. reported lanthanum and yttrium 
promoted In2O3 catalyst by wet impregnation method. Improved CO2 adsorption 
sites and methanol selectivity were witnessed for La, and Y promoted In2O3 catalyst 
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in comparison with bare In2O3 due to the strong basic sites present on the catalyst 
surface. Moreover, hexagonal-phase In2O3 (H-In2O3) structured onto thin-felt Al2O3/
Al-fiber matrixes via the mix-solvothermal preparation method has been used for 
CO2 hydrogenation to methanol. The H-In2O3/Al2O3/Al-fiber catalyst showed posi-
tive results in terms of CO2 conversion and methanol selectivity of 4.4% and 67.6%, 
respectively, at 325 °C and 40 bars. The In2O3/Al2O3/Al-fiber catalyst was stable for 
200 h of run time without deactivation. Men [91] et al. synthesized Pt/In2O3 hybrid 
films by cold-plasma/peptide-assembly (CPPA) method and showed appreciable 
results for CO2 conversion.

DFT study revealed that formation of Pd-In bimetallic site improved (compared 
to In2O3) the catalytic performance by providing metal (Pd) sites generation of 
atomic H2 and interfacial sites for CO2 adsorption and hydrogenation. However, 
poor methanol yield was observed in experimental studies. The H2 chemisorption 
results revealed that the Pd-In bimetallic interface has fewer active sites for adsorp-
tion of atomic hydrogen compared to Pd; therefore, the rate of hydrogenation 
decreased in the experiments [92]. To increase the methanol yield over the Pd/In2O3 
catalyst, one must minimize formation of Pd-In bimetallic during the catalyst syn-
thesis. Thus Qingfeng et al. [93] research groups synthesized highly dispersed Pd 
NPs (3.6 nm) on In2O3 using peptide template. The Pd-In bimetallic sites formed 
appreciably enhanced dissociative adsorption of hydrogen, with preserving the den-
sity of the oxygen vacancies. The CO2 conversion >20% with methanol selectivity 
>70% was observed for the catalyst (STY 0.89  g MeOH h−1 gcat−1 at 300  °C 
and 5 MPa).

Metal organic frameworks (MOFs) also termed as “porous coordination poly-
mers” (PCP) are three-dimensional porous crystalline materials. MOF consists of 
regular arrangement of a metal cation or cluster (secondary building units (SBUs)) 
and a polydentate organic ligand with coordination-type connections. MOFs have 
attracted attention for their application in catalysis due to their metal center, highly 
ordered porous structure, uniform pore size, and functional organic linkers. 
Therefore, Rungtaweevoranit et al. [94] synthesized Cu nanoparticles encapsulated 
within framework of UiO-66 and reported 100% methanol selectivity (175 °C and 
10 bar). The variable oxidation state of Cu and increased interfacial contact between 
Cu NCs and Zr oxide SBUs enhanced TOF for methanol formation (>20 × 103 s−1 
at 200 °C). The degree of charge transfer from Cu nanoparticle to the Zr4+ at the 
interface of Cu-UiO66 is linearly related to the activity of MOF-based catalyst for 
methanol synthesis reaction [95]. An et  al. [96] reported Cu/ZnOx supported on 
UiO-bpy (synthesized by solvothermal process 2,2′-bipyridine-5,5′-dicarboxylate 
(bpydc) bridging ligand and Zr6(μ3-O)4(μ3-OH)4 SBUs) MOF, owing to the high 
thermal stability (>250 °C). The well-mixed Cu, ZnOx, and Zr SBUs surface/inter-
facial sites contributed to the adsorption and activation of H2 and CO2 in the CuZn@
UiO-bpy catalyst. The Cu/ZnOx@MOF catalysts show very high activity with STY 
of up to 2.59 g MeOH kg Cu−1 h−1, 100% methanol selectivity at 180 °C, and high 
stability for about 100 h.

The surface chemistry of transition metal carbides (TMCs) is alike to that of Pt 
group metals like Pd, Rh, or Ru during the transformation of hydrocarbons. Thus, 
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TMCs are reported as catalyst in hydrogenation and hydro-treatment (oil-derived 
feedstock) process. In addition, TMCs act as a suitable support to get high metal 
dispersion catalyst. Also (001) surface of TMCs of Ti, Zr, Hf, Nb,Ta, and Mo has 
been found appropriate for CO2 adsorption and activation [97]. The TMCs of Ti and 
Mo are reported methanol synthesis via CO2 hydrogenation. The incorporation of 
small amount of Cu and Au over TiC (001) causes charge polarization and makes 
CO2 activation easy and also enhances methanol selectivity. The apparent activation 
energy for methanol synthesis decreases to 11.6 kcal/mol on Cu/TiC (001) from 
25.4 kcal/mol on Cu (111). The TOFs for methanol production on Cu/TiC (001) 
were 170–500 times higher than on Cu (111) [98]. The interfacial sites of Cu and Au 
adsorbed atoms to TiC (001) were more active than bare Cu (111) and Au (111) 
[99]. The metal-to-carbon ratio in metal carbide catalyst plays a crucial role in 
selective hydrogenation of CO2 to methanol. The CO2 hydrogenation over β-Mo2C 
(001) having metal-to-carbon ratio of 2 results to hydrogenation of formate to CH4 
through cleavage of both C–O bond rather than CH3OH. Further, the orthorhombic 
β-MoC (001) with polar Mo-terminated surface promotes CO2 activation by break-
age of one C–O bond and then leads to CO formation, whereas for C-terminated 
non-polar orthorhombic β-MoC (001) surface, CO2 activation occurs but without 
C–O bond cleavage [100]. Geng et  al. [101] used protic ionic liquid 
(N-butylimidazolium molybdophosphate and N-butylimidazolium p- 
toluenesulfonate) as a precursor and synthesized N,P,S co-doped C@nano-Mo2C 
catalyst by direct carbonization. At 200 °C and 30 bar, CO2 conversion of 19% and 
MeOH selectivity of 85.4% were observed for N,P,S co-doped C@nano-Mo2C car-
burized at 1023  K.  Similar synthesis approach was used by Wei et  al. [102] for 
synthesis of N,S co-doped C@Mo2C and reported CO2conversion of 16% and 
MeOH selectivity of 90.5% with STY of methanol 0.405  gMeOH/gcat/h (30  bar, 
220 °C, and 7500 mL/g/h).

3  Reactors

Conventionally, there are mainly two types of reactors available for gas-phase meth-
anol synthesis: adiabatic and isothermal reactors (Fig. 6). Recently, for liquid phase 
synthesis of methanol, slurry reactors are coming into role along with overcoming 
the problems associated with gas-phase reactors. Adiabatic reactors comprise fixed 
bed reactors in series with cooling medium connected in the downstream of each 
reactor for removal of heat. Fixed bed reactor systems lead to low installation cost 
and high production capacity. Due to no exchange of heat between system and sur-
roundings (adiabatic nature), temperature rises as reaction approaches to equilib-
rium state, and this high temperature is responsible for low single per pass 
conversion. Accordingly, high recycle ratio, more dilution of reagents, and more 
amount of catalyst are used to improve the efficiency. Design of isothermal reactors 
is similar to the heat exchanger in which water/gas is continuously circulated 
through the mantle of the tube to maintain the temperature inside the reaction zone. 
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Homogeneity of temperature leads to high per pass conversion for lower volume of 
catalyst than adiabatic reactors. However, for achieving higher reaction rate and 
increasing selectivity of methanol, reaction should be carried out at temperature 
range of 240–260 °C with high recycle ratio. Application of these reactors is limited 
owing to its high installation cost than adiabatic system and size constraints due to 
multiple tubes type arrangement [33].

3.1  Fixed Bed Reactors

Conventionally, fixed bed reactors are used for methanol synthesis in gas phase, and 
these are categorized into isothermal and adiabatic reactors. Isothermal reactors are 
designed similar to shell and tube heat exchanger where catalyst is placed in shell or 
tube side and coolant is circulated in other side to maintain the temperature unifor-
mity, thereby increasing the reluctance towards local hot spot generation. The adia-
batic reactors, used for methanol synthesis, composed of a series of fixed bed 
reactors, each of which is connected to a cooling sink for effective heat removal. 
Adiabatic conditions (no heat transfer between system and surroundings) and exo-
thermicity result in a low degree of per pass conversion due to increase in tempera-
ture as reaction approaches towards steady state. Enhancements in conversion have 
been made by recycling of more amount of unreacted gases and catalyst. Constant 
temperature in isothermal reactors leads to more per pass conversion than adiabatic 
reactors, but it has some disadvantages such as size constraints, methanol productiv-
ity limited to 2000 tonnes/day due to shell- and tube-type arrangements, and higher 

Fig. 6 State of the art of conventional reactors for methanol synthesis
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installation cost than adiabatic reactors. Owing to low-temperature range of 
240–260 °C for increasing reaction rates and selectivity in isothermal reactors, these 
reactors have limited applications. Various industries like Mitsubishi Heavy 
Industries, Linde, Lurgi, and Haldor Topsoe are using these shell- and tube-type 
reactors with higher recycle ratio and lower catalyst volume due to ease of opera-
tion [10].

3.1.1  Adiabatic Reactors: On the Basis of Design, These Adiabatic 
Reactors Are Generally Classified in Two Types

Quench Reactors

A fraction of feedstock is heated before being fed upstream of the reactor. The fed 
reactants react with the catalyst surface, and conversion of these reactants increase 
the temperature of the process stream due to exothermic nature of the reaction. 
Remaining feedstock along with catalyst fed cold in the reactor, which decreases the 
temperature and increases the methanol yield. Despite the ease of process, this 
scheme leads to non-uniform utilization of catalyst volume as upstream reacts with 
higher catalyst volume as compared to the downstream. Haldor Topsoe’s multiple 
bed reactor is a quench-type reactor.

Indirect Cooled Reactors

Adiabatic reactors are displaced in series with cooling devices connected between 
the reactors. The reaction temperature is lowered due to these coolers and, thus, 
enhanced per pass conversion and selectivity of methanol. As the complete feed-
stock directly enters into the reactor, it reduces the utilized catalyst volume than 
quench-type reactors.

Examples of such reactors are (1) Kellog, Brown, and Root’s adiabatic reactors 
and (2) Toyo Engineering Corporation’s MRF-Z reactors.

3.2  Liquid Phase Reactors

Single pass conversion in fixed bed reactors is limited owing to equilibrium nature 
of this methanol synthesis reaction. Significant recycling of unreacted synthesis gas 
can diminish this conversion limitation which is the main problem associated with 
conventional fixed bed reactors. Many studies have been carried out in reactor 
design to improve the methanol productivity for gas phase using multifunctional 
reactor systems (coupling of exothermic and endothermic reaction systems for bet-
ter heat utilization) and shell-tube-type heat exchangers. However, these reactors 
also have some limitations like pressure drops, hot spots formation during reaction 
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due to exothermicity of reaction, high investment, and operating costs due to mul-
tiple recycling. Also, these traditional reactors are not preferable for coal-gasified 
synthesis gas as stoichiometric number S ((moles H2-moles CO2)/(moles 
CO2  +  moles CO)) is found to be less than two indicating hydrogen deficiency 
which promotes catalyst deactivation because of coking. To deal with these prob-
lems, three phase (gas-solid-liquid) slurry and trickle bed reactors stand out to be 
one of the major solutions and represent future of the methanol industry [33].

3.2.1  Trickle Bed Reactors

Catalyst synthesis and loading in trickle bed reactors has been proposed in similar 
fashion as fixed bed reactors. The feed gas and solvent/liquid enters into the reactor 
in a co-current manner. Inert solvents with high heat capacity like mineral oil/
hydrocarbons are used for suspension of catalyst, and these solvents facilitate good 
heat transfer that ensures homogeneity in temperature during reaction. Removal of 
product during reaction reduces recycling costs and striking the thermodynamic 
limitations [10].

3.3  Membrane Reactors

The thermodynamic limitations of methanol synthesis reaction reduce the overall 
yield of conventional fixed bed reactor systems. The overall yield of methanol can 
be increased either by recycling of the unreacted feed or by in situ removal of prod-
ucts. Membrane reactors can be used for selective adsorption of methanol or water 
or both for in situ removal of products. The in situ separation of methanol is helpful 
to achieve high purity of product, whereas in situ separation of water shifts the equi-
librium towards methanol synthesis reaction (Le Chatelier’s principle). In addition, 
water removal avoids secondary reaction like methanol reforming and catalyst 
deactivation via sintering in Cu/ZnO catalyst.

Struis et al. [103] reported lithiated Nafion membrane (polymeric membrane) for 
in situ methanol separation. The removal of methanol enhanced the performance of 
membrane reactors over the conventional fixed bed reactor system. The same group 
developed a mathematical model combining methanol synthesis and permeation. 
The model predicted an improved single pass reactor yield by 40% at 200  °C, 
GHSV = 5000 h−1, and ∆P = 39 bar with 10μm lithiated Nafion membrane [104]. 
However, low thermal stability of membrane (150 °C) limited the industrial applica-
tion of membrane reactors. The industrial methanol synthesis is at around 
240–300  °C; thus, the application of polymeric membrane is difficult; thus, the 
research focus has been synthesis and application of inorganic membrane in the 
context of methanol synthesis membrane reactors.

Zeolite can separate molecules based on their size because of their well- structured 
narrow pore size distribution. In addition, thermal, mechanical, and chemical 
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stability of the zeolites makes them suitable for application as membrane. When the 
size of molecule and the pore size of material are comparable, the molecular diffu-
sivity decreases exponentially. Thus, synthesis of zeolites is challenging as the zeo-
lite pores are usually 0.3–1.3 nm in size and a small crystal spacing (2–3 nm) can 
degrade the separation quality. Nevertheless, zeolites have been used for separation 
of organic isomers, close boiling point mixture, and at high temperature and pres-
sure reaction. Barbieri et al. [105] performed thermodynamic analysis of methanol 
synthesis via CO2 hydrogenation in zeolite membrane reactor. They proposed a 
mathematical model for non-isothermal, microporous zeolites with different perme-
ation value of methanol and water. The membrane reactors can operate at lower 
pressure and higher temperature as compared to the conventional fixed bed reactor 
system with 40–50% conversion and nearly 100% selectivity. The per pass metha-
nol yield in membrane reactor (8.9%) was more than two times than in fixed bed 
reactor (2.4%). The proposed modelling approach was heavily dependent on the 
methanol and water permeation rates. Gallucci et al. [106] reported the application 
of A-type zeolite for methanol synthesis reaction in a packed bed membrane reactor 
(PBMR). The higher methanol yield at lower operating conditions  in membrane 
reactors compare to fixed bed reactor system suggests that operating conditions are 
energy saving. They reported CO2 conversion of 11.6% with 75% methanol selec-
tivity at 206 °C and 20 bar pressure. The STY of 343 gmethanol kgcat−1 h−1 with 84% 
of methanol selectivity (240 °C, 7 bars, and GHSV = 18,000 L kgcat−1 h−1) obtained 
by  using  NaA membrane [107]. Zebarjad et  al. [108] used 1-ethyl-3- 
methylimidazolium tetrafluoroborate (ionic liquid) on the tube side in membrane 
reactor and syngas on the shell side of the reactor. They used commercial methanol 
synthesis catalyst and modified mesoporous alumina (hydrophobic) membrane.

Rahimpour and co-workers reported a reactor configuration with shell and tube 
Pd membrane (H2 permeable) reactor. The feed flow from the tube side and pure 
hydrogen was on the shell side. The unique membrane configuration allows diffu-
sion of H2 from the shell to the tube to maintain a desired ratio of H2/CO2 along the 
reactor length. Methanol yield was enhanced with decrease in membrane thickness 
and increasing the shell side flow rate [109]. Further, the same research group have 
performed comparative study  between conventional methanol synthesis reactor 
and dual membrane reactors with similar shell and tube arrangement. The first reac-
tor in dual configuration was cooled by cooling water, and second reactor was 
cooled by feed syngas. The application of H2 permeable palladium-silver (Pd-Ag) 
membrane on the tube side of second reactor configuration improved methanol 
yield by H2 diffusion through the tube side of the reactor [110]. The dual membrane 
reactor with two different membranes in each reactor configuration has been also 
reported; one membrane was used for feeding H2 and other for removal of water. 
The objective function used to determine the optimal operating condition was a 
function of outlet molar flow rate of methanol. The optimal operating conditions 
were determined using genetic algorithm. The optimized dual membrane reactor 
provides higher CO2 conversion and methanol yield [111].

Increasing CO2 concentration problem can be solved by utilizing it to convert in 
valuable products in order to mitigate the global warming and its associated effects 
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by simultaneously meeting the increasing energy demands. Many approaches such 
as thermocatalytic, photocatalytic, biocatalytic, electrocatalytic, and photo- 
electrocatalytic have been used for conversion of CO2 to value-added product [112]. 
However, the challenge in each approach is the activation of linear CO2 molecule 
due to its high stability (dissociation energy of 750 kJ mol−1 of C=O bond) [113]. 
Several value-added products like formic acid, formaldehyde, methane, and metha-
nol are possible from CO2 reduction reaction. CO2 reduction process requires energy 
input; hence, utilization of renewable sources of energy such as sunlight is a sustain-
able means. In photocatalytic processes, solar energy is utilized to carry out the 
chemical reaction. Therefore, heterogeneous and homogeneous photocatalytic 𝐶𝑂2 
reduction could be a promising way to tackle the dual problem of global warming 
and meeting the increasing energy demand.

4  Advantages of Photocatalytic Conversion Process over 
Thermocatalytic Conversion

The CO2 conversion process takes place at moderate reaction conditions, i.e., at 
atmospheric pressure and temperature, unlike in case of thermocatalytic process 
where high temperature and pressures are required. Energy source in case of pho-
tocatalytic process is solar light which is present in enormous amount. In photo-
catalytic route, the hydrogen source is water, while  in the case of 
thermocatalytic conversion process, the source of hydrogen is H2 gas. Hence, cost 
of water as a hydrogen source in photocatalytic process is lesser compared to 
hydrogen gas. The total energy input cost in case of photocatalytic is far less com-
pared to that in case of thermocatalytic conversion process. The photocatalysts 
used in case of photoconversion processes possess the quality of recyclability. As 
the conversion process takes place at low temperature and pressure in case of pho-
tocatalytic conversion, the number of cycles for which catalysts can be used are 
more in case of photocatalyst when compared to the recyclability of the thermo-
catalyst. With lesser initial investment and higher duration of use, the photocata-
lytic process is a promising means to utilize CO2 for conversion to value-added 
chemicals.

The photocatalysts are majorly semiconductors, possessing band structure with 
conduction and valance bands. The highest occupied energy band that is completely 
occupied is the valance band, and the energy band from top that is unoccupied is the 
conduction band. The difference between the valance and conduction band is the 
band gap, and through thermal interactions, the electrons can move from valance to 
conduction band and vice versa. Conduction band energy is higher compared to that 
of the valance band. The population density of the charge carriers, i.e., electron 
(negative charge carrier) and holes (positive charge carriers), can change upon inter-
action with light. For the activation of stable CO2 molecules, the energy input is 
desired; in photocatalytic process, this energy is provided by the high-energy elec-
trons. The high-energy electrons are the electrons that are present in the conduction 
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band of the photocatalyst. The holes generated are present in the valance band of the 
photocatalyst. These charge carriers contribute in the reduction of CO2 reduction 
process by different interaction mechanism with adsorbed species.

4.1  Photocatalytic Reduction

The photocatalytic CO2 reduction process consists of the following steps (shown in 
Fig. 7):

 1. The first step is the photoexcitation of electrons in photocatalyst from valence band 
to conduction band by absorption of photon having energy more than the material 
band gap. In this step, generation of charge carriers, i.e., electrons and holes, in 
equal concentration in conduction band and valance band, respectively, takes place.

 2. The second step is the diffusion of charge carriers from bulk to the catalyst sur-
face where these participate in redox reactions. This step proceeds competitively 
with electron-hole charge recombination depending upon timescale for carriers 
to reach the catalyst surface and lifetime of the charge carrier before they com-
bine with their counterpart to generate heat which depends on material proper-
ties and modifications of the surface.

 3. The third step is reduction reaction of the adsorbed CO2 on the conduction band 
via reduction pathway to form products like CO, CH3OH, CH4, and HCOOH 
depending on thermodynamic potential. The CO2  reduction reaction proceeds 
competitively with the reduction of water to form hydrogen, i.e., hydrogen evo-

Fig. 7 Photocatalytic reduction of CO2 to various possible products
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lution reaction (HER), whereas on the valance band, the oxidation of H2O takes 
place to form O2, i.e., oxygen evolution reaction (OER).

 4. Final step after the photocatalytic reaction is the desorption of products. It is 
essential that the formed products are timely released from catalyst surface or 
else the catalyst sites are blocked for further substrate adsorption, or further back 
oxidation/reduction could take place.

4.2  Thermodynamics of Photocatalytic Reduction 
of Carbon Dioxide

Due to the high stability of CO2, its reduction is thermodynamically not feasible 
without external energy supply. In photocatalytic process, this extra energy is pro-
vided by high-energy electrons generated via photoexcitation. However, the reduc-
tion reaction feasibility is governed by thermodynamic driving force which is the 
potential of the conduction band edge relative to the reaction reduction potential 
[114]. Reactions with less negative reduction potential than the conduction band 
edge potential are thermodynamically feasible, whereas reactions with more nega-
tive reduction potential are not favored. Similarly, for oxidation reactions which 
occur via electron transfer to valence band holes, reaction with reduction potential 
less positive than the valence band edge potential is thermodynamically feasible. 
The substrate with more positive reduction potential is a better oxidant and tends to 
reduce those with lower reduction potential values. Hence, if the reduction potential 
of donor is less positive than valance band edge and reduction potential of acceptor 
is less negative than the conduction band edge, electron transfer will be thermody-
namically feasible. Table 5 enlists the reactions stoichiometry with redox potential 

Table 5 Standard redox potential for CO2 reduction reactions (P = 1.0 atm and T = 25 °C)

Reactions Redox potential w.r.t NHE at pH = 7

CO CO2 2+ →− −e Eredox eV0 1 9= −( ).
CO2 + 2H+ + 2e−→HCOOH

Eredox eV0 0 61= −( ).
CO2 + 2H+ + 2e−→CO + H2O

Eredox eV0 0 53= −( ).
CO2 + 4H+ + 4e−→HCHO + H2O

Eredox eV0 0 48= −( ).
CO2 + 6H+ + 6e−→CH3OH + H2O

Eredox eV0 0 38= −( ).
CO2 + 8H+ + 8e−→CH4 + 2H2O

Eredox eV0 0 24= −( ).
2H2O + 4H+→4H+ + O2

Eredox eV0 82= +( ).
2H+ + 2e−→H2

Eredox eV0 0 41= −( ).
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(vs. SHE) which could occur while reducing CO2, and Fig. 8 shows different photo-
catalyst band edges potential w.r.t SHE. Therefore, if reduction potential of reduc-
tion reactions is less negative than the conduction band edges potential, the reduction 
reaction would be favored on to that photocatalyst. Similarly, if oxidation reaction 
potential is less positive than the valance band edge potential, the oxidation reaction 
is favored on the photocatalyst. Other than the thermodynamic feasibility of reac-
tion, several factors play important role in driving the CO2 photoconversion process.

4.3  Mechanism of Photoreduction of CO2

The CO2photoconversion is a complicated process in which the photoexcitation of 
the catalyst provides the electrons. The transfer of the electrons takes place competi-
tively on the adsorbed CO2 and protons over the catalyst surface [115]. Transfer of 
electron to the stable linear structure of CO2 (first elementary reaction) is typically 
the rate-controlling step in most of the proposed pathways. Reaction medium, i.e., 
water, primarily acts as the proton and electron donor. The transfer of protons and 
electrons governs the type of intermediate formed and its rate. Based on the product 
formation, many possible reduction pathways are proposed. In 1979, Innoue et al. 
[114] proposed two electrons and two protons formaldehyde pathway in an aque-
ous medium.

Fig. 8 Band gap energies of different semiconductors with their respective band edges
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Their research proposed that the formation of C1 products like formic acid, metha-
nol, methane, and formaldehyde formation is well explained based on reaction 
potential. However, this pathway was unable to explain the formation of interme-
diate free radical species, which were observed in ESR experiments. Therefore, 
Subrahmanyam et  al. proposed carbene radical mechanism that explained the 
formation of the hydrocarbons via radical pathway [116].
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Apart from C1 hydrocarbon and alcohol formation of different products like for-
mate and methyl formate, formaldehyde was explained by glyoxal pathway pro-
posed by Shkrob et al. [117]. In this pathway, initially formaldehyde intermediate is 
formed, which gets converted to glyoxal intermediate and then to final products.

4.4  Catalyst Modifications in CO2 Reduction

The photoreduction of CO2 takes place via photoexcitation of electrons under light 
illumination. At a larger band gap, the UV radiations would be able to excite the 
electrons. The sunlight contains approximately 40% radiations in the visible light 
range. Therefore, to enhance the photoresponse range, several techniques have been 

K. Tripathi et al.



585

adopted. Metal and non-metal doping, sensitization, and coupling semiconductors 
are few commonly known strategies. Each method has its advantage and disadvan-
tage, and the adopted process can vary depending on application and conditions.

4.4.1  Metal and Non-metal Doping

Doping is the intentional introduction of the metal or non-metal in semiconductor 
lattice for tuning the optical and electrical properties. In the case of doping in crys-
talline structures, less amount of species is introduced in the crystal lattice. Norskov 
et al. [118] found that upon doping, introduction of new d states near the Fermi level 
can take place. Due to the new state, there is variation in electrical and optical prop-
erties, which affects the activity and light absorption. Koci et al. [119] found silver 
doping on TiO2 for range of 1–7% and found the shift in the absorption band edge 
of TiO2 from 2.98 to 2.74 eV for 7%Ag-TiO2. The product yield has increased with 
increased doping content due to the formation of a Schottky barrier at the contact 
region of the metal and semiconductor, which prevents charge recombination, 
thereby enhancing the activity. Nogueira et al. [120] found that methanol formation 
was enhanced due to Nb doping via not modified sputtering technique compared to 
that modified by sputtering primarily due to metallic Nb particles promoting the 
transportation of electrons. Li et al. [121] studied the effect of various metal dopant 
for varied loading amount and found that methane formation is maximum for 
0.2 wt% loading of Pt compared to Ag and Au. In the same study, N doping were 
found to enhance visible light absorption. The optical properties and synergism with 
noble metal determined the overall catalytic performance. From metal and non- 
metal doping, the restructuring of the band structure happens which alters the reac-
tivity trends.

4.4.2  Semiconductor Coupling Via z-Scheme or Heterojunction formation

To enhance the activity of semiconductor photocatalyst, coupling with another 
semiconductor of an appropriate valance band potential is a promising strategy. The 
coupling of two semiconductors can be of two types, either a type II heterojunction 
contact formation takes place, or they could form a z-scheme-type of arrangement. 
Contact type depends on the relative positions of band edges, Fermi level, and work 
functions of parental semiconductors. When z-scheme type arrangement is formed, 
it tends to promote spatial charge separations and utilize the benefits of two-compo-
nent semiconductors [122]. Yu et al. [123] found the binary system of ZnO-C3N4 
enhanced the selective methanol formation by 2.5 times due to the extended light 
absorption range because of direct z-scheme construction. Tahir et al. [124] found 
that the combination of ZnV2O6/C3N4 gives better selectivity for methanol forma-
tion due to 2D–2D nanosheets heterojunction with faster charge separation. Several 
other combinations for coupling are possible, which can enhance the activity. 
However, the activity depends on environmental and operating conditions; 
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therefore, to qualitatively select a catalyst uniform scale to quantify, the activity is 
required.

Efficiency Measurement

The photocatalytic reaction rate can be measured as product yield expressed in 
μmolg−1h−1 or pm g−1h−1. Another factor that controls the efficiency of product for-
mation is incident photon rate which is dependent on light intensity, irradiation area, 
and time, which can be measured by quantum efficiency [125].
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Turnover number (TON) is another quantification parameter for measuring the 
performance of CO2 reduction, expressed as:
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TCEN, i.e., total consumed electron number, per unit time and per unit photo-
catalyst mass can also be used for estimating the efficiency of CO2 reduction. It is 
given as a function of product amount and the incident photon number [126] given 
by following relation:
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where Vreactor denotes reactor volume, tirr is time of irradiation, mcat is mass of cata-
lyst, Cproduct is product concentration, and nelectrons is electrons number for conversion 
to product. The efficiency of process is dependent on incident photons, which is 
governed by light distribution inside the reactor. Therefore, reactor system consid-
ered is an important factor which governs the efficiency.

4.5  Reactor Systems for Photocatalytic CO2 Reduction

The photocatalytic reactor design influences performance due to variation in geo-
metrical configuration, light source, and degree of mixing. The critical parameters 
for the type of photoreactor are phases involved. In two-phase systems, the phases 
can be either gas-catalyst or liquid-catalyst. In three phase system, catalysts are in 
solid phase, while reactants and products are in liquid or gaseous phases depending 
on mode of operation (batch, semi-batch, or continuous). Catalyst distribution/load-
ing is another criterion to group photoreactor system into two categories: fluidized 
and slurry bed photoreactors and fixed bed photoreactor [127]. Briefly, some com-
monly used photoreactor systems are discussed below.

4.5.1  Fluidized and Slurry Bed Reactors

Solid catalyst powder is dispersed in a liquid medium with CO2 in the gas phase. 
Reductants in these reactor configurations can be H2O(l) and H2(g). The advantages 
of the slurry photoreactors are:

• The particles suspension is over the entire volume; hence, they can offer high 
surface area.

• Heat and mass transfer rates increase considerably due to the high mixing of 
solid particles in the fluid.

• Initial investment is low, and the construction is simple to design a reactor at 
large scale.
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The operation mode of the photoreactor can be either batch or continuous. CO2 
bubbling takes place initially, and then the reactor is sealed for carrying out the reac-
tion by irradiating the lamp. On the other hand, continued injection of CO2 is 
required into the irradiated reactor for the continuous photoreactor’s configuration. 
The liquid products (e.g., CH3OH, HCOOH) and gaseous products (e.g., CH4, CO, 
H2) are collected continuously in specific time intervals for analyzing quantitatively 
and qualitatively by chromatographic or titration techniques. The limitations of the 
slurry photoreactors in either configurations are:

• After reaction, it is challenging to separate the catalyst from the reaction mixture.
• As the reaction proceeds in the liquid medium suspended with catalyst, due to 

the light scattering and absorption, there is a decrement in light utilization 
efficiency.

4.5.2  Fixed Bed Photoreactors

Fixed bed reactor configuration came into the picture to overcome product separa-
tion limitations in the slurry reactor system. In this system, the catalysts are usually 
set up over fixed support, say beads, monoliths, etc. The photocatalyst can be coated 
on support or kept directly over the photoreactor wall. The advantages of fixed over 
slurry reactors are [127]:

• As the catalysts are immobilized on a fixed support, the process can be operated 
continuously avoiding the cost of catalyst separation.

• The reaction completes faster in the fixed bed photoreactor system. Larger grain 
size catalysts can be utilized, providing the advantage of better external mass 
transfer and lower pressure drop.

• Higher surface volume ratio and lesser pressure drop enable achieving a higher 
flow rate, which leads to more straightforward modification.

• Flow regime relatively closer to plug flow can be obtained leading to higher con-
version rate per unit mass of catalyst.

• Photons in this system configuration directly reach the exposed catalyst surface 
avoiding any light scattering or absorption.

The downsides of fixed bed reactors are:

• The problem of the temperature gradient between gas and solid surface arises.
• Maximum usage of optical fixed bed reactors is difficult to achieve.
• Due to the heat buildup, it can lead to deactivating the catalyst rapidly.

However, both the reactor systems have their advantage, and the choice of the 
system configuration depends on the product requirement and application.
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4.6  Challenges Associated with Carbon Dioxide Reduction

The generation of charge carriers limits CO2 photoreduction process. It is a revers-
ible process and is accompanied by bulk or surface recombination of electrons and 
holes to generate heat energy, thereby decreasing the efficiency of the conversion 
process. Even if the reduction process is feasible, the conversion of CO2 to CO2

•─ 
requires higher energy due to its more reduction potential and therefore becomes the 
rate-controlling step in most of the proposed pathways for CO2 reduction. Controlling 
the selectivity of the final product is an essential factor due to several possible prod-
ucts, and re-oxidation of the formed products is also a crucial parameter. The quan-
tum efficiency depends on irradiations and reactor design. Designing a reactor to 
uniformly distribute the catalyst and illuminate the larger area for high activity also 
plays a crucial role. Separation of formed products is also a critical factor that would 
govern the scale-up of the process.

5  DME: A Valuable Methanol Derivative

Synthetic fuels from non-conventional and renewable resources are going to replace 
the lion-share petroleum-derived fuels in the transportation sector. Steady energy 
supply from various energy sources and shifts to renewable energies are required to 
sustain the activities of mankind. Along with bioethanol and biodiesel, dimethyl 
ether (an important derivative of methanol) is also gaining importance as an alterna-
tive synthetic fuel. DME can be used as a cleaner highly efficient fuel with reduced 
SOx, NOx, and particulate matter. It does not possess any large toxicity issues and 
can be proficiently reformed to H2 at lower temperatures. DME can be produced 
from natural gas, coal, biomass, and also from heavy oil. Currently, almost all DME 
is produced through dehydration of methanol with well-established infrastructure 
for production.

There are two methods under development: the two-step process (indirect 
method) of adding a dehydration step to the latter part on industrial methanol pro-
cessing and the one-step (direct method) of synthesizing DME directly from syngas 
(mixture of H2 and CO). Methanol dehydration reaction occurs over solid acid cata-
lysts such as γ-alumina, zeolites, and aluminum silicates. For direct synthesis of 
DME from syngas, catalysts with two active centers, one for methanol synthesis and 
one for methanol dehydration, are required. The direct method of DME synthesis 
from syngas is considered to be more feasible as compared to the indirect process. 
The main reasons are as follows:

• Thermodynamic thresholds associated with CO conversion to methanol could be 
surmounted by the synergistic effect between methanol synthesis and its dehy-
dration catalyst components.
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• As methanol is formed in situ and converts to DME within the same reactor, 
methanol purification can be eliminated which increases the cost-effectiveness of 
the process.

The zeolite-based catalysts are preferred over other solid acid catalysts, due to 
stability and easy tuning of acidic sites. The combination of various methanol syn-
thesis components like Cu/ZnO/Al2O3, Cu/ZnO/ZrO2, and Cu/ZnO/Ga2O3 with zeo-
lites is reported in literature for single-step DME synthesis. The water produced 
using DME synthesis deactivates conventional Cu/ZnO/Al2O3 catalyst. Thus, 
Zr-modified Cu/ZnO/Al2O3 hybridized with HZSM 5; DME yield of 18.3% was 
obtained at 220 °C and 27.6 bar [128]. Frusteri et al. [129] reported Cu-Zn-Zr/FER 
catalyst prepared by gel oxalate coprecipitation of Cu/Zn/Zr precursors in FER 
slurry. The CO2 conversion of 26% with 55.7% DME selectivity was observed at 
260 °C and 50 bar. The specific features of zeolites alter surface chemistry of the 
Cu-Zn-Zr catalyst. In addition, the acidity of the Cu-Zn-Zr/zeolites is also altered 
[130]. Temvuttirjon et  al. [131] reported Cu-Zn-Zr catalyst admixed with solid 
SO4

2− -ZrO2 catalyst. The solid SO4
2− -ZrO2 was synthesized by impregnation of 

ZrO2 with H2SO4. The sulfur loading influences the physicochemical properties of 
sulfated ZrO2 catalyst and DME synthesis. At monolayer coverage of S (3.63 wt%), 
the DME yield was highest (4.54% at 260 °C and 20 bar).

Parallel to the process development, catalytic design of DME synthesis catalysts 
remains important. Special aspects are the improvement of activity, selectivity, and 
resistance to sintering and deactivation. Most recent research deals with exclusively 
copper-based catalysts.

The focus will be on the detailed study of the physicochemical foundations of 
direct DME synthesis from syngas, resulting in the development of the appropriate 
catalyst and process technology. Development of the rigorous catalytic system 
which can work at lower pressures and temperatures (lower than that of the current 
industrial processes) is aimed in near future.

6  Conclusions and Future Trends

Despite several amendments in the catalytic technologies for conversion of carbon 
oxides, there is still a scope for improvement. More research in process system 
engineering in particular for heat integration is the main avenue towards overcom-
ing the economic limitation. Since the main drawback of the methanol synthesis 
process is the thermodynamic limitation, the use of membrane reactors finds a 
potential to separate the reaction products, thereby shifting the equilibrium in the 
forward direction and increasing the conversion. The future research should focus 
on scaling up these membrane reactors so that they can be applied industrially. From 
catalyst point of view, the major shortcomings are the early deactivation, formation 
of water, easy metal sintering, hot spot formation, etc. which results in the degraded 
efficiency of the process. Use of reproducible water permeable membranes seems to 
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be an effective solution to remove the produced water from the system. This will 
help in protecting the active metal from the water corrosive environment and 
increasing shelf life of the catalyst. On the other hand, structured catalyst motifs 
(like honeycomb monoliths) are the new class of catalysts identified by some of the 
researchers which may facilitate the solutions to the catalyst-related problems 
encountered during the methanol synthesis process.

As far as photocatalysis is considered, use of solar energy for carbon oxide con-
version appears to be economically promising route. However, poor product selec-
tivity and low conversion efficiency are the major challenges associated with this 
phenomenon. New photocatalytic materials with high quantum yields and innova-
tion in the reactor design and configuration are the need of the hour.

Carbon oxide conversion is presenting challenges as well as opportunities to the 
research community worldwide for protecting the energy and environment. A lot of 
measures can be expected in near future to achieve stable economic process, effi-
cient catalytic systems, and simple innovative reactor designs which will prove to be 
fruitful in enhancing the CO/CO2 utilization via greener means.
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Efficient Homogeneous Catalysts 
for Conversion of CO2 to Fine Chemicals
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Abstract Fossil fuel combustion is often considered as one of the major threats to 
the environment, because of the carbon dioxide (CO2) release in the atmosphere. 
Such an accumulation of CO2 in the atmosphere leads to drastic climate change in 
the environment. The control in the discharge of CO2 into the atmosphere and the 
effective utilization of CO2 are great global challenges behind us. The recent 
research works show there are reasonable technologies developed on the CO2 cap-
ture, and utilization leaves us to relieve little. The recent progresses in the organo-
metallic chemistry and catalysis afford the effective chemical transformation of CO2 
and its incorporation into synthetic organic molecules under mild reaction condi-
tions. The catalytic conversion of CO2 into small and beneficial molecules such as 
carbonates, methylamines, methanol, formic acid, etc., by molecular catalysts, is an 
interesting topic that has significantly developed in recent years. The aim of this 
chapter is to reveal the recent advancement in the CO2 capture and its utilization in 
the synthesis of commodity chemicals. In addition, this also converses various 
homogenous metal complexes, catalyzed fine chemicals synthesis, and their 
challenges.

Keywords Carbon dioxide · Trapping technologies · Homogenous catalysis · Fine 
chemicals · Energy materials

1  Introduction

The CO2 is the most essential gas molecule required for the survival of the living 
organism in the environment. The photosynthetic process which involves the con-
version of CO2 to glucose via the chlorophyll is the natural process. The CO2 intake 
and oxygen release during photosynthesis deserve everlasting importance due to its 
connectivity on the survival of all living organism in the atmosphere. Due to modern 
civilization and industrialization, a huge volume of CO2 is discharged into the 
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atmosphere and becomes a hazardous pollutant [1–4]. The CO2 is an eco-friendly, 
stable, and renewable carbon resource; hence, it is considered as a very attractive 
feedstock for the synthesis of fine chemicals, fuels, materials, etc. Thus, the CO2 is 
not only an eco-friendly feedstock, but it also replaces the phosgene and carbon 
monoxide in many industrial processes [5]. The usages of fossil fuels can be reduced 
when the fuels are derived from CO2. Hence, the technology on the CO2 capture 
from an industrial source, atmosphere, and utilization to make “fine and specialty 
chemicals” is highly essential [6]. The concept, development, and deployment of a 
green, high-efficiency and cost-effective CO2 capture and conversion technology 
not only help the society to become cleaner, safer, and more sustainable but also 
offer the development of a more sustainable energy economy [7].

1.1  Carbon Dioxide Activation

The CO2 molecules exist in the gaseous state at atmospheric temperature and pres-
sure. It becomes solid which is well-known as dry ice at the temperature below 
−78.5 °C. In addition, the molecules can be liquified by compression and removing 
the heat which is known as supercritical CO2 (scCO2), at temperature (>31.1 °C) 
and pressure (>73.9 bar) [8]. The CO2 is a bifunctional molecule with Lewis acidity 
at carbon and Lewis basicity at the oxygen atom. Overall, CO2 is a weak electro-
phile [9].

CO2 possesses the lowest free energy (ΔGf˚ = −396 kJ/mol) among all carbon- 
containing binary neutral species, due to its fully oxidized state of carbon [10]. 
Hence, CO2 requires high amount of energy for its activation and conversion to fine 
chemicals. Hence, the usage of energy-rich substrates such as hydrogen, unsatu-
rated molecules, cyclic organic molecules, and organometallics is usually required 
to activate the CO2 molecule. In some reactions, it is essential to remove the product 
or by-product in order to shift the equilibrium towards the selective product forma-
tion (Fig. 1) [11].

Since the carbon atom in CO2 is electrophilic, it will be prone to interact with the 
nucleophile. Therefore, the CO2 is activated upon interaction with Lewis base, e.g., 
the molecule containing hydroxyl group [12], DBU (1,8-diazabicyclo[5.4.0]undec-7- 
ene), NHC (N-heterocyclic carbene) [13], N-heterocyclic olefin, and so on [14]. In 
addition, the CO2 can be activated using metal centers through its four different 
modes η1-C, η1-O, η2-(C-O), and η2(O,O) depicted in Fig. 1. All these four different 
modes for the interaction of CO2 are well established [15]. The first well-character-
ized side-on metal–CO2 complex (PCy3)2Ni(CO2)[where Cy =cyclohexyl] is 
reported in the literature. Here the Ni coordinating to two phosphine ligands the 
CO2 exists in planar environment. Here the Ni is coordinated in η2-(C,O) fashion 
which is confirmed by crystallography [15].
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1.2  Chemical Fixation of CO2 to Value-Added Products

The catalytic reactions for CO2 conversion [16] are broadly classified into three dif-
ferent categories (Fig.  2). In first, the CO2 is incorporated (or fixation) into the 
substrates without breaking the molecule, i.e., the oxidation state at the carbon 
remains the same. The carbonates material or organic scaffolds are achieved in pres-
ence of suitable substrate (Fig. 2a). The polycarbonates are most extensively used as 

Fig. 1 Energy profile diagram and activation of carbon dioxide

Fig. 2 (a–c) Fine chemicals and fuel synthesis from CO2
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plastic materials, solvents, and commercially important intermediates. The present 
annual production of polycarbonate production was around 2 million tons world-
wide [17]. The second scenario is the partial hydrogenation of CO2 by using the 
stoichiometric ratio of reactants especially CO2 and H2. The selective synthesis of 
formic acid, methanol, formaldehyde, amide derivatives, urea, salicylic acid, and so 
on can be achieved (Fig. 2b) [18]. The complete reduction of CO2 using an excess 
of H2 or other hydrogen sources produces hydrocarbons such as methane, light ole-
fin, and so on using suitable catalysts (Fig. 2). The hydrogenation of CO2 to liquid 
hydrocarbon is converted using the process of reverse water gas shift (RWGS) reac-
tion and Fischer-Tropsch synthesis (FTS). This process is also known as “power-to- 
gas,” i.e., the electrical energy achieved using CO2, without the consumption of 
fossil fuels [19, 20].

The reactions of CO2 with organic molecules such as amines or olefins, etc. are 
exothermic, which doesn’t require high-energy input. This is because the CO2 is 
encapsulated into the organic molecules without changing its oxidation state. The 
organic scaffolds like carboxylates, lactones, carbamates, urea derivatives, isocya-
nates, carbonates, etc. fall in this category [21]. The products obtained by reducing 
the CO2 are the endothermic processes which require high energy (heat) due to 
breaking of CO2. Hence, the synthesis of commercial chemicals like formic acid, 
oxalate, formaldehyde, carbon monoxide, methanol, dimethyl ether, methane, etc. 
requires high energy in combination with suitable catalysts (Fig. 3) [22].

To achieve the selective fine chemicals, fuels, and intermediate compounds 
(Fig. 3) from CO2, various catalysts are explored, and some are involved in the com-
mercial process [23]. The material catalysts such as metal oxides are extensively 
applied and reviewed.  But the homogeneous catalyst which includes various metal 
complexes, organocatalysts, etc. are rarely explored for commercial purpose 
because of their non-cyclability and non-suitablity for continuous batch process 
[24, 25].

2  Carbon Dioxide Capture and Separation 
from Various Sources

CO2 capture aims to remove selectively CO2 from the mixture of air and industrial 
source and from other sources of emissions. This methodology involves the capture 
of CO2 to produce huge volume, which can be compressed, transported, and used as 
carbon source [26, 27]. The CO2 capture technology developed is based on the 
amount of CO2 emits from the source, i.e., from the stationary point (e.g., the indus-
trial source where huge amount of CO2 is dumped into the atmosphere), and the 
second from the atmosphere, i.e., the ambient air which is having less concentration 
of CO2 (Fig. 4). CO2 capture from industries like coal power plants contains CO2/
N2, the emission from natural gas wells contains the mixture of CO2/CH4, and the 
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Fig. 3 List of fine chemicals obtained by catalytic fixation of carbon dioxide
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gasification plant’s emission contains large amount of CO2/H2 gases. In addition to 
the mixture of gases from industrial emission, the CO2 concentration in iron-steel 
industry plant contains 3–30%, the power plant emission contains 15–40% CO2, 
whereas in the case of oxy-combustion plants, it exists with high concentration, i.e., 
75–80% along with additional impurities (Fig. 4). Capturing the low ppm level of 
CO2 from atmosphere still remains to have challenges. However, a significant suc-
cess has been achieved in the case of stationary point sources [28].

In addition to the various sources of CO2 emission, the selective capture of CO2 
from the atmosphere is still a challenge due to low concentration (400 ppm) at atmo-
spheric temperature, when compared to the stationary point source from industry 
[29]. In general various absorbents, adsorbents, and membranes are used for CO2 
capture from a stationary source and atmosphere.

Pre-combustion capture refers to the removal of CO2 before the complete com-
bustion of fossil fuels. The post-combustion capture refers to capturing of CO2 from 
the flue gas after complete combustion of the fossil fuels. The pre-combustion pro-
cess emits a high concentration of CO2 when compared to post-combustion. Hence, 
the suitable adsorbents with desired functionality for selective CO2 capture are 
essential which should be stable at high temperature and pressure.

There are successful techniques employed for the CO2 capture from various 
sources. However, the CO2 capture materials are broadly classified into three types 
as follows: (1) the absorption of CO2 using the amines, alkaline, ionic liquids, etc.; 
(2) the adsorption of CO2 using porous solid material such as zeolite, MOF, and so 
on; and (3) the separation using membrane such as organic, inorganic, and matric 
membranes. Hence the materials for CO2 capture needs to be efficient at specific 
pressure and temperature with excellent selectivity [29].

Fig. 4 CO2 capture from various sources using efficient techniques
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2.1  Chemical Absorption

The CO2 is separated from the flue gas by passing through a continuous scrubbing 
system that contains an absorber and a desorber. The absorption processes utilize 
the reversible chemical reaction of CO2 with an aqueous alkaline solvent, usually an 
amine [26]. In the desorber, the absorbed CO2 is stripped, and a pure stream of CO2 
is sent for compression. The technique is suitable for post-combustion CO2 capture, 
and this process was initially established in 1930 to capture the CO2 from ammonia 
plant. They mostly used ammonia, aqueous amines, and alkali for CO2 capture from 
flue gases [30].

The CO2 absorption mostly occurs in an aqueous medium [26, 31]. Among the 
alkali, monoethanolamine (MEA) was mainly adopted for the removal of CO2 from 
natural gas and hydrogen. In view of amine, the piperazine in aqueous solution 
exhibits better performance in the CO2 capture. Moreover, the amount of CO2 
absorbed on piperazine is more than twice compared to MEA [32, 33]. There are 
three amine-based technologies (such as Fluor Econamine FG PlusSM (EFG+) tech-
nology, KM-CDR, and the Kerr-McGee/AGG Lummus Crest (KMALC) technol-
ogy) for the absorption of CO2, under moderate working conditions. All these 
amines are efficient at ambient pressure for CO2 capture [31, 34, 35]. In addition to 
organic amines, the aqueous ammonia can also be employed for chemisorption of 
CO2 from flue gas and natural gas streams. This process relies upon a temperature 
swing to cycle between ammonium carbonate and ammonium bicarbonate. The 
major drawbacks include their low CO2 adsorption capacity and the associated high 
cost as major challenges to commercialize. The drawbacks may be possible to over-
come using the amine-grafted and amine-impregnated materials by enriching the 
amine or nitrogen groups [34, 35].

2.2  Chemical Adsorbents: Amine-Impregnated 
and Amine-Grafted Material

To enhance the adsorption capacity, the amines are generally loaded on solid mate-
rial. Among the various amines tested, polyethyleneimine (PEI)-impregnated meso-
porous silica, MCM-41, etc. are showing well adsorption capacity. A higher PEI 
loading significantly enhanced CO2 adsorption capacity together with the decreases 
of surface area, pore size, and pore volume of the PEI-impregnated supports. The 
highest CO2 adsorption capacity of 3.02  mmol/g was achieved for the PEI-
impregnated MCM-41 (PEI/MCM-41) with 75 wt% of PEI loading [36].

Although high CO2 adsorption capacity was observed in amine-impregnated 
materials, the lack of thermal stability in desorption needs to be overcome. The 
amine-impregnated materials are further improved as amine-grafted solids in which 
the amine is covalently impregnated to the intra-channel surface of mesoporous 
silica. There are various amine-functionalized silica materials used for the 
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post- combustion and capture of CO2 from ambient air [37, 38]. Among the amine-
grafted materials, the N-[(3-trimethoxysilyl)propyl]diethylene-triamine (3N-APS) 
grafted (Fig. 5) on SBA-15 exhibits a better adsorption capacity of 3.06 mmol/g.

2.3  Solid Adsorbents

Adsorbents are mainly classified into two types depending upon their interaction 
with the gaseous molecules: (1) physisorption and (2) chemisorption. The physical 
adsorption through physisorption involves the van der Waals interaction, whereas in 
the case of chemisorption, the covalent bonding type interaction mediates between 
the gas molecules. In the case of physical absorption, the ionic liquids (ILs) include 
a broad category of salts used to trap gaseous CO2 and are stable even at high tem-
peratures [39, 40] and pressure.

The solid sorbent materials can remove CO2 selectively from gaseous streams by 
adsorbing on its solid surface. The CO2 uptake capacity, selectivity, stability, and 
regenerability are few main adsorption properties of solid adsorbents [41]. The 
surface- adsorbed CO2 can be regenerated through a vacuum swing system to liber-
ate CO2 at suitable temperature and pressure. The solid sorbent materials used for 
CO2 capture include activated carbon, metal oxides, zeolites, alkaline, amine- 
enriched solids, lithium zirconates, MOFs, COFs, etc.

The CO2 capture using physical adsorbent material on solid state deserves sev-
eral advantages when compared to chemisorption materials. The activated carbon 
materials are abundant; the zeolite materials along with abundance possess high 
crystalline structure, high surface area, ability to alter their composition structure 
and ratio, etc. In addition, the mesoporous silica exhibits high volume, surface area 
and tunable pore size, and thermal and mechanical stability. The metal-organic 
frameworks (MOFs) exhibit advantages of very high surface area, adjustable pore 
spaces, pore surface properties, and exceptional adsorption capacity for CO2 [42].

Similarly, the zeolites, a crystalline aluminosilicate, are known for their well- 
defined porous structures. The crystalline materials stack into regular arrays with 
the appropriate channels, making them potential for CO2 capture. In general, the 
gaseous stream when pass through such porous materials needs to be cooled below 
100 °C. The main drawback of using such zeolites is its poor adsorption capacity 
and stability in the presence of moisture and other impurities. Hence, the impurities 
in the zeolites need to be removed before utilizing them for CO2 capture [42, 43].

Similar to zeolite, another category of emerging porous material is MOF. The 
metal-organic frameworks (MOFs) are well-known for their porosity and gas 
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adsorption studies. The MOF with desired porosity and cavity is considered to be 
more suitable for selective gas adsorption. The materials can be designed with 
desired pore size, active sites, polar functional groups and also with alkali metal 
cations that are essential for selective adsorption. MOFs are suitable for capturing 
CO2 under elevated pressure sceneries such as natural gas purification and coal gas-
ification. At low CO2 partial pressures, zeolites and activated carbons perform better 
than MOFs. However, the MOF with excellent adsorption capacity under mild reac-
tion conditions is rare in the literature [44, 45].

2.4  Separation Through Membrane

Membranes, another kind of fascinating separation material, are generally applied 
for gas separation. In general, the membrane-type materials are fabricated using the 
permeable or semipermeable materials, and such permeable and semipermeable 
membranes showed better selectivity towards CO2. The major advantage for the 
membrane separation includes (1) simple operational techniques with minimum 
energy, (2) compactness in their design with suitable concentration of adsorbent 
material, and (3) simple installation of modules into existing infrastructures without 
any movable parts.

The zeolite membranes are most explored for the pre- and post-combustion CO2 
capture, when compared to other inorganic membranes [46, 47]. The highlighted 
advantages of zeolite membrane [48] include (1) outstanding mechanical proper-
ties, (2) thermal stability, (3) least fabrication costs, etc. Such properties made zeo-
lites as efficient materials for post- [49] and pre-combustion CO2 capture [50]. The 
MOF membrane with extremely high porosity and surface areas is found efficient 
for selective trapping of CO2 [51].

Mixed matrix membranes [52] include a bulk and uniform polymer phase in 
combination with a homogeneously assembled inorganic distinct phase. Both of 
them are promising, because they enable synergistic enhancements in CO2 perme-
ability and selectivity with desirable mechanical and thermal stability.

2.5  CO2 Capture from Atmosphere

The industrial process for capturing CO2 from ambient air is one of an emerging set 
of technologies for making clean environment. This CO2 capture is having great 
impact on geological storage of biotic carbon as well as the acceleration of geo-
chemical weathering [53, 54]. In order to address this global climate change prob-
lem, the capture of atmospheric CO2 is very crucial in addition to the CO2 capture 
from the industrial stationary points. The CO2 removal from atmospheric air has 
become a very critical area of research [55, 56], alternatively avoiding CO2 to mix 
with the air and capturing them at the mixing point from industry/vehicles, etc. 
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The CO2 capture from air is very challenging because of thermodynamic limitations 
resulting from the awfully low CO2 concentrations and the energy cost for driving 
large volumes of air through a capturing process. Hence the CO2 separation pro-
cesses like cryogenic distillation and membrane separation are not economically 
viable. During the past several years, enormous contributions have been devoted 
through different approaches for CO2 capture from the ambient air [57].

Alkaline solution-based technologies are well investigated and incorporating the 
chemisorption approach via. LiOH/NaOH/KOH/Ca(OH)2 scrubbing to produce 
metal carbonates with CO2. The produced metal carbonate solution is recycled back 
to the hydroxide-based solution to establish a cyclic process. The captured CO2 can 
be further sequestered or utilized as C1 chemical feedstocks [58].

Traditional solid sorbent materials were also attempted to capture CO2 from 
ambient air. Among the solid adsorbents, the activated carbon and zeolite materials 
which are well-known for post-combustion/pre-combustion CO2 capture are not 
found efficient for capture from ambient air. This is due moisture existing in atmo-
sphere leading to poor selectivity towards CO2 in air [59]. Hence, the emerging 
technologies for CO2 capture from stationary point source are economically more 
worthwhile when compared to atmospheric carbon capture [60].

2.6  Technologies on Carbon Dioxide Conversion to Chemicals 
and Fuels from Various Sources

The CO2 technologies have the great impact on the reduced usage of fossil fuels 
towards energy materials. Although this is the eco-friendly carbon source existing 
in the atmosphere, the suitable methodology will be useful to achieve the value- 
added materials. The Table 1 describes the diverse value-added chemicals that are 
derived on industrial scale using thermo-, electro-, and photochemical and biologi-
cal methods. The commercially existing technologies on CO2 utilization will be 
described in this section in brief [61–63].

2.6.1  Polycarbonate

The Asahi Kasei Corporation (Japan) has established the synthetic methodology 
for aromatic polycarbonate using CO2 for the first time. In the earlier days, the usage 
of phosgene or diphenyl carbonate is used for the synthesis of polyaromatic carbon-
ate. The carbonate in polycarbonate links directly to the residual aromatic rings of 
the bisphenol. This process being clean technology does not require any purification 
process and produces no waste or by-products. Followed by this, several plants are 
built with license agreement in South Korea, Russia, and Saudi Arabia. A total of 
around six companies are involved in the production of polycarbonate using this 
technology with 1.07 million  tons/year by consuming 0.185 million  tons of CO2 
per annum [62, 63].
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Table 1 List of industries using CO2 as feedstock to synthesize fine chemicals

Ent. Company CO2 source Method Product Trade name

1 Novomer Waste CO2 TC Acrylic acid/
butanediol

Converge® polyols

2 Liquid Light – EC Ethylene glycol –
3 Newlight Emission from 

industry
BC Plastic Polyhydroxyalkanoates

4 Skyonic Industrya BC Hydrochloric 
acid

–

5 Dioxide Materials – EC Gasoline/diesel/
chemicals

–

6 LanzaTech Exhaust gas 
from industry

BC Liquid fuels/
plastics

–

7 Bayer Material 
Science

CO2 from 
lignite power 
plant

Zinc 
Cat.

Polyurethane 
plastic

Polyether polycarbonate 
polyols

8 Brain – M Fine and 
specialized 
chemicals

–

9 Joule Ambient air BC Diesel/jet fuel Sunflow-D (diesel)
Sunflow-E (EtOH)

10 Geely Group/CRI Fossil fuel 
source

TC Methanol Vulcanol (TM)

11 Audi/Global 
Bioenergies

From 
combustion 
champers

BC Bio-isooctane e-Gasoline

12 Audi/Joule Waste CO2 
emissions

BC Ethanol/diesel Liquid fuel

13 Audi/Sunfire – TC Diesel –
14 Krajete GmbH Industrial 

source
M Methane Sabatier process

15 Panasonic – PC Formic acid –
16 Green Earth – SD Syngas –
17 Solar Fuel – TC Syngas –
18 Sunfire GmbH Steam + CO2 TC Diesel/kerosene Blue crude
19 Proterro – BC Sugars –
20 Elcriton – MC Biofuel –
21 Renewable 

Energy Institute 
International

– TC Liquid fuels –

aRemoves CO2 selectively from acid gas
TC thermochemical, BC biochemical, EC electrochemical, MC microbial catalyst, SD solar dis-
sociation, M microorganism, PC photochemical method
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The leading company Covestro in Germany produces polyether-polycarbonate 
polyols using the CO2 as the feedstock. The product is commercially known as car-
dyon™ polyols. The polyols are used for the flexible polyurethane foams for use in 
mattresses and furniture using this clean technology [62, 63].

Another company, Novomer Inc., in the USA is involved in the production of 
polypropylene carbonate polyols. This several thousand tons commercial scale 
company in Houston markets in the trade name Converge® polyols contain 50% wt 
of CO2. The polyols are used enormously in polyurethane production for having 
wide applications [62, 63].

Nanyang Zhongju Tianguan Low Carbon Technology in China established the 
methodology for the production of biodegradable polypropylene carbonate with 
efficient catalysts [62, 63]. The CO2 from the ethanol synthesis process is used effi-
ciently for polycarbonate synthesis.

2.6.2  Biopolymers

A company named Newlight Technologies in the USA is involved actively in the 
production of biodegradable polymers in the commercial name “AirCarbon.” This 
polymer contains ≈40 wt% of oxygen from air and 60 wt% carbon and hydrogen 
from captured emissions. This process involves three steps: the first stage involves 
the insertion of the concentrated methane or carbon dioxide to the reactor. Secondly, 
the catalyst pulls out the carbon from the CO2, which is combined with oxygen and 
hydrogen to form a biodegradable long-chain polymer. This high-performance ther-
moplastic can be used as a substitute for oil-derived plastics [62, 63].

2.6.3  Methanol

The industry named Carbon Recycling International (CRI) has involved in the 
process of methanol synthesis using CO2 from the geothermal power plant, with a 
capacity of 5 million L/year methanol production and 5500 tons CO2/year recycling 
capacity which is otherwise released into the atmosphere. The methanol is distrib-
uted in the commercial name Vulcanol™ which is used as a blend component of 
gasoline and for further conversion into a diesel substitute. In this process, the H2 
and CO2 are mixed at 3:1 ratio at optimized temperature and pressure [62, 63].

2.6.4  Hydrocarbon

The hydrocarbon technology of CO2 captured from atmosphere is established by 
Carbon Engineering, an industry in Canada. The industry establishes the air-to- 
fuel systems (A2F) using the CO2 in atmosphere by direct air capture (DAC) tech-
nology. Following three major steps involved in the hydrocarbon synthesis (1) the 
CO2 trapped from air is purified and compressed, (2) water electrolysis using the 
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solar photovoltaic electrolyzer to produce hydrogen and (3) third step involves the 
hydrogenation adopting thermochemical methods to produce syngas followed by 
hydrocarbon synthesis. The hydrocarbon is having applications on diesel alternative 
and jet fuel [62, 63].

BSE Engineering (Germany) explored the commercial technology on methanol 
synthesis from CO2. The hydrogen is produced by alkaline electrolyzer process, and 
the captured CO2 is inserted into reactor in a stoichiometric ratio. The crude product 
contains methanol-water mixture, and by distillation, the methanol was achieved 
with 99% purity [62, 63].

Sunfire GmbH in Germany has established the methodology for hydrocarbon syn-
thesis from syngas in the commercial name of blue crude by FTS process. The 
syngas is produced by electrolysis of water and CO2 using solid electrolysis cell. 
The heat generated during the process is used to evaporate water for steam elec-
trolysis. Thus, the efficiency of this process is increased by 70% [62, 63].

3  Homogenous Catalysts for Carbon Dioxide Conversion

One of the major advancements in the organometallic chemistry is the functional 
application of the metal complexes as homogeneous catalysts [64, 65]. Metal com-
plexes are found efficient for many catalytic reactions when compared to heteroge-
neous catalysts, but they lack in their recyclability. In addition, the catalyst removal 
from the reaction is challenging sometimes. Among the diverse metal complexes, 
the pincer-type catalysts are extensively applied for hydrogenation of CO2, whereas 
the salen and other metal complexes are used for CO2 fixation reactions. Follow-up 
to the importance of CO2, their application in fine chemical synthesis, capture, and 
utilization process is essential. The heterogeneous catalyst is also widely used for 
the conversion of CO2; the review focuses selectively on homogenous catalysts. 
This content discusses the efficient and selective homogenous catalysts for the con-
version. The reactions are broadly classified into carbon dioxide insertion and 
reduction of carbon dioxide to value-added products [66–68].

3.1  Carbon Dioxide Insertion Reaction

3.1.1  Cyclic Carbonate

The addition of CO2 into organic substrates such as epoxide, diol, etc. is demon-
strated to form cyclic carbonates. The conversion of CO2 to cyclic carbonate is an 
atom economy process in nature. The cyclic carbonates are highly potential inter-
mediates in organic synthesis [69], excellent building blocks for synthesizing 
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polycarbonates [70], and isocyanate-free polyurethanes [71], polar aprotic solvents 
[72, 73], alkylating agents, electrolyte components, and scaffolds for biologically 
active pharmaceutical agents [74–81]. In addition to the epoxide and diols, the 
cyclic carbonate can also be achieved from alkene via oxidative carboxylation and 
from ketals in presence of a suitable catalyst (Scheme 1). The catalytic conversion 
of epoxide to cyclic carbonate is feasible, whereas the conversion of diol to cyclic 
carbonate is challenging. The synthesis of cyclic carbonates from epoxides is an 
established industrial reaction that is used in the synthesis of aromatic polycarbon-
ates [70]. The cycloaddition of CO2 to internal epoxides has received increasing 
attention in recent years as these compounds can be used as synthons for isocya-
nate-free polyurethane synthesis. In addition, there are few reports available on the 
asymmetric cyclic carbonate.

3.1.2  Metal Complexes as Catalysts

The homogenous catalytic system incorporating salen, salphen, and porphyrin- 
based metal complexes with a wide choice of Lewis acids has been investigated for 
the efficient synthesis of cyclic carbonate utilizing CO2 [82, 83]. Among the several 
metal ions, the aluminum and magnesium complexes are well explored when com-
pared to other metal complexes. In addition to the catalyst, the tetrabutylammonium 
salts are used for the epoxide ring opening and carbon dioxide activation. Very few 
catalysts are working under ambient conditions either atmospheric temperature or 
pressure.

M.  North and co-workers have reported a series of μ-oxo-bridged bimetallic 
aluminum-salen complexes (Scheme 2) which are working as catalysts under mini-
mum pressure (1  bar CO2) in RT.  The bimetallic aluminum catalysts (1–6) are 
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reported to be efficient at ambient conditions (Scheme 2). All these catalysts are 
giving better conversion in atmospheric pressure at 25 °C, with high catalytic con-
version along with TBAB (0.5–1.5 mol%) as additive. The catalyst (1), without any 
co-catalyst, requires high pressure (50 bar CO2) to attain 50% conversion in 24 h 
[84, 85]. The binuclear aluminum complexes (2a–2c), with substituted ammonium 
bromide moiety on the ligand, improved the efficiency of the catalyst [86, 87] by 
enhancing the yield to 89% in 6 h at atmospheric pressure and temperature [86]. 
Further, a similar catalyst supported on polystyrene (2b) and silica (2c) [87] also 
gave better conversion in absence of a co-catalyst but long reaction time (24 h). A 
similar bimetallic catalyst with covalently attached quaternary phosphonium group 
(3) on the aromatic moiety of the ligand was also attempted [88]. The similar results 
were achieved in 24 h, suggesting that there is no drastic change due to the phospho-
nium group. The amine-functionalized complex (4) exhibits better activity than the 
tertiary butyl group in (1) under the same reaction conditions with 1.5 mol% cata-
lyst [89]. The usages of the enantiopure ligand system and long reaction time in this 
reaction remain to be explored although there are advantages proven for their cata-
lytic system.

Scheme 2 Binuclear aluminum catalysts for the synthesis of cyclic carbonates from epoxide
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3.1.3  Metal Catalysts with Maximum TOF for Cyclic 
Carbonate Synthesis

Efficiency of the catalyst is described in terms of turnover frequency (TOF). 
Followed by salen complexes, the amino triphenolate complexes have gained sig-
nificant attention for their efficient conversion (Scheme 3). A.  W. Kleij and co- 
workers have developed the amino triphenolate ligands, and their complexes 
incorporating with various metal ions are adopted as catalyst. As a homogenous 
catalyst, this system has shown high activity with wide substrate scope and func-
tional group tolerance.

The iron(III) amino triphenolate complex (7) in combination with tetrabutylam-
monium iodide (TBAI) gave the maximum conversion of 74% with propylene oxide 
(reaction condition 25 °C, 2 bar in 18 h). As the temperature increased to 85 °C, the 
conversion is also found to increase [90]. Kleij replaced the Fe(III) with Al(III) in (8) 
with minor modification in the ligand system and demonstrated an excellent activity, 
adopting epoxy hexane as substrate (reaction condition 0.05  mol%, catalyst 
0.25 mol%, TBAI 90 °C, 10 bar in 2 h). The addition of TBAI is found to enhance 
the efficiency of the catalyst, by raising the TOF from 960 to 36,000 h−1 [91]. In addi-
tion, the catalyst (8) was found effective in converting various functionalized internal 
epoxides and oxetanes. Further, the catalyst is found to give high selectivity towards 
the formation of cis-carbonates. However, upon hydrolysis, the cis- carbonates pro-
vides cis-diol is also established. A similar but modified bimetallic aminophenolate 

Scheme 3 Amino triphenolate metal complexes for cyclic carbonate synthesis
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aluminum complex (9) as catalyst and TBAI as addictive gives better conversion at 
atmospheric pressure, but with long reaction time (24 h) at 85 °C [92].

Yuan and Yao have reported the Nb amino triphenolate complex (10) and TBAB 
for CO2 fixation to cyclic carbonates [93]. In this case, the maximum TOF up to 
4000 h−1 was obtained. Similarly, the bimetallic amino triphenolate complex (11) is 
found to give better conversion with terminal and internal epoxides (85 °C, 1 bar, 
25  h) in the presence of TBAB [94]. The Cu, Zn, and Cd complexes of amine-
functionalized triphenolate ligand were also employed as a catalyst. Among them, 
the Zn-triphenolate complex (12) was found catalytically active. Even though atmo-
spheric pressure is sufficient, the temperature 100 °C is required to achieve a maxi-
mum of 79% conversion [95].

In this series in 2013, Deng and co-workers have reported the coordination poly-
mer (CPs) with aluminum and cobalt (13, 14) able to capture CO2 and demonstrated 
them for their catalytic conversion (Scheme 4). The CPs are capable for CO2 stor-
age, similar to zeolites or MOF. The captured CO2 is used for propylene carbonate 
synthesis at room temperature, in 48  h. The maximum of 80% conversion was 
achieved with 14, and 78% conversion was achieved with 13 at ambient condition 
[96]. In 2014, the same group reported a similar CPs with zinc (15) for the same 
reaction, but it requires harsh reaction condition (120 °C, 3 MPa CO2, 3.6 mol% 
TBAB, in 1 h). The maximum TOF up to 11,600 h−1 was achieved, and the catalyst 
is reported to be recyclable [97].

Among the various catalysts reported for cyclic carbonate synthesis, very few 
catalysts are efficient under additive-free conditions. In this series, the catalyst with 
inbuilt anions doesn’t require any additional co-catalyst. Arunachalam et al. have 
adopted the Zn-CP (16) for CO2 fixation to cyclic carbonates in solvent- and 
additive- free conditions with ambient pressure of 1  MPa CO2 at 100  °C in 4  h 

Scheme 4 Coordination polymer for cyclic carbonate synthesis
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(Scheme 4) [98]. The alkyl-substituted terminal epoxides are giving better conver-
sion when compared to internal epoxide. The path of the reaction is established with 
kinetic experiments [98].

3.1.4  Porphyrin Complexes

Porphyrin is one of the important molecules; the respective complexes have been 
extensively studied by Ema and workers. This group has developed a bifunctional 
molecular catalyst (17–22) with embedded co-catalysts for better activity (Scheme 
5). In this case, if the ratio of the co-catalyst increased, then the activity was also 
found to increase. The initial TOF of the catalyst with 1:4 (LA/co-catalyst, where 
LA = Lewis acidic center) ratio is found to be 12,000; when the ratio raised to 1:8 
(LA/co-catalyst), TOF is found to further enhance up to 19,000 h−1 [99].

Further, the metal centers and porphyrin ratio were varied systematically into 
bimetallic and trimetallic as shown in Scheme 5. The TOF of the monometallic 
complex (17) is 2500 h−1, and for bimetallic catalyst (18), the TOF was enhanced to 
5100  h−1, and in the case of trimetallic (19), up to 6500  h−1 (reaction condition 
1.7  MPa CO2, 120  °C in 24  h) were reported. In this series, initial TOF up to 
46,000 h−1 was obtained at 0.002 mol% trimetallic complex catalyst (19) at 160 °C 
in 1 h. The Zn-porphyrin catalysts developed by the same group are being highly 
stable; they are less efficient when compared to magnesium under similar reaction 
condition. The respective TOF of the zinc catalytic systems includes 2580 h−1 for 
monometallic (20), 5700 h−1 for bimetallic (21), and 8500 h−1 for trimetallic cata-
lysts (22) [100]. The Zn-porphyrin complex is heterogenized on SBA-15 silica by 
Yang et  al., adopted for the cycloaddition (reaction condition propylene oxide, 
120 °C, 6 h) reaction. The solid catalysts are more efficient (TOF 1686 h−1) when 
compared to the plain catalyst (TOF 370 h−1) [101].

Scheme 5 Mono, bis, and tris metal porphyrin complexes of Mg and Zn [99]
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3.1.5  Kinetic Resolution of Epoxide to Cyclic Carbonate

Following up this synthesis of achiral version of cyclic carbonates, the kinetic reso-
lution of epoxide in presence of CO2 leads to chiral epoxide and cyclic carbonate 
(Scheme 6). The Al-, Co-, and Cr-based chiral catalysts are employed, and most of 
the reactions are established at ambient temperature with high CO2 pressure [102].

In 2004, the first report on the kinetic resolution of propylene oxide using chiral 
Co catalyst (23) was performed by Nugen and co-workers [103]. The ee up to 68% 
was obtained in combination with [(R)-(+)-4-dimethyl-aminopyridinyl (pentaphen-
ylcyclopentadienyl)iron] as co-catalyst, under 2 MPa CO2 in 50 h [103]. The modi-
fied cobalt catalyst (24) for the kinetic resolution of epoxide, with the 97% 
enantiomeric propylene carbonate, was achieved (Scheme 6). In combination 
with the catalyst (24), the [(bis(triphenylphosphoranylidene)ammonium, 
2,4- dinitrophenoxide)] is used as an additive. At −25 °C in 12 h reaction time, the 
conversion is found low, i.e., less than 20% [104].

3.1.6  Cyclic Carbonate from Diol

As stated above, the catalytic conversion of diol to cyclic carbonate is quite chal-
lenging when compared to epoxide because the epoxide is less stable than the cyclic 
carbonates (Scheme 7). In addition, the reactions are slightly thermodynamically 
favorable due to the lower reactivity of the hydroxyl group. Water being the by- 
product formed during such reaction interferes with the product formation and 
alters the reaction path. Hence, the requirement of a suitable dehydrating agent was 
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considered essential to promote the equilibrium towards the cyclic carbonate prod-
uct. There are very few reports available on such reactions.

In 2014, K. Tomishige has adopted CeO2 (cerium oxide) as the catalyst for syn-
thesizing the propylene carbonates from the 1,2-propanediol (Scheme 8). The 
2-cyanopyridine adopted as a dehydrating agent was hydrated to 2-aminopyridine 
under the same reaction condition and thus promotes the forward reaction. The 
maximum conversion was obtained using 1:10 to substrate/2-cyanopyridine ratio 
using 5 MPa CO2 at 150 °C with reaction time up to 48 h. This is the first biphasic 
reaction performed on cyclic carbonate [105]. In 2016, the same group has reported 
the polycarbonate from diol in the presence of other metal oxides. The similar reac-
tion condition with ZnO, TiO2, γ-Al2O3, Nb2O5, and ZrO2 leads to the formation of 
polycarbonate [106].

3.1.7  Polycarbonates

Polycarbonates (PCs) represent another challenging molecule which can be 
achieved in green pathway by treating CO2 and epoxide. In producing polycarbon-
ates via CO2, water is generated as the only by-product and makes this reaction 
route more environmentally friendly. The carbonate materials are having excellent 
mechanical properties such as low rigidity, brittleness, and high thermal stability. 
Among them, the excellent material is bisphenol-based polycarbonates used as 
engineering plastics having applications in optical component and electronic devices 
as construction material (Scheme 9) [107].

In general, most of the polycarbonate synthesis requires high temperature and 
pressure, when compared to cyclic carbonates. There are few reports with the ambi-
ent conditions (Scheme 10) [108]. In 2003, Coates reported [109] catalysts (28) for 
polycarbonate synthesis with high molecular weight. The ambient condition of 
0.7 MPa CO2, 50 °C is adopted for the conversion with a TON of 354. The stereose-
lective synthesis of carbon dioxide co-polymer with cyclohexene oxide with chiral 
diol was first reported in 2003 [109]. The bimetallic zinc catalyst (29) regulates the 
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polymer as highly isotactic with enantioselectivity up to 70% using 3 MPa CO2. In 
2009, Williams [110] established another bimetallic Zn complex (30) for polycar-
bonate synthesis at atmospheric CO2 pressure and 100 °C. The copolymerization of 
propylene oxide (PO-CO2) and glycidyl phenyl ether (GPE-CO2) was catalyzed by 
iron complex (31) [111]. In particular, the GPE-CO2 copolymers were found to be 
crystalline materials because of the existence of isotactic poly(GPE) units.

3.1.8  Dialkyl Carbonates

Follow-up to the cyclic/poly carbonates, another class of carbonates includes the 
dialkyl carbonates. This included the dimethyl carbonate (DMC), diethyl carbonate 
(DEC), and so on, having wide applications on reagents in chemical synthesis as 
well as fuel materials. The direct synthesis of DMC from methanol and CO2 is chal-
lenging because interference of the by-product water molecules disturbs the reac-
tion equilibrium. In the DMC synthesis from methanol in the presence of catalyst 
and methyl iodide as an additive (base), the formation of salt impurities takes place 
generally. Such formation of salt makes the separation process difficult. These hur-
dles can be removed by (1) increasing the CO2 concentration by using supercritical 
CO2 (scCO2) and (2) removing the byproduct water using appropriate dehydrating 
agents [112].
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An alternative process for DMC proceeds via cyclic carbonates and subsequent 
transesterification (Scheme 11). Here, CO2 reacts initially with epoxides to form 
cyclic carbonates. Ester exchange with alcohol followed later leading to the linear 
carbonate as the end product. The main advantage of using this method is that the 
dehydrating reagents are not essential. The disadvantage, however, is the large 
excess of alcohol required for ester exchange [113, 114].

3.2  Hydrogenation of CO2 to Fine Chemicals

3.2.1  To Methanol

Methanol is a commercially important chemical having a wide range of applica-
tions. It is used for the production of various other large-scale chemicals such as 
acetic acid (Monsanto process), formaldehyde, methyl tert-butyl ether (MTBE), etc. 
It has excellent combustion characteristics and can be used in fuel cells to produce 
energy. Dimethyl ether (DME), which is easily synthesized from methanol by dehy-
dration over acidic catalysts, has also been proposed as a diesel substitute [115–
117]. The Cu/ZnO/Al2O3 is an industrially explored catalyst for methanol synthesis 
from CO2. The pressure ≈6 MPa and 250 °C has been widely used for methanol 
synthesis over 40 years in industries (Scheme 12) [118].

3.2.2  Hydrogenation Using Molecular Hydrogen

In the view of homogenous catalysts, the carbonyl complexes of ruthenium, rho-
dium, nickel, etc. are adopted initially for methanol synthesis [119]. Sasaki [120] 
has reported the metal carbonyl complexes in combination with potassium iodide to 
produce methanol for the first time. The selectivity of methanol is found low because 
of the by-product formation such as CO, CH4, and trace amount of ethane. Among 
the carbonyl complexes as catalysts, the better catalytic result was achieved with the 
Ru3(CO)12-KI system [121]. In follow-up, various modified complexes especially 
the pincer complexes are found efficient for CO2 hydrogenation.

R-OH
CO2

Catalyst

CO2

Catalyst
O + R-OH

RO OR

O

Scheme 11 Synthesis of dialkyl carbonate from carbon dioxide

CO2 + 2 H2 CH3OH ∆H298 K = -49.4 kJ mol-1

Scheme 12 Hydrogenation of CO2 to methanol

R. Arunachalam et al.



621

In 2011, Sanford established a cascade ruthenium pincer complexes (32a, 32c) 
and scandium triflate (32b) for the reduction of CO2 to methanol (Scheme 13). The 
conversion follows three steps; the first is the hydrogenation of CO2 to formic acid 
using (32a), followed by esterification of formic acid to methyl formate by Sc(OTf)3 
(32b), and reduction to methanol using (32c) [122].

In 2015, Leitner reported the Ru-triphos catalyst (33) for the hydrogenation of 
CO2 to methanol at 140 °C with a TON of 603 (Scheme 14). The reactions are per-
formed on biphasic solvent system, i.e., water-2-MTHF (2-methyl tetrahydrofuran) 
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in which the catalyst is separated on 2-MTHF layer and methanol residing in aque-
ous layer [123]. In 2016, Prakash and co-workers have reported the methanol syn-
thesis using CO2 captured from the air. Here the Ru-PNP complex (34) effectively 
converts the CO2 and H2 to methanol, in the presence of polyamine at 125–165 °C 
using an ethereal solvent. The methanol and water are separated by distillation, and 
the catalyst is reused. The polyamine is replaced with pentaethylenehexamine hav-
ing the capacity to capture CO2 from the air, used for direct conversion to methanol 
adapting a Ru-PNP complex (34). The maximum of 79% CO2 captured from the air 
was converted to CH3OH [124]. In 2017, a manganese PNP complex (35) was 
adopted for the CO2 hydrogenation in the presence of amines (such as benzylamine 
and morpholine) for methanol synthesis. The catalytic mechanism follows the 
formamide pathway, i.e., when benzylamine is treated with CO2/H2, the N-benzyl 
formamide is formed initially. The formamide will undergo hydrogenation to produce 
methanol in presence of catalyst. Eighty-four percent of methanol yield is obtained 
with benzylamine, and 71% methanol was obtained when morpholine is used [125].

The in situ Co-triphos catalyst (36) prepared from cobalt acetate in the presence 
of bis(trifluoromethylsulfonyl)amide additive produced methanol at 100  °C with 
TON up to 78 (Scheme 15) [126]. Iron(II) scorpionate catalyst (37) was reported by 
Pomberio and co-workers for methanol synthesis at 80 °C and 7.5 MPa of total pres-
sure. The maximum of 46% methanol is obtained in the presence of pentaethylene-
hexamine as co-catalyst with the TON of 2283. Replacing pentaethylenehexamine 
by 1,1,3,3-tetramethyl guanidine (TMG) proved the former is better by its catalytic 
conversion because of the superior absorption capacity [127]. Himeda and co- 
workers in 2017 adopted the iridium half-sandwich complex (38) for hydrogenation 
of formic acid to methanol with 47% selectivity, at ambient temperature of 50–60 °C 
and a hydrogen pressure of 5.2 MPa [128].

3.2.3  Methanol Synthesis from CO2 and Hydrosilane

Molecular hydrogen is being used as a reducing agent; attempts were given to 
explore hydrosilane or alkylsilanes as H2 source. The end-product obtained as silyl 
derivatives of methanol, which upon hydrolysis give methanol. The pincer catalysts 
presented in Scheme 16 are found efficient for such hydrogenation.
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The first report on methanol synthesis using hydrosilane as a reducing agent was 
reported by Eisenberg et al. The iridium pincer carbonyl complexes (39) are effi-
cient at ambient temperature (40 °C) with low TON [129]. In 2010, Guan adopted 
the Ni PNP hydride complex (40) for the hydrogenation reaction in the presence of 
organoboranes [130, 131]. The cobalt PNP hydride complex (41) promoted the 
hydrosilylation of CO2 using PhSiH3 leading to the mixture of silyl formate, 
bis(silyl)acetals, and methoxysilyl derivatives [132]. The ruthenium catalyst (42) in 
the presence of monohydrosilanes, with selectivity towards bis(silyl)acetals or 
methoxysilyl products at high temperature (150 °C), takes long reaction time with 
better selectivity [133]. Mazzota et al. have reported an oxorhenium PNN pincer 
complex (43) in the presence of PhMe2SiH, and PhSiH3 reduces the CO2 to 
methoxysilyl [134, 135]. Mn(I)-PNP complex (44) catalyzed CO2 hydrosilylation to 
silyl derivative of methanol under mild reaction conditions (80 °C, 1 bar CO2). The 
mechanistic pathway suggesting the reaction proceeds via formato complexes by 
hydride transfer to CO2 followed by hydrogenation of silyl formate to silyl acetal 
species [136].

3.2.4  Formic Acid

As we know formic acid is the most widely used fine chemicals in various indus-
tries. Formic acid having an excellent application as hydrogen source contains 
4.4  wt% of H2 with volume capacity of 53.4  g/L at STP.  The hydrogen can be 
released by decomposing the formic acid; hence, it is used as energy material [137, 
138]. As formic acid is being recognized as best storage material, varieties of homo-
geneous and heterogeneous catalysts have been explored for the hydrogen produc-
tion. Similarly, formic acid production from CO2 can also be possible; various 
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heterogeneous and homogeneous approaches have been reported intensively in the 
literature [139, 140].

3.2.5  Homogenous Catalysts

Inoue in 1976 established the first homogeneous catalyst hydrogenation of CO2 to 
formic acid [141]. After carrying out a series of experiments, this group has identi-
fied that the trace amount of water enhances the catalytic activity. Most of the pincer 
complexes established for hydrogenation reactions are insoluble in water; hence, 
the reactions are performed in DMSO with trace water molecules. In 1993, Leitner 
and co-workers have reported [142] a rhodium catalysts that soluble in water and 
reactive under mild reaction conditions such as 4 MPa pressure and room tempera-
ture (Scheme 17) produced turnover number (TON) 3440.

In 2004, Fukuzumi and co-workers reported the ruthenium catalyst (45) for for-
mic acid synthesis under acidic reaction conditions. The better conversion was 
achieved in acidic conditions with pH ranging 2.5–5.0, at 40 °C, in 70 h using H2 
(5.5 MPa) and CO2 (2.5 MPa). It is found that as the pressure increases, the TON 
was also found to increase [143]. In the follow-up detailed investigation by 
G.  Laurenczy and co-workers, the role of solvent in the catalytic hydrogenation 
using the Ru-PTA (1,3,5-triaza-7-phosphaadamantane) complex (46) has been 
extensively investigated. The direct hydrogenation of CO2 to formic acid in an 
additive- free condition using aqueous and DMSO as solvents was conducted inde-
pendently. In water, at 40 °C, 0.2 M formic acid has been obtained under 20 MPa, 
whereas under similar conditions with DMSO, the catalyst produced 1.9 M formic 
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acid [144]. In 2016, W.  Leitner again reported another Ru-catalyst (47) for the 
hydrogenation of CO2 to give formic acid using DMSO and DMSO/H2O without 
treating amine bases as co-reagents. Thus, the catalyst (47) is identified as one of the 
active catalysts under the additive-free condition with TON 4200 and TOF 260 h−1. 
Leitner and coworker produced 0.3 mol of formic acid at 60 °C, in DMSO-water 
(95:05), using 8 MPa H2, 4 MPa CO2 in reaction time of 16 h. Interestingly upon 
using acetate buffer, this group has identified that the TOF enhanced further to 
1019 h−1 for this catalyst [145].

Followed by the Ru and Rh complexes, there are reports incorporating varieties 
of transition metal complexes (Scheme 17). Among them, the Co-diphos complex 
(48) in combination with (48a) can effectively convert CO2 to formic acid at ambi-
ent conditions (room temperature) in THF. At the atmospheric pressure, the TOF 
being 3400 h−1, the TOF has enhanced to 74,000 h−1 suggesting the gas-liquid mix-
ing rate is efficient at high catalyst concentration [146]. In 2015, Aaron M. Appel 
adopted the Cu-Tripos catalyst (49) for the hydrogenation of CO2. In presence of 
50 mmol of DBU as a base, 140 °C, 4 MPa pressure (1:1), the TON 500 was achieved 
in 20 h [147].

3.2.6  Iridium Catalysts

The iridium catalysts exhibit superior activity when compared to Ru and Rh com-
plexes as discussed above. The wide variety of iridium complexes with PTA 
(1,3,5-triaza-7-phosphaadamantane), sandwich, pincer, and NHC complexes 
(50–57) is found efficient for the hydrogenation of CO2 to formic acid (Scheme 18). 
In 2008, Gonsalvi et al. have reported a half-sandwich iridium complex (50), com-
posed of a water-soluble phosphine ligand PTA. The catalyst (50) in additive-free 
conditions, at 100 °C and 1 MPa pressure, gives maximum TOF (23 h−1) with mod-
erate activity [148].

The half-sandwich iridium complexes (51–52) with 4,4′-dihydroxy-2,2′-
bipyridine (DHBP) and 4,7-dihydroxy1,10-phenanthroline (DHPT) are adopted for 
formate synthesis [149]. The catalyst (51) produces a moderate yield in the presence 
of KOH as a base, at 120 °C, 57 h, using 6 MPa total pressure. The initial TOF of 
42,000 h−1 was obtained whereas the same catalyst under ambient reaction condi-
tion (60 °C, 0.1 MPa, 50 h), the initial TOF as 33 h−1 is achieved, suggesting that 
they are efficient at moderate condition. This also suggests that the corresponding 
hydride complexes can easily be generated as an active species at atmospheric pres-
sure. Followed by this, in the catalyst (52) under similar reaction condition (120 °C, 
6 MPa pressure), the maximum TON of 222,000 was obtained with 0.4 M formate. 
A similar catalyst with ruthenium metal center exhibits better activity by forming 
formate up to 1.25–1.5 M using long reaction time (165 h), high temperature, and 
pressure [149].

In 2010, Beller and co-workers designed a PNP-Ir trihydride complex (53) in 
which alkyl-phosphine-based pincer ligands were employed as efficient electron 
donors. These complexes were used for the hydrogenation of CO2 in H2O/THF [150].
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In 2011, Hazari and co-workers using DFT calculations investigated CO2 inser-
tion into iridium(III) trihydride PNP ligand (54–54a) [151]. In 2015, the same group 
has demonstrated the catalyst (54) for the electrochemical conversion of CO2 to 
formate. The catalyst is found to give moderate conversion in water-acetonitrile 
medium, at the ambient condition with 99% faradaic efficiency [152].

Followed by the pincer complexes, the N-heterocyclic carbene complexes (NHC) 
of iridium (55–57) are found to be better catalysts [153, 154]. These NHC ligands 
showing better stability, electron-donating nature, and better solubility in water 
medium are considered as added advantages of NHC ligand compared to pincer 
ligand. Peris and co-workers reported a series of NHC-iridium complexes (55–57) 
for the synthesis of formate. The catalyst (55) exhibits moderate activity, with a 
TON of 1600 in aqueous medium when using KOH as a base. To enhance the solu-
bility of the NHC complex in an aqueous medium, the hydroxyl group is introduced 
in the ligand incorporated to (56). Upon using this (56) as catalyst, the TOF is 
enhanced to 9500 in aqueous medium under optimized conditions [153]. Further, 
substituting methyl on imidazole ligand in (57) gains higher electron-donating abil-
ity. In addition, the introduction of sulfonate groups in (57) further increased its 
water-soluble nature. Upon these modifications, this catalyst was found to enhance 
the maximum TON to 190,000 with complex 57 [154].

Ir

Cl

N
P

N
N N

P
N

N
Ir
N

Cl N

OH

OH

Ir
Cl

N

N Cl-Cl-

N
P PIr

iPr
iPr

iPr
iPr

H H

H

N

N N

NIr
Cl

PF6
-

N

P

P

Ir

H

H

H

iPriPr

iPriPr

N

P

P

Ir

H

H
O

iPriPr

iPriPr

H H

H
O

N

N N

NIr
Cl

Cl-

HO OH N N N N

-O3S SO3
-

Ir
K+K+

O O

I I

(50) (51) (52)

(53) (54) (54a)

(55) (56) (57)

CO2

Scheme 18 Iridium complexes for hydrogenation of CO2 to formic acid

R. Arunachalam et al.



627

3.2.7  Acetic Acid

Acetic acid, the commercially well-known fine chemical, is generally produced 
through Monsanto process. This involves the carbonylation of methanol using car-
bon monoxide with appropriate choice of catalyst (Scheme 19). However, the eco- 
friendly method in acetic acid synthesis involves the CO2 and methane which is 
thermodynamically unfavorable and requires high temperatures [155]. Most of the 
reported catalyst produces low yield of acetic acid [156, 157], and in presence of 
iodomethane, the selectivity of acetic acid was obtained up to 10.7% [158].

The formation of propanoic acid by treating olefin and CO2 in the presence of 
complex 59 [Rh(PPh3)3Cl] was achieved (Scheme 20). The 92% ethylene conver-
sions were achieved with the formation of propanoic acid (38%) and ethanol (15%) 
at 14 MPa CO2 [6].

B. Han and co-workers have reported the acetic acid synthesis by reduction of 
CO2 in the presence of methanol and molecular hydrogen. The ruthenium carbonyl-
rhodium acetate salts 60 in combination with imidazole as a ligand and lithium 
iodide as the promoter using 1,3-dimethyl-2-imidazolidinone (DMI) solvent are 
found more efficient (Scheme 21). The conversion increases when the reactions are 
adopted at a temperature above 180  °C, and the role of imidazole is considered 
significant [159]. Recently, the modified zeolite catalysts were synthesized and used 
for the oxidation of methane to acetic acid [157].
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Scheme 19 Synthesis of 
acetic acid from CO2
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Scheme 20 Synthesis of (a) propanoic acid and (b) acetic acid from carbon dioxide
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3.2.8  Acrylic Acid

In the catalytic reduction of olefin to carboxylic acid, the saturated carboxylic acid 
is more preferred, when compared to unsaturated acids. In such attempt, the acrylic 
acid is the most important and challenging conversion. Further, the acrylic acid 
derivatives are important building blocks for synthesizing various industrial prod-
ucts, such as plastics, textiles, coatings, elastomers, adhesives, paints, etc. [160].

Generally, the acrylic acid derivatives are synthesized in a two-step process, i.e., 
oxidation of propene with O2 via a transient acrolein intermediate over heteroge-
neous catalysts at high temperature. The alternate process includes carboxylation of 
unsaturated hydrocarbon using C1 feedstock. The most popular processes utilize 
CO and H2O as the C1 source with nickel or palladium complexes as active cata-
lysts. The alternate and eco-friendly pathway includes the synthesis from CO2 and 
ethylene which is highly challenging [161].

In addition to the acrylic acid, the carboxylation of various unsaturated organic 
substrates provides varieties of fine chemicals such as acrylic acid derivatives as 
shown in Scheme 22.

The Ni-(COD)2 [Bis(1,5-cyclooctadiene)nickel(0)] complex (61) in which the 
nickel existing in 0 oxidation state found more reactive and well explored for car-
boxylation of alkene derivatives (Scheme 23). In many of the reactions, the DBU 
(1,8-diazabicyclo[5.4.0]undec-7-ene) as a base enhances the rate of reaction even at 
atmospheric pressure [162, 163].

H2CH3OH CO2+ +  Ru3(CO)12/Rh2(OAc)4

Imidazole LiI4 MPa
Yield 77%

200 oC, 12 h TOF: 22.5

(60) CH3COOH

Scheme 21 Synthesis of acetic acid catalyzed by Ru/Rh carbonyl complex
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In 1999, the carboxylation of conjugated enynes and diynes (Scheme 23a) to the 
carboxylic acid at the atmospheric pressure and temperature were reported. 
Ni-(COD)2 in combination with DBU, the reactions proceed in the selective path-
way of terminal alkynes as shown in Scheme 23a [164]. Followed by this, the dicar-
boxylation of 1,3-dienes with Ni-(COD)2 catalyst in the presence of dimethyl zinc 
is reported under mild condition (Scheme 23b). The reaction proceeds in the stere-
oselective pathway with the retention of geometrical isomer [165].

Scheme 23 Synthesis of carboxylic acid from alkenes (B–D) and alkynes (A–D) catalyzed 
by Ni(0)
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The methodology for the synthesis of R-methylene-γ-lactones by the addition of 
aryl aldehydes and CO2 to terminal allenes was achieved using Ni-(COD)2 catalyst 
(Scheme 23c). The R-methylene-γ-lactones are obtained with excellent regio- and 
stereoselectivity [166]. The conversion of allenes and alkenes to the carboxylic acid 
derivatives using carbon dioxide (Scheme 23d) was reported by N. Iwasawa group. 
The Ni-COD in combination with 2,2′-(dibutylated methylene) bis(imidazoline) 
ligand is suitable for carboxylation of aryl-substituted internal alkynes [167].

3.2.9  Dimethyl Formamide

A. J. Vorholt and co-workers established a process for the DMF synthesis using CO2 
and dimethylamine where CO2 itself acts as formylating agent [168]. The ruthenium 
chloride with pincer ligand as catalyst (62) is used. The process is mainly depending 
upon the CO2 concentration, i.e., when CO2 is in excess, the 14% DMF is achieved, 
while the stoichiometric CO2 concentration provides 43% DMF and is achieved in 
3.5 h (Scheme 24). The carbon monoxide as the only by-product formed in small 
ppm level was observed [168].

Following this study, more concentrated scCO2 was used. Accordingly, there are 
few reports available using the scCO2 for the conversion of dimethylamine to DMF 
(Scheme 25). The reaction follows the formic acid pathway, i.e., the reduction of 
scCO2 to formic acid. Further the thermal condensation of dimethylamine with for-
mic acid at a temperature ranging 80–100 °C, which leads to DMF. The ruthenium 
pincer complexes (63–66) in the Scheme 25 are efficient for the catalytic conver-
sion. The production of formamides in less basic amines, e.g., aniline, requires the 
additional base [169].

R. Noyori and co-workers adopted the RuCl2[P(CH3)3]4 (63) for the hydrogena-
tion of CO2 to formic acid at 50  °C, and the respective TON was achieved as 
420,000. The catalyst can effectively convert CO2 to DMF in the presence of dimeth-
ylamine at 8 MPa H2 and at 13 MPa CO2 at 100 °C in 22 h reaction time [170]. In 
2007, T.  Ikariya and co-workers have reported a similar conversion of dimethyl-
amine to DMF using the ruthenium catalyst (64). This catalyst with a minimum 
quantity of 0.005 mmol at 100 °C, with total initial pressure 22 MPa, the respective 
TON achieved is 4800. Changing the catalysts to Cp-Ru complex (65), the respec-
tive TON is calculated as 3300 in a reaction time of 15 h [171]. The solvent- free 
synthesis of DMF using the ruthenium complex (66) bidentate phosphine ligand 
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requires high pressure CO2 (13  MPa) and H2 (8.5  MPa). The TOF obtained as 
360,000 h−1 (TON 740,000) at 353 K in 2 h is suggested as a superior catalyst 
when compared to others [172].

3.2.10  Oxalate

It is known that two molecules of CO2 combining with one molecule of H2 can pro-
duce one molecule of oxalic acid. However, such reactions are certainly the most 
demanding in view of the atom economy approach.

In this direction, recently in 2014, the conversion of CO2 to oxalate catalyzed by 
copper complexes is reported by Maverick and co-workers [173]. The Cu-complex 
(67) when treated with sodium ascorbate in DMF, under nitrogen, gives the reduced 
complex as yellow solid, which is stable (Scheme 26). This reduced complex reacts 
with CO2 and produces the oxalate-bridged Cu(II) dimer. The oxalate is released 
upon treating with acid. When the complex is allowed to evaporate slowly in the air, 
the complex traps selectively CO2 and leads to form oxalate with a yield of up to 
96% as shown in Scheme 26 [173]. In addition, there are few reports existing on 
oxalic acid synthesis via electrochemical methods [174].

3.2.11  Hydrocarbon

The third category is the complete reduction of CO2 to hydrocarbons using the stoi-
chiometric or excess of hydrogen. The methane is the major hydrocarbon generally 
obtained upon the process of CO2 hydrogenation. The other hydrocarbon derivatives 
such as higher or α-olefin are known to have wide applications such as lubricants, 
detergents, and polyolefins. In addition, hydrocarbons are used as fuels and energy 
materials [175]. The direct route of converting CO2 into hydrocarbons has been 
developed based on Fischer-Tropsch synthesis (FTS). The FTS involves a two-step 
process: (1) the reduction of inert CO2 to active CO by reverse water gas shift 
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(RWGS) reaction and (2) the hydrogenation of CO to hydrocarbons using molecular 
hydrogen. The catalyst used should be active in both RWGS and FTS. The indirect 
route for hydrocarbon synthesis is enrouted via methanol, i.e., the conversion of 
CO2 into methanol and subsequent transformation into hydrocarbons such as ole-
fins, LPG, gasoline, aromatics, and so on [17].

In 2006, H. Kawaguchi has reported a zirconium benzyl phenoxide complex (68) 
for the synthesis of methane from CO2 and hydrosilane (Scheme 27). In the pres-
ence of B(C6F5)3, the effective conversion was achieved at ambient conditions [176].

Recently, Chen established the conversion of CO2 to methane using the boron- 
aluminum catalytic system (Scheme 28). Here, the HSiEt3 is used as the hydrogen 
source, and the respective yield was observed up to 94%. The mixed catalytic sys-
tem (69a, 69b) combinedly plays the role of selective reduction process. The cata-
lyst 69a initially converts CO2 into HCOOSiEt3, followed by the consecutive 
reduction of intermediate (HCOOSiEt3) which is catalyzed by 69b as shown in 
Scheme 28. The mechanistic investigations established as the reaction proceed 
through formaldehyde intermediate [177].

Scheme 26 Synthesis of oxalate using copper catalysts and CO2 from atmosphere catalyzed by 
[Cu2L2] (67)
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(68) for methane synthesis
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4  Summary

Carbon dioxide conversion to fine chemicals, fuels, etc. is attractive and fascinating 
in the area of catalysis with wide opportunities and enormous challenges. A reason-
ably significant number of technologies are already developed for the CO2 capture, 
transport, sequestration, and utilization. Several industrial methods have already 
been developed and promoted to mitigate atmospheric CO2 so that they need not 
simply be stored. In addition, there are various commodity chemicals derived from 
CO2, and many excellent catalysts are developed for the conversion of CO2 in atmo-
spheric condition.

The artificial photosynthesis process, i.e., synthesis of carbohydrates using CO2 
and water with efficient catalyst, is a challenging reaction and yet needs to be 
addressed. However, there are few points to consider. (1) The process involves the 
conversion of CO2 to chemicals/fuels and requires huge energy which releases CO2. 
(2) The industries that utilize the CO2 would be very trace when compared to the 
amount of CO2 dumped into the atmosphere by fossil fuel combustion. (3) In addi-
tion, the molecules or fine chemicals obtained by CO2 fixation will also emit CO2 
when disposed. Hence, the controlled emission of CO2 into the atmosphere and the 
effective utilization of CO2 are great global challenges.
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Abstract Global warming is attributed to CO2 emissions which are responsible for 
climate change. Various industries such as cement manufacturing plants, power plants, 
petrochemical industries, iron, and steel are the major contributors of CO2 emissions. 
Carbon capture and storage has been considered as an essential technology to reduce 
CO2 emissions into the atmosphere. Conventionally, amine-based solvents are used 
for the CO2 capture in the industry. These conventional processes suffer from numer-
ous problems such as high vapor pressure, corrosion, degradation of the solvents, and 
requirement of high regeneration energy. Ionic liquids (ILs) are widely accepted as the 
solvents of next generation having capability to replace the amine solvents for the CO2 
absorption. The non-volatility, superior thermal stability, non-corrosiveness, and low 
regeneration energy make them ideal for future perspective. However, ionic liquids 
have significantly lower CO2 solubility as compared to conventional solvents and 
requires complex purification step which adds to its cost. Deep eutectic solvents 
(DESs) are believed to be IL-analogues having similar property and have shown abil-
ity for CO2 absorption. The potential application of ionic liquids and deep eutectic 
solvents as alternatives to amine solvents has been discussed in this chapter.

Keywords Carbon dioxide capture · Ionic liquid · Deep eutectic solvents · 
Absorption

1  Introduction

Energy plays a pivotal role in the growth and sustainable development of any country. 
Mostly, fossil fuels are used for meeting the world’s energy demand. Developing coun-
tries, like India and China, are heavily dependent on the fossil fuels for meeting their 
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energy requirements which is increasing day by day. The increase in energy demand is 
associated with carbon dioxide (CO2) emissions generated by fossil fuels combustion. 
The burning of fossil fuels for heat and power and chemical process used in various 
industries such as cement, iron, and steel are the major contributors of CO2 emissions. 
Global warming is attributed to CO2 emissions which is responsible for climate change. 
The impact of the climate changes are rise in sea level and extreme weather conditions 
such as droughts and floods. To mitigate the adverse effect of CO2 emissions, carbon 
capture utilization and storage (CCUS) has been considered as an essential technology.

International Energy Agency (IEA) reported that to limit the global temperature 
rise by 2 °C, there is a need to cut down 50% of the global carbon dioxide emissions. 
The cost of mitigating the climate change issue without considering the CO2 emis-
sion would be 70% higher [1]. According to the report by the IEA, the energy sector 
alone will contribute to more than 130% in CO2 emissions by 2050 due to increased 
usage of fossil fuels. Approximately 70% of the carbon dioxide emissions is con-
tributed by power and industry sector. The type of process and feed used in various 
industries also affects the concentration of CO2 emission into the atmosphere [2, 3]. 
With the growth and development of India, CO2 emissions are also increased from 
1.14 emission per capita in 2000 to 1.67 emission per capita in 2012 [4–6].

CCUS is considered to be a vital technology to lower the greenhouse gas (GHG) 
emissions and meet the environmental norms [4]. The fossil fuel-based power plants 
have major share in the CO2 emissions, and it is crucial to diminish these emissions 
by employing proper carbon capture technology in these plants along with focus on 
increasing the shares of renewables and nuclear power [4–6]. Apart from those 
power plants, fertilizer plants, cement manufacturing plant, and natural gas process-
ing terminals contribute highly in total carbon dioxide emissions [6]. CCS is the 
process of capturing CO2 released from various industrial processes followed by 
drying and compression (~15 MPa). Thereafter, it is shipped through pipeline to a 
storage site. It is stored underneath the ocean, saline aquifers, and depleted oil and 
natural gas fields by various mechanisms. The captured CO2 is utilized in “enhanced 
oil recovery,” where CO2 is injected into an oil field to extract the remaining oil. 
Alternatively, the CO2 can be converted into various chemicals such as carboxyl-
ates, carbonates, carbamates, formic acid, methanol, and fuels [7].

1.1  CO2 Capture Technology

In general, there are three ways of CO2 capture methods, namely, post-combustion, 
pre-combustion, and oxy-fuel combustion.

1.1.1  Post-combustion

In post-combustion carbon absorption method, CO2 is absorbed after the combus-
tion of fossil fuels. In this process, concentration of CO2 produced is significantly 
higher. Since air is used as the oxidant for the combustion, therefore flue gas 
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contains significant amounts of NO2. Post-combustion offers flexibility in the opera-
tion of a power plant. That is, if CO2 capture plant is shut down, the power plant can 
still be operated [5]. This process can be retrofitted potentially to the existing indus-
try; therefore, it is the most celebrated technology to reduce greenhouse gases [5, 8].

There are various methods available for CO2 capture such as absorption using 
chemical and physical solvents, adsorption, membranes, and cryogenic separation as 
shown in Fig. 1. However, CO2 absorption by amine solvent is the most preferred 
method because of higher CO2 loadings and greater selectivity of amines towards CO2 
over other gases [9]. Besides these advantages, this process suffers from several prob-
lems like equipment corrosion and high-energy requirement for solvent regeneration.

1.1.2  Pre-combustion

It refers to the CO2 removal before the combustion of fossil fuels. This process is mainly 
pertinent to an integrated gasification combined cycle (IGCC) in which coal is partially 
oxidized in the presence of steam and oxygen at high temperature and pressure resulting 
into synthesis gas [10]. Synthesis gas produced is then converted into H2 and CO2 using 
water gas shift reaction, and subsequently, CO2 is captured and stored. Pre-combustion 
CO2 removal is more efficient as compared to the post- combustion because of rich con-
centration of CO2 at higher pressure which results in the easier removal [10]. Compared 
to post-combustion capture, pre-combustion technologies are not mature enough and 
can be employed only to the new plants as integrated part of the combustion process [11].

1.1.3  Oxy-Fuel Combustion

In this process, oxygen is used instead of air. Air is used as the source of oxygen and 
is used for combustion of the fuel in oxygen-rich atmosphere. So the absence of N2 
and the simultaneous oxygen-rich atmosphere produces the flue gases consisting 
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Fig. 1 Post-combustion CO2 capture methods
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mainly concentrated CO2 stream along with water which can be purified easily [11]. 
Oxy-fuel combustion does not require separate equipment for NOx elimination due 
to the absence of NOx emissions. In addition, complete combustion of fuel occurs 
in this process; therefore, almost pure CO2 is formed which can be stored without 
requiring a CO2 separator. The boiler size is also reduced because combustion 
occurs in the presence of pure oxygen [12]. The main drawback associated with 
oxy-fuel technology is the high capital investment for air separation unit compared 
to post-combustion technology [11].

Among all three technologies, post-combustion is commonly employed in the 
industry because of flexibility in the operation. Pre-combustion processes are 
restricted only to new industries. The energy requirement is less in the pre- 
combustion as compared to the post-combustion CO2 capture, whereas high capital 
required for oxy-fuel combustion limits its industrial application.

2  Amine-Based Solvents for CO2 Capture

The amine-based solvents are most widely used in the industry. Amines have been 
extensively used for the CO2 absorption with the alkanolamines being the most 
popular solvent. Depending on the degree of substitution of alkanol group to the 
nitrogen, amines can be classified as primary, secondary, or tertiary. The CO2 is 
absorbed in alkanolamines by chemical absorption, and the product after absorption 
largely depends on the nature of amine solvents [13]. For example, CO2 rapidly 
react with primary and secondary amines to form carbamate, but tertiary alkanol-
amines are devoid of hydrogen atom and therefore only facilitate the bicarbonate 
formation through hydrolysis. Further, the tertiary amine can be easily regenerated 
because the heat of formation of carbamate is higher than the heat of reaction to 
form bicarbonate [14].

2.1  Reaction Mechanism

The reaction mechanism for the primary and secondary amines occur through the 
zwitterion formation resulting into the carbamate product [15]

Zwitterion formation:

 

Zwitterion formation:
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Carbamate formation:
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Carbamate formation:
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In the termolecular mechanism [16], reaction proceeds in single step by the forma-
tion of the loosely bound complex as an intermediate in the presence of base(X) 
and simultaneously reacts with CO2.
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Methyldiethanolamine (MDEA) being tertiary amine is believed not to participate 
in the reaction due to absence of a proton attached to nitrogen. However, it was 
proposed that they do behave as the base promoter for the reaction to occur [17].

2.2  Industrial Process for CO2 Absorption

The process flow diagram for the CO2 absorption using aqueous alkanolamine solu-
tion (30 wt% of amine) is shown in Fig. 2. The process mainly comprises of a strip-
per column and an absorber column. The flue gas is contacted with the solvent 
counter currently in the absorber column leaving the essential pure gas from the 
absorber column and the CO2-rich solvent from the absorber column bottom. The 
CO2-rich solvent is then heated to a desired temperature and sent to the stripper 
column. The CO2 is removed from the stripper column at the top, and almost pure 
solvent is obtained at the stripper column bottom. The regenerated solvent is recy-
cled to the absorber column after cooling in a heat exchanger.

The monoethanolamine (MEA) is the most celebrated solvent for CO2 absorp-
tion having CO2 uptake of ~0.5 mol of CO2/mol of MEA [18]. Besides MEA, other 
amines such as methyldiethanolamine (MDEA) [19–21] and sterically hindered 
amines such as 2-amino-2-methyl-1-propanol have also been studied [22–24]. The 
sterically hindered amines have been observed to perform better at higher CO2 par-
tial pressure (8–15% CO2) [25]. The typical CO2 loadings in MDEA and AMP have 
been found to be ~1 mol of CO2/mol of amine and ~0.7 mol of CO2/mol of amine, 
respectively. In order to take advantages of both primary and tertiary amines, sol-
vents are often mixed for CO2 capture [26–28]. The blended solvents have high CO2 
loading capacity with low absorption heat due to tertiary amines and the fast reac-
tion rate due to primary amines. This helps in the reduction of solvent circulation 
rate and stripper heat duty [21, 29]. The pilot plant studies have been done using 
MEA/MDEA and MEA/AMP blends [30–32]. The cyclic diamine additive such as 
piperazine was also added to these blends to enhance the absorption rate.
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2.3  Need of Green Novel Solvents

In conventional CO2 capture process, aqueous alkanolamines solution such as MEA 
or MDEA or mixture of these solvents is used as the sorbent medium. This method 
is energy intensive because high energy is required in the regeneration or recovery 
of solvent. Also, amines being volatile in nature result in the solvent loss during 
regeneration. Besides the high energy consumption, corrosion of equipment and 
degradation of the amine solvent are other major drawbacks associated with amine- 
based process.

In general use of organic solvents is of great concern because of their higher 
volatility and higher regeneration cost. The problem gets worse if the solvent is 
hazardous and sometime can increase the carbon footprint. In Paris Agreement 
2015, India vows to reduce the carbon footprint by 2030 [33]. It means there is a 
need to implement greener and sustainable solutions for reduction of CO2 emissions.

To reduce the environmental hazards and to minimize the negative economic, 
social, and environmental impacts, Anastas and Warner put forward 12 principle of 
green chemistry in the book Green Chemistry: Theory and Practice [34]. Based on 
similar principle, Gu et  al. redefine the principle to attain sustainable green sol-
vents [35].

 1. Availability: A green solvent should be constantly and readily available on a 
large scale.

 2. Price: To ensure chemical process sustainability, the price of solvents should 
be competitive.

 3. Recyclability: Solvents should be recyclable.
 4. Grade: To avoid complex purification step, technical grade solvents are 

favored.
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Fig. 2 Process flow diagram for carbon capture using aqueous amine solvents
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 5. Synthesis: Green solvents synthesis should have high atom economy. It means 
the waste produced during the synthesis should be minimum and the reactant 
used should be completely converted into the product.

 6. Toxicity: The solvents should exhibit negligible toxicity.
 7. Biodegradability: Solvent should be biodegradable and also should not pro-

duce toxic products or by-products.
 8. Performance: A green solvent should have same or superior performances to 

replace conventional solvents.
 9. Stability: A green solvent should have high thermal and chemical stability.
 10. Flammability: It should be inflammable.
 11. Storage: Easy to store and should fulfill all criteria for safe and easy 

transportation.
 12. Renewability: Raw materials should be renewable for the green solvents pro-

duction to avoid carbon footprint.

Researchers are therefore focused on the development of environmental-friendly 
novel green solvents to replace the conventional solvents. In recent years, active 
research has been performed on ionic liquids and deep eutectic solvents.

3  Ionic Liquids

These solvents are mainly composed of cations and anions, and they exist in a liquid 
state at room temperature and atmospheric pressure. Ionic liquid is also called the 
molten salts, liquid organic salt, or fused salt because of their existence in the liquid 
form below the room temperature [36]. The conventional salt remains in a solid 
state at normal room temperature and has a high melting point which limits their use 
as solvent. In salts, there are large attractive forces between cation and anion which 
lock them together. These attractive forces can be weakened by increasing tempera-
ture, making them into bulkier group or by enduring asymmetry. In case of ionic 
liquids, attractive forces between anions and cation are weak because of their irreg-
ular shapes. Paul Walden in 1914 first described about the ionic liquid which was 
ethylammonium nitrate which is known as first room temperature ionic liquid [37]. 
A comparison between the ionic liquids and common salts has been given in Table 1.

The list of different cation and anion combination used to make ILs is shown in 
Fig. 3. Their physical as well as chemical properties can be controlled by the appro-
priate choice of anion and cation. Therefore, these are also known as designer sol-
vent. Ionic liquids have found its application in different fields such as acid gas 
removal, catalysis, chemical synthesis, electrochemistry, etc. [38]. Till date, the use 
of ionic liquid is limited to laboratory scale only, and efforts are made for its com-
mercialization. ILs are commonly referred as green solvents because of negligible 
vapor pressure and low flammability which make them environmental friendly. 
However, in recent year, the term “green” for ILs has become dubious since their 
synthesis results in by-product and waste generation [39]. In addition, the synthesis 
of ILs requires complex purification steps which add cost to the solvent.
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3.1  Properties of Ionic Liquids

The understanding of thermophysical properties of ILs is essential for their indus-
trial application and greatly depends on the choice of cation and anion. Here, the 
important IL characteristics are discussed.

Thermal Stability: ILs are thermally stable at high temperature range. This can be 
further changed depending on the choice of anion and cation. Generally, for 
same cation with increase in the anion size, the stability of ILs generally increases 
and decreases with increase in the size of cation [40, 41].

Melting Point: The ILs melting point is one of the most important characteristics. 
The melting point of ILs is normally below 100 °C. Room temperature ILs have 
their melting point below room temperature and hence the name. The low melt-
ing point of ILs arises from the asymmetry of anion and cation which decrease 
the lattice energy and prevent their crystallization.

Volatility: The most celebrated property is its negligible vapor pressure compared 
to conventional organic solvents. According to Brennecke et al., ionic liquids do 
not evaporate [42]. Here, strong ionic bond between anion and cation reduces the 
volatility of ILs.

Viscosity: Ionic liquids, in general, have more viscosity compared to conventional 
organic solvents. There enhanced viscous nature arises from ionic bond between 
anion and cation. This is one of the major factors affecting their use in the indus-
try. Viscosity in turn is a strong function of the nature of anions and cation [42]. 
For example, higher alkyl chain length ILs have more viscosity compared to 
lower alkyl chain length ILs [43]. Viscosity of ILs in general decreases with the 
increase in the temperature [44].

Table 1 Comparison between the ionic liquids and salts

Ionic liquid Salts

van der Waals force is prevalent Ionic bonds are prevalent
Melting point is below 100 °C Melting point is usually above 500 °C
They are electrolytes and itself a solvent They form electrolytes when mixed with 

solvents
Generally, liquid at room temperature They are solid at room temperature
Ionic liquid has lower symmetry Highly symmetrical in nature

Al
OCl

N+

-O

O

O-

OH
S

O

O Cl-

tosylate

chloride

Nitrate

Chloroaluminate

Fig. 3 Common types of cations and anion for ionic liquids
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Toxicity: Even though ILs are regarded as green solvent, they are not actually eco- 
friendly because of their ecotoxicity [45]. Researchers even have shown the 
acute toxicity of ILs [46]. The toxicity of ILs depends on the type of anion and 
cation [47].

Biodegradability: Another cause of concern is the biodegradability of ILs. The 
most of ionic liquids are not biodegradable and have serious concerns [48]. The 
biodegradability depends mostly on the type of cation and the functional group 
attached [49].

3.2  CO2 Capture with Ionic Liquids

The following properties of ILs make them advantageous for CO2 capture as com-
pared to conventional solvents [61–64]:

• The lesser energy requirement for their regeneration compared to conventional 
solvents due to the physical absorption mechanism.

• Low vapor pressure provides little or no loss of solvent into the gas stream.
• High thermal and chemical stability.
• Favorable physicochemical properties like heat capacities, thermal decomposi-

tion temperature, non-corrosiveness, and non-toxicity make ionic liquids as 
green solvent.

3.2.1  Room Temperature Ionic Liquids (RTILs)

The ability of ionic liquids for CO2 uptake was first reported in 1-butyl-3- 
methylimidazolium hexafluorophosphate ([bmim][PF6]). The ([bmim][PF6]) has 
ability to absorb the CO2, and at 8 MPa, the mole fraction of CO2 solubility can reach 
up to 0.6 [50]. After this, Blanchard et al. investigated several ionic liquids 1-n-octyl-
3-methylimidazolium tetrafluoroborate ([C8mim][BF4]), 1-n-octyl-3-methylimid-
azolium hexafluorophosphate([C8mim][PF6]), 1-ethyl-3- methylimidazolium ethyl 
sulfate ([C2mim][EtSO4]), 1-n-butyl-3-methylimidazolium nitrate([C4mim][NO3]), 
and N-butylpyridinium tetrafluoroborate ([N-bupy][BF4]) at high pressure and con-
cluded that these ionic liquids have varying degree of CO2 capture ability [51]. The 
maximum CO2 uptake (~0.3 mol of CO2/mol of ILs) was found in bmim[PF6] among 
all the above listed ILs. The CO2 absorption in different imidazolium-based ionic 
liquid was explored, and it was observed that CO2 loadings increase by increasing 
the imidazolium alkyl side chain length. Also, CO2 loadings in ionic liquid having 
Tf2N anion were higher compared to ILs having PF6 anions. The impact of cation 
fluorination on the CO2 was also investigated, and it was deduced that the CO2 solu-
bility increases as the number of fluorine atoms in the alkyl chain increases [52]. The 
similar study was carried out by several other researches, and it was observed that 
with increasing fluorine atom number in the anion increases the affinity for CO2. 
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However, increasing the number of fluorine atoms on cation does not significantly 
affect the CO2 solubility [53]. The CO2 absorption increases due to strong columbic 
interaction suggesting that the effect of anion-IL interaction is more dominant as 
compared to the cation-IL [54].

The 1-n-butyl-3-methylimidazolium acetate [bmim][Ac] has been found to be 
RTIL which can absorb CO2 through chemical reaction. Similarly, Yokozeki et al. 
performed experiments for CO2 solubility in 18 RTIL, eight of which showed che-
misorption [55]. The imidazolium-based ILs have been widely studied for CO2 
solubility as well as for their interaction. The most acidic protonic carbon atom of 
the imidazolium is considered to be responsible for CO2-IL interaction [56]. Similar 
experiments by Kanakubo et al. asserted that there is preferentially CO2 absorption 
in PF6 anion [57]. The selectivity of the conventional ionic liquid (bmim[PF6]) was 
highest for CO2 compared to other gases. CO2 selectivity of the ionic liquids was 
further enhanced by using amine moieties such as [MDEA][Cl]-ionic liquids [58–
60]. IL consisting of guanidinium lactate anion has shown the higher CO2 solubility 
than [bmim][PF6] [60]. Similar to lactate anion, CO2 solubility can also be increased 
by increasing the number of potential sites for CO2-IL interaction [61]. The CO2 
capture abilities of various RTILs have been presented in Table 2.

CO2 selectivity of ILs was quite large as compared to other gases [62, 63]. The 
CO2 solubility and selectivity can be further enhanced by proper selection of cation 
and anion [64, 65]. In general, it has been investigated that CO2 solubility in ionic 
liquids is still low in comparison with conventional alkanolamines or polyethylene 
glycol of dimethyl ethers which therefore requires further research on ionic liquids 
for better CO2 solubility [66].

Table 2 CO2 absorption in RTIL

Ionic liquid P (bar) T (K) CO2 mole fraction Reference

bmim[PF6] 15.17 313.15 0.231 [58]
C8mim[PF6] 17.83 313.15 0.234 [58]
bmim[NO3] 15.47 313.15 0.196 [58]
C8mim[BF4] 17.26 313.15 0.197 [58]
n-bupy[BF4] 15.47 313.15 0.144 [58]
emim[EtSO4] 16.43 313.15 0.100 [58]
bmim[BF4] 12.74 313.15 0.137 [62]
bmim[dca] 14.16 313.15 0.158 [62]
bmim[TfO] 20.94 313.15 0.217 [62]
bmim[methide] 18.75 313.15 0.315 [62]
bmim[Tf2N] 17.21 313.15 0.269 [62]
hmmim[Tf2N] 15.37 313.15 0.298 [62]
omim[Tf2N] 18.33 313.15 0.292 [62]
emim[Tf2N] 12.12 312.10 0.212 [63]
[C6H4F9mim][Tf2N] 17.30 313.15 0.394 [68]
[C8H4F13mim][Tf2N] 13.10 298.15 0.351 [68]
[Et3NBH2mim][Tf2N] 15.00 298.15 0.043 [68]
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3.2.2  Task-Specific Ionic Liquids

The carbon dioxide solubility in the room temperature ionic liquids is very less; 
therefore, further research has been focused to enhance the CO2 solubility in ILs by 
adding the functional groups. The task-specific ionic liquids (TSILs), also referred 
as functionalized ionic liquids, are tailor-made for specific task to be executed. The 
designer aspects of the ionic liquids are utilized in a sense that various functional 
groups can be incorporated to the ionic liquid. The first TSIL was synthesized by 
Bates et al. in which imidazolium was covalently bonded with the primary amine 
[67]. The synthesized TSIL showed 0.5 mol of CO2 solubility/mol of ionic liquid 
which is similar to the CO2 solubility of alkanolamine. Due to the presence of 
amine, CO2 reacts with ionic liquids as shown in Fig. 4.

Functionalized ionic liquids containing amino acid group were prepared by Gurkan 
et al. [68]. Amino acid-based functional ILs have both amine and carboxyl functional 
groups. The rate of CO2 absorption in TSIL was significantly higher than the RTIL 
such as [bmim][BF4] [69, 70]. However, the chemical reaction increases the viscosity 
of ionic liquid which can be controlled by reducing the number of hydrogen atoms 
from anion to prevent hydrogen bonding [70–72]. The solubility of CO2 in tetraethyl-
ammonium prolinate ([N2222] [Pro]) and tetramethylammonium glycinate ([N1111] 
[Gly]) was analyzed by 13C-NMR under wet conditions. In these ILs, anions are amine 
functionalized which react with the CO2 to form carbamate. The ionic liquids with 
dual functionalization, i.e., functionalizing both the cation and anion of the ILs by 
amino phosphonium group, were also synthesized for investigating their effect on CO2 
uptake [70, 73]. These ILs showed the chemical absorption of CO2 having loadings of 
1 mol CO2/mol IL. Higher viscosity due to hydrogen bonding of these functionalized 
ionic liquids is the main problem which needs to be overcome by further research.

3.2.3  Supported Ionic Liquid Membrane

Supported ionic liquid membranes (SILMs) have been also explored for CO2 cap-
ture. SILMs are porous membranes whose pores are saturated with ionic liquids. 
In SILMs, the ionic liquid contributes towards the liquid phase of the membrane. 
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Fig. 4 CO2 reaction with functionalized ionic liquids [78]
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High viscosity and non-volatility of ionic liquid prevent the membrane solvent 
from flowing out of the porous membrane [74]. Four water stable anions 
bis(trifluoromethanesulfonyl)amide [Tf2N]−, trifluoromethanesulfone [CF3SO3]−, 
dicyanamide [DCA]−, and chloride [Cl]−, supported on the hydrophilic polyether-
sulfone (PES), were studied for CO2 absorption [75]. Results showed that higher 
permeability along with greater selectivity of CO2 can be achieved. These perme-
ability and selectivity were even better than the polymeric membranes. Nerves 
et  al. found that the nature of ionic liquid affects the CO2 absorption behavior 
[76]. The hydrophobic ionic liquids are more stable and have high capacity for 
CO2 absorption as compared to hydrophilic ionic liquids. Presence of water vapor 
in the gas stream increases the permeability but results in the lower CO2 selectiv-
ity due to the water cluster formation. It was also investigated that increasing the 
temperature increases the permeability of these membranes which in turn 
decreases the CO2 selectivity. The selectivity and permeability of SILM largely 
depend on the nature of porous material. The CO2 absorption in SILM can be 
increased by increasing the van der Waals intermolecular interaction of CO2 and 
ionic liquid [77].

3.2.4  CO2 Capture with Polymeric Ionic Liquid

The polymerized ionic liquids (PILs) have also shown the capability to absorb the 
CO2. Tang et al. first made the ionic liquid into polymeric form [78]. These polym-
erized ionic liquids have greater CO2 absorption capacity than the conventional 
ionic liquids. Tetraalkylammonium-based polymeric ionic liquid has 7.6 times 
larger CO2 solubility as compared to conventional ionic liquid [C4mim][BF4] [79]. 
CO2 absorption capacity in PILs depends on the cation, and the highest CO2 absorp-
tion was observed in ammonium-based PILs. Imidazolium-based PILs show rela-
tively lower CO2 solubility [80, 81]. Similarly, anions of the PILs significantly affect 
the CO2 solubility and follow the trend as BF4

− > PF6 > Tf2N.

3.3  Ionic Liquid Blends

The viscosity of conventional ionic liquid is approximately 40 times higher than 
that of aqueous alkanol amine (30 wt%) which causes huge difference in the CO2 
solubility [82]. Amine-functionalized ionic liquid showed better CO2 solubility 
than the conventional ionic liquids. However, the functionalized ionic liquids syn-
thesis requires complex procedure and subsequent purification steps [83]. 
Therefore, in addition to modifying the structural and functional group, mixing 
with other solvent is an alternative way to improve the CO2 absorption ability of 
these ionic liquids.
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3.3.1  IL-Water

The water addition into ionic liquids greatly decreases the ionic liquid viscosity; 
however, it also affects the CO2 solubility. The presence of 1% water in the amino- 
functionalized ionic liquid could absorb equimolar amount of CO2, and the obtained 
product so formed is different from the products obtained by pure ionic liquids [73]. 
Experiments conducted by Ventura et al. suggest that though the viscosity of ionic 
liquid decreases with the addition of water, at the same time, CO2 absorption capac-
ity also decreases [84]. The CO2 absorption capacity of ILs-water blends largely 
vary with the choice of ionic liquid and the amount of water present. Additionally, 
the energy required for regeneration of these blends is lesser than that required for 
the aqueous amine (30%) solution. The enthalpy of CO2 absorption was measured 
for the ILs-water (60 wt% IL) system which was found to be significantly lower 
(41.1 ± 3.2 kJ/mol IL) as compared to the aqueous MEA-based solvent (82 kJ/mol 
MEA) [85]. This suggests that addition of water reduces the regeneration energy of 
the ionic liquids.

3.3.2  IL-Amine

Further improvement for the CO2 solubility can be achieved by addition of alkanol-
amine to ionic liquid. Partly replacing the water from the aqueous alkanolamine 
solution by ionic liquid can diminish the solvent regeneration energy and also limits 
the loss of alkanolamine. Industrial CO2 capture process uses solvents with 60 wt% 
water; therefore, a large volume of water is also lost during solvent regeneration. 
Ionic liquid [C6mim][Tf2N] with MEA blend showed significant increase in CO2 
absorption [86]. Four ionic liquids with tetramethylammonium and tetraethylam-
monium as cations and glycinate and lysinate as anions, e.g., ([N1111][Gly]), 
([N2222][Gly]), ([N1111][Lys]), and ([N2222][Lys]), were blended with the 
MDEA aqueous solution to study the CO2 absorption capacity. All these blends 
were found to have high CO2 solubility capacities than the conventional ILs [87]. 
The experimental results of amines-IL-H2O, amines-H2O, and IL-H2O blends in the 
temperature range of 30–70 °C suggest that amines-IL-H2O blends are better for 
CO2 absorption as compared to IL-H2O and amines-H2O [88]. Baj et al. reported 
that CO2 absorption follows physisorption process in [EMIM][OcSO4]-MEA-water 
system [89], whereas pure ionic liquid like [bmim][OAc] absorbs the CO2 by chem-
ical absorption process. The experiments conducted by Murugesan et al. showed 
that the CO2 uptake is more in [bmim][BF4] as compared to bis(2-hydroxyethyl)
ammonium acetate (bheaa), whereas aqueous blend of bheaa-MEA showed higher 
CO2 solubility than the aqueous mixture of MEA-[bmim][BF4] [90].

The MEA-based blend with three ILs [bmim][DCA], ([Bpy][BF4]), and ([bmim]
[BF4]) was explored for CO2 absorption process. It was found that [Bpy][BF4]-MEA 
blends can reduce energy consumption by 15% as compared to conventional amine 
process [91]. The techno-economical aspect for the CO2 capture was also investi-
gated for water-MEA-[bmim][BF4] blends. The results show that solvent 
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regeneration for blended solution requires 37.2% lower energy than aqueous amine 
solution [92]. Haider et  al. measured CO2 uptake in various IL-amine blends as 
shown in Fig. 5. The highest CO2 solubility and the reaction rate were observed by 
the [bmim][BF4]-MEA-piperazine blend [93]. The amine addition in ionic liquid 
significantly increases the CO2 uptake.

The CO2 solubility was further enhanced using piperazine owing to its chemi-
sorption behavior. Addition of piperazine results into the solid phase separation as 
shown in Fig. 6. In general, IL-amine blends have shown significantly high CO2 
loadings, and in some cases, CO2 loadings are more than the aqueous alkanolamine 
solution [87, 94].

A comparison of CO2 uptake in ionic liquids and aqueous amine solution has been 
given in Table 3. It was found that most of the ionic liquids have lower CO2 solubility 
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than the aqueous amine solution. Ionic liquids are intensively studied solvents with 
exceptional properties such as negligible volatility, excellent chemical and thermal 
stability, and high heat capacity [95, 96]. However, ILs require complex purification 
steps which add to the cost of these solvents [37, 97]. Moreover, their high viscosity 
and environmental acceptability further limit their application for CO2 capture [98, 99].

4  Deep Eutectic Solvents

Abbott and co-workers synthesized a new kind of solvents known as deep eutectic 
solvents (DESs) which are believed as a substitute to ILs. These are formed by mix-
ing suitable molar ratio of hydrogen bond donor (HBD) and hydrogen bond accep-
tor (HBA) [104, 105]. Due to hydrogen bonding, these mixtures are homogeneous 
liquids as room temperature. DESs contain large asymmetric ions having low lattice 
energy resulting into the lower melting point. Charge delocalization through hydro-
gen bonding produces lower melting point of these mixtures. Common types of the 
hydrogen bond donor (HBD) and hydrogen bond acceptor (HBA) used for deep 
eutectic mixtures are shown in Fig. 7.

The first DES was synthesized by Abbot et al. using choline chloride (ChCl) as 
HBA and urea as HBD [104]. The DES formed at HBA/HBD molar ratio of 1:2 
showed significantly lower melting point (12 °C) than the pure HBA and pure HBD. It 
should be interesting to note that mixing of HBD and HBA does not always produce 
lower melting point, but instead a glass transition temperature may be observed [106]. 
These kinds of solvents are regarded as low transition temperature mixtures [97, 106]. 
DESs are easy to synthesize and do not require complex purification steps. A sche-
matic of ChCl and ethylene glycol-based DES synthesis has been shown in Fig. 8.

However, DESs are considered to be IL analogues sharing similar physicochemi-
cal properties. It should be noted that DESs are fundamentally different from the 
ILs. DESs are formed by simple mixing of the HBDs and HBAs in fixed molar ratio, 

Table 3 Comparison of CO2 solubility in ionic liquids and aqueous amine solution

Solvents T (K) P (bar) Mole fraction CO2 Mass fraction CO2 Reference

[bmim][PF6] 303.15 10.17 0.186 0.029 [54]
[bmim][BF4] 303.15 09.96 0.166 0.032 [93]
[bmim][Tf2N] 313.15 22.00 0.667 0.070 [54]
[emim][BF4] 298.15 8.80 0.119 0.026 [101]
[emim][TF2N] 298.15 10.07 0.293 0.033 [100]
[P66614][Pyr] 296.15 1.00 1.020 0.082 [83]
[bmim][DCA] 313.15 14.20 0.188 0.040 [54]
[C6mim][PF6] 313.15 25.70 0.427 0.060 [102]
[P66614][Pro] 295.15 1.00 ~0.900 0.066 [68]
[P66614][Met] 295.15 1.00 ~0.900 0.063 [68]
30 wt% aqueous MEA 313.15 12.56 0.763 0.550 [103]
30 wt% aqueous MDEA 313.15 12.41 1.065 0.393 [103]
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whereas ionic liquids are synthesized by combination of protonation and complex-
ation reaction. Therefore, ILs require purification step which makes ILs costly.

Abbott et al. described the DESs by a general formula AP+B−zC, where AP+ is in 
principle any phosphonium- or ammonium-based salt having Lewis base (com-
monly halide) “B” [107, 108]. The z number of Lewis or Bronsted acid C molecule 
forms the complex anionic species with B−. Most of the current research concerning 
DES is based on quaternary ammonium salts.

4.1  Physicochemical Properties of DESs

Deep eutectic solvents have physicochemical properties similar to that of ionic liq-
uids (ILs). These solvents are non-volatile in nature having high thermal stability 
[107, 109]. Their properties can be further altered based on the proper selection of 

Fig. 7 Common hydrogen bond acceptor and hydrogen bond donor
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the HBA and HBD. DESs have find their application in various fields including gas 
separation because of their green physiochemical properties [110, 111]. Garcia et al. 
presented a comprehensive review on the DESs application in gas separation high-
lighting the properties which need to be focused while selecting the solvent [112].

Like ionic liquids, one of the most important aspects of DESs is their ability to 
be tailored for the particular application. However, DESs have edge over ILs when 
compared in terms of stoichiometry. This means different HBD/HBA molar ratio 
can be used for the synthesis of DESs. However, reaction in a fixed stoichiometry is 
done for the synthesis of ILs. Combination of various HBD and HBA as well as 
different HBD/HBA molar ratio helps in designing a desired DES for a particular 
application. Therefore, DESs have found their application in many fields such as 
extractive desulfurization, gas separation, extraction of target compounds, biodiesel 
production, biocatalysis, polysaccharides processing, nanotechnology, and others 
[108, 112–119]. Some of the important physicochemical properties of DESs have 
been discussed here.

4.1.1  Phase Behavior

Phase diagram of DESs is important to identify the physical state of the mixture 
under different pressure and temperature conditions. The phase diagrams of choline 
chloride, glycol and choline chloride, and urea have been shown in Fig. 9. Generally, 
these DESs formed at different HBD/HBA molar ratios have lower melting point 
than the individual compounds. The higher the interaction among compounds, the 
more the depression in the melting point. At a particular HBD/HBA molar ratio, the 
melting point of DES may approach to the lowest value which is called as the eutec-
tic point. According to Kroon et al., DESs are not ionic, and most of the DES prop-
erties arise from hydrogen bonding and van der Waals interaction [106].
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4.1.2  Density

Density is an important property for the chemical processing. DESs have density 
more than water but less than ILs. Density usually changes with type of HBD and 
HBA and their molar ratio. In general, density is significantly affected by the HBA/
HBD molar ratio and decreases with increase in temperature. Like ionic liquids, the 
density effects in DESs are explained based on the hole theory or free volume [120]. 
The density (ρ) of DESs can be modelled using a quadratic equation as given below:

 ρ ρ= + +0
2aT bT  (1)

where “a,” “b,” and ρ0 are constant and temperature T is in K.

4.1.3  Viscosity

The viscosity represents the resistance to flow which indirectly indicates the strength 
of intermolecular interaction among the DESs’ precursor compounds. Most of the 
DESs show high viscosity at room temperature which is due to extensive hydrogen 
bond network between the DES precursors [113]. Viscosity of DESs depends on the 
nature of precursor compounds, water content, and temperature. The viscosity 
behavior of DESs can be also explained through hole theory. The viscosity of DES 
is high if the empty vacancies are less due to higher structuring effect. At higher 
temperature, the empty vacancies in DESs increase, and therefore viscosity 
decreases. The effect of temperature (T) on the viscosity (μ) of DESs can be 
described using Arrhenius equation as given below:

 
ln /µ µ µ

∞( ) =
E

RT  
(2)

where μ∞ is the empirical constant, Eμ is the activation energy for viscous flow, and 
R is the gas constant.

4.1.4  Volatility

In the synthesis of DESs, one of the precursors is a salt, and other is volatile com-
pounds. This makes DESs partially volatile as compared to non-volatile ILs. 
Moreover, volatility of the DESs depends on the individual precursor. For example, 
DESs formed by mixing two solid have low volatility compared to DESs formed by 
mixing one volatile and one solid compound [112]. However, all the DESs have 
sufficiently low volatility to categorize them under green solvent.
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4.1.5  Thermal Stability

Thermal stability of DESs largely depends on the type of precursor compounds and 
their molar ratio. Strong intermolecular interaction among precursor compounds 
results in high thermal stability of DESs. Some of the DESs are having higher ther-
mal stability than those of hydrogen bond donors and ionic liquids [121].

4.1.6  Toxicity

Hayyan et al. investigated the toxicity of various DESs [122, 123] and found that 
DESs are more toxic as compared to their individual compounds. The toxicity of 
DESs varies with the type of salt and hydrogen bond donor. Natural DESs are less 
toxic compared to the DESs precursors [124, 125]. Therefore, the toxicity of the 
DESs can be tailored based on the choice of hydrogen bond donor and acceptor.

4.2  DESs for CO2 Capture

Along the line of ILs, DESs have been considered to be a green solvent having 
advantageous properties owing to biodegradability, non-flammability, simple syn-
thesis, and high chemical as well as thermal stability. Li et al. first studied the CO2 
uptake in the DESs synthesized from urea and choline chloride having molar ratio 
of 1.5:1, 2:1, and 2.5:1 in the temperature range from 40 to 60 °C up to a pressure 
of 13 MPa [126]. Their results revealed that for a fixed pressure and temperature, 
CO2 solubility depends upon the DESs molar ratio and the highest CO2 solubility 
was observed for 1:2 molar ratio of choline chloride and urea. Much of the later 
work was focused on CO2 solubility in DESs; however, some studies were also done 
for other gases such as CO, N2, CH4, and SO2.

4.2.1  CO2 Solubility in Ammonium-Based DESs

Since the first synthesized DES by Abbott et al. was based on ammonium salt, there-
fore much of the later work was focused on the ammonium-based salt only. An 
extensive study was done for investigation of CO2 solubility in DESs having ammo-
nium salts. The most commonly used ammonium salt was choline chloride and later 
work extended to tetrabutylammonium bromide, tetrabutylammonium chloride, and 
other ammonium salts.
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4.2.2  HBDs with OH Moiety

Solubility of CO2 in ethaline (ChCl:2ethylene glycol) and glycine (ChCl:2glycerol) 
DESs was investigated by Leron et al. [127, 128]. Their results suggest that CO2 
capture in the ethaline DESs was comparable to the ionic liquids [BMIM][PF6] and 
[BMIM][BF4] [51, 52]. Li et al. compared the CO2 dissolution in the ChCl:diethylene 
glycol and ChCl:triethylene glycol DESs having molar ratios of 1:3 and 1:4, respec-
tively [129]. The CO2 solubility of ChCl:glycol-based DESs at different molar ratio 
has been shown in Fig. 10. It was observed that with increase in the ChCl:glycol 
molar ratio, there was only little increment in the CO2 solubility. The effect of molar 
ratio was more pronounced in ChCl:TEG-based DESs. Further, CO2 solubility in 
the glycine(ChCl:2glycerol) DES was found to be higher than glycol-based DESs.

Lu et al. used levulinic acid and furfuryl alcohol as HBAs and ChCl as HBD for 
CO2 capture [130]. The ChCl:levulinic-based DESs showed maximum CO2 solubil-
ity which increases with increase in the molar ratio of HBD/HBA. The solubility of 
CO2 in ChCl:levulinic-based DESs was comparable to ChCl:triethylene glycol- 
based DESs but lower than the glycine. The CO2 absorption in DESs composed of 
ChCl and dihydric alcohol was measured by Chen et al. [131]. In their study, highest 
CO2 solubility was shown by the ChCl:3(1,4-butanediol)-based DES, and the lowest 
CO2 solubility was observed in ChCl:4(1,2-propanediol). This suggests that the 
chain length of HBDs affects the CO2 solubility and longer chain length produces 
higher CO2 solubility. However, as compared to ethaline (ChCl:2ethylene glycol), 
dihydric alcohol-based DESs show lesser CO2 capture ability.
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The CO2 uptake in different type guaiacol (GC)-based DESs was investigated by 
the Liu et al. [132]. The DES composed of diethylamine hydrochloride as HBA and 
GC as HBD (1:5) has the highest CO2 loading capacity. However, the observed CO2 
solubility was lesser than the glycine DES. A comparison of CO2 solubility in ChCl- 
based DESs with different HBD has been presented in Fig. 11. The results show that 
changing the HBDs has significant effect on the CO2 uptake of DESs. Haider et al. 
have synthesized 15 different DESs using ChCl and TBAB as HBA for investigating 
CO2 solubility [133]. The results show that increase in the chain length of HBA 
increases CO2 solubility. The effect of HBA on CO2 solubility for a fixed HBD 
(levulinic acid) has been shown in Fig. 12. It was observed that changing the HBA 
significantly affects the CO2 solubility. The DESs containing tetrabutylammonium 
bromide (TBAB) have higher CO2 capture ability than the other HBDs.

4.2.3  HBDs with NH Moiety

Further studies were focused on DESs consisting of HBDs with -NH moieties. 
ChCl:urea (reline) DESs having molar ratios of 1:1.5, 1:2, and 1:2.5 were synthe-
sized by Li et al. and Leron et al. [129, 134]. Highest CO2 uptake was observed in 
the DES having ChCl:urea molar ratio of 1:2. The amount of CO2 absorb was com-
parable to imidazolium-based ILs and found to be higher than ethaline and glycine. 
Effect of water addition in the DESs was also explored for CO2 capture. The results 
demonstrate that presence of water in reline reduces the CO2 solubility [135]. 
Similar findings were also described by Maheswari et al. for alkanolamine- based 
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DESs [136]. Ali et al. synthesized 17 different DESs and found that amine- based 
DESs have higher CO2 solubility as compared to glycol-based DESs [137].

4.2.4  Task-Specific DESs

The task-specific DESs were also explored for CO2 capture, and the first task- 
specific DES was synthesized by Sze et  al. by combining deep eutectic solvents 
(ChCl:glycerol) with the superbases [138].

The increased CO2 absorption was observed due to the formation of alkyl car-
bonate in the presence of superbase. Similarly, Bhawna et al. investigated the CO2 
uptake in ethaline and reline in the presence and absence of three superbases 
1,5,7-triazabicyclo[4.4.0]-dec-5-ene, 1,5-diazabicyclo[4.3.0]-non-5-ene, and 
1,8-diazabicyclo[5.4.0]undec-7-ene [139]. It was observed that CO2 uptake of the 
ethaline and reline significantly enhances due to addition of superbase. Also, DES 
made of monoethanolamine hydrochloride/ethylenediamine shows very good CO2 
uptake of 33.7 wt% via carbamate formation upon the interaction with CO2 [140].

4.2.5  CO2 Solubility in Phosphonium-Based DESs

Very few research has been conducted on the CO2 solubility of phosphonium-based 
DESs. Ghaedi et al. first studied CO2 absorption in different phosphonium-based deep 
eutectic solvents. Their results show that phosphonium-based DESs have significantly 
higher CO2 solubility as shown in Fig. 13 [141, 142]. It is evident from the figure that 
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for same HBDs, DESs with phosphonium as HBAs have significantly higher CO2 
uptake. Also, DESs with higher HBD chain length show higher CO2 solubility.

The solubility in the hydrophobic solvents was also investigated. Zubeir et al. syn-
thesized six different DESs and investigated the CO2 solubility from 298 to 323 K 
[143, 144]. Their results indicate that the CO2 absorption in the prepared DESs was 
similar to renowned fluorinated ILs. These solvents could be helpful where the water 
content is more and can affect the CO2 solubility of hydrophilic solvents. Table 4 
presents the comparison of different DESs for the ability to capture CO2.

Table 4 Comparison of CO2 solubility in different DESs

Solvents (HBD/
HBA) T (K)

P 
(bar)

CO2 loading (mol CO2/
mol solvent)

CO2 loading 
(g CO2/g solvent) Reference

4MAE/TBAB 303.15 10.46 0.30 0.106 [145]
3TEA/TBAB 298.15 10.00 0.08 0.021 [137]
4EAE/TBAB 303.15 09.93 0.22 0.071 [145]
6DEA/TBAB 303.15 10.11 0.11 0.036 [146]
6EA/TBAB 298.15 10.00 0.12 0.059 [137]
6EA/MTPPhBr 298.15 10.00 0.14 0.072 [137]
GUA/2EA 298.15 11.29 1.36 (mol/kg) 0.060 [147]
6EA/TPAC 298.15 10.57 0.94 (mol/kg) 0.041 [147]
4MAE/BTEACl 303.15 10.07 0.24 0.100 [145]
6DEA/ChCl 303.15 09.71 0.09 0.036 [146]
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5  Conclusions

Ionic liquids being non-corrosive and having negligible vapor pressure are the 
emerging solvents for CO2 capture and considered to be the green solvent. The low 
cost of the solvent regeneration is the major advantage over conventional amine 
systems. The limited solubility and high viscosity of the ILs are the major issues. 
The ionic liquids (bmim[BF4], bmim[PF6]) have shown good CO2 solubility as com-
pared to other ionic liquids. However, the rate of absorption was slow due to physi-
cal absorption. To exploit the reactivity of aqueous amine with CO2 for higher 
loading and negligible vapor pressure of ILs for easier regeneration, IL-amine 
blends were explored. These blends have shown higher CO2 capture ability along 
with faster rate of absorption. Therefore, a lot is to be investigated for these systems 
to make them economically feasible for CO2 absorption. The limited CO2 solubility 
and high viscosity of the ILs are the major issues for their commercial applications.

To overcome the drawbacks associated with ionic liquids, deep eutectic solvents 
(DESs) which are considered as an alternatives to ionic liquids were explored for 
CO2 capture. These mixtures are formed by mixing suitable molar ratio of hydrogen 
bond donor and hydrogen bond acceptor. The DESs are easy to synthesize and do 
not require complex purification steps. These solvents are cheaper than ionic liq-
uids. The CO2 solubility in these solvents depends on the type of hydrogen bond 
donor and hydrogen bond acceptor. Even though DESs have shown good CO2 cap-
ture ability, there is a lot of further research required to use these solvents in the 
industry.
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Abstract This chapter provides a brief account of the discovery and gradual evolu-
tion of Ziegler-Natta catalysts for polymerization of various olefins, α-olefins, and 
functional olefins. The structure of first and second generation catalysts is intro-
duced, and the different mechanisms proposed by the scientists for the polymeriza-
tion of ethylene using this catalyst is discussed. Subsequently, the control of 
branching and mechanism to produce stereospecific poly-α-olefins is elaborated. 
Development of catalysts for synthesis of stereo-controlled polyolefins is discussed 
along with methods to determine the stereospecificity of the polymers. The evolu-
tion of metallocene-based Ziegler-Natta catalysts and the mechanism of polymer-
ization based on these catalysts are briefed. The following section discusses about 
the catalyst compositions useful for polymerization of functional olefin monomers 
and their copolymerization with propylene. Development of catalyst compositions 
based on Pd, Ni, Cu, and Fe is discussed, and subsequent polymerization mecha-
nism is included. A series of catalysts synthesized using vanadium and various che-
lated ligands are discussed in context of their catalytic activity and the structure of 
polymer formed. The last chapter unveils some of the recent advances in these cat-
egories of catalysts and future scope of the catalyst.

Keywords Ziegler-Natta catalysts · Polymerization mechanism · Stereospecific 
polyolefins · Tridentate ligands · Vanadium-based complexes · Polyolefins synthesis

1  Introduction

Polyethylene (PE) was a serendipitous invention by Reginald O. Gibson and Eric 
W. Fawcett of Imperial Chemical Industries (ICI) in 1933. The above two organic 
chemists, while performing a reaction between ethylene and benzaldehyde in an 
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autoclave, observed formation of a white, waxy, and light substance. Apparently, a 
drop in pressure due to an inadvertent leak and presence of trace amount of oxygen 
facilitated the polymerization and formation of this plastic material. This revolu-
tionary plastic substance was later termed as PE. Soon PE found its first commercial 
application, and a patent on this polymer was filed by ICI in 1936. In 1944, the real 
commercial implementation of PE commenced. Both DuPont and Bakelite 
Corporation obtained the license from ICI to start large-scale commercial produc-
tion of PE. PE possessing excellent commercial value owing to its moisture and 
chemical and electrical resistance is one of the major petrochemical products. 
Currently, PE is synthesized in a large scale in several countries all over the world 
with around 90 million metric tons of production per year. The C2 and C3 olefin 
side products emanating from the fluid catalytic cracking units have promoted the 
large-scale production of PE.

However, the PE synthesized under free radical condition was low-density PE 
(LDPE) and exhibited inferior mechanical properties with low tensile strength and 
Young’s modulus along with low melting point and low crystallinity (Table 1). In 
presence of a free radical initiator such as peroxides and azobisisobutyronitrile 
(AIBN) and under high pressure and temperature conditions, inter- and intramo-
lecular chain transfer to polymer chain resulted in long- and short-chain branching 
(Fig. 1). Occurrence of these chain transfer reactions increased the polydispersity 
index (PDI), broadened the molecular weight distribution, and lowered the packing 
efficiency and density of the samples. As a result, the mechanical properties of 
LDPE were compromised to certain extend.

Table 1 Mechanical and thermal properties of HDPE, MDPE, LLDPE, and LDPE

Properties HDPE MDPE LLDPE LDPE

UTS (psi) 2200–6530 1810–5080 1150–6600 1500–2600
Young’s modulus (105 psi) 0.90–2.10 1.16 0.20–2.27 0.28–0.75
Ultimate elongation (%) 3–1900 50–1100 8–1100 100–850
Melting point (°C) 130–140 126–128 75–128 108–121
Flexural modulus (105 psi) 0.7–7.0 0.86–1.74 0.02–1.10 0.22–3.20
Density (g/cm3) 0.93–1.27 0.93–1.05 0.87–0.96 0.91–0.95

The properties were collected from matweb.com
UTS ultimate tensile strength

HDPE

MDPE
LLDPE LDPE

Fig. 1 Schematic representation of the polymer chains of high-density PE (HDPE), medium- 
density PE (MDPE), linear LDPE (LLDPE), and LDPE
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2  Zeigler-Natta Catalyst

The commercial viability of PE took a revolutionary leap in 1953 after the momen-
tous invention of a versatile organometallic catalyst for polymerization of ethylene 
by Karl Waldemar Ziegler of the Kaiser Wilhelm Institute and Erhard Holzkamp. 
Ziegler utilized a binary mixture of transition metal halides of group IV and metal 
alkyls of group I to III, typically TiCl4 and AlEt3 to polymerize ethylene under nor-
mal pressure and room temperature conditions [1]. The procedure was able to mini-
mize the branching and produced high-density polyethylene (HDPE). Soon after 
this invention, Giulio Natta and coworkers further demonstrated the versatility of 
this catalyst and trivalent titanium chloride-based system to polymerize different 
α-olefins such as propylene and butylene to produce stereoregular isotactic poly-
mers [2]. This path-breaking invention led to development of commercial plastics 
and elastomers, and living cationic, anionic, and radical polymerizations evolved 
with time, expanding the research and development on synthetic high polymers. 
The income earned from his patents ensured financial independence and further 
expansion of the Institute of which he was the Director.

Since 1955, the scientific literature exploded especially with several thousands 
of reports on utilization of these catalysts for polymerization of a range of olefins 
and dienes and further modification of the catalyst to improve the versatility and 
efficiency. This chemistry associated with the name of Karl Ziegler is considered as 
one of the “historical landmarks in chemistry,” and in recognition to their efforts, 
both Professor K. Ziegler and G. Natta were honored with the prestigious Nobel 
Prize in Chemistry in 1963. In general, though the number of variations in transition 
and alkyl metals is large, the number of useful combinations for efficient catalysis 
is limited. Titanium and vanadium have so far displayed excellent activity, and zir-
conium, hafnium, and tungsten have shown promise for future development. 
Similarly, in case of alkyl metals, aluminum have been outstanding and utilized in a 
number of catalyst compositions followed by magnesium and zinc in selective 
cases. The versatility of this Ziegler-Natta catalyst is ascertained to the number of 
monomers these catalyst systems can efficiently polymerize and the number of dif-
ferent products those can be obtained from each monomer.

2.1  Mechanism of Polymerization

Several mechanistic pathways are proposed in the literature towards the polymer-
ization of olefins in presence of Ziegler-Natta catalyst. Most of the reports agree to 
one general aspect of the polymerization, i.e., the polymerization occurs through 
insertion of olefin monomer between the metal atom and one of the alkyl groups of 
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the organometallic compound. However, some disagreement still exists regarding 
the nature of active center, i.e., the growing polymer chain is attached to the transi-
tion metal or the non-transition metal.

2.2  Mechanism Based on Bimetallic Complex

Natta and Mazzanti proposed a bimetallic mechanism while studying the ethylene 
polymerization using a soluble complex of titanium chloride and aluminum alkyl 
(Fig. 2a) [3]. Similarly, Furukawa and Tsuruta also supported the bimetallic mecha-
nism, and the complex of AlR3-TiCl3 was proposed to be responsible for polymer-
ization (Fig. 2b) [4]. In a later stage, several other researchers including Huggins, 
Boor, and Patat supported the above bimetallic mechanism.

As per the mechanism proposed by Rodriguez et  al., since the Ziegler-Natta 
polymerization is stereospecific, a bimetallic complex is involved as shown in 
Scheme 1 [5]. The vacant t2g orbital on the Ti atom is forming a π-complex with the 
olefin monomer as a part of the initiation step. Subsequently, insertion of the olefin 
occurs between Ti-C bond and simultaneous rupture of Al-C bond. The alkyl group 
migrates to the olefin carbon, and the CH2 of olefin replaces the alkyl group origi-
nally placed between Ti and Al. The active center is restored now after insertion of 
one olefin moiety. The propagation occurs via repetition of the above olefin inser-
tion steps, and polyolefin possessing the alkyl group at the chain end is obtained 
after the polymerization.

2.3  Mechanism Based on Monometallic Complex

Cossee proposed that a monometallic complex is involved in the polymerization and 
the active center is an alkylated Ti-ion [6]. As per the detailed study by Arlman and 
Cossee, a penta-coordinated alkyl titanium complex is formed by exchange reaction 
of titanium chloride with alkyl aluminum (Scheme 2). The vacant site on the alkyl 
titanium complex formed π-complex with the olefin monomer. Subsequently, inser-
tion of olefin occurred between the Ti and alkyl group, and the vacant site on Ti sur-
face was restored for addition of next monomer. Involvement of alkyl titanium 
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Cl
Cl

Cl

R

R

Ti Al
R

Cl
R

Cl

Ti Al

(a) (b)Fig. 2 Bimetallic 
complexes used by (a) 
Natta et al. and (b) 
proposed by Furukawa 
et al. responsible for 
polymerization of olefin
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complex in the polymerization mechanism was already supported by Ludlum and 
Ziegler [7, 8]. The role of alkyl aluminum is primarily to serve as the alkylating agent. 
Cossee further reasoned that for formation of π-complex between metal and olefin, 
the d orbital of metal atom must be sufficiently large to efficiently overlap with the 
anti-bonding orbital of the olefin. This particular case is suitable with metal possess-
ing low effective nuclear charge. In fact, Natta had already proposed that the metals 
with ionization potential less than 7 eV are suitable for such π-complex formation.

The most intriguing aspect of the mechanism is carbon-carbon bond formation. 
In this regard, Rooney and Green proposed that the mechanism involves 1,2- hydrogen 
shift from the α-carbon to the metal surface followed by the formation of metallo-
cyclobutane (Scheme 3) [9]. As per this mechanism, the metathesis involving 
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metallocyclobutane and metal-olefin-carbene interconversion guided the polymer-
ization. The kinetics of the polymerization was anticipated to be strongly dependent 
on the isotopic effect if the hydrogel shift was part of the mechanism. However, 
Grubbs soon reported that the isotopic effect on the polymerization is absent or 
negligible that tilted the mechanism in favor of Arlman and Cossee theory [10]. 
Corradini et al. further studied the Cossee model via computation of non-bonded 
interactions at the catalyst surface. They proposed that the olefin coordinates in an 
inward position to minimize the steric hindrance on the catalyst surface. This 
strongly restricts the orientation of the first carbon-carbon bond, which may explain 
the stereospecificity of the polymer chain [11]. This allowed the synthesis of stereo-
regular polyhydrocarbons (Scheme 3).

3  Synthesis of Stereospecific Polyolefins

Stereoselective poly-α-olefins are especially important, since the thermal and 
mechanical properties of isotactic poly-α-olefins are strongly dependent on the 
number of carbons in the side chain of the monomer. For example, the melting tem-
perature (Tm) of the poly-α-olefins decreases from 176 to −50 °C by changing the 
number of carbons in side chain from one to six (Fig. 3). The Tm further increases to 
80 °C on increasing the number of carbons in the side chain to 17 [12]. Over the 
period of time since discovery of Ziegler-Natta catalyst, the catalyst composition 
was varied to produce stereoselective polyolefins. A substantial research was 
devoted to achieve technological advances with the existing catalyst system. In 
1970, matrix-supported catalyst system was reported in which the titanium chloride 
was supported on crystalline MgCl2 matrix. Soon, research on development of 
homogeneous catalyst gained momentum. Especially, the homogeneous catalyst 
systems were suitable to synthesize polyolefins with syndiotactic polypropylene. 
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Bis(cyclopentadienyl)titanium chloride and trialkyl aluminum-based catalyst com-
positions were studied as possible homogeneous system for polymerization of 
ethylene.

The catalytic activity of these systems was dependent on the chloride content of 
these catalysts [13]. Interestingly, Vollmer and coworkers showed that in presence 
of trace amount of water, these catalyst systems even in absence of chloride content 
efficiently polymerized ethylene [14]. Furthermore, the molecular weight of result-
ing polymer was dependent on the polymerization temperature. For example, a 
tri(cyclopentadienyl)zirconium- and trialkylaluminum-based catalyst system effec-
tively polymerized ethylene, and the molecular weight increased from 40,000 to 
1.5 × 106 g/mol on decreasing the temperature from 90 to 50 °C. Controlled synthe-
sis of methylalumoxanes from trialkylaluminum in presence of water was proposed 
to be the key factor in improving the efficiency of these systems [15]. Soon the 
potential of Cp2MX2-AlR3 systems as efficient polymerization catalyst was realized, 
and systems based on other group 4 metals such as Zr or Hf were studied. However, 
the polymerization of propylene in presence of bis(cyclopentadienyl)M(IV), where 
M is Ti or Zr, and methylalumoxanes produced atactic structures (Fig. 4) [16].

Catalysts and conditions were optimized to produce isotactic and syndiotactic 
polypropylene. Ewen synthesized a polypropylene with mmmmmrmmmmmr ste-
reo sequence using bis(cyclopentadienyl)bis(phenyl)titanium catalyst system 
(Fig. 5) [17]. Two successive methyl groups on same plane were assigned as a meso 
(m)-diad, whereas two successive methyl groups in opposite plane are assigned as 
racemic (r)-diad.

Nuclear magnetic resonance (NMR) spectroscopy was utilized to estimate the 
population of stereospecific segments and corresponding configuration in the poly-
propylene samples. The relative intensities of pentads mostly followed a Bernoullian 
statistical distribution of a chain-end controlled stereospecific polymerization 
(Table 2). The 13C NMR spectroscopic data revealed that under low temperature 
conditions, the steric factor predominated the stereochemistry of monomer insertion 
reaction. The 13C resonances in the range of 19–23 ppm were studied to understand 
the presence and population isotactic (m) type sequences in the polypropylene 
chains. The m sequences were observed at higher chemical shift region (~21.5 ppm). 

Fig. 3 Melting points of 
isotactic poly-α-olefins
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Similarly, the methylene (CH2) carbons resonated in between 44 and 46 ppm [18]. 
The polymerization data revealed that the polypropylenes synthesized at low tem-
perature (−45  °C) conditions possessed mmmm pentads with small amounts of 
mmmr and mmrm pentads [17]. The stereoregularity of the polymer increased up to 
85% on decreasing the polymerization temperature to −60 °C. Similarly, the VC14- 
Al(C2H5)2Cl catalyst system produced syndiotactic polypropylene with similar ste-
reoregularity [19]. Furthermore, the syndio-regulating ability is reinforced in 
presence of cyclohexene, oxygen, or tert-butyl perbenzoate.

The bulkiness of R group in alkyl aluminum halide and the nature of halide 
(when halide is chloride only) controlled the syndio-regularity of polymer. The 
reaction conditions such as low temperature (−40 °C) and shorter polymerization 
period favored the above stereospecificity of polypropylene. Addition of anisole as 
donor with donor:V ratio as one under low conversion scenario and a non-polar 
solvent like heptane complemented the yield of syndiotactic polypropylene. Boor 
et al. proposed the mechanism to be coordination-anionic type with an alkylated 
vanadium species acting as the active site. The initiation occurred with complex-
ation of propylene to the V empty orbital (Scheme 4).

Subsequently, the CH2 and CH of the monomer formed bond with V and R, 
respectively, through a concerted four-membered ring pathway. During the course 

m m m m r r r r m r m r m

Isotactic-atactic stereoblock polypropyleneAtactic polypropylene

Isotactic polypropylene Syndiotactic polypropylene Heterotactic polypropylene

Fig. 4 Schematic representation of stereo-controlled polypropylene chain

m-diad r-diad mmmmr sequence

Fig. 5 The schematic representation of m-diad, r-diad, and mmmm pentad configuration of poly-
propylene chain segment

Table 2 The Bernoullian probability distribution of stereochemical sequences, especially diads 
and pentads in polypropylene chains [20]

Sequence m r mm mr rr mmmm mmmr rmmr mmrr
Bernoullian P (1-P) P2 2P(1-P) (1-P)2 P4 2P3(1-P) 2P2(1-P)2 2P3(1-P)

mrmm rmrm rrrr rrrm mrrm
P2(1-P)2 2P2(1-P)2 2P(1-P)3 P2(1-P)2 (1-P)4
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of polymerization, development of partial +ve charge on CH and −ve charge on 
CH2 moieties of the monomer guided the cis opening and head-to-tail arrangement 
of the monomers in the polymer chain. The opposite complexation mode is less 
preferable since this required opposite polarization of the charge in the double bond. 
The formation of isotactic chains was only possible if free rotation of V-R bond was 
possible in the active site. However, such rotation was restricted due to the presence 
of halide further favoring the above complexation mode. This also suggested that 
the size of central atom and nature of ligand have significant roles to play to obtain 
syndio-specific chains as rotational barrier is key to the above stereospecificity.

4  Catalysts for Isotactic and Syndiotactic Poly-α-olefins

Both isotactic and syndiotactic poly-α-olefins possessed contrasting properties and 
were important from the prospective of application. A comparative tensile proper-
ties data of the polypropylenes with different tacticity is summarized in Table 3. The 
syndiotactic polypropylene is soluble in ether and hydrocarbon solvents unlike the 
isotactic ones. The Tm of syndiotactic polypropylene is ~40 °C lower compared to 
that of the isotactic analog possessing similar crystallinity. Similarly, the isotactic 
polypropylene has a higher unit cell density (0.94 g/cm3) and much higher heat of 
fusion (2350 cal/unit) compared to that of the syndiotactic polypropylene (unit cell 
density = 0.90 g/cm3, heat of fusion = 450 cal/unit). Owing to this, specialized cata-
lyst compositions to synthesize stereospecific polypropylenes rich with isotactic or 

V

R

X

X
X

Y
V

R

X

X
X

Y
V

R

X

X
X

Y

V

X

X
X

R
Y

V

X

X
X

R

Y
V

X

X
X

R

Y

V

X

X
X

R

Y

CH2

HC
CH3

CH2

HC
CH3 CH3H

C

CH2
H
C

CH3

C
H

H2C

CH2
H
C

CH3

CH3

CHC

CH
H
C

CH3

CH3

H

C
H

H2C CH2
H
C

CH3

CH3

Scheme 4 Mechanism for the formation of syndiotactic polypropylene in presence of VC14- 
Al(C2H5)2Cl catalyst system

Evolution of Ziegler-Natta Catalysts for Polymerization of Olefins



684

syndiotactic chains are desirable. Typically, the isotactic and syndiotactic character 
is defined by the amount of m and r-diads present in the polymer. In an isotactic 
polypropylene, the extent of m-diad can be more than 99%, whereas the amount of 
r-diad in a syndiotactic polypropylene can extend up to 85% [21].

Collette et  al. developed a series of metal oxide-supported group IVB metal- 
based R4M (M = Ti, Zr, and Hf; R = benzyl, neophyl, and neopentyl) type catalyst 
systems [23]. These R4M catalysts supported on Al2O3 exhibited high efficiency 
with 600 g of polymer/nM R4M, and the resulting polymers were of high molecular 
weight. The isotactic content in the polypropylene reached up to 70%. The stereo-
regulation was strongly dependent on the M:Al2O3 ratio and the amount of M on the 
surface. Presence of H2 further improved the yield but compromised the crystallin-
ity. The Table 4 below summarizes the yield, molecular weight, and thermal proper-
ties of the polypropylene obtained based on different catalyst. The Tm (147 °C) of 
the polypropylene obtained using Al2O3-supported catalyst was observed closed to 
that of the TiCl4/MgCl2/AlEt3-based system (Tm = 159 °C). However, the polydis-
persity indices (Mw/Mn) of the former (8.0) were compared to that of the TiCl4/
MgCl2-based system (5.6). Presence of H2 marginally increased the Tm of the sam-
ples to 151.8 °C, though the Mw/Mn further increased to 10.0. The major concern in 
these solid supported systems was the yield. The value (47.7 g/mmol of metal) was 
much inferior compared to that of the TiCl4/MgCl2-based system (2680 g/mmol of 
metal). Importantly, the molecular weight (Mn = 75,500 g/mol) of the polypropylene 
based on solid-supported catalyst was much higher compared to that of the TiCl4/
MgCl2-based system (22,400 g/mol) suggesting the polymerization is faster in case 
of the former.

Ewen et al. showed that catalyst systems may be developed by selecting suitable 
ligands to predominantly synthesize either isotactic or syndiotactic polypropylene. 
A C2-symmetric metallocene catalyst based on indene produced isotactic polypro-
pylene (Fig. 6a). A stereorigid C5-symmetric prochiral catalyst based on cyclopen-
tene and fluorene produced syndiotactic polymer predominantly (Fig.  6b). The 
mechanism of syndiotactic polymer formation was attributed to the chain migratory 
insertion of monomer as shown in Scheme 5. The two accessible sites on the cata-
lytic sites are for the growing chain and the incoming monomer. If the growing 
chain shifts between these two sites at each monomer addition, then a syndiotactic 
polypropylene is the preferred product. However, several authors also hypothesized 
that the steric repulsion between the methyl group of the complexed monomer and 
last unit of the growing chain guided the above stereoselectivity of the polymer [24]. 

Table 3 Properties of isotactic, syndiotactic, and atactic polypropylene (PP) [22]

Properties PP Isotactic PP Syndiotactic PP

UTS (MPa) 40 600 330
Elongation at break (%) 100 130 230
Young’s modulus (GPa) 1.9 20.0 3.0
Density (g/cm3) 0.89–0.92 0.91–0.94 –
Melting point (°C) – 171 130
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Table 4 Properties of polypropylene obtained using different catalyst compositions [23]

Catalyst Yielda Fraction %
ηinh 
(dL/g)

Tg 
(°C)

Tm 
(°C)

ΔHf 
(J/g) Mn × 103 Mw × 103

TNZ-Al2O3 47.7 Total 100 10.2 −10.1 147.1 13.1 75.5 600
Ether 
Sol.

28.2 3.81 −8.0 52.0 1.6 80.8 604

Hept. 
Sol.

17.9 4.78 −7.8 130.2 27.7 39.3 934

Hept. 
Insol.

50.0 15.3 −7.4 147.7 49.0 455 2626

TNZ/Al2O3 + H2 
(5 psi)

92.7 Total 100 4.08 −11.5 151.8 5.0 34 370
Ether 
Sol.

49.0 2.54 −8.8 53.0 1.8 22.3 261

Hept. 
Sol.

33.0 3.28 −10.1 137.0 29.2 22 478

Hept. 
Insol.

24.0 8.04 −7.5 149.9 68.7 108 3460

MgCl2/TiCl4/
AlEt3

2680 Total 100 2.11 −394 159.6 62.5 22.4 128
Ether 
Sol.

21.0 0.82 −3.6 nd nd 19.1 66.8

Hept. 
Sol.

19.3 0.78 −1.6 140.1 63.0 28 110

Hept. 
Insol.

53.0 3.45 nd 166.3 102.0 160 531

MgCl2/TiCl4/
AlEt3 + H2 (5 
psi)

2140 Total 100 0.53 −9.8 159.0 78.2 12.1 42.3
Ether 
Sol.

26.6 0.31 −10.4 Nd nd 6.7 16.5

Hept. 
Sol.

24.5 0.28 −1.8 156.4 63.5 10 26.7

Hept. 
Insol.

45.7 0.83 nd 161.3 105.0 26.8 110

The polymerization was carried out in heptane at 60–65 °C for 1 h
TNZ tetraneophylzirconium
ag/mmol of metal

ZrCl2

C5 SYMMETRICC2 SYMMETRIC

ZrCl2

(a) (b)

Zr

(c)

ClCl

C2 SYMMETRIC

Fig. 6 Structures of the stereorigid (a) C2-symmetric, (b) C5-symmetric, and (c) unbridged C2- 
symmetric metallocene catalysts
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These metallocene-based systems revolutionized the synthesis of stereo-controlled 
poly-α-olefin using a homogenous catalyst. These catalyst systems rendered a better 
control over the distribution of molecular weight and ratio of monomers in a copo-
lymer. The properties of polypropylene synthesized using metallocene-based cata-
lyst system also improved compared to that of first-generation Ziegler-Natta catalyst 
system (Table 5) [25, 26].

The geometry around the metal center of these metallocene catalysts were pre-
sumed to be pseudotetrahedral. Subsequently, catalyst based on octahedral complex 
possessing C2 symmetry and a N-C-C-N bridge was developed that produced iso-
tactic poly-α-olefin with mmmm-pentad content up to 80% [27]. Interestingly, 
when the bridging from the above catalyst was removed, the catalyst efficiently 
produced syndiotactic poly-α-olefin with rrrr-pentad amount of 96%. A close analy-
sis of the origin of stereoregularity in these systems revealed that the insertion of 
monomer is a key parameter in regulating the stereospecificity of the resulting poly-
mer. The monomer either inserts in primary (the primary carbon is bonded to the 
metal atom) or secondary (the secondary carbon is bonded to the metal center) man-
ner (Scheme 6). The primary insertion is dominant in the bridged systems, whereas 
the secondary insertion mostly occurs in case of the unbridged catalysts with octa-
hedral geometry similar to that of the homogeneous vanadium-based catalyst.

Presence of chiral active species in catalyst is necessary to guide the stereoselec-
tion between two monomer enantiofaces during insertion in the following two ways. 
Firstly, the coordination of ligands to the metals is responsible for the chirality of the 
active sites. For example, the relative orientation of the two bidentate ligands in the 
catalysts shown in Fig. 8 is interchangeable if the bridging is absent. However, in 
presence of bridged chemical linkage, the system becomes stereorigid, and no inter-
change is possible. Secondly, the chirality of the tertiary carbon of the last inserted 

ZrCl
Cl ZrCl

Cl P

P

Scheme 5 The mechanism for syndiotactic propagation of the polymer chain as proposed by 
Ewen et al.

Table 5 Properties of polypropylene synthesized using metallocene-based catalyst

Properties
Polypropylene from 
metallocene-based catalyst

Polypropylene from first-generation 
metallocene-based catalyst

Melting point (°C) 161 162
Mw/Mn 2.5 5.8
Tensile strength 
(N/mm2)

1620 1190

Hardness 86 76
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monomer in the growing polymer chain regulates the incoming enantioface of the 
incoming monomer. If the insertion of prochiral monomer is guided by the chirality 
of the catalytic site, then the phenomena is termed as chiral-site stereocontrol. If the 
chirality is guided by the conformation of the last inserted monomer, then chain-end 
stereocontrol occurs. The chain-end stereocontrol follows the Bernoullian statistics 
of the r or m stereochemical sequences, whereas non-Bernoullian statistics originates 
from chiral-site stereocontrol. A stereo mistake if occurs during polymerization gets 
propagated for chain-end stereocontrol, whereas the same stereo mistake under chi-
ral-site stereocontrol remains isolated having little effect on the site chirality.

These metallocene catalysts are especially useful for polymerization of cyclic 
olefins (cyclopentene, norbornene, and substituted compounds) and synthesis of 
copolymers (Fig. 7). The copolymer of ethylene and propylene exhibits elastomeric 
properties. At low temperature, selectivity of monomer addition is observed with 
metallocene catalysts leading to block copolymer. More specifically, the polymer-
ization catalyzed by hafnocenes polymerizes propene first followed by ethylene. 
The polymerization of cyclopentene follows 1,3-enchainment, whereas the polym-
erization of norbornene proceeds through 1,2-addition. The processing temperature 
of polycyclic olefins may be decreased by copolymerizing with ethylene.

5  Catalysts for Polymerization of Functional Olefins

Polymers based on functionalizable olefin monomer such as methyl acrylate, vinyl 
ethers, acrylamides, and acrylic acid are important from commercial point of view 
with potential applications in the areas of anticorrosive coatings, food packaging, 
and antioxidants. These functional monomers were initially polymerized under free 
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radical conditions. Recently, efforts were made to develop Ziegler-Natta catalysts 
for polymerization of these monomers. However, early transition metals were oxo-
philic, and the titanium-, zirconium-, and chromium-based catalysts were easily 
poisoned by these functional olefins possessing oxygen-based functional groups. 
Late transition metals though less oxophilic possess weak catalytic efficiency and 
produce oligomers of olefin. One of the approaches to circumvent this issue was to 
protect the polar functional group present in the monomer during polymerization. 
For examples, trimethyl aluminum was utilized to protect the –OH and –COOH 
functional groups present in the polymerizable monomer [28]. The protected mono-
mers were polymerized using zirconium-based metallocene catalysts 
(Benzind)2ZrCl2, [CpSi(Me)2N-t-Bu]TiCl2, and [Et(Ind)2]ZrCl2 (Scheme 7). The 
resulting polymers displayed molecular weight up to 197,000 g/mol with polydis-
persity index value in the range of 1.9–2.9. The functionalities were regenerated by 
hydrolyzing the protected groups, subsequent to the polymerization. However, dur-
ing copolymerization, the incorporation of these protected monomers was lower 
compared to that of the ethylene and propylene due to the steric factor associated 
with these systems. Less than ~10 mol% of the functional monomers were incorpo-
rated in a copolymerization of ethylene and 10-undecen-1-oic acid.
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5.1  Palladium- and Nickel-Based Catalyst Systems

With the evolution of cationic Pd(II) and Ni(II) α-diimine catalysts, the olefin 
polymerization received a further boost. DuPont also commercialized this catalyst 
with trade name Versipol. These catalyst systems polymerized olefin and α-olefin 
and also copolymerized olefin with a range of functional olefins. The important 
features of these catalyst systems were the highly electrophilic and cationic Ni or Pd 
metal centers, use of bulky α-diimine ligands, and non-coordinating counterions. 
The electrophilicity of the metal centers improved the rate of olefin insertion, 
whereas the bulkiness of the ligands facilitated insertion in comparison with chain 
transfer. The non-coordinating counterions provided site for the olefin coordination. 
Easy and high-yield synthetic routes to α-diimine ligands allowed development a 
range of catalyst based on Ni(II) and Pd(II). The cationic form of the catalyst is 
essential for the catalytic activity. The catalyst precursor possessing a halide group 
was treated with salts of non-coordinating anions to synthesize the cationic species. 
For example, the α-diimine-Pd-chloride was reacted with NaBAF and stabilized 
with acetonitrile to synthesize a cationic catalyst (Scheme 8). However, attempts to 
use ether in place of acetonitrile resulted in the chloride-bridged dimers {[(N-N)
PdMe]2-μ-Cl}BAF. Alternative routes were utilized to synthesize the cationic Pd 
and Ni ether complexes by opting for Pd or Ni dimethyl precursors (Scheme 8).

Subsequently, phosphine-sulfonate-based catalyst systems possessing broad 
functional group tolerance were developed by Brookhart to insert vinyl ethers [29], 
acrylonitrile [30], vinyl chloride [31], and vinyl acetate [32] in polyethylene chain. 
These active Ni(II)- and Pd(II)-based ligands of general formula [(ArN=C(R)
C(R)=NAr)M(CH3)(OEt2)]+BAr'4–] copolymerized ethylene and functional ethyl-
ene [33]. The polymerization initiation step via formation of the active species was 
much slower compared to that of the chain propagation favoring the polymerization. 
The aryl groups of the diimine ligand possessed bulky substituents that blocked 
associative olefin exchange and effectively minimized chain transfer. As per the 
proposed mechanism, a six-membered chelate formed after insertion of functional 
monomer via chelation of the carbonyl group that opened up on subsequent inser-
tion of ethylene monomer, and the copolymerization occurred via repetition of the 
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above steps (Scheme 9). However, the resulting copolymers were highly branched 
in nature due to extensive chain walking during polymerization.

Analogous Ni(II)-based catalyst and phosphine-sulfonate-based Pd(II) neutral 
catalyst systems produced linear copolymers. However, the neutral Pd(II) phosphine- 
sulfonate complexes were less reactive compared to the Pd(II) diimine-based cata-
lyst system. The polymerization rate in case of the neutral Pd(II)-based system was 
improved by raising the polymerization temperature, and the higher temperature 
stability of the catalyst allowed higher polymerization. Subsequently, single- 
component catalyst systems based on P-O-chelated (PΛO) Pd(II) systems ligated 
with pyridine, lutidine, PPh3, Me2NCH2CH2NMe2, and dimethyl sulfoxide were uti-
lized to polymerize functional olefin monomers. The above studies revealed that the 
dimethyl sulfoxide (DMSO) binds less strongly to the metal center and gets readily 
displaced by olefin monomer facilitating the insertion process. This catalyst system 
allowed up to 50 mol% of acrylate insertion.

Further modification in catalyst structure allowed insertion of 1,1-bisfunctional 
vinyl monomers in the polyethylene chain. For example, Chikkali and coworkers 
synthesized an acetonitrile-ligated Pd-phosphine sulfonate complex that success-
fully incorporated up to ~9.6 mol% of ethyl-2-cyanoacryalate monomer in the poly-
ethylene chain possessing a molecular weight value of ~3100 g/mol and a narrow 
polydispersity index value of 1.3 [34]. Subsequently, a range of NΛN-type ligands 
were developed and utilized to synthesize catalysts for this purpose (Table  6). 
Comparatively, the Pd-based catalyst systems produced high molecular weight 
polyolefin compared to that of the Ni-based catalyst system. The ethylene produced 
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from the Pd-based catalyst systems is amorphous and highly branched in nature 
with density value up to 0.85. This allowed the researchers to produce blended poly-
ethylene by using mixed catalyst systems. For example, combining a palladium 
α-diimine-based catalyst with a metallocene catalyst in a specific ratio, the crystal-
linity of resulting polyethylene may be controlled.

Mecking provided mechanistic insight into the acrylate insertion by studying the 
PΛO chelation-based system (Scheme 10) [35]. The relative binding strength of 
DMSO versus ethylene at 80 °C and 10 bar was determined to be 1.1 × 10−3. He 
proposed that delayed displacement of the chelating carbonyl ligand via 
π-coordination of incoming monomer (equilibrium constant = 2 × 10−3 L/mol) sub-
stantially retards but allows polymerization. Importantly, the nature of ligand in the 
chelate has strong impact on the reaction entropy. The study further revealed that the 
second insertion of the acrylate or ethylene monomer is subjected to the dissocia-
tion of O-coordinated carbonyl moiety from the Pd center. The acrylate insertion 
was less favorable by 35  kJ/mol, whereas the insertion of ethylene moiety was 
favored by 41  kJ/mol. The overall study suggested the efficiency of the catalyst 
system towards copolymerization of the functional and non-functional olefin 
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monomer. Furthermore, the migratory insertion involves a cis-trans isomerization 
with the monomer remaining cis to P donor, which proceeded through a concerted 
step without dissociation. This also made the second acrylate insertion less favor-
able compared to that of the ethylene owing to steric factors.

These Pd- and Ni-based cationic catalyst systems were effective in polymerizing 
cyclo-olefins to produce crystalline polymers with molecular weight up to 251,000 g/
mol. These polymers exhibited a broad melting temperature ranging from 241 to 
330  °C.  This is in contrast to the polymers derived using metallocene catalyst, 
which were not melt-processable. The chain growth in cyclopentene proceeded via 
insertion at the secondary alkyls. However, chain walking to methyl unit was noticed 
during polymerization of substituted cyclopentene. The diamine chemistry was 
extended to other metals such as Fe and Co, though these catalyst systems displayed 
low-to-moderate activity. Similarly, N,N′-ditrimethylsilylbenzamidinato, an amidi-
nate ligand, is known to support Cu-catalyzed polymerization of ethylene [36]. A 
cupper chloride complex synthesized from hexamethyldisilazane, benzonitrile, and 
trimethylsilyl chloride and activated with methylaluminoxane-polymerized ethyl-
ene and the molecular weight was found to be 820,000 g/mol with melt temperature 
of 138 °C (Fig. 8) [37]. However, the 2,2′-bis[2-(1-ethyl benzimidazol-2-yl)biphe-
nyl]copper-based system produced polyethylene of low molecular weight 
(Mn  =  4900  g/mol) [36]. Subsequently, other polymerization techniques such as 
atom transfer radical polymerization were discovered for polymerization of active 
olefin monomers including acrylates and styrene.

5.2  Catalysts Based on Tridentate Ligands

The use of tridentate ligands was useful as the catalyst systems based on several 
tridentate ligands including pyridine bis(imine) (PBI), furan bis(imine), pyrrole 
bis(imine), and anionic amine and phosphine polymerized ethylene at fast rates to 
form linear high-density polyethylene (Fig. 9). Even at low ethylene pressures of 
1 atm, the polymerization was highly exothermic, and the crystalline polyethylene 
swiftly precipitated from solution. As per the proposed mechanism, low barrier to 
insertion in these systems facilitated the polymerization process. A comparative 
analysis between Co- and Fe-based systems revealed that the activity of the cobalt 
PBI systems is independent of the ethylene pressure in the reactor (Table  7). 
Interestingly, the activity of the Fe-PBI-based system increased with the ethylene 
pressure [38]. Even the “R” group in the PBI affected the activity of the catalyst. 
These catalyst systems exhibited adequate thermal stability with reasonable life-
times at 100 °C.

The bulkiness around the metal center in PBI-based Co and Fe complexes is a 
key parameter to retard the chain transfer process during polymerization and pro-
duce high molecular weight polymers. Reduction in ligand size by decreasing the 
size of ortho-substituents on the imine aryl group inhibits the polymer growth and 
causes a drop in the molecular weight of the resulting polymer. Overall, the Fe-based 
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complexes produce higher molecular weight polyethylene compared to that of the 
Co-based systems. Longer polymerization times and use of methylaluminoxane in 
low concentrations produced monomodal, narrow dispersity, and really high molec-
ular weight polyethylene. The copolymerization of ethylene and propylene is slug-
gish in Fe-PBI-based systems. During homopolymerization of polypropylene, the 
regioregularity of polymer decreases with the decrease in steric bulk of ligands in 
the catalyst. These are the first reports on isotactic polypropylene synthesis via 
2,1-insertion using late metal systems [40]. The PBI catalysts synthesized using 
small-size ligands, preferably possessing a single ortho-substituent on the imine 
aryl group, are known to produce high-quality polymers in absence of chain walk-
ing. The PBI oligomerization catalysts also exhibit high turnover frequencies 
(100,000 kg/g of Fe/h) [41]. Advantageously, these oligomerizations can be carried 
out over a large range of temperature and pressure and at a lower pressure compared 
to the previously utilized 11–200 atm. Use of similar tridentate ligands in Ru system 
exhibited low activity. For example, the complex based on pyridylbis (oxazoline)
pyridine (pybox) and Ru produced 0.28–2.14 kg of polyethylene/mol of Ru/h at 
25–60 °C and 6–12 atm [42]. This low activity was attributed to limited participa-
tion of Ru in the polymerization process.
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Fig. 9 Different tridentate and anionic tridentate ligands used for synthesis of Co- and Fe-based 
complexes

Table 7 Effect of ethylene pressure on the polymerization activity [39]

Metal Ethylene pressure (atm) Activity (kg of polyethylene/g of M/h)

Co 7 140
41 140

Fe 7 1860
41 4220
340 11,900
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6  Vanadium-Based Complexes for Precise 
Polyolefin Synthesis

It is well-known that in case of classical Ziegler-type catalyst system, the vanadium- 
based catalyst produced high molecular weight polyolefin with narrow molecular 
weight distribution at high activity (1000 kg PE/mol V h) [43]. The Mw/Mn value (1.5) 
of the polymer obtained from V-based catalyst was much lower compared to that of 
the Ti-based catalyst (15–30). This fact strongly suggested the formation of a single 
catalytically active species in this catalysis [44]. The V-based catalyst also allowed 
copolymerization of ethylene and propylene to produce high molecular weight amor-
phous polymers [45]. The catalyst system was subsequently extended to synthesis of 
ethylene/propylene/diene copolymers (EPDM), which were commercialized as syn-
thetic rubbers [46]. The ethylene-cyclic olefin copolymers (COC) synthesized using 
V-based catalyst systems were commercialized as lenses for DVD recorders and cam-
era phones by Mitsui Chemical, Inc. (APEL). The V(acetylacetonato)3-Et2AlCl cata-
lyst system polymerized propylene to produce syndiotactic “living” polymer with 
low Mw/Mn value of 1.05–1.20 [47]. The breakthrough in functional polymer synthe-
sis was achieved with the copolymerization of propylene with methyl methacrylate, 
although the catalytic activity was low (~4 kg of polymer/mol V h) (Scheme 11) [48].

Trivalent and tetravalent complexes based on V(III) are mainly utilized for the 
olefin polymerization processes. However, the V(III) is unstable and gets readily 
reduced to V(II) in presence of aluminum species. Therefore, the research mainly 
concentrated on stabilizing the V(III) form using suitable ligand system. For exam-
ple, suitable modification of the β-diketonate (acac) ligand altered the catalytic 
activity of complexes during ethylene/propylene copolymerization (Table 8) [49]. 

V(acac)3-Et2AlCl

-78 oC
Mw/Mn = 1.05-1.20

MMA

25 oC MeO2C

Scheme 11 Syndio-specific propylene followed by diblock copolymer with methyl methacrylate 
synthesis using V(acac)3-Et2AlCl system

Table 8 Ethylene-propylene copolymer synthesis in presence of V(β-diketonate)3-Et2AlCl/
Et3Al2Cl3 catalyst system [50]

V cat. V(acac)3 V(Cy-acac)3 V(tBu-acac)3 V(CF3-acac)3

Al cocat. Et2AlCl Et3Al2Cl3 Et2AlCl Et3Al2Cl3 Et2AlCl Et3Al2Cl3 Et2AlCl Et3Al2Cl3

Activity 1988 1960 2336 1980 1492 1244 1524 1600
Mw × 10−5 2.19 7.02 2.18 7.16 2.90 12.65 2.77 8.01
Mw/Mn 2.3 2.5 2.3 2.2 2.2 2.4 2.2 2.3
% ethylene 62 52 59 53 65 57 63 54

Reaction condition: vanadium 5 μmol, Al 0.2 mmol (Al/V = 40, molar ratio), Cl3CCO2ET 20 μmol, 
200 mL of cyclohexane, ethylene/propylene = 2 bar, 22 °C, 30 min, activity (kg polymer/mol V h)
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However, use of β-diiminato ligands, such as [ArNC(R)CHC(R)NAr]-[R  =  Me, 
tBu; Ar  =  Ph, 2,6-iPr2C6H3, 2,4,6-Me3C6H2], displayed insignificant catalytic 
activities.

The catalyst systems based on V(III) possessing (dimethylamino)ethyl- 
functionalized benzamidinate ligand (Fig. 10a) along with Et2AlCl displayed mod-
est catalytic activity for polymerization of ethylene. The activity for above 
polymerization at 30 °C was 447 kg polymer/mol V h bar for ethylene loading of 6 
bar. The activity (447  kg polymer/mol  V  h  bar) of the complex based on 
{[PhC(NSiMe3)2]VCl2(THF)}2 (Fig. 10b) was somewhat lower under the same con-
ditions [50]. On increasing the temperature, the activity of 10b increased, whereas 
10a exhibited a decrease in catalytic activity. The V(III) complex based on 10b and 
10a when placed on MgCl2/AlEtn(OEt)3-n support exhibited exceptional catalytic 
activity of 1490 kg polymer/mol V h bar and 3120 kg polymer/mol V h bar, respec-
tively. V(III) methyl bis(amidinate) complex oligomerized ethylene (Mn  =  1780, 
Mw/Mn = 2.3) without any additional co-catalyst. Replacing the Ph group with C6F5 
further improved the catalytic activity (8.1 kg oligomer/(mol V h)) [51].

Subsequently, dinuclear catalyst systems were developed and analyzed. A dinu-
clear vanadium(III) chloride complex possessing a bis(amido)amine [(Me3Si)
NCH2CH2]2N(SiMe3) in presence of Me2AlCl (activity = 660 kg polymer/(mol V h) 
or methylaluminoxane (activity = 237 kg polymer/(mol V h) exhibited strong cata-
lytic activity for ethylene polymerization at 50 °C [52]. However, the lifetime of the 
catalyst was limited to 20–30 min only; this may be attributed to the conversion of 
V(III) to inactive V(II) species (Scheme 12). Similarly, other complexes based on 
V(III) species were synthesized and utilized for polymerization of ethylene (Fig. 11). 
For example, dithiolate ligand (11a, 11b, and 11c)-based complexes displayed cata-
lytic activity up to 1990  kg PE/mol  V  h in presence of Et2AlCl and MgCl2 as 

N

N

V
Cl2(THF)

Me Me

N

Ph

SiMe3

(a)

Me3Si

N

VCl2(THF)
N

Ph

Me3Si

(b)

Me3Si
N

V
N

R

Me3Si

(c)

Me

R = Ph or C6F5

O

O
V

3

V(acac)3

O

O
V

3

V(Cy-acac) 3

O

O

tBu

tBu

V
3

V(tBu-acac) 3

O

O

F3C

F3C

V
3

V(CF3-acac)3

Fig. 10 (a–c) V(III)-based complexes utilized for olefin polymerization

A. S. K. Sinha and U. Ojha



697

N

N

N

R V
Cl

Cl

R

R

N

N

N

RV

R

R

AlCl3

N

N

N

R V
Cl

ClAlCl3

R

R
+

R = SiMe3

AlMe3

N

N

N

R V
Me

Cl

R

R

Me2Al few days

room temperature
N

N

N

R V
Cl

R

R

Me2Al N

N

N

RV
Cl

R

R

AlMe2

V(III) V(II)

Cl

Cl
N

N

N

RV

R

R

N

N

N

R V

R

R

Cl

Cl
VCl Cl

Scheme 12 The dinuclear V(III)-based complex and conversion to the V(II) species

O

S

S

V
O

O
Li(THF)2

Ar

Ar

O

S

S

V
OAr

N O

S

S

V
Cl

[V(CH3CN)6]
Cl

2

V
O

O
V

O

MeCN
Cl

S

O

Cl
NCMe

S
S

HO

HO

V O
O

O

N

N

V Cl
O

O

N

N NMe2

O

NMe2

OH

NMe2

N

N

N

N

O

N

N

Ad
O O

Ad
V

O

Cl

O

(a) (b) (c)

(d)

(e)

(f)

(g)

Ad: Adamantyl

O

N

N

S

OH

OH

Fig. 11 (a–g) Chelated V(III) complexes utilized for polymerization of olefin

Evolution of Ziegler-Natta Catalysts for Polymerization of Olefins



698

co-catalyst at ethylene pressure of 6 atm at 50 °C. The mixed-valence complex sys-
tem (11c) exhibited lower activity (254 kg PE/mol V h) compared to that of the 11a 
and 11b. Replacement of dithiolato ligand with thiobis(phenoxy) moiety (11d) 
vastly improved the catalytic activity. The catalyst in presence of AltBu3 as the co-
catalyst exhibited a catalytic activity of 11,708 kg PE/(mol V h) for polymerization 
of ethylene [53].

V(III) complexes possessing O,N-chelating aminophenolate ligands (11e and 
11f) were tested as catalysts for ethylene polymerization. These systems in presence 
of Et2AlCl and EtAlCl2 co-catalysts exhibited moderate activity (27–159 kg PE/
mol V h), and the molecular weight of the resulting polymer was relatively high 
(Mw  =  6.7  ×  105) [54]. Bis(phenoxy)pyridine ligand-based V(III) complex (11g) 
along with methylaluminoxane co-catalyst was suitable for polymerization of pro-
pylene with activity value of 803 kg polymer/(mol V h) [55]. The polypropylene 
produced under 5 atm propylene pressure and 0 °C exhibited Mw value of 1.17 × 106 
with Mw/Mn = 2.03. Complexes based on V(IV) and V(V) states were later synthe-
sized and utilized as the catalyst for ethylene polymerization along with co- catalysts. 
The (arylimido)-V(IV)Cl2 complexes in combination with Et2AlCl exhibited ade-
quate activity for polymerization of ethylene, and the resulting polymers displayed 
uniform distribution of molecular weight (Fig. 12a) [56].

A bis(amide)-based V(IV) complex was effective for copolymerization of ethyl-
ene and propylene (Fig. 12b). The nature and amount of aluminum-based co-cata-
lyst controlled the activity of the system [57]. Use of Et2AlCl and EtAlCl2 exhibited 
maximum activity (860 kg polymer/mol V h) compared to that of the individual 
ones (80–330 kg polymer/mol V h). Complexes were also synthesized using salen-
type tetradentate ligands (Fig. 12c). However, the polyolefins obtained using the 
catalyst system displayed broad molecular weight distribution in the range of 
7.3–10.4 [58]. The V(V) complexes were synthesized using VOCl3 as the precursor.
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Among several complexes studied, the complex based on O,N chelate exhibited 
high activity (642 kg polymer/mol V h) towards ethylene polymerization in pres-
ence of Et2AlCl (Fig. 12d) [59]. However, conversion of the V=O group in the com-
plex to V=N-Ph-Me compromised the activity of the system. Amidinate-based V(V)
Cl2 complexes were studied for copolymerization of propylene and 1,3-butadiene 
(Fig. 12e). The polymerization was effective at −60 °C and produced syndiotactic- 
rich polymer in presence of Et2AlCl co-catalyst and atactic polymer in presence of 
methylaluminoxane co-catalyst [60]. An oxovanadium complex based on O,S,S,O 
chelation exhibited high activity for ethylene polymerization (Fig. 12f) [61]. Similar 
studies supported that aromatic-O- and aromatic-N-based ligands stabilized the 
vanadium-based complexes in presence of Al-based co-catalyst. VO(OR3) com-
plexes based on tetradentate ligands possessing phenolic moieties exhibited 
extremely high activity (96,500 kg polymer/(mol h bar) towards ethylene polymer-
ization to produce polyethylene with very high molecular weight 
(Mw = 5.18–8.67 × 106 g/mol) (Fig. 13a). A dimeric complex of [VO(OR3)]2 type 
also displayed high activity (123,000 kg of polymer/mol h bar) for ethylene polym-
erization in presence of Me2AlCl and Cl3CCO2Et at 80 °C (Fig. 13b). Oxo com-
plexes based on calyx-[3]arenes were synthesized from the vanadium alkoxide 
precursors (Fig. 13c).

The resulting catalysts produced polyethylenes of very high molecular weight 
under ambient temperature conditions [62]. Vanadium(V) complexes possessing a 
combination of arylimido and aryloxo ligands were synthesized and utilized for 
polymerization of ethylene in presence of methylaluminoxane as the co-catalyst by 
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Table 9 Ethylene polymerization data using 13d–f as the catalyst and methylaluminoxane as the 
co-catalyst in toluene solvent [64]

Complex Temperature (°C) Activity (kg/mol V h) Mw × 10−5 (g/mol) Mw/Mn

13d 25 1770 2.73 4.65
13d 25 2930 17.5 1.64
13e 25 1050 2.38 4.92
13e 0 576 60.9 2.61
13e 25 967 20.3 2.73
13e 40 348 – –
13f 25 242 – –
13f 60 486 7.84 2.07

Nomura and coworkers (Fig. 13d–f) [63, 64] The complex systems produced poly-
ethylenes with molecular weight in the range of 2.38–60.9 × 105 g/mol and rela-
tively narrow polydispersity index values in between 1.64 and 4.65 (Table 9). The 
activities of the above complexes were observed in the range of 242–2930 kg of 
polymer/mol h bar.

7  Recent Advances

The Ziegler-Natta catalyst has undergone extensive transformation since inception, 
and a range of ligand and metal combinations along with co-catalysts have been 
investigated in detail. The catalyst systems have been developed to precisely control 
the stereoselectivity of the resulting polymer. The advancement in catalyst structure 
has rendered the synthesis of poly-α-olefins with precise tacticity. The MgCl2- 
supported Ti-based catalyst composition has reached up to the sixth generation via 
modification of internal and external donor species (Table 10). Catalysts are avail-
able to synthesize random and block copolymers of olefins and selectively polymer-
ize a particular olefin in a mixture of olefin monomers. Especially, the role of 
metallocenes in the catalysis and chelated complex systems can be considered as 
landmark innovations in the area. The research area is still attracting a substantial 
attention of researchers, and a large number of publications are emanating from the 
research conducted in the area. Involvement of advanced spectroscopic and micro-
scopic characterization tools has made this possible to characterize the catalyst sys-
tems and resulting polymers. This has facilitated to draw the structure-property 
relationship of the synthesized catalyst systems. The origin of stereoselectivity is 
unraveled by using a set of sterically related external donors and correlating the 
amount of a particular stereo block in the resulting polymers via high-throughput 
screening. The internal structure of the catalyst system is determined with the help 
of machine learning by using a genetic algorithm and density functional calcula-
tions [65]. High-throughput experimentation is also utilized to understand the 
hydrogen response of propylene polymerization [66].

The number of active sites in the catalyst plays a crucial role in controlling the 
molecular weight distribution and tacticity of the polymers. Recently, methyl 
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propargyl ether possessing ~100% labeling efficiency was used as a labeling agent 
via a coordination-insertion reaction to count the number of active sites in the cata-
lyst [67]. Lately, single-site group four metal-based catalysts are developed to con-
trol the polymerization and stereochemistry of the product. Kinetic modeling is 
currently carried out to understand the polymerization pathway and possible inter-
mediates formed during the course of reaction [68]. Chromophore labeling tech-
nique is utilized to understand the polymer growth rate using size exclusion 
chromatography (SEC). Presence of chromophore at the chain end enabled the poly-
mer chain to be detected using UV detector in the SEC analysis (Scheme 13) [69]. 
Other techniques such as quench labeling with radioactive element such as tritium, 
MeOD, 14CO, etc. are utilized to understand the growth rate of the polymer chain.

Table 10 MgCl2-supported Ti-based Ziegler-Natta catalyst system and resulting polymer 
properties [66]

Generation Internal donor External donor
Productivity × 10−3 (kg of 
polymer/g of Ti) Mw/Mn

Third Ethyl benzoate Aromatic 
monoester

0.5–0.8 6–9

Fourth Diethyl phthalate Alkoxysilane 1–2 6–8
Fifth 2,2′-Dialkyl-1,3- 

dimethoxypropane
None or 
alkoxysilane

>2 4–6

Sixth Dialkyl succinate Alkoxysilane 1–2 >8
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Scheme 13 Chromophore labeling technique to estimate the molecular weight of growing poly-
mer chain at regular intervals
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Advanced techniques such as 3D X-ray ptychography and X-ray fluorescence 
tomography are recently utilized to understand the fragmentation behavior of cata-
lyst and radial distribution of metal in the catalyst-polymer particles and continuous 
bisection of the catalyst particles during polymerization [70]. A combination of two 
homogeneous catalysts is utilized as an approach to synthesize disentangled ultra-
high molecular weight polyethylene. The synergy between Ti3+ and Al3+ is estab-
lished using a set of physicochemical and spectroscopic techniques to further 
understand the chain growth during polymerization [71]. Overall, the field of 
Ziegler-Natta catalysis is unraveling exciting avenues to contribute towards the 
quality of polyolefins produced in terms of thermos-mechanical properties and 
exhibit sufficient promise of being extended to synthesis of other polymeric systems 
in future.
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Stability and Destabilization of Water-in- 
Crude Oil Emulsion

Vikky Anand and Rochish M. Thaokar

Abstract The crude oil explored from oil wells is in the form of a water-in-oil 
emulsion. To process the oil for refining into different useful products, the water 
needs to be separated from the water-in-oil emulsion. There are several procedures 
reported for breaking the water-in-oil emulsion. Generally, the water present in 
crude oil is in the form of brine droplets, and the salt concentration may vary from 
a few hundred to several thousand ppm. The salts present in the crude oil create 
severe problems in the downstream processing in refineries such as deactivation or 
poisoning of the catalyst. Therefore, the removal of water from the emulsion is typi-
cally the first unit operation in a crude oil refinery. The overall process of separation 
of water (brine) from crude oil is generally known as desalting. In this chapter, we 
give a brief discussion on the stability as well as destabilization of the water-in-oil 
emulsion system. The mechanism of demulsification and the method of breaking 
water-in-oil emulsion are also discussed in detail.

Keywords Water-in-oil emulsion · Electrocoalescence · Desalting

1  Introduction

Petroleum is one of the most important products that form the backbone of the 
economy as well as of the society. It is a major raw material for a variety of fuels 
which provides energy for heating and transportation and is essential to the industry. 
“The word petroleum, derived from the Latin petra (rock) and oleum (oil), refers to 
hydrocarbons that occur widely in the sedimentary rocks in the form of gases, 
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liquids, semisolids, or solids” [1]. The crude oil, generally brownish green to black 
liquid substance, is found throughout the world at different depths of earth’s crust. 
The location of petroleum inside the earth crust is generally discovered by oil drill-
ing after a geological survey of the land or seabed. The crude oil drilled from the 
earth’s crust is in the form of a water-in-oil emulsion. The crude oil also has a very 
high concentration of salts due to brine droplets emulsified in the oil. The salt con-
centration may vary from a few hundred ppm to several thousand ppm. The water 
content in emulsion varies typically from 5% to 10% and can go up to 50%, depend-
ing upon the source of the oil [2, 3].

The water or brine water (salted water) present in crude oil can cause severe 
problems in the downstream processing of refineries such as deactivation and poi-
soning of the catalyst [2, 4]. The salts present in the crude oils are also responsible 
for corrosion in the processing equipment, thereby leading to high maintenance 
costs in the refineries. Petroleum consists of hydrocarbons of different molecular 
weights and chemical structure and is refined and separated based on demands in 
various applications. The separation is on account of their boiling points and is 
most easily done in distillation columns. The different fractions are kerosene, 
gasoline (petrol), and chemical reagents (polymers) and are used for making plas-
tics and in various applications in pharmaceutical and petrochemical industries. 
To achieve all these fractions during refineries, several downstream reactions are 
performed in the presence of a catalyst. The performance of the catalyst can be 
adversely affected by the salts present in crude oil. Therefore, for safe and effi-
cient refineries operation, it is critical to remove the brine from the crude oil. The 
overall procedure of separation of water (brine) from crude oil is generally known 
as desalting.

The size of water droplets in the water-in-oil crude oil emulsions may vary from 
0.1 to 100 μm [2–5]. The ease of separation of water and oil in the emulsion depends 
on the stability of the emulsion. Several parameters that can directly or indirectly 
affect the stability of the emulsion can be listed as % water content, pH of wash 
water, interfacial tension, the nature of asphaltene and naphthenic acids, nature of 
brine (such as NaCl, CaCl2), the conductivity of emulsion phase, demulsifier dos-
age, API value of crude oil, processing temperature, and electrical and physical 
properties of an emulsion [6–13]. Various techniques such as gravity separation, 
chemical treatment, membrane separation, centrifugation, and electrocoalescence 
are available for breaking the water-in-oil emulsion [2, 14–21]. All the individual 
methods have their advantages and disadvantages and are discussed in detail in this 
chapter.

The chapter is organized as follows: the nature of crude oil, classification, and 
their properties are discussed, followed by the factors affecting the stability of the 
water-in-oil emulsion. Breaking of water-in-oil emulsion, also known as oil demul-
sification, is discussed next. This is followed by the mechanism and method of 
demulsification. The chapter concludes with a detail procedure and mechanism of 
breaking of the water-in-oil emulsion by using electrocoalescence technique.
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1.1  Crude Oil: Elemental Composition and Classification

Crude oil composition obtained from wells and offshore varies from region to region 
and also depends on the life of the well and the reservoir. The stability of the crude 
oil may also depend on the life of wells and the individual composition of crude oil. 
The main elemental compositions (percentage) of crude oil are given in Table 1, and 
these are hydrogen, carbon, oxygen, nitrogen, sulfur, and metals like vanadium and 
nickel [1]. Four major types of hydrocarbon molecules present in crude oil are given 
in Table 2 [22]. The relative percentage of each molecule may vary from oil to oil. 
However, small changes of any of the element may significantly change the proper-
ties of crude.

The classification based on solubility and polarity of crude oil is mainly 
divided into four major classes named as saturates, aromatics, resins, and 
asphaltenes (SARA) shown in Fig.  1 [22]. For the separation of the SARA 
classes, high- performance liquid chromatography (HPLC) is used because of 
the speed and simplicity of analysis as compared to the American Society for 
Testing and Materials (ASTM) procedure which is based on liquid chromatog-
raphy (LC) [23]. Saturates (aliphatics) are non-double bond and non-polar 
compounds and include both cycloalkanes and alkanes. Waxes are a subclass of 
saturates. The aromatics contain one or more than one ring compounds and may 
be attached to naphthenes [22]. Resins are polar molecules which contain het-
eroatoms such as oxygen, sulfur, or nitrogen and naphthenic acids which is also 
part of this fraction. Resins are likely to be soluble in light alkanes, such as 
heptane and pentane, but insoluble in propane [24]. Asphaltenes are also polar 
but have higher molecular weight generally in the range of 500–1500 g/mol. It 
also contains heteroatoms such as oxygen, sulfur, or nitrogen, along with the 
small fraction of organometallic constituents (V, Ni, and Fe) [25]. Because of 
the polar nature of resins and asphaltenes, they behave as surface- active com-
pounds. Asphaltenes and resins in crude oil, therefore, stabilize the water-in-oil 
emulsion.

Table 1 Elemental 
compositions of crude oil

Element Weight %; mg/L

Carbon 83–87%
Hydrogen 0.1–1.5%
Oxygen 0.1–1.5%
Nitrogen 0.05–2%
Sulfur 0.05–6%
Metals (V and Ni) 1000 mg/L
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1.2  Crude Oil Characteristics and Properties

Crude oil characterization is of primary importance in the refinery (industry). As 
discussed in the previous section, crude oil is a complex mixture of an organic com-
pound. Therefore, there is a need to understand the physical and chemical character-
istics of crude before further processing. There exist many such properties and 
characteristics, but here a few are discussed in brief.

1.2.1  API Gravity

American Petroleum Institute (API) gravity and specific gravity (Sg) are a standard 
in trading of crude oil. Specific gravity (density) with respect to water is one of the 
important properties widely used in industry for preliminary assessment of crude oil 
quality and character. API gravity of crude is calculated by the Eq. (1) given below:

 
DegreeAPI = -

141 5
131 5

.
.

Sg  
(1)

According to API gravity grade, the crudes are further classified as light, medium, 
and heavy crude oil. API gravity greater than 31.1° (Sg < 0.867 g/cm3) is called light 
crude, API value in between 22.3° and 31.1° (Sg = 0.917 – 0.867 g/cm3) is called 
medium crude, while API value below 22.3° (Sg > 0.917 g/cm3) is termed as heavy 

Table 2 Classifications of 
hydrocarbons in crude oil

Hydrocarbon Weight % (average)

Paraffins (alkanes) 30%
Naphthenes 49%
Aromatics 15%
Asphaltics 6%

Fig. 1 SARA-separation scheme
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crude oil. A crude oil-specific gravity equal to 1 (API value is 10) is known as an 
extra heavy oil.

1.2.2  Viscosity

Viscosity (η) measures the internal resistance to the flow of crude oil, and the 
dynamic viscosity is generally expressed in Pa s. The viscosity of crude varies in a 
wide range (10–1000 Pa s). Highly viscous crudes create problems in the refinery in 
transportation and operations. Generally, light and heavy crudes also have low and 
high viscosities, respectively. This is attributed to the presence of high molecular 
weight asphaltenes or suspended particles. The crude oil viscosity mainly depends 
upon temperature, pressure, and amount of emulsified water.

1.2.3  Interfacial Tension

Interfacial tension (IFT) and surface tension originate in the presence of two phases 
(oil/water, gas/oil, or gas/water) having a difference in attractive intermolecular 
force. Crude oil contains surface-active compounds such as asphaltenes which 
affect static or dynamic tension. The interfacial films formed by asphaltenes and 
resins are highly sensitive to the pH of the aqueous phase [12]. IFT is generally 
expressed in dynes/cm (or mN/m) and has typical values in range 1–30  mN/m. 
Interfacial tension strongly depends upon surfactant concentration, temperature, 
pressure, pH, and the composition of each phase.

1.2.4  Crude Oil Conductivity

Electrical conductivity in crude oil can be attributed to the motion of polar organic 
(predominantly asphaltenes), conductive solids, and inorganic constituents, apart 
from dissolved water [26]. The conductivity of crude depends upon temperature, 
pressure, soluble, and insoluble water in the crude oil, the composition of crude oil, 
and conductive metallic species [27]. Conductivity is generally measured in Siemens 
per centimeter (or Siemens per meter) and is usually in a range of 10−10 to 10−7 S/m. 
The conductivity of crude oil increases with temperature [27].

2  Crude Oil-Water Emulsion

The crude oil recovered from oil wells is in the form of a water-in-oil emulsion. 
Approximately two-thirds of the world’s crude is found in emulsion form that must 
be treated before being marketed [28]. Emulsions generally consist of two immis-
cible liquids: one acts as a continuous phase and the other as a dispersed phase 
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which is stabilized by surface-active agent present in an emulsion. This is discussed 
in brief in the next section. The water percentage in the water-in-oil emulsion varies 
in a broad range from 1% to 50%. A microscopy image of the crude oil-in-water 
emulsion is shown in Fig. 2.

2.1  Stability of Water-in-Crude Oil Emulsions

Emulsions are unstable from a thermodynamic point of view (water and hydrocarbon 
system) and are highly sensitive to temperature and pressure. In general, there is a 
natural tendency for a liquid-liquid system to separate. Therefore, emulsions are 
kinetically stable only for a finite time. The emulsions can be simply classified as 
follows: (1) loose emulsions wherein water separates within a few minutes; (2) 
medium emulsions wherein water separates in tens of minutes; and (3) tight emul-
sions where water separates in hours sometimes a day [29]. For easy separation of 
tight emulsions, the surfactant is typically added.

The water-in-oil crude oil emulsions are stable because of a film formed by some 
surface-active molecule (high molecular weight polar molecules) around the water 
droplets at the water-oil interface. The interfacial films increase the interfacial vis-
cosity, which retards the rate of separation of water. The properties of an interfacial 
film depend upon the crude type (amount of asphaltenes, paraffinic, etc.), pH of 
water, the temperature of emulsion system, and time of contact or aging time [30]. 
The interfacial films are divided into two types on the basis of mobility, namely, 
rigid films and mobile films [12]. Rigid (solid) films are unlike soluble, solid films 
at the water-oil interface that lead to high interfacial viscosity. These films are sta-
bilized by the presence of very fine solid particulate. This provides a strong barrier 
to droplets for agglomeration or coalescence. Mobile (liquid) films have low 

Fig. 2 Microscopic view of water-in-crude oil emulsion (10 v/v%). Scale bar is 20 μm
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interfacial viscosity. When a demulsifier is added into the emulsion, the films change 
into liquid films. The liquid films are slightly soluble as compared to solid films, and 
the coalescence of droplets is enhanced.

The emulsion stability primarily depends upon the type of interfacial films. 
Therefore, it is important to understand the factors which affect the stability of these 
films. Some factors that are briefly discussed herein [31, 32] are:

• Polar surface-active molecules (e.g., asphaltenes, resins)
• Solids including waxes and inorganic salts (cause of corrosion)
• Droplet size distribution in the emulsion
• Temperature
• Brine concentration
• pH of brine

Heavy polar fractions such as resins, asphaltenes, organic acids (carboxylic, 
naphthenic), and bases are present in varying quantities and forms in crude oil and 
contribute to the stabilization of the crude oil emulsion to a varying degree. 
Asphaltenes are very complex polyaromatic molecules attached with some hetero-
atoms or metals (N, O, S, V, Ni) such as shown in Fig. 3 [33]. These are soluble in 
benzene or ethyl acetate but insoluble in low molecular weight n-alkanes.

The diffusion of fine solid particles present in the crude to the oil-water interface 
can stabilize water-in-oil emulsions. Solid particles can also get electrically charged 
at the interface, thereby enhancing the stability of an emulsion. Typically the diam-
eter of particles is in the range of submicron to a few microns [34]. Wettability of 
particles is defined as the degree of solids that is wetted by water or oil (when the 
emulsion is present). Wettability also enhances the stability of an emulsion. The oil- 
wet solids are waxes and asphaltenes, whereas water-wet solids are clays, sand, 
CaCO3, CaSO4, etc. [35]. Binks and Lumsdon [36] report that the emulsion may be 
stabilized by the presence of colloidal silica particles. These particles are charged 
and appear at the interface but are destabilized at higher pH. The charge on the par-
ticles is due to modification of pH (e.g., silica has zero charge at pH 2, but it becomes 
negatively charged at pH more than 2) and addition of electrolyte.

Temperature significantly affects the stability of an interface and also the 
solubility of surfactant. With an increase of temperature, the viscosity of the system 
reduces significantly, which helps to reduce the stability of an emulsion. Jones et al. 
[37] studied the effect of temperature on the interfacial film stability and found that 
it gradually decreases with an increase in temperature.

Strassner et  al. [12] studied the effect of pH on interfacial film stability. The 
author found that there are two types of stable films found in the oil-water emulsion, 
namely, rigid and mobile. Solid (rigid) films are mainly formed by the presence of 
polar molecules such as asphaltene, whereas liquid (mobile) films are formed 
because of resins. According to Strassner et al. [12], the amount of demulsifier used 
for coalescence may be reduced by adjusting to a proper pH. The author gives an 
idea about how in low pH range (acidic region) solid films are formed by asphaltenes 
which are highly stable. However, with an increase in the pH of emulsion, the rigid 
films change into liquid films which are less stable. The author suggested that film 
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stability could reduce if one operates under basic condition because of the reduction 
in interfacial tension. In the presence of brine, better separation of water is reported 
to be achieved in the pH 6–7. An increase in water and demulsifier concentration in 
the emulsion also leads to better separation. The author also suggested some limita-
tion such as controlled supervision is required to maintain pH since the change in 
pH may lead to lower efficiency of separation and corrosion.

Specific ions in the brine composition can also influence the film stability. 
Strassner et al. [12] have studied the effect of constituent ions in the brine present in 
crude emulsions and investigated the optimum pH and demulsifier concentration for 
better separation of water. According to Strassner et al. [12], optimum pH for get-
ting better separation of water, when brine is contained in the crude, is low (pH 6–8) 
as compared to non-brine crude pH which is higher (pH 9–10). This may be because 
the interfacial pH of brine may be higher as compared to bulk concentration. The 
brine which contains high Ca2+ ions or high Ca2+/Mg2+ ratio makes a rigid (solid) 

Fig. 3 Molecular structure of asphaltenes proposed by Speight and Moschopedis [33]. (Copyright 
1982 American Chemical Society Publishing. Figure is adapted with permission from ref. [33])
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film with the interface of the oil-water emulsion which leads to stability of the emul-
sion [37].

In the crude oil analysis, typically the total acid number (TAN) is measured, 
which corresponds to the mass of KOH in milligrams necessary to neutralize the 
acids contained in 1 g of oil. The acidity of crude oil can be attributed to the pres-
ence of naphthenic acids. The pKa value for naphthenic acids in crude oil was found 
to be ~4.9, which depends upon the number of carbon chains and presence of one, 
two, or three saturated rings [38].

2.2  Skin Formation

It is very often reported that the water-in-oil emulsion is stabilized by asphaltenes or 
high molecular surface-active compound [39, 40]. Crude oil contains various natu-
ral surfactants such as high molecular weight surface-active compounds (asphaltenes 
and resins) and low molecular surface-active compounds (sodium naphthenate, cal-
cium naphthenate). Czarnecki and Moran [41] studied the contribution of low 
molecular weight surface-active compounds such as sodium naphthenate (SN), etc. 
Czarnecki and Moran [41] explained the competitive nature in making of a skin 
(layer) on the oil-water interface in Fig. 4. Figure 4 shows that the high asphaltenic 
(high molecular weight) compounds have lower surface activity and slow and irre-
versible rate, whereas surfactants such as sodium naphthenates are highly active and 
have a fast adsorption rate.

Czarnecki and Moran [41] also studied the interfacial tension with respect to SN 
concentration. With an increase in the concentration of SN, the surface and interfa-
cial tension (γ) is reduced. At low concentration, SN makes a rigid interface, but at 
higher concentration, the interface becomes flexible and shows a low interfacial 

Fig. 4 Schematic of the model depicting the competition between subfractions of asphaltenes and 
low molecular weight surfactants at the oil/water interface. (Copyright 2005 American Chemical 
Society publishing. The figure is adapted with permission from ref. [41])
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tension. Because of low interfacial tension, water drops may be picked up by oil 
resulting in an unresolved (rag) layer formation, as shown in Fig. 5 [2]. The skin 
formation around the droplets also depends upon the nature of carboxylates such as 
monocarboxylate or dicarboxylate. The mechanism of the skin formation due to 
mono- and dicarboxylate in the presence of Ca2+ at the water-oil interface is shown 
in Fig. 6.

The stability of an emulsion can be determined, from the practical point of view, 
by performing an important test named as the bottle test. It determines the ease of 

Fig. 5 Microscopic image of unresolved brine at pH 10 using NaOH. Carryover oil droplets can 
be clearly seen in the image. Scale bar is 20 μm. (Copyright 2018 Elsevier publishing. The figure 
is adapted with permission from ref. [14])

Fig. 6 Schematic diagram of carboxylate and calcium ion interaction at the interface. (a) 
Monocarboxylate interacted with calcium ions. (b) Dicarboxylate interacts with calcium ions and 
formed cross-link at the interface. (Copyright 2018 Elsevier publishing. The figure is adapted with 
permission from ref. [14])
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separation of the water-in-oil emulsion system. The separation of water data 
recorded as a function of time and the relative stability can be compared under dif-
ferent experimental condition.

3  Desalting

Desalting of crude oils is a process of removing brine from crude oil emulsions. The 
crude oil contains brine which can cause various problems in the downstream pro-
cesses such as deactivation of the catalyst and corrosion, thereby reducing the plant 
efficiency and increasing the operational costs. To avoid this problem, a two-stage 
desalting is done at the crude oil production site followed by another at the refinery 
site to get crude specifications corresponding to the industry regulation. In desalting 
process (Fig. 7), 5–10% (v/v) of fresh (wash) water is added to heated crude oil and 
mixed by static mixers to ensure appropriate contact of crude oil and water, and the 
emulsion is then sent to a desalter (electrocoalescer) for separating oil or aqueous 
phases [4, 15]. The desalting becomes difficult because the oil contains surface- 
active compounds such as asphaltenes or resins that make a film on a water droplet, 
thereby making a stable emulsion. Because of the presence of asphaltenes, waxes, 
resins, and small solid particles (impurity), the oil-water interface becomes highly 
viscous [42]. In order to reduce this problem, a chemical called demulsifier is added, 
which helps to rupture the asphaltic layer and make coalescence easier [43, 44].

The recent technology for oil desalting in refineries uses a combination of 
methods such as thermal, mechanical, chemical, and electrical for improving the 
efficiency of dewatering. Electrostatic destabilization has emerged as a promising 

Fig. 7 Process flow diagram of desalting

Stability and Destabilization of Water-in-Crude Oil Emulsion



718

method to separate oil-in-water emulsion and was first demonstrated by Cottrel 
century ago [45].

3.1  Oil Demulsification

Demulsification is a process of breaking of the water-oil emulsion into water and oil 
phase. From an industrial point of view, the refineries are more concerned about 
three aspects:

• Rate of separation of phases (oil and water)
• Amount of water remaining in oil after separation
• Quality of separated water for disposal

A number of techniques can be applied for demulsification process. The final 
water concentration in crude should not exceed 0.3% (v/v), and total dissolved salts 
are about 0.7–1.0 lb per thousand barrels (PTB) which are sent to refinery units [3, 
4]. Factors affecting the demulsification are temperature, agitation or shear, resi-
dence time, and demulsifier concentration.

Increasing the temperature of an emulsion increases the mobility and reduces the 
viscosity of the oil, such that the collision efficiency of droplets increases and the 
rate of coalescence enhances which results in an increase in the settling rate of water 
drops. However, crude conductivity increases with temperature. The other disad-
vantage of higher temperature is high heating costs and loss of light ends. High 
agitation decreases the separation efficiency, because at high agitation, the drops 
may break into small drops. So a gentle (or low) agitation is required for assuring 
the mixing of chemical demulsifier. Increasing residence time increases the separa-
tion efficiency, but high residence time increases the cost of operation. The opti-
mum amount of demulsifier is required to break the emulsion, and higher demulsifier 
concentration makes the oil in water emulsion stable.

3.2  Mechanism of Demulsification

Demulsification or separation of both water and oil phase for oil-water emulsion 
system is a two-stage process. The first step is an aggregation (flocculation) of water 
droplets, and the second step is the coalescence of drops to make bigger drop which 
settles down by gravity. Anyone out of two steps may be the rate-determining step.

In flocculation, the dispersed phase (water droplets) in an emulsion accumulates 
together, forming aggregates. Sometimes, the water droplets are close enough, but 
they do not coalesce. Coalescence happens when emulsion film stability is low. The 
factors that enhance the rate of flocculation are [29]:
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• Water concentration (v/v) of emulsion and high water cut increase the rate of 
flocculation.

• At higher temperature, the thermal energy of droplets increases, and the rate of 
collision increases which leads to flocculation.

• The high-density difference leads to settling of the drop so that the flocculation 
at the bottom is higher.

• By applying an electrostatic field, the droplets move towards the electrode, and 
the droplets aggregate towards the electrode.

Coalescence is a phenomenon in which two drops fuse or merge together and 
form large drops [8]. Generally, this is an irreversible process (no breakage of large 
drop), drops become bigger, and gravitational forces acting on drops help in settling 
the drops. With an increase in the rate of flocculation, an increase in the rate of 
coalescence is observed in an emulsion having films with low interfacial viscosity. 
Solid interfacial films reduce coalescence, and addition of demulsifier helps to mod-
ify solid films to mobile films such that the film can be ruptured easily [46]. The 
coalescence rate can depend on three simple steps [47]: first, the applied external 
force, such as gravity in which the droplets (particles) approach each other; second, 
film formation and drainage, the rate of film thinning may be the rate-determining 
step for coalescence [48, 49]; and, finally, the critical film can rupture (break) by 
any significant mechanical (low mixing) or thermal disturbance which may cause 
coalescence [49]. The mechanism (Fig.  8) and the rate of film rupture may be 
enhanced by the addition of demulsifiers [43].

Sedimentation and creaming are caused by the density difference in sedimentation 
of the high-density droplet. The reverse is creaming of a low-density phase (oil) 
wherein oil moves upwards. Sometimes there is no clear separation of both phases, 
and a layer called unresolved (rag/pad layer) emulsion accumulates in between 
water and oil interface which creates a lot of problems in the desalters. It reduces the 
efficiency of coalescence, increases the basic sediments and water in the treated oil, 
and occupies the tank space. The unresolved layer forms because of the use of 

Fig. 8 Mechanism of demulsification
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ineffective or low concentration of demulsifier. This is assisted by the presence of 
solid particles and when the system is operated at low temperature.

3.3  Method of Demulsification

The demulsification of crude is required for further transportation and processing, 
and in a refinery, demulsification is done by several methods [29]:

• Thermal method
• Mechanical method
• Electrical method
• Chemical method

Anyone or any combination of methods may be useful for demulsification in 
industry. The choice of a method depends upon the crude properties and product 
specification with proper consideration of economics. The most common method in 
small scale is thermal along with proper chemical demulsifier, which assists the 
destabilization of the emulsions. This is followed by mechanical and, finally, the 
electrical method. In most of the refineries, a combination of all the techniques such 
as chemical and the electrostatic field is used for enhancing the coalescence at a 
high temperature that helps to increase the collision frequency.

3.3.1  Thermal Method

Higher temperatures reduce the interfacial viscosity and oil viscosity and therefore 
increase the separation of a water-in-oil emulsion. The thermal energy of the water 
droplet increases, and collision frequency also increases at high temperature, 
although the heating cost also increases. Moreover, there is a loss of light ends so 
that API of the crude reduces and the tendency of corrosion in a vessel also increases.

3.3.2  Mechanical Method

A wide variety of mechanical equipment (desalters, settling tank, and two- and 
three-phase separators) are used in demulsification of crude emulsions. Most com-
monly, electro-desalters are used in the refineries. The oil from the separator gener-
ally contains an unacceptable level of water, solids, and salts (less than 10 PTB). 
Therefore, one needs to treat the crude further to match the final specifications in the 
refinery. Sometimes freshwater (5–10 v/v%) is added to remove salts in a process 
known as desalting. In industry, mainly single or multistage desalters are used. 
Demulsifier is added, and the crude, freshwater, and the demulsifier are passed 
through a mixer in a single-stage desalter as shown in Fig. 7. Aryafard et al. [9] 
studied the water and salts removal efficiency by using a single-stage desalter 
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model. The author found that the dehydration and desalting efficiency of simulated 
results were 98.48% and 96.06%, respectively, which is very close to the experi-
mental result of 96.77% and 94.15%, respectively, in their study. They also observed 
that by increasing the pressure of mixing valve from 20 to 30 psi, the efficiency of 
dehydration does not change significantly. Aryafard et al. [50] studied the drop size 
distribution, desalting, and dehydration efficiency by using a two-stage desalter 
model. Aryafard et al.’s [50] simulation results show that by increasing the addition 
of freshwater from 3% to 6%, the salts content in treated crude can be reduced from 
2.06 to 0.71 PTB.

3.3.3  Electrical Method

Electrostatic fields are applied for the emulsion treatment and separating water from 
the oil-water emulsion. When non-conductive continuous phase (oil) that contains a 
small fraction of conductive dispersed phase (water) is subjected to an electrostatic 
field, the water drops coalesce by following one of the three physical phenomena 
[8, 29].

• Under the electric field, the water drops polarize and align along the electric field 
lines so that positive-negative poles are developed on the water droplets leading 
to their attraction and coalescence.

• In case of direct electric (DC) field, the charges are induced on the water drops; 
the drops aggregate and attract towards the electrode or bounce in between the 
electrodes until the drops become large and settle by gravity.

• Application of electric field disturbs or weakens the interfacial film of original 
droplets. Under the application of sinusoidal alternating current (AC), the line of 
forces is higher in the first half of the cycle. The drops elongate or make elliptical 
shape, but because of surface tension, they try to retain their original shape. This 
process is repeated again and again so that the interfacial film becomes weak and 
it leads to coalescence.

However, it may be theorized that water droplets have a net charge and under the 
electrostatic field, collision probability increases and coalescence increases. The 
electrical field is generally measured in kV/cm, and with an increase in the field, the 
rate of coalescence increases. However, at some point, it reaches a non-coalescence 
regime when other factors also contribute to the interaction significantly such as salt 
concentration and cone angle formed in between the drops discussed in detailed in 
Sect. 4.

3.3.4  Chemical Method

Chemical method is one of the most common techniques for emulsion breaking. In 
this method, a chemical called demulsifier is added, which neutralize the emulsify-
ing agent. Some common demulsifiers such as epoxy resins, polyamines, 

Stability and Destabilization of Water-in-Crude Oil Emulsion



722

polyethyleneimines, polyols, di-epoxides, and phenol-formaldehyde resins are 
often used. The demulsifiers have two parts: one is a head group that generally is a 
surface- active molecule which is hydrophilic, while the other is a linear hydrocar-
bon lipophilic group. When a demulsifier is added into the emulsion, it migrates 
towards the oil-water interface, which weakens or ruptures the rigid film and helps 
it to coalesce. Figure 8 shows the basic mechanism of demulsification in which a 
demulsifier comes at the surface of an emulsion and replaces the film formed by 
rigid materials (asphaltenes or resins) thereby assisting coalescence [43]. The type 
of demulsifier or optimum amount of demulsifier varies from crude to crude and 
mainly depends upon the crude properties or SARA analysis (percentage of 
asphaltenes).

Aveyard et  al. [51] studied the effect of changing the hydrophilic-lipophilic 
balance (HLB) value. They used sodium bis(2-ethylhexyl) sulfosuccinate and 
octylphenyl- polyethoxylates as demulsifiers, and the HLB value was controlled by 
changing the number of ethoxy groups. They found that with an increase of surfac-
tant concentration, the rate of demulsification increased. The higher concentration 
of surfactant may decrease the rate of demulsification because of overdosing that 
can stabilize the emulsion.

SjÖblom et al. [44] studied the destabilization of the water-in-crude oil emulsion. 
Crude from Norwegian continental shelf was used and 1-butanol and benzyl alcohol 
and amines for demulsification. They observed that the alcohol groups modify the 
solid film by diffusion/partitioning process, whereas amines strongly affect the 
interfacial film by hydrophilizing the whole film. The authors also observed that the 
interfacial tension trends depend upon the addition of alcohols and amines.

The typical experimental condition in the industry is the emulsion enters the 
desalter which has typical residence time between 10 and 30 min, depending on the 
API of the crude being desalted, and temperatures vary from around 110–145 °C. The 
desalter is a huge vessel, typically horizontal, around 3 m in diameter and 15–20 m 
in length. The crude with water emulsion is introduced from the bottom and is sepa-
rated into a brine that leaves at the bottom of the desalter and desalted crude, which 
is drawn out from the top. Table 3 gives a summary of the method used, desalting, 
and dewatering efficiency for the treatment of water-in-crude oil emulsions.

4  Electrocoalescence of Water-in-Oil Emulsion

The water droplets in water-in-oil emulsion move under gravitational force which is 
resisted by the viscous drag. In the presence of an electric field, the droplet in addi-
tion experiences electrostatic forces, which can affect the motion of the droplets 
[15, 54]. Under an electrostatic force, a conducting droplet (particles) experiences a 
dipolar force that can align the droplets in the direction of the applied electric field, 
simultaneously getting attracted to each other and coalescing, resulting in what is 
known as electrocoalescence. This technique was first introduced by Cottrell and 
Speed [55].
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Figure 9 shows the typical cross-sectional view of electrodesalter practiced in oil 
refineries. The overall desalting operation can be understood as follows: the crude 
oil (continuous phase) is mixed with water (dispersed phase) and demulsifier by 
using a static mixer, and the emulsion with an average size of 10 μm is produced and 
fed into the desalter unit as shown in Fig. 9. The emulsion is distributed throughout 
the vessel using a distributor between the regions of the electrodes. The electrodes 
are connected to the transformer to apply an appropriate electric field. The droplets 
under electric field region grow by electrocoalescence and settle due to gravity. At a 

Table 3 Literature on method used, desalting, and dewatering efficiency for the treatment of 
water-in-crude oil emulsions

Method used

Crude oil 
(API 
gravity)

Brine 
conc. 
(mg/L)

% 
Water

Desalting 
efficiency 
(%)

Dewatering 
efficiency (%) Reference

Electrical and 
thermal

27 – 10.8 96.8 93.9 Less and 
Vilagines [3]

Chemical 13.2 4440 50 – 90.0 Strassner 
et al. [12]

Thermal 19.1 – 45 – 94.2 Fortuny 
et al. [31]

Thermal, 
mechanical, and 
chemical

16.6 32,400 9.3 99.8 97.3 Sad et al. 
[52]

Chemical 27.4 – 10 – 90 Atta [53]
Electrical and 
chemical

21.4 – 10 – 99 Anand et al. 
[2]

Fig. 9 Schematic flow diagram of the desalting process (cross-sectional view)
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result, the water phase is separated at the bottom and oil phase at the top. Further, 
the aqueous phase is sent to the second stage of desalting or an effluent treatment 
plant, and the crude oil is sent for downstream processes.

To understand the mechanism of droplets coalescence of emulsion under an 
applied electric field, the droplets can interact in two ways, drop-drop interaction 
(Fig. 10c) and drop-interface interaction (Fig. 10e) as shown in Fig. 10. In the case 
of drop-drop interaction, droplets may show coalescence or non-coalescence, on the 
other hand, for drop-interface interaction, droplets may show coalescence, partial 
coalescence, or non-coalescence (Fig. 10d, f) [6, 56]. In electrocoalescence, coales-
cence is the desired phenomena. On the other hand, partial coalescence and non- 
coalescence are undesired and may slow the rate of separation or deteriorate the 
efficiency of coalescence.

Several parameters that can influence the coalescence, partial coalescence, and 
non-coalescence of droplet interaction are the strength of the electric field, fre-
quency of electric field, the conductivity of droplets phase, the conductivity of oil 
phase, electrode configuration, the volume fraction of water in the emulsion, the 
quality (purity) of oils, the viscosity of the oil, the concentration of asphaltenes, 
total acid number, and interfacial rheology of the water-oil system [10, 12, 13, 19, 
57, 58].

The coalescence under electric field is generally believed to follow three steps: 
(1) drops approach each other, assisted by an electric field, (2) film drainage of the 
continuous phase in the liquid film separating the droplets, and (3) film rupture and 
coalescence [54]. The drops are attracted to each other due to dipolar force, follow-
ing which they may coalesce or non-coalesce. This outcome depends upon the 
strength of the electric field. The migration of droplets depends upon the nature of 
the electric field, such as uniform or non-uniform fields [59]. When an electric field 
is applied to a pair of drops, it leads to their deformation due to the resulting Maxwell 
stress that depends upon the electrocapillary number. Figure  11 shows the 

Fig. 10 Type of interaction and phenomena of droplets under an electric field
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experimental images of approach and coalescence phenomena of drop-drop 
coalescence under an electrical field. Figure 12 shows the sequence of the image of 
drop- interface coalescence under an electric field. The detailed discussion regarding 
the mechanism of coalescence and non-coalescence under an electric field is not 
part of this chapter. The overall discussion on droplet coalescence presented in this 
chapter will help to understand the destabilization mechanism of the water-in-
oil system.

Fig. 11 Interaction of droplets under electric field. (a) Distance between the droplets vs. time. (b) 
Sequence of images of drop-drop coalescence. Electric field 3 kV/cm at frequency 50 Hz

Fig. 12 Sequence of images of drop-interface coalescence under an electric field = 0.5 kV/cm

Stability and Destabilization of Water-in-Crude Oil Emulsion
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5  Summary

In this chapter, we have given a brief introduction to elemental composition, 
classification, crude oil characteristics, and stabilization of the crude oil-water 
emulsion. We also discussed the destabilization of the emulsion, factors affecting 
the demulsification, and various methods and parameters affecting the separation of 
water from the water-in-oil emulsions. The stability of water-in-oil emulsion pri-
marily depends upon the nature and the source of the oil. The high molecular weight 
asphaltenes because of their surface-active nature form a skin around the droplets. 
Because of the skin, even under an electric field, the droplets approach to each other 
but can resist coalescence. Therefore, a small molecular weight demulsifier is often 
added that helps to replace the skin layer and make coalescence possible. An overall 
procedure to separate the water (brine) from the oil helps removal of salts from 
crude oil which is responsible for the deactivation and poisoning of the catalyst in 
the downstream process of refineries.
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chemical absorption, 605
chemical adsorbents, 605, 606
chemicals and fuels, 528
climate challenges, 528, 529
eco-friendly feedstock, 600
electrophilic, 600
emissions, 528, 530, 531
energy profile diagram and activation, 601
fine chemicals and fuel synthesis, 601
free energy, 600
homogenous catalysts for CO2 (see 

Homogenous catalysis, CO2 
conversion)

hydrogenation, 602
iron-steel industry plant, 604
material catalysts, 602
with organic molecules, 602
organic scaffolds, 602
photosynthetic process, 599

polycarbonate production, 602
pre-combustion capture, 604
solid adsorbents, 606
sources of CO2 emission, 604
tri-reforming

catalyst performance, 545, 547
kinetics, 545, 547

weak electrophile, 600
Carbon dioxide utilization

bio-conversion, 534
by-product, 533
carbon sequestration, 533
catalytic conversion, 535
chemical synthesis, 534
environmental impact categories, 534
EOR, 534
large-scale implementation, 536
photo-catalytic conversion, 534
reducing emissions, 536

Carbon Engineering, in Canada, 610
Carbon fluxes, 529, 530
Carbon footprints, 559, 648
Carbon formation, 323, 324, 327, 328
Carbon oxide conversion, 591
Carbon oxides, 563
Carbon Recycling International (CRI), 610
Carbon source feedstocks, 559
Carbon species, 339
Carbonaceous materials, 402, 403
Carbonaceous species, 333
Carbonium ion, 95
Carbon-rich source gases, 559
Carburization, 238, 239
Cardyon™ polyols, 610
Catalyst activity, 47, 55
Catalyst characterization methods

activity, 543
electron microscopic methods, 545
overview, 545
pore sizes, 544
selectivity, 543
sites and basic sites, 545
stability, 543
surface and chemical properties, 543
surface area, 544
surface species, 544

Catalyst coating method, 442
Catalyst coke selectivity, 105
Catalyst deactivation

active sites poisons, 50
catalyst activity, 47
coke, 48, 49, 51
feed source, 48
heavy feedstocks, 48
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hydrotreating catalysts, 47
industrial applications, 47
lighter hydrocarbon fractions, 48
metals, 49, 50
nano MoS2, 51
petroleum fractions, 48
physicochemical properties, 51
process conditions, 48
sintering and segregation, active metals, 51
sulfur removal, HDT/HDS operations, 47
temperatures, 48, 50

Catalyst preparation methods
active metals, 41
alumina hollow microspheres, 44
chelating agents, 41, 42
citric acid, 44
Co2Mo10- and CoMo6-based hetropoly 

compounds, 45
colloidal synthesis, 44
conventional wet impregnation method, 

DBT, 44, 45
CVD, 43
ELISA, 44
hydrothermal deposition method, 45
impregnation techniques, 41
incipient wetness impregnation, 43
ligands, 44
mesoporous alumina, 43
mesoporous γ-Al2O3 support material, 43
metal components, 41
organic additives, 42, 43
post-treatment method, 44
PVP-assisted synthesis, 43
quinolone, 44
support material, 45
temperature, 43
wetness co-impregnation method, 44

Catalyst pretreatment, 126
Catalyst regeneration, 51–54
Catalyst separation, 77
Catalyst stability, 55
Catalyst support

CoMo-based, 20
γ-alumina, 7
HDS for 4,6-DMDBT, 20
HDT, 8
support materials, 2

Catalyst synthesis, 359
Catalysts system, 195
Catalyst-to-oil coke, 98
Catalytic cok, 98
Catalytic conversion of CO2, 535
Catalytic cracking, 95, 384, 385
Catalytic hydrocracking, 384, 385

Catalytic hydrodesulphurization, 388
Catalytic hydrogenation, 206, 209, 212
Catalytic reforming, 388, 389
Catofin PDH technology, 159
Cavities, 358
C-C bond formation, 367
CeO2-ZrO2 support, 339
Ceria, 337
C–H activation

challenges, 256
economical synthetic protocol, 255
green chemistry, 255
green solvents (see Green solvents, C–H 

activation)
heterogeneous catalysis (see 

Heterogeneous catalysis)
homogeneous reusable media  

(see Homogeneous reusable media)
oxidizing directing groups (see Internal 

oxidizing directing groups)
C–H acylation, 260
C–H arylation, 258, 259
C–H cyanation, 260
C–H halogenation, 262, 263
C–H nitrogenation, 261
C–H oxygenation, 260, 261
CHB synthesis, 125
CHB value chain, 124
Chelated V(III) complexes,  

696, 697
Chelating agents, 42
Chemical-grade propylene, 152
Chemical species, 364, 367, 368
Chemical vapor deposition (CVD), 43
Chiral-site stereocontrol, 687
Chloride-bridged dimers {[(N-N)PdMe]2- 

μ- Cl}BAF, 689
Chlorohydrin (CL) process, 166
Choline chloride (ChCl), 657
Chromophore labeling technique, 701
Circulating fluidized bed (CFB)  

gasifier, 409
Citric acid, 47
14C-labeled alcohol, 467
Clarified oils (CLO), 72, 74, 78
Clean-efficient energy carrier, 416
Climate challenges, 528, 529
Climate changes, 254, 644
CO activation, 470, 475, 484
CO adsorption, 433
CO combustion promoter, 85, 86
CO consumption, 484
CO hydrogenation, 566–568
CO insertion mechanism, 467, 469, 492, 493
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CO2 capture
air, 531, 533
amine-based solvents (see Amine-based 

solvents, CO2 capture)
CCS, 644
DESs (see Deep eutectic solvents (DESs))
enhanced oil recovery, 644
ILs (see Ionic liquids (ILs))
industrial point source, 533
oxy-fuel combustion, 645, 646
post-combustion, 644, 645
pre-combustion, 645
scale, 531

CO2 conversion, 519, 520
algae-based processes, 536
by-product water, 536
CAMERE process, 536
catalyst stability, 537
catalysts synthesis

aerosol synthesis method, 541–543
wet synthesis method, 540, 541

catalytic conversion, 536
CH4, 538
DryrefTM, 538
ethylene carbonate, 537
gas phase reactions, 538
heterogeneous catalysts, 539
hydrogen production via electrolysis/

reforming processes, 536
industrial-scale, 536, 537
photocatalytic, 536
polycarbonate, 537
reforming of methane, 537
reforming processes, 538
renewable energy, 537
synthesis gas, 537, 538
TriFTSTM, 538
value products, 537, 538

CO2 conversion analysis, 346
CO2 emissions, 320, 558

carbon dioxide utilization, 536
climate changes, 644
energy demand, 644
fossil fuels, 644
global warming, 644
greenhouse effect, 528
industrial sources, 533
industries, 644
sources, 530, 531

CO2 reforming in space, 547–550
CO2 reforming reactions, 539
CO2-rich solvent, 647
CO2 solubility

alkanolamine, 653

amine, 656
ammonium-based DESs, 661
ammonium:3LA-based DESs, 664
aqueous amine solution vs. ILs, 657
ChCl-based DESs, 663
ChCl:glycol-based DESs, 662
ChCl:levulinic-based DESs, 662
and DESs, 661, 665
HBA, 663
IL-amine blends, 652, 653, 655, 656
phosphonium-based DESs, 664, 665
PILs, 654
piperazine, 656
RTIL, 652

CO2 technologies
biopolymers, 610
hydrocarbon, 609–611
methanol, 610
polycarbonate, 608, 610

Coal, 165, 402
Coalescence, 719
Coal-fired thermal power plants, 402
Coal gasification, 402
Coal-to-olefins (CTO), 161
Cobalt, 57
Cobalt-based bimetallic silica mesoporous 

catalyst, 447, 448, 450, 452
Cobalt-based catalysts, 461, 475, 476, 494
Co-catalysed C–H activation, 300
CO-insertion mechanism, 432
Coke, 48, 49, 51, 52, 54, 85, 323
Coke deposition, 49
Coke formation, 97–99, 323
Coke-laden catalyst, 87
Coke-selective catalysts, 98
Coke yield, 98
Coking, 379, 383, 416, 537
Cold recycle hydrogen, 5
Combined dry and steam reforming 

(CDSR), 347
Commercial HDT/HDS catalysts, 59, 60
Commercial MTO/MTP process, 163, 164
Commercial propylene oxidation 

processes, 168
Commercial propylene production, 162–165
Commercial technologies, 161, 196
Co-Mo catalyst, 55
CoMo/Al2O3 catalysts, 7, 14, 16, 17, 

21, 24, 57
CoMo/γ-Al2O3 catalysts, 40
CoMo-based HDT catalyst, 40
CoMoS/Al2O3 catalyst, 58
Computational fluid dynamics (CFD) model, 

438, 442
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Co-Ni-Mo/Al2O3 catalysts, 56
Contaminant coke, 98
Continuous flow microreactor technology, 290
Conventional alumina-supported 

catalysts, 20, 24
Conventional FCC unit, 72
Conventional internal combustion engine, 416
Conventionally acrylic acid, 182
Conventional solvents, 265
Coordinately unsaturated (CUS) sites, 11
Copper-based catalysts, 565
Copper(II)-based catalyst systems, 688, 693
Co-precipitation, 422
Co-produced styrene, 168
Co–Ru/γ-Al2O3 catalysts, 476
CoRu-KIT-6, 450
Covestro in Germany, 610
Cp*Co(III) catalyst, 268
Cp2MX2-AlR3 systems, 681
Cracking, 379, 384

process, 76
reactions, 95, 96

Creaming, 719
Cross-draft gasifiers, 407
Crude oil, 708

analytical methods, 382
API and specific gravity (Sg), 710
aromatics, 709
asphaltenes, 709
characterization, 710
classification, 378, 710
composition, 709
desalting process, 382
distillation, 378, 379
dynamic market demands, 380
earth’s crust, 708
electrical conductivity, 711
elemental compositions, 709
governmental policies and regulations, 380
HC, 378
hydrogenate aromatic rings, 386
IFT, 711
petroleum, 378
physical and chemical methods, 378
refining processes (see Refining processes)
resins, 709
salt removal, 382
salts, 708
SARA classes, 709
SARA-separation scheme, 710
saturates, 709
separation processes, 378
stability, 709
viscosity, 711

Crude oil fractions, 382
Crude oil-water emulsion, 711

See also Water-in-crude oil emulsion
Crude petroleum oil, 402
Cryogenic distillation, 397
Crystalline polymers, 397
Crystallinity, 359
Crystallization, 81
Crystal morphology, 361
Crystal size, 360–362
Cs-X zeolite, 136, 137
Cu-based methanol catalysts, 572
“Cumene PO-only” process, 170
Cu/ZnO/Al2O3 catalyst, 573
Cu-ZnO catalyst, 571
Cyanation, 260
Cyclic diamine additive, 647
Cyclic hydrocarbons, 90, 103
Cyclohexyl benzene (CHB), 112, 122–129, 140

D
Dalian Institute of Chemical Physics 

(DICP), 161
Deactivation mechanisms, 546
Decant oil (DO), 78
Deep catalytic cracking (DCC), 155
Deep eutectic solvents (DESs)

asymmetric ions, 657
ChCl, 657
CO2 capture

ChCl:glycol-based DESs, CO2 
solubility, 662

CO2 solubility, ammonium-based 
DESs, 661

green solvent, 661
HBDs, OH moiety, 662, 663
NH moiety, HBDs, 663, 664
phosphonium-based DESs, CO2 

solubility, 664, 665
task-specific DESs, 664

HBA, 657, 658
HBD, 657, 658
ILs, 657
physicochemical properties

density, 660
HBD/HBA, 659
ILs, 658, 659
phase behavior, 659
thermal stability, 661
toxicity, 661
viscosity, 660
volatility, 660

reline synthesis, 658
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Deep Reactive Ion Etching (DRIE), 436
Delayed coking unit, 383
Demulsification, 718

crude, 720
Dense (non-porous) membranes, 416
Density functional theory (DFT), 470

1,3-butadiene hydrogenation, 212–214
Desalting, crude oils, 717

demulsification
chemical method, 720–723
crude conductivity, 718
electrical method, 720, 721
mechanical method, 720, 721
mechanism, 718, 719
methods, 720
refineries, 718
thermal method, 720

downstream processes, 717
oil desalting, 717
process, 717
process flow diagram, 717
surface-active compounds, 717

Desalting process, 382, 723
Desirable ethanol steam reforming 

reaction, 420
Dialkyl carbonates, 619, 620
Dibenzothiophenes, 3, 4, 15
Diesel hydrotreater units, 5, 6
Di-iso-propylamine (DIPA), 511
Dimethyl ether (DME), 507, 620
4,6-Dimethyl dibenzothiophene (4,6 

DMDBT), 4, 5, 13–15, 
17–19, 22, 23

Dimethyldisulfide (CH3-S-S-CH3) 
(DMDS), 46, 47

Dimethyl formamide, 630
Dimethyl sulfoxide (DMSO), 47, 690, 692
Di-n-propylamine (DPA), 511
Dinuclear catalyst systems, 696
Dipropyl amine (DPA), 506
Direct desulfurization (DDS) pathway, 4, 

13, 16, 24
Distillation, 381, 382
D-MTO-II technology, 161
Dominant technology for propylene 

production (DTP), 163, 164
Downdraft gasifier, 406, 407
DRM reaction

kinetics (see Kinetics, DRM reaction)
Ni/MgAl2O4 catalyst (see Ni/MgAl2O4 

catalyst)
Dry-gel conversion (DGC) method, 516
Dry/incipient wetness, 422
Dry reforming, 418–420, 549

Dry reforming of methane (DRM), 320
See also DRM reaction

Dual-bed gasifiers, 409

E
Electricity, 303
Electrochemical allene annulation, 301
Electrochemical C–H functionalization

acetonitrile, 303
advantages, 302
alkyl nitriles, 302
alkynes, 302
amides, 301, 302
amine, 303
aryl and alkyl bromides, 303
biaryl ketoximes, 300
biomass-derived renewable solvents, 303
C(sp2)–H couplings via anodic 

oxidation, 299
carbonylation, 300
cobalt catalyst, 300
electrical power, 297
Friedel−Crafts alkylation, 297
heterocyclic products, 297–298
imidates, 302
intra- and intermolecular annulation, 302
iridium electrocatalysis strategy, 298, 300
ketones, 299
lactone and coumarin derivatives, 298
organic synthesis, 303
oxidant-free electrochemical protocol, 302
oximes, 300, 301
phenols/carbamates, alkynes, 301
PIL−CB, 298
redox-catalyst, 298
Ru(II)-electrocatalytic method, 300
valued functional groups, 298

Electrochemical hydrogenation (ECH), 195
Electrochemical organic synthesis, 303
Electrocoalescence

water-in-oil emulsion, 722–725
Electrolysis, 418
Electron attracting additives, 221
Electrophilicity, 689
Eley-Rideal Model (ER), 339–341
Eley-Rideal-type mechanism, 450
Emulsions, 711
Endotherm, 135
Energy, 643
Energy demands, 415, 558, 644
Energy-rich substrates, 600
Enhanced oil recovery (EOR), 534
Enol mechanism, 467, 468
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Entrained flow gasifier (EFG), 404, 407, 408
Entrained-flow petroleum coke 

gasification, 407
Environmentally friendly solid catalysts, 

115, 116
Equation of state (EOS), 564
Et2AlCl and EtAlCl2 exhibited, 698
Ethane, 164
Ethene, 487
Ethoxydimethyl(vinyl)silane, 259
Ethyl tertiary butyl ether (ETBE), 168–169
Ethylbenzene (EB) dehydrogenation, 130, 

132–134, 141
Ethylbenzene hydroperoxide process (EBHP), 

166, 168–170
Ethylene, 165, 675, 692
Ethylene polymerization, 700
Ethylene/propylene/diene copolymers 

(EPDM), 695
Ethylene-cyclic olefin copolymers (COC), 695
Euro VI transportation fuel specifications, 110
Evaporation-induced self-assembly (EISA), 44
Exelus process, 138, 139
Ex situ regeneration, 52

F
FCC catalyst, 390

additives, 71 (see also FCC catalyst 
additives)

artificially crystallized zeolites, 81
binder, 84
carbocations, 95
carbonium ion, 95
catalytic cracking, 95
coke formation, 97–99
components, 81
cracking reactions, 95, 96
crystalline powder, 81
crystallization, 81
evolution, 71
filler, 84
hydrocarbon feed, 94
hydrogen transfer reactions, 99
isomerization reactions, 97
manufacture, 82
matrix, 82, 84
olefins, 95
resid process, 104, 105
undesired reactions, 99, 100
zeolites, 82

FCC catalyst additives
bottom-cracking, 93, 94
CO combustion promoter, 85, 86

constraints, 85
GSR, 91, 92
hydrocarbon feeds, 84
metal passivators, 89, 90
NOx reduction additives, 86, 87
SOx-reduction additives, 87, 88
ZSM-5, 90, 91, 93

FCC light cycle oil (LCO), 5
FCC process

additives, 67
catalyst deactivation, 79, 81
catalyst separation, 77
coke, 70
coke formation, 79, 81
design, 70
destructive distillation, crude, 67
feed selection, 73, 75
fractionation, 77–79
free flow of catalyst, 72
gasoline, 67, 72, 73
heat energy, 72
heavier cuts, 72
heavy gas oils, 72
Houdry process, 67, 68
hydrocarbon products, 72
hydrocarbon separation, 72
ion-exchanged zeolites, 70
LCO, 72
location, 73
modes of operations, 74
modified catalytic cracking 

processes, 78, 79
motor gasoline, 67
PCLA1, 68, 70
PCLA2, 70
pretreatment, 73, 75
primitive catalytic cracking  

processes, 69
reactor–regenerator configurations, 69
reactor–stripper–regenerator 

section, 75, 76
regenerator section, 72
separation processes, 73
TCC, 68
technologies, 70
temperature, 72
thermal cracking, 67
up-flow reactor–regenerator, 68
zeolites, 69
ZSM-5, 71

Fe-Co bimetallic catalyst, 484, 493
Feedstocks, 49, 57, 74, 381, 402
Fermented wastes “molasses”, 416
Filler, 84
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Fine chemicals, 600–603, 609, 611, 623, 627, 
628, 633

First-generation SOx additives, 88
Fischer-Tropsch (FT) synthesis, 230, 401, 602, 

611, 631, 632
Boudouard reaction, 431
carbon-containing resources, 430
carrier gas, 442
catalyst coating method, 442
cobalt, 443
cobalt-based catalysts, 443, 461
factors, 443
industry, 443
iron, 443
iron-based catalysts, 443, 452, 453, 460
kinetic models, 471–474
LabVIEW automated experimental setup, 

442, 443
mechanisms, 462
metal-support interactions, 444
micro-reactor technology, 433, 434
natural gas, 461
nickel, 443
nickel carbonyls, 443
optimum performance, 443
performance, 442
polymerization reaction, 461
reactants, 461
reaction mechanisms, 431–433
research, 443
ruthenium, 443
silicon microreactor, 435, 437, 444, 445
support materials, 444
syngas conversion, 430, 460
syngas generation, 430, 431
3D printed microreactor

cobalt-based bimetallic silica 
mesoporous catalyst, 447, 448, 
450, 452

mesoporous support, 447
oxide support catalysts, 452
sol-gel-coated catalysts, 447

WGS reaction, 431, 461
Fixed-bed gasification

cross-draft, 407
designs, 406
downdraft, 406, 407
dry bottom, 406
petcoke, 406
syngas, 406
updraft, 406

Fixed bed reactors
adiabatic reactors, 576, 577
advantages, 588
disadvantages, 588

isothermal reactors, 576
methanol synthesis, 576

Flame-assisted spray pyrolysis (FASP), 542
Flame spray pyrolysis (FSP), 542
Flame synthesis technique, 541, 543, 544
Flue gases

CH4, 320
combustion units, 320
compositions, 320
impurities, 320
India, 320
produce chemicals, 320
source of chemicals, 320

Fluid catalytic cracker/cracking (FCC), 118, 
154, 155, 384, 512

additives, 92
atmospheric pressure, 66
automotive gasoline, 66
auxiliary units, 67
fractionator, 67
gasoline, 66
hydrocarbon feed, 66
hydrocracker, 65
licensors, 66
light olefins, 66
LPG, 65
octane gasoline, 65
oil refinery, 66
petroleum refinery, 65
premium hydrocarbon products, 66
regenerator, 67
riser–reactor section, 67
temperatures, 66

Fluidized bed dehydrogenation (FBD) 
process, 157–158

Fluidized bed gasifier
advantages, 408
bed material, 408
BFB, 409
CFB, 409
classification, 409
inert materials, 408
SFB, 409

Fossil fuel-based power plants, 644
Fossil fuels, 378
Fractionation, 77–79
Fresh diesel feedstock, 5
FT reaction mechanisms

adsorption mechanisms
ASF, 432
CO adsorption, 433
H2 adsorption, 433

carbide mechanism, 432
CO-insertion mechanism, 432
hydroxy-carbene mechanism, 432
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FTS kinetics
ASF distribution model, 485, 486
C1 selectivity, 487
C2 selectivity, 487
CO insertion mechanism, 492, 493
Fe-Co bimetallic catalyst, 493
hydrocarbon selectivity models, 491
iron and cobalt catalysts, 461, 492, 493
LHHW, 468, 491
non-ASF model, 489–491
α-olefin, 491
olefin desorption reaction, 493
α-olefin re-adsorption, 492
reaction mechanisms, 491
selectivity models, 493
syngas consumption rate

CO activation, 470, 475
CO consumption, 470
CO2 inhibition, 475, 484
H2O inhibition, 475
iron catalysts, 469

value of α with carbon number, 487, 488
FTS mechanism

alkenyl, 465, 466
alkyl, 464, 465
alkyl theory, 463
CO insertion, 467, 469
enol, 467, 468
iron-based catalysts, 463

Fuel gas, 381
Fuel grade petcoke, 403
Fuel hydroprocessing, 391
Fujiwara–Moritani reaction, 262
Functional group interconversion strategy, 255
Functionalizable olefin monomer

acrylamides, 687
acrylic acid, 687
copolymerization, 688
methyl acrylate, 687
palladium- and nickel-based catalyst 

systems, 689–693
transition metals, 688
tridentate ligands, 693–694
trimethyl aluminum and catalysts, 688
vinyl ethers, 687

Functionalized ionic liquids, 653

G
Gallium-modified catalysts, 39
Gasification

carbonaceous materials, 402, 403
coal, 402
elemental analysis, 403
Fischer-Tropsch synthesis, 401

hydrocarbon materials, 401
petcoke (see Petcoke gasification)
proximate analysis, potential raw 

materials, 403
syngas, 401

Gas oil (VGO), 73, 75, 165, 382
feedstock, 37

Gasoline, 67, 78, 99
Gasoline sulfur reduction (GSR) 

additive, 91, 92
Gas-to-liquid process, 461
Gas-to-olefins (GTO) processes, 161
Gas transportation, 230
Gibbs free energy, 321, 564
Global warming, 529, 644
Glycerol steam reforming, 424
Grace Davison’s sulfur reduction additives, 92
Green chemistry

C–H activation (see C–H activation)
characteristics, 254
concept, 254
consecutive methods, 254
principles, 254

Green solvents, 648, 649
Green solvents, C–H activation

2-MeTHF, 280, 282
GVL, 282, 283
organic pollution, 276
sustainable approach, 276
transition metal catalysis, 276
water, 277–280

Greener methodologies, 304
Greenhouse effect, 528
Greenhouse gas (GHG), 528, 644
Gross calorific value (GCV), 403
Gross refinery margin (GRM), 112

H
H2 adsorption, 433
H2/CO ratio, 324, 326, 327, 345
HDT/HDS catalysts

activation/sulfidation, 46, 47
active sites, 12
additives/modifiers, 36–41
basal planes, 11
chemical composition, 36
commercial, 59, 60
Co-Mo-/Ni-Mo-based, 12
CUS sites, 11
deactivation (see Catalyst deactivation)
feedstocks (see Hydrotreating feedstocks)
manufacturing methods, 36
nature of active sites, 11
physical and mechanical properties, 36
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HDT/HDS catalysts (cont.)
preparation methods, 36 (see also Catalyst 

preparation methods)
regeneration, 51–54
supported metal catalysts preparation, 36

Heat generating material (HGM), 159
Heavier feedstock, 48, 58
Heavier fraction feedstocks, 383
Heavy cycle oil (HCO), 72, 74, 78
Heavy feed catalysts, 58
Heavy naphtha feed, 57
Heavy oil cracker (HOC), 89
Heavy oils, 385
Heavy petroleum feed hydroproces, 59
Heavy polar fractions, 713
Heavy residue, 58
Heterogeneous catalysis, 558

active site, 257
advantage, 258
C–H acylation, 260
C–H arylation, 258, 259
C–H bond to vinylsilanes, 259, 260
C–H cyanation, 260
C–H halogenation, 262, 263
C–H nitrogenation, 261
C–H oxygenation, 260, 261
feature, 258
Fujiwara–Moritani reaction, 262
green chemistry, 258
industries, 257
isolation, 258
metal catalysts, 257, 258
modern organic chemistry, 257
palladium, 257
Pd/CeO2-catalysed oxidative C–H 

functionalization protocol, 262
recognition, 257
reusable catalytic systems, 258
rhodium catalysts, 257

Heterogeneous catalysts, 184, 194, 
393–395, 611

Heterogeneous PPh3‐modified Ru/CeO2 
catalyst, 259

Hierarchical zeolite systems, 118
High-density PE (HDPE)

branching and produced, 677
mechanical and thermal properties, 676
polymer chains, 676

Higher heating value (HHV), 403
High-temperature treatment, 366
H-In2O3/Al2O3/Al-fiber catalyst, 574
Hock phenol process, 194
Hock process, 124
Homogeneous catalysts, 702

Homogeneous reusable media
advantage, 264
aerobic C–H arylation, 268
C–H activation, 265
chemical enterprises, 264
conventional solvents, 265
cost-effective first-row transition metal 

catalyst, 268
Cp*Co(III) catalyst, 268
heteroarenes, 267
immobilizing strategy, 264
ionic liquids, 265
isocoumarin, 266
isolation, 264
methodologies, 265
organic solvents, 265, 268
ortho C–H bond, 267
PEGs, 265
Ru catalysed oxidative alkenylation, 

265, 266
Ru(II)/PEG-400 catalytic system, 265
ruthenium-catalysed oxidative 

olefination, 266
spectroscopic techniques, 263
sustainable methodology, 266
TOF, 264
TON, 264
wastage production, 264

Homogenous catalysis, CO2 conversion
hydrogenation of CO2

acetic acid, 627, 628
acrylic acid, 628–630
dimethyl formamide, 630
formic acid, 623, 624
hydrocarbon, 631–633
iridium catalysts, 625, 626
methanol, 620
methanol synthesis using 

hydrosilane, 623
molecular hydrogen, 620–622
oxalate, 631, 632
rhodium catalysts, 624

insertion reaction
cyclic carbonate from diol, 617, 618
cyclic carbonates, 611, 612
dialkyl carbonates, 619, 620
kinetic resolution of epoxide, 617
maximum TOF for cyclic carbonate 

synthesis, 614, 615
metal complexes, 612, 613
PCs, 618, 619
porphyrin, 616

metal complexes, 611
Homogenous catalytic system, 612
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Homopolymers, 168
Houdry’s catalytic cracking process, 67, 68
HPPO plants, 171
HSR naphtha, 381
Hydrocarbon feedstock, 66, 74, 94
Hydrocarbon pool mechanism, 367, 507
Hydrocarbon products, 72
Hydrocarbons (HC), 74, 82, 378, 464, 

631–633, 707
aliphatic and aromatic compounds, 506
applications, 611
C2-C4 olefins, 507
DAC technology, 610
industrial refining, 507
methane, 602
MTO reaction, 507, 508
RWGS reaction and FTS, 602
SAPO-5, 512–514
SAPO-5 vs. SAPO-11, 515, 516
SAPO-11, 509–512
SAPO-34, 507, 508
selectivity models, 491, 494
solid acid catalysts, 507
sources, 506
technology, 610

Hydrocracking, 36, 48, 55, 58, 65
HDT catalysts, 8
hydroprocessing, 2, 3
support acidity, 8
processes, 384, 385, 391

Hydrodesulfurization (HDS)
DDS pathway, 4, 13, 16, 24
description, 1, 3
4,6-DMDBT, 4, 5, 13–15, 17–19,  

22, 23
HYD pathway, 4, 16, 21
hydroprocessing, 3
metal-sulfur bond strength, 12
nitrogen inhibiting effects, 4
petroleum fractions, 3
refractory sulfur compounds, 25
thiophene, 16, 28

Hydrodesulphurization (HDS), 386
Hydrofluoric acid (HF), 113
Hydrogen, 119

as energy career, 416
“holy grail”, 416
liquid, 417
on-board/on-site generation, 416
separation, 416

Hydrogen atom transfer (HAT), 288
Hydrogen bond acceptor (HBA), 657, 658
Hydrogen bond donor (HBD), 657, 658
Hydrogen combustion, 416

Hydrogen generation
auto-thermal reforming, 418
carbon formation, 416
coking, 420
cracking, 418
dry reforming, 418
electrolysis, 418
membrane reformer, 417
methanol steam reforming, 423
Ni, 422
partial oxidation, 418–420
reinforcing fillers, 419
renewable revolution, 418
selective hydrogen separation, 425
steam reforming, 418, 419
waste heat generation, 419

Hydrogen peroxide to propylene oxide 
(HPPO), 166, 167, 171, 172

Hydrogen pressure, 129
Hydrogen recovery, 417
Hydrogen spillover effects, 57
Hydrogen transfer reactions, 99
Hydrogenated feedstocks, 74
Hydrogenation (HYD) pathway, 4, 16, 21
Hydrogenolysis, 487
Hydrophobic ionic liquids, 654
Hydroprocessing, 379, 391

catalysis, 2
catalyst design, 2
as catalytic refining process, 1
chemistry, 3
commercial applications, 2
factors, designing, 2
feedstock characteristics, 2
feedstock properties, 2
hydrocracking process, 3
hydrotreating process, 3
reactor system, 2
shapes and sizes, 9

Hydrothermal deposition method, 45
Hydrothermal stability, 363, 364
Hydrothermal synthesis method, 540

See also HDT/HDS catalysts
Hydrotreating (HDT), 386

acidity, 8
advanced characterization methods, 11
catalyst support, 7, 8
catalysts role, 3
characterization and testing, 9, 10
characterization tools, 11
chemical composition, catalysts, 6, 7
chemical reactions, 3
Co-Mo catalysts, 7
features, HDT catalytic active sites, 12
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Hydrotreating (HDT) (cont.)
feedstocks

activity, 54
gasoline and gas oils, 55–58
heavy feedstock, 58, 59
catalyst selection, 55
properties, 54
selectivity, 55
stability, 55

γ-alumina, 7
hydroprocessing, 3
intrinsic activity, 12
low-activity catalysts, 11
macrolevel properties, 9
microlevel properties, 8
Ni-Mo catalysts, 7
petroleum fractions, 10
physicochemical properties, 7
porosity, 9
supports/carriers, 17
textural properties, 8
unsupported catalysts, 25, 27

Hydrotreating/hydrodesulfurization catalysts, 
see HDT/HDS catalysts

Hydroxy-carbene mechanism, 432
α-Hydroxycarboxylic acids, 42

I
IL-amine blends, 655–657, 666
ILs-water blends, 655
Imidazolium-based ILs, 652
In2O3/Al2O3/Al-fiber catalyst, 574
Incipient wetness impregnation, 43, 325
Indirect cooled reactors, 577
Indirect syn-gas processing, 230
Indoles, 262
Induction, 238, 239, 245
Industrial CO2 characteristics, 532
Industrial-grade IPA, 189
Industrial point sources, 533
Industrial process emissions, 533
In situ regeneration, 52
In situ resource utilization (ISRU), 548
In situ sulfiding, 46
Integrated gasification combined cycle 

(IGCC), 405, 645
Interfacial tension (IFT), 711
Internal oxidizing directing groups

catalytic cycle, 269
C–H activation, 270
C–H bond functionalizations, 268, 269
conventional cross-coupling/cyclization 

reactions, 269

methods, 270
N–C bond, 274, 275
nitrones, 276
N–N bond, 271, 273
N−O bond, 270, 271
N−S bond, 273, 274
O−O bond, 271
S–Cl bond, 274, 275
Si–H Bond, 274, 275
transition metal-catalysed C–H 

functionalizations, 269
transition-metal catalyst, 269

International Union of Pure and Applied 
Chemistry (IUPAC), 392

Ionic liquids (ILs)
amine blends, 655–657
amine-functionalized, 654
C4 alkylation, 139
cations and anion, 650
cations and anions, 649
characteristics

biodegradability, 651
melting point, 650
thermal stability, 650
toxicity, 651
viscosity, 650
volatility, 650

CO2 capture
PILs, 654
properties, 651
RTILs, 651, 652
SILMs, 653, 654
TSILs, 653

green solvents, 649
laboratory scale, 649
properties, 650
vs. salts, 649, 650
water blends, 655

Iridium catalysts, 625
Iron, 461
Iron-based catalysts, 452, 453, 460, 494
Irreversible deactivation, 89
Isobutane, 168
Isocoumarin, 266
Isomerization, 97, 379, 388
Isopropyl alcohol (IPA)

acetone to IPA process, 194
applications, 189, 191, 192
cosmetics and pesticide formulations, 189
direct hydration, propylene, 192, 193
direct propylene hydration processes, 193
from acetone, 194
hand sanitizer formulations, 189
indirect hydration, propylene, 191, 192
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industrial-grade IPA, 189
modern synthetic petrochemical, 189
semi-hollow porous nano-palladium, 194

Isotactic and syndiotactic poly-α-olefins
bridged and unbridged C2-symmetric 

octahedral catalysts, 686, 687
bridged chemical linkage, 686
C2-symmetric metallocene catalyst, 685
definition, 684
mechanism, 684, 686
metallocene-based systems, 686
metallocene catalysts, 687, 688
prochiral monomer, 687
properties

atactic PP, 683, 684
catalyst compositions, 684, 685
metallocene-based catalyst, 686

R4M catalysts, 684
stereorigid structures, 684, 685

Isothermal reactors, 576

K
KBR K-SAATTM process, 121
Kerr-McGee/AGG Lummus Crest (KMALC) 

technology, 605
Ketazines, 273
Kinetics, DRM reaction

mechanism
ER, 339–341
Langmuir Hinshelwood 

Kinetics, 341–344
types, 338

rate expression, 338
RWGS, 338

L
Langmuir Hinshelwood Kinetics

Bradford mechanism, 342, 343
Tsipouriari mechanism, 343, 344

Langmuir–Hinshelwood–Hougen–Watson 
(LHHW), 475, 484, 491

Lanthanides, 338
La2O2CO3, 343
Layered double hydroxides (LDH), 137
Le Chatelier’s principle, 417
Lewis acids, 123, 128
“Ligand effect”, 217
Light coker gas oil (LCGO), 5
Light cycle oil (LCO), 72, 78
Linear LDPE (LLDPE)

mechanical and thermal properties, 676
polymer chains, 676

Liquefied petroleum gas (LPG), 157, 163, 514
Liquid-fed flame synthesis, 542
Liquid phase reactors, 577, 578
Liquid phase sulfiding, 46
Liquid-to-coal (LTC), 405
Low-density PE (LDPE), 676

mechanical and thermal properties, 676
polymer chains, 676

LSR naphtha, 381
Lubes hydroprocessing, 391, 392
Lubricants, 391
LURGI EUROFUEL® process, 120
Lurgi’s MTP process, 162

M
Maleic acid, 54
Mars, 548, 549
Mars ascent vehicle (MAV), 548
Martian soil, 549
Matrix, 82, 84
MCM-41-supported catalysts, 450
MEA-based blend, 655
Mechanism of demulsification, 718, 719
Mechanism pathways, 366
Medium-density PE (MDPE)

mechanical and thermal properties, 676
polymer chains, 676

Membrane processes, 549
Membrane reactors, 578–580, 590
Membrane reformers, 417

advantage, 417
process-intensified reactor, 417

Membrane separation, 396, 607
Membranes, 607
Mesoporosity, 364–365
Metal and non-metal doping, 585
Metal catalysts, 257, 258
Metal complexes, 611
Metal deposition, 49
Metal-exchanged zeolites, 116
Metallic catalysts, 134
Metallic impurities, 75
Metal-linker coordination bond, 395
Metal-loaded catalyst, 511
Metal loading methods, 510
Metallocene catalyst

and chelated complex systems, 700
C2-symmetric, 684
cyclic olefin monomers polymerizable, 

687, 688
palladium α-diimine-based catalyst, 692
polypropylene, 686
pseudotetrahedral, 686
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Metallocene catalyst (cont.)
stereo-controlled poly-α-olefin, 686
stereorigid, 685
zirconium-based, 688

Metallocyclobutane, 679
Metal organic frameworks (MOFs), 534, 574, 

606, 607, 615
advantages, 395
applications, 396, 397
disadvantages, 397, 398
metal-organic hybrid materials, 394
nomenclature, 394, 395
structure, 394, 396
synthetic materials, 394
zeolites, 394

Metal passivators, 89, 90
Metal poisoning, 50
Metals, 49, 50
Methane, 537, 548, 549

direct conversion, 231
natural gas, 230
OCM, 231
routes, methane conversion, 230, 231
synthesis, Zr complex, 632
utilization via syn-gas route, 230

Methane conversion, 348
Methane cracking, 342
Methane dehydroaromatization (MDA)

catalysts
carburization, 238–239
HMCM-22, 235
Mo dispersion, 236
molybdenum-supported ZSM-5, 235
Mo/Zeolite catalyst, 236
promoter effect, 238
TNU-9, 236
zeolite acidity, 236, 237
zeolite supports, 235
ZSM-5, 235

direct methane to aromatic conversion, 231
fast catalyst deactivation, 232
mechanistic study, 239–242
reaction parameters

pressure effect, 245
space velocity, 245
temperature effect, 244

reactor configuration
circulating fluidized-bed reactor setup, 

246, 247
factors, 245
fixed-bed reactor, 245
membrane reactor, 246–248

reactor design, 245

thermodynamics, 232, 233
co-feeding agents, 233
equilibrium composition, 233
hydrogen removal, effect, 234, 235
methane conversion into benzene, 232

Methane hydrates, 230
Methane hydrocarbon, 232
Methanol, 356, 620
Methanol/DME synthesis

active sites, 570, 571
carbon source, 566, 567
carbon source feedstocks, 559
catalyst formulations, 565
chemical industries, 560
CO2 hydrogenation, 573–575
copper-based catalysts, 565, 590
Cu-Zn-Zr/zeolites, 590
deactivation, 572
direct method, 589
disadvantage, 590
energy sources, 589
evolution, 561
fixed bed reactors, 575–577
fuel, 589
historical reconstruction, 562–563
indirect method, 589
liquid phase reactors, 577, 578
membrane reactors, 578–580
Ni-based catalyst, 560
photocatalytic conversion process  

(see Photocatalytic conversion 
process)

primary reactions, 560, 561, 563
production, 589
promoters, 566
reaction mechanism pathways

CO hydrogenation, 567, 568
CO vs. CO2, 569
CO2 hydrogenation, 568, 569
WGS reaction, 570

remedies, 572, 573
solid acid, 565
synthetic fuels, 589
thermodynamics, 563–565
wood spirit, 559
wood vinegar, 559
zeolite-based catalysts, 590
ZnO, 560, 571, 572

Methanol-based fuel cells, 561
Methanol steam reforming, 423
Methanol-to-gasoline (MTG), 354, 357
Methanol to hydrocarbons (MTH), 354, 355, 

360, 365
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Methanol-to-olefin (MTO) process
catalytic life cycle, 354, 355
hydrocarbon pool mechanism, 507, 508
hydrocarbons, 507
nanoporous zeolite catalysts, 355
oxonium ylide mechanism, 509
SAPO-34, 507, 508, 520
structure-property-performance, 355
supply-demand gap, 355
synergistic and symbiotic approach, 355

Methyl acrylate (MA), 692
Methyl alcohol, 559
Methylalumoxanes, 681
Methyldiethanolamine (MDEA), 647
Methyl laurate, 518
Methyl tert-butyl ether (MTBE), 620
Methyl tertiary butyl ether (MTBE), 97, 111, 

169, 170
2-Methyltetrahydrofuran (2-MeTHF), 

280, 282
MgCl2-supported Ti-based catalyst, 700, 701
Microchannel reactors

CFD model, 438
channel designs, 439–442
velocity contours, 438–441
velocity vector profiles, 439–441

Micro-meso zeolites, 118
Microreactor design types, 436
Microreactors, 434
Microreactors fabrication

advantages, 434, 435
channels, 434
configuration, 434
design, 434
disadvantages, 434, 435
materials, 434
micro-/nanotechnology, 434
silicon, 435–437

Microreactors technology, see Fischer-Tropsch 
(FT) synthesis

Microwave-assisted C–H activation reactions
advantages, 290
arylamines, 291
azoles and aryl halides, 296
benzimidazole C–H bond, 296
bromostyrenes, 293
C5-H arylation of L-histidine, 291, 292
Cu-catalysed C–H alkylation, azoles, 293, 295
3H-imidazo[4,5-b]pyridine, 291, 293
indolizinone, 296
isoquinolines, 295, 296
oligopeptides, 297
organic synthesis, 290
2,4-oxadiazoles, aryl iodides, 294

Pd and Cu catalysts, 295
polymers, 291, 292
quinoline N-oxides, aryl halides, 294
quinolizinone moieties, 296
thermal heat, 290
thiazole derivatives, 291, 292
thiazolo[5,4-f]quinazolin-9(8h)-one and 

aryl iodides, 294
transition metal catalysis, 297

Mineral acids, 113
Mineral oils, 391
Mixed matrix membranes, 607
Mobil’s Isomerization DeWaxing 

(MIDW), 391
Modern chemistry, 255
Modified catalytic cracking processes, 78, 79
MOFs-based membranes, 397
MOFs-based oxidizing catalysts, 396
Molecular hydrogen, 622
Molecular sieves, clean fuel production

CO2 conversion, 519, 520
hydrocarbons (see Hydrocarbons)
vegetable oils/biomass, 516–519

Molecular weight distribution, 700
Molybdate-based commercial catalysts, 177
Molybdenum carbide, 236–239
Molybdenum carbide species (Mo2C), 238, 239
Monoethanolamine (MEA), 605, 647
Monometallic catalysts, 424
Monometallic complex, 678–680
Moving bed gasifier (MBG), 404
Mo/Zeolite catalyst, 235–239, 244–247
MS specifications, 111
MTO catalyst

acid density, 362
acid sites, 360, 363
aluminosilicate molecular, 355
cage/cavity/pockets shape and 

size, 357–359
chemical species, 363
crystallinity and defects, 359, 360
crystal size, 360, 361
hydrothermal stability, 363, 364
intermediates, 367
mesoporosity, 364–365
performance, 365–367
physicochemical properties, 363
pore size, 356, 357
reactants, 356
reaction mechanism, 367, 368
SAR, 363
zeolite crystallites, 356

Multicomponent antimonate-based 
ammoxidation catalyst, 179
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N
Nafion, 115
Nafion membrane, 578
Nanostructured mesoporous alumina, 39
Nanyang Zhongju Tianguan Low Carbon 

Technology, 610
Naphthenoaromatic molecules, 94
Natural gas, 165, 461

methane (see Methane)
N–C bond, 274, 275
Needle coke, 383
New-generation commercial hydrotreating 

catalysts, 59
Newlight Technologies, USA, 610
Ni-based catalyst, 347, 424
Nickel aluminate, 335
Nickel yttrium-based catalysts, 58
NiMo-Al2O3 catalysts, 40, 44
Ni/MgAl2O4 catalyst

alleviate coking (see Alleviate coking, Ni/
MgAl2O4 catalyst)

reactor temperature
carbon formation, 327, 328
CH4 conversion, 329
CO2 conversion, 327, 330
conversions, 325, 326
H2/CO ratio, 326, 327, 331
O2, 327
O2 carbon deposition, 332, 333
ODRM, 327
solid-carbon deposition, 327
XPS analysis, 333, 334

NiMo/Al2O3 HDT catalysts, 7, 24, 26
Ni-Mo-based catalysts, 58
Ni-Mo catalyst, 56
Ni/SAPO-34 catalyst, 516
Ni/USY-zeolite catalyst, 323
Nitroalkanes, 285
Nitrogen oxides, 86
Nitrones, 276
Ni-W based catalysts, 56
N–N bond, 271, 273
N–O bond, 270–272
Noble active metal catalysts, 420
Noble metal-based catalysts, 423, 545
Non-ASF model, 489–491
Non-noble metal catalysts, 420
Non-radioactive uranium-based antimonate 

catalyst system, 179
Novomer Inc., in USA, 610
NOx reduction additives, 86, 87
N−S bond, 273, 274
Nuclear magnetic resonance (NMR) 

spectroscopy, 681

O
OCM commercialization, 231
Off-site regeneration, 52
Oil demulsification, 718
Oil refinery, 66, 380
Olefin conversion technology (OCT), 160, 161
Olefin inter-conversion/metathesis techniques, 

160, 161
Olefin polymerization, 696
α-Olefin re-adsorption, 489
α-Olefin re-adsorption product distribution 

model (ORPDM), 489–491
α-Olefins, 677
Olefins, 95, 355

Al-C bond, 678
anti-bonding orbital, 679
polymerization, 678, 679
Ti-C bond, 678

Oleflex processes, 157–159
Oleflex TM PDH process, 159
Oligopeptides, 297
O,N-chelating aminophenolate ligands, 698
On-purpose propylene production

demand for propylene, 156
drivers, routes, 156
global propylene production, 156
MTO and MTP processes, 161–164
olefin inter-conversion/metathesis, 

160, 161
PDH (see Propane 

dehydrogenation (PDH))
Onsite methane, 230
O−O bond, 271
Ordered mesoporous materials (OMM), 392
Organic additives, 42, 43, 53
Organic chemistry, 265
Organic pollution, 276
Organic solvents, 265, 268, 648
Organic synthesis, 254, 256, 290
Organometallic chemistry, 611
Ortho C–H functionalization, 267
Oxalate, 632
Oxidative coupling of methane (OCM), 231
Oxidative dry reforming of methane 

(ODRM), 327
Oxidative regeneration, 53
Oxidative steam reforming, 420
Oxide support catalysts, 452
Oxidizing catalysts, 396
Oxime esters, 270
Oxonium ylide mechanism, 507, 509
Oxycarbide, 238, 239, 242–244
Oxy-combustion capture process, 533
Oxy-fuel combustion, 645, 646
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Oxygen, 467, 548, 549
Oxygenate-based blend stocks, 111

P
Packed bed membrane reactor (PBMR), 579
Palladium- and nickel-based catalyst systems

analogous, 690
aryl groups, 689
1,1-bisfunctional vinyl monomers, 690
cationic catalysts, 689
chloride-bridged dimers {[(N-N)PdMe]2- 

μ- Cl}BAF, 689
copolymerization and mechanistic 

step, 690
copper(II)-based catalyst systems, 688, 693
DMSO, 690, 692
electrophilicity, 689
NΛN-type ligands, 690–692
olefin polymerization, 689
phosphine-sulfonate-based catalyst, 

689, 690
PΛO chelation-based system, 692
single-component catalyst systems, 690

Palladium catalysts, 217
See also 1,3-Butadiene

Palladium nanoparticle composite catalyst 
(PS-3), 258

Partial oxidation (POX), 347
Partial oxidation of methane (POX), 320
Pd(II)/Mg–La system, 261
Pd/HBeta core–shell catalyst, 128
Pd@MOF nanocomposites, 262
PDH technology, 158
Pd-In bimetallic sites, 574
PEG-3400/t-BuOH, 280
PEG-400/H2O, 280
PEG-400/TFE, 280
PEI-impregnated MCM-41, 605
Peresters, 271, 272
Peroxides, 676
Petcoke gasification

activation energy, 404
benefits, 404
catalytic effects, 404
catalytic mechanism, 404
challenges, 411
chemical components, 405
CO2, 404
crude petroleum oil, 402
dual-bed system, 405
feedstocks, 404
grinding process, 404
IGCC, 405

industrial scale, 402
kinetic analysis, 410, 411
LTC, 405
MBG, 404
mechanochemical treatment, 404
non-isothermal thermogravimetric 

analysis, 404
oxygen/carbon mass ratio, 405
peak gas temperature, 404
physical structures, 405
product syngas, 412
reactor configurations (see Reactor 

configurations)
residence time, 405
sensitivity analysis, 405
slagging gasifier, 404
solid residue, 402
studies, 411
valuable products, 412
wet grinding, 404
XRD analysis, 404

Petrochemical feedstocks, 66, 355
Petrochemical industries, 354, 368, 389, 

397, 398
Petrochemical processes, 392
Petrochemicals value chain, 122, 123
Petroleum, 707, 708

ancient marine organisms, 377
components, 378 (see also Crude oil)
crude oils, 378
hydrocarbons, 377
organic material, 377
reservoirs, 377, 378

Petroleum cokes, 383
entrained flow gasification, 407

Petroleum hydroprocessing, 3
See also Hydroprocessing

Petroleum products, 386
Phosphine-sulfonate-based catalyst, 689
Phosphonium-based DESs, 664, 665
Phosphorous, 37, 38
Photocatalysis, 591
Photocatalytic C–H bond activations

3-acylindoles, amines, 286, 287
alkylation/lactonization of alcohols, 

288, 289
allylic and benzylic hydrocarbons, 

288, 289
amino acid, 286
arenes, 288, 289
carbon–halogen bond, 286
continuous flow microreactor 

technology, 290
diamines, 286
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Photocatalytic C–H bond activations (cont.)
heterocyclic frameworks, 284
indoles and H2 evolution, 287
intramolecular imine, 288, 289
iridium-catalysed visible-light-induced 

synthesis, 286
nickel-catalysed photochemical C–H 

arylation, 287
nitroalkanes, 285
non-activated alkenes, 288, 289
organic chemists, 284
organic compounds, 284
pharmaceutical moieties, 284
pyrrolo[2,1‐a] isoquinolines, 285, 286
tertiary amines, 286, 287
uranyl nitrate hexahydrate, 288, 289

Photocatalytic CO2 conversion, 534, 536
Photocatalytic conversion process

CO2, 580
conduction band energy, 580
photocatalytic reduction (see 

Photocatalytic reduction, CO2)
photoconversion, 580
thermocatalytic process, 580

Photocatalytic reduction, CO2

band gap energies, 583
catalyst modifications

metal and non-metal doping, 585
semiconductor coupling via z-scheme/

heterojunctions, 585–587
challenges, 589
charge carriers, 581
electrons, 581
fixed bed photoreactors, 588
fluidized and slurry bed reactors, 587, 588
mechanism, 583, 584
products, 581, 582
reduction pathway, 581
standard redox potential, 582
thermodynamics, 582, 583

Photolithography, 435
Physicochemical properties, 362
Physisorption effect, 489
Platinum, 388
PO production

O-O bond, 172
pathways for propylene oxidation, 173
selective propylene oxidation, 172
thermodynamics, 172

Pockets, 357
Polyaromatic compounds, 105
Poly-aromatic-hydrocarbons (PAH), 232, 244
Polycarbonates (PCs), 618, 619

Polycyclic aromatic hydrocarbons 
(PAHs), 302

Polydispersity index (PDI), 676
Polyethylene (PE), 675

application, 676
HDPE, 676
LDPE, 676
LLDPE, 676
MDPE, 676
moisture and chemical and electrical 

resistance, 676
Polyethylene glycols (PEGs), 265, 279, 280
Polymer electrolyte membrane fuel cell 

(PEMFC) hardware, 195
Polymeric ionic liquid−carbon black 

(PIL−CB), 298
Polymerization

cyclopentene, 687
ethylene, 677
functional olefins (see Functionalizable 

olefin monomer)
olefins, 677, 678
plastic material formation, 676

Polymerization mechanism
alkyl titanium complex, 678–679
hydrogen shift, 680
olefin, 678, 679

Polymerized ionic liquids (PILs), 654
Polynuclear aromatics (PNA), 94
Polyol, 166
Polyolefin, 678
Polyurethanes, 166
Pore cavities, 358
Pore size, 356, 357
Porous coordination polymers (PCP), 574
Post-combustion capture, 604
Post-combustion CO2 capture methods, 

644, 645
Potassium aluminate, 335, 336
Powdered Experimental catalyst Louisiana 

(PECLA), 68
Pre-combustion CO2 capture, 533
Pre-combustion CO2 removal, 645
Premium hydrocarbon products, 66
Primitive catalytic cracking processes, 69
Process modelling, tri-reforming

carbon, 344
carbon formation, 345
catalyst improvement strategies, 347, 348
CO2 conversion, 346
CO2 fixation, 346, 347
equilibrium calculations, 344–345
H2/CO ratio, 345–347
H2O addition, 345, 346
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innovation, 347
O2 addition, 345, 346
optimization, 345
oxygen, 345
recycle ratio, 346
water, 345

Product distribution, 366
Product distribution models, 494
Promoters, 220, 223
Product selectivity models, 489
Propane

ethane, 152
global propylene production, 152
polymer-grade propylene, 152
propylene consumption, 151
propylene-derived chemicals, 151
propylene supply, 152
thermodynamically stable molecule, 151

Propane ammoxidation, 179, 180
Propane dehydrogenation (PDH), 157

catofin and oleflex, 158
Catofin PDH process, 158
Catofin PDH technology, 159
CATOFIN process, 157
Catofin vs. Oleflex process, 158
coke deposition, 159
commercial process, 157
drawbacks, 158
in Oleflex process, 159
on-purpose production routes, 156
propane, 157
STAR process, 157

Propene, 363
Propylene, 397
Propylene derivatives

ACN (see Acrylonitrile (ACN))
C3-based chemicals, 166
PO (see Propylene oxide (PO))
polypropylene-based materials, 166

Propylene epoxide, 134
Propylene maximization, FCC catalyst

automotive fuel demand, 100
C2/C3 olefins, 100
hydrocarbon feeds, 100
hydrogen transfer, 102
petrochemicals, 100
steam/naphtha cracking, 100
temperature

gasoline yield, 101
light olefin yield, 102
LPG yield, 101
propylene yield, 101, 102

ZSM-5, 103, 104
Propylene mode FCC technologies, 80

Propylene oxide (PO)
applications, 167
combined PO production, 167
commercial propylene oxidation 

processes, 168
demand, 166
EBHP process, 168–170
global PO production, 167
HPPO process, 171, 172
industrial processes for production, 166
pathways for propylene oxidation, 173
PO/SM process, 168
polyurethane foams, 166
selective propylene oxidation, 172
silver-based catalyst, 172
solvents and miscellaneous  

chemicals, 166
TBA, 168
TBHP process, 168–170
uses, 166

Propylene production
combined refinery processes, 153
FCC, 154, 155
FCC-based process, 156
propylene value chain, 153
steam cracking process, 153
through OCT process, 161
TSC process, 153–154
ZSM-5 loading in propylene yield, 155

Proton exchange membrane fuel cells 
(PEMFC), 416–418, 423, 425

Pseudotetrahedral, 686
Pt-based CO combustion promoters, 87
Pt/HBEA catalyst, 512
Pt/SAPO-11 catalyst, 511
Pyridine bis(imine) (PBI), 693
Pyrolysis, 402, 514
Pyrrolo[2,1‐a] isoquinolines, 285, 286
PΛO chelation-based system, 692

Q
Quench labeling, 701
Quench reactors, 577

R
Radical functionalization, 255
Radioactive element, 701
Rate expression, 344
Reactant/intermediate/product  

species, 362
Reactants, 356
Reaction species, 359
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Reactor configurations
entrained flow gasifier, 407
fixed-bed gasification, 406, 407
fluidized bed gasifier, 408, 409
gasifiers, 405
supercritical water gasification, 408

Redox-neutral strategy, 270
Refining industry, 60
Refining processes

alkylation, 388, 389
amorphous vs. zeolite catalysts, 385
blending, 389
catalytic cracking, 384
catalytic hydrocracking, 384, 385
catalytic reforming, 387, 388
coking, 382, 383
crude oils, 378, 380
distillation, 380–382
hydroprocessing, 385, 386
hydrotreating, 386
isomerization, 387, 388
petroleum refinery

blending, 380
conversion processes, 379
decomposition, 379
distillation, 379
refining operations, 380
reforming, 380
treatment processes, 380
unification, 380

polymerization, 388, 389
refinery, 379
resid processing, 385, 386
thermal processes, 382, 383

Reforming, 379, 387
Reforming catalysts, 425, 546

acidic property, ϒ-Al2O3, 421
active, 418
cerium oxide crystallites, 421
coke formation, 421
co-precipitation, 422
ethanol steam reforming, 421
membrane reformer, 417
oxide catalysts, 421

Reforming of methane, 549
Regenerated catalyst slide valve (RCSV), 77
Regenerated catalyst standpipe (RCSP), 76
Reid vapor pressure (RVP), 111
“Reinforcing fillers”, 419
Rejuvenation, 52, 54
Renewable electricity, 195
Research octane number (RON), 111, 112, 

116, 121, 140
Reservoirs, 377, 378

Resid FCC (RFCC), 154
Resid feeds, 105
Resid processing units, 105
Resids, 385
Resid-to-Propylene (R2P™) technology, 155
Residue hydroproces, 59
Residuum, 382
Reusable catalytic systems, 258, 260
Reverse water gas shift (RWGS), 338, 340, 

344, 453, 519, 566, 602, 631–632
Reversible deactivation, 89
RE-Y zeolite, 84
Rh(I)-catalysed double dehydrogenative 

cyclization, 275
Rh(III)-catalysed synthesis, 272
Room temperature ionic liquids (RTILs), 

651, 652
Ru catalysed oxidative alkenylation, 265, 266
Ru/CeO2 catalyst, 260
Ru(II)-electrocatalytic method, 300
Ruthenium-catalysed C–H functionalization 

methods, 283
Ruthenium-catalysed isoquinolines 
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